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Abstract 

Forward osmosis (FO) technology has attracted a lot of attention in the last decade due to 

its promising future to provide clean water and energy. In this study the feasibility of FO 

was studied for treatment of SAGD produced water. First, the effects of temperature, 

flow rate and pH of the feed water as well as concentration and flow rate of the draw 

solution (salt solution) on the water flux were studied using Taguchi design of 

experiment. It was found that increasing the feed temperature and the draw solution 

concentration enhanced the water flux. The change in feed pH didn't have any significant 

affect on water flux. Increasing the flow rate of both the feed and the draw solution 

reduced the concentration polarization layer on both sides, thus increasing the efficiency 

of the separation process.  

In the second part of this study, previously existing models for FO were modified by 

incorporating new mass transfer coefficients and the applicability of the model for 

prediction of the produced water treatment was verified. Experimental investigations 

were made through reverse osmosis (RO) and pressure retarded osmosis (PRO) to 

estimate the value of mass transfer coefficient. Using the new mass transfer coefficients 

has overcome the main shortcoming of previous models which were insensitive to the 

feed flow rate. It was also shown that theoretical model with the modified values of the 

mass transfer coefficient predicted the performance of FO reasonably when SAGD 

produced water with moderate concentration of salt and organic matter was used as the 

feed solution. 



iii 

 

The last part of this work demonstrates the fabrication of high performance thin film 

composite (TFC) membrane for FO applications. The polyamide (PA) TFC membranes 

were synthesized by interfacial polymerization (IP) reaction between two monomers 

dissolved in two immiscible solvents (organic and aqueous) at the surface of a 

microporous support. Three membranes were fabricated at different temperatures (-20˚C, 

1˚C and 25˚C) of the organic solution. The membranes prepared at -20˚C had the thinnest 

active layer and provided the highest water flux (39.5 LMH) using 3 M NaCl solution as 

draw solution and DI water as feed. Comparing the performance of these membranes 

with commercial TFC membranes, it is found that lab fabricated membranes provided 

higher permeation and rejection than the commercial membrane.  
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CHAPTER 1:  INTRODUCTION 

1.1 Background and Overview 

Since the beginning of time, the advancement of human race has always thrived on the 

availability of freshwater. All the known ancient human civilizations settled in the river 

valleys and on the flood plains. Not only to the humans, but water is also the key 

component to all forms of lives on earth. Though water covers about 75% of our planet’s 

surface, only 2.5% is fresh water and two-third of this small percentage is frozen in 

glaciers and ice caps. So, less than 1% of all the fresh water on our planet is available to 

us from rivers, lakes and underground water [1]. 

Exponential growth and rapid industrialization has not only caused an increase in the 

demand of freshwater supply but has also caused the pollution of the existing freshwater 

resources resulting in its depletion and creating a scarcity of water globally. It is reported 

that around 1.2 billion people across the globe have limited access to clean water and 

these figures are expected to rise in the near future [2–4]. Furthermore, the decline in 

quantity and quality of water has not only affected human society but has also resulted in 

disruption of the natural ecological system. The climate change has added fuel to the fire 

by bringing changes in the weather pattern causing erratic draughts and variable monsoon 

pattern thus affecting the timing and volume of flow in rivers and the height of ground 

water table [5]. So to deal with the upcoming crisis of water scarcity, the management of 

water resources has become critical for sustainable development. Water management 

should not only aim at conservation of existing freshwater resources but should also push 

forward new ways to increase the supply of fresh water to meet the growing demand in 

future. With finite freshwater resources on our planet, the only viable options to 

sustainable economic growth are desalination of seawater and reclamation of wastewater.  
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Desalination technologies have the potential to provide an unlimited supply of freshwater 

from seawater [6]. Several desalination plants have been installed in the arid Persian Gulf 

countries and in the Mediterranean region to meet the demand for freshwater supply. The 

global freshwater supply by desalination plants is projected to exceed 38 billion m
3
 per 

year by 2016 which is double the rate of its production in 2008 [6]. But for the countries 

located inland or places far away from the coast, the construction of desalination plants is 

not a feasible option. So, water reclamation and recycling is one of the ways these 

regions can address their demand for freshwater without putting much pressure on the 

available freshwater resources. However, according to the water-energy nexus, 

generation of clean water and its distribution requires energy and energy generation needs 

water [7]. Desalination and all the known wastewater reclamation processes are energy 

intensive processes. Most of the energy required is either in the form of electrical energy 

or thermal energy which comes from burning fossil fuels. On the other hand, almost all 

sources of energy production require water in one stage of production process or the other 

like thermal and nuclear power plants require an enormous quantity of water for cooling 

and fuel processing. In oil and natural gas industry water is key commodity for drilling 

and extraction purposes, e.g. oil sands and shale gas industries require water for in-situ 

extraction processes, processing, waste disposal and land reclamation [8]. Meeting the 

demand for clean water by using conventional energy sources will only add to our 

problems causing severe impacts on the environment. Hence, there is not only a need to 

put a check on our water consumption but also alternative sources of clean energy need to 

be explored so that the need for clean water and energy can be met in a sustainable way. 

One of the industries which is highly dependent on water usage is the Canadian oil sands 

industry [9]. The extraction process of bitumen from the oil sands can either be done 

through open pit mining or through in-situ processes. Mining operation can only be 

performed on shallow bitumen deposits which lie close to the surface but about 80% of 

the bitumen deposits are not accessible through mining activity [10]. So, in-situ methods 

are being employed for the recovery of these deposits. Water is the driver of thermally 

enhanced in-situ processes, called steam assisted gravity drainage (SAGD), as they 
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require steam to be injected underground to assist in the extraction of bitumen. As shown 

in Fig. 1.1, in this process, two parallel wells are drilled horizontally underground, one 

above the other and the top well (injection well) is flooded with saturated steam causing 

the bitumen to melt and accumulate in the bottom well (production well). This melted 

bitumen along with steam condensate is then pumped up to the surface through 

production well, where water is separated from the bitumen and recycled to be used as 

boiler feed water (BFW).  

The required water for the SAGD operation is typically obtained from local rivers and 

underground water tables. With the continuous growth in the oil sand industries the 

consumption of water from the local rivers has increased significantly which has alarmed 

the environmental activists. Hence, in order to keep a balance of the river ecological 

system, the withdrawal of water from the local rivers has been controlled and limited to a 

maximum of 3% of the annual river flow. According to some studies even this amount 

can cause damage to the river ecosystem [9]. In addition to the risk of depletion of fresh 

water, the disposal of wastewater by the current practices results in polluting the river and 

groundwater posing a threat to the surrounding flora and fauna [9,11]. Therefore, there is 

huge pressure on the oil sands industries to seek alternative produced water treatment 

methods to minimize the freshwater usage and to recycle as water much as possible.  

The produced water in the SAGD process is treated in two steps: (i) separation of 

bitumen from water and (ii) water treatment, the latter is the focus of our study. The 

separated water from bitumen is first de-oiled by passing it through gravity skim tanks 

followed by induced static floatation (ISF) and walnut shell filters bringing the oil 

content to below 20 mg/L. After de-oiling, the produced water is passed through the 

warm lime softener (WLS) to remove silica, then through after-filters to remove 

suspended solids and finally through weak-acid cation exchangers (WAC) to remove the 

left over Ca
+2

 and Mg
+2

 ions. This treated water is then fed into the steam generators to 

generate steam. Once through steam generators (OTSG) are the most common types of 

boilers used in the SAGD process as they are more robust and can operate with low 
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quality of feed having high level of total dissolved solids (TDS) (< 8000 ppm) than the 

conventional drum boilers [12].  

The water after the conventional treatment has high level of TDS and silica, which limits 

the operation of OTSG’s to a steam quality of 75 to 80% [13]. Operation in this range 

ensures that sufficient water volume wets the inner wall tube so that the impurities in 

BFW remain dissolved in the liquid phase and are not deposited on the tube surface. At 

the exit, the quality of steam is increased by a vapor-liquid separator and is then sent into 

injection wells. The separated liquid has high concentration of TDS and dissolved 

organics and is known as boiler blowdown water (BBD). A part of BBD is recycled to be 

fed in WLS while the rest is disposed off. 

The low quality of BFW with high amount of TDS, silica and dissolved organic matter 

(DOM) has increased the vulnerability of boiler tubes to fouling resulting in the 

decreased efficiency of heat exchanger, additional maintenance cost to remove fouling 

deposits and also premature failure of boiler tubes leading to a loss in productivity [13–

15]. Lower feed water quality also results in high blow down volumes (about 20% of 

BFW) [16] from the OTSGs requiring more make up water to compensate for the poor 

quality of recycled water. Hence, to address these problems of current technology, the oil 

sands industries are seeking alternative water treatment processes that can provide high 

quality feed water with low concentration of TDS, organics and silica. A plausible 

solution to this problem can be achieved by replacing the conventional treatment process 

with a membrane based separation process. Membranes have been highly efficient in 

treating municipal as well as industrial wastewaters. Microfiltration (MF) and 

ultrafiltration (UF) processes have been applied for removing oil from oily wastewaters 

[17–22] while tighter membrane based separation processes like reverse osmosis (RO) 

and nanofiltration (NF) have been applied for treatment of silica, dissolved solids and 

organic matter in the produced water [23–31]. These studies showed effectiveness of the 

membrane based separation processes in treating contaminated water produced from 

various sources during oil extraction operations.  
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As we move towards a more sustainable future, we need to evolve processes with lesser 

energy consumption. Though pressure driven membrane processes (RO and NF) provide 

high rejection, the amount of energy required to drive these processes may limit their 

application in the near future. In the search for processes with lower energy consumption, 

one of the membrane processes which have been introduced as a viable solution is the 

forward osmosis (FO) process. FO is an emerging membrane technology which has the 

potential to solve the global crisis of energy and water. It utilizes the natural osmotic 

pressure difference between the two solutions to drive the flow through a semi permeable 

membrane allowing solvent molecules to pass through it while retaining the solute 

molecules. The driving force is provided by the osmotic potential difference between a 

concentrated solution known as “draw” solution and the less concentrated solution known 

as “feed” solution. The feed solution is generally the impaired water from which the 

dissolved solids and contaminants has to be removed. Another important fact about this 

process is that it can be used to generate energy by harnessing the osmotic gradient 

through hydraulic pressure and generating useful work. This process is known as pressure 

retarded osmosis (PRO). PRO has the potential to capture the energy from nature, i.e. 

areas where river water meets the sea and also from existing desalination plants which 

dispose concentrated brine into the sea. Energy obtained from PRO process is termed as 

“blue” energy as it is renewable and have negligible carbon footprint [4]. Researchers 

have estimated that full fledge PRO operations across the globe have a potential to 

provide 2000 TWh of energy per year. But currently, due to the lack of high performance 

and low cost membranes, PRO is not able to provide energy at a reasonable cost [32].  

In the past decade, researchers have shown the feasibility of FO in various fields of 

wastewater treatment [33], desalination [34,35] and power generation [32,36]. The 

popularity of the FO, as mentioned above, lies in the fact that it requires minimal or no 

hydraulic pressure for recovery of water as shown in Fig. 1.2, thus saving substantial 

amount of energy, providing it an edge over existing pressure driven processes [33]. 

However, this process also uses some amount of energy for the regeneration of the draw 

solution [37]. Eliminating the use to hydraulic pressure gives another advantage to FO 
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over pressure driven process which includes minimal treatment of feed and less 

membrane fouling [38,39] ensuring longer operations with the same membrane thus 

reducing maintenance cost.  

1.2 Theoretical Background 

A membrane can be described as a barrier which selectivity allows one component to 

pass through while retains the other. The theory of mass transport across the membrane is 

based on the thermodynamics principles, i.e. the movement of molecules across the 

membrane is due to its chemical potential difference. The chemical potential gradient 

inter-relates all the driving forces of pressure, concentration and temperature difference. 

The flux of a component is thus proportional to the chemical potential gradient and is 

expressed as: 

l
LJ i

ii
d

d
  

(1.1) 

Where dld i  is the chemical potential gradient across membrane of thickness l and iL  

is a proportionality coefficient. Generally, under isothermal condition the chemical 

potential can be expressed as a function of pressure and concentration. If we assume that 

the chemical potential gradient is only a function of concentration gradient inside the 

membrane then the above model is termed as solution-diffusion model and if the 

chemical potential is represented only as a function of pressure gradient across the 

membrane then it is termed as pore-flow model [40]. In the pore flow model it is assumed 

that the flow through the membrane occurs through micro porous channel by convection 

and separation is achieved when solute molecule is blocked by some of the pores in the 

membrane. Applying the assumption of no concentration gradient across the membrane 

in Equation 1.1 gives us Equation 1.2 which is Darcy’s law for flow in porous media:  

x

p
cKJ ii

d

d'  (1.2) 
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Here dp/dx is the pressure gradient across the membrane, 
'K is a coefficient representing 

nature of medium and ic  is concentration of component i. 

In the solution-diffusion model, the transportation of solvent across the membrane occurs 

by diffusion along the concentration gradient and the separation is achieved due the 

difference in the solubility and rate of diffusion of the solute and the solvent in the 

membrane. So, in the absence of pressure gradient, Equation 1.1 gives the following 

equation which is the Fick’s law of diffusion: 

x

c
DJ i

ii
d

d
  (1.3) 

where iD  is diffusion coefficient and dci/dx represents the concentration gradient of 

component i across the membrane [40]. The solution-diffusion model is best used to 

describe the flow through the membranes which are very dense and tight like the 

membranes used in RO and FO. These membranes virtually have no pores and the 

available space for movement of solvent is at molecular level. While the flow through 

MF and UF membranes are best described by the pore flow model. These membranes 

have real interconnected pores acting like channels for the solvent to pass through. 

Generally pore flow is dominant in membranes which have pores larger than 10-15 Å 

while for the solution diffusion model to apply, the available space for the movement of 

permeate should be in the range of 2-5 Å [41]. 

Solution-diffusion model is commonly used to describe the transport phenomena in a RO 

process. Chemical potential in a RO process is dependent on both concentration and 

pressure gradients. So applying the assumptions of the solution-diffusion model we get a 

simplified equation:  

)(w PAJ    (1.4) 

where 0P , wJ  is the water flux through the membrane, A is the pure water 

permeability of the membrane. A is an intrinsic property of a membrane and determines 
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the ease of diffusion of water molecules through the membrane or in other words it 

represents the resistivity of membrane to the passage of pure water.  

In a RO process, hydraulic pressure is applied against the osmotic pressure gradient to 

drive the flow of permeate through the membrane. If there is no hydraulic pressure, then 

the movement of permeates can be facilitated by creating a difference in the osmotic 

pressure of the two solutions, which is the idea behind the FO process. In absence of 

applied hydraulic pressure ( 0P ), the flux equation can be represented as the osmotic 

pressure difference between the two solutions: 

)( FD   AAJw   (1.5) 

where D  the osmotic pressure of the concentrated draw solution and F  is the osmotic 

pressure of the less concentrated feed solution. In a PRO process the applied hydraulic 

pressure is less than the osmotic pressure i.e. 0P  [33]. Fig. 1.3 shows the magnitude 

and direction of water flux with the applied hydraulic pressure for a FO, PRO and RO 

process.  

Another important parameter that is used to evaluate the membrane performance is its 

rejection, i.e. its capability to separate the solute from the solution. This is judged by the 

retention or rejection coefficient of a membrane which is given by: 

1001
F

p












c

c
R j  (1.6) 

where pc  is the concentration of solute in the permeate and Fc  is the concentration of the 

solute in the feed. Ideally for a perfect membrane, the rejection coefficient ( jR ) should 

be 100% i.e. membrane is able to retain all the solute. 

1.3 Literature Review 

Here we present a literature survey on application of FO for Oil and Gas (O&G) 

produced water treatment. Produced water is the contaminated water which is brought to 
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the surface during extraction of O&G or the water which is contaminated by the earthly 

matter while being used in exploration and drilling of unconventional oil [42]. Hence, 

produced water is mainly composed of organic and inorganic compounds and its 

composition may vary depending upon the site of extraction and the process and 

chemicals used for extraction [42].  

Based on the type of contaminant to be rejected, different membranes processes are used. 

UF has been found to very effective in treatment of oily wastewater and suspended solids 

[17,21,43]. While tighter like NF and RO membranes are used for removing dissolved 

solid and metal ions from impaired water [23,28,42]. But RO and NF are highly 

susceptible to choking of the membranes by particulate matter present in the wastewater 

leading to lower fluxes and higher energy consumptions [44]. Till now there have been 

very limited applications of these systems in treating produced water and very few 

studies are available in the literature showing their applicability in treating oil and gas 

produced water [23–31,45].  

FO is an emerging technology which has a high potential to be applied in wastewater 

treatment. FO membrane can achieve rejection rate of almost all solutes and dissolved 

organics [46]. Also FO membranes are less susceptible to fouling [47]. Moreover, FO can 

be setup as independent portable and can be used in locations with limited access to 

external power source [44]. With these inherent advantages, FO has found application in 

various fields of wastewater treatment and desalination either as a pre-treatment of 

process to other membrane operations like RO, NF and MD or as an independent process 

where draw solution gets diluted with time and is used for other purposes [48–51]. Areas 

of application of FO include seawater desalination [34,52], treatment of landfill leachates 

[53], concentration of sludge [39,54] and industrial wastewater [55,56]. Although a few 

studies have been conducted on application of FO in oilfield produced water treatment, to 

the best of our knowledge, FO has never been used for treatment oil sands produced 

water.   
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Hutching et al. [50] evaluated the performance of FO on the wastewater generated during 

exploration and production of shale gas. The wastewater was particularly generated 

during the hydraulic fracturing of the formations to extract shale gas. A movable and 

scalable pilot testing system was developed so that onsite treatment of wastewater was 

possible. The pilot system used 26% w/w NaCl as the draw solution and was operated in 

osmotic dilution mode till the draw solution was diluted to around 7% w/w of NaCl. A 

recovery of more than 70% of water from a typical wastewater pit was observed and the 

concentration of barium, calcium and other heavy metals was significantly reduced. This 

diluted draw was reused for the further drilling operation. With promising results from 

the pilot scale experiments, this FO system was setup on a commercial scale by Bear 

Creek Services and HTI and was named the Green Machine. This Green Machine was 

able to provide approximately 12% of the needs of total water requirement for hydraulic 

fracturing in Haynesville Shale well.  

Later, Hickenbottem et al. [57] conducted another study to further optimize the 

performance of The Green Machine. Bench scale experiments were performed to treat 

drilling wastewater obtained from Northern Louisiana shale gas fields with commercial 

HTI cellulose triacetate (CTA) membranes using a draw solution of 26% w/w NaCl. 

Results showed that FO process was able to recover more than 80% water from the 

wastewater stream. Operations at high cross flow velocities increased water flux through 

the membrane by decreasing membrane fouling and concentration polarization. Initial 

flux through the membrane was restored by osmotic backwashing technique showing that 

the fouling was reversible in nature. Moreover, FO membrane showed a high rejection 

against organics as well as inorganic compounds proving the effectiveness of FO in 

treating drilling wastewater. 

Another study was conducted by Coday et al. [58] to investigate the performance of FO 

on treating produced water obtained from Niobrara Shale gas field. Three different types 

of commercial membranes obtained from HTI (CTA and 2 different TFC) were tested 

under operating conditions similar to the one practiced in industrial FO process (i.e. spiral 
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wound modules). It was reported that in short term, fouling was mainly affected by initial 

decline in water flux and the permeate drag force but in long term, i.e. after the formation 

of cake layer, foulant-foulant interactions were responsible for the fouling for all types of 

membranes. High rejection of inorganic and organic compounds was achieved showing 

that spiral wound FO setup can be applied to treat the oil and gas waste streams. 

1.4 Objectives 

The main goals of this thesis are (i) to study the effectiveness of the FO process in 

treatment of SAGD produced water, (ii) to develop a predictive FO model for real 

produced water, and (iii) synthesis of thin film composite (TFC) membranes with 

comparable permeation properties as commercial membranes for FO. This was achieved 

by getting a better understanding of the process both through experimental and theoretical 

results. The main objective of this thesis was met by conducting study in three phases as 

discussed below:  

 In the first phase of this study the effectiveness of FO in treating an in-situ 

produced water stream obtained from SAGD operation (BFW) was studied for 

removal of DOM using commercially available TFC membranes. The effect of 

influential parameters like feed temperature and pH, draw solution concentration, 

feed flow rate and draw flow rate on water flux was also investigated by using 

Taguchi design of experiment. 

 In the second phase, modeling of the FO process was done to predict its 

performance for real in-situ oil sands produced water as feed at different operating 

conditions. Experimental techniques were suggested to estimate the values of 

mass transfer coefficient in a FO process. 

 In the third phase, the objective was to test and compare the performance of lab 

fabricated TFC membranes with commercial TFC membranes obtained from HTI 

technology. The water flux and DOM rejection of these membranes are compared 

for SAGD produced water filtration. 
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1.5 Thesis Outline 

Chapter 1 of the thesis gives a brief idea about the SAGD process and the conventional 

produced water treatment technology used by the oil sands industries. The limitations of 

the current water treatment technology are discussed and membrane based separation 

processes are presented as possible solution to these limitation. Among the membrane 

based separation process, FO is introduced as a future alternative to the current pressure 

driven membrane based separation processes due to its lower energy consumption and 

ability to treat high salinity feed solution. Following which the principle of forward 

osmosis and its potential to provide clean water and energy (PRO process) is discussed. 

Different models governing the flow through membranes are discussed and the flux 

equation for FO was established through these models. At the end of this chapter a 

literature review on application of FO for treatment of oilfield produced water has been 

presented. 

In the second chapter of the thesis the applicability of forward osmosis to treat the SAGD 

produced was studied for the first time. The effect of various influential parameters like 

feed temperature, draw solution concentration, draw and feed flow rate and feed pH on 

water flux and rejection of total organic carbon (TOC) was investigated using the 

Taguchi design of experiment. Finally, the performance of the FO process was optimized 

in terms of water flux.  

In the third chapter, an attempt was made to better understand the FO process by 

modeling the flow through the FO membrane. In this study it was shown that using the 

value of mass transfer coefficient derived from Sherwood number relations, which were 

developed for UF experiments, may not be viable for a FO process. The values of mass 

transfer coefficients were determined experimentally by two methods (i) RO and (ii) PRO 

experiments. The values of mass transfer coefficient found from these experiments were 

found to be an order of magnitude less than the theoretical values of the mass transfer 

coefficient obtained from Sherwood number correlations. In the latter part of the study it 

was shown that theoretical model with modified values of the mass transfer coefficient 
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can be used to predict the performance of the FO at different operating conditions when 

less concentrated produced water was used as the feed solution.  

In Chapter 4, due to the limited performance of the commercial TFC membrane, 

particularly water flux, we fabricated and tested the performance of our self-synthesized 

TFC membranes. The lab fabricated TFC membranes were made based on a novel idea of 

lowering the temperature of the organic solution in the polymerization reaction of two 

monomers dissolved in two immiscible solvents (organic and aqueous). Ultra-thin film of 

Polyamide (PA) on the polyethersulfone (PES) support interface was synthesized. It was 

shown that lab fabricated TFC membranes were less prone to internal concentration 

polarization and achieved three times higher fluxes than the commercial membrane while 

maintaining comparable rejection rates.  

In Chapter 5 the major findings of this work has been summarized. Based on the outcome 

of this work, recommendations are provided for further development in this field. 
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Figure 1.1: Schematic view of the principle of a typical SAGD process 

 

 

 

 

 

 

 

 

 

 



15 

 

 

 

 

 

 

 

 

Figure 1.2: Different mechanisms of RO and FO processes. In FO, ∆P (applied hydraulic 

pressure) is zero and the water flows through the membrane due to the difference in 

osmotic pressure of the solutions. In RO, water diffuses through the membrane due to the 

applied hydraulic pressure (Figure adapted from [33]). 
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Figure 1.3: The relation of water flux and its direction for RO, PRO and FO process. FO 

takes place when there is no hydraulic pressure ( 0P ). For PRO process P <   and 

at P  there is no flux through the membrane and it is known as the flux reversal 

point. After this point, RO occurs when P  (Figure adapted from [33]). 
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CHAPTER 2:  FORWARD OSMOSIS FOR TREATMENT OF OIL 

SANDS PRODUCED WATER: SYSTEMATIC STUDY OF INFLUENTIAL 

PARAMETERS 

2.1 Introduction 

Steam assisted gravity drainage (SAGD) is a thermally enhanced heavy oil recovery 

method which is widely practiced for bitumen extraction from oil sands in Alberta, 

Canada. In this process, steam is injected through a horizontal well into the bitumen-

containing formation to decrease the viscosity of the bitumen and affect its extraction. An 

emulsion of steam condensate and heated bitumen flows down along the periphery of the 

steam chamber to the production well which is located below the injection well. This 

emulsion is then pumped to the surface where the bitumen and water are separated and 

the water is treated for reuse as boiler feed water [59]. 

Fig. 2.1 shows a conventional SAGD water treatment plant. After initial bitumen-water 

separation, the produced water is de-oiled by gravity skim tanks and induced static 

flotation (ISF) where the majority of the oil is removed from the water. Finally, the free 

oil content in the produced water is reduced to below 20 mg/L by passing it through 

walnut shell filters. The de-oiled water is then treated in a warm lime softener (WLS) for 

the removal of silica, followed by removal of suspended solid in after-filters. Finally, a 

weak-acid cation exchanger (WAC) is used to remove the residual multivalent cations 

like Ca
+2

 and Mg
+2

. After the treatment process, this water is then used as feed water in 

once through steam generators (OTSGs). 
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The conventional treatment process is not designed to remove TDS and dissolved organic 

matter. Typical SAGD water composition after conventional treatment is summarized in 

Table 2.1. For this harsh quality of water, having a high level of TDS and silica, to be 

used as boiler feed water, OTSGs are used. OTSGs are robust and are able to handle 

BFW containing higher level of TDS (< 8000 ppm) and Ca/Mg/Si than conventional 

drum boilers [12]. To compensate for the poor water quality, the quality of steam in the 

OTSGs is typically limited between 75% to 80% to ensure that a sufficient volume of 

water is available for cooling the inner surfaces of the tubing in the radiant section and to 

prevent any impurities in the BFW from being deposited on the tube surface. The steam 

is separated from the liquid at the exit of the steam generator and is sent into the 

reservoir. The separated liquid is characterized by high concentration of dissolved solids 

and organics and is known as boiler blow down water (BBD). A portion of BBD is 

recycled back to the WLS while the remainder is disposed off. 

 

Table 2.1: Specification of a typical BFW 

Parameter Units Specification 

Conductivity mS 2.5 

TDS mg/L < 2000 

pH - 9.8-10.5 

DOM mg/L 500-620 

Silica mg/L as SiO2 < 50 

 

The inability of the conventional water treatment method to meet BFW specifications has 

resulted in the fouling and failure of boiler tubes in the field [14,15]. Fouling of the boiler 

tubes is a major problem in the SAGD operation as it results in periodic shutdowns of the 

operation for cleaning and maintenance, which results in a significant loss in production 

of bitumen [13]. Several research efforts are being made to better understand the 

mechanism of fouling but still it is unclear whether the high levels of organic carbon 

deposited on the tubes, in addition to silica, are due to the deposition and coking of free 

and emulsified oil, or if they are due to temperature-related precipitation of organic 

matter. 
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In order to prevent fouling of the steam generators and to recycle as much water as 

possible, oil sands companies are seeking novel water treatment technologies. Membrane 

based separation processes have been extensively used in treating produced water due to 

their clear-cut advantages over conventional processes i.e. lower operating cost and 

energy consumption. Membrane based treatment processes have been found to be 

efficient in treating water with high oil content, low mean particle size and high flow 

rates. Numerous studies have been published on the application of microfiltration (MF) 

and ultrafiltration (UF) [17–22] for the treatment of oily produced water. For the 

separation of a broader range of contaminants like silica, dissolved organic matter and 

salt, tighter membrane processes like nanofiltration (NF) and reverse osmosis (RO) have 

been used [25,60–63]. Several studies have also been published on the use of NF and RO 

for treating oil sands process affected water (OSPW) associated with surface mining for 

bitumen extraction, and recently a study was conducted on the use of NF membrane 

processes for the SAGD produced water treatment [28], but to date no published studies 

have been found on the use of FO for the treatment of SAGD produced water. In the 

present study, FO was investigated for the first time on model BFW obtained from a 

SAGD operation to reduce the concentration of TDS and dissolved organic matter. 

Forward osmosis has gained ground in the field of water treatment and desalination in the 

past decade [33]. Several studies have been published in the last decade showing the wide 

scope of application of FO in different areas of water treatment, which include 

desalination of seawater and brackish water [34,52], concentration of landfill leachates 

[53], treatment of municipal [39,64,65], industrial wastewater [55,56], and processing of 

food and beverages [66,67].  

Cath et al. [56] used seawater as a draw solution, due to its low cost and high availability 

in coastal regions, to produce drinking water using water from a domestic wastewater 

treatment plant and impaired surface water as feed. The main motive of this study was to 

investigate the performance of FO in conjugation with RO. Investigation of membrane 

fouling tendency, rejection of inorganic compounds, nutrients and also preliminary 
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economic evaluation of the hybrid system were done. Great improvement was observed 

in terms of rejection, low membrane fouling and low cost with a dual barrier FO-RO 

process. Hutchings et al. [50] tested the applicability of FO for reclaiming drilling 

wastewater for reuse as the base fluid for hydraulic fracturing. The system operated with 

a 26% w/w NaCl draw solution for treating a drilling wastewater with a 5000 ppm TDS 

concentration. The FO system was able to recover 70% of the water from a typical 

wastewater pit and a significant reduction in the concentration of heavy metals and salts 

was found in the recovered water. Another study was made by Hickenbottom et al. [57] 

on FO operation for the treatment of drilling mud and fracturing wastewater. Bench scale 

tests were performed on waste streams using a commercial CTA membrane and a 26% 

w/w NaCl draw solution. It was reported that at least 80% of the O&G drilling 

wastewater volume was recovered. A high rejection of inorganic and organic compounds 

was achieved during the pilot testing. Minimal irreversible fouling was observed and the 

effectiveness of osmotic backwashing to remove the fouling layer was also demonstrated. 

The above mentioned studies investigated the general feasibility of FO, but did not 

determine optimal performance parameters. The performance of the FO system depends 

upon various parameters like temperature, flow rate, draw solution concentration and the 

pH of the feed, which will affect the water flux as well as the rejection rate of the 

membrane. In this study, the effects of all major factors like temperature, flow rate and 

pH of the feed water and the concentration and flow rate of the draw solution on the FO 

of model BFW obtained from a SAGD operation were investigated. The undesired 

diffusion of organic matter toward the draw solution was also reported. Since no 

interaction between parameters was predicted, a fully saturated L16 Taguchi design was 

used to investigate these five parameters each at four levels. Using a Taguchi 

experimental design, the results of the experiments were analyzed to identify 1) the 

optimal process conditions in terms of water flux, 2) the role of individual parameters and 

3) the response for the conditions which were not experimented. Analysis of variance 

(ANOVA) was used for statistical analysis of the results and also to determine the 

contribution of each factor towards response variation. 
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2.2 Materials and Methods 

2.2.1 Preparation of feed 

A model SAGD BFW was prepared by diluting BBD water obtained from a SAGD 

treatment plant located in the Athabasca oil sands region of Alberta, Canada. Hot samples 

were collected, shipped in sealed containers, and were kept in an inert atmosphere with a 

nitrogen blanket. 950 grams of BBD water was diluted five times to obtain the properties 

of BFW. 1 M NaOH and 1 M HCl (Sigma Aldrich) were added to the model BFW to get 

the required pH of the solution. 

2.2.2 Membrane 

A semipermeable polyamide thin film composite (TFC) membrane with embedded 

polyester screen support was acquired from Hydration Technology Innovation (HTI 

Albany, OR). Based on manufacturing data, the maximum operating temperature and 

workable pH range of the TFC membrane was 71˚C and 2 to 11, respectively. In the 

present work, the threshold operating conditions were deliberately reached to test the 

membrane filtration performance under the harsh conditions which would be expected 

during full-scale industrial application of the system. 

2.2.3 Crossflow forward osmosis setup 

A bench scale forward osmosis test cell system was obtained from Sterlitech Corporation 

to evaluate the performance of the FO membrane under varying operating conditions. 

The schematic view of the FO setup is shown in Fig. 2.2. The system consists of two 9-

litre tanks one for the draw solution and the other for the feed solution, connected to the 

FO membrane element cell. The effective filtration area of the cell is 140 cm
2
. Variable 

speed gear pumps were used to circulate the solution through the system. The flow rate, 

conductivity and temperature were measured using digital sensors which came integrated 

with the system and the reading could be conveniently taken from the control panel 

screen on the system. A 16 kg weighing balance (Mettler Toledo, model: MS16001L, 
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Switzerland) was used to measure the change in the weight of the draw tank. The 

temperature of the feed side was increased by circulating bath heater (Polyscience, 

model: MX-CA11B, USA) while the temperature of the draw solution was controlled by 

a re-circulating chiller (Polyscience, model: 6560M11A120C, USA). 

2.2.4 Total organic carbon (TOC) analysis 

Draw solution samples collected at the end of the experiment were analyzed for total 

organic carbon (TOC), which is the indicator of the amount of dissolved organic carbon 

present in the SAGD produced water. TOC was measured by using a combustion type 

TOC analyzer (Shimadzu, model TOC-V; detection range 3-25,000 mg/L). The TOC 

analyzer is sensitive to high salt concentration in the solution, so the samples were diluted 

10 times before they were sent for analysis. 

2.2.5 Experimental methodology 

To study the effect of all the influential parameters on the water flux one at a time, 4
5
 

numbers of experiments would have to be carried out. Instead, the Taguchi method was 

used for the experimental design to study the effect of all factors with minimum number 

of experiments. The Taguchi method utilizes orthogonal arrays to group the parameters 

affecting the result and the levels at which these parameters should be varied, thus 

significantly reducing the number of experimental configurations. The advantage of using 

orthogonal arrays is that it is possible to separate out the effect of each factor at a 

different level. For example, the mean response ratio for temperature at 25˚C, 40˚C, 50˚C 

and 55˚C (as given in Table 2.5) can be calculated by taking the average of the response 

for the experiments 1-4, 2-8, 8-12 and 8-16, respectively. The mean response for other 

factors at each level can be calculated in a similar way [68]. 

The results obtained from the set of experiments as described in the orthogonal array are 

analyzed in the Taguchi method using a statistical index of performance called signal-to-

noise (S/N) ratio. The S/N ratio is the function of both the mean and the standard 

deviation of the result. Therefore, the S/N ratio is the logarithmic (to the base 10) ratio of 
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the mean (result) to the deviation (noise) of the result from the desired value. Depending 

upon the quality characteristic to be optimized, there are three standard S/N ratios (i) 

bigger-is-best, (ii) smaller-is-best and (iii) nominal-is-best [69]. In our study the quality 

characteristic to be optimized was the water flux, so the bigger-is-best response was 

chosen. For the bigger-is-best response, the following relation is used to find the S/N 

ratio: 
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where, n is the number of all observations used for the calculation of the S/N. Whatever 

may be the quality characteristic, the transformations of the S/N ratio are such that it is 

always interpreted as the bigger-the-better [69]. After analyzing the signal-to-noise ratio, 

analysis of variance (ANOVA) is performed for estimating error variance and for 

determining the relative importance of various parameters. 

Five factors, each with four levels, were chosen for the experiment as shown in Table 2.2. 

The experimental matrix was designed by selecting a L16 orthogonal array. The layout of 

the L16 array used for the experimental design is presented in Table 2.3. 

 

Table 2.2: Controllable factors and their levels 

Factor 
Levels 

1 2 3 4 

Feed temperature (˚C) 25 40 50 55 

Feed pH 8.5 9.5 10.5 11.5 

Feed flow rate (LPM) 0.5 1.0 2.0 3.0 

Draw conc. (M) 0.5 1.0 2.0 3.0 

Draw flow rate (LPM) 0.5 1.0 2.0 3.0 

 

2.2.6 Experimental procedure 

Sixteen experiments were conducted as shown in Table 2.3 to evaluate the performance 

of the FO membrane. The initial draw (NaCl) solution and feed solution (model BFW) 
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volumes were 2 L and 4.75 L, respectively. The TFC membrane was operated in FO 

mode (i.e. the active layer was facing the feed solution). The experiments were performed 

under the given set of operating conditions for duration of 10 hours and the flux of the 

draw solution and the conductivity change of the feed and draw solution were monitored 

throughout the experiment. The temperature of the draw solution was maintained at 28 

±3˚C throughout all experiments. The average flux over a period of 10 hr was used for 

analysis in our study. 

Table 2.3: Experimental design using L16 orthogonal array 

Run No Feed 

temp(˚C) 

Feed pH Feed flow 

rate (LPM) 

Draw conc. 

(M) 

Draw flow 

rate (LPM) 

1 25 8.5 0.5 0.5 0.5 

2 25 9.5 1.0 1.0 1.0 

3 25 10.5 2.0 2.0 2.0 

4 25 11.5 3.0 3.0 3.0 

5 40 8.5 1.0 2.0 3.0 

6 40 9.5 0.5 3.0 2.0 

7 40 10.5 3.0 0.5 1.0 

8 40 11.5 2.0 1.0 0.5 

9 50 8.5 2.0 3.0 1.0 

10 50 9.5 3.0 2.0 0.5 

11 50 10.5 0.5 1.0 3.0 

12 50 11.5 1.0 0.5 2.0 

13 55 8.5 3.0 1.0 2.0 

14 55 9.5 2.0 0.5 3.0 

15 55 10.5 1.0 3.0 0.5 

16 55 11.5 0.5 2.0 1.0 

2.3 Result and Discussion 

From our past experience and from related works in the literature, five important 

influential parameters which affect the water flux in FO were selected: temperature, draw 

concentration, flow rate of feed and draw solution and pH. Fig. 2.3(a) and (b) shows 

variation of flux, draw conductivity and feed conductivity with time corresponding to 

experiment number 2 and 9 in Table 2.3. As can be seen, the flux remains constant 

throughout the experiment for run 2, while it decreases with time for run 9. For run 9, this 
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decline in flux was partially due to exceeding the critical flux of the FO membrane. At a 

flux higher than a critical value, the permeation drag pushes the foulants towards the 

membrane surface and consequently reduces the flux. Another reason behind such a 

sharp flux decline is simply reduction of the driving force due to the rapid concentration 

of the feed as well as dilution of the draw solution. For the case where the flux is low, 

there is not much change in the driving force, and hence the flux decline is less. 

Table 2.4 shows the experimental results for average water flux and the corresponding 

S/N ratio calculated using Equation 2.1. To get a better understanding of the effect of 

each parameter, the Taguchi method uses the plots of marginal mean and the S/N ratio, as 

shown in Fig. 2.4 and Fig. 2.5, respectively. These graphs are based on data given in 

Table 2.5. It should be noted that these graphs just show the trend effect of each factor, 

and it would be incorrect to use these graphs to predict values which were not 

experimented.  

Table 2.4: Average response and S/N ratio for each run 

Run No Feed 

temp(˚C) 

Feed pH Feed flow 

rate 

(LPM) 

Draw 

conc. (M) 

Draw 

flow rate 

(LPM) 

Avg 

flux 

(LMH) 

S/N 

(dB) 

1 25 8.5 0.5 0.5 0.5 4.4 12.8 

2 25 9.5 1.0 1.0 1.0 6.7 16.5 

3 25 10.5 2.0 2.0 2.0 11.5 21.2 

4 25 11.5 3.0 3.0 3.0 19.3 25.7 

5 40 8.5 1.0 2.0 3.0 17.0 24.7 

6 40 9.5 0.5 3.0 2.0 20.4 26.2 

7 40 10.5 3.0 0.5 1.0 13.1 22.3 

8 40 11.5 2.0 1.0 0.5 12.9 22.2 

9 50 8.5 2.0 3.0 1.0 23.0 27.3 

10 50 9.5 3.0 2.0 0.5 20.1 26.1 

11 50 10.5 0.5 1.0 3.0 17.6 24.9 

12 50 11.5 1.0 0.5 2.0 13.1 22.3 

13 55 8.5 3.0 1.0 2.0 17.8 25.0 

14 55 9.5 2.0 0.5 3.0 16.0 24.1 

15 55 10.5 1.0 3.0 0.5 25.1 28.0 

16 55 11.5 0.5 2.0 1.0 19.8 25.9 
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It can be seen from Fig. 2.4 and Fig. 2.5 that draw concentration, feed and draw flow rate 

and temperature have positive effect on the water flux. According to Fig. 2.5(b) 

increasing the pH from 8.5 to 10.5 slightly increases the flux but, thereafter it has no 

influence. From the Taguchi design it can be concluded that the flux is highly dependent 

on the change in draw solution concentration and feed water temperature (Fig. 2.5(a, d)). 

Table 2.5: Effect of influential parameters 

Factor Level Response (Flux) Response (S/N) 

Temperature (˚C) 

25 10.47 19.06 

40 15.87 23.82 

50 18.47 25.13 

55 19.68 25.73 

pH 

8.5 15.57 22.39 

9.5 15.81 23.21 

10.5 16.84 24.12 

11.5 16.27 24.03 

Feed flow (LPM) 

0.5 15.55 22.46 

1.0 15.50 22.86 

2.0 15.87 23.68 

3.0 17.57 24.57 

Draw concentration (M) 

0.5 11.65 20.38 

1.0 13.75 22.14 

2.0 17.11 24.45 

3.0 21.97 26.78 

Draw flow (LPM) 

0.5 15.61 22.25 

1.0 15.65 23.00 

2.0 15.72 23.67 

3.0 17.51 24.83 

 

These results are consistent with the previous literature [70,71]. Increasing feed and draw 

flow rate slightly improved water flux (Fig. 2.5(c, e)). This is attributed to the decrease in 

the concentration polarization effect on both sides of the membrane. 
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2.3.1 Effect of feed temperature 

The temperature of the feed solution was varied between 25˚C and 55˚C. Higher 

temperatures than 55˚C could not be achieved with the current setup. According to Fig. 

2.4(a), an increase in temperature has a positive effect on the permeate flux. Change in 

the temperature of a solution influence its thermodynamic properties like viscosity and 

osmotic pressure as well as the diffusivity of dissolved solids. The osmotic pressure of a 

solution is given by: 

TicRg  (2.2) 

where, i is the Van’t Hoff factor, c is the molar concentration, Rg is the universal gas 

constant and T is the absolute temperature. So increasing the temperature of the feed 

solution will increase its osmotic pressure, which is not desirable because it decreases the 

net driving force in the FO process. But it was shown by Phuntsho et al. [70] that the 

increase of osmotic pressure with temperature was marginal and was insignificant when 

compared to the high osmotic pressure of the draw solution. With an increase in 

temperature there is also a decrease in the viscosity of the water. The pure water 

permeability (A) of the membrane is an inverse function of viscosity given by 
m

1
R

A


 , 

where μ is the viscosity of the solution and Rm is the intrinsic hydraulic resistance of the 

membrane [72]. So, the permeability of water through the membrane is increased with 

the decrease in viscosity, leading to an enhancement in diffusivity of water through the 

membrane. 

2.3.2 Effect of draw solution concentration 

From Fig. 2.4(c), it can be observed that the draw solution concentration has a strong 

influence on water flux. The standard flux equation in the FO process is given by: 

)( FDw   AJ  (2.3) 

where A is the pure water permeability, πD and πF are osmotic pressure of the draw and 

feed solutions respectively. As NaCl is well dissociated in the solution, it can be seen 

from Equation 2.2 that increasing the concentration of the draw solution proportionally 
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increases the osmotic pressure. So, higher permeate flux is observed with an increase in 

draw solution concentration due to the increased driving force (Equation 2.3). But in 

asymmetric membranes at higher concentration of draw solutions, a non-linear 

dependence of flux with driving force is observed, and the flux can no longer be 

predicted by Equation. 2.3. This is due to the phenomena of concentration polarization 

[71]. But the Taguchi method was not able to capture this non-linearity in the flux 

behavior, possibly due to the simultaneous influence of other factors on the flux. 

2.3.3 Effect of flow rates 

Fig. 2.4(c) and (e) show the effect of the feed flow rate and the draw flow rate on the 

water flux. Both the feed flow rate and the draw flow rate showed similar trends on flux 

behavior. As can be seen, the flux is almost unaffected by the flow rate when it is 

increased from 0.5 LPM to 2 LPM, but there is a small jump in the flux when the flow 

rate is increased to 3 LPM. Flux enhancement at higher flow rates is well studied in the 

literature for pressure driven processes [73,74], and a similar explanation can be applied 

in case of FO. For the feed side, the increase in feed flow rate will reduce the thickness of 

the concentration boundary layer near the membrane thereby enhancing the mass transfer 

coefficient. Therefore, the severity of the external concentration polarization is decreased 

at higher flow rates. Another factor which contributes to the enhancement of flux in real 

feed system is the reduced fouling tendency at higher flow rates [74,75]. 

The reason for moderate flux enhancement due to an increase in draw flow rate is not 

well established, since internal concentration polarization is the dominant phenomena on 

the draw solution which is not affected by the draw flow rate, as it occurs inside the 

porous support layer. A confirmation test (as will be shown later) showed a 28% increase 

in flux with a change in the draw flow rate from 1 LPM to 3 LPM when other parameters 

remained constant. A plausible explanation can be made based on the model developed 

by Suh et al. [76]. Previous researchers neglected the phenomena of external 

concentration polarization (ECP) on the draw side but this phenomenon can be significant 

at low cross-flow velocities and high flux. Neglecting reverse salt flux through the 
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membrane (rejection of salt by the membrane was > 95%), the water flux including the 

phenomena of ECP on draw side can be given by: 


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where kD and kF are the mass transfer coefficient of the draw and the feed side 

respectively. So, when the draw flow rate is increased, the ECP phenomenon is reduced, 

causing less difference in solution concentration in the bulk region and near the 

membrane. This consequently, leads to slightly higher salt concentration inside the 

porous support of the membrane. 

But the improvement in flux cannot be explained just by the improvement in the mass 

transfer coefficient on draw side, another reasonable argument can be made on the basis 

of the dilution of the draw solution along the membrane by the inflow of permeate as 

given by Xu et al [75]. The phenomena of dilution of the draw solution can be severe at 

low cross flow velocity and high permeate flux. Excessive dilution of the draw solution 

may lead to a decrease in concentration potential across the membrane and thus reduce 

water flux through the membrane. However at higher cross flow velocity the diluted draw 

solution is replenished quickly, leading to an enhancement in permeate flux. It should be 

noted that, Xu et al. performed their study on spiral wound membranes, which have a 

higher membrane surface area than the flat sheet membrane used in out experiment, thus 

achieving a much higher dilution factor. 

2.3.4 Effect of pH 

The pH of the BFW obtained from the SAGD plant varies between 9.8 to 10.5, so it was 

very important to test the performance of the membrane at these conditions. Therefore, 

the pH of the feed solution was varied from 8.5 to 11.5. There was a minimal change in 

flux when the pH was changed from 11.5 to 8.5 (Fig. 2.5(b)). But this was contrary to 

what has been observed in pressure driven membrane processes. Sadrzadeh et al. [28] 

reported a 20% decrease in flux when the pH was changed from 10.5 to 8.5 in a 

nanofiltration separation process. It was observed that silica nanoparticles and organic 



30 

 

matter precipitated on the membrane surface at lower pH due to decreased inter-particle 

repulsion as well as particle-membrane repulsion, thus accelerating the formation of a 

cake layer. This cake layer formation choked the membrane and hence decreased the 

permeate flux through it. However according to the literature, the fouling layer formed in 

a FO process is less compact compared to that formed in a pressure driven membrane 

process [77]. Thus there was no noticeable change in flux when the pH is decreased from 

10.5 to 8.5. Hence, it can be concluded that FO was less susceptible to fouling by the 

BFW as compared to the pressure driven membrane process.  

2.3.5 Rejection of organics 

SAGD BFW has a wide variety of organic contaminants with different chemical 

properties and molecular weight [78]. With the wide range of molecular weights and 

chemical properties the removal of organic compounds from the BFW is a big challenge. 

So, the efficiency of FO TFC membrane was tested for the filtration of organic 

compounds. The samples of draw solution were collected after each experiment and 

analyzed for DOM. TOC results showed that the rejection of the organics was in the 

range of 85% to 96%. The TOC rejection did not show any particular trend indicating 

that the membrane had a stable performance even at operating condition close to its 

threshold limits. 

2.4 ANOVA 

Results obtained from Taguchi can be coupled with ANOVA to determine the relative 

significance of each parameter on the response and also to determine whether the 

variation in response is due to a change of parameter level or due to experimental noise. 

ANOVA uses sum of squares (SS), degree of freedom (d.o.f), and mean square to find the 

associated F value, which is then compared to the F value obtained from the statistical 

table to check for the significance of a factor. A brief overview of the terms which we 

come across when using ANOVA is given below [69,79]: 
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The SS of a factor is given by: 
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where KA is the number of levels of a factor A (KA = 4 for all factors in this study), 
iAn  is 

the number of all observations at level i of factor A (
iAn = 8), Ai is the sum of all 

observations of level i of factor A, and T is the total sum of all observation. The SS of the 

error is computed using the following equation: 

....)(  BATe SSSSSSSS  (2.6) 

where, SST is the total SS and is given by: 
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Where, N is the total no of observations. The SS and SST are the basic calculations needed 

for ANOVA. From these quantities, variance can be calculated by dividing the sum of 

squares by the degree of freedom (ν). 

A

A
A

SS
V


  (2.8) 

where, νA is the degrees of freedom of a factor A and is given by νA =KA-1. From this, the 

F value can be calculated as follows: 

e

A
A

V

V
F   

(2.9) 

where, Ve is the variance for the error term which can be obtained by calculating the error 

sum of squares (SSe) and dividing it by error degrees of freedom (νe), i.e. 
e

eSS

eV


 , 

....)(  BATe   and 
T  which is total degrees of freedom equal to (N-1). Now 

the calculated F value is compared to the F value obtained from the statistical tables at 

various risks (α) using 
A  and 

e . If the calculated value of F is greater than the 

extracted one, then it can be concluded that the effect of the parameter is significant. 
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Table 2.6: Statistical results based on experimental data 

Flux -Mean 

Factor SS dof Variance F P(%) 

Draw conc. 486.5 3 162.1 203.5 51.1 

Temperature 401.4 3 133.8 167.9 42.1 

Feed flow rate 22.8 3 7.6 9.6 2.4 

Draw flow rate 20.6 3 6.8 8.6 2.16 

pH 7.5 3 2.5 3.1 0.7 

error 12.7 16 0.8   

 

Comparing the obtained value of F with the extracted value of F (F=3.24) from the table 

at α = 0.05, it can be concluded that the variance of all factors except pH is significant 

compared with the variance of error, and hence all these factors have significant effects 

on the response. The P value of the draw concentration and the temperature is very high 

as compared to feed flow rate and draw flow rate which brings us to the conclusion that 

draw solution concentration and temperature are the most influential factors in the FO 

process. 

For optimizing the performance of the system, a balance should be established between 

water flux and rejection of dissolved organic matter. But for these experiments, the TOC 

results didn't follow any trend and the rejection rate varied from 85% to 96%. Hence, 

water flux was chosen as the sole criteria for optimization of performance. As a result, 

high temperature, high draw concentration, high feed and draw flow rates and the raw 

feed pH of 10.5 are recommended for maximizing the response. 

Finally, after finding the significant factors by using the Taguchi method, the response 

for all combination of levels could be predicted with considerable accuracy. These 

predictions should be confirmed by running confirmation experiments. The results of the 

confirmation runs and the predicted values by Taguchi methods are presented in Table 

2.7. As can be observed, the predicted results and experimental data match relatively 
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well. Hence, it is shown that acceptable results can be obtained from the reduced number 

of experiments. Some of the results predicted by Taguchi analysis are presented in Fig. 

2.6. 

Table 2.7: Comparison of flux results obtained from confirmation test run and by 

Taguchi prediction 

Temp 

(˚C) 
pH 

Feed flow 

rate 

(LPM) 

Draw 

conc. (M) 

Draw 

flow rate 

(LPM) 

Flux (LMH) 
% 

error Taguchi 

prediction 
Exp value 

50 9.5 1 1 1 14.7 15.9 7.5 

25 9.5 1 1 3 8.6 8.6 0.1 

25 9.5 3 1 1 8.8 11.1 20.7 

25 11.5 1 1 1 7.2 7.1 1.4 

25 9.5 1 2 1 9.0 10.0 10 

40 10.5 2 2 2 16.9 17.6 4.0 

2.5 Conclusion 

The forward osmosis separation process was applied for the first time on SAGD BFW. 

The effect of all important factors (temperature, pH, draw concentration, feed and draw 

flow rate) on water flux were studied at the same time using a Taguchi experimental 

design. The TOC rejection was between 85% to 96%. The rejection of TOC didn't follow 

any particular trend indicating that membrane performance was not affected by high 

operating temperature and pH. Water flux was chosen as the sole criteria for optimization 

of system performance. High temperature, high draw concentration, high feed and draw 

flow rates and a pH of 10.5 are recommended for optimal performance of the process. 

ANOVA results revealed that draw solution concentration and temperature were the most 

influential parameters. 

Less membrane fouling was observed and minimal treatment of the feed was required in 

the FO operation as compared to reverse osmosis and nanofiltration, which will ensure 

longer operations with the same membrane and reduced maintenance costs. Moderately 

high quality of water was achieved by the FO process at moderately high water flux, 
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which demonstrates the high efficiency of this process for SAGD produced water 

treatment. Altogether, in the near future FO can be considered as an alternative to the 

conventional SAGD treatment processes especially when the efforts to develop an energy 

efficient regeneration process for the draw solution succeed. 
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Figure 2.1: Flow diagram of a typical SAGD water treatment process (Figure adapted 

from [28]) 

 

 

 

Figure 2.2: Schematic of bench scale FO setup 
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Figure 2.3: Water flux, draw conductivity and feed conductivity as a function of time for 

experiment no 2 and 9 corresponding to Table 2.3. 
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Figure 2.4: Effect of (a) temperature, (b) pH, (c) feed flow rate, (d) draw concentration 

and (e) draw flow rate on water flux. 
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Figure 2.5: Effect of (a) temperature, (b) pH, (c) feed flow rate (d) draw concentration 

and (e) draw flow rate on S/N ratio. 
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Figure 2.6: (a) Flux at different draw concentration and temperature, (b) flux at different 

feed flow rates and temperatures, (c) flux at different draw flow rate and temperatures 

and (d) flux at different pH and different draw concentration. 
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CHAPTER 3:  MODELING OF FO PROCESS: EXPERIMENTAL 

INVESTIGATION OF MASS TRANSFER COEFFICIENT 

3.1 Introduction   

With the increasing application of membrane-based separation processes in desalination 

and wastewater treatment, vast efforts have been devoted to make them more energy 

efficient. In the hunt of more economic and efficient method, forward osmosis (FO) has 

been developed as an alternative to the conventional pressure-driven separation processes 

like reverse osmosis (RO) and nanofiltration (NF) [33,80,81]. FO is an osmotically 

driven membrane separation process, where water molecules are transferred from a dilute 

feed solution to a more concentrated draw solution through a semi-permeable membrane 

which selectively rejects a wide range of dissolved contaminants in the wastewater [33]. 

The driving force for water transport is the chemical potential difference between the 

draw and feed solutions, thus eliminating the use of hydraulic pressure and consequently 

enhances energy efficiency [35,46,57].  

Besides being energy efficient, FO process is less prone to fouling as compared to 

pressure-driven NF and RO processes. However, FO suffers from an enhanced 

concentration polarization effect on the draw side where the draw solution is in contact 

with the porous support of the composite membrane. The severe concentration 

polarization reduces the real driving force for mass transfer, thereby reducing the 

performance of the FO process significantly [82,83]. In a typical pressure driven process, 

concentration polarization phenomenon occurs on one side of membrane (feed side) 

whereas in the FO concentration polarization happens on both sides (feed and draw). The 

polarization that occurs on the feed side is concentrative and is different in nature from 

the dilutive polarization on the draw side due to incoming permeate flux. The first type of 
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polarization is called external concentration polarization (ECP) and the second one that 

takes places inside the porous support layer is termed as internal concentration polazation 

(ICP). The ICP is not affected by the hydrodymanics of the flow and is more severe than 

the ECP which makes the theoretical study of transport phenomena in a FO process very 

challenging.  

Early attempts to model the mass transfer through a FO membrane was conducted by Lee 

et al. [36]. They considered the ICP inside the porous support and developed a model to 

predict the performance of a pressure retarted osmosis (PRO) process. In the PRO 

process, which is used for energy generation from an osmotic pressure difference, the 

membranes are oriented in exactly opposite configuration of FO with the active layer 

facing the draw solution. Later, Leob et al. [84] followed the same approach and 

developed a model for the FO process. McCutcheon et al. [71] coupled the boundary 

layer film theory to capture the effect of ECP on the active layer as well as the ICP in the 

porous support for both FO and PRO processes. Suh et al. [76] fine-tuned this model by 

considering the dilutive ECP phenomenon on the draw side which was neglected by 

previous researchers. They suggested that the effect of diluted draw solution on the ECP 

must be taken into account, particularly for low cross flow velocities and high water flux. 

Even though the above models provide comprehensive framework of relationships for the 

ICP and ECP on both sides of FO membranes and are able to predict the flux 

satisfactorily at a certain flow rate, they are not sufficiently sensitive to the change in feed 

flow rate.  

The change in water flux with the change in flow rate is captured by the mass transfer 

coefficient (k) on either side of the membrane. The mass transfer coefficient is commonly 

calculated using Sherwood number relations expressed in the following general form 

[85]: 

ba
D

kd ch ScReSh   (3.1) 

Where dh is hydraulic diameter, Re is the Reynolds number and Sc is the Schmidth 

number, a, b and c are constants that vary for the numerous correlations of Sh number 
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available in literature. The most commonly used Sh number expression for a flow in a 

rectangular channel of a FO process are as follows: [71,76] 

33.0
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d
       (laminar flow)  (3.2) 

33.075.0 ScRe04.0Sh             (turbulant flow)  (3.3) 

Where Re is give by vdh/ν, where v is the cross flow velocity in the cell and ν is the 

kinemetic viscosity. The Sh number relations available in the literature were either 

adapted from analogy between heat and mass transfer or were derived for flow in non-

porous smooth [85–87]. These relations were later modified for the ultrafiltration (UF) 

experiments [85,86]. UF is a pressure-driven process with a different flow 

hydrodynamics from FO process which is driven by osmotic pressure gradient. In 

addition, the topology of a typical UF membrane is more rough (on a microscopic scale) 

and porous than a FO membrane that might affect the Sh number. Hence, the correlations 

of Sh number derived for UF experiments may not be valid for the FO process. Tan et al. 

[88] attempted to address some of these challenges by using a different correlation of Sh 

number developed for a fluid flow parallel to a smooth and non-porous flat surfaces. This 

Sh number which is theoretically developed based on the exact solutions of Navier-

Stokes equation using the boundary layer concept [89] and might not be adequate in 

interpreting the transport phenomena in FO process.  

Although extensive research has been carried out on derivation of empirical and semi-

empirical Sh number correlations for pressure driven membrane processes (at various 

operating conditions and spacer geometries) [86,90,91], no such efforts have been made 

to better understand the boundary layer phenomena in a FO process. It is worth 

mentioning that, based on the film theory the severity of the ECP depends upon the value 

of mass transfer coefficent. Since the concentration profile in the boundary layer is 

exponential in nature a small error in the value of mass transfer coefficient may magnify 

the error to a large extent. Hence, in order to develop a robust model for the FO process, 

there is a crucial need to find an appropriate correlation of mass transfer coefficient for 
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each specific membrane process with a certain hydrodynamic properties of channel and 

membrane characteristics. 

In this work an attempt has been made to get an estimate of the range of values for the 

mass transfer coefficient which might result in a more accurate flux prediction in a FO 

process. Since the support layer of a FO membrane is made from porous polysulfone 

(PSf) having structure and porosity as of UF membrane, the literature Sh number 

correlations might be valid for this side of the membrane. But for the selective layer of 

the membrane, which is smooth and non porous these correlations are not necessarily 

usable. So we propose a more practical method to get an estimate of the value of mass 

transfer coefficient on the active side of the membrane in a FO process by (i) RO and (ii) 

PRO experiments. These values of mass transfer coefficients were then used in 

theoretical model to predict the water flux with the change in feed flow velocity. In the 

final part of this study the applicability of the theoretical model with modified value of 

mass transfer coefficients was challenged in predicting the performance of the FO for 

treatment of industrial produced water obtained from steam assisted gravity drainage 

process (SAGD) as the feed solution. 

3.2 Theory 

3.2.1 Water flux in FO 

Water flux in a pressure driven membrane separation process is directly proportional to 

the applied pressure (∆P) and the osmotic pressure difference of the two solutions (∆π) 

[71]. 

)(w  PAJ  (3.4) 

where A is the pure water permeability. In a FO process, no pressure is applied (∆P = 0) 

and the water flux through the membrane is just due to the difference in the osmotic 

pressures of the draw and feed solutions, given by: 

)( bF,bD,w   AJ  (3.5) 
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where πD,b and πF,b are the osmotic pressures of the draw and feed solutions, respectively.  

3.2.2 Concentration polarization 

In a FO operation, the actual flux is far less than the theoretical flux obtained from 

Equation 3.5 which is due to the reduction in the available driving force. On the feed 

side, where the solvent permeates through the membrane, the solutes are retained by the 

membrane increasing their concentration on the membrane surface that is referred to as 

concentrative ECP. The permeate entering the draw side dilutes the draw solution at the 

membrane surface that is referred to as diluted ECP. Fig. 3.1(a) and (b) depict 

concentrative ECP in a FO process and dilutive ECP occuring in a PRO process, 

respestively. Both these phenomena contribute to a decrease in the net osmotic driving 

force across the membrane and hence lowering the flux.  

The ECP can be mitigated by inducing turbulence which enhances the mixing and 

consequently levels the concentration difference between the bulk and adjacent solution 

to the membrane surface. However, the concentration polarization in FO is not just 

limited to ECP. The structure of FO membranes is generally asymmetric, i.e. a thin active 

layer which governs the molecular transport rate is coated on a porous support that 

provides mechanical strength. In the FO mode (when active layer and support are facing 

the feed and draw solutions, respectively), a more severe concentration polarization takes 

places inside the porous support layer of the membrane, known as ICP. The enhanced 

dilution of the draw solution inside the porous support contributes to a huge decline in the 

osmotic pressure difference, thereby decreasing the flux more severely. 

Internal concentration polarization  

At steady state, the salt leakage sJ  from the active layer (if the membrane is not perfect) 

originates from convective flow of solute cJw  away from the active layer and diffusive 

flow of solute 
x

c
D

d

d"  toward the active layer due to concentration gradeint inside the 

porous support:  
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ws   
(3.6) 

Where, c is the concentration of solute at any point inside support layer, "D  is the salt 

diffusion coefficient in the porous support and is given by: 



D
D "  

(3.7) 

Where D is the diffusivity of solute in water,  and  are the porosity and tortuosity of the 

support, respectively. Appropriate boundary conditions (as shown in Fig 3.2) are 

represented as: 

iD,cc   at 0x   

mD,cc  at tx     

Applying these boundary conditions a relation for the concentration of solution inside the 

porous support near the active layer iD,c  is derived as follows: 
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Where cD,m is the concentration of solution on the support layer adjacent to the bulk 

solution. Here K=t/(D) is defined as the solute resistivity inside the porous support. 

Considering a perfect membrane with 100% salt rejection, the value of Js can be 

neglected and Equation 3.8 simplifies to: 

)exp( w

mD,
iD,

KJ

c
c   

(3.9) 

The salt concentration ratio is approximately proportional to the osmotic pressure ratio of 

the solution, that gives: 

)exp( w

mD,
iD,

KJ


   (3.10) 

The actual flux is generated by the concentration difference across the active layer of the 

membrane and is given by: 

)( mF,iD,w   AJ  (3.11) 
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Substituting Equation 3.10 in Equation 3.11, the following equation is obtained for the 

actual flux through the membrane: 

])exp([ mF,wmD,w   KJAJ  (3.12) 

External concentration polarization  

The concentrative ECP occuring on the feed side of the membrane can be captured by 

using the same differential equation and applying appropriate boundary conditions 

between the membrane surface and bulk solution on the feed side. 

bF,cc  at 0x   

mF,cc  at Fx   

Where cF,m and cF,b are concentration of solution on the membrane surface and in the bulk 

feed solution, respectively. F is the thickness of concentration boundary layer on the 

active layer of the membrane. Solving the differential equation and applying the above 

boundary conditions the following relation is derived for the electrolyte concentration on 

the membrane surface: 
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Again for a high solute rejecting membrane sJ  0 , hence 
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D/F in this equation is mass transfer coefficient on the feed side of the membrane (kF). 

By replacing the concentrations in Equation 3.14 with the corresponding osmotic 

pressures and subsituting this equation in Equation 3.12, the following equation for flux 

is obtained: 




















F

w
bF,wmD,w exp)exp(

k

J
KJAJ   (3.15) 

The effect of ICP in the support layer and ECP on the feed side are accounted in Equation 

3.15. By considering the effect of dilutive ECP on the draw side, a concentration 
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boundary layer forms on the support layer of the membrane and mD,  will not be equal to 

bD, .  

Using appropriate boundary conditions: 

mD,cc  at 0x   

bD,cc  at Dx   

The following equation is derived for the concentration of solution on the support layer 

( mD,c ).  

w

sDw

w

s
bD,mD, exp

J

J

D

J

J

J
cc 
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
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
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



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






 (3.16) 

where cD,b is the bulk draw solution concentration and D  is the thickness of 

concentration boundary layer on the porous support. Applying similar assumption of 

sJ 0  and inserting the mass transfer coefficient on the draw side of the membrane as 

D

D


D
k   we get: 









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D

w
bD,mD, exp

k

J
cc  (3.17) 

Finally, the modified flux equation by incorporating the ICP in the support layer and ECP 

on both sides of the membrane is acquired as follows: 
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Similar analogy can be applied when the process is operated in the PRO mode. In this 

mode, the feed and draw solutions face the support and active layers, respectively. Hence, 

the ECP occurs on the draw side and is dilutive in nature, i.e. the draw solution becomes 

diluted near the membrane surface by the incoming permeate that leads to a decrease in 

osmotic driving force. The dilutive ECP phenomenon provides the following relation for 
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the ratio of draw solution concentration on the membrane surface ( mD,c ) and in the bulk 

( bD,c ): 
















k

J

c

c
w

bD,

mD,
exp  (3.19) 

where k is the mass transfer coefficient on the draw side of the membrane.  

On the feed side of the membrane the ICP occurs that increases the concentration of salt 

inside the porous support and makes it concentrative in nature, thus decreasing the 

driving force. The modulus for concentrative ICP can be given by the following relation: 

)exp( w

bF,

iF,
KJ

c

c
  (3.20) 

Where cF,i and cF,b are the concentrations of the feed solution inside the porous support 

close to the active layer and in the bulk soltion, respectively. By incorporating the 

dilutive ECP and concentrative ICP phenomena in the PRO process, an analytical model, 

analogous to FO, is obtained as follows: 
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J
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3.3 Materials and Methods 

3.3.1 Feed and draw solutions 

NaCl solutions in deionized (DI) water were used draw and feed solutions. The 

concentration of draw solution varied from 0.25 M to 2 M, whereas the feed 

concentrations were adjusted in the range of 0 M to 1 M. Solution properties like 

viscosity, density, diffusion coefficient and osmotic pressure were taken from literature 

[88]. Real produced water was obtained from an SAGD operation plant located in an oil 

sands region of Alberta, Canada [92] and was used as feed water solution at the final 

stage of this study. 
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3.3.2 Membrane 

The membranes used in this study were polyamide (PA) thin film composite (TFC) 

membranes provided by Hydration Technology Innovation (HTI Albany, OR). These 

membranes consist of a thin PA layer coated on a PSf support all embedded on a 

polyester fabric. The HTI composite membranes have been recently introduced and since 

all previous studies were based on the HTI cellulose acetate (CA) membranes, very little 

information is available in literature about FO using these membranes. 

3.3.3 Experimental setup 

The FO experiments were conducted by a bench scale cross-flow filtration setup. The 

schematic diagram of the setup is shown in Fig. 2.2. The membrane cell has channels on 

both sides of the membrane for the flow of feed and draw solutions. The length, width 

and depth of the channels are 145 mm, 96 mm, and 2 mm, respectively. The effective 

filtration area of the membrane is 140 cm
2
. Feed and permeate spacers were used on both 

draw and feed channels in the cell to provide mechanical support to the membrane. The 

flow rates in the experiments were controlled from 0.5 LPM to 3 LPM by using variable 

speed gear pumps (Micropump, model: 070/170/172). The temperature of the experiment 

was maintained at 23±1˚C. The water flux through the membrane was calculated by 

recording the change in the weight of the draw solution with time using a weighing scale 

(Mettler Toledo, model: MS16001L). During the experiment the conductivity and 

temperature of both feed and draw solutions were monitored through the control panel.  

3.3.4 Measuring real produced water osmotic pressure 

Osmotic pressure of the produced water was measured using a μOSMETTE micro-

osmometer (Model: 5004 Automatic Osmometer, Precision system Inc., USA). The 

instrument estimates the osmotic pressure by measuring the depression in the freezing 

point of the solution. The osmotic pressure of three different feed samples was measured 

and a linear relationship was obtained between the osmotic pressure and the feed 
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concentration. Using this calibration plot the osmotic pressure of produced water 

solutions could be obtained at different concentrations. 

3.3.5 Experimental Methodology 

Experimental runs for both FO and PRO modes were conducted following a similar 

methodology. The membranes were kept in the DI water for about 24 hours before 

experiments. After mounting the membranes in the module, the experiments were started 

and the flow rates of the feed and the draw solutions were adjusted at desired values. The 

system was allowed to stabilize and then the change in weight of the draw solution was 

recorded over time. For changing the concentration of the draw solution during operation, 

a certain amount of concentrated solution of NaCl (5M) was gradually added to the 

solution. The conductivity of the draw solution was monitored online and addition of 

NaCl solution stopped when the conductivity of the draw solution reached to the desired 

concentration of the solution. Similar procedure was followed to increase the 

concentration of the feed solution. 

3.3.6 Estimation of mass transfer coefficient 

The value of mass transfer coefficient depends on the hydrodynamics of the flow, applied 

driving force, water flux through the membrane, characteristics of the membrane 

(roughness and porosity) and the type of solute [86]. In this section we provide two 

different methdologies to find the mass transfer coefficient: (i) pressure-driven method 

using RO and (ii) osmotic pressure-driven method using PRO. 

Mass transfer coefficient in RO 

The film theory is generally applied to capture the effect of the ECP on a membrane 

surface. Using this theory, the concentration profile near the membrane surface is 

obtained as a function of permeation flux and mass transfer coefficient:    
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where cm and cb are the concentration at the membrane surface and in the bulk, 

respectively. By estimating the concentration at the membrane surface, the value of mass 

transfer coefficient is calculated using Equation 3.22. The concentration at the membrane 

surface can be calculated from the osmotic pressure difference across the membrane. By 

measuring the water flux and salt rejection in a RO experiment and coupling these with 

the pure water flux, an estimate of the osmotic pressure difference across the membrane 

can be made, and consequently the mass transfer coefficient is calculated by the 

following equation:  
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
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 (3.23) 

where Rj is the salt rejection by the membrane, Rg is the universal gas constant and T is 

absolute temperature. The detailed procedure to derive Equation 3.23 is described 

elsewhere [93]. 

Mass transfer coefficient in the PRO mode 

Using DI water as the feed solution in the PRO mode, the water flux through the 

membrane can be calculated by a reduced form of Equation 3.21 as follows: 
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The mass transfer coefficient can be calculated by re-arranging this equation. 

3.4 Results and Discussion 

3.4.1 Pure water permeability (A)  

The pure water permeability of the membrane was acquired using a RO setup with DI 

water as feed solution at 23˚C. The water flux was plotted at different pressure as shown 



52 

 

in Fig 3.3 and the pure water permeability (A) was found to be 2.47 LMH/atm (or 

6.86×10
-7

 m/(s atm). 

3.4.2 Mass transfer coefficient 

Fig. 3.4 shows the values of the mass transfer coefficent obtained from the RO 

experiments at different feed flow rates and 1600 ppm NaCl solution as feed. Although 

these results are obtained from a RO process, they could also be valid for a FO process as 

in both processes the active layer faces the feed and the pressures in RO process were set 

to levels which resulted in comparable fluxes to that in FO process. 

The average value of mass transfer coefficient obtained from PRO experiments (averaged 

for different concentrations of draw solution and DI water as feed) are also presented in 

Fig. 3.4. As can be observed, mass transfer coefficients obtained by both experiments 

have the same order of magnitude of 10
-6

. As expected, different orientation of 

membranes in these processes led to dissimilar coefficients which can be attributed to 

generation of different flow pattern on the membrane surface. However, at lower flow 

rates the values obtained from the RO and PRO experiments match satisfactorily well.  

The values of mass transfer coefficients obtained by PRO experiment at various feed 

flow rates are compared with the theoretical ones (calculated by Equation 3.2) in Table 

3.1. As can be seen theoretical mass transfer coefficients are one order of magnitude 

larger than experimental ones. Using these two mass transfer coefficients, the permeation 

fluxes are calculated and the results are presented in Table 3.1. Applying larger 

theoretical mass transfer coefficients was found to over-predict experimental fluxes by 

almost 100%, whereas experimental PRO values provided comparable results with 

relatively good accuracy.  

Fig 3.5(a) shows the variation of flux in PRO experiments with the change in the draw 

solution concentration at different flow rates. The rate of water flux increment was found 

to decrease with the increase in the osmotic driving force and this is attributed due to the 

effect of dilutive ECP. Dilutive ECP tends to decrease the net osmotic driving force due 
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to the diluted draw solution on the membrane surface by the incoming permeate. 

According to Equation 3.19, the electrolyte concentration reduces from the bulk to the 

membrane surface with an exponential function of flux, thereby reducing the driving 

force for mass transfer. The plots in Fig. 3.5(a) were corrected for dilutive ECP and the 

experimental fluxes are plotted against the concentration at the membrane surface 

(effective driving force) resulting in linear plots as shown in the Fig. 3.5(b-e). The slope 

of these line gives the pure water permeability (A) of the membrane. The concentration at 

the membrane surface was calculated using two values of k, one obtained from Equation 

3.2 and the other from the PRO experiments. It can be seen that for the values of k 

obtained by PRO, the slope exactly matches the pure water permeability of the membrane 

that was obtained from RO experiment while for the theoretical k value the slope is about 

half of the experimental RO result. 

In Fig. 3.6 the values of k obtained from PRO experiments are compared with those given 

in the literature and it is found that they are an order of magnitude less than those 

obtained from Equation 2 (kSh1) given by McCutcheon et al. [71]. Taking a closer look at 

Fig. 3.6 it is found that the value of k changed with the change in cross-flow velocity but 

not with the permeation flux.  

Table 3.1: Comparison of predicted flux evaluated by using theoretical mass transfer 

coefficient (Eqn 3.2) and experimental mass transfer coefficient (PRO mode) with 

experimental flux data for 1 M NaCl as draw solution and DI water as feed. 

Flow 

rate 

(LPM) 

Cross 

flow 

velocity 

(m/s) 

Mass transfer 

coefficient 

(m/s) by PRO 

(×10
-6

) 

Mass transfer 

coefficient 

(m/s) by Eqn 

3.2 (×10
-5

) 

Predicted flux 

(LMH) by 

using 

experimental 

k (PRO) 

Predicted flux 

(LMH) by 

using 

theoretical k 

(Eqn 3.2) 

Experiment-

al flux   

(LMH) 

0.5 0.05 2.50 1.0 17.3 39.56 17.80 

1 0.1 2.60 1.3 17.75 45.2 18.15 

2 0.2 2.80 1.6 18.86 49.92 19.17 

3 0.3 3.00 1.9 19.5 53.95 20.01 
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3.4.3 Flux prediction 

The current models developed are mainly focused on finding an accurate value of solute 

resistivity (K), and very less attention has been paid to find a proper value of mass 

transfer coefficient for FO [71,76,82]. There are no direct techniques to determine the 

value of the structural parameters of a membrane, primarily porosity and tortuosity, so its 

value is typically evaluated by fitting the experimental data to the transport model [94]. 

In this technique, the value of K directly depends upon the mass transfer coefficient. 

Hence, there is a crucial need for finding an accurate value of mass transfer coefficient. 

Investigating the current models developed for FO, it was also observed that they are 

insensitive to a change in the feed flow rate, while our experimental results demonstrates 

that the flux changes moderately with the flow rate. In the previous sections it was shown 

that the mass transfer coefficients obtained in the present work are one order of 

magnitude less than those obtained from literature (Equation 3.2). So in the current study, 

we have critically compared the results obtained from the two sets of mass transfer 

coefficients. 

To start with the modeling of the FO, the hydraulic permeabilty (A) and salt resistivity of 

the support layer (K) needs to be determined. The hydraulic permeability of the 

membrane is detemined through the RO setup as discussed earlier. Salt resistivity 

coefficient depends upon the structural parameters of the membrane like porosity, 

tortuosity and thickness and on the diffusion coefficient of salt (D). Since the structural 

parameter is an intrinsic property of the membrane, it is assumed to be constant for a 

particular membrane [71,82]. Salt diffusion coefficient is also constant at a particular 

temperature and is not changing significantly in the range of molarities studied here (0.5-

2 M) [95,96]. Hence, the value of K at a particular temperature is constant and can be 

evaluated by re-arranging Equation 3.18. 

Table 3.2 presents the experimental FO data that used to determine the value of K for the 

TFC membrane. All experiments were conducted at 23C and the values of mass transfer 
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coefficients obtained from RO experiment were used for calculation of K. As expected, 

the K values were almost constant for different feed concentrations. The average K value 

of 6.9 was used for prediction of water flux.   

Table 3.2: FO experiments for calculation of K. Tests were conducted at 23˚C and draw 

and feed flow rate was set to 2 LPM 

Draw conc. 

(M) 

Osmotic 

pressure 

(bar) 

Feed conc. 

(M) 

Osmotic 

pressure 

(bar) 

Flux        

(LMH) 

K (s/m)×10
5
 

1.5 75.4 0.05 2.05 10.2 6.99 

1.5 75.4 0.1 4.13 9.0 6.70 

1.5 75.4 0.25  10.57 6.4 6.8 

1.5 75.4 0.5 21.7 4.2 6.73 

1.5 75.4 1.0 47.9 1.5 7.14 

Average - - - - 6.9 

 

In Fig. 3.7 the predicted values of water flux by the developed model are presented along 

with the experimental values as a function of the driving force (osmotic pressure of the 

draw solution). As can be observed there is a good agreement between the predicted flux 

and the experimental flux. It is well known that increasing the feed flow rate increases the 

water flux through the membrane by enhancing the mixing near the membrane surface, 

thereby reducing the effect of ECP (concentrative ECP in the case of FO). The change in 

the flow rate is reflected through the change in the mass transfer coefficient. Here we test 

the sensitivity of our developed model to feed flow rate variation. The draw solution flow 

rate was kept constant at 1 LPM while the feed flow rate was changed from 1 LPM to 3 

LPM. A 0.05 M solution of NaCl was taken as the feed solution and the concentration of 

draw solution was varied from 0.25 M to 1.5 M. As expected, increasing the feed flow 

rate increased the water flux. The experimental results and the model predictions are 

compared in Table 3.3. The model predictions are obtained using two mass transfer 

coefficients, one from Equation 3.2 and the other one from RO tests in the present study. 

At lower flow rates both mass transfer coefficients yield reults that matches well with 

experimental data. However, using the values of k obtained from Equation 3.2, the fluxes 
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were found to be insensitive to flow rates, whereas our k values resulted in more 

reasonable predictions at higher feed flow rate as well.   

Table 3.3: Compares the sensitivity of the model to predict change in flux with the 

change in the the values of k with the experimental results. 

Draw 

conc. (M) 

Feed 

conc. 

(M) 

Experimental Flux     

(LMH) 

Theoretical Flux (LMH) 

(k from RO test Fig 3.4) 

Theoretical Flux (LMH)** 
 

33.0

Re85.1 









L

d
Sc

d

D
k h

h

 

  

Feed flow     

1 LPM 

Feed flow   

3 LPM 

Feed flow 

1 LPM 

Feed flow 

3 LPM 

Feed flow  

1 LPM 

Feed flow  

3 LPM 

0.25  0.05  3.9 4.5 3.8 4.2 4.1 4.1 

0.5  0.05  5.6 7.7 5.8 6.4 6.1 6.1 

1.0 0.05  8.7 10.1 8.2 9.0 8.5 8.5 

1.5  0.05  9.9 11.6 9.6 10.6 9.9 9.9 

**
The value of K for this case was found using eqn (3.18) and with the values of mass 

transfer coefficient obtained from Sh number equation 3.2 

 

3.4.4 Model prediction for a real waste water 

The FO process in the present study is modeled using different concentrations of NaCl 

solution in DI water as feed water. A real wastewater (oil sands produced water in this 

study) is totally different from the NaCl solution as it has dissolved impurities like 

organic matter and colloidal particles which foul the membrane and subsequently 

diminish the performance of the membrane process. However, it is was shown that the 

fouling tendency of the membrane in a FO process is far less than that of pressure based 

membrane processes [38,77]. In addition, according to our earlier studies, the SAGD 

produced water with moderate total dissolved solid (TDS<2000 ppm) and dissolved 

organic carbon (TOC<500 ppm) demonstrates a low fouling potential [28,92]. Hence, we 

tested the feasibility of applying the developed model for prediction of water flux during 

filtration of SAGD produced water. The TDS content of the produced water was 

changing during operation in the range of 1500-2500 ppm. Hence, a calibration plot was 

first developed by measuring the osmotic pressure of the produced water at different TDS 

concentrations using a freezing point depression osmometer. A linear correlation was 
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found between the TDS concentration and the osmotic pressure. The estimation of mass 

transfer coefficient was made by considering the equivalent concentration of the NaCl in 

the produced water as its TDS. The experiments were carried out for the duration of 10 

hours and the water flux and the conductivity of the draw and the feed solution were 

monitored over time. From the conductivity of the feed and the draw solutions the 

corresponding osmotic pressures were estimated and were used in the theoretical model. 

Fig. 3.8 shows the plots comparing the experimental and modeling results at various 

operating conditions. The modeling results are obtained by using the values of mass 

transfer coefficients obtained from RO tests. It can be seen that the model can predict the 

experimental results relatively well despite using an industrial feed water and applying 

the same solute resistivity (K) as our preliminary experiments with NaCl solutions as feed 

water.  

3.5 Conclusion 

In this study an effort was made to estimate proper mass transfer coefficients for a FO 

process. Previous studies were all based on using the Sherwood number correlation 

developed from the UF experiments to predict the flux in the FO process. It was observed 

that using the values of mass transfer coefficient obtained from literature Sherwood 

number correlations did not produce any noticeable change in the water flux with the 

change in the feed flow rate. Hence two different experiments (i) RO (ii) PRO were 

conducted to provide better estimation of mass transfer coefficient. Mass transfer 

coefficients obtained from both these experiments were one order of magnitude less than 

what was obtained from Sherwood number correlation. It was shown that after applying 

ECP correction to the PRO results using the current study mass transfer coefficients, the 

slope of the fit line exactly matched the pure water permeabilty of the membrane 

obtained by RO. For the FO experiments it was seen that the model predictions were in 

better agreement with the experimental data when our mass transfer coefficients were 

used. The main shortcoming of previous developed models, that is insensitivity of the 

model predictions to the change in feed flow rate was overcome by finding suitable mass 
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transfer coefficients. Later, the model was also used to predict the flux during treatment 

of a real produced water. The results obtained in this study suggest that the mass transfer 

coefficient (k) which mainly affects the ECP is as important as solute resistivity (K) 

which is reflected in ICP effect. 
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Figure 3.1: Direction of water flux and the concentration profile developed across the 

membrane in (a) FO mode and (b) PRO mode 

 

 

 

Figure 3.2: Concentration profiles (considering dilutive ECP) and the concentration 

boundary thickness developed on both sides of membrane during a FO process. 
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Figure 3.3: Plot of pure water flux at different hydraulic pressures in a RO setup 

 

Figure 3.4: Mass transfer coefficient obtained from RO and PRO experiments. In RO 

experiment the NaCl concentration in feed solution and the trans-membrane pressure 

were adjusted at 1600 ppm and 4.0 atm respectively. In PRO experiments 0.05 M NaCl 

solution and the DI water were used as draw and feed solutions, respectively. The cross 

flow velocity varied from 0.5 LPM to 3.0 LPM for both experiments. 
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Figure 3.5: (a) Plots of flux against the osmotic pressure difference in PRO mode 

experiments at different flow rates (DI water was used as feed), and (b-e) separate plots 

for each flow rate after correction for dilutive ECP in PRO mode experiments for 

experimental (PRO) and theoretical (Equation 2) mass transfer coefficients. 
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Figure 3.6: Comparison of experimental mass transfer coefficient (k) with mass transfer 

coefficient obtained by McCutcheon et al. (kSh1) [71] as a function of permeation flux 

over cross-flow velocity (Jw/v) at different feed flow rates. 

 

 

.  

 

Figure 3.7: Comparison of experimental FO data and predicted fluxes by the model as a 

function of osmotic driving forces. The flow rate of both feed and draw solution was set 

to 2 LPM and the temperature was maintained constant at 23 C. 
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Figure 3.8: Comparing the theoretical results with the experimental data obtained from 

treatment of SAGD produced water treatment over time 
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CHAPTER 4:  ULTRA THIN FILM COMPOSITE POLYAMIDE 

MEMBRANES FOR FORWARD OSMOSIS APPLICATION 

4.1 Introduction 

Forward osmosis (FO) has attracted increasing interest in the past decade as an 

alternative to conventional pressure-driven membrane processes for various applications 

including seawater desalination [4], wastewater treatment [46], food processing [33] and 

generation of clean energy [80,81].  

The mechanism of transport in a FO membrane is based on osmosis process where water 

moves naturally down an osmotic pressure gradient from a low concentration solution, 

known as “feed”, to a high concentration solution which is referred to as “draw”. The 

utilization of semi-permeable membrane between the draw and feed provides pathways 

for water molecules while restricting the passage of solutes from one side of the 

membrane to the other side. Ideally, a FO membrane exhibit high water permeability, 

high solute rejection, low concentration polarization, low fouling propensity and high 

chemical and mechanical stability [33,97,98]. 

The majority of the recent advances in FO process is devoted to membrane materials 

development with the aim of producing high performance FO membranes [99]. 

Commonly used commercial FO membranes are made from asymmetric cellulose 

triacetate (CTA) [97,100,101] which became popular due to their hydrophilic nature and 

relatively low cost [80]. However, the major drawbacks of the CTA membranes are their 

low permselectivity and poor stability at harsh acidic and basic environment [102]. These 

limitation has diverted attention from single layer cellulose based membranes toward thin 

film composite (TFC) polyamide (PA) based membranes for FO process.  
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A typical TFC membrane comprises a top skin layer (~100-300 nm, mostly from PA) 

formed by interfacial polymerization (IP) reaction at the surface of a microporous 

substrate [103]. The support substrate usually consists of a polysulfone (PSF) or 

polyethersulfone (PES) cast over a polyester fabric, typically polyethylene terephthalate 

(PET), by phase inversion technique [104]. The composite structure of the TFC 

membranes provide beneficial flexibility in their design, as both the top active and the 

bottom support layers can be tailored separately to optimize the final performance [80]. 

Although the TFC membranes are very popular in pressure-driven separation processes 

like reverse osmosis (RO) and nanofiltration (NF), their application in FO is at its early 

stage [105].  

The TFC-RO and TFC-NF membranes have typically dense active layer to provide high 

selectivity and a thick support layer to offer mechanical stability when external hydraulic 

pressure is applied. But these membranes exhibit low permeation flux when tested for the 

FO process, as in the absence of hydraulic pressure the dense active layer hinders the 

permeation flux through the membrane [33,97,100]. Additionally, the thick and the dense 

support layer provides a huge resistance against diffusion of draw solute to the back side 

of the active layer, contributing to the phenomenon of internal concentration polarization 

(ICP), thereby adversely affecting the water permeation of the membranes [71]. The ICP 

generally occurs inside the pores of the porous support layer and depends mainly upon 

the thickness, porosity and tortuosity of the support layer rather than the hydrodynamics 

of the flow [71]. Ideally, the support layer should be thin, highly porous with low 

tortuosity [71,82]. Hence, numerous efforts have been made on modification of the TFC 

membranes in terms of physico-chemical characteristics of both active and supports 

layers to be efficiently adapted for the FO process. Much of these efforts were dedicated 

to improve the support layer characteristics by the following strategies: (i) modifying the 

support layer morphology [97,105–109], (ii) increasing the hydrophilicity of the common 

support materials, i.e. PES or PSf, either by blending them with more hydrophilic 

materials such as sulfonated polysulfone (SPSf) [98], polyphenylsulfone (PPSU) [107], 

carboxylated polysulfone (CPSfs) [110] or by coating them with hydrophilic polymers 
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like polydopamine [100] or sodium dodecyl sulfate (SDS) [111], (iii) using alternative 

hydrophilic support materials like polyketone [112], sulfonated poly(ether ketone) 

(SPEK) [113], cellulose acetate propionate [114], cellulose acetate [115], sulfonated 

polyphenylenesulfone (sPPSU) [116], polyacrylonitrile (PAN) [117], (iv) incorporating 

nanoparticles like TiO2 into the polymer matrix [118] and (v) using highly porous 

electrospun nanofibers matrix as support [119–122]  

However, a few studies have investigated the modification of the active layer via tuning 

the synthesis reaction parameters [117,123] or incorporating nanoparticles into the active 

layer of the TFC membrane [124–127].  

The present work demonstrates fabrication of high throughput TFC membranes for the 

FO process by synthesizing ultra-thin PA film over PES microporous support. The PA 

film is prepared via IP reaction between m-Phenylenediamine (MPD) and trimesoyl 

chloride (TMC) at the surface of polyethersulfone (PES) substrate. The innovative 

adjustment was made by reducing the temperature of the TMC-heptane solution 

sufficiently below room temperature. Three TFC membranes were prepared at 25°C, 1°C 

and -20°C of TMC-heptane solution. The surface physico-chemical and morphological 

characteristics of the synthesized TFC membranes were characterized using field 

emission scanning electron microscopy (FESEM), transmission electron microscopy 

(TEM), and attenuated total reflection-Fourier transform infrared (ATR-FTIR) 

spectroscopy, X-ray photoelectron spectroscopy (XPS), atomic force microscopy (AFM), 

and contact angle measurements. Additionally, the permeation performance and 

structural properties of the lab-made TFC membranes were evaluated by both RO and FO 

tests and compared with commercially available TFC-FO membrane (HTI-TFC). Finally, 

the separation performance of the synthesized TFC membranes was evaluated for 

treatment of real waste water (steam assisted gravity drainage (SAGD) produced water).  
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4.2 Materials and Methods 

4.2.1 Chemicals and reagents 

Microporous polyethersulfone (PES, 0.2 μm) membrane was provided by Sterlitech Co. 

(WA, USA) and used as the support in TFC membranes. m-Phenylenediamine (MPD, 

≥99%), trimesoyl chloride (TMC, 98%) and camphorsulfonic acid (CSA) were obtained 

from Sigma-Aldrich. Heptane (≥99%), triethylamine (TEA) and sodium dodecyl sulfate 

(SDS) were purchased from Fisher Scientific. All materials were used as they were 

received from suppliers. Commercial PA thin film composite (TFC) FO membrane with 

embedded polyester fabric support was acquired from Hydration Technology Innovation 

(HTI, Albany, OR). The industrial wastewater used for measuring the membranes 

permeation performance and fouling characteristics was produced water provided from a 

SAGD water treatment plant located in the Athabasca oil sands region of Alberta, 

Canada. This produced water is the inlet water to steam generator, called boiler feed 

water (BFW) in water treatment facilities. The pH of this water, as received was 10, and 

was not adjusted during the filtration experiments. Table 2.1 summarizes the properties of 

the BFW used in the present work. 

4.2.2 Synthesis of Thin Film Composite (TFC) FO membranes  

The thin film composite membranes were prepared via IP reaction between MPD and 

TMC at the surface of the PES support. The PES substrate was first immersed in 2 wt% 

MPD-water solution with 2 wt% CSA, 1 wt% TEA and 0.2 wt% SDS for 10 minutes. 

TEA was used as an acylation catalyst to promote the polymerization reaction by 

removing HCl which is formed as a reaction by-product. CSA and SDS are used to 

enhance the wettability and absorption of MPD solution into the PES support [128]. The 

substrate was then removed and excess amine solution was squeezed off the surface using 

a rubber roller. Next, the impregnated PES sheet was brought into contact with 0.2 wt% 

TMC-heptane solution to allow a polymerization reaction for 30 s. The temperature of the 

TMC-heptane solution was adjusted to -20°C, 1°C and 25°C using isotemperature water 
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bath (Isotemp 3013, Fisher Scientific) and freezer (Fisher Scientific, Isotemp™ freezer). 

The resultant composite membranes were then thermally cured in digital oven for 5 

minutes at 70°C. Finally, the residual solution from the surface was washed away using 

250 ml deionized (DI) water. The synthesized TFC membranes were then kept in the DI 

water bath until characterization tests were performed. 

4.2.3  Characterization of PA membranes 

The surface morphology of TFC membranes was observed using FESEM (JEOL 6301F). 

The TFC membranes were sputter coated with a thin film of chromium and imaged at a 

magnification of 30,000X. The cross-sectional images of the TFC membranes were 

examined using TEM (Philips/FEI Morgagni 268, Netherlands) at acceleration voltage of 

80 kV. The samples were prepared by first staining in uranyl acetate and lead citrate, then 

embedding in spurr’s resin, and finally sectioning using ultramicrotome (Reichert-Jung 

Ultracut E, USA). ATR-FTIR (Thermo Nicolet Nexus 670, USA) spectroscopy was used 

to study the functional groups present at surface of TFC membranes. The FTIR spectra of 

the samples were averaged from 512 scans and were taken over the range of 600–4000 

cm
−1

 at 4 cm
−1

 resolution. The elemental composition (C, O, N) of the top 5-10 nm of the 

PA skin layer was analyzed using an XPS (Kratos AXIS ULTRA, UK) equipped with a 

monochromatic Al Kα X-ray source. Survey spectra were collected at constant pass 

energy of 160 eV, with a scan step size of 0.4 eV, and sweep time of 100 s in the range of 

0–1100 eV. High resolution spectra for carbon (C 1s) was collected with pass energy of 

20 eV, step size of 0.1 eV, and sweep time of 200 s. The surface topography of the TFC 

membranes was studied using AFM (Bruker Dimension Icon, USA). An area of 5 μm × 5 

μm of the TFC membranes was scanned three times using tapping mode at scan rate of 

1.0 Hz. The AFM data was analyzed using Nanoscope analysis software V.1.40. Analysis 

of the samples for the presence of organic matter was done using a combustion type total 

organic carbon (TOC) analyzer (Shimadzu, model TOC-V; detection range 3–25,000 

mg/L). The concentration of inorganic elements such as silica, Ca
+2

, Mg
+2

 was measured 
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using inductively coupled plasma-optical emission spectroscopy (ICP-OES) instrument 

(Agilent 735 ICP-OES). 

4.2.4  Performance in RO mode 

The pure water permeability and salt rejection of the TFC membranes were measured 

using reverse osmosis (RO) setup following standard protocol as mentioned by Cath et al. 

[129]. The test was performed at room temperature (23°C) and at a cross flow velocity of 

0.25 m/s. The pure water permeability was measured using DI water as the feed solution 

at various trans-membrane pressures of 5.1 atm (75 psi), 6.8 atm (100 psi) and 8.5 atm 

(125 psi). The flux was allowed to stabilize at each pressure and then the corresponding 

flux value was plotted against pressure to obtain a linear plot. The slope of the plot gave 

the pure water permeability of the membrane. 

The apparent salt rejection (Rj) was calculated using the following equation:  

1001
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


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



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c

c
R j  (4.1) 

where pc  and Fc  are the concentration of salt in permeate and feed, respectively, which 

are obtained based on calibration curve of the solution conductivity. Sampling was 

carried out after 3 h filtration of 2000 mg/L NaCl under an applied pressure of 8.5 atm at 

25°C. 

4.2.5 Performance in FO mode  

The permeation performance of the lab-made and commercial TFC membranes was 

evaluated using a cross-flow FO setup. The schematic view of the FO setup is shown in 

Fig. 2.2. The membrane cell was designed with channels on both sides of the membrane. 

The length, width and height of both channels are 145 mm, 96 mm, and 2 mm, 

respectively, providing an effective filtration area of 140 cm
2
. Thin plastic mesh spacers 

were used on both side of the membrane to first provide mechanical support to the 

membrane and second induce better mixing in the channel to reduce ECP. Pure water 
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permeability was measured using salt water with different concentration (ranging from 

0.25 M to 3 M) as draw solution and DI water as feed solution.  

The water flux through the membrane was calculated by measuring the change in the 

weight of the draw solution ( Dm ) passed through the effective surface area (A) of the 

membrane over the specific time period of experiment ( Δt ): 

tAρ

m
J

D

D



Δ

w  (4.2) 

where D is the mass density of the draw solution. 

The separation performance of the TFC membranes was also evaluated using industrial 

contaminated water. The test was carried out with 0.5 M NaCl salt water as the draw 

solution and boiler feed water (BFW) as the feed solution. All the experiments were 

conducted for a period of 6 hours at room temperature (21± 2°C). The volumes of initial 

draw and feed solutions were 2 L. and 2.5 L, respectively. Variable speed gear pumps 

were used to maintain the speed of both solutions at 2.5 LPM (0.22 m/s cross flow 

velocity). The change in weight of the draw solution and the conductivity of the feed and 

draw solutions were monitored throughout the experiment. After the experiment, samples 

of feed and draw solutions were collected and kept in dark at room temperature until they 

were characterized for TOC analysis.  

Membrane structural parameter 

The structural parameter (S) is one of the most important properties of a FO membrane 

which is a measure to evaluate the vulnerability of the membrane to internal 

concentration polarization (ICP). The structural parameter is basically a property of the 

support layer and depends on the membrane porosity (ε), tortuosity (τ) and thickness (t) 

(


tS  ). The structural parameter can be obtained using the following equation: 
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where D is the salt (NaCl) diffusion coefficient (D = 1.33×10
-9 

m/s at 20˚C [71]), D  is 

the osmotic pressure of the bulk draw solution and mF,  is osmotic pressure at the surface 

of membrane in the feed solutions, respectively. For high salt rejecting membranes, B is 

typically assumed to be zero [36]. 

The structural parameter of the synthesized TFC membranes and the commercial TFC 

membrane was evaluated using the 1 M NaCl solution and DI water as draw and feed 

solution, respectively. The cross-flow velocity of both draw and feed flows was 

maintained at 0.22 m/s. Using DI water as feed and considering 100% salt rejection, 

Equation. (4.3) can be simplified to:  
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4.3  Results and Discussion 

4.3.1 Scanning electron microscopy 

Fig. 4.1 shows the surface and cross-sectional images of the synthesized composite 

membranes using the PES microporous support along with the commercial TFC-FO 

membrane. The PES substrate has a smooth surface with micropores in the range of 50-

1000 nm. According to its cross-sectional image, the support has sponge-type structure 

with a thickness of about 140 μm. The surface morphologies of front and back sides of 

the HTI TFC membrane are presented in Fig. 4.1(b) and 4.1(c), respectively. The active 

surface of TFC-com membrane has the typical morphology of the polyamide-based 

membranes which is known as “ridges and valleys” structure. This PA skin layer is 

formed on a woven polyester mesh embedded in polysulfone (PSf) support as illustrated 

in Figure Fig. 4.1(c).  

Fig. 4.1(d-f) presents the surface morphologies of the lab-made TFC membranes 

prepared at different temperatures of the TMC-heptane solution. The noticeable 
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difference in these figures is the structure of the PA skin layer which is formed during the 

polymerization reaction. The surface of the TFC1 membrane which was prepared at 25°C 

has flexuous ridges and valleys similar to the active surface of TFC-Com. The TEM 

image of this membrane also shows the homogeneous formation of PA film at the PES 

surface. However, by decreasing the temperature of the organic solution, the size of the 

surface features noticeably scaled down to very small protuberances in the order of 100 

nm. This can be observed in the FESEM images of the TFC2 and TFC3 membranes 

which were prepared at +1°C and -20°C, respectively.  

It is worth noting that the holes of the support layer are still visible in the surface image 

of TFC2 and TFC3 membranes due to the fact that an ultrathin layer of PA film was 

formed at the surface. However, by taking a closer look at the TEM images of these 

membranes, it can be seen that the support holes are internally closed by the PA layer 

otherwise the rejection percentage would fall down drastically. The marked reduction in 

the thickness of the PA active layer of TFC2 and TFC3 membranes is the main reason of 

high permeation performance of these membranes which will be discussed in the 

following sections.  

4.3.2 FTIR analysis 

Fig. 4.2 presents the FTIR spectra of PES support, the lab-made and the commercial TFC 

membranes. The FTIR spectrum identifies the peaks attributed to both the substrate and 

the skin layer of the TFC membranes due to high depth of penetration of IR beam at the 

wavenumbers of 1300-1800 cm
-1

. The peaks at 1486 and 1578 cm
-1

 belong to the ring 

modes of the PES support in TFC membranes while the peaks at 1488 and 1586 cm
-1

 

originates from the PSf support of the TFC-Com membrane [130]. Two weak bands at 

1385 and 1365 cm
-1 

are due to methyl groups that are present exclusively in the spectrum 

of polysulfone [131]. Furthermore, the active layer of all TFC membranes exhibited the 

characteristics peaks PA at 1545 cm
-1

 (Amide II, C-N stretching), 1610 cm
-1 

(aromatic 

ring) and 1655 cm
-1 

 (Amide I, C=O stretching) [132–134]. 
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4.3.3 XPS analysis 

Fig.4.3 presents the survey and high resolution C (1s) XPS spectra for TFC3 and TFC-

Com membranes along with the chemical structure of a typical PA synthesized by IP 

reaction. XPS analysis provides information about the elements and the chemical bonding 

present at the top 1-5 nm of the PA layer. The XPS survey spectra of both commercial 

and self-synthesized membranes show presence of only three elements including oxygen 

(O 1s), nitrogen (N 1s) and carbon (C 1s) at the membrane surface. The absence of sulfur 

peak which is the main peak of the sulfone polymers typically used as support (e.g. PES 

and PSf) suggests that our synthesized membrane is defect free and the PA layer is 

integrally skinned on the support. 

Deconvolution of C (1s) high resolution XPS spectra provided valuable information 

about the difference in chemical bonding of PA layer between our synthesized and the 

commercial membrane. The C (1s) high resolution spectra for our synthesized membrane 

(Fig. 4.3(b)) showed presence of three peaks, (i) a major peak at 285 eV assigned to a 

carbon atom without adjacent electron withdrawing atoms (C−C and C−H), (ii) an 

intermediate peak at 286.5 eV associated with carbon in weak electron withdrawing 

atoms (C−N), and (iii) a minor peak at 288.5 eV related to carbons attached to strong 

electron withdrawing atoms (carboxylic OC−O and amides OC−N) [135]. There are 

two distinct changes in the high resolution C (1s) spectrum of commercial membrane as 

compared to our synthesized membrane (Fig. 4.3(a)). First the main peak skewed to the 

left which demonstrates presence of more hydroxyl groups (OH) on the surface. The 

commercial membranes used in the present work were soaked in glycerin (having three 

OH groups) which indicates surface modification of these membranes with polyols (sugar 

alcohol) to increase hydrophilicity, thereby increasing the water flux through the 

membranes. Second the peak related to carboxylic acid (OC−O) is detached from 

amides (OC−N) which shows less cross-link density of the commercial TFC membrane. 

Fig. 4.3(c) illustrates that high linearity of the PA polymer chain increases the number of 

carboxylic functional groups. The contact angle value of lab-made and commercial 
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membranes is presented in Table 4.1. According to this table, the contact angle value of 

lab-made membranes decreased in the order of TFC1 to TFC3 implying that the surface 

wettability of the TFC membrane increased when the membrane was made with lower 

temperature of organic solution. Additionally, the very low contact angle (24 ±1.3°) of 

the commercial TFC membrane can be attributed to the hydrophilic coating layer at its 

surface.  

4.3.4 AFM Images  

The surface topography of the synthesized TFC membranes along with the commercial 

one is illustrated in Fig. 4.4. The ridge and valley structure observed in 2D AFM images 

of the TFC membranes are similar to that in FESEM images as presented in Fig.4.2. The 

values of average (Ra) and root mean squared (Rrms) roughness of the TFC membranes 

are presented in Table 4.1. According to this table, the average roughness of all TFC 

membranes is comparable and is in the range of 50-55 nm. The size of the PA ridges and 

valleys at the surface of the lab made membranes decreases from TFC2 to TFC3. This 

confirms that applying lower temperatures resulted in active layer with slightly lower 

surface roughness 

Table 4.1: Surface roughness and surface wettability of the composite membranes 

Membrane 
Surface Roughness (nm) 

Contact Angle (°) 
Ra Rrms 

TFC1 53.0±1.6 66.3±2.4 81.2±1.6 

TFC2 51.2±2.3 68.0±3.8 56.9±1.1 

TFC3 49.5±2.1 65.1±2.2 53.3±1.2 

TFC-Com 44.32±1.8 54.7±2.3 24±1.3 

4.3.5 Separation performance 

Fig. 4.5 compares the FO performance of the lab-made and commercial composite 

membranes. The permeation performance was evaluated over a range of osmotic driving 

force created by increasing the salt concentration in draw solution. According to this 
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figure, the water permeability of all TFC membranes increased with increase in the 

osmotic pressure difference between the draw and feed solutions. The rate of FO flux 

enhancement was high at lower values of osmotic driving forces, but it declined at higher 

osmotic pressure difference due to the more significant ICP phenomena in the support 

layer.  

The comparison between the FO performance of synthesized and commercial TFC 

membranes revealed that all the lab-made composite membranes showed higher water 

permeability ( wJ ) than the commercial membrane. The TFC3 membrane which was 

prepared at lowest organic solution temperature (-20 °C) showed the highest permeability 

of 39.5 LMH at osmotic pressure of 179 bar. This result again confirms that the synthesis 

of TFC membrane at lower temperature of organic solution decreased the resistance of 

the membrane toward water passage by formation of a thinner PA active layer. 

The intrinsic separation properties of the FO composite membranes, tested in a cross-

flow RO filtration cell, are presented in Table 4.2. According to this table, the TFC3 

membrane exhibited the highest pure water permeability (A) among all other membranes. 

The water permeability of this membrane is two folds higher than that of the TFC-Com 

(5.78 LMH/atm) compared to 2.479 LMH/atm) with comparable salt rejection percentage 

(93.4% for TFC3 and 95% for TFC-Com). Although the values of pure water 

permeability of TFC2 and TFC1 membranes were lower than the TFC com, but still they 

performed better in FO experiments (see Fig. 4.5) which can be attributed to their 

significantly lower structural parameter than the commercial TFC membrane.  

Since the lab-made TFC membranes were fabricated using the same support material so 

they processed a similar value of the structural parameter (S from 436-460 μm). In 

general, a lower value of S is desirable for a membrane to counter the negative impact of 

ICP. With a low value of structural parameter and an ultra-thin active layer, the TFC3 

yielded highest water flux whereas the flux for other lab-made membranes was 

compromised by the increased thickness of the active layer. It must be noted that 
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reduction of the active layer thickness in TFC3 is accompanied with slight sacrifice in 

rejection percentage of the membranes (from 97.5% in TFC2 to 93.4% in TFC3). 

Table 4.2: Intrinsic properties of commercial and lab-made TFC membranes 

Membrane 
Water permeability 

A (LMH/atm ) 

Salt rejection 

R (%) 

Structural parameter 

S (μm) 

TFC1 0.66 97.8 460 

TFC2 1.8 97.5 458 

TFC3 5.78 93.4 436 

TFC-Com 2.48 95.0 1770 

 

From the FESEM images of the TFC-Com FO membrane shown in Fig. 4.1(c), it is 

noticed that a polyester woven fabric is used as the bottom layer to provide extra 

mechanical support to the membrane. The use of this woven fabric may be the reason for 

the high structural parameter of the TFC-Com membrane. The polyester fabric adds an 

extra resistance against mass transfer by increasing the solute resistivity for diffusion 

inside the porous support. In contrast, the lab-made TFC membrane showed higher pure 

water permeability owing to the presence of a thinner active layer in the one hand and 

lower ICP due to a lower structural parameter in comparison to the commercial FO 

membranes on the other hand.  

4.3.6 FO separation performance with SAGD water 

The permeation performance of the commercial and the synthesized composite 

membranes during filtration of an industrial contaminated water (BFW) is shown in Fig. 

4.6. According to this figure, the lab-made TFC membranes exhibited higher water flux 

than the commercial membrane under similar test conditions. The initial flux for TFC3 

and TFC2 was around 3 and 2 times higher than the HTI membranes, respectively. 

Additionally, the water flux of TFC3 membrane declined rapidly as the filtration time 

passes. This is mainly due to the fact that the high permeation rate of water through the 

membrane quickly dilutes the draw solution and at the same time concentrates the feed 

solution which results in a significant reduction in the driving osmotic pressure. In 
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contrast, for the case where the permeate flux was comparatively low, there was not 

significant change in the driving force leading to a very slow decline in the water flux 

with time.  

The separation performance of TFC membranes was evaluated by measuring the amount 

of TOC and concentration of silica and divalent ions (calcium and magnesium) in the 

feed solution. The samples of feed solution were collected before and after each 

experiment and the rejection percentage of TOC, silica and divalent ions were calculated 

by establishing a mass balance between the concentration of these components in the 

final and initial feed solution. All the membranes had a rejection percentage of greater 

than 99% toward the removal of organic matters, silica and divalent ions.   

4.4 Conclusion 

In the present work, high performance TFC membranes were developed for FO operation 

by adjusting the thickness of the PA selective layer created via IP reaction over a 

microporous support by reducing the temperature of organic solution down to -20 °C, an 

ultra-thin layer of PA skin layer was formed at the support surface. It was found that the 

synthesized TFC membranes with tailored thickness exhibit higher permeation 

performance compared to the unmodified and commercial TFC-FO membranes. The 

results obtained in this study demonstrate the significant role of the active layer 

properties (thickness and morphology) on performance of a FO membrane. The 

microporous support used in this work had a thickness of about 140 m with structural 

parameter of (451±13.1 μm). For further improvement, the support layer can be modified 

either in terms of structure or material to provide lower structural parameter and 

minimize the negative impact of the ICP, thus maximize the permeation flux.  

 

 

 

 



78 

 

 

 

 

 

 

 

 

 

Figure 4.1: FESEM and TEM images of a) PES microporous support; b) active-side of 

TFC-Com; c) support-side of TFC-Com; d) TFC1 (prepared at 25 °C); e) TFC2 (prepared 

at 1 °C); f) TFC3 (Prepared at -20 °C)  

 

 

 

 

 

 

 

 

 

 

 

 



79 

 

 

 

 

 

 

 

Figure 4.2: FTIR Spectra of the PES support, lab-made and commercial TFC membranes 
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Figure 4.3: XPS survey and high resolution C 1s for a) TFC-Com and b) TFC3 

membranes along with (c) chemical structure of a typical PA synthesized by IP reaction; 

m and n are the cross-linked and linear part, respectively. 
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Figure 4.4: Surface topography of a) TFC-Com; b) TFC1; c) TFC2; d) TFC3 membranes 

 

 

 

 

Figure 4.5: FO performance of lab-made and commercial TFC FO membranes at 

different osmotic pressure difference between draw and feed solutions. Test conditions: 

draw solution: 0.25, 0.5, 1, 1.5, 2 and 3 M NaCl solutions; Feed solution: DI water; Cross 

flow velocity: 0.22 m/s for feed and draw solution 
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Figure 4.6: Flux performance of lab-made and commercial TFC membranes. Test 

conditions: Feed solution: BFW water; Draw solution: 0.5 M NaCl; Cross-flow velocity: 

0.22 m/s. 
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CHAPTER 5:  CONCLUSION AND FUTURE WORKS 

5.1 Conclusion 

This thesis is built on the experimental and theoretical studies conducted on the FO 

process for the treatment of produced water obtained from SAGD operation. The study 

was conducted in three stages keeping in mind the main objective, which included the 

feasibility test and optimization of a FO process for treatment of produced water, getting 

a better understanding of the FO process through modeling and fabrication of high 

performance TFC membranes. All these studies can be considered as a small contribution 

in the current application areas of the FO technology. 

In the first part of the thesis, the FO process was applied for the first time for the 

treatment of BFW obtained from SAGD operation. The effect of important parameters 

such as feed water temperature, draw and feed flow rates, draw solution concentration 

(NaCl solution) and pH of the feed water (produced water) on the water flux as well as on 

the unwanted diffusion of DOM towards the draw solution were studied. As no 

interaction between parameters was expected, a fully saturated L16 Taguchi design was 

used to investigate the effect of these five parameters at four levels. Feed water 

temperature and draw solution concentrations were found to have a very high influence 

on the water flux. Confirmation runs revealed that increasing the temperature from 25˚C 

to 50˚C with other conditions remaining constant, increased the flux by more than twice 

for 1 M NaCl as draw solution (i.e. from 6.7 to 15.9 LMH). This was attributed to an 

increase in the water permeability of the membrane at elevated temperatures. Increasing 

the draw solution concentration also increased the water flux due to an increased driving 

force. Increase in the feed and draw flow rates led to a moderate increase in the water 
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flux by minimizing the effects of external concentration polarization. It was observed that 

the change in pH didn’t have any significant effect on water flux. The effectiveness of a 

FO process to separate the organic compounds from the BFW was also tested by 

analyzing the samples of draw solution after each experiment. It was found that the 

rejection of TOC was in the range of 85% to 96%.  For optimal performance of the FO 

process high feed water temperatures, high draw solution concentration and high feed and 

draw flow rates with the raw water pH (10.5) are required. This study showed that FO 

process is feasible for treatment SAGD produced water.  

In the second part of the thesis, two experimental techniques were suggested to evaluate 

the value of mass transfer coefficient in a FO process: (1) PRO technique and (2) RO 

experiment. Previous models used the values of mass transfer coefficient obtained from 

Sherwood number correlations which were adapted for the UF membrane processes. 

However, the topology of the membrane and the mechanism of water transport in a FO 

process are quite different from that of a UF process. Hence the mass transfer coefficient 

was found experimentally from the above two methods and it was noticed that these 

values of mass transfer coefficient were of an order of magnitude less than the one 

obtained from the theoretical expressions. The ECP correction to the plot of flux versus 

the driving force for PRO experiments using the experimental values of mass transfer 

coefficient resulted in linear plots, the slope of which corresponded to the value of pure 

water permeability obtained from the RO tests, justifying our hypothesis that the 

theoretical expression Sherwood number can leads to incorrect values of mass transfer 

coefficient. With an increase in the mass transfer coefficient, the water flux should 

increase. This was observed when our experimental mass transfer coefficients were 

plugged in the model, while applying the literature values led to insensitivity of flux to a 

change in flow rates. Next this model with revised values of mass transfer coefficient was 

applied to predict the performance of FO when an in-situ oil sands produced water was 

used as feed solution. Generally, modeling is done for the FO processes in which the feed 

was a NaCl solution. But in practical situations the feed solution is a mixture of dissolved 

solids and organic matter which may also cause fouling, thereby reducing the flux. In the 
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present study the applicability of the model was tested when feed solution was actual 

industrial wastewater. It was found that the values predicted by the model were in good 

agreement with the experimental value and hence this model can be applied for the feed 

streams which are less harsh in nature with moderate level of TDS. 

Showing the feasibility of FO to treat SAGD produced water and gaining a better 

understanding of the FO process, we fabricated our self-synthesized TFC membranes 

which could achieve higher flux than commercial membranes without compromising the 

rejection. Most of the studies in the literature focused on improving the support layer 

characteristic, i.e. the structural parameters to enhance the flux through the membrane. 

But much less attention has been paid to improve the active layer characteristics of a 

membrane. In this work, the importance of the thickness of the active layer was 

highlighted by making three films (named as TFC1, TFC2 and TFC3), with varying 

thickness of the active layer by simply controlling the temperature of the organic 

solution. Membranes with ultra-thin active layer was formed when the temperature of 

organic solution was -20˚C, having pure water permeability (A) of 5.78 LMH/atm and 

rejection of 93.4% (for TFC3), whereas the films formed using organic solution 

temperature at 25˚C possessed lowest water permeability of 0.66 LMH/atm owing to a 

thick active layer (TFC1). The performance of all the three membranes was then 

compared to the commercial TFC membrane obtained from HTI. Although the pure 

water permeability of the commercial membrane (2.47 LMH/atm), measured by RO test, 

was higher than our synthesized membranes i.e. TFC2 and TFC1 (A =1.78 and 0.66 

LMH/atm for TFC2 and TFC1, respectively) however it gave lower water flux in FO 

experiment. This was due to a high value of structural parameter of commercial 

membrane, which caused severe ICP inside the porous support layer of the membrane 

hindering the flux through the membrane. The performance of all membranes was then 

tested when SAGD produced water was used as the feed solution. All the home made 

membranes had superior performance for water flux than the commercial membrane, 

with TFC3 achieving the highest water flux (about three times more than the commercial 

membrane). The rejection of TOC, silica and divalent ions for all the membranes was 
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more than 99%. Hence, the superiority of the home made TFC membrane both in term of 

water flux and high rejection was shown through this study. 

5.2 Possible Future Directions 

FO is still a burgeoning technology with significant improvements to be made for it to 

compete with other well established filtration processes. So here we highlight few 

recommendations and suggestions which can be carried out in the near future. 

i. One of the most important aspects for the future advancement of FO is the design of 

suitable membranes which can achieve high flux while maintaining high rejection. 

The performance of the current commercial membranes is hindered due to the 

phenomena of ICP as explained in Chapter 4. High performance TFC films with 

ultra thin active layer were fabricated in this study. The performance of these 

membranes can further be improved by optimizing the support layer thickness of this 

membrane. Commercially available PES support which has a thickness of 140 μm 

was used as the support for these membranes. This thickness is still high as per 

supporting layer of a FO membrane. Reducing the thickness of the support layer will 

decrease the value of structural parameter diminishing the ICP effects inside the 

porous layer and improving the flux significantly. Another improvement which can 

be made to enhance flux through the membrane is increasing the hydrophilicity of 

the PES support. PES is known to be moderately hydrophobic [136,137] so blending 

certain additives such as polyethylene glycol (PEG) or polyvinyl pyrrolidinone 

(PVP) will increase the hydrophilicity of support facilitating water transport through 

the membrane [104].  

ii. Following the successful application of FO in treatment of BFW, the next step can 

be using BBD as the feed solution. BBD is five times harsher than the BFW in terms 

of the amount of dissolved contaminants it has. This harsh quality of water cannot be 

treated with RO or NF process due to high propensity of membrane being fouled in 

these processes. But as it is well known that FO is less prone to fouling, as there is 
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no applied pressure acting on the membrane [77], so the possibility of membrane 

chocking with the deposition of contaminants is reduced to a great extent. Hence 

much harsher water with high amount TDS can be treated by a FO process.  

iii. For the theoretical modeling of the FO, more investigations need to be made in 

finding appropriate methods to find the values of K. And as we have shown that the 

value of K depends on the values of mass transfer coefficient, so proper attention is 

needed to be devoted to find relations for mass transfer coefficient which would be 

applicable for an FO process. Better insight in the modeling process can be gained 

by using track-etched membranes, which have well defined straight cylindrical pores 

and hence the structural parameter of the membrane can be estimated. And once the 

structural parameter is known, the dependency of other parameters on the flow rates, 

draw solution concentration can be studied.  

iv. The efficiency of a FO operation is highly dependent on the type of draw solution 

used. Ideally, a draw solution should be able to generate high osmotic pressure to 

achieve high water fluxes, it should be non-toxic and cheap [138]. But the most 

important criteria which need to be considered while making selection of a draw 

solutes is its recovery from the solution after a FO operation. The recovery of 

product water from the draw solution is the heart of a FO process and still a lot of 

research efforts are required to find a draw solution which can be regenerated by 

consuming minimum energy. One of the most popular draw solutions till date is the 

thermolytic draw solution of ammonium bicarbonate. The popularity of ammonium 

bicarbonate draw solution lies in the fact that it is highly soluble in water creating 

high osmotic force and when it is heated to around 60˚C the draw solutes decompose 

into ammonia and carbon dioxide gas. So with NH3/CO2 FO setup in operation, a 

portion of the diluted draw solution can be taken to  stripping column where a 

temperature of around 60˚C can be used to decompose ammonium bicarbonate to 

NH3 and CO2 gas separating the draw solutes from the product water [37]. These 

gases can be condensed again to form ammonium bicarbonate when dissolved in 
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water at normal temperature to regenerate the draw solution. And for industrial 

application of this system, waste heat can be used to drive the thermal separation 

processes and the heat requirement of this hybrid system will be much less than that 

of the thermal separation processes because the heat supplied in FO will be used to 

vaporize the solutes from the solvent rather than vaporizing the solvent (water) to 

separate it from solutes [2,47].  

And also, most of the FO applications and membrane characterizations in literature 

are based on using NaCl as the draw solution. So researchers need to focus on 

designing membranes and optimizing FO processes based on ammonium 

bicarbonate as a draw solution.  
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