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Abstract

Increasing environmental concerns, global warming, and greenhouse gas emissions due to fossil
fuel use point to an urgent need for clean renewable energy sources that can replace petroleum-
derived fuels. Lignocellulosic biomass, a renewable resource, can be converted to bio-oil by fast
pyrolysis and further upgraded to renewable diesel through hydroprocessing. Because biomass
behaves as if it is carbon neutral, its use does not increase atmospheric greenhouse gases. To
conduct fast pyrolysis experiments to produce bio-oil, a stainless steel fluidized bed was fabricated
with an internal diameter and height of 10 and 120 cm, respectively. Bio-oil produced through fast
pyrolysis cannot replace conventional petro-diesel, however, because it is highly unstable, polar,
has a high oxygen content, and is immiscible with hydrocarbon. Therefore, upgrading is necessary
as it removes oxygen-containing compounds from bio-oil through the hydrodeoxygenation
reaction using hydroprocessing technology. The ultimate product from this process is
hydrogenation-derived renewable diesel (HDRD), also known as renewable diesel or green diesel.
Renewable diesel is closer in composition to petroleum diesel, has better chemical stability, and
can have better cold flow properties than biodiesel (which is another renewable fuel). The main
focus of this research is to (1) explore different lignocellulosic biomasses available in Canada, (2)
study the thermochemical properties of the above-mentioned biomass, (3) conduct fast pyrolysis
experiments to produce bio-oil with different process conditions, (4) develop a process model for
a centralized fast pyrolysis and hydroprocessing facility (5) develop a cost model to estimate the
renewable diesel cost, and (6) compare how a centralized pyrolysis plant and a decentralized

pyrolysis plant produce bio-oil. For every feedstock, a process and techno-economic model is
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developed using an Aspen Plus® simulation. The production cost is reported in $ L. Of all the
lignocellulosic biomass, woody biomass performed better than agricultural residues in terms of
renewable diesel production cost and net energy ratio. The outcomes from this research will be
helpful in commercializing and optimizing centralized or decentralized pyrolysis and
hydroprocessing facilities to produce renewable diesel from Canadian biomass feedstock. In

addition, it will help to reduce the emissions and carbon footprint from the oil and gas industry.
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Chapter 1: Introduction

1.1 Background

The world continuously faces new challenges from greenhouse gas (GHG) emissions due to the
use of fossil fuels (mainly, coal, natural gas, and petroleum products) to fulfil our daily energy
requirement. The modern economic sector, that is, industry uses large amounts of energy produced
from conventional energy sources. In 2016, globally the contributions for energy production were
33.3%, 28.1%, 24.1%, 10% and 4.5%, respectively, from petroleum, coal, natural gas, renewable,
and nuclear sources (BP plc, 2017). Generally, coal and natural gas are used to produce electricity
and heating, and petroleum fuels are used in the transportation sector. Fossil fuel use continues to
increase because they are cheap, convenient, reliable, available, stable, and abundant and have an
economic benefit and high calorific value. However, there are adverse effects of fossil fuel use on

the ecosystem. Therefore, there is a pressing need to explore alternatives such as renewable fuels.

From 1970 to 2011, GHG emissions from burning fossil fuels and industrial processes made up
around 78% of global emissions (Environmental Protection Agency, 2014). According to the
Government of Canada, GHG emissions in Canada increased by about 18.5% between 1990 and
2013. GHG emissions from the oil and gas industry, the transportation sector, and the heat and
electricity generation increased by 39%, 49%, and 8%, respectively, from 1990 to 2013
(Environment and Climate Change Canada, 2017). The large increase in the transportation sector
resulted from changes in vehicle type in both passenger and freight transport. In the last few
decades, light duty gasoline trucks (SUVs, vans, pickup trucks) have been used more than cars for
passenger transportation, and semi-trailer truck use for freight transportation has increased

significantly compared to rail, marine transport, because of increased trade between provinces and



countries (Climate Change Connection, 2013). The adverse effects on the environment of

increased GHG emissions are dangerous and risky and need to be addressed urgently.

There are currently three options available to address the environmental problem resulting from
GHG emissions: first is carbon capture and sequestration (CCS); second is the switching® to
renewable alternatives and third is to increase efficiency of energy use. The first option, to
sequester GHG emissions from fossil fuel use, is an emerging, and risky option and requires large
investment for full it to be deployed at commercial scale. Recently, many CCS projects on small-
scale has faced challenges because of the high cost of capturing, liquefying, transporting, and
sequestration of carbon dioxide (Greenpeace International, 2016). To commercialize this

technology and make it sustainable, more research and development are required.

The second option is to use renewable resources to reduce dependence on fossil fuel use and
subsequently reduce GHG emissions. Broadly, renewable resources are solar, wind, hydro,
nuclear, and biomass. All these resources are good candidates to produce heat and electricity.
Biomass is the only renewable alternative among all that can be converted to biofuels (renewable
diesel, biodiesel, bio gasoline, jet fuel, etc.) whose can be used for substitution of the conventional

petroleum products.

The third option includes improvement of energy efficiency of the current energy use. These
categories of options are low hanging fruits and are being implemented in various sectors and at
different scales. Several jurisdictions around the world have programs to encourage consumers
both residential and industrial to improve their energy efficiencies. According to Energy Efficiency
Alberta (2018), existing inefficient equipment can be upgraded through more efficient energy
saving options or adaption of renewable alternative in both industrial and residential scales. Till
date, they are using solar as the renewable resources. But in 2019, other renewable resources such
wind, biomass, geothermal energy can be adopted for the upgrading of inefficient equipment to

same energy and money (Energy Efficiency Alberta, 2018).



In general, conventional petroleum products are chosen in the transportation sector because of their
high energy density and low cost. Diesel is widely accepted for long distance transportation and
gasoline is preferred in passenger vehicles. However, high petro-fuel consumption in the
transportation sector made up 25% of global GHG emissions in 2015 (United Nations, 2018) . To
replace petro-fuels, three alternatives are available: electric vehicles, fuel cells, and biofuels. The
popularity of electric vehicles and fuel cells (batteries) is low compared to biofuels because of the
high energy density of biofuels and the existing infrastructure of the distribution and consumption
system to fulfil supply and demand globally. Neither electric vehicles nor fuel cells are reliable or
economically feasible currently as infrastructure for refilling, and storage stations have not been
developed. The only viable and sustainable alternative to replace petroleum fuels currently is

biomass-derived biofuel.

In several jurisdictions blending renewable fuels with conventional petro-fuels is done to achieve
GHG emissions and this is increasing to further achieve the reduction targets by 2030 set in a
number of these jurisdictions. In Canada, the percentage of blending varies by province, but a
minimum 2% by weight in the conventional gasoline and diesel is required. According to Alberta’s
Renewable Fuels Standard (RFS), commercial fuel producers must blend 5% renewable alcohol
in gasoline and 2% of renewable diesel in diesel before selling to consumers. To meet the RFS
requirement to reduce GHG emissions by at least 25%, it is necessary to replace an equivalent
amount of renewable fuel with conventional petroleum fuels (Alberta Environment and Parks,

2018).

Biodiesel and renewable diesel are two renewable fuels that satisfy the ASTM standard for
petroleum-based diesel fuel (ASTM D975) (Fenwick, 2018), but the production method and
composition of the fuels are different. Biodiesel is produced through transesterification, a process
in which vegetable oil reacts with alcohol such as methanol or ethanol in the presence of a catalyst
to produce biodiesel; glycerol is the by-product. Biodiesel is composed primarily of monoalkyl

esters of long-chain fatty acids. Renewable diesel, also known as “green diesel” and “second
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generation biodiesel,” is produced from the fast pyrolysis and catalytic hydroprocessing of
lignocellulosic biomass. Renewable diesel is composed of hydrocarbons (paraffin, alkanes,
aromatics, etc.), similar to petro-diesel (Neste, 2016). In fast pyrolysis, lignocellulosic biomass is
converted to bio-oil, biochar, and non-condensable gases in a pyrolyzer. The operating conditions
in the pyrolyzer are a temperature of 400-600°C, atmospheric pressure, a very high heating rate at
around 2s, and the absence of oxygen. Following pyrolysis, the bio-oil, the intermediate for
renewable diesel, is processed in a two-stage hydrotreater, then in a butanizer and a hydrocracker
to produce renewable diesel with some gasoline. The hydrotreater and hydrocracker are maintained
at high temperature and pressure conditions in the presence of hydrogen and heterogeneous

catalysts. Further details on the renewable diesel production is discussed in subsequent chapters.

Because of the significant differences in composition and production technology, the fuel
properties of renewable diesel and biodiesel are vastly different. Biodiesel is produced from
vegetable oils from biomass such as canola, can be used in existing diesel engines, is nearly carbon
neutral over the life cycle and good fuel efficiency, is produced and distributed locally, and is
biodegradable and nontoxic (Hassan & Kalam, 2013). But it has a big drawback related to cold
flow properties that cannot be ignored in countries like Canada. Because of its higher cloud and
pour points, biodiesel forms a gel at low temperatures. Biodiesel has other disadvantages: it is
produced from food-based feedstocks, which leads to increase in food prices and food shortages;
filters clog due to the high viscosity of vegetable oil; it emits more NOx than petro-diesel, etc.
Because renewable diesel is composed of hydrocarbons, it is superior to biodiesel in cold countries.
Although renewable diesel has many good fuel properties, there is no published study on the use
of Canadian lignocellulosic biomass (e.g. forest biomass or agricultural biomass such as straw or
corn stover) to produce renewable diesel or a techno-economic assessment of such production

through fast pyrolysis and hydroprocessing technology.

In Canada, there are 347 million hectares of forest, an estimated 9% of the world’s forests (Natural
Resources Canada, 2017). With proper harvesting practices and land use planning, these forests

can be used as a resource for biofuels. In Western Canada, moreover, more than 27 million tonnes



of agricultural residue are available, after the removal of the straw used for soil conservation and
livestock feeding and bedding (Sokhansanj et al., 2006). These lignocellulosic feedstocks are good

candidates for the production of renewable diesel.

In this study, four lignocellulosic feedstocks (aspen, spruce, corn stover, and wheat straw) were
considered to produce renewable diesel through fast pyrolysis and hydroprocessing technology.
Miller and Kumar (2014) conducted a techno-economic assessment of renewable diesel production
from Canadian seed-based feedstocks (canola and camelina) Several techno-economic assessment
studies have been done on the production of renewable fuels and electricity (Brown et al., 2013;
Jones et al., 2013; Shemfe et al., 2015; Wright et al., 2010; Zhang et al., 2013). However, in the
literature, there is no evidence of the technical and economic feasibility of renewable diesel
production from the four Canadian lignocellulosic feedstocks and in Canadian conditions are listed
above through fast pyrolysis and hydroprocessing technology. In general, bio-oil, as an
intermediate for renewable diesel, can be produced through a centralized fast pyrolysis system or
distributed pyrolysis system.. This work sets out to understand the thermal and pyrolysis kinetics
of different lignocellulosic Canadian biomass feedstocks and simulates the production of
renewable diesel through fast pyrolysis and hydroprocessing technology. The research explores
both the technical and the economic aspects of this process. Finally, this work compares, for the
first time, centralized and decentralized systems in the production of bio-oil. Further details on the
different systems are provided in subsequent chapters. This work aims to understand the technical
and economic aspects of pyrolysis and hydroprocessing technology and to reduce greenhouse gas

emissions for the transportation sector.

1.2 Objectives of this research

The novel contribution of this research is in the area of the renewable transportation fuels from
lignocellulosic biomass feedstocks. The aim of this research is to study the production technology,
scale, and economics in order to help to establish standalone, environmentally friendly, and cost-

competitive biofuels from lignocellulosic biomass. The specific objectives of this research are to:



1.3

Carry out experimental research for a thermogravimetric study to understand the pyrolysis
kinetics and thermochemical properties of four Canadian lignocellulosic biomass (aspen
woodchips, spruce woodchips, wheat straw, and corn stover) for the production of
renewable diesel.

Design and fabricate a lab-scale fluidized bed reactor to produce bio-oil, an intermediate
to renewable diesel, through fast pyrolysis process from woody and agricultural biomass
and characterize the properties of the bio-oil.

Develop a process model to establish the energy and material balance required to produce
renewable diesel through fast pyrolysis and hydroprocessing technology..

Develop and compare detailed data-intensive techno-economic models to estimate the
production cost of renewable fuel from the various lignocellulosic biomass types and
determine both the optimum feedstock and production plant capacity.

Develop supply chain networks for the decentralized mobile pyrolysis plant used to
produce bio-oil for a base case plant capacity of 2000 dry tonnes/day and compare the
results with a centralized plant of the same capacity.

Develop a model to understand the trade-off between bio-oil production cost vs. plant

capacity for the two systems to define the favorable zones for the respective systems.

Scope and limitation

The fast pyrolysis experiments are conducted on a lab-scale fluidized bed reactor
consisting of a vertical tube 10 cm in diameter and 120 cm high.

The four selected Canadian lignocellulosic feedstocks considered are spruce, aspen, corn
stover, and wheat straw.

Two configurations for the allocation of the mobile pyrolysis units are considered.

The cost of renewable diesel from the biomass is estimated for Western Canada. The

results could be used in other jurisdictions by modifying local costs.
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Organization of the thesis

This thesis consists of seven chapters and each chapter, except the introduction and conclusion,

is an independent paper. Most of these have been published and some have been submitted for

publication in peer-reviewed literature. In other words, this thesis is a consolidation of papers and

each chapter is intended to be read independently. As a result, some concepts and data are

repeated.

1.

The first chapter briefly introduces the renewable fuels, technologies, and overall
objectives of this research.

The second chapter reviews in detail the available literature on the technical and economic
feasibility of hydroprocessing technology for upgrading fast pyrolysis oil. The chapter
discusses the catalysts, reaction mechanism, and process conditions of hydroprocessing
technology.

The third chapter investigates the pyrolysis kinetics and thermochemical properties of the
feedstocks using a thermogravimetric analyzer and also predicts biomass conversion in a
fluidized bed using TGA kinetics.

The fourth chapter examines the detailed process and techno-economic model results of
the use of aspen woody biomass to produce renewable diesel. The process model includes
biomass harvesting, biomass transportation, biomass pretreatment, fast pyrolysis, and
hydroprocessing technology.

The fifth chapter examines and compares the experimental and economic feasibility of
renewable diesel production using three biomass feedstocks, spruce woodchips, corn
stover, and wheat straw. For process modeling, two hydrogen production scenarios are
considered, hydrogen production and hydrogen purchase. Finally, the net energy ratio
(NER) is estimated for all the biomass feedstocks.

The sixth chapter investigates the optimization framework for the mobile pyrolysis system
for the production of bio-oil and compares the results with the centralized pyrolysis
system.

Finally, chapter seven summarizes the study and makes recommendations for future work
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Chapter 2: Production of Renewable Diesel through the
Hydroprocessing of Lignocellulosic Biomass-derived Bio-oil: A

Review!

2.1 Introduction

Increasing environmental concerns and the depletion of fossil fuels are the main factors behind the
urgent need for renewable fuels. Canada’s Federal Renewable Fuels Regulations requires that at
least 5% renewable fuel (based on the volume of petroleum based fuel) (Environment Canada).
Biomass is a renewable product that, when processed and upgraded to a transportation fuel, can be

used in place of petroleum-based liquid fuels.

Ethanol, biodiesel, and renewable diesel are the three renewable fuels that satisfy current
regulations and policies of many jurisdictions (Canadian Renewable Fuels Association; United
States Environmental Protection Agency). Ethanol is produced from grains and thus is considered
a first-generation biofuel. Ethanol, produced by the fermentation, is also considered as a clean

biofuel and a gasoline alternate. Extensive research has been done on ethanol production from

IThis chapter is a combination of two published review papers in Renewable & Sustainable Energy Reviews. The first paper is
Patel M, Kumar A. Production of renewable diesel through the hydroprocessing of lignocellulosic biomass-derived bio-oil: A
review, Renewable and Sustainable Energy Reviews, 2016, 97: 151-160. The second is Patel M, Zhang X, Kumar A. Techno-
economic and life cycle assessment of lignocellulosic biomass-based thermochemical conversion technologies: a review,
Renewable and Sustainable Energy Reviews, 2015, 53: 1486-1499.
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biomass over the last two decades (Bothast & Schlicher, 2005; Dias et al., 2011; Goldemberg et
al., 2008; Quintero et al., 2008; Sanchez & Cardona, 2008). A major challenge in the use of first

generation liquid biofuels is that they are also used as food (Environmental Issues).

Biodiesel is produced from the transesterification of vegetable oils produced from grains and has
been proven to be a promising renewable fuel with the potential to reduce GHGs significantly of
(Canadian Renewable Fuels Association). Biodiesel produces less pollution than petro-diesel and
biodegradable; it has no sulfur, which increases the life of the catalytic converter; it is miscibile
with hydrocarbons and nontoxic; and it has lubricating properties, which can increase the life of
diesel engines (Department of Energy). But there are some drawbacks to biodiesel that need
specific attention. Biodiesel performs poorly in cold temperatures (Berkeley Biodiesel;
Department of Energy). In addition, biodiesel alone is not sufficient to fill consumer demand for

clean energy.

The third option, a renewable diesel derived through hydrodeoxygenation (HDO), also known as
“green diesel” and “second generation biodiesel,” is produced from the catalytic hydroprocessing
of vegetable oil from grains and has been used interchangeably with petro-diesel (Knothe, 2010)..
Several governments have mandated that diesel from renewable sources should be blended with
conventional diesel (e.g., the Canadian government has mandated that all diesel fuel should have
an average of 2% renewable diesel (Environment News Service)). Renewable diesel is composed
primarily of long-chain alkanes and short- and branched-chain alkane and negligible aromatics.
The cetane number is high for long-chain alkanes and low for short- and branched-chain alkanes.
For cold countries like Canada, shorter alkanes and isomerized compounds are preferred over long-
chain alkanes due to their high cloud point, which allows the fuel to flow more easily (Knothe,
2010). Table 2.1 shows a comparison of biodiesel, renewable diesel, and petro-diesel (Bezergianni
& Dimitriadis, 2013; Knothe, 2010; Krishna et al., 2014; Lehto et al., 2013; Mittelbach, 1996;
Saravanan & Nagarajan, 2014). Some properties of renewable diesel are similar to and some are
superior to petro-diesel. The low aromatic content of renewable diesel leads to cleaner combustion

and better cold-flow properties than biodiesel.
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Table 2-1. Comparison between biodiesel, renewable diesel, and petro-diesel

Property Biodiesel Renewable diesel  Petro-diesel
Density (g ml™") 0.885-0.9 0.77-0.83 0.85

Sulfur (ppmwt) 0-0.012 <10 12

Cetane number 45 -72.7 80 -99 54.57

Flash point (°C) 96-188 68-120 52-136

Net heating value 37.1-40.4 42-44 42-45

(MJ kg™)

CFPP (°C) (-13)-15 >20 -6

Cloud point (°C) (-3)-17 (-25) - 30 -5

Pour point (°C) (-15) -16 (-3)-29 -21

Kinematic viscosity (mm?s™?)  1.9-6.0 (@ 40°C) 1.9-4.1(@40°C) 1.9-4.1(@ 40°C)

Renewable sources of energy could be an alternative that can replace fossil fuels. Among all the
renewable sources, biomass is the only resource that can be directly converted to high value end
products (bioenergy and biofuel) in any form (solid, liquid, or gas) using thermochemical
conversion technology (Hamelinck & Faaij, 2006). These technologies rely on lignocellulosic
biomass feedstock (e.g., agricultural residue, forest residue,) to form various fuels and chemicals
(Demirbas, 2001). Lignocellulosic biomass feedstocks do not compete with food sources are

getting a lot of attention.

The thermochemical conversion of biomass to useful end products can occur through one over
several: pyrolysis, gasification, liquefaction, combustion, carbonization, and co-firing. Pyrolysis
is considered to be the starting point of all thermochemical conversion technologies because it
involves all chemical reactions to form solid, liquid, and gas as the main products with zero
concentration of oxygen. Fast pyrolysis is widely used to enhance the liquid yield with moderate
temperature and very low residence time. During the fast pyrolysis process, biomass is heated
in a pyrolyzer in the absence of oxygen to 400— 550 °C at atmospheric pressure for a residence
time of <2s (Azargohar et al., 2013; Bridgwater, 1999; Bridgwater, 2012; Bridgwater et al.,
1999; Kim et al., 2013a; Peters et al., 2014). This bio-oil is a complex mixture of different
organic compounds derived from the thermal decomposition of cellulose, hemi-cellulose, and

lignin.. All organic compounds are present in the organic oil phase, whose density is higher
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than water’s and gives bio-oil high viscosity. The acidity of bio-oil promotes a condensation
reaction that accelerates aging and a declination of bio-oil properties and makes the bio-oil
immiscible with petro-fuels. Therefore, bio-oil should be upgraded so that it can be directly
used as a fuel or mixed with crude oil. Moreover, bio-oil is highly unstable because of the
presence of unsaturated carbon, which is active during polymerization and condensation
(Elliott & Neuenschwander, 1998; Ferrari et al., 2002a; Gandarias et al., 2008; Ward, 1993;
Wildschut et al., 2010a).

Upgrading bio-oil to a transportation fuel can be done through hydroprocessing, a well-
established technology in the refinery industry (Ward, 1993). Figure 2.1 shows the general
flow diagram for hydroprocessing. Hydroprocessing is a combination of two technologies,
hydrotreating and hydrocracking. Through these processes, bio-oil can be upgraded to a product
whose properties are similar to or better than those of petroleum fuels. There have been few studies
done on the production of renewable diesel from hydroprocessing technology using lignocellulosic

biomass-based intermediates.

Gases (CO,, CO, H,,
Hydrogen Hydrogen CH,, C,-C,
hydrocarbons)

\4 \ 4

Bio-oil — Hydrotr.eatmg ] Hydrocrg cking Different liquid phases
unit unit L
A (organic oil phase and
T aqueous phase)
Catalyst Catalyst

Solids (char, Coke)

Figure 2.1.General flow diagram for hydroprocessing technology

An investigation of the technical and economic aspects of a technology is mandatory to
commercialize it. The principal means of evaluating a new technology is a techno-economic

assessment. While fast pyrolysis is a well-established and understood technology at both the pilot
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and commercial scale, most techno-economic studies of are from the mid to late 1980s.
Hydroprocessing for bio-oil is still in the demonstration stage and not yet commercialized.
Moreover, little has been published on this topic. The detailed understanding of different pathways
for the conversion of model compounds/fast pyrolysis oil to renewable diesel and the effect of
different process parameters on hydroprocessing need to be addressed. Simultaneously, this paper
also focuses on the economic features of these thermochemical conversion routes can be reflected
through a TEA, where the production cost of each product is summarized and compared for
different conversion routes. The overall objective of this chapter to conduct a review of renewable
diesel production from lignocellulosic biomass-based intermediates, i.e. bio-oil including techno-

economic assessments through fast pyrolysis and hydroprocessing technology.

2.2 Biomass feedstock

Biomass is a generic term for organic hydrocarbon materials, primarily carbon, hydrogen, oxygen,
nitrogen, and sulfur, though sulfur and nitrogen are present only in insignificant amounts. Biomass
contains some inorganic impurities such as ash, whose concentration varies from species to
species. Ash concentration is around 5-10% by weight in agricultural residues and much less in

softwood, approximately 1% by wt (ECN Phyllis2; Yaman, 2004).

Figure 2.2 shows biomass feedstock classifications (Antizar-Ladislao & Turrion-Gomez, 2008;
McKendry, 2002; Naik et al., 2010; Yaman, 2004). These feedstocks are divided into two

categories depending on their end use: food and non-food/lignocellulosic biomass feedstock.

Biomass food feedstocks are classified into two categories, starch sugar crops and oil seed
vegetable plants. The major starch sugar crops are rice, wheat, maize, root vegetables (potatoes
and cassava), sugarcane, and barley. This feedstock contains primarily starch and is made up of a
large number of glucose units. Bioethanol and biodiesel are formed from starch sugar crops
through fermentation and transesterification, respectively, using different catalysts. Oil seed
vegetable plants, the other food category, include coconut, corn, cottonseed, olive, palm, rapeseed,

sunflower, sesame seed, soybean, mustard, canola, camellia, jatropha, and pine. The vegetable oil
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is extracted through solvent extraction process.. Feedstocks differ from one country to the next

depending on climate and soil conditions (Richardson et al., 2013).

Biofuels from first-generation biomass (food feedstock) are limited in their ability to achieve
government targets for the replacement of fossil fuels. Increasing concern about these issues has

led to an increase in the interest in developing biofuels from non-food biomass.

Non-food biomass, also known as lignocellulosic or second-generation biomass, is emerging as a
source for biofuel production that can replace refinery crude oil as feedstocks for the production
of transportation fuels. In this review paper, the focus is on lignocellulosic biomass feedstock due
to its advantages over other feedstocks. Non-food biomass feedstock can be divided into three
broad categories, shown in Figure 2.2. They are mainly agricultural, forest, and municipal waste
feedstock. Lignocellulosic biomass is the non-edible portion of major food crops that is currently
underused and could be used for biofuel production. Agricultural feedstock has four categories,
shown in Figure 2.2. Straw and vegetation waste include bagasse, vegetable wastes, and residues
from the production of cereals. Energy crops such as willow, poplar, and switchgrass are grown
specifically for energy production. They have a high yield per unit area compared to conventional
crops and trees (McKendry, 2002) and are commonly used for the production of biofuels. The
moisture content of agricultural residues is between 10 and 20 wt%, which is an advantage for the
fast pyrolysis process (Serrano et al., 2011). Forest biomass includes whole tree, forest residue,
and wood waste. Forest residues consist of tree branches and tops, and wood waste includes saw
mill wastes and rotten and dead trees. These types of feedstock are always available and accessible

for bio-oil production.

As mentioned, municipal wastes can be used to produce biofuels (CBCnews). Waste from the
paper industry accounts for up to 40% of all the waste in the United States that has biodegradable
components (Environmental Protection Agency U.S.). Municipal waste also includes everyday
items such as product packaging, grass clippings, furniture, clothing, bottles, food scraps,

newspapers, etc. Around 80% of these wastes are biodegradable and could be considered an
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alternate sustainable source of biofuels (Environmental Protection Agency U.S.; Environmental
Protection Agency U.S.). The main advantage of using municipal waste as feedstock for biofuel
production is because in most jurisdictions, municipal waste is landfilled; its use will save land

because the amount of material sent to landfills will decrease.

Straw
Grasss
Agricultural
Vegetation waste
Herbeceous
Lignocellulosic
biomass/Non-food Wood waste
Forest

Forest residue

- Municipal waste
Biomass Whole tree
Energy crop

Food Oil seed vegetable
plant

Starch sugar crop

Figure 2.2. Classification of biomass

Cellulose, hemicelluloses, and lignin are the three important organic compounds in biomass. Their
weight percentages are in the ranges of approximately 30-50, 20-40, and 10-20, respectively
(Dakar; EuroBioRef; Galletti & Antonetti; McKendry, 2002; McMillan, 1994; Sun & Cheng,
2002).. Feedstock is categorized based on the proportion of cellulose and lignin. For example,
hardwood consists of tightly bound cellulose with low concentrations of lignin; softwood is the

opposite. Table 2.2 summarizes the composition of woody biomass (Diffen; Zhang et al., 2005).
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Table 2-2. Composition of woody biomass

Biomass Cellulose Hemicellulose Lignin Extractives
Softwood 42% +/- 2% 27% +/- 2% 28% +/- 3% 3% +/- 2%
Hardwood 45% +/- 2% 30% +/- 2% 20% +/- 4% 5% +/- 3%
Sawdust 45.2% 20% 24.3% 9%

2.3 Bio-oil

Several thermal, mechanical, and biological methods are used to convert lignocellulosic biomass
to more valuable products. Renewable diesel production from lignocellulosic biomass requires
converting lignocellulosic biomass to an intermediate known as bio-oil. Bio-oil can be produced
through fast pyrolysis. Its production depends significantly on the feed type, moisture content,
temperature, residence time, and ash content. In this process, biomass is heated in a pyrolyzer in
absence of oxygen to 450-550 °C at an atmospheric pressure for a residence time of < 2s
(Azargohar et al., 2013; Bridgwater, 1999; Bridgwater, 2012; Bridgwater et al., 1999; Kim et al.,
2013b; Peters et al., 2014). As residence time is very short, liquid yield is high and there is low
ash content in the product. A product analysis found that liquid yield is around 75-80 wt% and the
rest are gaseous components and char, which is a solid (Bridgwater, 2012). The bio-oil obtained
from this process has a higher heating value than raw biomass and can be directly used as an
intermediate to convert lignocellulosic biomass into a transportation fuel (Czernik & Bridgwater,

2004; Lu et al., 2009).

In general, bio-oil is a viscous, polar, dark-brown, free-flowing liquid. It is a complex mixture of
different organic compounds derived from the thermal decomposition of cellulose, hemicellulose,
and lignin. Bio-oil mainly consists of acids, alcohols, aldehydes, esters, ketones, sugars, phenols,
phenol derivatives, nitrogen compounds, and a large proportion (20-30wt%) of lignin-derived
oligomers (Environmental Protection Agency U.S.; Tsai et al., 2007; VIT Technical Research
Centre of Finland; Zhang et al., 2007). As biomass contains a significant amount of moisture, the

bio-oil derived from this process carries significant amounts of water (around 15-30 wt%), which
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leads to phase separation, either aqueous or organic oil, in bio-oil. All organic compounds are
present in the organic oil phase, whose density is more than that of water and gives bio-oil high
viscosity. The acidity of bio-oil promotes a condensation reaction that accelerates aging and a
declination of bio-oil properties and makes the bio-oil immiscible with petro-fuels. Therefore bio-
oil should be upgraded so that it can directly be used as a fuel or mixed with crude oil. Moreover,
bio-oil is highly unstable because of the presence of unsaturated carbon, which is active during
polymerization and condensation (Elliott, 1998; Ferrari et al., 2002a; Gandarias et al., 2008; Ward,
1993; Wildschut et al., 2010a).

The heating value of bio-oil is 16-20 MJ kg™! (Bridgwater, 2003; Wildschut et al., 2009b; Zhang
et al., 2005), which is significantly higher than that of raw biomass but lower than that of crude
oil, whose value is around 35-40 MJ kg! (Bezergianni & Dimitriadis, 2013; Lehto et al., 2013).
The low heating value of bio-oil compared to crude oil is due to the presence of high molecular-
weight oxygenated compounds. The highly unstable nature of bio-oil can be attributed to its
deteriorating heating values. This deterioration occurs over time due to polymerization and

condensation between the oxygen compounds themselves.

The catalyst has a significant effect on the fast pyrolysis process. According to Wang et al. (Wang
et al., 2012), bio-oil from a fast catalytic pyrolysis process in the presence of a mesoporous ZSM-
5 zeolite catalyst was more stable than bio-oil from a non-catalytic pyrolysis process. Generally
the oxygen content in non-catalytic bio-oil is around 40-50 wt%, but in the catalytic pyrolysis
process, the oxygen content could be reduced significantly depending on the catalyst type and feed
condition (Wang et al., 2012). Wang et al. (2012) found that oxygen can be removed partially or
fully by the catalytic pyrolysis. However, the catalytic pyrolysis is uneconomical due to the high
cost of catalysts. Table 2.3 shows the elemental composition and physical properties of bio-oil

derived from different lignocellulosic biomass.

Table 2-3. Elemental composition and physical properties of bio-oil
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Feedstock

HHV

Moisture

for bio-oil H 0 N S MJkg™) pH content Reference
(Wildschut et
Beech wood 51.1 7.3 41.6 20.3 3 al. 2009b
Typical (Bridgwater,
55-58  5.5- 35-40 0-0.2 16-1 3 15-30
wood 7 ? 2003)
) (Ardiyanti et
Pine wood 40.1 7.6 52.1 0.1 al. 20124
. (Lu et al.,
Rice husk .92 .1 1.2 .61 . 16. 2
ice hus 39.9 8.15 5129 0.6 0.03 6.5 3 8 2008
(Wildschut et
Beech wood 58.6 6.2 35.2 27.8 al. 2010
' (Elliott et al.,
Pine sawdust 38.8 7.7 534 0.09 0.02 26 2012
Eucalyptus 448 72 481 02 (1%’
Hybrid 467 7.6 457 02 0.03 18.9 (Llliot,
poplar 1998
Whole tree 506 63 436 1 2 187
poplar
White 496 64 431 02 2 24 (Piskorz &
spruce Scott, 1987)
Red maple 48.5 6.1 2 18
Poplar 495 6.05 444 0.07 2 18.6
(Zhang et al.,
t 4 . 1. . 21.
Sawdus 60 6.9 31.8 0.9 3 2005

Bio-oil can be stored at a refinery before transportation. There are two ways to store oil. For short

periods, it can be stored in a stainless steel or olefin polymer vessel that does not get corroded by

the bio-oil (Bridgwater, 1999). For long periods, the oil is blended with methanol (10% by weight),

which prevents polymerization and condensation (Sarkar & Kumar, 2010).
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2.4 Hydroprocessing to convert bio-oil into renewable diesel

2.4.1 Hydroprocessing

Hydroprocessing is a generic term for a combination of two technologies, hydrocracking and
hydrotreating (Ward, 1993). Through hydrocracking and hydrotreating (See Figure 2.1), bio-oil is
processed into a product with properties similar to those of petroleum fuel. In hydroprocessing
technology, feed is initially processed in a hydrotreating unit and then it is put into a hydrocracker
unit (Ward, 1993). The hydrotreating unit is a primary pretreatment unit that hydrogenates
unsaturated hydrocarbons and removes heteroatoms from the feedstocks. The basic reactions in
the  hydrotreater are hydrodesulfurization (HDS), hydrodenitrogenation (HDN),
hydrodeoxygenation (HDO), and hydrodearomatization (HDA). In biomass-derived oil,
oxygenates are the main components (sulfur and nitrogen compounds are found in insignificant
quantities). Therefore, HDO 1is critical in ther removal of the oxygen heteroatom from the
feedstock. Hydrodealkylation, hydrocracking, isomerization of alkanes, and hydrodecyclization
are key reactions that occur simultaneously in the hydrocracking unit. A few more reactions occur
in the hydrotreater and hydrocracker without hydrogen: decarboxylation, decarbonylation, the
water-gas shift reaction, methanation, and coke formation (Haldor Topsoe). The general reactions

involved in hydroprocessing are summarized in Table 2.4.

Oxygen, nitrogen, and sulfur are removed in the hydrotreater in the form of water, ammonia, and
hydrogen sulfide, respectively. These reactions take place in the presence of hydrogen and a
catalyst. The main component of the hydrotreating unit is the reactor, which consists of a high-
pressure reactor vessel, the proprietary catalyst, and internal technology. The pressure range is
considerable, between 50-200 bars, and the temperature varies from 300-400 °C (Elliott, 1998;
Gandarias et al., 2008). Different researchers have used different kinds of reactors. Tang et al.
(2009) reported that hydrotreating is an efficient way to convert aldehydes and unsaturated
compounds into more stable compounds by removing oxygen atoms from the compounds .
Through this process, an unstable form of bio-oil is converted to a stable one through the removal
of unsaturated oxygen compounds (Wildschut et al., 2010a). Depending on the temperature, the

hydrotreating process is considered to be high severity or low severity (Elliott & G., 1996). High-
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severity hydrotreating is complete hydrodeoxygenation and low-severity hydrotreating is partial

hydrodeoxygenation.

Table 2-4. Reactions involved in hydroprocessing

Hydrotreating unit (removal of heteroatom)
Hydrodeoxygenation (HDO):R -OH+H, - R-H+H,O
Hydrodesulphurizatio n (HDS) :R-SH+H, > R-H+H,S
Hydrodenit rogenation (HDN) : Pyridine + H,— Pentane + NH,

Hydrocracking unit

Hydrodealk ylation :R -C.H; +H,—->CH, +R -H
Hydrocracking :R1-CH, -CH, -R2+H, - R1-CH, + R2 - CH,

Isomerizat ion of alkanes : Pantane — Isopantane

Other simultaneous reactions
Decarboxylation : R - COOH— RH +CO,
Water gas shift reactor:CO, +H, - CO+H,0
Decarbonylation : R - CHO —-R -H+CO
Cokeformation : Polyaromatics — Coke

As the moisture content of bio-oil is high, the liquid product derived from hydrotreating unit has
two phases: the aqueous phase and the oil phase (Ardiyanti et al., 2011). Depending on the severity
of hydrotreatment, the treated oil from the hydrotreating unit is free of heteroatoms, but it has non-
polar, high-molecular weight organic compounds in the oil phase. Therefore the oil is further
processed in a hydrocracking unit in the presence of a catalyst and hydrogen at high temperature
and pressure conditions. As the name suggests, higher molecular compounds break into smaller
molecular weight compounds through hydrodealkylation, hydrocracking, and isomerization (see
Table 2.4). During hydroalkylation, the branched alkane is removed from the main alkane chain
by the addition of hydrogen, thus forming two individual alkane molecules whose molecular
weights are significantly lower than the original alkane molecules. During a hydrocracking

reaction, one long-chain alkane is broken down into two small molecular weight alkanes in the
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presence of hydrogen. During isomerization, the branched alkanes, which are formed during the

1somerization reaction, have the same carbon atoms as the reactant.

Among other reactions, decarboxylation, decarbonylation, and the water-gas shift reaction are
desired, whereas methanation and coke formation are undesired (Haldor Topsoe). Reaction
mechanisms for the hydroprocessing of bio-oil and model compounds involve different reactions

depending on the catalyst and operating conditions and are discussed in the next section of this

paper.

2.4.1.1 Typical reaction pathways during hydrodeoxygenation of Bio-oil

Venderbosch et al. (2010) developed a reaction network for the hydroprocessing of bio-oil using
a Ru/C catalyst; the network is shown in Figure 2.3. Ardiyanti et al. (2012a) studied bio-oil on
non-sulfide bimetallic Ni-Cu catalysts with an alumina support and deduced that the reaction
network of this bio-oil was the same as that described by Venderbosch et al.(2010). The authors
consider two modes for bio-oil: catalytic hydrogenation (hydroprocessing) and thermal, non-
catalytic repolymerization. Because hydroprocessing takes place at high temperature and pressure
conditions, repolymerization leads to the formation of soluble, higher molecular weight fragments
in the absence of a catalyst, which, following further condensation reactions, gives char. This is
undesired and should be reduced as much as possible. The hydrogenation of bio-oil takes place in
the presence of a catalyst and hydrogen, which should be dominating in the mechanism. In the
initial phase of hydrotreating, the unstable, polar, and highly viscous bio-oil is converted to
stabilized oil by hydrogenation at a temperature greater than 80 °C. Then hydrodeoxygenation is
the dominating reaction in the hydrotreater, when the temperature is increased to more than 250
OC and the pressure is maintained at 200 bars. The liquid product from the hydrotreater contains
non-polar, high molecular weight fragments in the oil phase associated with an aqueous phase.
After that, in the hydrocracker, non-polar, high molecular weight compounds along with the
aqueous phase are converted into lower molecular weight fragments at high temperature and
pressure conditions. The resulting blend from the hydrocracker has properties similar to petro-
diesel. This is the generic reaction mechanism for the hydroprocessing of bio-oil (Venderbosch et

al., 2010).
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Figure 2.3. Reaction mechanism for the hydroprocessing of bio-oil (Venderbosch et al., 2010)

2.4.1.2 Guaiacol

Guaiacol is considered another important model compound of bio-oil obtained from lignin
fractions of lignocellulosic biomass fast pyrolysis. Guaiacol contains two oxygen molecules,
hydroxyl (C-OH) and methoxy (C-OCH3) groups. There are three positions of the methoxy group

in guaiacol molecules: para, meta, and ortho.

The reaction mechanism for the conversion of guaiacol to hydrocarbons on different catalysts has
been studied by several researchers (Bui et al., 2011a; Centeno et al., 1995; de la Puente et al.,
1999; Ferrari et al., 2002a; Gutierrez et al., 2009; Sepulveda et al., 2011). The general reaction
scheme of guaiacol conversion to hydrocarbons is summarized in Figure 2.4. The conversion of
guaiacol to phenol takes place in two different paths. The first is the direct conversion of guaiacol
to phenol by demethoxylation (elimination of -OCH3) without any intermediary. The second path
consists of two consecutive steps: the conversion of guaiacol to catechol by demethylation and the
conversion of catechol to phenol by hydrogenolysis. Phenol then directly forms benzene by
hydrodeoxygenation or follows subsequent hydrogenation of the aromatic ring to give cyclohexane

and methyl pentane as the final products. Guaiacol and catechol have a tendency to form coke due
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to polymerization depending on the acidity of the catalysts, but the detrimental effect of these
molecules can be avoided by proper selection of a catalyst system. The reaction mechanism varies

for different catalyst systems mainly depending on the metals and support used.

Demethoxylation l

OCH3 tH

OH
_—

Demethylation Hydrogenolysis

Benzene Q
'/é O OH
Phenol
Guaiacol Catecol
—_
Polymerization
Cyclohexanone  Cyclohexanol  cyciohexene  Cyclohexane

Figure 2.4. Reaction mechanism for guaiacol

2.4.1.3 Phenol

Bio-oil derived from the fast pyrolysis process contains around 10-20 wt% phenol and phenol-
derived compounds. Therefore phenols were considered a model compound with low reactivity in
HDO. The conversion pathways of phenol into high-valued hydrocarbons by hydroprocessing
have been studied by different researchers (Bu et al., 2012; Echeandia et al., 2010; Gevert et al.,
1987; Laurent & Delmon, 1993; Yang et al., 2009; Zhao et al., 2011). The reaction mechanism for

phenol is shown in Figure 2.5.
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Figure 2.5. Reaction mechanism for phenol

There are three independent paths for the HDO of phenol: the first is direct elimination of oxygen
from the aromatic chain by C-O bond cleavage (direct hydrodeoxygenation) in the presence of
hydrogen to form benzene followed by cyclohexene and cyclohexane; the second path is
hydrogenation of the aromatic ring (phenol) to form an intermediate, i.e., cyclohexanol, which is
immediately followed by oxygen removal to form cyclohexene and cyclohexane; and the third
pathway is a combination of hydrogenation and hydrodeoxygenation of phenol to cyclohexanone
followed by subsequent hydrogenation to form cyclohexanol, cyclohexene, and cyclohexane. All
three pathways ultimately lead to the formation of cyclohexane, which can also isomerize to form
methyl cyclopentane. These paths are completely dependent on the operating parameters of the
hydroprocessing reactions. Depending on the surface morphology, compositions of metal, support,
and temperature, different intermediate and products are formed (Bu et al., 2012; Echeandia et al.,

2010; Gevert et al., 1987; Laurent & Delmon, 1993; Yang et al., 2009; Zhao et al., 2011).
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2.5 Operating parameters

2.5.1 Catalyst

A catalyst plays an important role in the final composition of renewable diesel. Researchers have
used a variety of catalysts to hydroprocess bio-oil. Mainly the catalysts fall into one of two
categories: transition metal catalysts and sulfide catalysts. Either sulfide Ni-Mo or sulfided Co-Mo
supported on gamma alumina is used as a catalyst for removing sulfur compounds from crude oil
(Ward, 1993). Since both hydrodeoxygenation and hydrodesulfurization use hydrogen as a reactant
to remove the heteroatom from the respective feedstock, sulfide Ni-Mo/sulfide Co-Mo supported
on gamma alumina is considered to be the reference catalyst for hydroprocessing bio-oil. In these
catalysts, Mo acts as the active site for these heteroatoms and Co/Ni as the promoter for
hydrodeoxygenation. Table 2.5 and 2.6 show the operating conditions used for hydroprocessing

bio-oil and model compounds.

2.5.1.1 Sulfided NiMo/CoMo metals

Sulfided forms of NiMo/CoMo metals have been studied on different supports for hydroprocessing
bio-oil and model compounds (Bui et al., 2011a; Bunch et al., 2007; Zhang et al., 2003). Ni and
Co are used as promoters to increase the activity of molybdenum sulfide, and it is believed that
promoters donate electrons to Mo, which weakens the metal-sulfide bond. The reactions for
different oxygenate compounds have been studied on this sulfide NiMo/CoMo catalyst, and it can
be deduced that reaction paths depend on the catalyst surface. The activity of the sulfided catalysts
rapidly decreases with time due to the loss of MoS: active sites and the presence of H20 due to
HDO; thus, a continuous supply of a sulfiding agent such as H>S is required to preserve the sulfided
catalysts from oxidation by oxygenated compounds or a reduction of the sulfided phase by

hydrogen (Yoshimura et al., 1991).

The effect of H2S and H20 on sulfide NiMo/CoMo catalysts has been studied for different model
compounds (Laurent & Delmon, 1993; Senol et al., 2005). Senol et al. (2005) have studied the
effect of water on the HDO of aliphatic esters on sulfide NiMo/CoMo catalysts supported on

gamma alumina. They concluded that water decreases the conversion of esters and suppresses the
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deoxygenation reaction. Between dehydration and the decarboxylation reaction, water mainly

affects the decarboxylation reaction and suppresses the formation of Cs hydrogen.

Laurent et al. (1994b) studied the effect of H2S and water on the HDO of carbonyl, carboxylic,
and guaiacyl groups with sulfide NiMo/CoMo catalysts supported on gamma alumina and deduced
that HaS increases the Bronsted acidity on the sulfide phase during the reaction. The Bronsted
acidity is also responsible for the decarboxylation reaction. Isomerization and hydrocracking are
also promoted by the presence of H2S. Hydrogen sulfide enables the fine control of the activity
and selectivity of sulfided hydrotreating catalysts. Among CoMo and NiMo, it was concluded that
HaS depresses the activity of Ni compared to Co for the ketonic and carboxylic model compounds.
The superior promoting effect of Co has also been agreed upon by Bui et al. (2011a) for the HDO

of guaiacol.

The impregnation order of metals in a bimetallic catalyst is an important parameter for catalyst
activity and selectivity of hydrodeoxygenation. Ferrari et al. (2002b) have investigated the
impregnation order for metals (Co and Ni) loading on carbon support at the time of catalyst
preparation. According to these authors, Co was dominantly impregnated on the external surface
of the support and Mo was deposited inside the micropores of the support. Therefore, it seemed
better to add Co after Mo so that Co became responsible for the remobilization of Mo that had
migrated to the external part of the grain. Changing the impregnation order caused Mo-Co
interactions to form a thick layer of metal oxide crystal. This layer covered the external surface,

leading to a reduction in catalyst activity and product selectivity.

The addition of phosphorus as a promoter to a Mo-based traditional refinery catalyst was studied
for a hydrotreating activity of bio-oil and model compounds (Gishti et al., 1984; Yang et al., 2009;
Zhang et al., 2005). Phosphorus enhances Mo dispersion on the support, reduces coke formation,
increases packing of MoS: crystallites, and creates new Lewis and Bronsted acid sites on the
support surface (Decanio et al., 1991; Yang et al., 2009; Zhang et al., 2005). At the time of catalyst

preparation, phosphorus forms phosphor molybdate complexes that augment HDN reactions in the

27



hydroprocessing unit. Zhang et al. (2005) found that in the presence of P, the oxygen content in
raw bio-oil obtained from sawdust was reduced from 41.8% to 3% by weight and the heating value

increased from 21.3 to 41.4 MJ kg™'.

2.5.1.2 Noble metals

Studies have also been conducted on noble metals used as catalysts for hydroprocessing bio-oil
and model compounds (see Table 2.5 and 2.6). It was seen that noble metals perform better than
traditional refinery catalysts in terms of oil yield and degree of hydrodeoxygenation. While Ru is
widely used, Rh, Pt, and Pd are commonly used noble metal catalysts for the hydroprocessing of

bio-oil and model compounds.
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Table 2-5. Summary of operating conditions for hydroprocessing bio-oil

0il
React React T t P HH HD
Feedstock o oor eactor  Catalyst Used pomperature - TTESSUE  Sv(hl)  Reference v O Yied pu
Type Dimension C bar MJ kg (wt%)
(wt%)
. (Wildsch
Beech 1 1 R Ru/T Ru/Al P y
WZ: Autoclave Vg?;;e a;;cp’ " C‘V 102, RuALOs, PUC, 55 ¢350 100 & 200 ut et al. 40 90 Sﬁ;’
2009b) ’
100ml (Ardiyan
Pine wood  Parr volume Ni-Cu/ALO3 350 100 ti_et al., 98 75 35-43
2012a)
Vacuum (%g@
pyrolysis Autoclave Ru/yAL203 & NiO-WO3/ yAL203 325 172 .
4 Kaliagui
© ne. 1988)
Pine % OD, Pt/A1203/Si02, sulfided CoMo/y
203/Si02 -
. 0.065” 2 . 52.72- WHSV (Sheu et
dust Trickle bed Al03, Ni-W/y-Al03, Ni-Mo/y- 350-400
Sawaus HECEDT thickness & 17 TWYEARE, RIEVIOY 104.33 0.5-3 al.. 1988)
and bark AlL0s.
32” long
Pd/SO4>/ZrOo/ Tang et
Rice husk A 1 1 1 2 -1 20.1
ice hus utoclave 00m SBA-15 80 85-105 al. 2009 0 5
Fa:; G Sainless PUALOs.  &PUMZ-S  (MZ- 40 LHSV Wang et s
Z?l 4 steel parr mesoporous zeolite) 2,4,6 al., 2012)
Fast Batch (Wildsch
pyrolysis autoclave 100 ml Ru/C 350 200 ut et al. 55
oil 2010b)
Wildsch
Bzzcdh fitgza . 100ml Rw/C 350 200 ut et al. 65
W uroctav 2010a)
Fixed-bed Sulfide Ru/C, NiMoS, CoMoS
Pi 1”7 ID & ? ’ ’ LHSV=0. (Elliott et
S;“ed ,  catalyti N NiMoS/C, CoMoS/C,  150-450 138 o " 12%1 ; 35-45
weu reactor g CoMoS/AlL203 ’
Batch RhW/ZrO>Pd/ZrO2Pt/ZrO2RhPt/ZrO (Ardiyan
Pinewood autoclave 100ml 2 RhPd/ZrO>PdPt/ZrO> 350 35 ti_et al 37-47
CoMo/Al203 2011)
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Oil

Feedstock E;retor ﬁier?lcetlf:ion Catalyst Used ;l‘(;: mperature E;issure SV(h'')  Reference ;I;Ig-l EVI::/)O ) Yield pH
(Wt%)
Sawdust WHSV (Gayubo
from Pinus Fixed-bed 9mm ID HZSM-5 400,450 &500 1.01 0.237 et al.
insignis 0.474 2004)
Eucalyptus  Continuous .
& hybrid feed fixed NiMo/Al203&CoMo/Spinel 355-365 ?;?3/7 % 90-96  40-53
poplar bed ' ' -
Rice husk Autoclave 100ml Aluminum silicate 260 78 Pong -t 21 6
al., 2008)
(Zhang
Sawdust Autoclave 500 ml Sulfided CoMoP/yAL2O; 340-400 1.6-2.8 et al., 414 60-75
2005)
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Table 2-6. Summary of operating conditions for hydroprocessing model compounds in bio-oil

Oil
Model React T t P HD
ode Reactor Type f‘,ac or. Catalyst Used 0 emperature ressure SV(h?) Reference o Yield
Compound Dimension C bar (Wt%)
wt%)
. . . Bunch et
Benzofuran  Fixed-bed 4 mm id. Sulfided Ni-Mo/ yALOs 200-320 35 %
MoS:
,CoMoS (Bui et al.,
Guaiacol Fixed-bed tabular 300 40
MoSz/ yALO3 2011a
CoMoS/ yAl2O3
Phenol and
substituted Conversion CoMo/ yA203 250-400 3.0-8.2 i%
phenol )
Guaiacol
Cresol Continuous flow fixed- 10mm ID & Pt/ vyALOs. &Pt/MZ-5 (MZ- 200 40 LHSV = (Wang et
bed 420mm long mesoporous zeolite) 2,4,6 al., 2012)
Dibenzofuran
(Wildschut
Phenol Parr autoclave 100ml Ru/C 250 100 et al. 55
2010a)
(Sepulveda
Guaiacol Batch reactor MoaN/C 300 50 et al.
2011)
D-Glucose (Wildschut
D-Cellobiose  Batch autoclave 100ml Rw/C 250 100 et al. 61%
D-Sorbitol 2009a
WHSV = (Ardiyanti
Anisole Continuous fixed bed 3mm ID Ni-Cu/ yAL2O3 300 10 16 et al., 70-98
2012a)
2- . 1,25cm  ID & Mo/ 7ALOs;, CoMo/ yALO:;, (Romero et
Fixed-bed ) 340 70
ethylphenol txed-be 40cm long NiMo/yAL203 al., 2010)
Y. t
Phenol Micro reactor system 14ml CoMo/MgO, CoMoP/MgO 300-450 50 al.arzl 009 €
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Oil

Model React T t | HDO
ode Reactor Type faac or. Catalyst Used 0 emperature ressure SV(h) Reference Yield
Compound Dimension C bar (wt%)
(Wt%)
(Echeandia
Bench-scale fixed-bed 9 D & WHSV —
Phenol C;I;f ﬁscca ¢ Hxedne 3gg:;m o Ni-W/C 150-300 15 0s et al. 85-98
Y & ' 2010)
Methyl
X Gevert et
substituted Batch autoclave 300cm? CoMo/ yA2O3 300 50 tGevert et
al., 1987)
phenol
_ , RW/ZtOs, Pd/ ZtOs, Pt/ ZrOs, RhPY (iutierres
Guaiacol Stainless steel batch 40 ml 7:05. RhP/ ZtOs. PtPd/ 710 100 & 300 80 et al.
> > 2 2009)
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Ardiyanti et al. (2011) investigated mono- and bimetallic noble catalysts (Pt, Pd, and Rh) on
zirconia support for the catalytic hydrotreatment of bio-oil. The results were compared with the
traditional sulfided CoMo catalyst. Among noble metals, Pd showed the highest activity, followed
by Rh, with Pt having the lowest due to incomplete reduction at the time of reaction. Ardiyanti et

al. (2011) reported the activity based on hydrogen uptake as follows:

Pd/ZrO2> Rh/ ZrO2>RhPd// ZrO2=PdPt/ ZrO2>RhPt/ ZrO2>Pt/ ZrO2>CoMo/Al203

There is not much difference in oil yield for a bimetallic catalyst as compared to a monometallic
one. The extent of leaching determined for metal and support were done by inductively coupled
plasma-optical emission spectroscopy ICP-OES. Ardiyanti et al. (2011) observed that with a
sulfided CoMo on an alumina catalyst, Co and Al leached to the aqueous phase after reaction,

whereas leaching was negligible for noble metal catalysts.

Venderbosch et al. (2010) studied Ru supported on C to stabilize the bio-oil for mild hydrotreating,
which is the first step in hydroprocessing. The coke-formation tendency of this stabilized oil is
comparatively low compared to the non-stabilized oil. The same Ru on a C catalyst has also been
tested by Wildschut et al. (2010a) for the hydrotreatment of fast bio-oil from beech wood in a batch
reactor. The effect of reaction time on oil yield and elemental composition of product phases was
studied. It was inferred that an increase in reduction time leads to a significant decrease in oil yield

due to transformation during the liquid phase to the gaseous phase (Wildschut et al., 2010a).

Figure 2.6 presents the results from another study of noble metal catalysts. These outcomes were
compared with the benchmark catalyst study by Wildschut et al. (2009b). Ru/C, Ru/TiO2,
Ru/AL203, Pd/C, and Pt/C were tested during beech wood oil hydroprocessing in an autoclave
following a reaction time of 4h for noble metal catalysts. Three different phases of liquid were
reported: a slightly yellow aqueous phase, an oil phase with a density higher than that of water
(top oil), and an oil phase with density lower than water (bottom oil). The top oil had a better H/C
and O/C ratio than the bottom oil phase. Pd/C appeared better in terms of oil yield and oxygen
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content, followed by Ru/C. Both Pd/C and Ru/C performed comparatively far better than the
benchmark catalysts (Wildschut et al., 2009b).

The outcome of Pd metal supported on C was investigated by Elliott et al. (2012) for a range of
bio-oils. The bio-oil was obtained from various mixed wood feedstocks in a bench-scale
continuous-flow fixed-bed reactor for reaction times varying from 8-102 h. The oxygen content in

the upgraded oils from different feedstock was reduced to 0-1 wt% from 40-60 wt%.

80 1 ® Liquid yield ® Oxygen content
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Figure 2.6. Performance of noble metal catalysts and benchmark catalysts for liquid (oil)

yield and oxygen content in oil yield.

In summary, noble metals (Rh, Ru, Pd, and Pt) are most promising catalysts for the
hydroprocessing of bio-oil obtained from lignocellulosic biomass than the traditional sulfide
NiMo/CoMo catalyst supported on gamma alumina. For the benchmark catalyst, metal loading is
considerably higher (more than 10 times) than the metal loading for a noble metal catalyst. But the
activity on a per gram catalyst basis is higher for noble metals than for benchmark ones by a factor
of two (Ardiyanti et al., 2011). Noble metals have a high selectivity for hydrogenation reactions

and require more hydrogen, which in turn raises the operating cost. Noble metals can be easily
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poisoned by small amounts of sulfur compounds present in bio-oil, and these are expensive. These

reasons make them unattractive for the hydroprocessing technique.

2.5.1.3 Inexpensive transition metals

Although it is difficult to replace a noble metal catalyst in terms of performance, different
researchers have tried various alternatives. A series of inexpensive transition metals was tested in
hydroprocessing experiments in different reactor systems. Echeandia et al. (2010) studied a Ni-W
catalyst supported on active C for the HDO of phenol in a bench-scale fixed-bed catalytic reactor
with a hydrogen flow of 2.5 Ih™! and a reaction time of 4 h. They (Echeandia et al., 2010) also
studied the effect of W precursors (silicotungstic [SI], phosphotungstic [P], and tungstic acid [W]).
Total elimination of oxygen compounds was reported at 573 K over Ni-W(P)/C and Ni-W(SI)/C
catalysts. The synergistic effect between Ni and W supported on C reduced the catalyst
deactivation during the reaction. Another study of a Ni-based catalyst, for bio-oil obtained from
pine wood, was carried out by Ardiyanti et al. (2012b) in a batch reactor. The study’s results in

terms of catalyst activity are as follows:

NiCu/Ti02>NiCu/delta-Al203>NiCu/CeO2-ZrO2>NiCu/ZrO2

NiCu/TiOz catalysts showed the best performance in terms of hydrogen uptake, stability, and
catalyst activity, but leaching and coke formation were significant for these catalysts compared to

noble metal catalysts.

Ardiyanti et al. (2012a) studied the variation in ratio of Ni to Cu metal loading on delta alumina
support in a batch autoclave for the hydroprocessing of bio-oil obtained from pine wood for a

reaction time of 4 h. They reported the activity of catalysts as follows:

Ru/C> 16Ni2Cu> 13.8Ni16.83Cu > 13.3N111.8Cu > 9.92Ni18.2Cu
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The activity of these catalysts decreased with an increase in Cu content as Ni is excellent for HDO.
But leaching and coking tendencies were improved considerably during reaction. It should be
noted here that the viscosity of the upgraded oil was higher than the original bio-oil (Baldauf et
al., 1994; Bartholomew, 2001; Forzatti & Lietti, 1999; Wildschut et al., 2009a).

In summary, for the upgrading of bio-oil from lignocellulosic biomass, both benchmark sulfided
NiMo/CoMo supported on alumina and transition metal catalysts are available. The ideal selection
of proper catalysts for different feedstocks is still in debate. Research is required to learn the

properties and morphology of catalysts to determine the most suitable catalyst.

2.5.1.4 Catalyst support

Support is an important part of a catalyst system in the hydroprocessing of bio-oil. Alumina,
carbon, TiO2, ZrO2, and CeOz are generally used as carriers (Ardiyanti et al., 2011; Ardiyanti et
al., 2012b; Bui et al., 2011b; de la Puente et al., 1999; Ferrari et al., 2002a; Gutierrez et al., 2009).
Alumina has been widely used in the oil upgrading industry to remove S from crude oil. Therefore,
many authors have tried to use gamma alumina for hydrodeoxygenation in bio-oil upgrading. They
found that alumina is susceptible to attack by acidic water at elevated conditions and later its
reaction with water leads to a reduction of surface area (Laurent & Delmon, 1994a). At the time
of reaction, promoters such as Ni/Co can react with Al2O3 as it is not inert and can occupy the
octahedral or tetrahedral sites in the external layers depending on the catalyst preparation
conditions (Laurent & Delmon, 1993). This strong interaction between promoter and support
reduces the dispersion of the Mo sulfide phase, which lowers the activity of the HDO. Further, the
crystalline phase of gamma alumina converts to the boehmite phase, which is useless for this
reaction (Wildschut et al., 2009b). Another problem for gamma alumina is the viscosity of the
upgraded oil, which is higher than the original bio-oil. The higher viscosity affects the product
quality and quantity because of the oil’s tendency to stick to the walls, plates, impeller, and piping
of the reactor, thereby reducing the reactor’s efficiency. Weak Lewis-type acidic sites on the
support surface lead to large coke formation during HDO (de la Puente et al., 1999). Centeno et
al. (1995) reported that alumina-supported CoMo catalysts had the highest rate of decarboxylation
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and deesterification selectivity for guaiacol hydrodeoxygenation. But at the same time, surface

area and pore volume of alumina support decreased with the HDO reaction.

As an alternative, activated carbon has been identified as a promising support for HDO (Echeandia
et al., 2010; Ferrari et al., 2001; Ferrari et al., 2002a; Ferrari et al., 2002b; Sepulveda et al., 2011;
Venderbosch et al., 2010; Wildschut et al., 2010a; Wildschut et al., 2009b). Compared to gamma
alumina, carbon is superior in terms of textural properties (surface area, meso- and microporosity,
pore volume), thermal stability, and hydrophobic nature. Ferrari et al. (2002b) investigated four
different kinds of carbon support with different origins for CoMo catalysts: Merck carbon from
coconut shells, Norit carbon from chemical activation of wood, and Chemviron and BKK from the
thermal treatment of bituminous coal. Even though variation in properties was negligible, the
surface area of carbon support varied significantly. Merck and Norit had high surface areas and
microporous volumes, followed by Chemviron. The last was BKK, with the most developed non-

microporous volume. On the basis of activity of HDO for guaiacol, the order was as follows:

Norit> BKK>Chemviron>Merck

Sepulveda et al. (2011) investigated three different types of commercial carbon support (Norit,
Pica, and udu) varying in pore size distribution and micropore/mesopore volume ratios for a Mo2N
catalyst for the hydrodeoxygenation of 2-methoxyphenol. They also observed that Mo2N/Norit
had the highest mesopore diameter resulting in the most open porous structure. High mesoporosity
in carbon support facilitated reactant diffusion to the internal surface where the active sites were
located. Echeandia et al. (2010) reported that adsorption of water on active sites produced from an
HDO reaction can be prevented by the hydrophobic nature of carbon support that ultimately
reduces the rate of deactivation of catalysts. Carbon remains inert at the time of an HDO reaction,
which is a great advantage for transition metals because all transition metals present in precursors
will be converted into active sulfide forms. According to Wildschut et al. (), oil yield and degree
of hydrodeoxygenation were highest for carbon support. Carbon support also had a low catalyst

deactivation due to the neutral nature of carbon. The presence of some impurities like titanium and
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strontium in carbon support can change the electronic structure of active sites that might be
undesirable for an HDO reaction. The high microporosity is another disadvantage for carbon
material because for high molecular weight compounds which remains unused (Septlveda et al.,

2011).

Silica has been often used for HDO reactions due to its inert character (like carbon) and smaller
interaction with the sulfided phase. Popov et al. (2010) studied silica support for the HDO of
phenolic molecule and reported that the phenolic compound interacted through H bonding. Phenate
formation on a silica surface was very low compared to alumina support, as two-thirds of the

surface was covered by phenate compounds.

MgO and ZrO: support are also recognized as good basic supports for hydroprocessing reactions
(Ardiyanti et al., 2011; Yang et al., 2009). Yang et al. (2009) investigated CoMo catalysts
supported on MgO for the hydroprocessing of phenol . They noticed excellent coke resistance for
coking reactions for two reasons: first, MoO3/MoS2 was acidic in nature and highly dispersed on
the MgO surface due to the basic nature of the support and second, MoO3/MoS: increased the edge
plane area for promoters due to the formation of short edge-bonded MoS: slabs. ZrO: is identified
as an inert material for hydroprocessing reactions. ZrOz has high stability towards the coke
formation because it is less acidic and has less affinity towards water, which increases the activity

of the HDO.

In summary, the selection of the appropriate support for the HDO reaction is required to get the
desired product. Coke formation is another point of concern to reduce catalyst deactivation for the
reaction. Overall, carbon can be thought of as a promising carrier for this process, with appropriate

mesoporosity.
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2.5.2 Catalyst deactivation

Catalyst deactivation is loss of catalyst activity and product selectivity with reaction time, which
is considered a great loss for an HDO reaction. The cost to replace and regenerate a catalyst is too
expensive for industry. Catalyst deactivation takes place due to six reasons: (1) poisoning due to
strong chemisorption of impurities like sulfur and nitrogen to active sites, (2) fouling/coking due
to physical deposition of coke onto the surface of the catalyst, (3) thermal degradation/sintering
due to collapse of the catalyst and support surface area because of crystallite growth, (4) vapor
compound formation accompanied by transport, (5) vapor-solid (catalyst) and/or solid-solid
reactions that are reactions of fluid, support, or promoters in the catalytic phase that lead to an
inactive phase, and (6) loss of internal pores at the time of attrition/crushing (Bartholomew, 2001;
Forzatti & Lietti, 1999). Although these are the reasons for catalyst deactivation, in the literature
the most frequent reason cited is coking/fouling (Baldauf et al., 1994; Gevert et al., 1994; Laurent
& Delmon, 1994b; Laurent & Delmon, 1994¢; Wildschut et al., 2009a).

Carbon and coke are the two main sources of coking. Carbon forms from a Boudouard reaction
(2CO < 2CO2 + C), where CO dissociates to form carbon on the catalyst surface, and coke is
produced from decomposition or condensation of high molecular weight hydrocarbon compounds
on the active sites of the metal and support surface. Coke deposits may deactivate the catalyst
either by covering the active sites or by pore blocking (Echeandia et al., 2010). The composition
of coke (high molecular weight to graphite form) varies depending on the feed composition and
reaction conditions. Reactants with two oxygen-containing functional groups in the benzene ring
form coke with greater ease than those with one oxygen-containing substituent. Centeno et al.
(1995) investigated a sulfided CoMo catalyst-supported gamma alumina for a HDO guaiacol
model compound present in bio-oil and observed that coke was produced from the interaction of
guaiacol with the gamma-Al>O3 support rather than with the active metals. This is due to acidity,
which plays an important role in coking, as Lewis sites are responsible for binding species to the
catalyst surface and Bronsted sites donate protons to the deposited species to form carbonaceous
materials. But other supports, like activated carbon and ZrO:, remain inert at the time of HDO;
therefore, coking is comparatively low relative to gamma support (Ardiyanti et al., 2011; Ardiyanti

et al., 2012b; Bui et al., 2011b; Echeandia et al., 2010).
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In a traditional catalyst, Ni is used as a promoter to accelerate the activity of Mo. But Ni tends to
form coke at high temperatures, and coking tendency increases with reaction time. Ardiyanti et al.
(2012b) reported that the viscosity of the upgraded oil was more than that of the original bio-oil
due to the formation of high molecular weight compounds that further converted to coke on the

catalyst surface.

Coking is not a big problem in noble metal catalysts as they are mostly affected by sintering. As
bio-oil produced from biomass is not completely free from sulfur and nitrogen, sulfur and nitrogen
compounds act as impurities for these metals. As chemisorption of sulfur compounds on the
catalyst surface is rapid and irreversible, sulfur compounds make the catalyst inactive for HDO.
Ardiyanti et al. (2011) studied catalyst deactivation for Rh-based catalysts for a reaction time of 4
h. Deposition of carbonaceous materials after 1 h (2.6 wt%) was similar to after 4 h (2.7 wt%).
The reason was high polymerization and char formation at the initial stage of reaction time, but
with increased reaction time, the gasification rate of feed was enough to balance the formation of

carbonaceous deposits while maintaining a constant temperature (Ardiyanti et al., 2011).

The composition of lignocellulosic biomass plays an important role in the deactivation of a
catalyst. As bio-oil contains around 40-50 wt% O-containing compounds, some compounds are
highly unstable and may readily polymerize to form coke on the catalyst surface (Furimsky, 2000).
Coke formation can be reduced by proper selection of the catalyst, support, temperature, and
hydrogen pressure during a HDO reaction. The addition of extra hydrogen during the reaction can

reduce coke formation by converting unsaturated compounds to a stable saturated molecule.
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2.5.3 Temperature

Temperature is an important controlling factor for the hydroprocessing of bio-oil from
lignocellulosic biomass. In terms of temperature, the hydrotreating process is divided into two
categories: high-severity hydrotreating or deep HDO, and low-severity hydrotreating or mild
HDO. High-severity hydrotreating involves complete hydrodeoxygenation with minimal
hydrogenation at temperatures ranging from 350-400 °C and pressures greater than 200 bar
(Wildschut et al., 2009b). For low-severity hydrotreating, the temperature is maintained between
175 and 250 °C, and the pressure is greater than 100 bar, with partial hydrodeoxygenation and
reasonable hydrogenation to stabilize the unstable bio-oil. A combination of these steps

significantly reduces the oxygen content of bio-oil.

In mild HDO, crude bio-oil becomes more stable through the removal or transfer of unstable
compounds to stable ones (Elliott, 1998). Acetic acid makes bio-oil unstable. But there is no
significant change in oxygen content and viscosity in the upgraded oil. The dominating reaction in
mild HDO is the hydrogenation of carbon-carbon double bond with the partial HDO of aldehydes
and ketones. Due to complete hydrodeoxygenation at a deep HDO condition, upgraded bio-oil
contains low concentrations of oxygen. But hydrogen consumption increases significantly with the

complete removal of oxygen molecules (Wildschut et al., 2009b).

Wildschut et al. (2009b) studied the hydroprocessing of bio-oil from beech wood using noble metal
carbon-supported catalysts at both low-severity (250 °C) and high-severity hydrotreating (350 °C)
temperature conditions. They reported that the yield of both o1l and gaseous components increased
significantly with a decrease in char yield when the temperature increased from 250 to 350 °C. The
reason for the increase in liquid yield at high temperatures is due to a complete HDO reaction,
which requires excess hydrogen. The excess hydrogen and the carbon dioxide that forms during
decarboxylation increases the gas phase concentration at high temperatures (Wildschut et al.,
2009b). Figure 2.7 shows the oxygen content of upgraded bio-oil for beech wood after low- and
high-severity hydrotreating. It was found that after high-severity hydrotreating, the oxygen content

decreased significantly from the initial value of 42 wt% in the original bio-oil.
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Figure 2.7. The effect of temperature on the performance of noble metal carbon-supported

catalysts.

In another study, Wildschut and co-workers reported that at high-severity hydrotreating conditions,
CO2 was the dominating gaseous component in the gaseous phase due to unfavorable
decarboxylation reactions at high temperatures (Wildschut et al., 2010b). A methanation reaction

also started at high temperatures, a reaction not observed at low temperatures.

Zhang et al. (2005) investigated the effect of temperature on the HDO of bio-oil from sawdust in
a 500 ml autoclave using a sulfided Co—Mo-P catalyst. Figure 2.8 shows the effect of temperature
on liquid, char, and gas yield. Oil yield was low at low temperatures and increased with
temperature, but after a certain temperature there was no change in yield. The yield of char and
gaseous components was dependent on the temperature. Char yield decreased with a rise in
temperature because at low temperatures unstable components were deposited as char due to low

volatility, and gaseous components increased with temperature.

In summary, the HDO of bio-oil is affected to a large extent by temperature. As temperature

increases with time, the degree of deoxygenation changes and significantly reduces the oxygen
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concentration in bio-oil. At high temperatures, coke formation on the catalyst surface could be a

main concern and needs more attention.
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Figure 2.8. The effect of temperature on oil, char, and gas yield for the HDO of bio-oil from

sawdust.

2.6 Techno-economic analysis of the fast pyrolysis process

An investigation of the technical and economic aspects of a technology is mandatory to
commercialize it. The principal means of evaluating a new technology is a techno-economic
assessment. While fast pyrolysis is a well-established and understood technology at both the pilot
and commercial scale, most techno-economic studies of are from the mid to late 1980s. In 1992,
Solantausta et al. (1992) summarized the experimental developments in biomass liquefaction and
pyrolysis systems and carried out techno-economic studies for different feedstocks (wood, peat,
and straw) for a 1000 t d! plant. The data used for these techno-economic analyses were taken
from experimental work done by the International Energy Agency (IEA) Biomass Agreement
liquefaction activities from 1983 to 1991. The IEA estimated bio-oil production costs of 117 $ t!-
488 § t' for different feedstocks and IEA concluded that pyrolysis processes offered better
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potential than the high-pressure liquefaction technology. Gregoire and Bain (Gregoire & Bain,
1994a) did a techno-economic assessment of the production of biocrude from wood chips for a
1000 t d! plant. The selling price of bio-oil was 0.11 $ kg™ for a 15% after tax internal rate of
return. They also performed a sensitivity analysis on the process and economic parameters to
understand the effects on plant profitability and concluded that financing method, feedstock cost,
plant location, plant capacity, and depreciation method were the most important parameters.
Ringer et al. (2006a) carried out a detailed technical and economic assessment of bio-oil
production from commercial pine wood chips. They developed an Aspen Plus® model that
included feedstock preparation, fast pyrolysis, and steam and power generation processes and
reported the cost of bio-oil to be 7.62 $ GI!' on a lower heating value basis for a 550 t d! plant
(Ringer et al., 2006a). In the UK, Brown et al. (2012a) investigated the production costs of bio-oil
from two different energy crops. Their model includes the sale of biochar as a by-product of
pyrolysis and concludes that bio-oil production costs from energy crops can be equivalent to
distillate fuel oil costs (Rogers & Brammer, 2012a). Staff at the University of New Hampshire
researched the technical, environmental, and economic feasibility of bio-oil facility using low-
grade wood chips for three different plant capacities: 100, 200, and 400 t d' wet wood. The bio-
oil cost was 1.21 $ gal ™!, 0.99% gal’!, and 0.89$ gal'! for the three capacities (LaClaire et al., 2004).
Table 2.7 summarizes the techno-economic assessment of fast pyrolysis from different feedstocks.
The cost of bio-oil is reported in terms of $ L. All the cost numbers are adjusted to the 2016 US
dollar.
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Table 2-7. Earlier techno-economic analyses of the fast pyrolysis process

Year Feedstock Capacity Location Bio-oil cost Bio-oil yield Reference
SLh2 (wt%)
2015 Wood residue 2316 ton d’! South-western 0.26 60 (Popoola et al.,
Nigeria 2015)
2013 Willow tree 55drytd! Belgium 0.17 65 (Kuppens et al.,
2015)
1998 Rice husk 0.3, 100 and Malaysia 22.47, 0.45 and (Islam & Ani,
1000 kg h’! 0.22 2000)
2006 Wood chips 550 dry td! USA 0.13 60 (Ringer et al,
2006b)
2010 SRC Willow and 50-800drytd! UK 0.25-0.5 60-65 (Rogers &
miscanthus Brammer, 2012b)
2002 Low grade wood 100, 200 and 400 USA 0.32-0.26 and 72 (Farag et al,
td! 0.24 2004)
1992 Wood, peat and 1000 drytd! USA 0.17-0.40 (Solantausta et
straw al., 1992)
1994 Wood chips 900 dry td! NREL, USA 0.17 (Gregoire &

Bain, 1994a)

2 Cost is in 2016 USD.
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2.7 Techno-economic analysis of hydroprocessing technology

Upgrading bio-oil to a transportation fuel can be done through hydroprocessing, a well-established
technology in the refinery industry (Ward, 1993). Hydroprocessing involves two steps:
hydrotreating and hydrocracking. Hydroprocessing for bio-oil is still in the demonstration stage
and not yet commercialized. Moreover, little has been published on this topic which are
summarized in Table 2.8. Wright et al. (2010) did a techno-economic analysis on upgrading bio-
oil through the fast pyrolysis of corn stover to naphtha and diesel. They investigated two different
scenarios, one in which the hydrogen is purchased and the other in which it was produced, and
concluded that it is cheaper to produce of transportation fuel in the first scenario (Wright et al.,
2010). Brown et al. (2013) expanded that study by updating the techno-economic analysis of fast
pyrolysis and hydroprocessing from the same corn stover feedstock by incorporating recent
literature data . They assessed the conversion of corn stover to gasoline and diesel in a 2000 t d™!
plant and concluded that the fuel produced could be competitive with the petro-fuels (Brown et
al., 2013). Zhang et al. (2013) investigated the economic feasibility of two bio-oil upgrading
pathways: two-stage hydrotreating followed by fluid catalytic cracking, and single-stage
hydrotreating followed by hydrocracking, each for a 2000 t d™! facility . They found that the facility
employing the first pathway with hydrogen production via natural gas reforming generated a
higher internal rate of return (IRR) . In these studies, the authors investigated the production costs
of various transportation fuels from corn stover and mixed wood using different upgrading
conditions for a 2000 t d! plant capacity. However, the effects of variations in plant capacity on

the production costs of transportation fuel are not available in literature
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Table 2-8. Earlier techno-economic analyses of the hydroprocessing technology

Bio- Capacity Production cost
roduct Feedstock  Location Technology (dry Base year (2014 USD) Reference
P tonnes/day)
Lignocellu .
. Karlsruhe, . . S T L,
losic aristuie Gasification syngas-FT synthesis-diesel 2010 1.72-1.77$ L! (Trippe et a
. . Germany 2013)
Diesel biomass
Karlsruh . . S Tri L,
Coal GZ;T;L;’ Gasification syngas-FT synthesis-diesel 2010 1.09$ L! ; Orllg);a c ot a
Woody . . (Thilakaratne et
A A Mil 1 1 2 . !
biomass mes, US ild catalyst pyrolysis 000 2011 1.03$ L al., 2014)
Woody Mild catalyst pyrolysis with cogeneration of (Thilakaratne et
. . Ames, USA .. 200 2011 85§ L1
gasoline & biomass mes electricity and hydrogen 0 0 0858 al., 2014)
diesel .
fese Stover Ames, USA Fast pyrolysis + hydroprocessing 2000 2011 0.72$ L*! ;%T;‘;m et al,
ificati + Fischer-T h thesi .
Corn Ames, USA Gasification . ischer-Tropsch  synthesis and 2000 2007 122-1.528 -1 (Swanson et al.,
stover hydroprocessing 2010)
Fast lysis + i ith h ti i .
Corn Ames, USA as .pyro ysis + upgrading, with hydrogen generation 2000 2007 0.948 - (Wright et al,
naphtha & stover on-site 2010)
diesel C igh 1.
lese stgj;r Ames, USA  Fast pyrolysis + upgrading, with merchant hydrogen 2000 2007 0.64$ L' ;‘(’)vlr(l)";’ toet al,
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2.8 Status of HDRD production

Today some companies are paying attention to renewable diesel production — for example,

ConocoPhillips (ConocoPhilips; Green Car Congress), Neste Oil (Neste Oil; Neste Oil; Neste Oil),

Petrobras in Brazil (BiofuelsDigest) — and others plan to produce renewable diesel, e.g., Nippon

Oil in Japan (The University of California Davis & The University of California Berkeley), BP in

Australia (BP), and Syntroleum (Syntroleum), Tyson (Tyson), and UOP-Eni in the United States

(Honeywell). All the existing companies are using vegetable oil and animal fat as the feedstock

for renewable diesel production. ConocoPhilip uses vegetable oil and crude oil, Neste’s plant

processes vegetable and animal fats, and Brazilian Petrobras uses co-processed vegetable oils.

Table 2.9 summarizes the commercial producers of renewable diesel. However, substantial

research is still needed in order for renewable diesel to replace diesel and gasoline on a large scale.

Table 2-9. Commercial renewable diesel plants

Company Plant Location  Capacity On-Stream Reference
CoconoPhilips Cork, Ireland 1000 bbl d! 2006 (Green Car
Congress)
Neste Oil Rotterdam, 800,000 t y! 2010 (Neste Oil)
Netherlands
Neste Oil Singapore 800,00 t y’! 2010 (Neste Oil)
Neste Oil Porvoo, Finland 190000 t y! 2007 (Neste Oil)
Neste Oil Porvoo, Finland 190000 t y! 2009 (Neste Oil)
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2.9 Issues with hydroprocessing

2.9.1 Economic analysis

Economic viability is an important factor for any process when it is compared with a developed
process. According to Elliott and Neuenschwander, there are four major cost considerations in bio-
oil hydroprocessing: raw bio-oil cost, capital cost, hydrogen cost, and relative product value
(Elliott, 1998). A number of techno-economic studies are available on the production of bio-oil
from biomass (Cottam & Bridgwater, 1994; Gregoire & Bain, 1994b; Islam & Ani, 2000; Ringer
et al., 2006b), but very limited study has been done on the techno-economic assessment of the
upgrading of bio-oil using hydroprocessing technologies (Wright et al., 2010). The National
Renewable Energy Laboratory (NREL) has completed a techno-economic assessment of bio-oil
from corn stover to transportation fuel that includes both naphtha-range and diesel-range
distillation fractions (Wright et al., 2010). The NREL did the analysis for two scenarios for bio-oil
upgrading through hydroprocessing: on-site hydrogen production and a hydrogen purchase
scenario. According to their results, costs were lower in the second scenario due to the difference
in capital costs of a hydrogen reforming plant. Production costs of transportation fuels from
pyrolysis-derived biofuels are competitive with production costs of other renewable fuels
(biodiesel); however, the technology is relatively immature, and so there is a high level of
uncertainty. Another techno-economic assessment was done by a team from the Pacific Northwest
National Laboratory for the production of diesel and gasoline from hybrid poplar via fast pyrolysis,
hydrotreating, and hydrocracking (Jones et al., 2009). The team observed that this method could
be financially attractive if the pyrolysis plant was located within an existing refinery in order to

reduce the capital costs of the hydrotreating unit and the steam reforming unit.

A stand-alone renewable diesel unit requires a large capital investment as the material required for
handling bio-oil is expensive. But the overall cost can be optimized by building the new unit near
the existing refineries in order to make use of an existing hydrogen facility, as well as electricity,

steam, and a recycle gases management unit (Eco Resources Consultants).
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Capital costs for a pyrolysis unit, a hydrotreating unit, and a hydrogen reforming unit contribute
approximately 85% of the total costs, and each unit has an equal weight.. There could be a large
reduction in capital costs if the hydrotreating unit of an existing refinery is used. As the
hydrotreating unit is operated at high pressure and temperature conditions, more care should be
taken to determine the space velocity (volumetric flow rate of the feed/volume of the reactor) to

reduce the capital cost (Wright et al., 2010).

The cost of the bio-oil is the largest component in the hydrotreating product costs; therefore, the
product yield is a primary consideration for process optimization. The composition of renewable
diesel varies depending on the composition of the bio-oil. For improved cold-flow properties, we
need more short and isomerized alkenes than long-chain alkenes, and these properties depend

completely on the elemental composition of the bio-oil.

Hydrogen also makes up a significant portion of the total cost. The optimization of hydrogen could
be done following careful study of reaction mechanisms of different oxygenate compounds, where
hydrogen is consumed in excess amounts. Unstable compounds such as acetic acid, olefins, etc.,

could be removed before hydrotreating (Wright et al., 2010).

2.9.2 Gaps in knowledge

More experimental work is required to determine optimal operating conditions, e.g., catalyst,
catalyst deactivation, temperature and pressure in the hydroprocessing unit, to control product
yield. The reactor configuration plays an important role in reaction rates and mass transfer of feed.
Channeling, clogging, and entrainment are major problems in reactors due to uneven distribution
of materials. Selection of proper metal and support is important to reduce catalyst deactivation,

which is reported as the main concern in this upgrading process.

Carbon deposition on a noble metal catalyst is comparatively lower than on the benchmark catalyst

(gamma alumina-supported sulfide NiMo/CoMo catalyst), but a noble metal catalyst is affected
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by small concentrations of sulfur present in feedstock and highly expensive compared to transition
metal catalysts. Due to the acidic nature of gamma alumina, gamma alumina is not so effective for
this process compared to activated carbon and MgO, which remain inert throughout the reaction.
Therefore, the optimization of metal and the support system is required to get catalysts that are

technically and economically feasible.

Temperature is another key operating parameter for the hydroprocessing process in the elimination
of oxygen compounds in order to increase the heating value of renewable diesel. At high
temperatures and pressures, the concentration of oxygen is reduced significantly, from 40-50 wt%
to 3-8 wt%, but high temperature hydroprocessing is associated with high hydrogen consumption
and low oil yield. Therefore more research is required to optimize the relationship between
hydrogen consumption, oil yield, and temperature, given that oil yield and hydrogen consumption
significantly affect the costs of crude bio-oil and hydrogen production. In other words,

optimization of operating conditions is necessary for better product yield.

More research is required in production of renewable diesel from lignocellulosic biomass to make

this economically feasible.

2.10 Conclusions

Biomass-derived biofuels have the potential to replace fossil fuels and are the only renewable
carbon resource that has a short production cycle and is carbon neutral. Among all biofuels,
renewable diesel is the only fuel that can directly replace petro-diesel with one of a more superior
quality than the minimum diesel standard requirement decided by fuel regulators.
Commercialization of renewable diesel is yet to be attained due to the following technological

gaps and economic disparities.

e Technological gaps include the consideration of bio-oil composition from different

feedstocks, catalyst selection, and the temperature of the hydroprocessing process. The
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oxygen content of bio-oil makes hydroprocessing more challenging, so effort should be put
toward reducing the oxygen content in bio-oil before it is put into the hydrotreater.
Catalytic pyrolysis should be implemented in place of non-catalytic pyrolysis to reduce the
oxygen content and stabilize the bio-oil before further processing.

More research should be done in the area of catalyst regeneration and recycling to increase
the lifetime of catalysts.

A process can be practically feasible if it is economically sound; however, studies on costs
are lacking. Work on different feedstocks ought to be carried out to support the
development of large-scale processes.

Although several challenges are associated with hydroprocessing, several factors, such as
environmental concerns, population rise, and depletion of fossil fuels, need attention so
that energy can be directed toward renewable diesel serving as a transportation fuel to fulfill
our future needs. Hence this topic will to continue to be one of the most energetic topics of

research until bio-oil is commercialized.
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Chapter 3: Predicting the Biomass Conversion Performance in a

Fluidized Bed Reactor using Isoconversional Model Free Method?

3.1 Introduction

Globalization and industrialization have direct and indirect effects on the environment due to
increased consumption of fossil fuels, which results in global warming and greenhouse effects.
The continuous use of fossil fuels ultimately threatens the ecosystem, as the global environment
was already degrading. Therefore, for the last few decades researchers have been focusing on
renewable resources such as solar, wind, biomass, hydro, etc. Of all the renewable resources,
biomass is gaining significant attention as it can be directly converted to transportation fuels and

replace fossil fuels (Parikka, 2004; Patel & Kumar, 2016).

There are both thermochemical and biological technologies available to convert lignocellulosic
biomass to different end products such as biofuels and chemicals. But thermochemical conversion
is considered the most promising (Patel et al., 2016). Pyrolysis is considered the fundamental
process for all thermochemical conversions because it can convert biomass to a solid, liquid, or

gas in the absence of oxygen (Goyal et al., 2008). To produce biofuels equivalent to fossil fuel,

3A version of this chapter has been published in The Canadian Journal of Chemical Engineering: Patel M, Oyedun A, Kumar A,
Gupta R. Predicting the biomass conversion performance in a fluidized bed reactor using isoconversional model free method" in
The Canadian Journal of Chemical Engineering (in press)
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fast pyrolysis is widely used as it enhances the liquid yield with moderate temperature and pressure
condition at low residence times in a fixed bed or fluidized bed reactor (Patel et al., 2016).
Fluidized bed reactor is widely used for fast pyrolysis technology to produce liquid fuel (Burton
& Wu, 2017; Choi et al., 2017; Morin et al., 2016; Patel et al., 2018; Soria-Verdugo et al., 2017;
Zhang et al., 2017). The advantages of this type of reactor are; uniform temperature, low
investment, good gas solid contact, ability to handle varieties of feedstock with wide particle size

distribution, low maintenance and high heating rate etc. (Warnecke, 2000).

For complete utilization of biomass through pyrolysis, it is required to investigate the kinetics of
pyrolysis and thermal degradation/decomposition of the solid to biochar. Thermogravimetric
analysis is the right platform for estimating the pyrolysis kinetic of biomass by two methods:
isothermal and non-isothermal analysis. Basically these two methods are used to estimate kinetic
parameters in term of activation energy (Ea) and pre-exponential factor (A). Compared to the
isothermal method, non-isothermal method is more convenient and accurate in terms of the Ea and
A (Vyazovkin & Wight, 1999). Non-isothermal solid kinetic methods are divided into two groups,

which are listed in Figure 3.1.

Kissinger

Flynn-Wall-Ozawa (FWO)

Kissinger-Akahira-Sonuse (KAS)

Model-free (iso-conversional)

Non-isothermal method

Single/Multiple reactio model

Freeman-Carroll

Model fitting

Coats-Redfern

Distributed activation energy model

Figure 3.1. Non-isothermal solid kinetic methods
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In the past, model fitting methods (single or multiple reaction model, Coats Redfern method etc.)
were used more than model-free methods because kinetic parameters could easily be determined
from a single set of experiments (Ceylan & Topgu, 2014; Hu et al., 2007; Li & Suzuki, 2009;
Rossell6 et al., 2016; Varhegyi et al., 1997; Vyazovkin & Wight, 1999). But overall model fitting
methods predict highly uncertain values for the Arrhenius parameters as they use very limited non-
isothermal experimental data and all the experiments are performed at single heating rate. On the
other hand, the isoconversional model-free method predicts more accurate values of kinetic
parameters since it uses the extent of the conversion of the biomass with time or temperature. A
study by ICTAC Kinetics Committee also investigated the reliability of different thermal analysis
method including model free and model fitting method and recommended to avoid the method
which use single heating rate program to enhance the accuracy of the model (Vyazovkin & Wight,
1999). Therefore, the model-free method is highly trustworthy compared to the model fitting
method for estimating reliable and consistent kinetic information for non-isothermal data. The Ea
can be determined without assuming or estimating any form of reaction model. The estimated Ea
at corresponding conversion are almost similar for Flynn-Wall-Ozawa (FWO) and Kissinger-

Akahira-Sonuse (KAS) (Huang et al., 2016; Slopiecka et al., 2012).

Previous literatures have been published on estimation of kinetic parameters of biomass
degradation to biochar using model free method (Chandrasekaran et al., 2017; Damartzis et al.,
2011; Hu et al., 2016; Huang et al., 2016; Lopez-Velazquez et al., 2013; Mishra et al., 2015;
Muktham et al., 2016; Quan et al., 2016; Slopiecka et al., 2012; Varma & Mondal, 2016). Huang
et al., (2016) investigated the pyrolysis kinetics of soybean straw using KAS and FWO method in
an inert Argon atmosphere and reported that initially Ea increased smoothly as conversion
increased to 0.1 to 0.3, then it maintained a constant trend till 0.6 and decreased drastically from
176 kJ mol™! to around 50 kJ mol! as conversion increased from 0.6 to 0.7. The reason stated for
increase and flat trend off Ea due to the cellulose and hemicellulose content and drastically
decreased in Ea due to lignin decomposition which required low energy. Chandrasekaran et
al.,(2017) studied the pyrolysis kinetics of Prosopis juliflora using KAS, FWO and Friedman
model and presented different trend of Ea with the conversion from the previous study. First, Ea

increased, then decreased and further increased with increase in extent of conversion and the
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reason was the involvement of multistep reactions instead of single step reaction mechanism for
the decomposition of biomass. Muktham et al. (2016) studied the thermal behavior of de-oiled
karanja seed cake biomass using model free thermogravimetric analysis. They found that Ea
decreased with increase in conversion, as high conversion observed at high temperature and the
energy required at elevated temperature was lower than the lower temperature. Quan et al. (2016)
investigated the kinetic and thermochemical behavior of three components of biomass: cellulose,
hemicellulose and lignin using FWO method and presented completely different behavior of Ea
for these individual feedstock. They estimated the average Ea for cellulose, hemicellulose and
lignin to be 141 kJ mol™!, 126 kJ mol™! and 167 kJ mol!, respectively. According to them, Ea
required was highest for lignin in contradiction to the Huang et al.,( 2016). There are other studies
available in the literature regarding the estimation of Ea for the different kind of biomass using
model free method (Abdelouahed et al., 2017; Hu et al., 2016; Kantarelis et al., 2011; Maia & de
Morais, 2016; Mishra et al., 2015; Polat et al., 2016; Varma & Mondal, 2016).

From the above studies, it can be concluded that the trend of Ea varies due to the composition and
properties of biomass, operating condition of TGA and the method used for the analysis. Therefore,
it is essential to estimate the kinetic parameters for the specific Canadian feedstock which will
further help in designing the reactor, downstream process and the cost estimation of the entire
pyrolysis and upgrading process to produce biofuels from the biomass. In literature, there are only
two papers reported on the pyrolysis kinetics of Canadian forest residue and wheat straw with

limited analysis (Harun & Afzal, 2010; Mani et al., 2010).

The specific objectives of this study are to:

e To estimate the kinetic parameters from thermogravimetric analysis for different
feedstocks using isoconversional model free method

e To investigate the effect of temperatures and particle size on the char yield in fluidized bed
reactor

e To apply kinetic parameters obtained from TGA to predict the biochar yield in the fluidized

bed experiments
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e To study the effect of particle size on the biomass conversion to char in the fluidized bed

reactor

This study focused on the investigation of thermal degradation and pyrolysis kinetics using a
model free thermogravimetric analysis of four Canadian feedstocks: two Canadian woody biomass
(spruce and aspen) and two Canadian agricultural residues (corn stover and wheat straw). The
kinetic parameters were estimated using isoconversional FWO method for decomposition of
biomass to bio-char. To perform thermogravimetric analysis, four sets of heating rate (2 ‘C min™,
5°C min™!, 10 °C min"'and 15 °C min™') were considered for a temperature range of 30 - 900°C in
a nitrogen atmosphere. Simultaneously, the thermal degradation of these feedstocks to biochar
through fast pyrolysis were investigated in a fluidized bed reactor at different temperatures and for
different particle size distributions. We estimated the Ea from the fluidized bed using simple
Arrhenius model and compared with the TGA kinetic parameters from FWO method. The global
kinetic parameters (the average for all the conversions) obtained from the TGA were used to
simulate biomass conversion at different temperatures and for particle size of 0.425-1mm were
compared with experimental biochar data obtained at different temperatures in the fluidized bed

reactor, which gave very interesting results.

3.2 Basic Pyrolysis Kinetics

In general, when biomass is heated in a nitrogen-controlled atmosphere with zero concentration of
oxygen at a constant heating rate, the biomass will decompose into volatiles and biochar. This can

be illustrated by Equation (1):

Biomass (solid) — volatiles (gas) + biochar (solid) (D)

The kinetics of the thermal decomposition of lignocellulosic biomass is complicated as it involves

a set of both parallel and series reactions. But a TGA is the right platform from which information
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on overall reactions can be obtained rather than on the individual reactions for the calculation of

kinetic parameters.

The estimation of the kinetic parameters of the decomposition of the lignocellulosic biomass from

the TGA data is based on the rate expressed in Equation (2):

da _ (2)
T k(T)f (a)

where:
o extent of reaction (conversion)
t time (min)

k (T) rate constant of the reaction (s
f(a) reaction model

The extent of reaction, a, is defined in terms of the weight loss of the biomass sample or formation

of volatiles and can be expressed as:

M = Maq A3)
m; — mf

S}
Il

where:
mi initial mass of the sample (kg)
ma actual mass of the sample at time t (kg)

mr final mass of the sample after the end of the reaction (kg)
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The rate constant, k(T), is defined according to the Arrhenius equation, as follows:

Eq
k(T) = Aexp(— ﬁ) “

where:

E. activation energy (kJ mol™)

T absolute temperature (K)

R gas constant (8.314 J K-! mol ™)
A pre-exponential factor (min™)

The mathematical expression for the reaction model, f (o) is represented by Equation (5):

fl@=@1-a)n )

where n is the order of the reaction. For this study n was considered to be 1.

The substitution of Equations (4) and (5) in Equation (2) results in Equation (6), which is the

fundamental expression used to calculate the kinetic parameters for solid state decomposition

reactions.
d(l —Eq
= AR (1-) ©)

For non-isothermal thermogravimetric experiments at the linear heating rate p = dT/dt, Equation

(6) can be revised as follows:
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da da —Eq (7)
E— ﬁ—AeRT(l—a)

And can be further simplified to:

da' A -Eg4 (8)
dt B

3.3 Experimental Methodology

3.3.1 Material Preparation and Characterization

For this study, four different lignocellulosic biomass feedstocks were selected: aspen hardwood,
spruce softwood, corn stover, and wheat straw. Corn stover (Zea mays ssp. mays L.) and wheat
straw (Triticum aestivum L.) were collected from farms in southern Alberta and in northern
Alberta, Canada, respectively. Aspen (Populus tremuloides —) and spruce (Picea abies) wood
chips were gathered from Weyerhaeuser in Edson and in Drayton Valley, Alberta, respectively.
These feedstocks were selected based on the availability in Western Canada. The particle sizes of
the supplied feedstocks were 6 — 10 mm. This particle size was too large for the TGA experiments
and fluidized bed fast pyrolysis. Therefore, the feedstocks were ground to less than 1 mm using a
grinder and sieved through mechanical screens ranging from a mesh size of 2 mm to less than
0.125 mm. For fast pyrolysis in the fluidized bed reactor, three ranges of particle size distribution
were considered: 0.125-0.425 mm, 0.425-1 mm and 1-2 mm (average particle diameter of 0.275,
0.7125 and 1.5 mm). For the TGA experiments, samples were taken from the mesh size of 0.425-
1 mm. The prepared samples were stored in properly sealed glass bottles to prevent contact with
atmospheric moisture. The proximate and ultimate analysis and chemical composition of these
biomass feedstocks were summarized in Table 3.1. A proximate analysis was conducted through
thermogravimetric analysis (701, LECO, St. Joseph, MI, USA) and an ultimate analysis was
carried out using an Elemental Analyzer (EA1108, Carlo Erba, Val de Reuil, France) for CHNS

(carbon, hydrogen, nitrogen, and sulfur) and oxygen was estimated by difference. Table 3.2 shows
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the typical chemical composition of all biomass feedstock (Bilba et al., 2013; Burhenne et al.,
2013; Demirbas, 1997; Ohgren et al., 2007; Pettersen, 1984; Yildiz et al., 2006; Zhu et al., 2009).
According to chemical analysis, woody biomass is rich in cellulose and lignin whereas agricultural

residues content more ash and low lignin.

Table 3-1. Ultimate and proximate analyses of biomass samples

Wheat straw  Corn stover Aspen Spruce softwood
hardwood

Proximate analysis (dry basis)
Ash 6.3 6.1 0.32 0.5
Volatile 75.4 76.3 83.3 82.3
Fixed carbon 18.3 17.6 16.3 17.2
Moisture 4.1 6.2 3.2 3.9
Ultimate analysis (dry basis)
Nitrogen 0.8 1.2 0.2 0.2
Carbon 42.2 41.5 46.5 47.5
Hydrogen 5.7 5.6 5.6 6.4
Sulfur 0.03 0.05 0 0
Oxygen 51.1 50.3 473 45.9

Table 3-2. Typical chemical analysis of biomass samples

Cellulose Hemicellulose Lignin Ash Reference

Aspen 45-55 30-35 22-30  0.1-1 (Bilba et al, 2013;

hardwood Demirbas, 1997,
Pettersen, 1984)

Spruce 40-50 20-30 25-35  0.5-1 (Bilba et al, 2013;

softwood Burhenne et al.,, 2013;
Demirbas, 1997; Yildiz et
al., 2006)

Wheat straw 25-35 40-45 15-22 5-12 (Burhenne et al., 2013;
Demirbas, 1997)

Corn stover 40-50 28-32 12-20  4-8 (Demirbas, 1997; Ohgren
et al., 2007; Zhu et al.,
2009)
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3.3.2 Thermogravimetric Analysis

The TGA of lignocellulosic biomass is performed using a Thermogravimetric Analyzer SDT Q600
(New Castle, DE, USA). To maintain pyrolysis conditions, high-purity nitrogen was used as carrier
gas at a constant flow rate of 50 mL/min throughout the run. About 10-11 mg of prepared biomass
samples were placed in the alumina crucible and for accuracy all the experiments were repeated
three times. For all feedstocks, thermogravimetric analyses were performed at four different
heating rates: 2, 5, 10, and 15 °C min™!. The temperature used for the decomposition study ranges
from room temperature to 900 °C. At the end of all the experiments, the isothermal condition was
maintained for 15 minutes. During the experiments, weight loss was monitored with temperature
and time in a nitrogen-controlled atmosphere. A Type R thermocouple was used to monitor the
temperature in the thermogravimetric analyzer. The data for the TGA and derivative
thermogravimetric (DTG) curves for different feedstocks obtained from the TGA equipment were
analyzed using TA instruments Universal Analysis 2000 software. The data extracted from this
software were used to calculate Ea and A. To estimate the kinetic parameters, Flynn-Wall-Ozawa

method was used.

The Flynn-Wall-Ozawa method

The FWO method is an integral iso-conversional model-free method. In this method, it is assumed
that the Ea is not constant with changes in conversion. So the corresponding temperatures for
conversion at different heating rates are different. This method is derived by three scientists,
Joseph Flynn, Leo Wall, and Takeo Ozawa (Flynn & Wall, 1966; Ozawa, 1965; Venkatesh et al.,
2013), and the final form is represented by Equation (9) as follows:

©)

Ing; =1 oL 5.331 — 1.052 o
np; = in — 2. — L
' Rg(a) RTai

where g () is constant at a constant conversion and i represents the given value of the heating rate.

The apparent Ea of the biomass can be estimated from the slope of the plot of In () vs. I/T.
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3.3.3 Pyrolysis in A Fluidized Bed Reactor and Operating Conditions

The fast pyrolysis of four Canadian biomass feedstocks ranging from woody biomass to
agricultural residues was carried out in a laboratory-scale batch fluidized bed reactor. All the
experiments were conducted in an inert nitrogen atmosphere. A schematic diagram of the fluidized
bed reactor is shown in Figure 3.2. The main components of the set-up were a two-valve feeder,
fluidized bed reactor, cyclone separator, and condensers. The reactor was made of stainless steel
and its internal diameter and height were 10 and 100 cm, respectively. A 35 cm high detachable
reactor bed was situated at one end of the reactor (as shown in Figure 3.2) and a perforated plate
was embedded at the bottom of the bed for the uniform distribution of the nitrogen gas to the
fluidized sand bed. The reactor consisted of a vertical split furnace with three heated zones, and
the temperature of the experiments was monitored with a K-type thermocouple. The temperature

calibration was conducted to estimate errors in reaction temperature, which were + 5%.
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Figure 3.2, Schematic diagram of a fluidized bed reactor
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The end products from these fast pyrolysis experiments were bio-oil, non-condensable gases, and
biochar. All the experiments were carried out for a range of temperatures (400 — 520 °C) and three
particle size distributions for all four biomass feedstocks. Biochar was collected from the reactor
bed and the biochar collector of the cyclone separator. After biochar separation, pyrolysis vapor
was passed through a series of condensers that were placed in a bucket of ice and water for proper

condensation. Finally, non-condensable gases were passed to the vent.

In the fluidized bed reactor, 250 g of sand with a mean particle size of 230 um was used as the bed
material, and nitrogen, the fluidizing medium, was introduced from the bottom of the reactor. The
minimum fluidization velocity of the sand was calculated using Wen and Yu’s correlation (Wen
& Yu, 1966), 5 L min! at room temperature. 50 g of biomass was introduced into the reactor after
the targeted temperature was reached in the reactor. It is important to note that this study focused
on comparing kinetics from both the fluidized bed and the TGA study; therefore, only the biochar

amount was estimated and other products were not reported.

Arrhenius model

To compare the kinetic parameters obtained in the TGA with fluidized bed, global Ea was
calculated from the fluidized bed pyrolysis data. To calculate Ea, first order reaction kinetics was

considered, as shown below:

d
_AM  em (10)
dt
Mt dm ft (11)
— = | —kdt
M, M 0
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M, = Mye™*t (12)

where Mt is biochar remaining after time t (kg)
Mo is the biomass fed to the reactor (kg)
t is time (min)

k is the rate constant for the first order reaction, which can be estimated from Equation (4).

3.4 Results and Discussion

3.4.1 Thermogravimetric Analysis

3.4.1.1 Thermal degradation of biomass feedstocks in TGA

This study conducted a thermogravimetric analysis of four different lignocellulosic biomass
feedstocks: aspen, spruce, wheat straw, and corn stover. Figure 3.3 shows the TGA thermograms
of the four feedstocks, while Figure 3.4 shows the derivative thermogravimetric (DTG) curves for
a heating rate of 10 °C min™! in a nitrogen-controlled atmosphere for woody biomass (spruce and
aspen) and agricultural residues (wheat straw and corn stover). DTG plot is the quantitative
representation of TGA thermograms in terms of decomposition rate, pyrolysis zones with peak,

peak temperature and the temperature ranges for the corresponding pyrolysis zone.
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Figure 3.3.TGA curves of four different biomass samples as a function of temperature at a
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Figure 3.5 shows the detailed distribution of the three stages in the pyrolysis process in a nitrogen
atmosphere. Table 3.3 summarizes the results of the thermal degradation for the four feedstocks at
a heating rate of 10 “C min™'. For all four feedstocks, these three zones were repeated, as can be
observed in TGA thermograms and DTG plot (Figure 3.3 and 3.4). Stage 1 represents the moisture
removal and the percentage weight losses at this stage for spruce, aspen, wheat straw, and corn
stover were 7%, 4%, 6.3%, and 6.4%, respectively. Biomass dehydration took place between room

temperature and 110 °C which corresponds to the first peak in the DTG plot (see Figure 3.4).
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Figure 3.5.The TGA curve of spruce with detailed thermal decomposition zones as a

function of temperature at a heating rate of 10 °C min™! in nitrogen atmosphere

After moisture removal, active pyrolysis started, and the majority of the weight loss occurred at
this stage. The active pyrolysis temperature varied with the feedstock and is given in Table 3.3.
The onset temperature of stage 2 was between 180 and 200°C for all feedstocks. The peak
temperatures, where the rate of devolatilization was higher, were 358°C, 371°C, 317°C, and 305°C,
respectively, for aspen, spruce, wheat straw, and corn stover. The decomposition rates for these

feedstocks were 12.3 wt% min™', 11 wt% min™', 5.5 wt% min’!, and 6.3 wt% min’!, respectively
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which is shown in the DTG plot. The rate of devolatilization (decomposition rate) for woody
biomass (aspen and spruce) was much higher than that of agricultural residue (wheat straw and
corn stover) because of high volatiles content and low ash content. The difference in peak
temperature for different feedstocks can also be related to the elemental composition of the
biomass. From the composition and chemical analysis, it can be seen that carbon content and
volatiles were lower for agricultural residues, so the onset temperature active pyrolysis zone for
agricultural residue was started a little ahead of temperature woody feedstock. In the active
pyrolysis zone, one big peak with a small should at the starting point of can be observed clearly in
the Figure 3.4 for all the feedstocks, although the peaks were more distinct for woody biomass.
The small shoulder represented the decomposition of the hemicellulose present in the feedstocks,
which usually occurred at low temperature between 200 — 250 °C (Damartzis et al., 2011; Garcia-
Maraver et al., 2013). The cellulose decomposition of the biomass was shown by the big peak of
a stage-two devolatilization zone. The decomposition of hemicellulose and cellulose was distinctly
visible in the DTG plot of aspen and spruce. The area under shoulder was lower than under peak
2 because cellulose was the dominating composition compared to hemicellulose and lignin
(Burhenne et al., 2013). Hemicellulose decomposition started around 200 - 250 °C followed by
cellulose decomposition, which initiated just after that and continued till 400 — 450 °C depending
on the feedstock.

Table 3-3. Peak temperature, range of active pyrolysis, and rate of decomposition of biomass

samples from DTG plot

Biomass Moistur  Onset of Temperatur Peak Maximum Volatiles Solid

feedstoc e loss devolatilizatio e range of temperature rate of evaporate left

k (wt%) n (°C) active , Tm (CC) decompositio d (%wt) wt%
pyrolysis n (wt% min” )
(0) 1

Aspen 7.0 195 195-420 358 12.3 70.0 9.4

Spruce 4.0 200 200-415 371 11.1 66.5 11.2

Wheat 6.3 170 170-390 317 5.5 513 233

straw

Corn 6.4 180 180- 385 305 6.3 48.7 253

stover
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The third zone on the TGA thermograms was passive pyrolysis. After the end of the second stage,
the third stage started and was basically the lignin decomposition region (Damartzis et al., 2011;
Garcia-Maraver et al., 2013). In this zone, the total degradation and rate of thermal decomposition
were low and continued to 900 “C. The decomposition rate was significant at 400-600 “C for all
the feedstocks in this zone and above that decomposition was very low. The solids left at the end
of the reaction were biochar. The amount of biochar at the end of the reaction was 9.4, 11.2, 23.3,
and 25.3 wt%, respectively, for spruce, aspen, wheat straw, and corn stover. The biochar for the
woody biomass was considerably lower than for wheat straw and corn stover due to the higher ash

content of agricultural residues.

3.4.1.2 Effect of heating rate

The effect of heating rate on the TGA and the DTG for spruce softwood is illustrated in Figure 3.6
and 3.7, respectively. The response of all the feedstocks to the different heating rates was similar
to that of spruce. From these figures, it can be observed that heating rate affected the TGA and the
DTG curves, position of peak temperature, biochar yield, and decomposition rate at peak
temperature. All the data points in both curves shifted towards the right with an increase in heating
rate and the amount of biochar remaining was 9.1 wt%, 8.0 wt%, 4.5 wt%, and 1.2 wt%,
respectively, for heating rates of 15 °‘C min™', 10 ‘C min!, 5 °C min!, and 2 °C min"!. The difference
in the amount of biochar was due to the heat transfer and reaction time at different heating rates.
For a higher heating rate, to reach a target temperature (900°C), the time required was far lower
than for a low heating rate (residence time: 60 min for 15 °C min™' and 450 min for 2°C min™).
Hence, at a lower heating rate, more than sufficient reaction time was available for the structural
decomposition of the biomass (cellulose, hemicellulose and lignin) compared to a high heating
rate for the same feedstock at the same temperature. At lower heating rate, it gets more residence
time so that temperature can reach to the core of the biomass to decompose, including secondary
pyrolysis reactions of tar/gas with char. Therefore, the solid remained was lowest at 2°C/min
compare to other heating rate. This observation can be confirmed from the DTG plot, which shows
the temperature required for the decomposition of the material per minute was quite high at 15 °C
min! (17.7°C min'") and vice versa for the 2°C min™ (2.2 °C min™!). At a low heating rate, nitrogen

gas took a long time to reach equilibrium with the furnace temperature and, due to the long reaction
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time available; pyrolysis reaction was completed and yielded almost negligible biochar. These
conclusions were completely aligned with those in the literature (Mehrabian et al., 2012; Salin &

Seferis, 1993).
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Figure 3.6. TGA curves of spruce at four different heating rates
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3.4.1.3 Pyrolysis kinetics from TGA

The kinetic parameters from the TGA were estimated for each biomass sample using the model-
free FWO method. Figure 3.8 shows the FWO plot of spruce hardwood at different conversion.
The trends of the other biomass samples were similar to those of spruce for this method. Ea and A
were estimated from the slope and intercepts of the FWO plot respectively. Figure 3.9 shows the

variation of Ea with conversion for all the biomass feedstocks.
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Figure 3.8. FWO plot of spruce hardwood for a range of conversions
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Kinetic parameters were estimated from the FWO method for all the biomass samples using
Equation (9) for a particular value of conversion, a. From Figure 3.9 it can be observed that the
activation energy is monotonously increasing with conversion 120-220 kJ mol™). Therefore, it can
be predicted that the remaining biomass becomes more refractory (harder to decompose) with
pyrolysis at different conversions. This agrees with the fact that lower Ea is required for
decomposition of cellulose and hemicellulose than lignin (Quan et al., 2016; Slopiecka et al.,
2012). The calculated average squares of the correlation coefficients, R%, were higher for all the
cases and were from 0.98 -0.99. For all the feedstocks, Arrhenius constant varied between 1E+7

min™' — 3E+12 min™".

From Figure 3.9, it can be noted that the Ea of the feedstocks lies in the range of 110 -215 kJ mol’
!. The Ea for the woody biomass is found to be higher than the agricultural residues (herbaceous
biomass). The variation of Ea for different biomasses is related to the chemical composition in

terms of cellulose, lignin, and hemicellulose. The woody biomass feedstocks have higher lignin
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content and lignin is a complex and high molecular weight molecule, it needs high Ea to decompose
(Burhenne et al., 2013). Huang et al. (1998) studied the thermal degradation of cellulose and Lv et
al. (2010) investigated the kinetics of hemicellulose present in biomass. They reported that the Ea
required to decompose these materials depends on the quantity and molecular structure of the
material present in the biomass. As wheat straw contains less cellulose than woody biomass and

corn stover, the required Ea is lower than in the aforementioned feedstocks.

3.4.2 Fast Pyrolysis in Fluidized Bed

3.4.2.1 Biomass conversion with temperature and particle size

The effects of temperature and particle size distribution on the decomposition of biomass to solid
residue were studied in a fluidized bed reactor for several lignocellulosic Canadian biomass
feedstocks. Figure 3.10 shows ranges of biomass conversion with temperature for all the
feedstocks at a fixed particle size of 0.425 — Imm. The selected temperature range was 400 - 520°C
was for all the feedstocks. Particle size distribution was also tested for each feedstock at 490°C and
is shown in Figure 3.11 for the conversion of biomass. When the temperature increases, the
decomposition of biomass to volatiles starts and biochar is obtained as the leftover. At 400°C,
biomass conversion by weight was 57%, 56%, 51%, and 50% for aspen, spruce, corn stover, and
wheat straw, respectively. Biomass conversion was low due to insufficient Ea at low temperatures
and with a further increase in temperature, all the volatiles came out. The highest biomass
conversion by weight was 91%, 92%, 87%, and 84% for aspen, spruce, corn stover, and wheat
straw, respectively. As woody biomass contains more volatiles and less ash than does agricultural
residue, higher biomass conversion was achieved. The higher decomposition rate of smaller
particle sizes could be attributed to their larger surface area and thus higher heating rates. The
variation of biomass conversion with particle size was between 2-4 wt% for all the feedstocks
which had significantly less effect on the estimation of kinetic parameter for the considered particle
size distribution for the fluidized bed reactor analysis (Heidari et al., 2014; Wang et al., 2005). Of
the parameters temperature and particle size, temperature had a considerable effect on biomass

conversion and particle size distribution had minimal effect.
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3.4.2.2 Estimation of kinetic parameters from the fluidized bed reactor

Figure 3.12 shows the plots between In(k) and 1/T for aspen, spruce, wheat straw, and corn stover.
It is interesting to observe that for all the feedstocks, this plot was a straight line. Ea was calculated
from the slope and the Arrhenius constant was calculated from the intercept. Table 3.4 compares
the global Ea from both the fluidized bed reactor and the TGA analysis and shows that the
difference in Ea was within 7 — 12 kJ mol ™. The expected global Ea required in fluidized bed reactor
was lower than the TGA due to high heating rate, method used for kinetic analysis and biomass
conversion. An increase and decrease in particle size had small effect on biomass conversion
(within 2-4% of the conversion) (see Figure 3.11). Heidari et al., (2014) investigated variations of
pyrolysis products for three average particle sizes — 1.5, 2.4 and 3.5 mm — at 450°C and reported
that biomass conversion decreased from 87 to 83 wt% with an increase in particle size. Wang et
al.,(2005) also studied the effect of particle size distribution on biochar yield for a wide range,
from 0.4 mm to 17 mm. They also concluded that biochar yield increased with an increase in
particle size. The variation in yield was significant after an average diameter of 2mm, but for a

lower average particle size of less than 2 mm, the change in yield was minimal, as reported by
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Heidari et al, (2014). For this study, the selected average particle diameter ranges were 0.27 — 1.5

mm and biomass conversion was between 2 and 4 wt%, which is in good agreement with the

literature. As kinetic parameters are a function of temperature and conversion, the selected range

of particle sizes did not affect the Ea significantly.
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Table 3-4. Comparison of E, from the TGA and fluidized bed reactor

Feedstock Ea. (kJ mol!)
FWO method Fluidized bed Kinetics
Spruce 180.4 168.8
Aspen 173.2 160.1
Wheat straw 158.7. 150.6
Corn stover 164.5 157.3

3.5 Comparison of Predicted Biomass Conversion in Fluidized Experiments

Using Kinetics from the TGA

The global kinetic parameters obtained from the TGA estimated from FWO method (average of
all parameters from complete pyrolysis). These kinetic parameters were applied to the fluidized
bed data to calculate biomass conversion at different temperatures and predicted conversions were
compared with the actual biomass conversion in the fluidized bed data. Figure 3.13 compares the
predicted biomass conversion with the experimental (fluidized bed). It fitted well at high
temperatures for the estimation of biomass conversion. This is because biomass conversion at high
temperatures in fluidized bed was close to the conversions in TGA. At lower temperatures,
predicted biomass conversion was low compared to the experimental results. The reason is that
the Ea at lower conversion is lower (as shown in Figure 3.9) from iso-conversional kinetics
according to the FWO method. The prediction of the biomass conversions in fluidized bed at lower
temperatures were improved significantly, when Ea from the FWO method (shown in Figure 3.9)
corresponding to lower conversions from fluidized bed were used. The variation between
experimental and corrected predicted biomass conversion was less than 4% by weight. For aspen

feedstock, this variation was around 10% by weight at 430°C.
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3.6 Comparison with Other Kinetic Studies

(d) corn stover.

in the Literature

In the literature, Ea is calculated by other researchers in different experimental conditions and for

different varieties of feedstock. Ea varies from one study to the next (see Table 3.5). The reason is

differences in percentages of chemical composition (of cellulose, hemicellulose, and lignin),
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experimental environment (gas type, temperature, heating rate, and particle size), and kinetic
methods. For the same feedstock, Ea varies depending on the experimental conditions and the
method used to calculate kinetic parameters. Therefore, studying the kinetic properties of different

individual feedstocks is essential.

Table 3-5. Comparison of Ea results from the literature

Feedstock Method Ea(kJ mol™!) Reference
Corn stover and Integral iso- 182 -273.6 (Wuetal., 2014)
wheat straw conversional method 180.8 -287
Hybrid poplar Kissinger, KAS, and 158 (Slopiecka et al.,

FWO 2012)

Woodchip Iso-conversional 190 -217 (Gasparovic et al.,
method 2010)

Natural fibre Kissinger, Friedman, 150 — 220 (Yao et al., 2008)

FWO, and modified
Coats—Redfern

methods
Aspen FWO 138-213
150-22
Spruce FWO 50-220 This study
Corn stover FWO 110-210
Wheat straw FWO 116-207

3.7 Conclusions

This study investigated the thermal decomposition characteristics and kinetic parameters of four
different types of lignocellulosic biomass available in Canada — aspen hardwood, spruce softwood,
wheat straw, and corn stover — using both a TGA and a fluidized bed reactor. The TGA
experiments were performed under an inert nitrogen atmosphere from room temperature to 900 °C
for four heating rates (15 ‘C min’', 10 °C min', 5 °C min™', and 2 °C min™). In the fluidized bed

reactor, biomass pyrolysis was carried out at 400-520 °C.
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The iso-conversional activation energy, Ea, was calculated from the TGA using FWO method. The
kinetic parameters were also calculated from the fluidized bed reactor data using Arrhenius model.
Then the global kinetic parameters from the TGA were used to predict the decomposition of
biomass to biochar and the results were compared with the experimental biochar left in the
fluidized bed reactor at different temperatures. The major conclusions drawn from this study are

listed below.

e The activation energy increased with conversion levels for all the biomasses from the TGA
using isoconversional FWO method.

e It was observed that the difference in global Ea from the TGA for complete conversion and Ea
from the fluidized bed reactor were between 7-12 kJ mol™!.

e The global kinetic parameters obtained from overall TGA data accurately predicted biochar
yield at higher fluidizing temperatures, i.e., above 460 ‘C. The variation in biomass conversion
was less than 1 wt% and was not the same as conversions at lower temperatures.

e At lower fluidization temperatures (i.e., below 460 °C), the kinetic parameters obtained by the
FWO method (with TGA data) with corresponding lower conversion levels, the biomass
conversion in the fluidized bed was predicted within 2-3%.

e The particle size distribution tested (0.125-2.0mm) resulted in variation within 4-5% of the

biomass conversion.

This study helped fill the connection between the TGA and fluidized bed experiments in terms of
the analysis of kinetic parameters. In this study, we concluded that information from TGA can be
useful to predict the useful kinetic parameters for the biochar yields in fluidized bed experiments
within the ranges of parameters (ie particle size distribution and temperature) investigated. This is
useful to decide the temperature range, and corresponding biomass conversion which can be further

helpf
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Chapter 4: A Techno-Economic Assessment of Renewable Diesel and

Gasoline Production from Aspen Hardwood*

4.1 Introduction

Biomass is a renewable resource that can be used in place of petroleum-based liquid-fuels,
providing it is processed and upgraded using appropriate technology (Shashikantha, 2008).
Currently, biomass contributes a mere 3% to the world’s energy sector (Ladanai & Vinterback,
2011). According to the World Bioenergy Association, lignocellulosic biomass is underused and
can be exploited and increase the bioenergy contribution to 20% by 2020 (Ladanai & Vinterback,
2011). Twenty-four percent of the world’s boreal forest, is in Canada and is emerging as the future

source for bioenergy (Natural Resources Canada, 2014).

Renewable diesel and biodiesel are the two transportation fuel alternatives that satisfy current
regulations and policies, according to Natural Resources Canada (Ecoressources Consultants,
2012b). These biofuels have significantly different processing technologies and chemical
compositions. Biodiesel is produced through the transesterification of vegetable oils from grain

feedstock in the presence of catalysts (Verma et al., 2016). Biodiesel emits fewer greenhouse gas

* A version of this chapter has been published in Journal of Waste and Biomass Valorization: Patel M, Oyedun A,
Kumar A, Gupta R. A techno-economic assessment of renewable diesel and gasoline production from aspen
hardwood, Waste Biomass Valorization, 2018. 9(48) 1-16
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emissions than conventional petro-fuels and has a low sulfur content; in addition, it is miscible
with hydrocarbons and nontoxic, which makes it a strong contender for biofuels. However, it
performs poorly at low temperatures, which limits its use in cold countries like Canada (Miller &
Kumar, 2014). Renewable diesel, however, can handle the cold and is thus superior to biodiesel.
Renewable diesel is produced from grains-based vegetable oil [6] as well as lignocellulosic
biomass. Lignocellulosic biomass can be converted to renewable diesel through fast pyrolysis and
hydroprocessing (Patel & Kumar, 2016; Wright et al., 2010; Zhang et al., 2005) . Renewable diesel
have similar properties to petro-diesel in terms of density, flash point, kinematic viscosity and
other important fuel properties. The comparison between biodiesel, renewable diesel and petro-
diesel has been previously highlighted by the same author (Patel & Kumar, 2016). Lignocellulosic
biomass is a type of biomass that includes agricultural waste, forest residues, whole trees, and

energy crops.

In fast pyrolysis, lignocellulosic biomass is heated to 450-600°C in a pyrolyzer in the absence of
oxygen and at atmospheric pressure for a residence time of less than 2 s to produce bio-oil in a
fixed bed or fluidized bed reactor (Bridgwater et al., 1999; Kim et al., 2013; Peters et al., 2014).
A fluidized bed reactor is more preferred because of its better temperature distribution, low capital
investment and maintenance cost, good gas-solid contact, low residence time, high heating rates,
and ability to handle varieties of feedstock with wide particle size distribution (Bridgwater et al.,
1999; Bridgwater, 2012; Ringer et al., 2006). Bio-oil produced from this process, in addition to
being unsuitable to Canada’s climate, is by nature highly viscous, acidic, and contains many
oxygenated compounds, all of which makes it unsuitable either as a transportation fuel or a blend
with crude oil (Chiaramonti et al., 2003). Hence this bio-oil is further treated to produce renewable
diesel, through catalytic hydroprocessing, a chemical process (hydrodeoxygenation) in which
oxygenated compounds are reacted with hydrogen in the presence of catalysts to produce
hydrocarbons (Brown et al., 2013). The composition of renewable diesel is similar to that of petro-
diesel and its cloud point can go as low as -25°C (Miller & Kumar, 2014). Existing refinery
upgrading units, used for hydrodesulfurization (HDS), can be used to upgrade bio-oil to renewable

diesel. These units can also be used for hydrodeoxygenation (HDO) with little modification as bio-
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oil is acidic and corrosive. Therefore renewable diesel is better than biodiesel (Ecoressources

Consultants, 2012a).

Techno-economic studies reflect the economic features of an entire pathway from, in this case,
biomass harvesting to transportation fuel production. This pathway has two operations: the
conversion of biomass to bio-oil and upgrading. There are several techno-economic assessments
of bio-oil production through fast pyrolysis (Gregoire & Bain, 1994; LaClaire et al., 2004; Patel et
al., 2016; Ringer et al., 2006; Rogers & Brammer, 2012), but very limited on upgrading bio-oil to
transportation fuels. Bio-oil production costs depend on several factors such as feedstock type,
plant capacity, reactor type, operating conditions, and vapor residence time. Different researchers
have used various feedstock (wood chips, corn stover, rice straw, energy crops, etc.) and reported
bio-oil production costs from 0.1 to 0.6 $ L' depending on operating conditions (Gregoire & Bain,
1994; LaClaire et al., 2004; Patel et al., 2016; Ringer et al., 2006; Rogers & Brammer, 2012). In
this study, the suitability of Canadian aspen woodchips for bio-oil production is considered using
a lab-scale fluidized bed reactor followed by process modelling and techno-economic analysis

using Aspen Plus® (Aspentech, 2014; Plus®, 2015), none of which has been done to date.

Upgrading bio-oil to a transportation fuel can be carried out through hydroprocessing, a well-
established technology in the refinery industry (Ward, 1993). Hydroprocessing involves two steps:
hydrotreating and hydrocracking. Hydroprocessing of bio-oil is still in the demonstration stage and
not yet commercialized. Limited data are available in the literature on this topic. Wright et al.
conducted a techno-economic analysis on upgrading bio-oil through the fast pyrolysis of corn
stover to naphtha and diesel (Wright et al., 2010). They investigated two different scenarios, one
in which the hydrogen is purchased and the other in which the hydrogen is produced, and
concluded that transportation fuel production is cheaper in the hydrogen purchased scenario than
the hydrogen production scenario (Wright et al., 2010). Brown et al. (2013) expanded Wright et
al. (2010)’s study by incorporating recent literature data in a techno-economic analysis of fast
pyrolysis and hydroprocessing the same corn stover feedstock. The authors considered a 2000 t d-

! facility that converted corn stover to gasoline and diesel and concluded that the fuel produced
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could be competitive with petro-fuels (Brown et al., 2013). Zhang et al. (2013) investigated the
economic feasibility of two bio-oil upgrading pathways: two-stage hydrotreating followed by fluid
catalytic cracking and single-stage hydrotreating followed by hydrocracking for a 2000 t d!
facility. They found that the facility that used hydrotreating with fluid catalytic cracking and

hydrogen production via natural gas reforming generated a higher internal rate of return (IRR).

In these studies, the authors investigated costs to produce various transportation fuels from corn
stover and mixed wood using different upgrading conditions for a 2000 t d! plant capacity.
However, the effect of plant capacity variation on the production cost of transportation fuel has

not been reported in the literature.

To the best of our knowledge, there is no techno-economic study on the upgrading of
lignocellulosic biomass-based fast pyrolysis oil through hydroprocessing in Canada. For this
analysis, 2000 t d"! biomass plant capacity is considered to produce gasoline and renewable diesel
through fast pyrolysis and hydroprocessing pathway and simultaneously which can be compared
with limited available results (Wright et al., 2010; Zhang et al., 2013). There is very limited
understanding of the scale factors for the major unit operations involved in conversion of
lignocellulosic biomass to transportation fuel through the above pathway. Therefore, the main
objective of this paper is to perform a detailed techno-economic analysis of renewable diesel
production through fast pyrolysis of aspen woodchips and of bio-oil upgrading via
hydroprocessing through development of a process model and address the gap in knowledge in

this area.

The key objectives of this study are:

+ To develop a techno-economic model that evaluates the costs of producing renewable diesel
and gasoline from hydroprocessing 2000 t d"! aspen woodchips
¢ To conduct experiment to determine the properties of biomass feedstocks and produced bio-

oil from aspen woodchips
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¢ Development of scale factor for estimation of capital cost for major unit operations involved
in conversion of lignocellulosic biomass to transportation fuels

s To estimate the production costs of renewable diesel and gasoline from hydroprocessing
through the fast pyrolysis of aspen woodchips

« To evaluate the economic optimum production capacity for this pathway

« To conduct economic sensitivity analyses of different bio-oil yield, delivery cost, operating
cost, and capital cost parameters

¢ To conduct an uncertainty analysis using a Monte Carlo simulation to assess the risk

associated with the production cost

X/

« To compare the results of this study with those available in the literature

The scope of this study is a dedicated pyrolysis and hydroprocessing plant of 2000 t d! capacity
to produce renewable fuels using aspen biomass feedstock operating for 20 years. The techno-
economic model involves biomass feedstock preparation, fast pyrolysis unit and hydro-processing

unit (see Figure 4.1).

Biomass - _ Loading Transportation Unloading
cutting :‘> Skidding :> Chipping :‘> to truck :> to plant :‘> from truck

Biomass harvesting and transportation

Bio-oil

storage and <i B|0-0|I. ¢ Blo-ch_ar ¢ Pyrolysis Drying < Screening < B|f;m.ass
pumping condensation separation grinding

Fast pyrolysis and product separation Biomass pretreatment

1% stage hydrotreater Y |2 stage hydrotreater j> Butanizer :\/ Hydrocracking j> Fractionation

Bio-oil upgrading through hydroprocessing

Figure 4.1. Schematic diagram of process flow sheet for fast pyrolysis and hydroprocessing

pathway
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The results of this study will help to determine the minimum production cost of transportation
fuels produced from lignocellulosic biomass through hydroprocessing technology in Western
Canada. In addition, the results will reflect how economically competitive this technology is with

petroleum fuel.

4.2 Material and methods

4.2.1 Feedstock

Aspen woodchip (Populus tremuloides) is chosen as the feedstock for the fast pyrolysis process.
It is supplied by a wood processing facility near Edmonton, Alberta. The woodchip’s particle size
is in the range of 6-10 mm. To make the feedstock suitable for pyrolysis, the feedstock is further
ground to less than 2 mm using a grinder. The feedstock properties are given in the Table 4.1. A
proximate analysis is conducted through thermogravimetric analysis (701, LECO, St. Joseph, M1,
USA) and an ultimate analysis is carried out using an Elemental Analyzer (EA1108, Carlo Erba,
Val de Reuil, France) for CHNS (carbon, hydrogen, nitrogen, and sulfur) and oxygen. All the tests

are repeated three times and the average values are reported.

Table 4-1. Proximate and ultimate analyses of aspen woodchip

Parameter Value
Initial moisture mass fraction (%) 50
Proximate analysis, mass fraction (%)?

Ash 0.66
Volatile 82.97
Fixed carbon 15.96
Ultimate analysis, mass fraction (%)*

Nitrogen 0.12
Carbon 46.97
Hydrogen 5.98
Sulfur 0
Oxygen 43.9

2 All calculations are in a dry weight basis
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4.2.2 Experimental set-up

The fast pyrolysis experiments are carried out in a vertical double-valve fluidized bed reactor and

the detailed about the experimental set-up is discussed in section 3.3.3 in chapter 3.

4.2.3 Characterization of products

The main products of fast pyrolysis are bio-oil, non-condensable gases, and bio-char. Bio-oil is
collected from the condensers and bio-char is collected from the cyclone and the reactor bed. The
quantity of non-condensable gases is determined by subtracting the total biomass input and adding
the bio-oil and bio-char. The composition of the non-condensable gases is analyzed using a micro
gas chromatograph (CP 4900, Varian, CA, USA) equipped with a thermal conductivity detector
(TCD). The liquid sample is analyzed using a 7890A gas chromatograph with 5975C MSD system
(Aglient, CA, USA), which consists of a gas chromatograph coupled to a quadrupole mass
spectrometer using a capillary column (DB-5, 30m x 0.25mm, 0.25mm, J&W Scientific, CA,

USA). The composition of bio-oil and non-condensable gases is given in Table 4.2.
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Table 4-2. Composition of bio-oil and uncondensed gases from fast pyrolysis of aspen
woodchip

Compound Mass fraction (%)
Bio-oil

3-hexanone 2-methyl 2.59
3-cyclobutene 1,2 dione 3,4 dihydroxy 1.93
Phenol 8.33
2-hydroxy 3-methyl 2-cyclopentenlone 3.52
Guaiacol 8.45
1,3,5 benzenetriol 1.43
2-methoxy 4-methyl phenol 2.38
Benzoic acid 1.96
2-methoxy 4-vinyl phenol 2.06
2,6 dimethoxy phenol 8.25
Vanillin 3.14
2 methoxy 4 (1 propenyl) phenol 2.96
4 methoxy benzene ethanamine 0.75
1 (2,4,6 trihydroxyphenyl) 2-pentanone 0.88
Water 14.7
Non-condensable gases

Propane 0.41
Butane 0.02
Hydrogen 0.32
Methane 23
Carbon monoxide 6.88
Carbon dioxide 8.64
Solid

Biochar 18.1
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4.2.4 Bio-oil upgrading (hydroprocessing)

Hydroprocessing is a combination of two technologies, hydrotreating and hydrocracking, through
which bio-oil is upgraded to a product similar to or better than petroleum fuels. During upgrading,
the feed is initially processed in a hydrotreater unit and then the hydrotreated oil is further treated
in a hydrocracker unit. Both units operate in the presence of hydrogen and catalysts. The
hydrotreating unit is a primary pretreatment unit that produces stabilized bio-oil by removing
heteroatoms and hydrogenates unsaturated hydrocarbons. A hydrotreater is a high pressure reactor
that operates at pressures and temperatures in the range of 50-200 bar and 200-400°C, respectively
(Elliott & Neuenschwander, 1997). The basic reaction in this unit is HDO as oxygen is the
dominating heteroatom (compared to negligible amounts of sulfur and nitrogen atoms) in the bio-
oil, which is similar to HDS in the refinery unit. In the hydrotreater, oxygen, nitrogen, and sulfur
are removed in the form of water, ammonia, and hydrogen sulfide, respectively, after reacting with
hydrogen in presence of a catalyst. The stabilized oil coming out of the hydrotreater is non-polar
and made up of high molecular weight compounds, which need further refining. So the oil is further
processed in a hydrocracker in the presence of a catalyst and hydrogen at high pressure (100-200
bar) and temperature (300-400°C) conditions. In the hydrocracker, high molecular weight
compounds are broken to lower molecular weight compounds through hydrodealkylation,
hydrocracking, and isomerization (Patel & Kumar, 2016). The detailed of the reaction mechanism

involved in the hydroprocessing technology has been discussed in a previous study by the same

author (Patel & Kumar, 2016).

In both units the catalyst plays an important role in determining the final composition of the
renewable diesel. Different researchers have tried various catalysts for upgrading bio-oil ranging
from transition metals to noble metals (Ardiyanti et al., 2011; Elliott et al., 2012; Gagnon &
Kaliaguine, 1988; Sheu et al., 1988; Wildschut et al., 2009). A sulfided nickel molybdenum/cobalt
molybdenum catalyst supported on gamma alumina is used as a benchmark catalyst for the HDO
reaction as it is used in refineries for HDS to remove sulfur atoms from crude oil (Elliott &
Neuenschwander, 1997; Elliott et al., 2012; Patel & Kumar, 2016; Ward, 1993). In the reported
studies, the use of noble metal catalysts, ruthenium, rhodium, platinum, and palladium are widely

used in hydroprocessing (Ardiyanti et al., 2011; Wildschut et al., 2009).
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4.3 Modelling

4.3.1 Process modeling

A process model is developed using Aspen Plus® to simulate the whole pathway from biomass
preparation to upgrading to the production of renewable diesel and gasoline for a 2000 dry t d™!
capacity biomass facility. The developed model integrates process unit operations and economic
analysis. Process modelling involves both energy and material balance between different unit
operations used in the flowsheet. The property method used for this simulation is PENG ROB.
The process model included equipment cost, capital cost, operating cost, and installation cost. Data
for bio-oil and non-condensable gases are obtained from the lab-scale fluidized bed reactor set-up
discussed in previous section. The capital costs of the equipment are extracted from Aspen Icarus
and the literature (Aspentech, 2014; Peters et al., 2003; Wright et al., 2010; Zhang et al., 2013).
Figure Al to A6 in Appendix Al show the Aspen Plus® flow diagram for fast pyrolysis and
hydroprocessing technology. Finally, a sensitivity analysis is conducted to study the impact of
different parameters on the production costs of renewable diesel and gasoline. The major processes
considered in this model are feedstock preparation, fast pyrolysis, char collection, bio-oil
condensation, and bio-oil upgrading. The block diagram of the entire process from harvesting of
biomass to end products is shown in Figure 4.1 and the detailed mass flow diagram of the
conversion technology (biomass pretreatment, fast pyrolysis and hydroprocessing) of prepared

biomass to transportation fuels is shown in Figure 4.2 (Ward, 1993).
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Figure 4.2. Mass flow diagram of fast pyrolysis and hydroprocessing technology for a 2000

t d! aspen feedstock plant

4.3.1.1 Feedstock preparation

The aspen woodchips provided by the supplier are ground to meet the pyrolyzer particle size

requirements. Decreasing the particle size will result in more bio-oil yield than gas and char

production quantities and will also increase the required contact between sand and biomass. This

process involves grinding, screening, and drying.

The as-received particle size of the aspen biomass varies from 6 to 10 mm, which is too large for

fluidized bed reactor. This model employs a gyratory crusher (grinder) to grind the biomass to a

particle size of less than 2 mm, which is suitable for the pyrolyzer, and any oversized biomass is

passed through a rectangular screen block for further grinding.
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The initial moisture mass fraction of the biomass is 50% as delivered. The moisture fraction needs
to be reduced to approximately 5-7% to increase the efficiency of the pyrolyzer in terms of heat
consumption and product formation. The dryer is modelled in an Rstoic block in the Aspen Plus®

model and the drying takes place in presence of nitrogen

4.3.1.2 Fast pyrolysis

Fast pyrolysis is the core of the whole pathway wherein solid feedstock is converted to a liquid
product with gas and solid as byproducts. The process takes place in an atmospheric sand fluidized
bed reactor at a temperature of 480°C and a low residence time, details adopted from laboratory
experiments on aspen woodchips. Since the complete reaction mechanism is not available for the
pyrolyzer, the Ryield reactor (this block performs the calculation based on the composition of the
yield) is used to model the pyrolyzer. The composition of bio-oil, analyzed by gas

chromatography-mass spectroscopy is specified in this Ryield reactor.

4.3.1.3 Bio-char collection

The vapor coming out of the pyrolyzer contains micro-sized sand and char particles that can pollute
the bio-oil and affect the performance of downstream unit operations. So the outlet from the
fluidized bed reactor is passed through a cyclone separator. The model employs a cyclone with
90% solid separation efficiency. The bio-char collected from the cyclone is used as the revenue in
the techno-economic model. So no further modelling for bio-char is considered since no char
combustor is used in the experiment. Bio-char can be further used for soil enhancement and
protection of water quality in the soil, which can accordingly reduce the need for fertilizer (Canada

Renewable Bioenergy Corp, 2012).

4.3.1.4 Bio-oil condensation

After the solids are removed from the pyrolysis vapor, the vapor is processed in a series of
condensers to condense the bio-oil. The vapor, coming out of the pyrolyzer at a temperature of

480°C, is passed through three coolers to reduce the temperature to 40°C. This stream is then
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processed in a flash column to separate the liquid phase from the non-condensable gases. The bio-
oil is stored in a storage tank for further upgradation. Long storage time will deteriorate the
properties of the bio-oil due to condensation and the polymerization that occurs in the bio-oil
(Siriwardhana, 2013). Therefore, to reduce the risk of deterioration, it is assumed in the model that

the pyrolysis plant and the hydroprocessing plant will be at the same location.

4.3.1.5 Hydroprocessing and product separation

The hydroprocessing units have separate unit operations for hydrotreating and hydrocracking. This
technology is very well known in the crude refinery industry as a means of removing sulfur and
nitrogen atoms from crude during upgrading to petro-fuels. So to upgrade bio-oil, the same
technology is adapted. But very limited data are available for bio-oil hydroprocessing. In this
study, to model the upgrading of bio-oil from aspen feedstock, the bio-oil is first passed through a
two-stage hydrotreating unit in the presence of an excess amount of hydrogen. The first stage
hydrotreater (also known as a mild hydrotreater) operates at temperature and pressure of 240°C
and 150 atm to stabilize the bio-oil by removing the acidic compounds in the presence of a sulfided
nickel-molybdenum catalyst (Elliott et al., 2009; Jones et al., 2013). The removal of heteroatoms,
mainly oxygen, through hydrodeoxygenation takes place in the second hydrotreater unit, which
operates at temperature 300°C and pressures at 170 atm in the presence of the same catalyst bed.

Merchant hydrogen is used in both hydrotreaters.

The hydrotreated oil is further processed in the hydrocracker unit under temperature of 430 °C and
pressure at 170 atm conditions in the presence of excess hydrogen as well as nickel-molybdenum
supported on an alumina catalyst (Venderbosch et al., 2010). Hydrocracking and
hydrodealkylation are the major reactions that break the high molecular weight compounds in the
bio-oil to lower molecular weight compounds in the transportation fuel ranges (Ce—Ci2). The
process conditions of the hydroprocessing here are similar to those found in literature (Elliott et
al., 2009). The hydrogen used for hydroprocessing is compressed to respective pressures applied

in the hydroprocessing units using two-stage compressors.
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The upgraded oil from the hydroprocessing is further processed through a series of columns to
produce transportation fuels such as diesel and gasoline. In the model, we have incorporated a
debutanizer and fractionation column. In the debutanizer, hydrotreated oil is processed before
entering into the hydrocracker to separate light components (propane and butane) thereby
improving the quality of the end products. Finally, hydrocracked oil is fed into the fractionation

column to separate the diesel as bottom product and gasoline as overhead product.

432 Techno-economic model

The total project investment cost of fast pyrolysis and hydroprocessing of biomass plant capacity
of 2000 t d! is developed based on the process model, as well as on assumptions from literature.
It is assumed that the pyrolysis plant and the bio-oil upgrading plant at the same location to
eliminate the bio-oil transportation cost and preserve the bio-oil from condensation and

polymerization.

The inputs to this model for the estimation of the production cost of renewable diesel can be
divided into three major categories: capital cost, feedstock cost, and operating and maintenance
cost. These costs are explained in more detail in the following sections and the detailed summary

of the discounted cash flow is given in Table A2 of Appendix A.

4.3.2.1 Capital cost

The capital cost of a plant comprises building construction, equipment purchase, and equipment
installation costs. Most of the equipment cost is taken from the Aspen Icarus software and some is
from the literature (Aspen-Icarus, 2014; Ringer et al., 2006). The detailed equipment cost are given
in the Table 4.3 (Aspen-Icarus, 2014; Ringer et al., 2006). To calculate the total project investment
cost, investment factors from the literature (Peters et al., 2003) are considered. Table 4.4 shows
the method for calculating the total capital cost. Plant construction time is spread over three years
(see Table 4.5). The plant’s lifetime is assumed to be 20 years, after which all the equipment must

be replaced. The key assumptions for developing the techno-economic analysis are summarized in
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Table 4.6 (Aspen-Icarus, 2014; Kumar et al., 2003; Miller & Kumar, 2014; Shahrukh et al., 2016).

The cost numbers used in this paper are in 2016 US dollars.
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Table 4-3. Detailed equipment cost for the 2000 t d™! biomass plant

Original New Unit Size Equipment cost for new Reference
stream stream ratio stream
Biomass pretreatment and fast pyrolysis unit
Biomass pretreatment 500 2000 td! 4 9,295,646
Fluidized bed reactor 500 2000 td! 4 9,736,731 (Aspen-
Condensers 500 2000 td! 4 3,237,622 IC?I'US, 2014
Cyclone 500 2000 td! 4 4,700,000 12‘8‘8%? et al,,
Product  recovery 500 2000 td' 4 3,022,400
storage tank
29,992,399
Hydrotreating unit
Bio-oil pump 1000 2000 td! 2 133,090 Flowrate: 100 gpm (Aspen-
Residence time: 1 h, Icarus, 2014)
st 1 Flow rate: 60m>/h,
1* stage hydrotreater 2000 2000 td 1 3,921,000 Material: stainless steel
Residence time: 1 h,
nd ¥ Flow rate: 60m>/h,
2" stage hydrotreater 2000 2000 td 1 2,490,800 Material: stainless steel
1st heat exchanger 2000 2000 td! 1 718,400
2nd heat exchanger 2000 2000 td' 1 987,400
Residence time: 1 h,
R Flow rate: 200 m*/h
Three phase separator 2000 2000 td 1 9,556,778 Material: stainless steel
PSA 2000 2000 td! 1 3,345,466
H> compressor 2000 2000 td! 1 4,073,000
Flash drum 2000 2000 td! 1 450,341
other equipment 2000 2000 td! 1 903,245
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26,579,520
Hydrocracking and fractionation unit
Debutanizer unit
Condenser 2000 2000 td! 1 55,000 No of trays: 16 (Aspen-
Reboiler 2000 2000 cd! 1 88.700 Material: Stainless steel Icarus, 2014)
Reflux pump 2000 2000 td' 1 6,500
Tower 2000 2000 td! 1 9,376,700
Fractionation column
Condenser 2000 2000 td' 1 200,210 No of trays: 20 (Aspen-
Reboiler 2000 2000 cd 1 52.800 Material: Stainless steel Icarus, 2014)
Reflux pump 2000 2000 td! 1 127,500
Tower 2000 2000 td! 1 10,256,500

Residence time: 1 h,

Hydrocracker unit 2000 2000 td! 1 7,684,900 ﬂggﬁ:ﬁ;ﬁgg E’S el
H, compressor 2000 2000 td! 1 3,876,345
Other equipment 2000 2000 td! 1 94,987

31,820,142
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Table 4-4. Methodology for estimating plant capital cost

Parameter Value

Total purchase equipment cost (TPEC) 100% TPEC
Total installed cost (TIC) 302% TPEC
Indirect cost (IC) 89% TPEC
Total direct and indirect cost (TDIC) TIC + IC
Contingency 20% TDIC
Fixed capital investment (FCI) TDIC + Contingency
Location factor (LF) 10% FCI

Total capital cost FCI+ LF

Table 4-5. Key assumptions for the development of the techno-economic model

Parameter Value Reference

Plant lifetime (y) 20

Escalation rate of different components

General & administrative 3.5%

Project capital 5%

Products 5% (Aspen-Icarus,

Raw Material 3.5% 2014)

Operating and maintenance labor 3%

Utilities 3%

IRR 10%

Base year 2016

Dollar used Us

Plant start-up factor

Year 0 0.7

year 1 0.8 (Kumar et al.,

Year 2+ 0.85 2003; Miller &

Kumar, 2014;
Shahrukh et al.,
2016)

Spread of construction cost

Year -3 20%

Year -2 35% (Miller & Kumar,

Year -1 45% 2014)
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4.3.2.2 Feedstock cost and camping cost

Feedstock cost, also known as feedstock delivery cost in this study, includes the cost from
cultivation to the transportation of the feedstock to the plant gate (see Figure 4.1). Once the
biomass is cut by feller bencher, it is dragged to the nearby tertiary road using a skidder where it
is chopped. Then the chopped biomass is loaded in to a truck and transported to the plant where it
is processed to its end products. To calculate the feedstock cost, a number of components are
considered: harvesting cost, transportation cost, silviculture cost, tertiary road construction cost,
nutrient spreading cost, and the premium above the cost of fuel that is paid to the owners which
are given in Table 4.6 (Kumar et al., 2003). For a 2000 t d"!' capacity plant, the delivery cost is
estimated to be 48 $ t!. The approach used by Shahrukh et al. (2016) and Agbor et al. (2016) is
adopted here in estimating the delivery cost of biomass. As biomass harvesting is carried out in
the remote location of forest where accessibility and communication are very limited, a camping
cost of 5% of total investment cost is considered in the analysis. In this study, we assume that the
pyrolysis and hydroprocessing plants are situated at same location; therefore, the cost to transport

bio-oil to the upgrading unit is not incorporated into the model.

Table 4-6. Components of feedstock cost

Components $t!

Feller bencher cost 9.96
Skidding cost 8.91
Chipping cost 8.22
Road construction and infrastructure cost 0.06
Silviculture cost 1.88
Royalty/Premium fee 5.98
Loading, unloading and transportation cost 13.00
Delivered biomass cost 48.01
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4.3.2.3 Operating and maintenance cost

The operating costs used in this analysis come from the use of electricity, nitrogen, and hydrogen,
which is assessed from the energy and material balances of the process model, and sand quantity,
which is estimated from the experimental set-up. The unit costs for electricity, nitrogen, hydrogen,
and sand are given in Table 4.7 (EPCOR, 2016; Kaycircle, 2016; Miller & Kumar, 2014; Sil
Industrial Minerals, 2016). In our model, only the hydrogen purchased scenario is explored to
calculate production cost of diesel and gasoline. The labor cost is developed based on the process
model and the average Canadian labor wage is considered (Canadavisa, 2016). To operate a 2000
t d"! plant, 12 operators and 1 supervisor per shift are considered. The maintenance cost is assumed
to be 3% of the capital cost (Kumar et al., 2003). The plant operating charge is considered to be
25% of the operating labor cost, and plant overhead is 50% of the total operating and maintenance
cost. The catalyst cost is an important factor as it is used during hydroprocessing. Although
sulfided nickel-molybdenum (a transition metal catalyst and not expensive compared to noble
metal catalysts) supported on alumina is used (Patel & Kumar, 2016; Wright et al., 2010), more of
this catalyst is required for the reactors than of noble metals. The ratio of catalyst to bio-oil is
assumed to be 1:1 (Jantaraksa et al., 2015). However, the catalyst activity decreases with time
(Patel & Kumar, 2016). For this study, the catalyst lifetime is considered to be one year. The annual
catalyst replacement cost is considered to be 2.03 M $ y! (Wright et al., 2010).

Table 4-7. Unit price of components used in the model

Components Cost Reference

Electricity 0.04 $ kWh'! (EPCOR, 2016)

Nitrogen 0.04/100 $ g'! (Kaycircle, 2016)

Hydrogen 0.72 $ kg'! (Miller & Kumar, 2014)

Sand 7.8$t! (Sil Industrial Minerals,
2016)

As hydrodeoxygenation is the dominating reaction in the hydrotreater, a sustainable quantity of
waste water is produced, which needs to be disposed of in the waste water disposal plant. The

waste water disposal cost is 0.0058 $ L' (Department, 2016).
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4.3.2.4 Product

Gasoline and renewable diesel are the final products of hydroprocessing technology analyzed
through the process model. Gasoline and diesel are separated from the hydrotreated and
hydrocracked bio-oil in a series of distillation columns. To estimate the cost of transportation fuels
separately, in the analysis it is assumed that cost of diesel as the function of gasoline (diesel cost
= gasoline cost + 0.05 $ L!) for the specific location which is taken from the Natural Resources
Canada (Natural Resources Canada, 2016b). Bio-char produced from the pyrolysis plant is also

considered as a byproduct and it can be further used to nourish soil.

4.3.2.5 Sensitivity analysis

A sensitivity analysis is conducted on a series of process-sensitive parameters to see the impact on
the transportation fuel value. Capital cost and bio-oil yield have the largest impact on the selling
price of transportation fuel. There are currently no commercial- or demonstration-scale plants of
2000 t d!' of aspen feedstock in operation. So the estimated total plant capital cost is associated
with uncertainties due to lack of information. Bio-oil yield in the pyrolyzer is another sensitive
parameter as it is directly related to the production of diesel and gasoline from hydroprocessing

technology.

4.4 Results and Discussion

4.4.1 Process Model Results for 2000 dry t d! Plant Capacity

The energy and material balance of the fast pyrolysis and hydroprocessing of plant capacity 2000
dry t d"! is summarized in Table Al in the appendix A based on the Figure 4.2. The moisture
content in the raw biomass is 50% by wt which is reduced to around 10 % using nitrogen as the
drying medium. After fast pyrolysis, the dried biomass produces 63% of bio-oil with 18% of
biochar and 18% uncondensable gases. The intermediate, bio-oil in the present form is highly
unstable and corrosive due to the high oxygen content which is further treated in the two stage
hydrotreater. In the first stage hydrotreater, acid and ketone compounds are converted to small acid

and alcohol intermediates with some lighter gases compounds (CHas, ethane) due to partial
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hydrodeoxygenation. The lighter compounds are formed due to the Decarbonylation and
methanation reaction. In the second hydrotreater, all the aldehydes and acid intermediates, alcohol,
guaiacol, phenol etc. are converted to paraffin, aromatics, naphtha compounds, indene, C¢-Ci2
compounds with lighter gaseous compounds. In the second stage hydrotreater, complete
hydrodeoxygenation reaction takes place in presence of hydrogen. According to the process model,
hydrotreated oil is 51% of the bio-oil with 39% of waste water and 20% of lighter gases. Hydrogen
is extracted from the gas stream using pressure swing adsorption method. In the hydrocracker, the
high molecular weight compound are broken to gasoline and diesel range hydrocarbons through
hydroalkylation, hydrocracking and isomerization. In this model, hydrocracker is considered as
RYield reactor where the final products content maximum of Cio hydrocarbons. At the end, the
hydrocracked oil is passed into a fractionation column to produce diesel and gasoline which are

29.7% and 19.8% by weight respectively of bio-oil.

4.4.2 Economic study on the base case of a 2000 t d!' aspen woodchip plant

Table 4.8 summarizes this study’s important outcomes. In this study, merchant hydrogen is used
for bio-oil hydroprocessing. The breakdown of installed costs for this plant is shown in the Figure
4.3. The installed cost for the hydrocracking unit is higher than the other sub-unit costs as it comes

with a fractionation column. The total installed cost for this plant is 265 M §.

Table 4-8. Summary of key results from the techno-economic study

Parameters Value
Installed capital cost (M $) 265.81
Fixed capital investment (M $) 412.99
Annual operating cost ($ y!) 140.71
Renewable diesel yield (M L) 148.80
Gasoline yield (M L) 99.20
Cost of renewable diesel ($ L) 1.09
Cost of gasoline ($ L) 1.04
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Figure 4.3. Breakdown of installed cost of 2000 t d™! capacity aspen plant

For the fast pyrolysis process, the total yields of bio-oil and bio-char are 541 M L y™!' and 164.45
kt y!, representing 63 wt% and 18 wt% of dried aspen feedstock, respectively. The amount of
hydrogen required to upgrade the bio-oil is taken from literature (Wright et al., 2010) and is in a
30:1 mass ratio of bio-oil to hydrogen. The estimated production costs of renewable diesel and
gasoline are 1.09 $ L' and 1.04 $ L', respectively. The annual operating cost for a 2000 t d’!
capacity plant is estimated to be 140 M $. This cost is from the labor and electricity consumption.
Electricity consumption is estimated from the developed process model to be 3533 kW h!. For
labor, it is assumed that the plant runs three shifts per day with one supervisor and 12 operators in

each shift.

Figure 4.4 shows the total cost breakdown. Raw material cost is a major contributor followed by
capital cost, maintenance cost, and camping cost. Loading, unloading, and transportation of raw
material from forest to plant make up most of the raw material cost. Operating labor cost is
comparatively lower because most of the machines can be operated automatically. The production
cost of renewable diesel and gasoline can be reduced by optimizing the transportation distance and

reducing plant maintenance costs.
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4.4.3 Influence of plant size on production cost

4.4.3.1 Scale factor

In this study, renewable diesel and gasoline production cost variation with plant capacity has been
investigated. The equipment cost is estimated from the process model and follows investment
factors from literature to calculate the total project investment cost (Peters et al., 2003). Figure 4.5
shows the variation of total project investment cost with capacity. The developed scale factor for
the plant is calculated from this fig. is 0.71, and tells us that capital cost increases slower than the

capacity, which assures higher return.
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Figure 4.5. Variation of total project investment cost with capacity

4.4.3.2 Profile of capacity with renewable diesel and gasoline

The difference in production cost vs. plant capacity shows a decreasing trend followed by a plateau
(see Figure 4.6). This distinct curve is due to the trade-off between mainly two parameters: capital
cost and delivered raw material cost. The curve is there because with the increase in plant capacity,
fuel production costs decrease due to trade-off between decreasing capital cost unit due to economy
of scale benefits and the delivered cost of raw material which increases due to increase in size of
the plant. The production costs decreases with the increase in the capacity of the plant and reaches
a minimum at 3000 t d”!. Beyond this capacity, transportation cost (one component of delivery
cost) of biomass plays a major role as this cost increases with the square root of the plant capacity

(Kumar et al., 2003).

The production cost of renewable diesel and gasoline decreases to a plant capacity of 3000 t d™!,
after which it levels out. The leveling indicates that the production cost of the diesel and gasoline
does not change with the increase in capacity as transportation cost is counterbalanced by the

economy of scale of the project’s total capital investment per unit output. Generally, transportation
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cost has two components, loading and unloading costs (considered fixed costs) and variable costs
that vary with the distance travelled. Therefore, the optimum plant capacity is a trade-off between
the capital cost per unit output and the transportation cost. In this case, the economic optimum
production size is 3000 t d"! aspen woodchips and the production costs of renewable diesel and

gasoline are 1.007 $ L' and 0.95 $ L*!, respectively.

Figure 4.7 shows the impact of different parameters on renewable diesel production costs for 500
and 5000 t d"! plant capacities. The most influential factors are raw material cost, operating labor
cost, and plant overhead. As the capacity of the plant increases, the cost of raw material increases
from 19% to 37% due to biomass transportation, but the labor cost drops from 17% to 3% through
economies of scale. Plant overhead decreases with capacity as it is a percentage of labor cost.
Therefore, selecting the appropriate plant capacity significantly depends on the availability and
handling of raw material in the geographic location. It can be observed that the capital cost and
labor cost are not affected significantly with changes capacity. So selecting the optimum plant

capacity will depend on the availability of capital investment, labor, and biomass in the region.
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Figure 4.6. Renewable diesel and gasoline production cost with different capacities
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4.44 Comparison production cost of transportation fuels with published results and actual

petro-fuel production

Currently, there is no commercial facility with a hydroprocessing unit for bio-oil upgrading
operating anywhere in the world. There has been some work on a lab-scale for the hydroprocessing
of corn stover and mixed wood feedstock (Jones et al., 2013). Transportation fuel production costs
through this technology range from 0.6-1.25 $ L' (Anex et al., 2010; Brown et al., 2013; Hu et al.,
2016; Jones et al., 2009; Shemfe et al., 2015; Wright et al., 2010). The production cost is somewhat

location-specific, so the cost varies from location to location.

The production cost of renewable diesel and gasoline estimated from this study is compared with
the production cost for the fossil diesel and gasoline and it is observed that these numbers are

higher than the conventional fuel. The production costs of petro-diesel have changed drastically in
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last decade. From October 2015 —October 2016, the monthly average wholesale rack price of diesel
in Calgary, AB, was approximately ranged between 0.0.49 — 0.7 $ L' after deducting the federal
and provincial taxes, profit margin and marketing cost (Natural Resources Canada, 2016a; Natural
Resources Canada, 2016b). The production cost of renewable diesel and gasoline are higher than
the conventional diesel because of the raw material cost. But biomass (known as carbon neutral
source) has the potential to reduce the greenhouse gases emission which is lacking from
conventional petro-fuel, Because of this, it is gaining interest and these costs can be further
reduced, though more intensive research on the technical aspects of hydroprocessing and fast

pyrolysis technology.

4.4.5 Sensitivity study

A sensitivity analysis has been carried out on the base case (2000 t d™') to understand the influence
of different variables on the production costs of diesel and gasoline. Figure 4.8 shows the

sensitivity analysis of different process parameters by varying the cost parameters by + 20%.

Production costs of renewable diesel and gasoline are more sensitive to bio-oil yield . The
production costs of renewable diesel and gasoline range from 0.91 -1.35$ L' and 0.86 -1.30 $ L~
! respectively, with a change of £20%. These ranges show that more bio-oil yield can increase
fuel yield and vice versa. So bio-oil yield can be improved by optimizing the process operating
conditions of the fluidized bed reactor during fast pyrolysis operation and also modifying the
process. The internal rate of return (IRR) is also sensitive to the production costs of renewable

diesel and gasoline and ranges from 0.98-1.19 $ L™! for diesel and 0.93-1.14 $ L™! for gasoline.

The high sensitivity of production cost to bio-oil suggests that further experimentation is required
to optimize the reactor design and process conditions (pressure, temperature, nitrogen flow rate,
and particle size of biomass and sand). This high sensitivity also implies that high quality feedstock

with low ash content will yield more bio-oil than bio-char and non-condensable gases. The IRR is
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an important parameter that helps make budget decisions for new facilities. The project with a

higher IRR is preferred.
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Figure 4.8. Sensitivity of renewable diesel and gasoline production cost
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4.4.6 Uncertainty analysis

The above-mentioned sensitivity analysis considered only single point variation of a parameter on
the production cost of renewable diesel and gasoline whereas other parameters are assumed to be
constant at that time of analysis. To understand the variation of more than one parameters at a
point in time and simultaneously to handle some cost components which are highly uncertain and
volatiles (unavailability of field data), an uncertainty analysis has been conducted to understand
the impact of risk and uncertainty in the production costs of diesel and gasoline. The uncertainty
issues come up when we try to develop a model that takes some assumptions with the real data.
To perform the uncertainty analysis, we ran a Montel Carlo simulation using ModelRisk software
(Vosesoftware, 2015). In a Monte Carlo simulation, random values are chosen, in this case from
all the parameters that have an impact on the production costs of renewable diesel and gasoline
(based on the range of the cost components), and the software iterates a number of times by using

a probability function to give a range for the production costs.

The Monte Carlo simulation is performed for the base case 2000 t d”!' aspen wood based plant with
the most volatile cost components, and the uncertainty is quantified in the final products with
10,000 iterations. The input costs for the simulation considered are capital cost, biomass cost,
maintenance cost, labor cost, utilities, operating charges, general and administrative costs, and
plant overhead. Uncertainties considered for these above mentioned inputs are 85 -125%, 80-
125%, 90 -115%, 75 -125%, 90 -110%, 90 -115%, 90 -110% and 90% -115% ,respectively, based
on the sensitivity analysis. The production costs generated from this simulation for the renewable
diesel and gasoline are shown in Figure 4.9. For the base case scenario, the production costs of
diesel and gasoline are calculated to be 1.10 = 0.038 $ L' and 1.05 + 0.036 $ L', respectively, at
95% confidence. From the Monte Carlo simulation, it can be concluded that production costs of
transportation fuels depend more on the technical cost inputs than the market conditions.

Controlling these parameters will make this pathway economic and competitive with petro-fuels.
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4.5 Conclusions

This study developed a process model to conduct a techno-economic assessment of fast pyrolysis
and upgrading through the hydroprocessing of aspen wood feedstock for production of renewable
diesel and gasoline. A detailed study of a 2000 t d™! plant was carried out to investigate the
production costs of renewable diesel and gasoline through this pathway using merchant hydrogen
and sulfided nickel-molybdenum supported on an alumina catalyst. The production costs of
renewable diesel and gasoline are 1.09 $ L' and 1.04 $ L !, respectively, for a 2000 t d"! capacity
biomass plant. To understand the variations in transportation fuel production costs at various
capacities, a wide range of production capacities is considered (from 500 to 5000 t d!). The
optimum size was found to be 3000 t d"! with a renewable diesel price of 1.007 $ L 'at which the
cost of production is minimum. When the capacity is increased, raw material delivered costs
increase significantly however the capital cost per unit output decreases. Scale factor of the
lignocellulosic biomass-based renewable diesel production was developed to be 0.71 using the

developed process model.

A sensitivity analysis was done to determine the influence of different process parameters on the
final outputs. The results show that production cost of liquid fuels is most sensitive to bio-oil yield
and IRR with a variation of +20%. A Monte Carlo simulation showed variations in the production
cost of diesel and gasoline from 1.10 = 0.038 $ L' and 1.05 = 0.036 $ L', respectively, at a 95%

confidence level.

The results of this techno-economic assessment provide insights on the economic competitiveness

of producing HDRD from bio conventional mass via fast pyrolysis and hydroprocessing.
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Chapter 5: What Is the Production Cost of Renewable Diesel from
Woody Biomass and Agricultural Residue Based on

Experimentation? A Comparative Assessment®

5.1 Introduction

According to Canada’s federal and provincial governments, the addition of 2% renewable diesel
to petro-diesel is mandatory to reduce greenhouse gas emissions from the transportation sector, a
sector that contributes around 25% to global emissions (Government of Canada, 2017). Of the
renewable resources, biomass is the only one that can be directly converted to a liquid renewable
fuel to replace fossil fuel. 9% of the world’s boreal forests are found in Canada, and 94% of them
are owned by the Government of Canada and most of this has been leased to the private companies
(Govenment of Canada, 2017). With proper harvesting practices and land-use planning, this
feedstock (the forests) can be used as a resource for biofuels. In addition, in Western Canada, about
27 million tons of agricultural residue is available after the considering its use for soil conservation
and livestock (Sokhansanj et al., 2006). These lignocellulosic feedstocks are also good candidates

for biofuel production.

5 A version of this chapter is submitted to fuel Processing Technology as Patel M, Oyedun A, Kumar A, Gupta R.
What Is The Production Cost of Renewable Diesel from Woody Biomass and Agricultural Residue Based on
Experimentation? A Comparative Assessment, 2018 (submitted)
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Fast pyrolysis is a well-known thermochemical conversion technology that can convert solid
biomass to an intermediate liquid product (bio-oil), gas, and biochar in the absence of oxygen and
at a high heating rate. The bio-oil can be further upgraded to a transportation fuel through
hydroprocessing technology to produce renewable diesel and gasoline. The properties of
renewable diesel from biomass are similar to those of petro-diesel (Patel & Kumar, 2016). Many
studies are available on the conversion of biomass to bio-oil through fast pyrolysis (Bridgwater et
al., 1999; Gable & Brown, 2016; Jeong et al., 2016; Kan et al., 2016; Patel et al., 2016; Torri et
al., 2016). These studies found that bio-oil quality and quantity are a function of feedstock type,
pyrolysis reactor, heating rate, and particle size distribution of the feed Bio-oil yield varies by

feedstock because of the differences in the chemical and elemental composition of biomass.

Researchers have studied various pyrolysis reactors such as fixed bed, bubbling bed, fluidized bed,
cyclone bed, vacuum reactor, etc. (Bridgwater et al., 1999; Patel et al., 2016). Of the reactors, the
fluidized bed reactor yields the most bio-oil because it allows for the right contact between biomass

and the fluidizing medium.

As fast pyrolysis is well understood and commercially viable process, many studies have carried
out techno-economic analyses of bio-oil production from different biomass feedstocks. The
production cost of bio-oil is between 0.13 $ L' and 0.65 $ L™! (Islam & Ani, 2000; LaClaire et al.,
2004; Ringer et al., 2006; Sarkar & Kumar, 2010). The reported total capital cost is between 40
MS$ and 150 M$ for a 1000 dry tonne/day pyrolysis plant (Gregoire & Bain, 1994; Solantausta et
al., 1992). The differences in bio-oil production cost are due to feedstock type, biomass cost
(harvesting and transportation cost), bio-oil yield, and pyrolysis plant capital cost. Biomass cost is

location-specific and depends on yield, cultivation method, and transportation cost.

To upgrade bio-oil to renewable diesel, hydroprocessing technology is generally used; it is well
established in the petroleum industry. Hydrogen (H2) is used to upgrade the bio-oil to the

hydrocarbon range by removing the oxygen in the form of water. A few techno-economic studies
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are available on the upgrading pathway from bio-oil, which acts as an intermediate. Wright et al.
(2010) determined the H2 production costs of naphtha and diesel through the fast pyrolysis and
hydroprocessing of corn stover in the United States for a 2000 dry t d”!' plant; the costs are 0.94 $
L' and 0.64 $ L' in the H2 production and the purchase scenarios, respectively. In 2010 in the
United States, Brown et al. (2013) explored the fast pyrolysis and hydroprocessing technology for
corn stover to the gasoline and diesel range for the same plant capacity and reported the production
cost to be 0.79 $ L!. Their study included a 90 M § boiler and a 30 M $ turbine to produce
electricity, which raised the capital costs to 492 M §. Shemfe et al. (2015) investigated the
production of gasoline and diesel through fast pyrolysis and hydroprocessing technology ina 72 t
d! plant from pine wood in the United Kingdom. The estimated cost was 2.17 $ L' gasoline
equivalent; their figure is very high because the plant they considered had a low capacity (72 t d°
1. There are a few more studies that investigate different end products through fast pyrolysis and
the upgrading process (Anex et al., 2010; Jones et al., 2013a; Jones et al., 2013b; Jones et al., 2009;
Zhu et al., 2014).

The above-mentioned studies focus on a single feedstock in techno-economic assessments of
transportation fuels. In a recent publication by the authors, we estimated the production cost of
renewable diesel from the Canadian aspen hardwood for hydrogen purchase scenario (Patel et al.,
2018). The current study focuses on the comparative experimental and techno-economic
assessment of woody biomass and agricultural residues used to produce renewable diesel. These
assessments are essential to ultimately determine which feedstock is the best to use for the
production of renewable diesel under the same process conditions. In addition, the studies cited
above were conducted in different jurisdictions and are based on the authors’ assumptions, and so
the renewable fuel costs vary widely. As mentioned earlier, the pyrolysis plant location (which
affects biomass transportation cost) and the feedstock itself significantly affect the production cost
of the transportation fuel. To the best of the authors’ knowledge, there is no study on process
modelling nor a techno-economic analysis of the fast pyrolysis and hydroprocessing of Canadian
lignocellulosic biomass to produce renewable diesel and gasoline. In addition, it is important to
explore the variation production cost of renewable diesel as a function of biochar selling price to

improve the applicability of pyrolysis process. In addition to process modeling for techno-
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economic assessment, experiments were conducted to investigate the effects of process parameters

on bio-oil yield in a fluidized bed reactor for three Canadian biomass feedstocks (spruce, corn

stover, and wheat straw). The effects of byproduct (biochar) selling price on the production cost

of renewable diesel for all the feedstocks in two scenarios, hydrogen production and purchase,

were also investigated.

This study 1s a assessment of the production of renewable diesel and gasoline through fast pyrolysis

and hydroprocessing technology for a plant capacity of 2000 t d™! from Canadian feedstocks. A

process model was developed using predominantly the experimental data. The fast pyrolysis

experiments were carried out in a lab-scale fluidized bed reactor at different process conditions to

achieve high quantities of high-quality bio-oil. The specific objectives are:

1.

To characterize the physical and chemical properties of three Canadian biomass feedstocks
(spruce hardwood, corn stover, and wheat straw);
To perform fast pyrolysis experiments using a fluidized bed reactor at temperatures of 400-
550°C and for three particle size distributions (0.125-0.425 mm, 0.425-1 mm and 1-2 mm);
To develop a detailed process model for fast pyrolysis and the hydroprocessing unit for a
plant capacity of 2000 dry t d';
To develop capital cost estimates for the developed process model to determine renewable
diesel and gasoline costs;
To estimate the production cost of renewable diesel and gasoline through two scenarios:
a. The hydrogen production scenario: H2 used for hydroprocessing is produced
through steam reforming the non-condensable gases. This scenario includes a
power generation unit.
b. The hydrogen purchase scenario: Hz used for hydroprocessing is purchased from
outside sources.
To analyze the effects of byproduct costs (biochar selling price) on the renewable diesel
cost for all three feedstocks
To estimate the net energy ratio, it is necessary to understand the production of useful
sustainable renewable energy with respect to the consumption of fossil fuel input on the
overall process, from harvesting to renewable fuel production

To carry out a case study on Canadian forest and agriculture resources.
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5.2 Materials and method

5.2.1 Feedstock preparation

Three lignocellulosic biomass feedstocks — spruce, wheat straw, and corn stover — were selected
for this study. Spruce (Picea abies) wood chips, corn stover (Zea mays ssp. mays L.), and wheat
straw (Triticum aestivum L.) were collected from Weyerhauser in Drayton Valley, from southern
Alberta, and from northern Alberta, Canada, respectively. The feedstock particle sizes supplied
were inappropriate for the fast pyrolysis experiments and were ground to less than 2 mm and dried
in an oven at 100°C. The samples were then classified into three size distributions (0.125-0.425
mm, 0.425-1 mm, and 1-2 mm) using screens. To avoid contact with atmospheric moisture, the

prepared samples were stored in properly sealed plastic bags.

Table 5.1 summarizes the biomass properties of the feedstocks (Burhenne et al., 2013; Demirbas,
1997; Ohgren et al., 2007; Zhu et al., 2009). A proximate analysis of the biomass was conducted
in LECO TGA 701 to determine the percentages of moisture, volatile, fixed carbon, and ash using
ASTM d7582, and an ultimate analysis was carried out in a Carlo Erba EA1108 Elemental
Analyzer for CHNS (carbon, hydrogen, nitrogen, and sulphur) and oxygen. For accuracy, both

analyses were done three times. The average values are reported in the Table 5.1.
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Table 5-1. Typical chemical analysis of biomass samples

Chemical analysis (wt% on a dry basis)

Spruce Corn stover Wheat straw

Cellulose 40-50 40-50 25-35

Hemicellulose 20-30 28-32 40-45

Lignin 25-35 12-20 15-22

Ash 0.5-1 4-8 5-12

Source (Burhenne et al., (Burhenne et al, (Demirbas, 1997;
2013; Demirbas, 2013; Demirbas, Ohgren et al., 2007;
1997) 1997) Zhu et al., 2009)

Proximate analysis (Wt% on a dry basis)

Ash 0.45 6.06 6.3

Volatile 79.5 76.32 75.4

Moisture 3.9 6.15 4.1

Fixed carbon 16.15 17.62 18.3

Ultimate analysis (wt% on a dry basis)

Nitrogen 0.18 1.2 0.76

Carbon 47.48 41.5 42.24

Hydrogen 6.44 5.6 5.69

Sulfur 0 0.05 0.03

Oxygen 45.90 50.25 51.08
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5.2.2 Experimental set-up

Fast pyrolysis experiments of three Canadian feedstocks — spruce, corn stover and wheat straw
were conducted in a laboratory-scale batch fluidized bed reactor which is described in section 3.3.3

of chapter 3.

5.2.3 Product characterization

An Agilent 7890A gas chromatograph-mass spectrometer (GC/MS) was used to analyze bio-oil
samples of different biomass feedstocks. The GC/MS consists of a gas chromatograph coupled to
a quadrupole mass spectrometer with a capillary column (J&W Scientific DB-5, 30mx0.25mm,
0.25mm). A micro gas chromatograph (Varian CP 4900) equipped with a thermal conductivity
detector (TCD) was used to analyze the composition of the non-condensable gaseous samples. The
analyzed compositions were used as yield data in the process model for the reactor design and
subsequently in the economic analyzer to estimate renewable diesel production cost. Figure 5.1
shows experimental procedure to produce bio-oil through fast pyrolysis process in a fluidized bed

reactor.
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Figure 5.1. Experimental methodology for fast pyrolysis process
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5.3

5.3.1

Modelling

Process modelling

Figure 5.2 is the process flow diagram of biomass feedstock conversion to transportation fuel and.

The conversion has five major unit operations: the biomass pre-treatment, the pyrolysis and

product separation, the hydroprocessing and fractionation, the steam reforming, and the power

production. Aspen Plus® software was used to model these processes and the developed flow

diagrams are given in Figure A1 to A6 in Appendix A1, and the process conditions are summarized

in Table 5.2 (Elliott et al., 2009; Jones et al., 2013b; Patel et al., 2018; Wright et al., 2010).
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Figure 5.2.Schematic process diagram of fast pyrolysis and hydroprocessing technology
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Table 5-2. Process conditions and model details for the equipment used in the process

simulation
Equipment Aspen plus model Process conditions
Dryer RStoic reactor In the block, temperature is 100°C and nitrogen
is the drying medium.
Screen Rectangular Particle size distribution: 90% for 0.1-Imm and
vibrating screen 10% for 1-2 mm
Grinder Gyratory crusher This block crushes the biomass from as received
(6-10mm) to less than 2 mm.
Pyrolyzer RYield reactor Pyrolyzer is maintained at 450-500°C depending
the feedstock type and pressure at 1 atmosphere.
The composition and quantity of the bio-oil, non-
condensable gases, and biochar are given.
Cyclone Solid cyclone The assumed efficiency of cyclone is 90%.
separator
Condenser Heat exchangers Water is used as the cooling medium and reduced

1% stage hydrotreater
2nd
hydrotreater
Hydrocracker

stage

Fractionator

Steam reformer for
gases

WGS reactor

Combustor

Turbine for
electricity

generation

RYield reactor
RYield reactor

RYield reactor

Radfrac column

RGibb reactor

REquil reactor
RGibb reactor

Turbine

the temperature to less than 0°C. Three coolers
are used.

Temperature is 240 "C and pressure is 100 bar.
Temperature is 340 °C and pressure is 120 bar.

Temperature is 540 “C and pressure is 100 bar.

It is a distillation column of 20 trays, and kettle
type reboiler is used.

Non-condensable gases from the pyrolyzer are
used as the feed, the reformer temperature is
800°C, and the pressure at 25 bar in presence of
high-pressure steam.

Temperature and pressure are 370 “C and 25 bar.

The off-gases from the hydroprocessing unit are
burned in presence of air to produce high-
pressure steam at a pressure of 50 bar.

The turbine is operated at 90% isentropic
efficiency and 95% mechanical efficiency.
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The biomass pre-treatment unit consists of a grinder, dryer, and screen separator. The biomass as
received from the supplier is not appropriate for pyrolysis because of the particle size and moisture
content. Therefore, the biomass, supplied at a particle size 6-10 mm, is fed into a crusher to reduce
it to less than 2 mm and from there to a screen separator to remove the oversized from the required
undersized feed. The oversized are returned to the crusher for further grinding. The final
undersized feed is dried in a rotary dryer to lower the moisture content to 7 wt%. The initial
moisture content of spruce, corn stover, and straw biomass as received was 50%, 25% and 14%,
respectively, by weight. After this pre-treatment, the processed feed is sent to the fluidized bed
pyrolyzer.

The pyrolysis unit consists of a fluidized bed reactor, a cyclone separation unit, a condenser, and
a bio-oil storage tank. In the pyrolyzer, biomass is rapidly heated to 450-550 ‘C (depending on the
feedstock) and atmosphere pressure to yield bio-oil, gases, and biochar. Biochar is separated in the
cyclone separator. The efficiency of the cyclone is assumed to be 95%. After separation of the
solids, the pyrolysis vapor is sent to a series of condensers to get the liquid products and non-

condensable gases that are used in the hydrogen generation unit to produce Ho.

The hydroprocessing unit has three stages: first stage hydrotreating, second stage hydrotreating,
and hydrocracking. As the names suggest, all three processes are done in a Hz-rich atmosphere.
Hydrotreating is also known as a low-temperature hydrogenation process and is done in a fixed
bed reactor at a temperature and pressure between 180-250°C and 100-150 bar, respectively (Elliott
& Neuenschwander, 1997). The treated oil is further upgraded at an extremely high temperature
(300-400°C) and pressure (100-200 bar) in the second stage hydrotreater. In both stages, sulfided
nickel-molybdenum is used as the catalyst bed. In the first stage hydrotreater, the raw bio-oil is
stabilized by removing the acidic compounds such as acetic acid, benzoic acid, etc., and in the
second stage, mainly heteroatoms such as oxygen are eliminated in the form of water through the
hydrodeoxygenation reaction in presence of the H2 and the catalyst. Finally, upgraded oil from the
second stage hydrotreater is passed to the hydrocracking unit, which is operated between 400 and

500°C and a pressure around 150 bar in the presence of the same sulfided nickel-molybdenum
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catalyst (Patel et al., 2018; Wright et al., 2010). Hydrocracking, hydrodealkylation,
depolymerisation, and deoxygenation are the major reactions in the hydrocracker that break the
high molecular weight compounds in the hydrotreated oil to low molecular weight compounds in
diesel and gasoline ranges. The off-gases from both the hydrotreater and hydrocracker units are
sent to the power generation unit and the hydrocracked oil is processed in the fractionation unit to

produce gasoline and diesel fuel (Miller & Kumar, 2013; Zhu et al., 2013).

For this modelling, two Hz scenarios are considered, merchant hydrogen and hydrogen production
(at the plant site). For the merchant scenario, Hz2 is purchased from an external source at a cost of
0.73 $ kg'! (Miller & Kumar, 2014). For the H2 production scenario, Hz is produced on site through
steam reforming of non-condensable gases from pyrolysis in a fixed bed reformer. In the reformer,
temperature and pressure are maintained at 800-850°C and 20-25 bar in the presence of a noble
metal Pt/Al2O3 catalyst (Cortright et al., 2002). This catalyst activates the reforming reaction to
enhance H2 production over carbon monoxide (CO). Before entering the reformer, the reactants
(both the non-condensable gases and steam) are compressed to a pressure of 23-30 bar. Then the
products from the reformer are sent to a high temperature water gas shift (WGS) reactor to convert
the CO to H: in the presence of water. In the WGS reactor, carbon monoxide reacts with water to
form H» and carbon dioxide at a temperature of 300-450°C in presence of an iron oxide catalyst

(FeO) (Newsome, 1980).

Electricity is generated in the plant by combusting the off-gases from the hydroprocessing unit.
The combustion of off-gases takes place in the presence of water and air to produce high-pressure
steam (50 bar), and the generated steam is used in the single-stage turbine to produce electricity

for the facility.

5.3.2 Economic parameters

The equipment cost for fast pyrolysis and upgrading technology is estimated through the Aspen

Process Economic Analyzer (APEA). First the complete process model is developed in the Aspen

148



Plus® platform using both experimental and literature data. Once the process model is successfully
analyzed, it is used to estimate the equipment cost for the entire process. In techno-economic
model, each piece of equipment is mapped and sized to the actual design parameter. The design
parameters were obtained from the literature and vendor data. To estimate the total plant
investment cost, Peters and Timmerhaus’s method (Peters & Timmerhaus, 1991) was used and is
summarized in Table 5.3. Once equipment is purchased, it is installed at a cost of 3.02 times the
total purchased equipment cost; these are the project’s direct costs. Installation costs include
piping, electrical, yard improvement, building, equipment, installation, etc. (Peters & Timmerhaus,
1991). The indirect cost is 0.89 times the total equipment purchase cost and is made up of the
contractor’s fee, legal expenses, construction expenses, and engineering and supervision costs
(Peters & Timmerhaus, 1991). The direct and indirect costs, combined with contingency and
location factor, form the capital cost for the pyrolysis and hydroprocessing units. It is assumed that
the pyrolysis and hydroprocessing plants are situated at the same place to avoid bio-oil
transportation costs and that the hypothetical plant is located in the Western Canada. The cost
model uses regional labor, supervisor, and utility rates. The feedstocks considered in the analysis

are locally available biomass.

Table 5-3. Method for the estimation of plant capital cost

Parameter Value

Total purchase equipment cost (TPEC) 100% TPEC

Total installed cost (TIC) 302% TPEC

Indirect cost (IC) 89% TPEC

Total direct and indirect cost (TDIC) TIC+1IC
Contingency 20% TDIC

Fixed capital investment (FCI) TDIC + Contingency
Location factor (LF) 10% FCI

Total project investment (TPI) FCI+LF
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Table 5-4. Key assumptions for techno-economic model development

Parameters Values/Comments Reference
Plant lifetime 20 years This study
IRR 10%
Escalation rate (inflation factor)
General & administrative 3.50% (Patel et al., 2018)
Products 5%
Raw Material 3.50%
Operating and Maintenance
3%
Labor
Utilities 3%
Base year 2016
Dollar used USD
Plant start-up factor
Year O 0.7 (Miller & Kumar, 2014; Patel
Year 1 0.8 et al., 2018).
Year 2+ 0.85
Spread of construction cost
Year 3 20% (Agbor et al., 2016; Miller &
Year 2 35% Kumar, 2014; Patel et al.,
Year 1 45% 2018).
Maintenance cost 3% of TPI (Patel et al., 2018)

Operating charges

Plant overhead

Total operating cost

General & administrative cost
(G&A)

25% of the operating labor
cost

50% of total operating labor
cost and the maintenance cost
Sum of operating labor cost,
maintenance cost, utility cost
and raw material cost

8% of total operating cost

(Oyedun et al., 2018; Patel et
al., 2018)

Table 5.4 summarizes the key characteristics of the plant assumed for this analysis; the same

approach was used recently by Agbor et al. (Agbor et al., 2016). The plant lifetime is assumed to

be 20 years with plant construction beginning three years before start-up. The plant construction
cost distribution is 20%, 45%, and 35%, respectively, for years 3, 2 and 1 (Miller & Kumar, 2014;
Patel et al., 2018). The efficiency of the plant is assumed to be 70% in the first year, 80% in the
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second, and 85% in the third year and beyond. Plant maintenance costs are assumed to be 3% of
the total project investment cost. A location factor of 10% of the total fixed investment is
considered to accommodate jurisdictional requirements (Miller & Kumar, 2014; Patel et al., 2018).
A camping cost of 5% of the total project investment is considered for the spruce hardwood
because it is assumed that harvesting takes place in a remote forest location where accessibility
and communication is difficult (Oyedun et al., 2018). No camping cost is considered for the
agricultural residues (Patel et al., 2018) because of the easy access to the harvesting area. To
estimate the present production cost of the renewable diesel and gasoline, a discounted cast flow
(DCF) analysis was developed with an internal rate of return of 10% for a 20-year plant life. Table

5.3 includes the inflation factor used for the different cost components.

After capital cost, operating cost plays an important role in the analysis. Variable operating costs
include raw material cost, maintenance cost, operating labor cost, plant overhead cost, general and
administrative costs, operating charges, water disposal cost, and utilities. In the H2 purchase
scenario, raw materials include biomass, Hz, nitrogen, sand, and catalysts, and in the H2 production
scenario, raw materials include all of these except H2 and reformer catalysts. So, the raw material
cost for the Ha purchase scenario is higher than in the Hz production scenario. For the Hz purchase
scenario, the H2 purchase cost is included. Table 5.5 lists biomass yield and delivery costs. The
biomass delivery cost has two components, field cost and biomass transportation cost. The
harvesting method is different for woody biomass than for agricultural residue and is described in
detail elsewhere (Agbor et al., 2016; Kumar et al., 2003). Of the feedstocks considered, harvesting
costs are lowest for woody biomass because of the high yield per hectare, and yield is lowest for

wheat straw. The lower yield raised the transportation cost.
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Table 5-5. Input data on biomass yield and delivery cost for the techno-economic model

Feedstock  Biomass yield  Biomass delivered Field cost Transportation cost
( ha) cost ($ t1) S ) S )

Spruce 84 40.74 28.87 11,87

Wheat straw 0.41 72.66 37.23 40.43

Corn stover 3.75 55.99 36.74 19.25

In the H2 production scenario, there is a cost for the catalyst used in the hydrotreaters,
hydrocracker, reformer, and shift reactors; in the H> purchase scenario, however, the reforming
catalyst cost is excluded. The lifetime of the catalyst is considered to be 1 year; after that, it is
replaced. The catalyst costs used in the hydroprocessing unit were derived from Wright et al.
(Wright et al., 2010) and in the reformer from Zhu et al. (Zhu et al., 2013). The costs of electricity,
nitrogen, Ha, and sand used in our cost analysis are, respectively, 0.056 $ kWh'! (EPCOR, 2017),
0.04/100 $ g! (Kaycircel, 2017), 0.74 $ kg! (Miller & Kumar, 2014), and 7.8 $ t"! (Minerals,
2017).

To run a 2000 t d"!' capacity plant continuously, the number of employees (including laborers and
supervisor) is assumed to be 13 and 18, respectively, per shift, for the H2 purchase and production
scenarios, and three shifts per day are assumed. Operating charges for the plant are assumed to be
25 % of the total labor coast and plant overhead to be 50 % of the sum of the operating and the
maintenance costs. (Oyedun et al., 2018; Patel et al., 2018) Table 5.4 lists the operating charges
included in the analysis. All cost are reported in 2016 US dollars.

For the analysis, renewable diesel and gasoline are considered the main products with biochar as
the byproduct. Diesel and gasoline are separated in a fraction column after the hydroprocessing
operation. To estimate the production cost of individual renewable fuels, we assumed that diesel

cost was a function of gasoline cost (diesel cost = gasoline cost + 0.05 $ L) for the specific
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location (Natural resources Canada, 2017). We also assumed that the biochar can be sold at a price

of 100 $ t! on a dry basis (Shabangu et al., 2014).

5.4 Result and discussion

5.4.1 Results of Experimental work on fast pyrolysis in fluidized bed reactor

5.4.1.1 Experimental results on the effects of temperature on pyrolysis yield

Figure 5.3 (a), (b), and (c) show the influence of temperature on the fast pyrolysis yield of spruce,
corn stover, and wheat straw, respectively, in a fluidized bed reactor. As each figure shows, bio-
oil yield increases with increases in temperature and, at a certain point, decreases. The temperature
at which maximum bio-oil yield is achieved differs by feedstock. The temperatures are 490°C,
460°C, and 460°C and the maximum bio-oil yields are 64%, 49%, and 55% by weight for spruce,
wheat straw, and corn stover, respectively. Gas yield increases and biochar yield decreases with
increases in temperature for all the feedstocks. The product distribution trends for all the feedstocks
are similar; this is because they share the same biomass decomposition kinetics. At low
temperatures, activation energy is not sufficient to break the solid feedstock to pyrolysis vapor.
Thus, biochar yield is highest at low temperatures and some unconverted biomass is found with
the biochar. However, with increases in temperature, bio-oil yield increases because of increased
volatile compounds in the pyrolysis vapor from the fast pyrolysis process. With further increases
in temperature (for spruce, to 490 ‘C, and for corn stover and wheat straw, to 460°C), bio-oil yield
decreases because of the secondary cracking reaction of the pyrolysis vapor, which forms more
low molecular weight non-condensable gases (see Figure 5.3). The bio-oil yield for wheat straw
is lowest because of its low carbon content and high oxygen percentage. These same product
distribution trends have been reported by other researchers (Garcia-Perez et al., 2008; Ji-lu, 2007;
Liu et al., 2009; Meibod, 2013).
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Figure 5.3. Effects of temperature on product distribution for fast pyrolysis of biomass

with (a) spruce, (b) corn stover, and (¢) wheat straw

5.4.1.2 Experimental results on the effects of particle size on pyrolysis yield

The effects of particle size distribution on bio-oil yield were also studied for each feedstock at a
particular temperature. The temperatures were selected based on the highest bio-oil yield and for
corn stover and wheat straw was 460°C and for spruce was 490°C. Three particle size distributions
were selected: 0.125-0.425 mm, 0.425-1 mm, and 1-2 mm. The average diameter of the smaller
particles (0.275 mm) is one-fifth the size of the larger ones (1.5 mm). Figure 5.4 shows the
variations in bio-oil and biochar yield with changes in particle size distribution. At a low particle
size, maximum bio-oil yield was attained, and, with increases in particle size, the weight of the

bio-oil yield dropped. The drop in yield with increased particle size is related to heat transfer
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conditions during the pyrolysis process. The energy required to heat the entire biomass particle in
a particular time is related to its heat transfer coefficient, which is related to particle thickness.

The smaller particles easily convert to pyrolysis vapor but the pyrolysis vapor yield is lower for
the large particles. Bio-oil yield for spruce, corn stover, and wheat straw decreased from 67% to
59%, 57.5% to 49%, and 52% to 44.3% by weight with particle size increases of 0.125-0.425 mm,
0.425-1 mm and 1-2 mm, respectively (Greenhalf et al., 2013; Ringer et al., 2006; Shen et al.,
2009). It takes more time for heat to transfer from the particle surface to the center for big particles
than for small ones, and since fast pyrolysis has a very short residence time, solid biomass cannot
decompose to gas in that time. Bio-char yield thus increased with increased particle size, as shown

Figure 5.4, and is highest for large particles.
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Figure 5.4. Effects of particle size distribution on bio-oil and biochar yield at 460°C for corn

stover and wheat straw and at 490-C for spruce in an inert nitrogen atmosphere
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5.4.1.3 Experimental results on the bio-oil characterization

Bio-oil is a complex mixture of organic compounds, mainly acids, alcohols, aldehydes, esters,
ketones, sugars, phenols, phenol derivatives, etc., that are formed by the decomposition of
cellulose, hemicellulose, and lignin. Table 5.6 shows the percentage of different compounds
identified by the GC/MS in the bio-oil from different biomass feedstocks (spruce at 490°C and
corn stover and wheat straw at 460 “C); these figures were used for the process simulation. The
main acid compounds identified are acetic acid and carboxylic acid. Phenol and phenol-derived
compounds are present in large portions compared to other organic compounds. These compounds
are formed by depolymerization of the lignin compounds, which present in a ring form. Generally,
cellulose decomposes to form mainly ketones and aldehyde through condensation reactions
(Russell et al., 1983). The amounts of organic compounds vary depending on the percentages of

cellulose, hemicellulose, and lignin content in the feedstock.
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Table 5-6. Experimental results on the composition of bio-oil by feedstock

Spruce Wt% Corn stover Wt%  Wheat straw Wt%
1,3-Cyclopentanedione 4.46%  Cyclohexanone 1.28%  Guaiacol 7.24%
1,2 loh
3-Hexanone 092% o Cyelohexane 5 760, Pcresol 0.95%
2,5-Piperazinedione 2.95%  Phenol 4.85%  2-ethyl-2-hexenal 1.27%
Phenol, 2-methoxy- 6550 > yclopentone, 23 5goy,  Amethyl-2- 1.64%
dimethyl methoxyphenol
Maltol 1.59%  Mequinol 7.02%  5-ethylguaiacol 1.60%
2-Methoxy-4-
Phenol, 2-methoxy-4-methyl- 5.10%  2-ethyl phenol 1.15% Viny‘leyt)hzz}c/)l 2.24%
Phenol, 4-ethyl-2-methoxy- 2.79%  Benzofuran 2,3 dihydro 7.76%  Syringol 4.27%
Eugenol 2.06% 1,2 benzenediol 3-methoxy 1.62%  Vanillin 2.19%
Vanillin 5.40%  Benzene 2.87%  Phenol 3.36%
Phenol 2-methoxy-4-(1- . .
proe;eon;ll) methoxy-4-( 4.55%  Octanoic acid 0.94%  2-ethylbiphenyl 1.15%
Homovanillyl alcohol 2.85%  Vanillin 1.96%  1,2,4-trimethoxybenzene  1.47%
Eth 1-(4-h -3-
mtetellllz)(::;j;henyl (4-hydroxy-3 1.83%  Acetic acid 1.89%  Benzaldehyde 1.25%
EZ?ES;C}] acid,  4-hydroxy-3- 1.13%  Ethanone 1.21% I-monobenzyl glycerol 2.25%
Acetic acid 3.11%  Diphenyl 0.88%  Acetic acid 3.20%
3-Acetyl-6-
8.719
methoxybenzaldehyde %

5.4.2 Techno-economic model

5.4.2.1 Renewable diesel and gasoline production costs

Table 5.7 lists the main costs in the production of transportation fuel through fast pyrolysis and
hydroprocessing technology from three biomass feedstocks (spruce, corn stover, and wheat straw)
for a plant capacity of 2000 t d"'. All three feedstocks were assessed in the Hz production scenario;
however, only spruce hardwood was assessed in the Hz2 purchase scenario. The installed equipment

cost for H2 production unit in the H2 production scenario is almost 100 M$ more than in the Ha

purchase scenario.

In the spruce hardwood hydrogen production scenario, the pretreatment and pyrolysis unit,

hydrotreating unit, hydrocracking and fractionation unit, electricity generation unit, and H>
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production unit make up 19%, 18%, 32%, 15%, and 15%, respectively, of the total purchased
equipment cost which is shown in Figure 5.5. The hydrocracking and fractionation unit cost is
highest because this unit consists of one hydrocracker and several fractionation columns to

separate the flue gas, diesel, and gasoline.

B Pyrolysis and Pretreatment

Il Hydrotreating

# Hydrocracking &
Fractionation

 Hydrogen Production

& Steam Generation

Figure 5.5. Distribution of purchased equipment cost for hydrogen production scenario for

spruce wood

In the H2 purchase scenario analysis, electricity production and H2 production unit costs are not
considered; the total equipment cost thus falls by 30%, thereby reducing capital costs and

renewable production cost from 1.11 $ L (in the H2 production scenario) to 0.98 $ L™! for spruce.

The installed capital costs are 322.7 M$ and 300.6 MS$, respectively, for corn stover and wheat
straw for the Hz production scenario for a 2000 dry tonne/day plant and the corresponding
renewable diesel production costs are 1.19 $ L' and 1.27 $ L'!. Fast pyrolysis and hydroprocessing
plant capital costs are lower for agricultural residues than for woody biomass for two reasons. The
first is that agricultural residue feedstock has low moisture content and so less feedstock is handled

in the biomass pretreatment unit. The second reason is a lower bio-oil yield from the pyrolyzer for
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agricultural residues. The lower capital cost lowered the cost of the hydrotreaters, hydrocracker,
and fractionation columns because they handle lower capacities of bio-oil than generated from
spruce hardwood. Annual operating costs are 170.6 M$, 133 MS$, and 123 MS, respectively, for

spruce, corn stover, and straw in the Hz production scenario.

Table 5-7. Summary of main cost estimates for a size of 2000 dry t d! plant

Spruce Corn stover Wheat straw

Merchant H: H: H:

Parameter . . .
H: production production production

Installed capital cost (M$) 247.3 347.8 322.7 300.6
Total project investment cost 1926 504.5 5515 513.8
(M$)
Annual operating cost (M$ y!) 157.3 170.6 133.0 123.4
Cost of renewable diesel ($ L) 0.98 1.11 1.19 1.27
Cost of gasoline ($ L) 0.93 1.06 1.14 1.22

5.4.2.2 Cost distribution

Figure 5.6 shows the operating cost distribution of renewable diesel for spruce (Hz purchase and
production scenarios), corn stover (H2 production scenario), and wheat straw (H2 production
scenario) for a plant capacity of 2000 t d"'. Renewable diesel production costs for spruce hardwood
are 1.11 $ L' and 0.98 § L', respectively, in the Hz production and purchase scenarios. In both
scenarios, raw material cost contributed significantly to cost of renewable diesel, followed by
capital cost, maintenance cost, utility cost, and camping cost. Raw material costs are 0.52 $ L!
and 0.49 $ L' in the Hz purchase and the Hz production scenarios, respectively. In the Hz
production scenario, the raw material cost is low because there are no Ha purchase costs, but capital
costs are high because of the costs to install a H> reforming plant and an electricity generation
plant. The capital costs are 0.15 $ L' and 0.10 $ L', respectively, in the H2 production and the
purchase scenarios. The utility cost is significantly lower in the H2 purchase scenario (0.05 $ L)
than in the Hz production scenario (0.09 $ L") because less equipment is needed. For this analysis,

the biochar produced in the fast pyrolysis process is considered revenue instead of an energy

159



source; in other words, the electricity produced in the power generation unit is consumed in the
plant and there is no excess for revenue. Plant maintenance and overhead costs are high in the H>

production scenario because more equipment is needed during operation.

For corn stover and wheat straw, the renewable diesel production cost present values are 1.19 § L
"'and 1.27 $ L', respectively, in the hydrogen production scenario. Both are higher than the
renewable diesel production costs in both spruce scenarios because of the higher transportation
fuel yield. For corn stover and wheat straw, the raw material cost makes up a significant portion
of the renewable diesel production cost, 0.47 $ L' and 0.56 $ L', respectively. These costs are
higher than for spruce wood because of the lower agricultural residue yield per hectare than woody
biomass (see Table 5.4). As stated earlier, there is no camping cost in agricultural residue
harvesting as the fields are easily accessible. Capital costs are 0.19 $ L'and 0.21 $ L' and
maintenance costs are 0.12 $ L'and 0.13 $ LI, respectively, for corn stover and straw. Cost ranges

are explained in more detail in the sensitivity analysis.
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Figure 5.6. Distribution of operating cost on present worth of renewable diesel for a plant

capacity of 2000 t d! based on techno-economic model
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5.4.2.3 Effects of byproduct cost on renewable diesel production cost

To make pyrolysis process competitive with conventional fossil fuel technologies, it is required to
identify the value of biochar as a by product and making it marketable will enhance feasibility of
this process. In this study, an attempt was made to understand the effects of byproduct costs on
the production cost of renewable diesel. Figure 5.7 (a) and Table 5.8 show variation in renewable
diesel cost with a biochar selling price of 0 to 500 $ t' on a dry basis (Shabangu et al., 2014) . The
diesel production cost decreases with increases in the selling price of biochar. For both the
hydrogen production and purchase scenarios of spruce wood, the renewable diesel cost fell by
almost 15% when biochar cost increased from 0 to 500 $ t"'. However, for wheat straw and corn
stover, renewable diesel costs fell by 29.7% and 23.3%, respectively, when biochar cost increased
from 0 to 500 $ t! as agricultural residues produced more biochar than woody biomass, which
increased the biochar revenue and which was reflected in the renewable diesel cost. Therefore, the

byproduct cost has a significant effect on the production cost of the main products.

Table 5-8. Variation of renewable production cost as a function of biochar selling price

Renewable diesel cost ($ L)
Biochar selling Spruce (H: Spruce (H2 Wheat straw (H, Corn stover (H:

cost ($ t) prod) purchase) prod) prod)

0 1.143 1.017 1.361 1.251
50 1.126 1.001 1.320 1.222
100 1.110 0.985 1.280 1.193
150 1.094 0.969 1.239 1.163
250 1.062 0.936 1.158 1.105
350 1.029 0.904 1.077 1.047
400 1.013 0.888 1.037 1.018
500 0.981 0.855 0.955 0.959

5.4.2.4 Sensitivity analysis

Figure 5.7 (b), (c), (d), and (e) show the economic and process parameter sensitivities of spruce
(in the H2 production and purchase scenarios) and of agricultural residues (in the Hz production

scenario) on the production cost of renewable diesel in terms of present worth. All the parameters
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were varied by £20%. The cost of renewable diesel in $ L! changed from 0.82-1.22, 0.93-1.38,
0.99-1.48, and 1.07-1.59, respectively, in the spruce H: purchase scenario, the spruce Ha
production scenario, the corn stover H2 production scenario, and the wheat straw Hz production
scenario. Of all the parameters, bio-oil yield is most sensitive to the production cost of the
renewable diesel for all the feedstocks for both the H2 production and the purchase scenario.
Optimizing process conditions (i.e., reactor design, temperature, and particle size) could increase
the bio-oil yield, which further reduces production costs. The diesel cost fell to 0.82 $ L' from
1.22 $ L' and 0.99 $ L! from 1.38 $ L' in the H> purchase and the production scenarios,
respectively, when bio-oil yield was increased by 20% for spruce feedstock. When bio-oil yields
for corn stover and wheat straw were increased by 20%, the renewable diesel costs fell from 1.19

t0 0.99 $ L''and 1.27 to 1.07 $ L', respectively.

After bio-oil yield, raw material cost is the most influential parameter. When raw material costs
were increased by 20%, diesel costs increased from 0.98 to 1.08 $ L' and 1.11 to 1.20 $ L,
respectively, for the spruce feedstock Hz purchase and the Hz production scenarios. For corn stover

and straw, renewable diesel cost also increases with an increase in raw material cost.

The other influential parameters are the internal rate of return (IRR) and capital cost. The cost of
renewable diesel increases with an increase in these parameters. By increasing the IRR by 20%,
the $ L! cost of renewable diesel increases by 3%, 4%, 5.4%, and 5%, respectively, in the spruce
Ha purchase scenario, the spruce Hz production scenario, the corn stover H2 production scenario,
and the wheat straw H> production scenario. Capital cost and renewable diesel cost are directly

proportional to each other.
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(c) Spruce: Hydrogen production scenario
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(e) Wheat straw: Hydrogen production scenario
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Figure 5.7. Sensitivity analysis for renewable diesel from (e) Effects of biochar selling price
on renewable diesel cost, (b) Spruce: H, purchase, (¢) Spruce: H; production (d) Corn

stover: H, production, and (e) Wheat straw: H, production

5.4.2.5 Net energy ratio analysis

By definition, the net energy ratio (NER) is the ratio between the energy output in terms of
renewable energy to the energy input from non-renewable resources (Burgess & Ferndndez-
Velasco, 2007; Miller & Kumar, 2013; Shahrukh et al., 2016; Shahrukh et al., 2015). To calculate
the NER for fast pyrolysis and hydroprocessing technology, the following operations are
considered: biomass cultivation, harvesting, biomass transportation to the plant, the fast pyrolysis
process, the reforming, power generation, and hydroprocessing. In the H2 purchase scenario, H2
reforming and the power generation unit are not included. The NER is the ratio of efficient
renewable energy production to the consumption of energy from a fossil fuel. For this analysis,
diesel and electricity are assumed as the energy input from conventional sources. By definition, if

the NER of a process is greater than 1, then the process is considered energy efficient. Specifically,
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for new technology for renewable resources, which are economically very demanding, an NER

greater than one is required to see any energy and emissions benefits.

In this study, the NERs for spruce, corn stover and wheat straw were estimated to be 2.16, 1.5, and
1.16, respectively, for fast pyrolysis and hydroprocessing technology in the H: production
scenario. For all the feedstocks, the NER shows that less fossil fuel is consumed than the energy
produced through renewable energy. Of all the biomass considered, spruce was found to have
highest NER; this is because of the high transportation fuel yield and lower diesel consumption
during harvesting than agricultural feedstock. These NER numbers were compared with published
results for similar pathways and different feedstocks and are in good agreement. For example,
Miller and Kumar (Miller & Kumar, 2013) (analyzed the NER for canola and camelina feedstock
for the production of renewable diesel and reported an NER from 1 to 2.3. The NER ranges are a
result of feedstock type, oil extraction method, and upgrading technology. Wong et al.(Wong et
al., 2016) also did an NER analysis for renewable diesel production and reported NER values of
1.55 to 1.9 depending on the feedstock type. The output energy from biomass feedstock fast
pyrolysis and upgrading technology is higher than the fossil fuel energy input, which helps to

reduce greenhouse gas emissions.

5.4.2.6 Comparison of renewable diesel production costs with published values

Because of their lower costs and availability, petro-fuels from crude oil are more attractive than
renewable diesel to investors and end users. Renewable diesel from fast pyrolysis and
hydroprocessing technology has a comparatively higher capital cost than conventional methods.
Further research and development and potential government support is needed for large

commercial scale development of the technology.

Production costs of transportation fuels from fast pyrolysis and hydroprocessing reported in the
literature range from 0.64-1.3 $ L', depending on the biomass (Patel & Kumar, 2016; Shemfe et
al., 2015). Recently, Li et al. (2017) studied different fractions of bio-oil and upgraded that to
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gasoline and diesel fractions through hydroprocessing for red oak feedstock and reported a
production cost of 0.8 $ L!. Following their sensitivity study, they found that feedstock cost,
capital cost, and product yield are more sensitive than other factors to transportation cost.
Differences in the production cost of the upgraded biofuel are due to location factor and product
yield. To the best of our knowledge, there is no Canadian study on techno-economic assessment
of upgrading bio-oil from different feedstocks and comparing the production costs of the end
products. In this study, we looked at the three different Canadian biomass feedstocks and two
different scenarios (H2 purchase and production) to estimate the present value of the renewable
diesel and gasoline. The production costs of renewable diesel are 0.98 $ L 1.11 $ L, 1.19 $ L,
and 1.27 $ L'}, respectively, for the spruce Hz purchase scenario, the spruce Hz production scenario,
the corn stover Hz production scenario, and the wheat straw Hz production scenario for a plant

capacity of 2000 dry t d'.

Finally, the production cost of renewable diesel found in this analysis was compared with the
production cost of conventional diesel. After provincial taxes and the market margin are deducted
from the rack price, the production costs of petro-diesel and gasoline were calculated to be 0.48-
0.68 $ L' and 0.43-0.6 $ L', respectively, from January 2017 to November 2017 (Natural
resources Canada, 2017). The price of conventional fuel changed considerably due to market
conditions and was highly unpredictable. The cost calculated for renewable diesel in this study is
higher than the conventional diesel cost. But the cost of renewable diesel from the spruce Ha
purchase scenario is at the higher end of the petro-diesel cost. This analysis considered a standalone
pyrolysis and hydroprocessing unit. The cost of renewable fuel could be reduced if this unit can
be combined with an existing refinery where a H2 production unit is already established. This
option can be explored and more research is required in the technical aspects of the

hydroprocessing technology to make this process real.

5.5 Conclusion

This study performed experimental work on production of bio-oil from three different biomass

feedstocks in Canada. The experimental data along data from literature were used to develop
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techno-economic models for the use of three Canadian biomass feedstocks to produce renewable
diesel and gasoline through fast pyrolysis and hydroprocessing technology for a plant capacity of
2000 t d'. The production cost of renewable diesel cost ranges from 0.98 — 1.27 $ L depending
on the feedstocks type and hydrogen production scenarios. The sensitivity analysis showed that
bio-oil yield is most sensitive to renewable diesel production cost, followed by raw material cost,
capital cost, and IRR. The raw material cost is approximately 53% of total production cost for
spruce hydrogen purchase scenario, whereas for hydrogen production scenario, raw material cost
varies between 40-44% of total production cost of renewable diesel for all the feedstocks. To make
the process cost competitive with existing refinery technology, more attention should be paid to
reducing both biomass feedstock and capital costs of the whole pathway. The plant location and

collaboration with an existing refinery could help to commercialize this technology.

In this study, an attempt was made to investigate the variation in the production cost of renewable
diesel as a function of selling price of biochar, ranges from 0 to 500 $ t' on the dry basis. With
increase in selling price of biochar, the renewable diesel cost decreases significantly. With increase
in cost from 0 to 500 $ t'', the renewable diesel cost reduces from 1.02 to 0.85, 1.14 to 0.98, 1.25
to 0.95 and 1.36 to 0.95 $ L-!, respectively, for spruce hydrogen purchase scenario, spruce
hydrogen production scenario, corn stover hydrogen production scenario and wheat straw
hydrogen production scenario. Therefore, consideration of biochar as byproduct could be improve

the economic feasibility of the pyrolysis and hydroprocessing technology.
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Chapter 6: Development of Cost Model of Supply Chain Network for

Two Scenarios of Decentralized pyrolysis system to Produce Bio-oil®

6.1 Introduction

Greenhouse gases (GHG) emission and associated global warming due to fossil fuel use,
sustainability of biomass (consider as carbon neutral) and availability of local biomass are the main

reasons for the growing interest in bioenergy and biofuels.

In North America, there is growing interest in biofuel as a transportation fuel replacement (World
Energy Council, 2017). Canada has 347 million hectares of forest, an estimated 9% of the world’s
forests (Natural Resources Canada, 2017). In the last several decades, biomass has been used
primarily in the pulp and paper industry, but due to the popularity and adoption of electronic media,
demand for pulp and paper is shrinking which was using about 57% of biomass energy (Bradburn,

2014; Canada, 2008; Historica Canada, 2017).

Governments around the world support bioenergy sector and are encouraging use of biomass

resources for the production of biofuels and chemicals (Demirbas & Balat, 2006; Guo et al., 2015;

¢ A version of this chapter is submitted to Biomass and Bioenergy as Patel M, Oyedun A, Kumar A, Doucette J.
Economic feasibility and model development for the bio-oil production from hardwood for two configurations of
mobile pyrolysis system (MPS), 2018 (submitted)
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Lynd et al., 2011). Fast pyrolysis is a well-investigated commercial technology for the conversion
of biomass to liquid fuels in a centralized plant. Fast pyrolysis takes place in a pyrolyzer in the
absence of oxygen at 400-600 °C and at atmospheric pressure (Bridgwater, 2012; Patel et al., 2018).
The outputs from this process are bio-oil, gas, and biochar. Generally, the bio-oil yields vary from
50-75 wt% depending on the feedstock and process parameters (Bridgwater & Peacocke, 2000;
Patel et al., 2016). Bio-oil is considered an intermediate for transportation fuel and can be further
upgraded through hydroprocessing technology to produce a petro-fuel equivalent (Bridgwater,
1999; Patel & Kumar, 2016).

In general, centralized plants are used for conventional fuels such as coal and natural gas because
of economies of scale benefits in capital cost at higher capacities. Usually biomass is transported
from the nearest forest to a centralized pyrolysis plant to produce biofuel. An economy of scale
concept is also true for biomass (Kumar et al., 2003). Kumar et al. investigated the production
costs of electricity from biomass for different plant capacities (Kumar et al., 2003). They found
that electricity costs initially decreased with an increase in capacity as the economy of scale
benefits outweighs the increase in the biomass transportation cost, and reaches a minimum. With
further increase in plant capacity, electricity cost increases. This is because of increase in biomass
transportation costs which outweighs the benefits from the economy of scale in capital cost.
Another study by Kumar et al.(Kumar et al., 2008) also estimated cost of power generation from
combustion of Canadian mountain pine infested wood for a range of plant capacity from 50 to 450
MW and observed the cost pf power production was highest at low capacity and with increased in
plant capacity, the cost reached the lowest value. But with further increased in plant capacity, it
maintained a flat trend. The reason was aligned with their previous study (Kumar et al., 2003).
Other key challenges for a large capacity centralized pyrolysis plant are the feedstock availability
and large capital investment. These challenges might be overcome by using mobile pyrolysis

system (Sorenson, 2010).
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The concept of the decentralized or MPS is to reduce the raw biomass handling and transportation
costs compared to centralized pyrolysis plants. The characteristics and advantages of an MPS over

a centralized plant are portability, mobility, simplicity, and adaptability to regions and weather.

The technical and economic aspects of mobile pyrolysis system are studied by a few researchers
in the literature (Badger et al., 2010; Badger & Fransham, 2006; Brown et al., 2011; Brown et al.,
2013; Ha et al., 2010; Palma et al., 2011; Wright et al., 2008). Brown et al.(Brown et al., 2011)
investigated economic feasibility of two capacities of MPS units: 10 and 50 dry t d™! for small
diameter conifer trees available in northern New Mexico forests. Simultaneously, a series of
experiments were performed to enhance the yield of pyrolysis oil in the remote condition. They
concluded that larger capacity of MPS unit is more cost effective and the cost of bio-oil can be
optimized by reducing labor cost and increased utilization of fixed cost utilization such as suppliers
for pre-chipped or pre-sized biomass. Another study in 2013 focused on two distributed mobile
conversion facilities (fast pyrolysis and torrefication process) of 50 dry t d"! biomass plant capacity
to convert forest residue to higher energy density material which can be further processed in
biofuel facility and compared the levelized cost of delivery cost for these pathways. Badger and
Fransham (2006) conducted a very preliminary techno-economic analysis to estimate the capital
cost including installation cost of a bio-oil handling system for a mobile pyrolysis system and
concluded that the estimated capital cost was comparable to the 50 MWe biomass handling system
at the power plant. A techno-economic assessment of 100 dry tonne/day southern pine wood chip
transportable pyrolysis system has been studied by Badger et al. (2010) using life cycle operating
cost provided by Renewable Oil International (ROI) LLC. To produce Fischer Tropsch fuel in a
centralized catalytic synthesis facility, Wright et al. (2008) compared two pathways: one is
traditional centralized biomass gasification and Fischer Tropsch synthesis and second is distributed
pyrolysis system to produce bio-oil followed by bio-oil gasification and Fischer Tropsch synthesis.
For distributed pyrolysis, they considered three biomass facilities: on farm pyrolyzer, small
cooperative pyrolyzer and large cooperative pyrolyzer. Few researchers have used geographic
information system (GIS) to optimize the path and move of the distributed pyrolysis system to
reduce the biomass transportation cost based on the feedstock availability and subsequently cost

of bio-oil (Ha et al., 2010; Palma et al., 2011)
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All the above studies are basically focused on the technical and economic feasibility of mobile
pyrolysis system to produce bio-oil. But there is no study available in the literatures which describe
the model development of supply chain network for the allocation of MPS units during the lifetime
of the operation. These models take account of five different capacity of MPS units (10, 20, 40, 50
and 100 dry t d!) and four relocation time (yearly, biyearly, quarterly and monthly) for estimation
of bio-oil production cost. Relocation time stands for the frequency that a decentralized unit is
moving in a year (such as biyearly relocation means that MPS unit will move 2 times in a year).
To create framework for the distributed pyrolysis system, two configurations are considered which

are shown in the Figure 6.1 and results are compared with the centralized pyrolysis facility.

The key objectives of this study are:

- Development of supply chain networks to evaluate the distributed mobile pyrolysis system to
produce bio-oil through pyrolysis process using Canadian hardwood as the feedstock for a base

case plant capacity of 2000 dry t d”!,

- Development of techno-economic models for each configuration (radial and square) of MPS to

assess its economic feasibility,

- Comparison of bio-oil production cost from both centralized and distributed pyrolysis system for

the base case capacity of 2000 dry t d!,

- Evaluation of optimum plant capacity for each configuration where they intersect with the

centralized system.

In this study, the term scenario and configuration are used interchangeably and also the term

decentralized and mobile pyrolysis system is used interchangeably.
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Figure 6.1. Two MPS allocation configurations: (a) truncated and (b) radial and (c)

centralized unit

6.2 Method

6.2.1 Centralized pyrolysis plant

A centralized pyrolysis plant handles the large-scale production of bio-oil from whole tree biomass
feedstock at one facility (a fixed facility where biomass is brought from nearby) which is shown
by Figure 6.1 (c). A centralized facility is located at the center of the circular area and biomass is
transported to the plant gate for processing. The biomass is harvested, chipped, and then trucked
to the plant gate. The chipped biomass is then ground to a particle size less than 2 mm and dried
to a moisture content less than 10 wt%, which is suitable for the pyrolyzer (Patel et al., 2018).
Biomass pyrolysis takes place in a fluidized bed reactor in the absence of oxygen with nitrogen as
the fluidizing gas to produce vapor and biochar. Biochar is separated through a cyclone and
combusted to generate energy. The pyrolysis vapor is quenched in a series of condensers to
produce bio-oil. For the centralized plant, it was assumed that the pyrolysis unit and upgrading
unit are located at the same place, so the bio-oil transportation cost was not considered in the
analysis. The detailed process and operating conditions of a centralized plant are further explained

by Sarkar and Kumar (2010).
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6.2.2 Mobile pyrolysis system

As a mobile pyrolysis plant is convenient, easy to assemble and use, and portable, it is considered
a strong alternative to a centralized plant. An MPS unit is loaded on a trailer that is attached to a
truck or tractor. The unit can be moved to a remote area where feedstock is available and the
produced bio-oil can be transported to an upgrading facility. As the density of bio-oil (1.2-1.3 kg
L) is almost three times more than the density of raw biomass, transportation costs are low (Sarkar
& Kumar, 2010). An MPS unit consists of a dryer, grinder, biomass feeder, auger screw feeder,
auger reactor, cyclone separator, condenser, biochar collector, and bio-oil collection chamber (see

Figure 6.2). Each MPS unit requires a biomass field storage area.
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Figure 6.2. Schematic of an MPS unit

Auger pyrolysis technology was developed by ABRI-Tech (Marshall, 2013). The reactor
mechanically mixes the biomass and uses a heat transfer medium. In the pyrolysis system, two

independent rotating devices rotate inside the horizontal auger reactor; the reactor does not self-
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rotate (Brown et al., 2011; Sorenson, 2010). The heating medium is heated prior to pyrolysis, so
no fluidizing medium is required, thereby further increasing the efficiency of the condensers as
they handle only the pyrolysis vapor. Biochar is collected from two places: at the end of the reactor
and from the cyclone char collector. In this study, non-condensable gases are assumed as the
heating carrier for the reactor. The pyrolysis vapor products are separated from the reactor due to
the pressure difference and passed through the cyclone and a series of condensers where the bio-
oil is collected and non-condensable gases are combusted to produce heat (and used as the heating
carrier). As the MPS unit is located in the forest, part of bio-oil is used to produce electricity using

a flex fuel generator (Sorenson, 2010).

The main objective of this paper is to develop generic models to investigate the technical and
economic feasibility of bio-oil production from the two MPS configurations. A base case of a 2000
dry tonnes/day biomass facility was considered and Canadian whole trees were assumed as
feedstock. The capacity of an MPS unit is from 10 to 100 dry t d!, thus many units are required to
achieve the target base case capacity. The actual number of units required is higher than expected
because part of the produced bio-oil is used to produce electricity, which affects the overall
revenue. For each MPS, a restricted area is assigned for the lifetime of the harvesting operation so
that no two MPSs intersect. In this study, five MPS capacities (10, 20, 40, 50, and 100 dry t d'!)
and four relocation times (yearly, biyearly, quarterly, and monthly) were considered. Two
scenarios (configurations) were assumed in the allocation of harvesting areas, truncated and radial;
they are shown in Figure 6.2. Two generic equations were developed to estimate bio-oil production
costs for the two configurations, and the results were compared with those reported by Sarkar et

al. (2010) for a centralized pyrolysis system.

6.3 Generic model development for an MPS

Figure 6.1 shows two MPS scenarios in which all the units operate simultaneously to achieve the
target base case plant capacity. To derive generalized equations, each parameter is considered as
a variable that can be changed depending on the requirements. It is assumed that a centralized plant

of A dry t d”'capacity produces 4; dry tonnes of bio-oil each day. One MPS unit of B dry t d’!
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capacity yields B; dry tonnes of bio-oil each day. Because an MPS operates in a remote location,
part of the produced bio-oil, z tonnes of bio-oil per day, is used to generate electricity. To ensure
equal amounts of bio-oil from each framework (centralized and MPS) for comparison, N numbers

of MPS units are required and can be calculated from Equation (1):

Ay (1

The required biomass area for one MPS in each relocation time is M ha (represent by 4s) and the
lifetime of each MPS is T years. It is important to note that the area required for each MPS for the
lifetime of the operation is assigned at the beginning of the operation to avoid overlapping between
MPS units. In addition to M ha area, each MPS requires % acre (0.3035 ha) for its set up (Palma
et al., 2011). Therefore, the total area required by each MPS is M + 0.3035 ha. For example, in the
yearly relocation scenario, the MPS requires M ha/year, and the total area required for a 10-year

MPS lifetime is 10*(M + 0.3035) ha. The same area is required by each MPS.

The total area A" required for N MPS units for the lifetime of the operation for both scenarios can

be estimated using Equation (2):

A'=(M+03035)«*N*T *m )

where m 1s the number of MPS relocations in a year (e.g., m = 1, 2, 4, and 12 for yearly, biyearly,

quarterly, and monthly relocation, respectively).

The total area required for the lifetime of all MPSs is considered to be circular because for the
centralized plant, it is also assumed that the total area is circular and the plant is situated at the

center of the region. The radius of the circular area R is calculated using Equation (3):
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2 (M +0.3035)* N*T xm )
R = (§) * 1.27 * -

R is constant for the two MPS scenarios (truncated and radial), but the calculations for the other
parameters, such as biomass transportation distance to the MPS unit, bio-oil transportation distance
from the MPS to the bio-oil processing facility, and relocation distance, are, as explained in the
subsequent section. In Eqn. 3, 1.27 is the winding factor to account the winding of the roads in the

remote area and 2/3 is the average transportation displacement of the biomass collection area

(Wong et al., 2016).

6.3.1 Scenario 1- Truncated

In the truncated scenario, the total circular area of radius R is divided into rings (see Figure 6.1
[a]) and each MPS is placed in the truncated -like d segment. The upgrading unit be located at the
center O of the circular area of radius R. Therefore, the number of truncated d segments in the
inner most ring do not touch the center (still it will be a truncated area). The section framed by the
letters A4, B, F, C, D, and E is the location area, 4s, for one MPS for a particular relocation time in
which AD = BC= EOF = d, as shown in Figure 6.3. In the segment, the MPS unit is located at the
center O of the polygon ABFCDEA. Equation (4) is the derived expression of As to calculate d.

The detailed calculation steps are given in Appendix B.
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Figure 6.3. MPS allocation in area As for scenario 1: Truncated

A - 2 nRd — wd? d 4)

From Equation (4) the distance d can be calculated using Equation (5):

d = /(M +0.3035) )

6.3.1.1 Bio-oil transportation distance

The bio-oil transportation distance is the distance bio-oil is transported from the MPS unit to the
central bio-oil processing facility at the center O’ (see Figure 6.4[a]). It is important to estimate the
number of relocations (4s) by the N MPS units and allocate the position of each MPS so that the
MPS units do not interact with each other during the lifetime of each plant. Figure 6.4 shows the
formation of rings and the division of each ring location area (4s) for each MPS unit and ‘*’ shows
the position of the MPS units in the 45 area. The inner most circular area is for the upgrading unit

to process the bio-oil to produce renewable diesel.
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Figure 6.4 Bio-oil transportation distance (a), biomass transportation distance (b) and

MPS relocation distance (c) for the truncated scenario
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The number of rings (N') can be calculated from Equation (6):

N (6)

IS v

The number of 4; in the circle with the radius R (Nn') can be calculated using Equation (7), which

is the sum of the all the 45 in all the rings.

, < Perimeter of dotted circle Ny )
Ne = Z d
i-1
N oo <R _2i- 1)d>

J— E
=
\/Vhere 1 1,2,3,.... N

The bio-oil produced in the MPS needs to be transported to a bio-oil processing facility. Bio-oil

transportation distances vary with the location of the MPS.

Equation (8) is the generalized expression for the bio-oil transportation distance for all As located
in the N’ rings. Dy is the total bio-oil transportation distance for N MPS units for the entire lifetime
of the plant for different relocations. The distance covered each year can be calculated by taking

1/10 of the D: since 10 years is considered the MPS lifetime in this study.
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6.3.1.2 Biomass transportation distance

Biomass transportation distance varies with relocation time and MPS capacity. In each As, the MPS
is located at the center (O) and biomass is transported from the surrounding area, as shown in
Figure 6.4(b). To estimate average biomass transportation distance D for a relocation period, the
truncated area ABFCDEA is divided into two segments: one is ABFEA (outer arc to MPS) and the
second is EFCDE (MPS to inside arc). To estimate the average biomass transportation distance, a
small strip of area dx is located at a distance of x from the center O” is considered for both

segments as shown in the Figure 6.4(b). The small area dx known as PORST is divided into two
equal polygons, POR and RST. Q and S are the biomass collection centers following harvesting,
skidding, and chipping. A 10 dry tonne capacity truck per trip is used to deliver the feedstock to
the MPS from the biomass collection point (Mahmudi & Flynn, 2006). Generally for centralized
plant, 20- 40 dry tonne/day (20 dry t d!) to transport the biomass from the road side to the plant
gate (Thompson et al., 2012). But the decentralized plant, biomass need to be transported from in
the remote forest location to the MPS unit. Therefore, in this study, a small capacity truck capacity
of 10 dry t d!is considered (Mahmudi & Flynn, 2006; Thompson et al., 2012; Wong et al., 2016).
The path followed will be OR and RO for the small polygon POR and RS and RO for the other side
of the polygon RST. The average biomass transportation distance for the truncated area ABFCDEA

is given in Equation (9). The detailed derivation steps are given in Appendix B.

D= 7d [13d? + 40dR, + 36R3] + &1 +3R ]
~10(d + 2R,)? 0 017 5(d + 2Ry 12 0

©)
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6.3.1.3 Relocation distance

Relocation distance refers to the distance travelled by the MPS between two consecutive allocated
points where it settles down to operate for a particular time and is shown in Figure 6.4(c). X and ¥
represent the MPS locations for the respective relocation times. The distance travelled by the MPS

from point X to point Yis d.

6.3.2 Scenario 2 — Radial

Figure 6.1 (b) shows the radial configuration for MPS operations. For this scenario, the number of
MPSs required and the radius of the circular area are estimated through Eqn. 1 and Eqn. 3,
respectively. BO'C is the area required by one MPS throughout its lifetime which is shown in the

Figure 6.5.

Figure 6.5 shows the distribution of an MPS unit’s area into subsectors based on relocation
frequency. An MPS will relocate with time in the assigned area. In each relocation, the MPS settles
in the centroid position (the average distance from every point in a specified area) to minimize
biomass and bio-oil transportation distance. In this configuration, each sector is assigned by
dividing the total angle (2m) with the number of MPS units and relocation frequencies. The angle

[ is subtended by each sector and can be calculated by Equation (10).

2T (10)
~ Nm
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Figure 6.5. Distribution areas into subsectors, radial scenario

6.3.2.1 Bio-oil transportation distance

The bio-oil produced from each MPS is transported to the bio-oil upgrading facility, as shown in
Figure 6.6(a). In sector PO’Q, the MPS is situated at the centroid (O) before being moved.
Therefore, the bio-oil transportation distance, OO, is two-thirds of the radius of the entire area, as

shown in Equation (11).

_ 2R (11)
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(b)

(c)

Figure 6.6. Bio-oil transportation distance (a), biomass transportation distance (b) and

MPS relocation distance (c) for the radial scenario

6.3.2.2 Biomass transportation distance

Figure 6.6(b) shows the biomass transportation distance in the radial configuration for a subsector
at a particular relocation period. For the transportation distance, the sector PO’Q is divided into
two segments: one is from the center O’ to the centroid and the second is from the centroid to the

end of sector PO’Q . To calculate the average biomass transportation distance, a small strip of area
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dr is considered in both segments, shown in Figure 6.9. The small area dr known as polygon
WXBNELKMW is located at distance » from the center. The biomass in the area dr is divided into
two equal polygons, WXBNMW and MNELKM. B and E are the biomass collection centers
following harvesting, skidding, and chipping. A 10 dry tonne capacity truck is used to deliver the
feedstock to the MPS from the biomass collection points. The total average distance travelled by
truck can be estimated by summing the two integrations for the sector PO’Q, which are estimated

in Equation (12). The deatiled calculation is given in Appendix B.

2%84x2m R3 [(9*21‘[>+8] (12)
e Y — —
20« Nm 27\ 4Nm 3

6.3.2.3 Relocation distance

Figure 6.6(c) shows the two adjacent segments PO’Q and QO’S, where one MPS unit is moved
following the completion of a harvest. The relocation distance from PO’Q to QO’S is the sum of
KC and CL and is represented by Equation (13). We assumed that O'CK and O’CL are a right-

angled triangle.

1
MPS Relocation distance = X = KC + CL = 2r = 2dsin (g) o

2d_(2n) 2w R _(211)
= —_—) = E3 * _—
sin N sin N

6.4 Description of economic parameters

This section describes the techno-economic parameters used in the MPS analysis. All the cost
numbers are reported in 2017 US dollars (1 USD = 1.33 CAD). Biomass properties are given in
Table 6.1. The cost model inputs used to estimate bio-oil production costs from the MPS are shown
in Tables 2 and 3. The characteristics of the centralized 2000 dry t d”! plant were taken from Sarkar
and Kumar (Sarkar & Kumar, 2010).
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Table 6-1. Whole tree biomass properties

Parameters Value Reference/Comments
Feedstock type Hard wood This study

Moisture content (%) 50 (Kumar et al., 2003)
Heating value (MJ kg'!, HHV) 20 (Kumar et al., 2003)
Fuel density (kg m™) 486 (Krajnc, 2015)
Biomass yield (dry t gross ha™!) 84 (Kumar et al., 2003)

6.4.1 Field cost

The field cost includes harvesting (cutting, skidding, and chipping), the premium paid to the land
owner, road construction cost, and silviculture cost (Shahrukh et al., 2016). In this study, it was
assumed that harvesting equipment (such as a feller bencher for cutting, a skidder to skid whole
trees, and a chipper for making chips) is rented and was considered operating cost. A premium of
5.26 $ dry t! of feedstock is paid above the forest biomass cost for the collection and use of the
forest biomass (Agbor et al., 2016). The silviculture cost is the cost to cultivate and grow new trees
after harvesting and is $119.04 $ ha™! (Agbor et al., 2016). Road constuction costs are the costs to
build a tertiary road network that can be used during harvesting and for truck capacities of 10 dry

tonnes (Agbor et al., 2016; Mahbub et al., 2017). The details of these costs are listed in Table 6.2.
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Table 6-2. Field cost, transportation cost, and storage cost for an MPS unit

Parameters Value Reference/Comments

Field cost

Harvesting cost  (cutting, 24.42 (Agbor et al., 2016; Shahrukh

chipping, and skidding) ($ dry et al., 2016)

t1)

Premium paid to the land 5.26 (Agbor et al., 2016; Kumar et

owner ($ dry t™) al., 2003)

Road constuction and 3.68 (Agbor et al., 2016; Kumar et

infrastucture cost ($ ha™!) al., 2003)

Silviculture cost ($ ha™) 119.04 (Agbor et al., 2016; Kumar et
al., 2003)

Transportation cost

Biochar transportation cost 4.5 (Kumar, 2013)

($ dry t! of biochar)

Biomass transportation cost 2.35+ 0.03D D 1is the round-trip distance

($ m™) travelled by the truck from the
forest to the plant gate. (Agbor
et al, 2016; Badger &
Fransham, 2006; Kumar et al.,
2003)

Truck capacity for the 10 (Mahmudi & Flynn, 2006)

ransportation of biomass dry
tonne
Bio-oil transportation cost

(8 m)

Capacity of liquid tank truck
(m’)

Storage system

Biomass storage type

Biomass stoarage cost ($ dry t°
1

)
No. of biomass storage days
Bio-oil storage capacity (m?)
Cost of storage tank for bio-oil
$)
Material type for bio-oil
storage tank
No. of days bio-oil can be
stored

6.824+ 0.0.060D

30

1.1

15

100
137,689.02

Stainless steel

2-3

(Kumar et al., 2004)

D is the round-trip distance
travelled by the liquid tank
truck from the MPS point to
the bio-oil processing plant.
(Pootakham & Kumar, 2010)
(Pootakham & Kumar, 2010)

(Agbor et al., 2016)
On-field storage
(Agbor et al., 2016)

Assumed

This study

(Badger & Fransham, 2006;
Pootakham & Kumar, 2010)
(Pootakham & Kumar, 2010)

(Pootakham & Kumar, 2010)
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6.4.2  Biomass and bio-oil transportation cost

Biomass and bio-oil transportation costs comprise two components, the fixed cost for loading and
unloading and the variable cost for the round trip transportation of biomass and bio-oil (Shahrukh
et al., 2016). The variable cost is a function of plant capacity. In both scenarios, both biomass and
bio-oil transportation distance were shown to be a function of the radius of the whole circular area.
The radius depends on the yield of the biomass as a higher yield reduces the area required for the

plant.

6.4.3  Capital cost

The capital cost is the investment to fabricate an MPS unit to produce bio-oil in a remote location.
For this analysis, five capacities are considered: 10, 20, 40, 50, and 100 dry t d"!. Capital cost data
were drawn from publications and industrial reports (Marshall et al., 2014; Palma et al., 2011;
Sorenson, 2010). From the available data, a scale factor was derived to calculate the capital cost
at various capacities. As the MPS concept is new and operation is available only on a small scale
in a laboratory setting, there is very limited published research available. The MPS unit

characteristics and cost inputs are given in Table 6.3.
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Table 6-3. MPS plant characteristics and cost input

Parameters

Value

Reference/Comments

MPS characteristics

MPS capacity (dry t d!)
Lifetime of plant (years)

Running time of MPS
(days)
Use rate (%)

Finalcial analysis method
Internal rate of return (%)
No. of shifts per day

No. of employees per shift
Adminstarative staff
Employee salary including
benefits ($ h™')

Scale factor for

MPS capacity from 10 to
100 dry t d!

Maintanance costs

Relocation frequency

Fast pyrolysis results (wt%)
Bio-oil

Biochar

Noncondensable gases

Energy used in MPS
Bio-oil used to produce
electricity (wt%)

Thermal energy
Propane
Noncondensable gases
Propane cost ($ L)

10,20, 40, 50 &100
10
273

90
Discounted cash flow

0.61

3% of initial
investment

Yearly, biyearly, quarterly,

capital

and monthly

57%
27%
16%

11% of the bio-oil yield

25%
75%
0.456

Assumed for this study

(Sorenson, 2010)

(Brown et al., 2011)

Assumed

(Kumar et al., 2003; Sarkar &
Kumar, 2010; Sorenson, 2010)
Calculated. The details are
included in section 3.2.

(Kumar et al., 2003)

Assumed.

(Sorenson, 2010)

This reduces the bio-oil yield to
50% from 57% by weight.

(Sorenson, 2010)

195



6.4.4  Operational cost

The operational cost includes labor, maintanance, energy, and relocation costs. Each MPS unit
operates continuously for 24 hours per day. There are 3 eight-hour shift and each is run by 2
employees (one for controlling and one fro fuel handling) for MPS capacity from 10 to 50 dry t d’
!, and one adminstrative staff is assigned to each MPS. But for 100 dry t d"! MPS unit, one extra
employee is provided per shift which increases number of employee to 3 (one for controlling and
two for fuel handling). An average wage of 30 $ h! is assumed; this includes benefits (Kumar et
al., 2003; Sarkar & Kumar, 2010; Sorenson, 2010). The maintanance cost is assumed to be 3% of
the initial capital cost investment including all the MPSs (equivalent to a base case capacity of
2000 dry t d"!) (Kumar et al., 2003). The relocation cost is the cost to move an MPS unit from one
point to another by two rental trucks. Relocation involves three activities: dismantling, moving the
unit to the next processing point, and reassembling. It is assumed that it takes 6 hours for
dismantling the unit, 5 hours to move it, and 6 hours to reassemble the unit, or 17 hours altogether
(Sorenson, 2010). The rental truck charge is considered to be 78 $ h''. Electricity from bio-oil,
noncondensable gases, and propane are used as the energy in the plant. Thermal energy for
pyrolysis is provided by the non-condensable gases and propane in the ratio of 3:1, respectively.

The details of the operating costs are in Table 6.3.

6.4.5 Biomass and bio-oil storage costs

It is assumed that biomass is stored for at least 15 days. On-field storage costs are 1.1 $ dry t!
(Agbor et al., 2016). The bio-oil produced from the MPS unit is stored on site for 2-3 days in a
100 m® capacity stainless steel tank and then transported to the bio-oil processing plant in a 30 m?

(Pootakham & Kumar, 2010) capacity liquid tank. Storage cost details are provided in Table 6.2.
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6.4.6  Biochar transportation cost

The biochar produced during pyrolysis is spread out in the harvested area to preserve soil nutrients
for reforestation (Laird et al., 2017). Costs to transport the biochar from the plant gate to the field
are 4.5 $ dry t'! of biochar (Kumar, 2013).

6.4.7 Product cost

Although bio-oil is ultimately the source of revenue from the MPS unit, some of it is used to
produce electricity for the portable pyrolysis unit. The bio-oil production cost is calculated using

a discounted cash flow method.

6.4.8  Uncertainty analysis

In this study, a detailed robust approach has been employed to estimate bio-oil production cost
from two configurations of distributed pyrolysis facility. But as we know, mobile pyrolysis process
is an emerging technology and not yet commercialized, a certain degree of uncertainties is
associated with the field cost and operating parameters of MPS unit. Therefore, to reduce the
uncertainties and risk associated with the input parameters, a uncertainty analysis has been
performed using Monte Carlo application (VoseSoftware, 2018) on the base case plant capacity of
2000 dry t d"'. The idea behind this simulation is to use the randomness of the input variables to
obtain the accurate result without propagating the errors. Each variable is varied in a range
depending on their sensitiveness on the output and large numbers of iteration are used to produce

accurate results.

6.5 Results and discussion

This study develops techno-economic models to investigate the economic and technical feasibility
of replacing centralized pyrolysis plants with a decentralized system. A centralized plant benefits
from economies of scale, but mobile pyrolysis, because it can reduce biomass transportation costs

and improve accessibility in remote locations and in extreme weather conditions, is gaining some
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interest. For the base case comparison, a centralized plant with a capacity of 2000 dry t d!
producing 72% by weight of bio-oil was assumed (Sarkar & Kumar, 2010). To produce a
comparable amount of bio-oil per day from MPS, several units operating simultaneously are

required.

6.5.1 Estimate of the number of MPS units required for different capacities

Figure 6.7 shows the number of MPS units required with variations in plant capacity. Both
scenarios require the same number regardless of plant capacity. A significant part of the bio-oil
produced is used to generate electricity for biomass pretreatment in the MPS. 31.25 gallons of bio-
oil produces 0.75 MM BTU of electricity per hour (Sorenson, 2010). This reduces the bio-oil
revenue from 57% to 50% by weight for each MPS. Therefore the actual number of MPS units
required for the various capacities is not an exact divisible relation to the base capacity of 2000

dry t d"'. When the MPS capacity increases, the required number of MPS units decreases.
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Figure 6.7. Change in the number of MPS units with plant capacity

198



6.5.2 MPS capital costs

Few studies are available on the mobile pyrolysis process. To develop a scale factor to calculate
the capital cost of an MPS unit, a curve was plotted showing the capital cost and MPS capacity
using data from the literature (Badger et al., 2010; Marshall et al., 2014; Sorenson, 2010) (see
Figure 6.8). The calculated scale factor is 0.61 with an R? value of 0.993 and indicates that capital
cost increases at a slower rate than it should with an increase in capacity. Figure 6.8 shows the
capital cost for different capacities of MPS units. The capital cost is the cost for the biomass

pretreatment unit, the pyrolysis unit, and the bio-oil condensing and bio-oil storage unit.
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Figure 6.8. The development of the scale factor for an MPS plant and Changes in capital
cost with MPS capacity

6.5.3 Biomass transportation distance in scenarios 1 and 2

In the two configurations (truncated and radial), the MPS unit is treated like a centralized unit for
the specific times. In this study, four relocation times are considered: yearly, bi-yearly, quarterly,
and monthly. For the specific relocation time, biomass is transported to the MPS by 10 dry t d™!

capacity trucks. As stated earlier, the average transportation distance for the two scenarios depends
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on the MPS area. The MPS area varies with MPS capacity and relocation time. Figure 6.9 (a) and
(b) shows the biomass transportation distance for the truncated and radial scenarios, respectively.
In both scenarios, biomass transportation distance increases with increases in capacity and
relocation time. This distance is significantly higher in the radial scenario than in the truncated
scenario. For a yearly relocation for a 100 dry tonnes/day MPS capacity, transportation distance is
129 km for the radial scenario and 30 km for the truncated scenario. This is due to the nature of
the assigned area. In the radial scenario, MPSs are located at the centroid of each sector and the
centroid is located two-thirds the distance of the radius. But in the truncated scenario, the MPS is
located in the center of the truncated d-segment, thus the transportation distance is considerably

smaller than in the radial scenario.
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and (b) radial configurations
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6.5.4 Bio-oil transportation distance in scenarios 1 and 2

After the pyrolysis operation, bio-oil is transported to the upgrading facility in the center of the
harvest area. The transportation distance varies with the MPS allocation configuration, as
explained earlier. Figure 6.10 (a) and (b) shows the average bio-oil transportation distance for both
scenarios. In both cases, with changes in relocation time, a small change in bio-oil transportation
distance is observed, in the range of 0.5 to 1 km. With variations in relocation frequency from
yearly to monthly for a 100 dry t d”' MPS capacity, the transportation distance changes from 10.80
to 10.90 km for both scenarios, which is insignificant. However, the change is somewhat
significant at lower capacities. This is because the number of units increases the radius of the circle
a little due to the addition of the settle down area for each MPS. At lower capacities, the number
of MPS units is comparatively higher than at higher capacities, and thus the bio-oil transportation

distance increases slightly with the additional settle down areas.
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Figure 6.10. Bio-oil transportation distance with variations in MPS capacity: (a) truncated

and (b) radial configurations

6.5.5 Relocation distance

The relocation distances for scenarios 1 and 2 for different MPS capacities with different relocation
times are shown in Figure 6.11 (a) and (b). In both scenarios, the relocation distance is less than 2

km. The relocation distance is highest for the 100 dry t d! capacity yearly relocation for both
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scenarios. Because many MPSs work concurrently to achieve the base case target of 2000 dry t d°
! in a circular area, the relocation distance is significantly lower at that capacity for both scenarios.
Therefore the relocation cost is considered an operating cost. To disassemble, relocate, and
reassemble every MPS unit, 17 hours of labor are required. Hence with an increase in the number

of MPS units and relocation frequency comes an increase in relocation cost.
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Figure 6.11. MPS relocation distance with variations in MPS capacity: (a) truncated and

(b) radial configurations
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6.5.6 Bio-oil production cost

This study investigates the bio-oil production costs of a 2000 dry t d"' biomass plant for a mobile
pyrolysis system and compares them with results for a centralized plant from work by Sarkar and
Kumar (Sarkar & Kumar, 2010). The results are summarized in the Table 6.4. Bio-oil produced in
an MPS costs significantly more than bio-oil produced in a centralized plant due to economies of

scale.

Of the two MPS scenarios, the truncated scenario shows better results than the radial scenario.
Bio-oil production costs are drastically higher for low-capacity MPS units and decrease with
increases in plant capacity for both MPS scenarios. The reason behind this is the labor cost. Even
if the MPS capacity size changes, two employees are required to run the unit in each shift.
Therefore, for lower capacity mobile units, far more units are required than for a higher capacity
MPS unit. In a centralized unit, however, labor cost is not a significant component because of fixed

facility.

Table 6-4. Bio-oil production costs in two frameworks, centralized and MPS

Bio-oil production cost ($ L'l) for 2000 dry tonnes/day

Capacity  Yearly relocation Biyearly Quarterly Monthly Centralized
of MPS relocation relocation relocation plant
(dry td") (Sarkar &
Kumar,
2010)

Truncated Radial Truncated Radial Truncated Radial Truncated Radial

10 1.455 1.462  1.459 1.461 1.466 1.466  1.496 1.500
20 0.828 0.841 0.830 0.838  0.834 0.841 0.854 0.864 0.241
40 0.502 0.528  0.503 0.523  0.506 0.526  0.520 0.543
50 0.432 0.467 0.436 0.461 0.438 0.464 0.451 0.480
100 0.349 0.407 0.345 0.398 0.345 0.400 0.353 0.414
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Table 6.5 shows the distribution of bio-oil production cost components for the radial and truncated
scenarios for yearly relocations of a 2000 dry t d”!' plant. Of all the cost components, capital, labor,
harvesting, and biomass transportation cost have a significant effect on the bio-oil production cost.
With an increase in MPS capacity, labor costs fall from 76% to 46% and 75% to 39%, respectively,
for the truncated and radial scenarios. For a 10 dry t d"! MPS unit, 350 units are active at one time.
Each unit is operated by 2 employees per shift, which increases the labor cost significantly, resulting
in very high labor costs compared to other cost components. Harvesting and biomass transportation
costs increase with the increase in MPS capacity. For the harvesting cost, as the MPS capacity
increases, it can handle more biomass than a lower capacity MPS. Therefore it requires more
biomass as feed, which increases the harvesting cost. In the case of biomass transportation costs, a
100 dry t d"' MPS unit has a greater transportation distance than the 10 dry t d! unit. But the biomass
transportation distance is 12% for the truncated scenario and 23% for the radial scenario. The
overall bio-oil production costs are lower for a 100 dry t d"! plant with yearly relocation: 0.294 $ L-

"and 0.334 $ L' for the truncated and radial scenarios.

Table 6-5. Cost distribution of bio-oil production costs for an MPS

Cost distribution of bio-oil production costs ($/L) for a 2000 dry t a’! plant

Yearly relocation- truncated Yearly relocation- radial
10dry t 50dryt 100 dry t 10dryt 50dryt 100 dry t

a’ a’ a’ a’ a’ a’
Capital cost 10.19% 18.73% 17.79% 10.14% 17.39% 15.12%
Labor and overhead cost 75.31% 51.87% 46.10% 74.94% 48.17% 39.20%
Harvesting cost 3.22% 11.10% 13.81% 3.21% 10.31% 11.74%
Transportation cost of biomass to
MPS 1.68% 7.18% 12.46% 2.16% 13.79% 25.57%
Maintenance cost 2.04% 3.75% 3.56% 2.03% 3.48% 3.02%
Bio-oil transportation cost 0.58% 1.99% 2.48% 0.58% 1.85% 2.11%
Propane cost 5.73% 3.94% 2.45% 5.70% 3.66% 2.09%
Relocation cost 0.00% 0.00% 0.00% 0.00% 0.00% 0.00%
Bio-oil storage cost 0.17% 0.12% 0.07% 0.17% 0.11% 0.06%
Biomass storage cost 0.88% 0.61% 0.38% 0.88% 0.56% 0.32%
Biochar transportation cost 0.00% 0.00% 0.00% 0.00% 0.00% 0.00%
Bio-oil production cost (§ L) 1.45 0.43 0.35 1.46 0.47 0.41
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Figure 6.12. Bio-oil production costs for a 100 dry t d! MPS plant in the truncated and

radial configurations

Bio-oil production costs in the decentralized scenarios for a 100 dry t d! capacity in four relocation
time are shown in Figure 6.12. The trend of bio-oil production cost decreases by varying the
relocation time from yearly to biyearly and with further reducing the location time from biyearly
to quarterly and monthly, the bio-oil production starts to increase. The cost distributions of

different components are given in Table 6.6.
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Table 6-6. Cost distribution of 100 dry t d-1 for four different relocation scenarios

Scenario 1: Truncated 100 dry t d™!
Monthly Quarterly Biyearly  Yearly

Capital cost 16.7% 17.2% 17.1% 17.8%
Labour and overhead cost 46.0% 47.2% 47.1% 46.1%
Harvesting cost 13.8% 14.1% 14.1% 13.8%
Transportation cost of biomass to MPS 8.6% 10.0% 11.1% 12.5%
Maintenance cost 3.5% 3.6% 3.6% 3.6%
Bio-oil transportation cost 6.8% 3.8% 2.9% 2.5%
Propane cost 2.4% 2.5% 2.5% 2.5%
Relocation cost 0.0% 0.0% 0.0% 0.0%
Storage cost of bio-oil 0.9% 0.3% 0.1% 0.1%
Storage cost of biomass 0.4% 0.4% 0.4% 0.4%
Biochar transportation cost 0.0% 0.0% 0.0% 0.0%
Bio-oil production cost 0.9% 0.9% 0.9% 0.9%
Scenario 2: Radial 100 dry t d!
Monthly Quarterly Biyearly Yearly
Capital cost 13.7% 15.4% 14.7% 15.1%
Labour and overhead cost 49.9% 39.8% 40.5% 39.2%
Harvesting cost 9.9% 11.1% 11.3% 11.7%
Transportation cost of biomass to MPS 11.1% 24.0% 24.5% 25.6%
Maintenance cost 3.6% 3.1% 3.1% 3.0%
Bio-oil transportation cost 5.3% 3.2% 2.5% 2.1%
Propane cost 3.8% 2.1% 2.2% 2.1%
Relocation cost 0.0% 0.0% 0.0% 0.0%
Storage cost of bio-oil 1.4% 0.3% 0.1% 0.1%
Storage cost of biomass 0.6% 0.3% 0.3% 0.3%
Biochar transportation cost 0.0% 0.0% 0.0% 0.0%
Bio-oil production cost 0.7% 0.8% 0.8% 0.8%

6.5.7 Bio-oil cost variations with changing centralized plant capacity

Figure 6.13 shows the variations in bio-oil production cost in the mobile pyrolysis system (100 dry
t d'! for yearly relocation) and the centralized system. It is interesting to observe that at lower
capacities (less than 500 dry t d'), both MPS scenarios perform better than the centralized facility.
With increases in plant capacity in the centralized plant, bio-oil production costs decrease due to
economies of scale. But for the mobile system, the results are quite different. In the radial

configuration, bio-oil production costs increase with an increase in base case plant capacity, and
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in the truncated configuration, production costs are almost constant with variations in plant
capacity. The plot of the centralized plant intersects the radial and truncated scenarios at 410 and

500 dry t d”!, respectively.

From this assessment it is reasonable to conclude that at lower capacities, it is good to adopt the
MPS to produce bio-oil. In general, plant capacity in a region depends on the availability of
biomass and the accessibility of the trees. If biomass resources are limited, it is better to use a
mobile pyrolysis plant. And of the two MPS configurations considered, the truncated scenario is

economically more attractive.
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Figure 6.13. Bio-oil production costs for centralized and decentralized pyrolysis plants

6.5.8 Uncertainty analysis

The Monte Carlo analysis was performed on the 100 dry t d' MPS unit for yearly relocation for
the two configurations where bio-oil production cost was optimum. For these analysis, 10,000

iterations were considered and triangular distribution was used. The input parameters were
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considered were capital cost, labor and overhead cost, harvesting cost, transportation cost of
biomass to MPS, maintenance cost, bio-oil transportation cost, propane cost, relocation cost, bio-
oil storage cost, biomass storage cost and biochar transportation cost. The uncertainties considered
for these variables were between 70 -130%. The production cost of bio-oil was to be 0.41 £0.0198
$ L' and 035 = 0.0189 $ L' at 95% confidence, respectively, for radial and truncated
configuration of 100 dry t d"' MPS unit for yearly relocation which is shown in Figure 6.14. The
uncertainty associated with radial configuration was little higher than the truncated which can be

reflected from the higher standard deviation associated with the cost at 95% confidence.
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Histogram Plot for Bio-oil production cost -Radial Scenario
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Figure 6.14. Uncertainty analysis for bio-oil production cost for 100 dry t d™! capacity
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6.6 Conclusions

Bio-oil can be produced from both the centralized and decentralized pyrolysis plants and be further
processed to produce transportation fuel.in this study, two supply chain networks were explored
(radial and square) to allocate number of decentralized units which were working simultaneously.
From the cost distribution it was determined that by reducing the MPS capacity from 100 to 10
dry t d’!, labor costs increase around from 40% to 75%. This is because with the decrease in
capacity, the number of MPS units required increases, which increases labor costs. Of the two
MPS scenarios, the truncated scenario is more economical than the radial scenario because it has

a shorter biomass transportation distance.

Bio-oil production costs of the centralized and mobile frameworks were compared. For higher
plant capacities, the centralized plant performs better due to economies of scale. For a 2000 dry
tonnes/day biomass plant, bio-oil production costs are 0.24 $ L', 0.35$ L', and 0.41 $ L! for a
centralized plant, an MPS unit in the truncated scenario (100 dry t d"! unit, yearly relocation), and
an MPS unit in the radial scenario (100 dry t d"'unit, yearly relocation), respectively. For plant
capacities below or equal to 500 dry t d”!, an MPS performs better than a centralized plant. At low
capacities, the capital and administrative costs in a centralized plant are significantly higher than
those for an MPS. Therefore, at lower base case plant capacities, an MPS is recommended as it is

movable, provides access to remote locations, and tolerates extreme weather conditions.

In addition, decentralized unit has other benefits which are listed below:

e Farmers can produce bio-oil from the agricultural residues which can be sold and biochar
can be used for soil neutralizer

e Municipal waste can be reduced by processing it in this unit. No cost for incineration,
therefore no environmental pollution

e Generation of employment at local level.

e Wildfire can be controlled and mitigated based on the availability of the biomass.
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e As capital cost is low for the decentralized unit, renewable energy could be available at

local point which further reduces the dependence on the fossil fuel.

A centralized plant performs better at higher capacities, but it might not be preferred due to limited
availability of large amounts of biomass feedstock. Biomass availability is the driver for the

selection of the pyrolysis framework.

The results of this study will help researchers, investors, and governments to understand the
advantages of a decentralized system over a centralized one as well as how the allocation of
harvesting areas can affect bio-oil production. The outcomes from this paper can also be used to
encourage local government to provide decentralized unit to farmers, municipalities and forest
communities to divert waste and woody biomass to valuable products and generate employment

at small scale pyrolysis unit.
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Chapter 7: Conclusions and Recommendations

7.1 Conclusions

The contribution of this study is in the understanding of the technology used to produce renewable
fuels from available local lignocellulosic biomass in order to reduce dependence on petro-fuels
and mitigate GHG emissions. To produce renewable diesel from biomass feedstocks, centralized
fast pyrolysis and hydroprocessing technology was chosen. Of all the thermochemical processes,
fast pyrolysis produces the highest yield of liquid intermediates, known as bio-oil, which can be
further upgraded through hydroprocessing, a mature and well understood technology in the
petroleum industry. This study involved experimental work, detailed process simulation, and
techno-economic analysis of four selected Canadian feedstocks, aspen hardwood, spruce
softwood, corn stover, and wheat straw. To produce bio-oil, fast pyrolysis experiments were
carried out in a tubular fluidized bed reactor using pretreated dried biomass feedstock. Then, a
detailed process model and techno-economic models were developed, respectively, for each
feedstock to establish the energy and material balances and to calculate the production costs of
renewable diesel and gasoline for a centralized pyrolysis system. Generally, a centralized system
favours plants with higher capacity feedstock because of economies of scale. But in the case of
biomass conversion at large scales, the economies of scale benefits are undermined by the cost of
transporting large amounts of biomass to a centralized plant. Therefore, in this thesis, a
decentralized mobile pyrolysis system, where bio-oil, instead of biomass, is transported, was also
investigated. The density of bio-oil is three times higher than that of raw biomass. Hence, a supply
chain configuration network framework was developed for the decentralized system and two

allocation scenarios were investigated (radial and truncated).



7.1.1 Status of fast pyrolysis and hydroprocessing technology

A detailed review was done on the technical and economic feasibility of fast pyrolysis and
hydroprocessing technology for the conversion of lignocellulosic biomass to renewable diesel. The
first review focused on the production of bio-oil, an intermediate for renewable diesel, through
fast pyrolysis. There are many papers published on the production of bio-oil through fast pyrolysis
from a range of biomass. The technology is well understood technically. The production cost of
bio-oil varies with the feedstock, reactor type, process conditions in the pyrolyzer, the particle size,
etc. There is no techno-economic analysis in the literature on bio-oil production from Canadian
biomass feedstocks through fast pyrolysis and hydroprocessing. Moreover, harvesting is different

for different biomass and needs to be studied.

Further review of literature mainly focused on the properties of bio-oil produced through fast
pyrolysis from various sources of biomass, insight into hydroprocessing technology, operating
conditions and catalyst for hydroprocessing, and finally a cost comparison with various
thermochemical conversions of lignocellulosic biomass to various end products. Figure 7.1
summarizes the reaction mechanism for the hydroprocessing of bio-oil to produce transportation
fuels to replace petrofuels. To study the production of bio-oil from biomass, we chose fast
pyrolysis because it is well understood. The bio-oil produced through fast pyrolysis is highly
unstable, acidic, viscous, polar, and immiscible with hydrocarbons because of the high oxygen
content in the form of organic compounds. Therefore, for the upgrading of this bio-oil,
hydroprocessing technology was chosen because it is mature and well established in refineries.
Broadly speaking, hydroprocessing technology has two steps, hydrotreating and hydrocracking. In
hydrotreating, hydrodeoxygenation occurs and removes the oxygen in the form of water and in the
presence of hydrogen and a catalyst. Then, the hydrotreated product is treated in the hydrocracker
to form products in the diesel and gasoline range. In this research, the detailed reaction mechanism
of the hydrodeoxygenation of fast pyrolysis oil and its significant model compounds are discussed.
Then, the effects of process parameters (i.e., temperature, biomass feedstock, catalyst, and catalyst
deactivation) on the properties of renewable diesel were studied. But this technology is still

immature given the limited understanding of cost. In this thesis, an effort was made to address this
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cost gap through a detailed understanding of both hydrotreating and hydrocracking processes for

Canadian lignocellulosic biomass feedstocks.

N o Non polar high Non polar low
Stabilized bio-oil ———> My fragments > MW fragments in
HDO, T>250 C,  inoil and Hydrocracking, il and aqueous
Catalyst, 200 bar aqueous phase T>250 C, phase
Catalyst, 204 bar

Figure 7.1. Reaction mechanism for the hydroprocessing of bio-oil

7.1.2  Identification of Canadian biomass and its pyrolysis kinetics using TGA and fluidized

bed reactor

Understanding the pyrolysis kinetics and thermal degradation profile of lignocellulosic biomass is
vital to design the process parameters for fast pyrolysis. A detailed kinetic study was carried out
for the selected biomass feedstock using thermogravimetric analysis. These feedstocks were
assessed with a thermogravimetric analyzer at four heating rates (2 °Cmin’!, 5°C min!, 10 °C min-
"and 15 °C min™) in an inert nitrogen atmosphere; the temperatures used for the decomposition
study range from room temperature to 900 °C. Figure 7.2 shows the derivative thermogravimetric
(DTG) curves for a heating rate of 10 °C min'in a nitrogen-controlled atmosphere for woody
biomass (spruce and aspen) and agricultural residues (wheat straw and corn stover). DTG plot is
the quantitative representation of TGA thermograms in terms of decomposition rate, pyrolysis
zones with peak, peak temperature and the temperature ranges for the corresponding pyrolysis

zone.
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Figure 7.2. Detailed DTG curves of spruce and aspen as a function of temperature at a

heating rate of 10 °C min-1in nitrogen atmosphere

The activation parameters for lignocellulosic biomass were estimated using the model-free
(Kissinger, Flynn-Wall-Ozawa [FWO], and Kissinger-Akahira-Sonuse [KAS]) methods. The
model-free method predicts activation energies as a function of conversion. The average activation
energies are 180.4 kJ mol™!, 173.2 kJ mol™!, 158.7 kJ mol™!, and 164.5 kJ mol™!, respectively, for
spruce, aspen, wheat straw, and corn stover. These feedstocks were pyrolyzed in a fluidized bed
reactor at 400-520°C at three particle size distributions of feed (0.125-0.425 mm, 0.425-1 mm and
1-2 mm) to estimate the kinetic parameters using a simple Arrhenius model. The average activation
obtained in this method was 150-168 kJmol™!, which was comparable to the TGA results. Then, an
attempt was made to apply the kinetic parameters obtained from the TGA study to the experimental
fluidized bed reactor to estimate the biomass conversion in order to compare the accuracy between

two methods which is shown in Figure 7.3. The average kinetic parameters obtained from the TGA

221



were well fitted only at high temperatures (450-520°C) and the difference in the predicted biomass
conversion was within 4 wt% of the experimental results. However, for the lower fluidization
temperatures, when the kinetic parameters from the TGA for the corresponding biomass

conversion were used, the predicted conversions were in good agreement with the experimental
data.
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Figure 7.3. Predicted, experimental, and corrected predicted biomass conversion for (a)

aspen, (b) spruce, (¢) straw, and (d) corn stover.
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7.1.3  Process modelling and techno-economic assessment of the centralized fast pyrolysis and

hydroprocessing technology

A base case process model was developed on a process simulation platform for Canadian biomass
feedstock (aspen wood, spruce wood, wheat straw, and corn stover) to produce renewable diesel
and gasoline through fast pyrolysis and hydroprocessing technology in a centralized plant capacity

of 2000 t d"! plant capacity. The model was developed with both experimental and literature data.

Detailed fast pyrolysis experiments were carried out in a tubular fluidized bed reactor for different
temperatures (430°C, 460°C, 490°C, and 520°C) and particle size distribution (0.125-0.425 mm,
0.425-1 mm and 1-2 mm) which is shown in Figure 7.4. The yield of bio-oil through fast pyrolysis

depends on feedstock type, temperature, and particle size distribution.
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Figure 7.4. Effects of temperature on product distribution for fast pyrolysis of biomass

with (a) spruce, (b) corn stover, and (c) wheat straw

Bio-oil yield from woody biomass was higher than from agricultural residue because of the lower

lignin content and higher cellulosic fraction content in woody biomass. The bio-oil produced from

woody biomass was more than 60% by weight and less than 55% by weight from agricultural

residues. With an increase in temperature, bio-oil yield increased because of the high formation of

volatiles (organic compounds in vapor form). But with a further rise in temperature, volatile

compounds were broken into smaller molecular weight compounds, which improved the yield of

non-condensable gases. Particle size distribution was also critical to the end products of the

pyrolysis process because of the heat transfer between the fluidizing medium (sand) and biomass

particle. In this study, three particle size distributions (0.125-0.425 mm, 0.425-1 mm and 1-2 mm)

were tested and the highest bio-oil yield was obtained with the 0.125-0.425 mm range because of




better contact between sand and biomass. However, small particles were entrained in the bio-oil.

Thus, the 0.425-1 mm particle size distribution range was selected for the analysis.

A process model was developed to establish the energy and mass balances to produce renewable
diesel from lignocellulosic biomass. The process model was developed for two scenarios,
hydrogen production and merchant hydrogen. The model included a biomass pretreatment unit, a
fast pyrolysis unit, a hydrotreating and hydrocracking unit, hydrogen generation, and a power
production unit. From material balance, it was confirmed that the renewable diesel produced
depended on the quantity and quality of the bio-oil obtained from pyrolysis. Hence, woody

biomass produced more renewable diesel than the agricultural residues did.

A data-intensive techno-economic assessment was conducted to estimate the production cost of
renewable diesel from various lignocellulosic biomasses. To estimate the renewable diesel
production cost, several costs (biomass harvesting and transportation, camping, energy, labor, raw
material, catalyst, plant capital cost, etc.) and revenue (renewable diesel, gasoline, and biochar)
were used. For a 2000 t d! plant capacity, the renewable diesel production cost was 0.98 $ L,
1.11$L1,1.04$L",1.19$ L and 1.27 $ L for the spruce hydrogen purchase, spruce hydrogen
production, aspen hydrogen purchase, corn stover hydrogen production, and wheat straw hydrogen
production scenarios, respectively. Figure 7.5 shows the distribution of purchased equipment cost
for hydrogen production scenario for spruce wood. A large portion of cost is for the hydrocracking
and product recovery units followed by fast pyrolysis and biomass pretreatment, hydrotreating
units. In total, steam generation and hydrogen generation units contribute 30% of total purchase
equipment cost. Therefore, the production cost was lower for the hydrogen purchase scenario
because it had lower equipment costs than the hydrogen production scenario. From the sensitivity
analysis, it was concluded that the production cost of renewable diesel was most sensitive to bio-
oil yield, followed by raw material cost, capital cost, and internal rate of return (IRR), with
fluctuations of £20%. To understand the differences in renewable diesel production cost at various
capacities, a wide range of production capacities was considered (from 500 to 5000 t d"') which is

shown in Figure 7.6. The optimum size at which the production cost is lowest was found to be
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3000 t d! with a renewable diesel price of 1.007 $ L-'. When the capacity increased, raw material
delivered costs increased significantly; however, the capital cost per unit output decreased. The
scale factor of lignocellulosic biomass-based renewable diesel production was determined to be
0.71 through the developed process model. For all feedstocks, the NER was more than 1, which
indicates that the useful sustainable energy coming from the overall process is more than the

energy input from the fossil fuel. In other words, this pathway is environmentally friendly.

In this study, an attempt was made to investigate the variation in the production cost of renewable
diesel as a function of selling price of biochar, ranges from 0 to 500 $ t! on the dry basis. With
increase in selling price of biochar, the renewable diesel cost decreases significantly. With increase
in cost from 0 to 500 $ t*!, the renewable diesel cost reduces from 1.02 to 0.85, 1.14 to 0.98, 1.25
to 0.95 and 1.36 to 0.95 $ L', respectively, for spruce hydrogen purchase scenario, spruce
hydrogen production scenario, corn stover hydrogen production scenario and wheat straw
hydrogen production scenario. Therefore, consideration of biochar as byproduct could be

improved the economic feasibility of fast pyrolysis and hydroprocessing technology.
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Figure 7.5. Distribution of purchased equipment cost for hydrogen production scenario for

spruce wood
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7.1.4 Development of the supply chain networks for the decentralized pyrolysis system

Fast pyrolysis process can be performed using either a centralized or decentralized mobile
pyrolysis system to produce bio-oil from biomass feedstock. In a centralized system, biomass is
transported to a plant to produce bio-oil, which is upgraded in the same unit, while in a mobile
pyrolysis system (MPS), the mobile plant is moved to the forest to produce bio-oil, which is
transported to an upgrading facility. The main challenges for a large capacity centralized pyrolysis
plant include feedstock availability, and high capital investment. These challenges might be

overcome by using a mobile pyrolysis system.

In this study, supply chain networks were developed to evaluate the use of a distributed mobile
pyrolysis system to produce bio-oil through pyrolysis using Canadian whole trees as the feedstock;
in addition, a techno-economic assessment was conducted for each MPS configuration (radial and
square) to assess its economic feasibility. For the analysis, five MPS capacities (10, 20, 40, 50,
and 100 dry tonnes/day) and four relocation times (yearly, biyearly, quarterly, and monthly) were
considered to estimate bio-oil production costs for a base case plant capacity of 2000 dry
tonnes/day. For both the truncated and the radial scenarios, the 100 dry tonnes/day MPS performed
better than the MPSs at other capacities. When the MPS capacity is decreased from 100 to 10 dry
t d’!, the labor cost increased from 38% to 78% because more MPS units at lower capacity are
required. The detailed cost distribution of bio-oil production from decentralized system is
summarized in the Table 7.1. Of the two configurations, the truncated scenario is more economical
than the radial scenario because it has a shorter biomass transportation distance. The bio-oil
production costs of the centralized and decentralized mobile systems were compared. For a 2000
dry t d"! biomass plant capacity, bio-oil production costs are 0.241$ L', $0.294$ L', and 0.334 t
d!for a centralized plant, an MPS unit in the truncated scenario (100 dry t dl'unit, yearly
relocation), and an MPS unit in the radial scenario (100 t d"'unit, yearly relocation), respectively.
For plant capacities below 1000 dry t d”!, an MPS performs better than a centralized plant which
is shown in Figure 7.8. Therefore, at lower base case plant capacities, an MPS is recommended as
it is movable, provides access to remote locations, and tolerates extreme weather conditions. A

centralized plant performs better at higher capacities, but it is less preferable because of the limited
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availability of large amounts of biomass feedstock. Biomass availability is the driver for the

selection of the pyrolysis framework.

Table 7-1. Cost distribution of bio-oil production costs for an MPS

Cost distribution of bio-oil production costs ($ L'l) for a 2000 dry t d'lplant

Yearly relocation- Scenario Yearly relocation- Scenario
1:truncated 2:radial
10dryt 50 dry t 100 dry t 10dryt 50 dry t 100 dry t

d’! d’! d-! d’! d! d!
Capital cost 10.19% 18.73% 17.79% 10.14% 17.39% 15.12%
Labor and overhead cost 7531%  51.87% 46.10% 74.94%  48.17% 39.20%
Harvesting cost 3.22% 11.10% 13.81% 3.21% 10.31% 11.74%
Transportation cost of biomass to
MPS 1.68% 7.18% 12.46% 2.16% 13.79% 25.57%
Maintenance cost 2.04% 3.75% 3.56% 2.03% 3.48% 3.02%
Bio-oil transportation cost 0.58% 1.99% 2.48% 0.58% 1.85% 2.11%
Propane cost 5.73% 3.94% 2.45% 5.70% 3.66% 2.09%
Relocation cost 0.00% 0.00% 0.00% 0.00% 0.00% 0.00%
Bio-oil storage cost 0.17% 0.12% 0.07% 0.17% 0.11% 0.06%
Biomass storage cost 0.88% 0.61% 0.38% 0.88% 0.56% 0.32%
Biochar transportation cost 0.00% 0.00% 0.00% 0.00% 0.00% 0.00%
Bio-oil production cost (§ L) 1.45 0.43 0.35 1.46 0.47 0.41

229



0.45

0.40 *\ A &
2 A
S Ny
g 0,35 P.\o_o-—oohoo‘
i- ~
s
a == = Centralized plant “Seo
T 025 A
S === MPS-Truncated scenario (100 dry tonne
= 0.20 per day Yearly relocation)

: A= MPS- Radial scenario (100 dry tonne per
day Yearly relocation)
0.15
0 500 1000 1500 2000

Plant capacity (dry t d!)

Figure 7.8. Bio-oil production costs for centralized and decentralized pyrolysis plant

7.2 Recommendation for future work

This study focused on the production of renewable diesel and gasoline through fast pyrolysis and

hydroprocessing technology from several Canadian lignocellulosic biomasses.

Recommendations for future work from this research study:

e To identify and explore Canadian feedstocks other than woody biomass and agricultural
residues, such as municipal waste, organic waste, algal feedstock, etc. In this study, we
considered Western Canadian feedstocks; other kinds of biomass feedstocks need to be
considered.

e In this study, fast pyrolysis was carried out experimentally to convert lignocellulosic

biomass to bio-oil in a fluidized bed reactor. In the same reactor, the catalytic pyrolysis
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could be tried with little modification to the reactor bed. This approach would help to
reduce the oxygen content in the bio-oil, which could further reduce upgrading cost.
Detailed experiments should be carried out for the upgrading of the bio-oil through a high
pressure hydrogen reactor. In hydroprocessing, hydrogen is an important and expensive
reactant that should be optimized based on the operating conditions of the upgrading
process. Simultaneously, it is equally important to investigate the detailed reaction
mechanism experimentally for the hydrodeoxygenation reaction of the bio-oil to
hydrocarbon products.

The design and characterization of the catalyst should be considered in both catalytic fast
pyrolysis and upgrading (hydrotreating and hydrocracking) operations to enhance the final
end products. The catalyst plays a key role in improving the selectivity of the end products.
Therefore, significant attention should be paid to understand and prepare the catalysts for
the fast pyrolysis and upgrading process.

In this study, renewable diesel and gasoline as the end products have been considered.
Other end products such as jet fuel, hydrogen, kerosene, etc., should be considered through
the same process. Therefore, a detailed process model and techno-assessment model need
to be developed for the each end product.

For a decentralized optimization framework, two allocation configurations were
considered for the mobile pyrolysis system for woody biomass. Other configurations to
optimize the biomass transportation and bio-oil transportation distances should be
explored. Moreover, for a case study, it is important to incorporate a GIS-based
optimization approach to determine the location of decentralized units for the production
of bio-oil.

Finally, the production of transportation fuels from thermochemical conversion
technologies other than fast pyrolysis such as intermediate pyrolysis, and hydrothermal
liquefaction and co-processing of bio-oil with conventional transportation fuels should be

explored and assessed.
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Appendix A

Material and energy balance for fast pyrolysis and hydroprocessing technology

Table Al: Stream table for fast pyrolysis and hydroprocessing technology

BIOC BIOM BIO- DIES GASOL GASES WASTEW  WATER

HAR ASS OIL EL INE ouT ATER ouT
Mass Flow kg/hr
BIOMASS 0 166666 0 0 0 0 0 0
WATER 0 0 15738 0 0 0 24366 69542
CcO 0 0 0 0 0 7344 0 0
H2 0 0 0 0 0 336 0 0
ETHANE 0 0 0 0 0 0 0 0
PROPANE 0 0 0 0 0 430 0 0
BUTANE 0 0 0 0 558 21 0 0
METHANE 0 0 0 0 0 413 0 0
co2 0 0 0 0 0 9380 3 0
CHAR 16589 0 0 0 0 0 0 0
MEHEXANE 0 0 2717 0 0 0 0 0
SQUARIC 0 0 2025 0 0 0 0 0
BENTRIOL 0 0 1500 0 0 0 0 0
MEPHENOL 0 0 2497 0 0 0 0 0
BENZOIC 0 0 2077 0 0 0 0 0
VINYLPHE 0 0 2161 0 0 0 0 0
SYRINGOL 0 0 8708 0 0 0 0 0
C8H8N203 0 0 91 0 0 0 0 0
C11H1404 0 0 923 0 0 0 0 0
DIMEPROP 0 0 112 0 0 0 0 0
ISOEUGEN 0 0 3106 0 0 0 0 0
VANILLIN 0 0 3295 0 0 0 0 0
PHENOL 0 0 8740 0 0 0 0 0
GUAIACOL 0 0 8918 0 0 0 0 0
HEXANE 0 0 0 0 823 0 0 0
2,3,3-TRIMETHYL-1-
BUTENE 0 0 0 0 104 0 0 0
2,3,3-TRIMETHYL-1-
BUTENE 783 975
N-BUTYLCYCLOHEXANE 135 86
I-METHYL-2-
ETHYLBENZENE 0 0 0 1189 1018 0 0 0
DECALIN 0 0 0 1367 494 0 0 0
]2)’I6METHYLNAPHTHALENE 0 0 0 4535 251 0 0 0
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BIOC BIOM  BIO- DIES GASOL GASES WASTEW  WATER

HAR ASS OIL EL INE ouT ATER ouT
1,2,4-TRIETHYLBENZENE 0 0 0 2388 453 0 0 0
BICYCLOHEXYL 0 0 0 239 28 0 0 0
DIPHENYL 0 0 0 2540 257 0 0 0
DIAMANTANE 0 0 0 791 97 0 0 0
PHENANTHRENE 0 0 0 2159 16 0 0 0
N-DECYLCYCLOPENTANE 0 0 0 339 17 0 0 0
1,2,3,4-
TETRAHYDRONAPHTHALE
NE 0 0 0 351 93 0 0 0
P-XYLENE 0 0 0 138 100 0 0 0
1-TRANS-3,5-
TRIMETHYLCYCLOHEXAN
E 0 0 0 1642 3013 0 0 0
METHYLCYCLOHEXANE 0 0 0 11 4021 0 0 0
Total Flow kg/hr 16589 166666 62610 18605 12404 17924 24370 69542

19.99 2024 163.785 19.9995
Temperature C 480 959 252 5 9 43 0
1.0132
Pressure bar 1.013 5 2 1.08 1.082 1 172 1.378
1437.  9.334  259.559 -

Enthalpy kcal/kg 123.584 78 041 8 -1501.69 -3791.055 3841913
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Table A2: Summary of discounted cashflow of 2000 dry t d! renewable diesel plant

Year -3 -2 -1 0 1 2 3 4 5 6 7 8 9 10
Capital Cost

3 8.45E+07 1.48E+08 1.90E+08

Raw Material

Cost ($) 1.25E+08 1.04E+08 1.08E+08 1.12E+08 1.16E+08 1.20E+08 1.24E+08 1.28E+08 1.33E+08 1.37E+08 1.42E+08
Operating

Labor Cost ($) 8.42E+06 8.67E+06 8.93E+06 9.20E+06 9.48E+06 9.76E+06 1.01E+07 1.04E+07 1.07E+07 1.10E+07 1.13E+07
Maintenance

Cost ($) 1.27E+07 1.31E+07 1.35E+07 1.39E+07 1.43E+07 1.47E+07 1.51E+07 1.56E+07 1.61E+07 1.65E+07 1.70E+07
Utilities ($) 1.12E+07 1.15E+07 1.19E+07 1.22E+07 1.26E+07 1.30E+07 1.34E+07 1.38E+07 1.42E+07 1.46E+07 1.51E+07
Operating

Charges ($) 2.10E+06 2.17E+06 2.23E+06 2.30E+06 2.37E+06 2.44E+06 2.51E+06 2.59E+06 2.67E+06 2.75E+06 2.83E+06
Plant

Overhead () 1.06E+07 1.09E+07 1.12E+07 1.15E+07 1.19E+07 1.22E+07 1.26E+07 1.30E+07 1.34E+07 1.38E+07 1.42E+07
G and A Cost

%) 1.36E+07 1.21E+07 1.25E+07 1.29E+07 1.34E+07 1.38E+07 1.43E+07 1.48E+07 1.54E+07 1.59E+07 1.64E+07
Waste Water

Cost ($) 1.42E+03 1.46E+03 1.51E+03 1.55E+03 1.60E+03 1.65E+03 1.70E+03 1.75E+03 1.80E+03 1.85E+03 1.91E+03
Camping Cost

(&) 1.27E+07 1.33E+07 1.40E+07 1.47E+07 1.54E+07 1.62E+07 1.70E+07 1.78E+07 1.87E+07 1.97E+07 2.07E+07
Product

Revenue ($) 2.47E+08 2.07E+08 1.94E+08 2.04E+08 2.14E+08 2.25E+08 2.36E+08 2.48E+08 2.60E+08 2.74E+08 2.87E+08
Net Revenue

(&) -8.45E+07  -1.48E+08 -1.90E+08 5.09E+07 3.14E+07 1.23E+07 1.56E+07 1.93E+07 2.32E+07 2.74E+07 3.19E+07 3.68E+07 4.19E+07 4.75E+07
Present Value

for 10%

return ($) -1.13E+08  -1.79E+08  -2.09E+08 5.09E+07 2.86E+07 1.01E+07 1.17E+07 1.32E+07 1.44E+07 1.55E+07 1.64E+07 1.71E+07 1.78E+07 1.83E+07
Diesel cost 0.99 1.00 1.02 1.05 1.07 1.09 1.11 1.13 1.15 1.18 1.20
($/L)

Gasoline cost
($/L) 0.94 0.95 0.97 0.99 1.01 1.03 1.05 1.07 1.10 1.12 1.14




Table A2: Summary of discounted cashflow of 2000 dry t d"! renewable diesel plant (Contd..)

Year 11 12 13 14 15 16 17 18 19
Capital Cost

)

Raw Material

Cost ($) 1.47E+08 1.52E+08 1.58E+08 1.63E+08 1.69E+08 1.75E+08 1.81E+08 1.87E+08 1.94E+08
Operating

Labor Cost ($) 1.17E+07 1.20E+07 1.24E+07 1.27E+07 1.31E+07 1.35E+07 1.39E+07 1.43E+07 1.48E+07
Maintenance

Cost ($) 1.76E+07 1.81E+07 1.86E+07 1.92E+07 1.98E+07 2.03E+07 2.10E+07 2.16E+07 2.22E+07
Utilities ($) 1.55E+07 1.60E+07 1.64E+07 1.69E+07 1.74E+07 1.80E+07 1.85E+07 1.91E+07 1.96E+07
Operating

Charges (%) 2.91E+06 3.00E+06 3.09E+06 3.18E+06 3.28E+06 3.38E+06 3.48E+06 3.58E+06 3.69E+06
Plant Overhead

) 1.46E+07 1.50E+07 1.55E+07 1.60E+07 1.64E+07 1.69E+07 1.74E+07 1.80E+07 1.85E+07
G and A Cost

(&) 1.70E+07 1.76E+07 1.82E+07 1.89E+07 1.95E+07 2.02E+07 2.09E+07 2.17E+07 2.24E+07
Waste Water

Cost ($) 1.97E+03 2.02E+03 2.09E+03 2.15E+03 2.21E+03 2.28E+03 2.35E+03 2.42E+03 2.49E+03
Camping Cost

® 2.17E+07 2.28E+07 2.39E+07 2.51E+07 2.64E+07 2.77E+07 2.91E+07 3.05E+07 3.20E+07
Product

Revenue ($) 3.02E+08 3.17E+08 3.32E+08 3.49E+08 3.67E+08 3.85E+08 4.04E+08 4.24E+08 4.46E+08
Net Revenue

3 5.35E+07 5.99E+07 6.67E+07 7.40E+07 8.18E+07 9.01E+07 9.90E+07 1.08E+08 1.18E+08

Present Value
for 10% return

3 1.87E+07 1.91E+07 1.93E+07 1.95E+07 1.96E+07 1.96E+07 1.96E+07 1.95E+07 1.94E+07
Diesel cost

($/L) 1.22 1.25 1.27 1.30 1.33 1.35 1.38 1.41 1.43
Gasoline cost

($/L) 1.16 1.19 1.21 1.23 1.26 1.28 1.31 1.34 1.36
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Figure A2: Aspen Plus® flow sheet for biomass pyrolysis
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Figure A3: Aspen Plus® flow sheet for hydrotreating of bio-oil
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Figure A4: Aspen Plus® flow sheet for hydrocracking and fractionation unit to produce diesel and gasoline
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Appendix B

Derivation for:
Scenario 1: Truncated

Calculation of angle ¢:

Figure B1: Truncated scenario

The perimeter of the dotted circle is given by Equation (B1):

P=27r*(R—§) ®B1)

The perimeter P creates an angle 2x at the center. So, angle ¢ (radian) is estimated by Equation
(B2):



d (B2)

dy d
(F-3) R+
d d . .
where R = (R - —) = (R + 5) as shown in  the Figure B3

The area of the ring created by R and R-d is A4 as represented by Equation (B3)

Ay = nR? — n(R — d)? = 2nRd — nd? (B3)

The area of segment ABFCED is As (Figure B1) and is given in Equation (B4)

_ Ag¢ 2mRd — md? d (B4)

As 2m 2m ( d)

Bio-oil transportation distance
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Figure B2: Bio-oil transportation distance in truncated scenario

The number of all truncated segments in the 1* ring can be calculated using Equation (B5).

. Perimeter of dotted circle N{ (BS)
1= d
d
2n(R-5)
d

The number of all truncated segments in the 2™ ring can be calculated by using Equation (B6).

Perimeter of dotted circle N, (B6)

N; =
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The bio-oil transportation distance for all truncated segments located in the 1% ring can be

calculated by using Equation (B7).

_a (B7)
o= (a4 - 252 o9
2r (R —%)2

The bio-oil transportation distance for the d squares located in the 2™ ring can be calculated by

using Equation (B8)
- (R 3d) ZH(R—%) (R Sd) (B8)
= * —_—— —_——
2T 2 d 2
2
o -38)
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Biomass transportation distance

Figure B3: Biomass transportation distance in truncated scenario

For the small area dx in the first segment, ABFE (outer arc to MPS), the distance travelled by the

truck to transport the biomass to the MPS unit is calculated by Equation (B9):

Biomass transportation distance by truck = d; (B9)

= (QR + RO) + (SR + RO) = 2 = (QR + RO)

- (er8)e con-9)

d x d
= 2%|| ————=*— +<x—R0—§)
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For the small area dx in the second segment, EFCD (MPS to inside arc) the path followed by the

truck to transport the biomass to the MPS unit is calculated by Equation (B10):

Biomass transportation distance by truck = d, (B10)
2 d ad + | Ry + d
= k —_— % —— X
d, 4 ( ) )
(Ro +5)

The area of the small strip dx is given in Equation (B11):

d
dA=(PR+RT)dx=2*PR*dx=Z*Q*x*dxz—*x*dx ()
2 d
(Ro +5)

The truck capacity for biomass transportation is 20 green tonnes per trip and a yield of 84 dry
tonnes of forest biomass is assumed. The area required to collect biomass for one trip is estimated
with Equation (B12) and the number of trips required to deliver the biomass is given in Equation
(B13).

Capacity of truck 10 ha (B12)

Area required for each truck trip = Whole tree yield 84 trip
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, _ dA (B13)
Number of truck trips required for the area = ———

10/84

_ 84d4
10

trip/ha

The total distance travelled by truck and the number of trips for the area d4 in segments 1 and 2

are given in Equation (B14) and Equation (B15), respectively.

84 dA d .\ o _d (B14)
1= * 2 % * X 0— =
T 77+ ( )
(Ro+3)
, .84 d am o _d d ]
=2 —x% || ———— % — X — —— || ¥ —— % xdx
10 d\ 4 ( 0 2) d
(Ro+3) (Ro +32)
dd, = 2+ 22 4 *)\i(r 4+ d d B
g =2%—% || ————x— ot=—x|)|*———*xdx
10 d\ 4 ( 2 ) d
0%+7) (Ro +7)

To calculate the average biomass transportation distance for the whole area AMBCND, Eqn. (14)
and Eqn. (15) are integrated from Ro+d/2 to Ro+d and Ro to Ro+d/2, respectively. The total average

distance travelled by truck can be estimated by summing the two integrations, which are estimated

in Equation (B16).
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Ro+d 4 d

= f p 2*%6* 7] *x +(x—RO—§)* g * xdx
for2 \(Ro +3) (Ro+3)
Ro+

+ fﬂ 22*81%* d 7] *z +(RO+§—x> * p * xdx
Ro (Ro+3) (R +3)

_ [7d*(6d* +17dR, + 12 R})
B 5(d + 2R,)?

N 7d° N 7d* N 21d*R,
10(d + 2Ry)?  10(d +2Ry) 5(d + 2R,)?

N 42d°%R,* N 63d°R, N 84d%R,*  42d°*R,
5(d + 2Ry)?  5(d + 2Ry)  5(d + 2R,) 5

7d3 7d3

d
D= — ' [13d? + 40dR, + 36R2 —[— R]
=z 10(d + 2Rg)z 13"+ 40dRo +36Rs] + == opS |7 T 3Ro
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Scenario 2: Radial scenario

Biomass transportation distance

For the small area dr in the first segment (from the center to the centroid), the distance travelled

by the truck to transport the biomass to the MPS unit is calculated by Equation (B17):

Figure B4: Biomass transportation distance in radial scenario

Biomass transportation distance by truck = d, (B17)

= (BN + NO) + (EN + NO) = 2 * (BN + NO)

- [(B)re-m)

For the small area dr in the second segment (from the centroid to the end of the arc), the path

followed by the truck to transport the biomass to the MPS unit is calculated by Equation (B18):
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Biomass transportation distance by truck =d, (B18)

o[

The area of the small strip dr is given in Equation (B19):

_m(r+dr)? nr?  2mrdr (B19)

A
d Nm Nm Nm

Like the truncated configuration, the number of truck trips is estimated using Eqn. 13. The total
distance travelled by truck and the number of trips for the area d4 in segments 1 and 2 are given

in Equation (B20) and Equation (B21), respectively.

84 dA
10

(B20)

dd, = *2*[(r*§>+(r—R’)]

5 84 2mrdr [< 2Tr ) 4 < 2R>]
= X — %k * —_—
20 Nm  W\anm) T\ T3

(B21)

J _84dA*2*[< B

2= 10 ”Z)HR’_F)]

) 84 2mrdr [< 2Tr ) N <2R >]
= 2k — % * _—
20 Nm  \4Nm 3 7

To calculate the average biomass transportation distance for the whole area QO'P , Equation (B20)

and Equation (B21)are integrated from R’ to R and 0 to R’, respectively. The total average distance
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travelled by truck can be estimated by summing the two integrations, which are estimated in

Equation (B22).

R R'=¥ (B22)

[GEm) + (5-7)]a
ANm T er

_ 2x84x2m R3< *ZTI> ]
T 10xNm 271\ 4Nm 3
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