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ABSTRACT

The design and scale-up of packed columns have been traditionally based on one-
dimensional models due to the lack of understanding of flow distributions in the packing.
This often leads to unreliable design and limits the application of packed columns,
particularly on large scales.

The objective of this thesis is to develop theoretical models to predict flow
distribution and separation efficiency of randomly packed columns, thus providing more
rigorous design tools for such columns.

To study the liquid distribution in a randomly packed column, a 0.6 m diameter
air-water column has been constructed with a special liquid collector equipped at the
bottom of the column. This liquid collector was installed to serve three purposes, namely,
(1) to measure the liquid radial distribution, (2) to support the packing, and (3) to
distribute the inlet gas flow.

The effects of liquid distributor design, operating condition, packed bed height,
and liquid physical properties on liquid distribution have been experimentally
determined. Two different designs of liquid distributor were used: one was a standard
commercial ladder-type distributor, another was a modification of the first one which
only allowed the liquid to enter the central region of the column (covered 43% of the
column cross sectional area). The liquid distributions were measured over a relatively
wide range of operating conditions: the gas flow rate was varied from 0 to 3.0 kg/m?s
with three different liquid flow rates: 2.91, 4.78 and 6.66 kg/m’s. The packed bed height

was varied from 0.9 m to 3.5 m to examine the flow distribution development along the
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bed height. Three different systems (water/air, aqueous detergent solution/air, and
[sopar/air) were employed to study the effect of liquid properties such as surface tension
and viscosity on liquid distribution. These systems were chosen since they had relatively
large differences in surface tension and viscosity. The measured liquid distribution data
were used to validate the models developed in this study.

The predictive models for hydrodynamics and mass transfer in randomly packed
columns have been established. These models were based on theoretical volume-
averaged Navier-Stokes equations and mass transfer equations. The complicated two-
phase flow behavior and mass transfer characteristics in randomly packed columns have
been modeled in the following aspects: (a) flow resistance offered by the solid packing,
(b) pressure drop of two-phase flow across the packed column, (c) liquid and gas
spreading (dispersion for volume fraction), (d) inter-phase mass transfer and effective
mass transfer area, (e) mass dispersion in both radial and axial directions, (f) turbulent
flow, and (g) void fraction variation in radial direction.

The models were solved with the aid of the modern Computational Fluid
Dynamics (CFD) package CFX4.2 developed by AEA technology plc. The predicted
liquid flow distribution, pressure drop, concentration profile and separation efficiency
(HETP) were compared with experimental data obtained in this study and FRI
(Fractionation Research, Inc.) data at various conditions. In general the predictions agree
well with the experimental data, indicating the suitability of the proposed models for the

simulation of hydrodynamics and mass transfer in randomly packed columns.
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Chapter 1

INTRODUCTION

1.1 Introduction

Packed columns have been widely used in separation processes such as
distillation, absorption and liquid-liquid extraction due to their low pressure drops, high
capacities and efficiencies. The main function of packing is to create interfacial area for
mass transfer between vapor and liquid phases. Packing types can be divided into two
categories: random and structured. Structured packing is generally proprietary and is
much more expensive than random packing of similar geometric area (the surface area
per unit volume). Their application also tends to be limited by the incomplete
performance documentation (Bravo and Fair, 1982). Hence this study will be mainly
focused on random packing.

The separation efficiency of a packed column is normally expressed by Height
Equivalent to a Theoretical Plate (HETP) (Treybal, 1987). It is therefore of great interest
to the industrial designer to be able to predict the HETP accurately. However, there is a
large scatter in the HETP values published in the literature. For example, for 25 mm
packing a 2-3 fold variation in the HETP has been reported from different researchers
(Bolles and Fair, 1982; Hoek et al., 1986; Kunesh et al., 1987; Kister, 1992; Shariat and
Kunesh, 1995).

The main reason for the large variations in HETP is generally believed to be the

non-uniformity of liquid distribution in packed columns. As much as a 50~75% decrease
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in packing performance caused by a poor liquid distribution has been reported by Nutter
et al. (1992). The non-uniform liquid distribution is usually referred to as liquid
maldistribution. Ideally, both the liquid and vapor phases should be uniformly distributed
in the packing for the maximum efficiency. Although the vapor distribution in the
packing can generally be regarded as more or less uniform (Kouri and Sohlo, 1987, 1996;
Stichlmair and Stemmer, 1987; Olujic and de Graauw 1989), the liquid distribution is
usually far from uniform due to the radial variation of void fraction of packing and the
poor initial distribution of liquid. In particular, the liquid maldistribution effect does not
scale up properly and hence the data generated on a small diameter column are of

questionable value in scaling up to large diameter columns.

1.2 Objective of Thesis

The objectives of this research are:

(1) to obtain a better understanding of the two-phase flow hydrodynamics and mass
transfer in randomly packed columns, and

(2) to develop CFD based models to predict liquid flow distribution and mass transfer
efficiency in randomly packed columns.

To achieve these goals, both experimental and theoretical studies were carried out
in this research. In the experimental part, the liquid distribution in a relatively large scale
column (0.6 m in diameter) was studied. Many factors were thought to affect the flow
distributions in a randomly packed column. These factors can be classified into two
categories: (1) structural factors: including the size and type of packing, the design of the

liquid distributor, and the packed bed height; (2) operational factors: including the flow
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rates of liquid and gas, and the physical properties of the liquid (viscosity, surface
tension, and density). The experimental results not only can offer a better insight into the
liquid distributions in randomly packed columns, but also can serve the purpose to
validate our models. In the simulation part, the volume-averaged Navier-Stokes equations
and mass transfer equations were solved with the aid of the modem Computational Fluid

Dynamics (CFD) package CFX4.2 (AEA Technology plc, 1997).

1.3 Structure of Thesis

The ultimate goal of this research is to establish the CFD based models to predict
mass transfer efficiency in randomly packed distillation columns. Mass transfer
efficiency is found to strongly depend on the liquid flow distribution in the packing.
Therefore, every aspect affecting the liquid flow distribution must be first fully studied
and understood before we can move to modeling of the mass transfer process. The

arrangement of this thesis follows this guideline.

This thesis consists of seven chapters. In Chapter 2, the previously published
work relevant to this study is reviewed and discussed. First we look at the previous
experimental and model studies on the flow distributions in randomly packed beds, then
related mass transfer studies involving the effect of liquid maldistribution is discussed.
The void fraction variation in randomly packed bed is a key factor that affects the flow
patterns. Thus we also give a discussion of the measuring methods of the void fraction
variation in Chapter 2. Along with the discussion of the previous work, the further work
that needs to be done in these areas is pointed out. In Chapter 3, the experimental set-up

and the procedures for measuring the liquid distribution in our laboratory are presented.
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The effects of packed bed height, liquid distributor design, liquid and gas flow rate, and
liquid physical property on liquid distribution have been investigated. The typical
experimental results are also given in this chapter. Chapter 4 demonstrates how to model
flow distributions in packed columns using the volume-averaged Navier-Stokes
equations. The necessary models to model the flow resistance offered by the solid
packing, the interface drag force between gas phase and liquid phase, the liquid and gas
spreading (volume fraction dispersion coefficients), and void fraction variation are
established. The comparison of the simulation results based on our models and the
experimental data is shown in Chapter 5. With the detailed knowledge of flow fields, the
volume-averaged mass transfer equations to determine the concentration fields for mass
transfer processes are solved in Chapter 6. To validate the models, data obtained by
Fractionation Research, Inc. (FRI) on 15.9 mm, 25.4 mm, and 50.8 mm metal Pall rings
in a packed distillation column of 1.22 m diameter are used. The models were also tested
against the data under two different operating pressures of 33.3 kPa and 165.5 kPa and a
wide range of F-factors. The last chapter, Chapter 7, concludes the main points of this

study and lists some recommendations for further work.
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Chapter 2

LITERATURE REVIEW

2.1 Introduction

The adverse effect of liquid maldistribution (non-uniform liquid distribution) on
the separation efficiency of packed columns has long been recognized and several
experimental and theoretical studies have been carried out on the subject. One of the
sources of liquid maldistribution is the high liquid wall flow. The formation of liquid wall
flow is mainly due to the higher void fraction in the wall region. The orientation of
packing near the column wall is also important for the determination of wall flow
especially for the old, non-flow-through packings. This chapter presents a survey of the
previous studies on the liquid maldistribution and its effect on the mass transfer
efficiency. Owing to the importance of the void fraction variation in determining the flow
distribution in randomly packed columns, the related studies on this subject will also be

discussed in this chapter.

2.2 Liquid Maldistribution in Randomly Packed Columns
2.2.1 Experimental Studies

Baker et al. (1935) were the first to undertake a comprehensive experimental
study on the liquid flow distribution in randomly packed columns. They measured the
liquid distribution by collecting the liquid at the bottom of the column using a specially

designed support plate which divided the column cross section into four equal cross-
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sectional area concentric rings, with each collecting section amounting to 25% of the
column cross sectional area. They examined the liquid distribution in packed columns of
different diameters using broken stones, spheres, saddles, etc. as packings. They found
that the ratio of column diameter to the packing diameter (D./d,) had a significant effect
on the liquid distribution in packed columns. The general trend was that the proportion of
liquid accumulated on the column wall increased with the decrease of D./d, ratio. Serious
liquid maldistribution resulted when this ratio was less than 8. Therefore, a well known
rule of thumb for the design of packed columns has evolved, viz., the ratio of column
diameter to the packing diameter should be greater than 8 to avoid the adverse effect of
wall flow on the packing separation efficiency (Wankat, 1988). They also found that the
initial liquid distribution was very important for the liquid distribution in the packings. In
a 0.3 m diameter packed column, a packing height of at least 3 m was required for the
liquid to reach the fully developed flow pattern when the single-stream liquid was
introduced into the center of the column.

Scott (1935) studied the liquid distribution in a column filled with 12.7 mm
Lessing rings, 6.35 mm and 12.7 mm graded cokes, respectively. All experiments were
carried out with water introduced at the top of the column as a point source, and there was
no gas or air stream passing up the column. By measuring the liquid flow rates at
different locations over a horizontal plane at the bottom of the column, he demonstrated
that the liquid showed a tendency to spread towards the column wall. He also found that
the liquid wall flow increased with the increase of the packed bed height. He stated that
the reason for the liquid to accumulate at the column wall was due to the orientations of

the packings in the near wall region. The packings near the wall were found to lie on the
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wall surface mainly in two directions, either with their axes being at right-angle to or in
parallel with the wall surface, very few of the rings were in a position oblique to the wall
surface.

Porter et al. (1968) investigated the liquid spreading as it trickled down a
randomly packed column. A PlexiglassTM square box containing the random packing was
used in the experiments. Water was introduced into the column as a line source. There
was no gas stream circulating through the column. Most of their experiments were carried
out with 12.7 mm ceramic Raschig rings but some measurements were also made with
12.7 mm Intalox saddles, i15.9 mm metal Pall rings, and 25.4 mm Raschig rings. The
liquid distribution in the packing was obtained by measuring the rate of liquid flow from
small sampling areas at the bottom of the column. They found that the liquid distribution
in the packing was far from uniform. It was observed that the liquid rivulets were formed
as the liquid flowed down the column. These rivulets sometimes could run into one
another and coalesce to form larger rivulets, and sometimes could break up into smaller
nvulets.

Bemer and Zuiderweg (1978) measured the liquid spreading and flow patterns in a
0.2 m column as a function of the wettability of the packing, packing size, bed height,
flow rate and liquid surface tension. Water or water-butanol mixtures were fed into the
packed column as a point source in the absence of a gas stream. Their support plate was
divided into 177 sampling sections to measure the liquid flow distribution at the bottom
of the column. The radial spreading was found to be dependent only on the packing size.

Little or no effect could be found of liquid surface tension on the spreading. However,
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this finding is contrary to the conclusions of Onda et al. (1973) who found that liquid
spreading increased with the increase of liquid surface tension.

A more detailed study on the liquid distribution in the random packing was
published by Hoek et al. (1986). A Plexiglass™ column of 9.5 m diameter with various
bed heights up to 2 m was employed in their experiments. The random packings used
were glass Raschig rings, stainless steel Pall rings, as well as ceramic and polypropylene
Intalox saddles. The superficial liquid velocities used were S, 10 and 15 mm/s. There was
no gas stream used. To study the flow distribution on the scale of packing elements, they
divided their bottom support plate into 657 square (16x16 mm) liquid catching cells and
24 cells touching the column wall. The liquid flow rate from each cell was measured
separately and thus the flow distribution across the column cross section could be
obtained. However, this fine degree of resolution was not suitable for the study of the
overall migration of liquid toward the column wall. In order to study the rate of the
migration, they performed the radial integration of the flows from the catching cells. They
proposed that a distinction should be made between small scale maldistribution and large
scale maldistribution. Small scale maldistribution refers to the liquid distribution on the
scale of the packing elements and is mainly determined by the size and shape of the
packings and the random structure of the packed bed. They showed that small scale
maldistribution was not influenced by the packed bed height and the initial liquid
distribution and thus could be regarded as the inherent property of the packing (Hoek et
al., 1986). This aspect of the flow distribution has also been found by Albright (1984) in
his simulation of liquid flow in a packed column. He referred this feature as natural flow

distribution of packings. Albright (1984) concluded that every packing has a natural
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liquid flow distribution. An initial distribution that is better than the natural one will
degrade to it quickly. Conversely, a poor initial liquid distribution, caused by the ill-
design and/or malperformance of the liquid distributor, will ultimately improve to the
natural flow pattern after a certain packed bed height, though sometimes at a very slow
rate. The height required to attain the natural flow pattern depends on the type and size of
packings, the random structure of the packed beds, the design of the liquid distributor,
and the flow rates of process fluids. The adverse effects of this small scale
maldistribution on the separation efficiency, although unavoidable, are generally not very
serious and sometimes may be compensated by the radial mixings of fluids (Hoek et al.,
1986). On the other hand, large scale liquid maldistribution required special attention
when designing large diameter packed columns. Large scale maldistribution is usually
caused by the heavy wall flow and the non-uniform initial liquid distribution at the top of
the packed bed. The formation of the wall flow is due to the increased local void fraction
in the near wall region. The poor initial liquid distribution is caused by the ill-designed or
poorly installed liquid distributors.

The liquid maldistribution in the presence of gas flow has not been well studied.
Kouri and Sohlo (1987, 1996) studied the liquid and gas flow distributions as a function
of packed bed heights, liquid and gas flow rates, and the initial inlet profiles of the liquid
and gas in a 0.5 m diameter column. The random packings examined were ceramic
Intalox saddles and plastic Pall rings. The main emphasis of their work was on the
interaction between the countercurrent gas and liquid phases. They observed that the
liquid distribution over the bulk region of the packed bed became more uniform as the

gas flow rate was increased provided that the initial gas distribution was uniform. They
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also found that the developing length for the liquid to reach the fully developed flow
pattern depended on the gas flow rate. When there was no gas circulating through the
packed column, the packed length of 2.0 m was required for the liquid to approach the
fully developed state for the 25 mm Pall rings at the liquid flow rate of 2.5 kg/m?s, but
this length was reduced to about 1.0~1.5 m as the gas flow rate increased to 2.7 kg/m’s.
This kind of effect of gas flow on the liquid distribution in packed columns was also
observed by Dutkai and Ruckenstein (1970). In a study of liquid spreading in a packed
column of 0.15 m diameter, they demonstrated that the liquid spreading coefficient
increased with the gas loading up to 70% of flooding.

As for the gas distribution in a packed column, it is generally believed that the gas
phase is always more or less uniforrn provided that the initial distributions of gas and
liquid are even (Kouri and Sohlo, 1987, 1996; Stichlmair and Stemmer, 1987; Olyjic and
de Graauw 1989). According to these studies, the radial spreading of gas is a much faster
process as compared with that of the liquid. Even a severely maldistributed inlet gas may
become uniform within a very short bed height. For example, to study the gas distribution
in a packed column of a diameter 0.5 m, Kouri and Sohlo (1996) introduced the gas only
in the central part of the column, which occupied about 64% of the column cross
sectional area, they found that a bed height less than 0.5 m was sufficient to smooth out
the non-uniform initial distribution of gas, and concluded that the uniform gas
distribution may be assumed throughout the column.

As can be seen, the problem of liquid maldistribution in packed columns has long
been recognized and has been a subject of extensive studies. However, most of the

previous liquid distribution studies have been carried out in small packed columns with

12

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



diameters usually less than 0.3 m without the presence of gas flow. The packings
examined were usually Raschig rings, Berl saddles, etc. The use of these packings is very
limited in industry. Nowadays more and more large diameter columns packed with
modem, high efficiency packings such as Pall rings and Mini rings are built to improve
the capacity and efficiency. The flow behavior in such columns needs to be further
investigated because in practice two-phase flow (liquid and gas) rather than single liquid
phase flow (no gas flow) is encountered. There is also a great need to investigate the
effect of the gas loading on the liquid distribution and thereby to provide some guidelines

for the industrial design of such columns.

2.2.2 Model Studies

Several models have been proposed to predict the liquid distribution in a packed
column. These include the random walk model (Scott, 1935; Tour and Lerman, 1939), the
diffusion model (Cihla and Schmidt, 1957; Porter and Jones, 1963; Jameson, 1966;
Dutkai and Ruckenstein, 1968, 1970; Onda et al., 1973; Bermer and Zuiderweg, 1978;
Hoek et al., 1986), and Zone/stage model (Zuiderweg et al., 1993). The Zone/stage model
calculating mass transfer based on the predicted liquid flow distribution by using

diffusion modeli, and will be discussed later in Section 2.3.

2.2.2.1 Random Walk Model
Scott (1935) and Tour and Lerman (1939) proposed that the liquid spreading
through unconfined tower packing (no wall effect was evident) was of a random nature

and that it followed the Gaussian probability distribution. These researches used the
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following equation to describe the liquid distribution in a radially unconfined bed

irrigated by a point source

1

7= T

exp(-z2/25?) @-1)

where f(z) is the fraction of liquid flow per unit area at a distance z from the distributor,
and s is the standard deviation which depends on the packing particle size and the packed
bed height.

According to this model, when the liquid flows onto a piece of packing element in
the column, it will divide and displace in horizontal directions. The chance of it flowing
in each horizontal direction, i.e. inward toward the center of the column or outward
toward outside is the same. This model was confirmed experimentally by Tour and
Lerman (1939). They showed that it could be used satisfactorily to predict the flow
distribution when the feed stream was initially introduced to the unconfined column
through a point source at the column axis or line source at low or moderate liquid flow
rates. However, it could not be used to caiculate the local flow rates in a packed column
with other arbitrary forms of initial distribution of the feed stream, such as a uniform
inlet, which is of commercial importance. It also could not be used to predict the flow
behavior in the wall regions due to its equal chance assumption (Jameson, 1966).
Hoftyzer (1964) argued that the results from the random walk model were of little

practical importance due to the assumption of no wall influence.
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2.2.2.2 Diffusion Model

Cihla and Schmidt (1957) introduced the radial diffusion model, Equation (2-2),

to calculate the movement of the liquid flow in a packed column

i)f-=D(§l+l—a£+ l azf] 2-2)

3 o’ ror r 00

Where f is the local liquid flow rate per unit area, that is, the local superficial liquid
velocity as a function of the cylindrical coordinates r, z, and 0. D is the liquid spreading
coefficient, which must be determined from liquid distribution experiments. It should be
noted that, the liquid spreading coefficient D has units of m instead of the traditional units
m’/s. This is due to the replacement of the customary time variable,  (s) by the height, z
(m) in the left hand side of Equation (2-2).

When the liquid is introduced into a column with radial symmetry, the above

equation can be reduced to

I _plf 1 ]
az—D(ar2+rar] (2-3)

Now the local liquid velocity is only a function of spatial position r and z. In order to
solve Equation (2-3), three boundary conditions are required, that is, (1) at z=0 (at the top

of the packed bed), the inlet profile of liquid, {7.0); (2) at r=0 (at the axis of the packed

bed), gi = 0. These two boundary conditions are easy to be established from the physical
r

grounds, the third one, the wall boundary condition (at =R), however, is very difficult to
define. Different researchers have tried different ways to establish this wall boundary

condition.
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Cihla and Schmidt (1957) treated the column wall as a perfect liquid reflector, that
is

Y 0 arr (2-4)
or

This boundary condition, coupled with the other two boundary conditions, allows the
diffusion equation to be solved, but it is physically incorrect. Equation (2-4) simply
means that any liquid which flows on to the column wall will be immediately returned to
the nearby packings in the column, and thus there will be no liquid accumulated on the
wall. However, as mentioned before, numerous experiments have demonstrated that the
liquid does build up at the column wall.

Porter and Jones (1963) used the following wall boundary condition to take
account of the liquid wall flow

S(R.z)=aw(z) 2-5)

where f(Rz) is the density of wetting immediately near the column wall at the axial
position z. w(z) is the total liquid flow rate on the wall at a axial position z, and a is an
empirical constant. This wali boundary condition is more realistic than that of Cihla and
Schmidt (Equation (2-4)) and allows a certain amount of liquid to build up on the wall.
However, the wall flow predicted by this condition is usually much larger than the
experimental data (Dutkai and Ruckenstein, 1968; Stanek, 1994). Templeman and Porter
(1965,1968) pointed out that this boundary condition was an over simplification.

Dutkai and Ruckenstein (1968, 1970) considered that the penetration of liquid
into the wall region followed the adsorption-desorption mechanism with the adsorption

rate being proportional to f{R,z) and desorption rate to w(z)
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-ZxRD(ar]r:R-Lf(R,z) k'w(z)= — (2-6)

where k and k are the empirical constants.

Kolar and Stanek (1965) proposed a wall boundary condition very similar to
Equation (2-6) based on the idea similar to the wall treatment in convective heat transfer.
Onda et al. (1973) argued that the driving force for the liquid to accumulate on the wall
should be the difference between the equilibrium wall flow rate w'(z) and the practical

wall flow w(z)

- ZTtRD(—aL) = c[w' (x)- u(z)]= gw(_:) 2-7
or j _p dz

where ¢ is an empirical constant. This boundary condition gives results very close to
those obtained based on the boundary condition of Equations (2-5) or (2-6) (Onda et al.,
1973; Stanek, 1994).

In reality the factors affecting the liquid wall flow are very complex. These
include the type and size of packings, the ratio of column diameter to particle diameter
(D /d,), the packed bed height, the gas and liquid flow rate, and the physical properties of
the system. All the above wall boundary conditions fail to take all the factors into
account. The difficulties in the formulation of a proper wall boundary condition make the
application of the diffusion model unreliable. Bemer and Zuiderweg (1978) showed that
the experimental local flow rate deviated greatly from the flow rate predicted by the
diffusion model.

With the advance of modern computers and computational fluid dynamics, it is

now possible to use more rigorous models to capture the flow hydrodynamics in
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randomly packed columns. We propose to use volume-averaged Navier-Stokes equations

to model the flow behavior in randomly packed columns.

2.3 Effect of Liquid Maldistribution on Mass Transfer Efficiency

Mass transfer in packed columns has been studied extensively due to its
importance in many industrial processes such as distillation, absorption, and stripping.
The mass transfer coefficients (individual and overall) have been correlated in terms of
the gas and liquid loadings, and physical properties of the system being separated. The
effect of the packing itself on the mass transfer has been included in terms of its specific
surface area and nominal diameter. However, these studies are usually based on the
assumption that the flow distributions of both vapor and liquid phases are uniform along
the column cross section.

Liquid maldistribution in a packed column tends to reduce the mass transfer
efficiency. Manning and Cannon (1957) examined the effect of liquid maldistribution on
the packing separation efficiency. For the calculation of the quantitative effect of a small
amount of liquid channeling in the packed column, they assumed that a small portion of
the liquid which may flow though the column without taking part in any mass transfer
between the phases. They demonstrated that as little as 1% of liquid channeling may
cause a 44% efficiency lose. They also pointed out that liquid maldistribution effect on
separation efficiency depended on the number of theoretical plates and the relative
volatility of the system being separated.

Mullin (1957) also found that the liquid maldistribution has a detrimental effect

on the packed column separation efficiency. To investigate this, he modeled the packed
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column as two parallel columns and set different liquid flow rates in each of the columns
but keeping the gas flow rate the same. These two columns were conceptually divided by
an imaginary impermeable membrane, so no exchange of mass occurred between the two
columns. Through a McCabe-Thiele plot, he demonstrated that the slope of the operating
line decreased due to the liquid maldistribution and therefore the operating line moved
towards the equilibrium line. More stages were thus required for a given separation when
compared to the uniform flow distribution case.

Huber and Hiltbrunner (1966) further developed the concepts of Manning and
Cannon (1957) and Mullin (1957) by allowing cross mixing of liquid and vapor. The
radial cross mixing is the result of the side-movement of liquid and vapor due to the
deflection of packing elements. Liquid maldistribution in the packing will cause
concentration gradients along the column cross section, and the cross mixing will cancel
out the difference in concentrations. Based on their studies, they concluded that in
columns with a ratio of D/d, less than 10, the cross mixing is large enough to
compensate for the maldistribution effect and only very serious liquid flow
maldistribution would cause a significant separation efficiency loss. On the other hand,
when this ratio is greater than 30, the lateral mixing may not be effective enough to offset
the influence of the liquid maldistribution. Therefore in a large diameter packed column,
the liquid maldistribution problem is more serious than that in a small diameter column.

More recently, Zuiderweg et al. (1993) proposed a Zone/stage model to calculate
the effect of the maldistribution on the efficiency of a packed column. In this model, the
packed column is divided radially into a number of concentric zones, with each zone

being of the same width and height. The height of a zone is chosen to be equal to the
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basic HETP, which is a function of the system properties and the packing and can be
determined in a laboratory scale column. The width of each zone is arbitrarily set to be
2~3 times the packing diameter. The calculation is divided into two steps. The first step is
to calculate the liquid flow distributions based on the diffusion model and a uniform flow
pattern is assumed for the vapor phase. The second step is the mass transfer calculation
based on the equilibrium stage concept. The mass transfer calculation is iterative with end
conditions based on the overall material balance being satisfied. With this model, they
studied the effect of different kinds of initial liquid distributions on the separation
efficiency. The general conclusion derived from their work is that the overall efficiency is
very sensitive to the initial liquid distribution, especially in large diameter packed
columns.

Stichlmair and Stemmer (1987) took a different approach to model the mass
transfer process in a packed column in the presence of liquid maldistribution. In their
experniments, they used hot water and air as the working system. The temperature profiles
of the water at different packed bed height were measured. The behavior of temperature
profiles should be similar to that of the concentration profiles in a real mass transfer
system based on the analogy between heat and mass transfer. The shape of the
temperature profile indicates the degree of liquid maldistribution. For example, if the
temperature profiles are horizontal lines, this implies that there is no maldistribution
present in the liquid and gas phases. Based on the temperature profiles, they calculated
the number of transfer units by considering the packed column as a large number of
hypothetic parallel channels with different gas and liquid loads. In each channel, the plug

flow patterns were assumed in both the liquid and gas phases. They concluded that liquid
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maldistribution has a severe effect on separation efficiency. Up to 50% of the mass
transfer efficiency may be lost due to liquid maldistribution even with good initial liquid
distribution.

More thorough experimental studies on mass transfer in a randomly packed
column in the presence of liquid maldistribution were carried out in the FRI (Silvey and
Keller 1966; Kunesh, et al. 1987; Shariat and Kunesh, 1995). The test column was 1.22 m
in diameter and 3.66 m in height. Four sizes of carbon steel Pall rings were employed:
15.9, 25.4, 50.8, and 88.9 mm. The test systems were cyclohexane/n-heptane (C¢/C7) at
33.3 and 165.5 kPa and isobutane/n-butane at 1138 kPa. Two designs for liquid
distributors were tested, a notched trough distributor which is a standard commercial
distributor manufactured by US Stoneware and a tubed drip pan (TDP) fabricated by FRI
with approximately 104 drip tubes per meter square. They found that the TDP distributor
gave a much better separation efficiency than the notched trough distributor, indicating
the strong influence of the liquid distributor design on the column performance. When
installing the liquid distributor, one major concern is how much the effect will be if the
liquid distributor is not level. FRI studies showed that small amounts of non-levelness of
the TDP-type liquid distributor only had a minimal effect. There was no obvious decrease
in column efficiency if a liquid distributor uniformly tilted such that the ratio of highest to
lowest flow rate was 25%. Similar results were obtained for the case of a distributor
sagging (center to wall or vice versa) under load. This means that a certain amount of
uniform liquid maldistribution resulting from the distributor will not cause a serious
problem. However, if a discontinuity occurs (such as non-irrigation in the near wall

region or the obstruction of some drip points), the consequence could be severe. By
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blanking a chordal segment of the liquid distributor containing 11% of the pour points,
FRI found that the packing HETP increased at least 50%, or the separation efficiency
reduced by about 33%.

The mass transfer process strongly depends on the liquid flow distribution in
packed columns. The correct prediction of concentration profiles depends on a detailed
knowledge of the liquid and vapor velocity profiles. Owing to the extremely complex
nature of the two-phase flow in packed columns, a simple empirical equation cannot
provide a reliable prediction. Kister (1992) wrote: “Adequate prediction of the effect of
maldistribution on efficiency requires a procedure that knits a maldistribution model
together with a stage calculation model. ..., For rigorous computations, a rigorous model
for maldistribution must be interknitted with a rigorous stage model. A proper model
would be extremely complex and appears to be many years down the road.” It is one of
the objectives of this study to find such rigorous models to predict mass transfer

efficiencies involving liquid maldistribution.

2.4 Void Fraction Variation in Randomly Packed Columns

Void fraction €, is defined as the ratio of the void volume to the volume of the
packed bed. In the literature, it is also referred to as voidage or sometimes porosity. The
void fraction €, will show kind of distribution in the radial direction due to the effect of
column wall. Void fraction variation is one of the most important characteristics of
randomly packed columns, and many attempts have been made to measure and model the

radial void fraction variations in packed beds. Most of these measurements are based on
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one of the following techniques: (1) water replacement, (2) a method based on fixing the
bed with wax or resin, and (3) photometric method.

Water replacement is probably the simplest way to measure the void fraction in
packed beds. From the amount of water needed to fill the voids in the packed bed, the
void fraction can be determined. This method has been used by Dixon et al. (1984),
Dixon (1988), and Foumeny and Roshani (1991). The main difficulties associated with
the water replacement method include the elimination of air pockets and the
determination of the meniscus level. Failure in overcoming these problems will result in
errors in the determination of void fraction.

The procedure to use a hot wax or resin to measure the void fraction is somewhat
more involved. After the bed is filled with packing, the hot wax or resin is introduced into
the bed from the bottom. The function of wax or resin is to keep the packing elements in
position. The flow rate of wax or resin must be kept low enough so that it does not disturb
the packing and trap any air within it as it fills the voids in the bed. After the wax or resin
solidifies, the bed is cut into annular rings and the volume of each small ring is
determined. The small rings are then heated and the wax is allowed to melt. After
separating the packing from the wax, the void volume is determined from the weight of
wax and its density. The average void fraction for that small ring can then be readily
determined from the void volume and the total volume. Roblee et al. (1958) used this
technique to measure the radial void fraction variation in a cardboard cylinder. The
packings utilized were spheres, cylinders, Raschig rings, and Berl saddles. The same

method was also used by Benenati and Brosilow (1962) to study the effect of D./d, (bed
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diameter to packing particle diameter) on the radial void fraction variation of lead shot in
a cylindrical column.

The advantage of this method is that it allows an accurate determination of the
radial void fraction profiles. However, the obvious shortcoming of this method is that the
bed must be destroyed.

The photometric method is based on the different absorptivity of the packing
material and the matrix material to X-rays or Gamma-rays. This method has been used by
Thadani and Peebles (1966), Schneider and Rippin (1988), and Toye, et al. (1998). The
advantage of this method is that it is nondestructive and permits measurement at various
points of the bed cross section. It is also suitable for systems with complex geometry
(such as beds with internal cooling tubes, Schneider and Rippin (1988)). Furthermore it
can be used to measure the void fraction of commercially important packings such as
metal Pall rings.

The typical void fraction profiles for a bed of uniform spheres from the above
studies can be described as follows. The void fraction reaches its upper limiting value of
1.0 at the wall, falls to its minimum value at approximately | parking radius from the
wall, and then continues cycling through several maxima and minima before settling out
at a constant value in the bulk of the bed. The wall effect extends into the bed about 5
packing diameters for a bed of uniform spheres. For other types of packings, such as
Raschig rings and Berl saddles, the wall effect becomes negligible after one packing
diameter from the wall.

For spheres, many theoretical studies have been carried out to model the void

fraction variation in the radial position (Beavers et al., 1973; Vortmeyer and Schuster,
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1983; Govindaro and Froment, 1986; Dixon, 1988; Kufner and Hofmann, 1990; Foumeny
and Roshani, 1991; Zou and Yu, 1996). Vortmeyer and Schuster (1983) used an

exponentially decaying function to model the radial average void fraction variation

p

where €, is the void fraction in the bulk region of the bed. K; and K are model constants.

Normally K has a value of 2. At the column wall, =R, the void fraction must have the
value of 1.0, so K, can be determined as

1-€
K =——-2b (2-9)

e,, exp(1.0)

For the commercially important packings, such as Pall rings and Mini rings, there is

currently no correlation available in the literature.

2.5 Summary

The published studies on liquid maldistribution, mass transfer efficiency involving
the effect of liquid maldistribution, and void fraction measurements and predictions were
reviewed and discussed.

Liquid distribution was usually studied in small diameter columns packed with
old packings such as Raschig rings and Berl saddles without gas flow. Liquid distribution
was found to be non-uniform in randomly packed columns. The effect of gas flow and

liquid physical properties on liquid distribution was less studied.
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The effect of liquid maldistribution on mass transfer efficiency was found to be
important. FRI found that the packing HETP increased at least 50% if a chordal segment
of the liquid distributor containing 11% of the pour points was blanked.

The void fraction in a packed column was shown to be higher in the wall region
that that in the bulk region. The models for predicting void fraction radial variation were
developed for packed beds of spheres. For commercially important packings, such as Pall

rings and Mini rings, there is currently no correlation available.
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2.6 Nomenclature

a Empirical Constant in Equation (2-5), m*

c Empirical Constant in Equation (2-7), m™

D Liquid Spreading Coefficient, m

D. Packed Bed Diameter, m

d, Size of Packing, m

f Liquid Superficial Velocity, m s™

k Empirical Constant in Equation (2-6), m

kK Empirical Constant in Equation (2-6), m™
K, Empirical Constant in Equations (2-8), (2-9)
K, Empirical Constant in Equation (2-8)

Q Total Liquid Flow Rate of the Point Source, m’s
r Radial Coordinate, m

R Radius of the Packed Bed, m

z Axial Coordinate, m

w Wall Flow Rate, m’s™

w*  Equilibrium Wall Flow Rate, m’s™
Greek Symbols

& Void Fraction

0 Angular Coordinate
Subscript
b Bulk Bed
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Chapter 3

LIQUID DISTRIBUTION MEASUREMENTS

3.1 Introduction

As discussed in Chapter 2, most of the previous studies on liquid distribution were
carried out in small diameter columns packed with Raschig rings and Berl saddles
without gas flow. There is a dearth of experimental data on liquid distribution in large
scale columns filled with commercially important packings, such as Pall rings, Mini
rings, etc., especially when the column operates with two-phase flow (both liquid and gas
flow are present). Furthermore, more data is required that shows the effect of liquid
physical properties on the liquid distribution.

This chapter describes the experimental set-up used in our laboratory to measure
the liquid distribution with or without the presence of gas flow. The experimental results

obtained will also be shown, discussed, and the important conclusions will be presented.

3.2 Experimental Set-Up

The experimental apparatus consisted of a cylindrical column, an air blower with
variable speed DC motor, a liquid feed pump, a commercially designed liquid distributor,
a specially designed liquid collector (also served as support plate and gas distributing
device) and the necessary flow rate indicating and controlling meters. A schematic

diagram of the experimental set-up is shown in Figure 3.1. Water was pumped to the
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liquid distributor at the top of the column. It then flowed downward through the packing
and exited at the bottom of the column through the liquid distribution measuring device.
The liquid flow rate was measured and controlled by a calibrated rotameter. The gas (air)
flow to the column was supplied by an air blower through the gas inlet pipe which was
normal to the column axis. Air was distributed across the bottom of the packed column
via a number of gas rising tubes (chimneys) fixed to the inside of the liquid collector. The
down-flow liquid and up-flow gas resulted in the countercurrent operation of the column.
Each gas rising tube had a small cap fixed on the top that prevented liquid from entering
it. The flow rate of air was measured by a hot-wire anemometer which was located on the
gas inlet pipe adjacent to the column.

The column itself consisted of a number of transparent Plexiglass™ cylindrical
sections. Each Plexiglass™ section had a inside diameter of 0.6 m and a height of 1.5 m.
The use of transparent Plexiglass™ sections allowed for visual observation of the flow
behavior in the packed column. The base of the column was made of stainless steel. A
small window (0.2 m in diameter) was cut in the wall of this stainless steel section to
facilitate removal of the column packing.

The column was dry-packed by hand to a desired depth with the 25.4 mm stainless
steel Pall rings. Prior to use the new Pall rings were repeatedly washed with a detergent
solution until all traces of machine oil were removed. The packing was then thoroughly
rinsed with water.

The liquid distributor was installed on the top of the packing and carefully leveled

after installation.
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The stainless steel Pall rings are the most common random packings in use, hence
were chosen for use in this study. The Pall ring was first developed by BASF (Badische
Anilin und Soda-Fabrik in Ludwigshafen-am-Rhein, Germany) (Eckert et al., 1958) by
cutting windows in the wall of the Raschig ring and bending the small arms inward while
maintaining the height and diameter of the rings equal. Unlike the Raschig rings, the
openings in the wall of the Pall rings allow the gas phase to pass through, thus reducing
the flow resistance (pressure drop) and increasing the operating capacity. Furthermore,
the extra small arms or tongues within the rings can guide liquid to flow inside of the
rings, thus enhancing liquid distribution (Kister, 1992). Pall rings also have higher
efficiency than Raschig rings (Kister, 1992). The Pall rings used in this study were
provided by Koch-Glitsch, Inc., USA, and its main characteristics are listed in Table 3.1.

The corresponding characteristics of Raschig rings are also included for comparison

purpose.

3.3 Design of the Liquid Collector

The liquid distribution was measured at the bottom of the column. As the liquid
flowed out of the packing, it was separated into several radially defined regions by a
specially designed liquid collector. This liquid collector served three purposes: to collect
liquid, to support the packing, and to distribute the inlet gas flow. It consisted of a
number of concentric cylinders as shown in Figures 3.2 and 3.3. The width of each
collecting region (except the central, near wall and wall regions) was 50 mm, or about 2

diameters of the 25.4 mm Pall ring. The diameter of the central cylinder was 200 mm. In
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this study, the whole column cross section was divided into six annular sampling regions,
labeled as region I, II, III, IV, V, and Wall starting from the center region. The collecting
area of each sampling region is shown in Table 3.2.

Table 3.2 shows that each collecting region represented a different column cross
sectional area. The wall region, or the outmost annular ring, accounted for 3.12% of the
total column cross sectional area. This means that the width of this region was only 4.7
mm. It is obvious that a different choice of wall region width will give a different amount
of liquid wall flow. There are a number of ways for selecting the wall region width. For
example, Baker et al. (1935) divided the bottom of their column into four equal area
concentric rings, that is, the wall region accounted for 25% of the total column cross
section. In Kouri and Sohlo ’s experiments (1987, 1996), the wall region was designed to
occupy 11.64% of the column cross section. In both of these two cases, the wall region
collected not only the wall liquid but also some liquid away from the wall.

Porter and Templeman (1965, 1968) utilized a liquid collector in which the width
of the wall region was only about 3 mm. This corresponded to about 4% of the column
cross section for a 0.3 m diameter column. The same wall region width was also used by
Dutkai and Ruckenstein (1970). With such a small width, the wall region received only a
negligible amount of liquid from the bulk of the bed, thus giving a better representation of
the liquid running down the column wall. There is yet another way to specify the width of
the wall region, that is, the width of one packing particle diameter has been used to define
the wall region by Jameson (1966) and Gunn (1978). It is possible that, for large packing

particles, this width of wall region also collected a relatively large amount of liquid from
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the bulk of the bed. To differentiate the wall liquid from the bulk liquid, a small wall
region (4.7 mm in width) was used in this study.

The liquid flowing into the liquid collector was removed through liquid drain
tubes. For the collecting regions [-V, the liquid drain tubes were placed immediately
under the liquid collector. For the wall region, the liquid was removed through the
column wall via two flexible rubber tubes. The diameter of each liquid drain tube and the
number of liquid drain tubes in each collecting region are listed in Table 3.3.

The uniform initial gas distribution over the bottom column cross section was
ensured by the appropriate arrangement of the gas rising tubes. For the ease of
construction, each gas rising tube was designed with the same diameter (25.4 mm). Since
the liquid collecting area was different from region to region, the number of gas rising
tubes within each collecting region was adjusted to ensure a uniform gas distribution.

Assuming that the cross sectional area of the i collecting region is 4; and the
number of the gas rising tubes in this region is n;, then from the simple mass balance, we
can get

nq=Av 3-1)
where g is the gas flow rate passing through each of the gas rising tubes and v is the
average gas velocity over the i liquid collecting region.

To ensure the uniform gas distribution over the total column cross section, the
above relationship should be satisfied for each region. It should be noted that area A;
includes the area of the wall region since there is no gas rising tubes in this region due to
its very small width. The number of the gas rising tubes can then be readily determined

according to Equation (3-1). The results are given in Table 3.3.
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3.4 Procedure and Range of Studies

Each experiment commenced with the packing being loaded into the dry column
to a desired height. The liquid distributor was then installed on the top of the packing and
carefully leveled. At the fixed packed bed height, water was first introduced into the
column through the liquid distributor and its flow rate was set to a predetermined value.
The air blower was then started to provide air to the column for the case of two-phase
flow study. The air flow rate was adjusted to the desired value by adjusting the speed of
the air blower. A check was regularly made on the gas and liquid flow rates to ensure that
the conditions did not vary during the operation. About 20 minutes were needed for the
liquid to reach a steady state in the column after flow rates were set. It was found that the
liquid flow rate through each liquid drain tube was almost independent of time after 20
minutes.

To measure the flow distribution, the liquid flow rate through each of the liquid
collecting regions was measured and recorded. This was done by weighting the amount of
liquid collected within a certain period of time. After the liquid flow rate from each
collecting region was measured, the radial liquid flow pattern (distribution) was
constructed based on these measured local liquid flow rates.

The effects of liquid distributor design, operating condition, packed bed height,
and liquid physical properties on the liquid distribution were determined.

Liquid distributor. Two different liquid distributors were used in this study. The
first of these is a standard commercial ladder-type distributor. It had six branches and 31
drip points as shown in Figure 3.4 (a). The liquid distributor is usually quantified in terms

of drip point density, defined as
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Number of drip points
- (3-2)
Cross sectional area of column

Drip point density =

Based on the above definition, this distributor had a drip point density of 110 points per
square meter. A distributor with this high drip point density is considered to distribute
liquid uniformly over the top of the packing (Olujic and de Graauw, 1989; Perry et al.,
1990; Klemas and Bonilla, 1995). Therefore, in the following discussion, we will refer to
this distributor as a uniform liquid distributor. The other liquid distributor was a
modification of the first one. We plugged the most outside 15 holes and left the inside 16
holes open (see Figure 3.4 (b)). In this way, this distributor could only supply liquid to the
central part of the column, which occupied about 43% of column cross sectional area.
The drip point density of this modified distributor was 57 points per square meter. In the
later discussion, this distributor will be referred to as a center inlet liquid distributor.

Operating conditions. Three liquid flow rates were used in this study, that is,
291, 4.78 and 6.66 kg/mzs. The gas flow rates were varied from O (single liquid phase
flow) to 3.0 kg/mzs.

Packed bed height. The packed bed height was varied from 0.9 m to 3.5 m. In
most of the test runs, three different packed bed heights were employed: 0.9 m, 1.8 m,
and 3.0 m. The position of liquid distributor was adjusted accordingly with variation of
the packed bed height.

Liquid physical properties. To study the effect of liquid physical properties such
as surface tension and viscosity on liquid distribution, three different systems were used

in this study: water/air, aqueous detergent solution/air, and [sopar/air. These three systems
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were chosen because they had relatively large differences in liquid viscosity and surface

tension. The relevant physical properties of the three liquids are listed in Table 3.4.

3.5 Results and Discussion

3.5.1 Reliability of the Experiments

The reliability of experimental data was confirmed as follows:

Performance of liquid distributor. A quality liquid distributor should distribute
the liquid uniformly over the top of the packing. The quality of the uniform liquid
distributor used in this study has been checked as follows:

(1) the number of drip (distribution) points. The drip point density of approximately 65 to
100 is required for a liquid distributor to perform satisfactorily in large diameter
columns (Olujic and de Graauw, 1989).

(2) the difference between liquid flow rates from each drip point. Ideally, the flow rate
from each of the drip points should be equal.

The uniform liquid distributor used in this study had 110 points/m2 Thus it met
the first criterion. To test the second criterion, the liquid flow rate from each drip point
was individually measured at different total liquid flow rates. Figure 3.5 shows that this
liquid distributor provided almost uniform drip flow rates. The average standard deviation
is 1.576x107,

Reproducibility. Reproducibility tests were carried out for the water/air system at
a packed bed height of 0.9 m with both the uniform liquid distributor and center inlet
liquid distributor. The liquid flow rate was selected to be 4.78 kg/m’s. The gas flow rate

was varied form 0 to 1.57 kg/m’s. Typical results are shown in Figures 3.6 to 3.9 with
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error bars (the method of calculating uncertainties is given in Appendix A). The data is
plotted in terms of the liquid relative velocity against the radial position. The liquid
relative velocity (u,.) is defined as the ratio of the local liquid velocity (u;.) to the
average liquid velocity (u,.) over the empty column cross section, that is

= Yo (3-3)

u

av

u

rel

From the measurement of the local liquid flow rate for each collecting region, the local

liquid velocity can thus be calculated as

oS (3-4)
p L Aregicn

uioc
where fi,. is the local liquid flow rate in kg/s and A,.gion is the cross sectional area of each
collecting region.

Figures 3.6 to 3.9 present two runs that were conducted on different days. As can
be seen, the liquid profiles of the two runs are very similar. The largest difference
between the two runs is 10.6%. This difference, in our opinion, is within acceptable error
limits for these large scale experiments.

Effect of redumping of the packing. It is of interest to see how the liquid flow
distribution changes after the packing is redumped. To investigate this effect, the packing
was redumped four times at a fixed packed bed of 0.9 m. The corresponding liquid flow
distribution for each dumping was measured. Figure 3.10 shows the variation of the

liquid velocity profile. These liquid velocity profiles show that the largest deviation of the

liquid relative velocity from the average value is 10.3%.
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From the above discussion, we can conclude that the experimental apparatus can

be used reliably to measure the liquid distribution in a packed column.

3.5.2 Flooding Point and Loading Point

Flooding is the upper limit of the packed column operation. At the flooding point,
the frothy liquid fills up the voids within the packing elements. The gas phase can only
bubble up through the column, thus resulting a very high pressure drop.

There are several different indications that show flooding occurring in a packed
column. The most obvious one of these is when the liquid can no longer drain freely
through the column but is held back by the upward flow of gas. When flooding occurs, an
appreciable amount of liquid droplet is entrained by the gas and sprayed violently back to
the top of the column. When plotted on a log-log plot against the gas velocity at the fixed
liquid flow rate, the pressure drop shows a very steep rise (almost vertically) with a slight
increase in the gas velocity. It is obvious that at the flooding point, the column can no
longer perform satisfactorily as a liquid and gas contacting device.

The loading point is defined as the gas flow rate at which the gas phase begins to
interact with the liquid phase to generate a high pressure drop. The loading point is
considered to occurs at about 70% of the flooding point (Kister, 1992; Billet, 1995).

To determine the flooding point and loading point for the experimental column,
the pressure drops for both water/air and Isopar/air systems were measured. Figure 3.11
shows a plot of the pressure drop for the water/air and the Isopar/air systems. In the range
of the liquid flow rates from 2.91 to 6.66 kg/m’s, the flooding point for the water/air

system occurs at G=2.9~3.3 kg/m’s, and the loading point occurs at G=2.0~2.3 kg/m’s.
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For the Isopar/air system, the flooding point occurs at G=2.2~2.5 kg/m’s, and the loading

point occurs at G=1.5~1.7 kg/m’s.

3.5.3 Effect of Liquid Distributor Design on Liquid Distribution

The liquid distribution was measured for the two liquid distributors: uniform
liquid distributor and center inlet liquid distributor. Figures 3.12 and 3.13 present the
typical effect of liquid distributor design on liquid distribution. Figure 3.12 shows a
comparison of the liquid velocity profiles obtained with these two liquid distributors at
different packed bed height in the absence of gas flow. The working fluid was water, and
its flow rate was kept constant at 4.78 kg/m’s. As can be seen from Figure 3.12, the
resultant liquid velocity profiles are quite different. For the uniform liquid distributor, the
liquid velocity profile is nearly flat in the bulk region of the packed bed throughout the
whole bed height. At the bed height of 0.9 m, some liquid can be seen to build up on the
column wall, which will be referred to as “liquid wall flow” in the later discussion. As the
liquid flows down, more liquid moves towards the column wall, as can be see from the
increase of liquid velocity in the wall region. As shown in Figure 3.12 near the top part of
the column, the build up of liquid wall flow is relatively fast, however, after a bed height
of 1.8 m from the top of the packing, the build up speed is significantly reduced.
Comparing the liquid velocity profiles at the bed height of 1.8 m and 3.0 m for the case of
the uniform liquid distributor, the average difference between these two profiles is less
than 10% for all the corresponding points. This means that at the bed height of 1.8 m, the
liquid flow distribution is fully developed. This stable liquid flow pattern, which is an

inherent characteristic of the packing, is also referred to as the liquid natural flow
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(Albright, 1984; Hoek et al., 1986). The formation of the liquid wall flow is one of the
most important characteristics associated with all of randomly packed columns. In the
wall region, the void fraction is higher than that in the bulk region. As a result, the flow
resistance is lower in the wall region, thus causing more liquid to flow along the wall
region.

For the case of center inlet liquid distributor, the liquid can only be introduced
into the column through the central region, which is corresponding to the 43% of the total
column cross sectional area. As can be seen from Figure 3.12, the liquid relative velocity
in the central region is much greater than the mean value based on the column cross
section. At the bed height of 0.9 m, the relative liquid wall flow is still less than the mean
value. At the packed height of 1.8 m, the liquid flow distribution is still very different
from that resulting from the uniform liquid distributor. In the center region, the liquid
velocity with the center inlet liquid distributor is about 70% higher than that with the
uniform liquid distributor, and the corresponding liquid wall flow is about 50% lower. At
the packed height of 3.0 m, the difference still exists but is smaller. For this case, the
liquid distribution is still far from a fully developed flow pattern even at a bed height of
3.0 m.

As illustrated in Figure 3.12, the difference between the two liquid velocity
profiles obtained with the two different liquid distributors becomes smaller as the liquid
flows downwards. In other words, the non-uniform liquid distribution over the top layer
of the packing generated by the center inlet liquid distributor is smoothed out gradually as

the bed height is increased. This indicates that the packing has the ability to spread the
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vertical liquid flow radially. The liquid tends to move from the high flow rate region to
the low flow rate region due to the liquid radial spreading.

Figure 3.13 illustrates the effect of liquid distributor design on the liquid wall
flow development along the packed bed height at different gas and liquid flow rates. It
can be seen that the liquid wall flow tends to increase with the bed height for both liquid
distributors. However, for the uniform liquid distributor, the liquid wall flow approaches
its fully developed value after the bed height of 1.8 m for the case of two-phase flow. For
the center inlet liquid distributor, the liquid wall flow continues to increase even at the
bed height of 3.5 m, indicating that fully developed wall flow has not been reached. The
effect of gas and liquid flow rates on the liquid flow distribution will be discussed in the
following sections.

The above experimental results would indicate that the design of the liquid
distributor is crucial for the liquid distribution and proper operation of randomly packed
columns (Perry, et al., 1990). Poor inlet liquid distribution, resulting from a poor liquid
distributor design, will require additional bed height to reach a natural flow pattern. From
visual observations of the experimental phenomena during the test runs, the liquid did not
reach the column wall until 0.5~0.6 m from the top of the packing when the liquid was
introduced in the central 43% of the column cross section. This simply means that part of
the packing is only partially used when such a non-uniform initial liquid distribution
occurs in a packed distillation column, because the dry packing cannot take part in the
mass transfer process. Baker et al. (1935) also found that in a 0.3 m diameter column

packed with spheres and saddles, at least 3.0 m of the bed height was needed for the
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liquid to reach its fully developed state when the liquid was introduced at the center of the

column as a point source.

3.5.4 Effect of Gas Flow Rate on Liquid Distribution

The effect of gas flow rate on liquid distribution is shown in Figures 3.14 and
3.15. These figures present data for the uniform liquid distributor at different bed heights
and liquid flow rates for the system water/air. The data emphasis the interaction between
the gas and liquid phases and the effect of gas flow rate on the liquid wall flow.

Figure 3.14 shows a comparison of liquid velocity profiles measured at different
gas flow rates at the bed height of 0.9 m. The liquid flow rate was kept constant at 2.91
kg/m’s. It can be seen that in the bulk region of the packed bed the liquid velocity profile
becomes flatter with the increase of gas flow rate. The net result is that increased gas flow
enhances the liquid radial spreading and reduces the liquid maldistribution in the bulk
region of the packed bed. This effect of gas flow on the liquid distribution over the bulk
bed has also been observed by Dutkai and Ruckenstein (1970), and Kouri and Soulo
(1987, 1996).

The effect of gas flow rate on the liquid wall flow is shown in Figure 3.15. In this
figure, the liquid relative wall flow is plotted against gas flow rate at different bed heights
0of 0.9 m, 1.8 m and 3.0 m. As can be seen, the effect of gas flow rate on the liquid wall
flow is insignificant at the low gas loadings (gas flow rate less than about 2.1 kg/m’s).
This is due to the fact that the interaction between the gas phase and liquid phase is very
small under these conditions. However, at the higher gas loadings (especially above the

loading point), the liquid wall flow increases significantly with the gas flow rate. Above
46

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



the loading point, the interaction between the gas phase and liquid phase is significant
(caused by the increase of the interface drag force between the gas phase and liquid
phase). Due to the more significant increase of the liquid flow resistance in the packing
than in the wall region, where the void fraction is relatively higher and the flow resistance
is relatively lower, more liquid is forced to the wall region.

Based on the experimental results, one can conclude that the effect of gas flow
rate on liquid distribution is insignificant below the loading point. Above the loading
point, the effect is significant, especially for the liquid wall flow. The general trend is that
the liquid distribution in the bulk region becomes flatter, and the liquid wall flow

increases significantly with an increase in the gas flow rate.

3.5.5 Effect of Liquid Flow Rate on Liquid Distribution

The effect of liquid flow rate on the liquid distribution is illustrated in Figures
3.16 and 3.17 for the bed height of 3.0 m and 0.9 m, respectively. The results shown in
these figures were obtained using the uniform liquid distributor. It was found that the
effect of liquid flow rate on liquid distribution in the bulk region is insignificant when the
liquid flow rate was varied from 2.91 to 6.66 kg/m’s. The liquid relative wall flow
reduced somewhat with the increase of liquid flow rate at low gas loadings. This
observation is in agreement with the findings reported by Porter and Templeman (1968)
and Kouri and Sohlo (1987, 1996). When the packing in the column is well wetted, an
increase in liquid flow rate will increase the thickness of liquid film on the packing
surface, and the liquid holdup will increase accordingly (Kister, 1992). It is believed that

this increase in the liquid film thickness with the increase of liquid flow rate will occur
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uniformly within the packing, thus the liquid distribution will not be affected too much in
the bulk region. The increase of liquid holdup with the liquid flow rate can be clearly seen
from the following empirical correlation (Kister, 1992)
04184
h, = ( ) (ua, f* (3-5)
€p
where the liquid holdup is proportional to the square root of the liquid superficial

velocity.

As for the liquid wall flow, because the thickness of the liquid film increases with
the increase of the liquid loading, more liquid is held within the packings. Thus, the
relative liquid wall flow is reduced accordingly.

The effect of liquid flow rate on the liquid wall flow development can be seen in
Figure 3.13. This figure shows a comparison of liquid relative wall flows for two
different liquid flow rates of 2.91 and 6.66 kg/m7s, respectively. It can be seen that the
liquid wall flow reaches its fully developed state sooner at the higher liquid flow rates

than at the lower liquid flow rates for the uniform liquid distributor.

3.5.6 Effect of Liquid Surface Tension on Liquid Distribution

To investigate the effect of liquid surface tension on liquid distribution, a low
foaming detergent (dishwasher detergent, Electra sol™) was selected and added to the
water to form a low surface tension solution. This solution had the same density and
viscosity as water, but its surface tension was half that of pure water. Its physical

properties are given in Table 3.4.
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Figures 3.18 to 3.20 show a comparison of the results obtained with these two
systems: water/air and detergent solution/air. Figure 3.18 presents the data for the single
liquid phase flow at a bed height of 0.9 m. Figure 3.19 shows the data for the two-phase
flow with a gas loading of 1.57 kg/m’s at a bed height of 1.8 m. Figure 3.20 presents the
data for the two-phase flow with a higher gas loading (3.0 kg/m’s) at a bed height of 3.0
m. All the results shown in Figures 3.18, 3.19 and 3.20 were taken at a liquid flow rate of
6.66 kg/m’s. The experimental data show that the two velocity profiles are very close for
all the cases presented here. The effect of liquid surface tension on liquid distribution is
further demonstrated in Figure 3.21 plotted in terms of the liquid relative wall flow
against the gas flow rate. For all the gas flow rates studied, the difference between the
wall flows obtained for these two different systems is less than 6%. Based on these
studies, it can be concluded that there is little or no effect of liquid surface tension on
liquid distribution in the large scale packed columns. The same conclusion was reached
by Bemer and Zuiderweg (1978) based on their measurements for a 0.2 m diameter
column filled with glass Raschig rings (10 mm diameter and larger) in the absence of gas
flow. However, Onda et al. (1973) found that the liquid spreading increases with the
increase of liquid surface tension. It should be pointed out that their results were obtained
in a 0.15 m diameter column packed with 4 mm ceramic Raschig rings.

To investigate the reasons why the liquid surface tension shows different effects
on the liquid distribution in the small size packings and large size packings, a number of
small scale experiments were carried out with a 0.1 m diameter glass column packed with
8 mm ceramic Raschig rings. The systems examined were: water, detergent solution and

methanol/isopropanol mixture. It was found that liquid tended to foam easily in the small
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size packings. The amount of gas bubbles formed inside the rings and within the
interstices between the rings depended on the liquid surface tension, the lower the liquid
surface tension, the greater the number of gas bubbles that were formed. The entrapment
of gas bubbles within the liquid would certainly affect the liquid distribution. On the
other hand, in the large diameter column packed with large size flow-through packings,
the void fraction is much higher. This physical situation reduces the tendency for liquid
foaming, as was confirmed during the test runs with the 0.6 m diameter column packed
with 25.4 mm Pall rings. Thus the effect of liquid surface tension is insignificant in the
large size packing.

Hence it can be concluded that liquid surface tension is a physical property that
does not significantly affect the liquid distribution in the large diameter columns packed

with large size packings.

3.5.7 Effect of Liquid Viscosity on Liquid Distribution

The effect of liquid viscosity on liquid distribution was studied with the Isopar/air
system. The viscosity of Isopar is about two times greater than that of water. Its relevant
physical properties are listed in Table 3.4.

The measurements of liquid flow distribution with this system were made at
different bed heights, gas and liquid flow rates using the uniform liquid distributor. The
results are presented in Figures 3.22 to 3.26. Figures 3.22 and 3.23 illustrate the
comparison of the liquid flow distributions for water and [sopar without gas flow at the
bed heights of 0.9 m and 3.0 m, respectively. Figures 3.24 to 3.26 show the comparison

of the liquid flow distribution and relative wall flow for the water/air system and
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[sopar/air system at varying gas and liquid flow rates. It can be seen from Figures 3.22 to
3.25 that the relative velocity of Isopar is higher than that of water in the central region of
the bed. However, the liquid wall flow with Isopar is lower than that with water at all bed
heights. The data would suggest that the higher liquid viscosity tends to retard the liquid
radial spreading at low gas flow rates. This can be explained as follows. The higher liquid
viscosity means a thicker liquid film on the packing surface, thus more liquid is held
within the packing (Strigle, 1987), thereby reducing the liquid wall flow. This effect of
liquid viscosity on liquid holdup can also be seen from Equation (3-5). Second, the liquid
radial spreading is due in part to the unstable turbulent flow within the packing.
Evidently, the turbulent motion of liquid will enhance the liquid spreading. With the
increase of the liquid viscosity, the turbulence intensity is reduced compared with that of
liquid with lower viscosity at the same flow rate. Subsequently, the liquid radial
spreading is reduced. At higher gas flow rates, however, as shown in Figure 3.26, the
liquid wall flow with the Isopar/air system is higher than that with the water/air system,
because the [sopar/air system has a lower column loading point due to the high viscosity
of Isopar (see Section 3.5.2). At the same gas flow rate, the [sopar/air system is closer to
the loading point than the water/air system. In the loading region, as demonstrated in
Section 3.5.4, the liquid wall flow shows a significant increase with the increase of the
gas flow rate.

It should be noted that the surface tension and density of Isopar were also different
from that of water. However, it has been shown in Section 3.5.6 that surface tension does

not affect the liquid distribution. At the present time, it is not clear what the effect of
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liquid density on liquid distribution for the Pall rings would be, as there are no published

studies available in literature.

3.6 Conclusions

Liquid flow distribution in a 0.6 m diameter column randomly packed with 25.4

mm stainless steel Pall rings has been measured under various conditions. The important

factors affecting the liquid distribution have been determined. These factors include the

liquid distributor design, the packed bed height, the gas and liquid flow rate, and liquid

physical properties (surface tension and viscosity). The most significant conclusions are

summarized as follows.

1.

N

The liquid distribution in a randomly packed column is always far from uniform.
Even if the liquid is uniformly introduced into the column, the liquid will tend to
move towards the column wall, and forms a higher wall flow.

Distributor design is crucial for the liquid distribution in randomly packed columns.
More bed height is required for the liquid distribution to reach its natural flow pattern
if the liquid is non-uniformly introduced into the column.

With the increase of liquid flow rate, the liquid relative wall flow is reduced
somewhat at low gas loadings. The bed height required for the liquid to reach its fully
developed state is also reduced.

In the preloading region, the effect of gas flow rate on liquid distribution is
insignificant. Above the loading point, however, the liquid wall flow increases rapidly

with increasing gas flow rate.
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5. The liquid surface tension has little or no effect on liquid distribution in the large

scale packed columns.

6. Liquid viscosity tends to reduce the liquid radial spreading. The higher the liquid
viscosity, the lower the liquid wall flow.

The experimental measurements not only offer a deeper understanding of the

liquid flow distribution phenomena encountered in randomly packed columns, but also

provide necessary data for evaluating models that can be used to simulate the liquid flow

distribution in randomly packed columns.
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3.7 Nomenclature

A Cross Sectional Area of Liquid Collecting Region, m’

a, Total Surface Area of Packings Per Unit Volume, m™

Fpa Packing factor, m”

f Local Liquid Flow Rate, kg s™

G Gas Flow Rate, kg m?2s’?!

H Packed Bed Height, m

h Liquid Holdup

L Liquid Flow Rate, kg m?s’'

N, Number of Packing particles per Unit Volume, m™

n Number of Gas Rising Tubes in Each of Liquid Collecting Regions
q Gas Flow Rate Passing through Each of the Gas Rising Tubes, m’s’"
u Liquid Superficial Velocity, m s

v Average Gas Velocity over Each of the Liquid Collecting Region, m s™
Greek Symbol

& Void Fraction

u Viscosity, kgm™ s™

) Liquid Density, kg m™

Subscripts

av Average

i Index of Liquid Collecting Region

L Liquid Phase

loc Local

rel Relative
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Table3.1 The Characteristics of Raschig Rings and Pall Rings

Packing type Material Nominal size Np a, €p | Fpd

mm I/m* | m¥m’ 1/m

Pall ring Stainless 254 49,441 207 | 094 174
steel

Raschig ring Metal 254 49,794 | 203 | 092 | 492
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Table 3.2 Areas of Liquid Collecting Regions

Collecting Outside Area Relative area | Cumulative

region radius, mm m? % area, %

I 100.0 0.0314 11.22 11.22

II 150.0 0.0393 14.04 25.26

III 200.0 0.0550 19.64 44.90

v 250.0 0.0707 25.25 70.15

\Y 293.8 . 0.0748 26.71 96.86
Wall 298.5 0.00875 3.12 100.00
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Table 3.3 Arrangement of Gas Rising Tubes and Liquid Drain Tubes

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.

Region number I I I v VvV | Wall
Numbers of gas rising tubes 8 10 14 18 22 0
Numbers of liquid drain tubes 1 2 2 2 2 2
Diameter of liquid drain tube (mm) 3201259 | 259 | 259|259 | 15.2
59




Table 3.4 System Physical Properties

System Density Viscosity Surface tension
kg/m’ Pas N/m
Water 1000 0.001 0.072
Detergent solution 1000 0.001 0.033
Isopar 788 0.00246 0.028
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Figure 3.1. Experimental set-up for measuring liquid distribution
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Figure 3.2. Design of liquid collector (top view)
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Figure 3.7. Reproducibility test for the uniform liquid distributor.
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Figure 3.8. Reproducibility test for the uniform liquid distributor.
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Figure 3.9. Reproducibility test for the center inlet distributor.
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Figure 3.14. Effect of gas flow rate on liquid distribution for the
uniform liquid distributor.
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Figure 3.15. Effect of gas flow rate on liquid wall flow for the
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Figure 3.16. Effect of liquid flow rate on liquid distribution for the
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Figure 3.17. Effect of liquid flow rate on liquid distribution for the
uniform liquid distributor.
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Figure 3.18. Effect of liquid surface tension on liquid distribution
for the uniform liquid distributor.
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Figure 3.19. Effect of liquid surface tension on liquid distribution
for the uniform liquid distributor.
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Figure 3.20. Effect of liquid surface tension on liquid distribution
for the uniform liquid distributor.
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Figure 3.21. Effect of liquid surface tension on liquid wall flow for
the uniform liquid distributor.
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Figure 3.22. Effect of liquid viscosity on liquid distribution for the
uniform liquid distributor.
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Figure 3.23. Effect of liquid viscosity on liquid distribution for the
uniform liquid distributor.
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Figure 3.24. Effect of liquid viscosity on liquid distribution for the
uniform liquid distributor.
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Figure 3.25. Effect of liquid viscosity on liquid distribution for the
uniform liquid distributor.
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Figure 3.26. Comparison of liquid relative wall flow for the
water/air system and Isopar/air system for the uniform liquid
distributor.
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Chapter 4

HYDRODYNAMICS SIMULATIONS-MODELS

4.1 Introduction

It is recognized that the application of large diameter packed columns is limited
due to the uncertainty in design procedures (Olujic and de Graauw, 1989, Kister, 1992).
Traditionally, both the liquid phase and the gas phase are assumed to be in the plug flow
for the design purposes. However, it has been demonstrated that the liquid flow
distribution is far from uniform. Although some simple models have been proposed in the
literature to try to predict the liquid flow distribution in randomly packed columns, they
are purely empirical and fail to work well as pointed out in the literature survey.
Therefore, theoretical models based on the principles of fluid dynamics for the modeling
of flow distribution are badly needed.

It is one of the purposes of this study to establish a rigorous approach to model the
flow distribution patterns in randomly packed columns based on the volume-averaged
Navier-Stokes equations (CFD based models). A major advantage of this approach is that
the model equations derived from the conservation laws will remain valid on any scale,
from laboratory to industrial size. Therefore they can be used as the basic tools for the
more rigorous design and scale up of packed columns. CFD based models, however,
require the specification of a number of closure models to capture the information lost
during the averaging process. These closure models should describe (a) the flow

resistance offered by the packing elements, (b) the interface drag force of two-phase
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flow, (c) the volume fraction dispersion in the packed bed, (d) turbulent flow, and (e) the
void fraction vanation within the bed.
In this chapter, we present the models used to close the volume averaged Navier-

Stokes equations, the boundary conditions and the numerical methodology used to solve

these equations.

4.2 Introduction to the Volume Averaging Concept

A packed bed can be considered as a porous media that is partially filled with
solid material (packing). Random packings are fixed in position during operation. While
the liquid phase trickles down the bed by means of gravity, the gas phase passes up
through the bed by means of the pressure drop, thus forming the countercurrent operation
mode. The motion in each phase is governed by the Navier-Stokes equations. However, if
we apply the Navier-Stokes equations directly to the porous media flow, we will find that
it is almost impossible to specify the boundary conditions owing to the very complex and
dynamic nature of the interfaces. Such problems can be addressed more effectively if
some form of averaging procedures are used.

Figure 4.1 shows a planar sketch of the Representative Elementary Volume (REV)
in porous medium. The concept of REV is very important in porous medium studies and
has been used by various researchers such as Whitaker (1966), Slattery (1969), Bear
(1972) and Liu and Masliyah (1996). A REV is defined as a minimum volume within
which measurable variables (velocity, concentration, density, etc.) become continuum

quantities inside a porous medium. In the sketch shown in Figure 4.1, S stands for a solid
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phase, L stands for a liquid phase, and G stands for a gas phase, respectively. The solid
phase here represents the packing material.

The REV, as shown in Figure 4.1, consists of two parts, the solid part with the
volume Vs and the void part with the volume V,. The void fractioin or the porosity is

defined as

(4-1)

<N

where V' is the total volume of the REV.
For two-phase (liquid and gas) flow, the local liquid phase and gas phase holdups

can be defined as

v,
h, =—L 4-2
L= @-2)

v,
h, =-< 4-3
o =3 @-3)

where V; and V; are the volumes occupied by the liquid phase and gas phase within the
REYV, respectively.
From the above definitions, we can obtain

€, =h, +h; (4-4)
If we assume that ¢ * stands for the point variable associated with a fluid, then the

volume average of this variable can be defined as

L¢,.
¢=7;[¢ dv (4-5)
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where the average is taken over the entire REV. In the volume averaging approach, the
volume averaged quantity ¢ is used to represent the value of this variable within the
REV.

The volume average can also be taken over the partial volume of the individual

phase itself as follows

1 oe.
Oce =Z!¢ av (4-6)

where Vy can be V; or V. o is then referred to as the intrinsic phase average.
Oas and ¢ are related as
¢ = A0, “4-7)
For example, the liquid superficial velocity can be determined from its interstitial
velocity as
u=hu,, (4-8)
In the volume averaged approach, the phases are treated as interpenetrating
continua, that is, at every point in the porous medium, there is a volume averaged value
assigned to all the fluid variables for each of the phases. The volume averaged equations
describing the volume averaged variables are still expressed in the traditional form
containing convection and diffusion terms and some extra terms to account for the

information that is lost in the averaging process.

4.3 The Volume Averaged Equations
The detailed flow field for the two-phase flow through a packed column can be

determined by solving the volume averaged fluid dynamic equations given by
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Continuity equations

g;(vapa J+V-{oPaUs ~TaVYa)=0 a=LG (4-9)
Momentum equations

2 (o U+ V- bbb U —n U + U 1 @ PR
a=LG

where y stands for the volume fraction occupied by each phase, p is the fluid density,
L the effective viscosity including the contribution from turbulent stress, U the interstitial
velocity vector, B the body force (including the gravity and the flow resistance offered by
the packing elements), p the pressure, F the interface drag force, I' the volume fraction
dispersion coefficient, and o the phase index.

The volume fraction v is defined as

VL
Yo =

Vi+Vs @-11)

vV

Yo = <
V, +V; 4-12)

Thus the volume fraction must sum to unity

Y. +Ye =1 (4-13)

Comparing Equations (4-2), (4-3), (4-11) and (4-12), results in

h, =€y, “4-19)
he =€ Y, (4-15)
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4.4 The Closure Models

Equations (4-9) and (4-10) do not form a closed system, until the quantities like
B, F, u. and I™ are specified through closure models. In this study, they are adopted and
developed from existing empirical correlations. Many of these empirical correlations
have been developed from experiments conducted on a macroscopic (or equipment) scale
- 1.e. based only on observations of input/output quantities. Use of these correlations in a
local sense is akin to the use of Darcy's theory on a microscale, which is based initially
on macroscopic observations of flow rates vs. pressure drop data for packed beds.

There is clearly room for further refinement of these closure models, as more
refined experimental data on flow and concentration distributions become available. The
clear advantage of the CFD models is in their natural ability to track inhomogenieties
within the column, provided the closure models remain valid at the pore scale and the

inhomogenieties are caused by the packed bed structure or by poor distributor designs.

4.4.1 Interface Drag Force F

The interface drag force between the gas and liquid phases is modeled by

F,=C, (U _-U;) (4-16)
F,=C,U,-U,) 4-17)
Fo=-F (4-18)

where C; or C,; is the interface drag coefficient. In the model equations, C; or C g

is prescribed in a way that incorporates experimentally measured correlations for pressure

drops in countercurrent two-phase flow through packed columns.
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There are several correlations available in the literature that predict pressure drop
for two-phase flow through a randomly packed column, such as the Leva correlation
(Leva, 1954; 1992) and the Robbins correlation (Robbins, 1991). The Leva correlation

states that the total pressure drop is proportional to the square of the gas velocity

-

P, S 10mt (4-19)

z Pc
This is applicable in the low range of gas loading. However when the liquid load is high,
the interaction between the two phases will be substantial. Robbins (1991) modified the
Leva equation and proposed the following correlation to predict the pressure drop across

the packed column

0.1
Ap 2. CiL L, 2 nCilL
2 _cG 1o-f+o.774| C G210 4-20
= s 20000 (‘ 4 7 (4-20)

where C,=4.002x10, and C>=1.99x102. Grand Ly are the gas and liquid loading factors

and can be calculated as

—l 2-0.5" F 10.5
G| — pd Jor P < latm
P 65.62
G,={ - 1 *- - (4-21)
FIZ-O.SF de 10.5
G p‘ 563 10%0'870c  for P> latm
LFG LYY
[ - S r 105
1000 | | Fou 0
L 1 F 215
o, | |6562] He Jor Fpa
Lp=4 = " - Tos (4-22)
1000 | | 65.62 o
L- o || 7 pu? for F oy <15
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Equation (4-20) can be considered to consist of two parts. The first part, C,G}IOC’L’ ,

allows for the estimation of pressure drop through the packings in the preloading region,
. L, ! 2. Gl . .
while the second part, 0.77 —2———— (C : G}lO Ll )‘, takes into account the increase of

the pressure drop due to the stronger interaction between gas and liquid phases in the
loading regime. The presence of liquid in the packings will reduce the free flow space of
the gas phase, thus leading to a higher pressure drop. The parameter F;, also called the
packing factor, represents the effect of packing size and shape on the pressure drop and
has been documented for almost all the commonly used random packings. For instance,
Fpq equals 174 m™ for 25.4 mm metal Pall rings, and 79 m™ for 50.8 mm metal Pall rings
(Kister, 1992). The larger the packing factor, the higher the pressure drop.

If we consider that the total pressure drop can be expressed as

ﬂz(ﬂ"i) +(é&) @23)
z z Jdry 2 )we
then
[Q) =C,G; (4-24)
< Jdry
and
AP L 0.1
2 aL, L,
(—‘_—lﬂ:(c‘c;f-l)lo- +0'77{200f00) (c.c210 | (4-25)

The wet pressure drop across the packed column represents the energy loss due to the
interaction between gas phase and liquid phase. From this pressure drop, one can

determine the interface drag coefficient as follows
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:)
Z Jwer (4-26)

Cop = Lwet
GL IUL"UGI

where |U, — U] is the slip velocity, defined as

IUL"UG|=\RUL_UG)2+(VL‘VG)2+(WL“WG)Z (4-27)
for three-dimensional flow. U, V and W are the three velocity components. In cylindrical
coordinates, as shown in Figure 4.2, U is the axial velocity component in the z-direction,
V is the radial velocity component in the r-direction, and W is circumferential velocity
component in the 0-direction. For the two-dimensional flow, W=0, the slip velocity

reduces to

UL -Ug|=JU. -Us Y+t - Vo ) (4-28)
G and L in the above equations are the superficial gas and liquid flow rates,

respectively. They are related to the gas and liquid interstitial velocities as

G=¢,p:Ys[Uq| (4-29)
L=€ppL7LIUL| (4-30)

|U] is the absolute magnitude of the interstitial velocity, and defined as

[Ul=VU? +V? +W? (4-31)
for three-dimensional flow. For two-dimensional flow, #=0, and Equation (4-31) can be

simplified.
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4.4.2 Body Force B
In addition to the gravitational body force, the increased resistance to flow due to
the presence of the packing particles is also treated as a body force and can be modeled as
follows
B, =p,g+R_-U, (4-32)
where g is the acceleration vector due to gravity, and R is the resistance tensor,
representing the flow resistance offered by the porous medium to the liquid and gas phase
(that is, the liquid-solid and gas-solid interactions).
From Darcy’s theory
U,=-R_"-Vp (4-33)
where R, is the inverse tensor of R, and is related to the permeability of the porous
medium. Vp is the gradient of pressure. Hence it is possible to estimate R, from the
measured pressure drop data.
For the gas phase, the flow resistance offered by the solid packing elements can
be modeled utilizing the dry pressure drop part of the Robbins equation. Rewriting
Equation (4-24) in tensor form with the aid of the Equation (4-29) and substituting the

resulting expression into the Equation (4-33) leads to

2 . F
C,Ef,p(“;‘yéli—l—zjl[—pd— IUGII Jor p < latm
R, = Po | 612 (4-34)
G =
2 1.2 || Fpa
Celplys| == | =2= [p0%%™¢< Ju |1 > latm
] ppGYG[pG]li65.12:lh ]I Gl for p>la

where I is the second order unit tensor.
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For the liquid phase, the well-known Ergun equation can be used to model the
flow resistance term (Ergun, 1952). The Ergun equation accounts for viscous and inertial
resistance losses and relates them to the dynamic variable and the structure of the packed
bed, as characterized by the bed mean void fraction and the equivalent diameter of the
packing particles. For the maldistributed flows, it is necessary to write the Ergun
equation in the vector form. This form has been used by various researchers to study the
flow distribution in the packed bed (Stanek and Szekely, 1972, 1974; Parsons and
Porter, 1992).

gradP +(f, + £,]U])U =0 (4-35)
where

_ 150(-¢, P @-36)

2 2
d‘qe 14

i

_ 1.750-¢, Jo (@37
i d“lep

Here the term f;U represents the viscous resistance and the term f5|U|U represents the

inertial resistance. The equivalent diameter, d,,, of the packing element is defined as

d, = oli-e,) (4-38)
a,

where g, is the total surface area of a packing element per unit volume.

The flow resistance R can then be calculated as

R, =/ +£,|U,I (4-39)

97

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



4.4.3 Dispersion Coefficient I'

Liquid spreading apart from a vertical flow in packed columns is due in part to
spatial variation in flow resistance. This implies that if a certain flow channel formed
within a packed bed offers less resistance to flow than other channels of equal cross
sectional area, liquid will tend to move towards this channel, where the flow resistance is
lower, thus causing a higher liquid holdup (or volume fraction) in this channel. Spatial
variation of the flow resistance is generated mainly from two sources: the spatial
variation of void fraction, and the non-uniform liquid distribution. The main cause of
void fraction variation in a randomly packed column is the wall effect. In the wall region,
the void fraction is generally higher than that in the bulk region. The non-uniform liquid
distribution can be formed, even in a homogeneous bed, if the fluid passing through the
system is introduced in a form of a non-uniform initial distribution such as shortage of
liquid near the column wall, discontinuties or zonal flow, caused by malperformance of a
liquid distributor.

In this study, the dispersion coefficient for volume fraction is assumed to be
linearly proportional to the negative gradient of the resistance along the direction of
liquid main flow (i.e., the axial direction of the packed column). Mathematically, this
relation can be expressed as

I =—K_VR, (4-40)
where K, is a proportionality constant and can be determined by fitting experimental

data.
The liquid flow resistance offered by the packing elements along the direction of

main flow is given by Equation (4-35). This equation relates the pressure drop to two
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terms, the viscous resistance and inertial resistance. Normally the inertial component
provides the major resistance to flow in the packed columns under the normal operating

conditions. Thus, taking the inertial term of the Ergun equation as R_ and differentiating

it, results in
U? l-€ )pU
'=1.75K, P - Vep —3.5KC—(—”)p——-VU (4-41)
deqep“ 8p deq

The first term on the right side of Equation (4-41) represents the effect of the bed
structure ( i.e., the spatial void fraction variation ) on liquid spreading, and the second
term implies the fact that even for homogeneous packed beds the liquid spreading can
occur if the liquid distribution is non-uniform.

Another important cause for the liquid spreading is the unstable turbulent flow
encountered under the normal operating conditions in packed columns. The momentum
exchange between the fluid elements in turbulent flow can be expected to be much
greater than that in laminar flow. In order to account for this effect, an additional term,

I7, 1s introduced to the right side of Equation (4-41). I, represents the turbulent

dispersion coefficient and can be calculated based on the eddy viscosity hypothesis as

r, =HC (4-42)
6 4

where 11, is the turbulent viscosity of the liquid phase and o, if the turbulent Prandtl

number (AEA Technology plc, 1997).
The spreading of gas is a much faster process than that of liquid. This has been
substantiated experimentally by Kouri and Sohlo (1987, 1996), Stikkelman and

Wesselingh (1987), Stikkelman et al. (1989), Stoter et al. (1992), and Suess (1992). One
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may conclude based on these experimental results that under normal operating conditions
(i-e., in the preloading region), the gas flow pattern and its spreading mainly depend upon
the liquid flow behavior. On the other hand, compared with the liquid phase, the
turbulence intensity is much higher in the gas phase due to its lower viscosity. Thus one
may assume that the spreading of gas phase is dominated by the turbulent dispersion. The

turbulent dispersion coefficient of gas phase is defined in the same manner as Equation

(4-42), except ., represents the gas turbulent viscosity.

4.4.4 Void Fraction Variation in Radial Direction

Due to the presence of the column wall, the void fraction in the near wall region is
greater than that in the bulk region, thus leading to a non-uniform distribution in the
radial direction. Void fraction radial variation is one of the most important characteristics
of randomly packed columns because this renders the non-uniform flow resistance on
fluids passing through the columns. The literature abounds with studies on the void
fraction distribution for spheres, cylindrical particles, and Berl saddles (Roblee et al.,
1958; Benenati and Brosilow, 1962; Beavers et al., 1973; Dixon, et al., 1984; Govindaro
and Froment, 1986; Dixon, 1988; Kufner and Hofmann, 1990; Foumeny and Roshani,
1991; Zou and Yu, 1996). The experimental data generally show that the most significant
variation in the void fraction occurs in the region near the column wall. Especially for the
packings of highly irregular shapes such as Berl saddles the void fraction increases
regularly from the mean void fraction at about 1 particle diameter from the wall to unity

at the wall (Roblee et al., 1958).
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For modern, commercially important packings such as Pall rings, Hiflow rings
and Intalox saddles, the studies on the radial void fraction distribution seem to be very
limited. A recent experimental study by Toye et al. (1998) using a 0.6 m diameter column
packed with 44 mm Cascade Mini-Ring 1A packing reported a radial void fraction profile
quite similar to that of Berl saddles (Roblee et al., 1958). Note, modem packings
normally have a very complex structure and irregular shape. These structural
characteristics are especially significant, because they contribute to the collection of
liquid in the wall region and lead to the so-called large scale liquid maldistribution. For
modeling the void fraction variation in the radial direction for packed beds of spheres,
Vortmeyer and Schuster (1983) used an exponentially decaying function. The similar
form was used in this study to represent the void fraction variation for packed beds of

Pall rings

14

e, =1-(-¢, l—exp[—Z[Rd—r‘]} (4-43)
where R is the radius of the packed column, d, is the nominal diameter of packing
particles and €, is the bulk void fraction. For 25.4 mm stainless steel Pall rings, €,,=0.94
(Kister, 1992).

The radial void fraction profile for the 25.4 mm stainless steel Pall rings predicted
by Equation (4-43) is shown in Figure 4.3. From this figure, it can be seen that the void
fraction variation is mainly confined to within one packing element diameter from the

wall and in the bulk region the void fraction is almost constant. This is in agreement with

the experimental findings of Roblee et al. (1958) and Toye et al. (1998).
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4.4.5 Turbulence Model

Modem random packings have some common features, such as complex
geometric structure, large specific area and high void fraction (generally, larger than 0.9).
These characteristics not only ensure a large gas-liquid contact area but also intensify the
two phase mixing due to the continually changed flow direction and interruption of the
fluids over the packing surface. For the flow through a packed column, the Reynolds

number can be calculated as (Billet, 1995)

Re, = (4-44)
apu[.
G
Re, = (4-45)
ap“!G

Based on numerous experimental measurements on some 50 different types of
packings, Billet (1995) found that the critical Reynolds number for the flow region
transition from laminar to turbulent is about 10. In this study, the Reynolds numbers for
most of cases were normally much greater than that value, i.e. the flows were in the
turbulent region. Since the high capacity operation is the main objective in the design and

operation of packed columns, the condition of Re,_ <10 is rarely encountered in

practice.

Turbulent flows are extremely complex, time dependent flows. The traditional
method to model turbulent flow is to separate the flow variables into their mean and
fluctuating parts. The mean value can be calculated from the time-averaged Navier-
Stokes equations. These time-averaged equations have the same form as the governing

equations for laminar flow, but with some extra terms, which are solely functions of the
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fluctuating quantities, such as the so-called Reynolds stresses or Reynolds flux. Hence,
turbulence models provide a means for computing Reynolds stresses or Reynolds flux.
There are mainly two types of turbulence models: eddy viscosity models (such as &-¢€
model ) and second order closure models (such as differential stress model (DSM) and
algebraic stress model (ASM)) (AEA Technology plc, 1997). While eddy viscosity
models model the Reynolds stresses or Reynolds flux algebraically in terms of known
mean quantities, the second order closure models solve differential transport equations
for the turbulent flux. Among these models, the - € model is generally believed to be the
simplest model to give useful predictions of the general turbulent flows (Hamill, 1996).
For most engineering problems, the k-&€ model has been used with significant success
(Patankar, 1981; Taulbee, 1989).
The k-€¢ model uses an eddy viscosity hypothesis for the turbulence. In this
model, the effective viscosity is defined as
Hew = Mg + U7 (4-46)

where 1 is the molecular viscosity. piris the turbulent viscosity and can be calculated as

kz
Hrg = Cu Pa e_u_ (4‘47)

a
where C, is an empirical constant, £ is the turbulence kinetic energy and € is the

turbulence dissipation rate.

The transport equations for the turbulence kinetic energy k& and turbulence
dissipation rate € have the same form as the generic advection-diffusion equation and can
be solved along with the momentum equations. The effective viscosity required in the

momentum equations can then be determined from Equations (4-46) and (4-47).
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The modeling of turbulent features in multiphase flow is not as well developed.
The applicability of the k-€ model for incompressible turbulent flow in porous media has
been examined by Antohe and Lage (1997). For high void fraction packings, such as

those found in packed columns, the study was inconclusive.

4.5 Boundary Conditions

The flow computational domain is isolated from its surroundings through the
definition of the boundaries. The boundary conditions are information specified on
boundary surface. There are several different boundaries such as flow boundary, wall
boundary, and symmetry boundary that must be considered. The flow boundary is such a
boundary that it is used to define the conditions at the entrance and/or exit of the flow
domain. At the inlet of the flow domain, the flow boundary is known as the inlet
boundary, and at the outlet (exit) of the flow domain, mass flow boundary can be used.
For countercurrent multi-phase flow, it is possible to have flows that enter and leave the
same flow boundary simultaneously. Therefore special treatment is required at these

boundaries.

4.5.1 Inlet Boundary Condition

An inlet boundary is mathematically referred to as Dirichlet boundary. The reason
to choose this boundary in this study is because it is easy to define different liquid inlet
profiles. At this boundary all the variables (such as velocity, volume fraction, mass
fraction, etc.) must be specified. However, for incompressible flow, the specified inlet

pressure value will not be used, its value will be extrapolated from downstream. At the
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inlet boundary, both inlet flow and outlet flow can be defined. For the inlet flow, a
positive value should be specified for the velocity, and for the outlet flow, a negative
value should be assigned to the velocity component perpendicular to the inlet. This way
the outlet flow is defined to have a direction that is pointing away from the computational
domain. For turbulent flow, the inlet boundary conditions also need to be specified for the
turbulence quantities. When using the two-equation &-€ model, the inlet values for k and €

can be calculated based on the mean flow characteristics (AEA Technology plc, 1997).

Kint = € pthim (4-48)
ki
g€, = —2& (4-49)
Cp2 Dy

where ¢,; and ¢, are empirical constants and was set to ¢,;=0.002 and ¢,>=0.3. u;y is the

mean inlet velocity. Dy is the hydraulic diameter, given by

D, = (4-50)

where Ay is the cross sectional area available for flow and P, is the wetted perimeter of
the flow domain, respectively. For the flow through porous media, the hydraulic diameter
can be related to void fraction €, and wetted surface area a, per unit volume of the bed as

(Bird et al., 1960)

D, =—2 (4-51)

The detailed specifications of inlet boundary conditions used in the simulations are given

in Section 4.5.3.
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4.5.2 Mass Flow Boundary

Mass flow boundaries are used to specify the inflow and outflow boundaries
where the total mass flow rate into or out of the domain is known, but the detailed
velocity profile is not. At mass flow boundary Neumann boundary conditions are
imposed on all transported variables, that is, the variable gradients are specified, rather
than their values. It is assumed that at the mass flow boundary, the flow is fully
developed. If the flow goes into the flow domain at the mass flow boundary instead of
going out, it is necessary to specify Dirichlet boundary conditions to certain variables
such as mass fractions, while other variables are still specified using Neumann
conditions. Section 4.5.3 gives examples that show how to define the mass flow boundary

conditions.

4.5.3 Examples of Boundary Condition Specifications

In packed column operation, the liquid is introduced at the top of the column via a
liquid distributor while the gas is fed into the column at the bottom. Hence the inlet
conditions for both the liquid and gas are usually known from the process operating
conditions. Figure 4.4 shows the sketch of the computational domain and identifies the
boundaries used in the simulations. To predict the flow fields of liquid phase and gas
phase within the flow domain, four different boundary conditions are specified, that is, at
the top, bottom, wall and the axis of the packed bed. For a typical simulation with the

liquid flow rate L and gas flow rate G, the boundary conditions are specified as follows:
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(1) At the top of the column, the ‘inlet’ boundary is specified. At this boundary the
appropriate values for velocity components, volume fractions, turbulence quantities, etc.
must be specified for both the liquid phase and gas phase. For the liquid phase, the flow

enters the flow domain, and the velocity components are specified as follows:

U, = L; V=0; W;=0. For the gas phase, the flow leaves the flow domain, the z-
PLY.E P
. ) . ) G
component of velocity must be assign a negative value, that is, U = —;—'-Y—E—; Ve=0;
GiG*p

Ws=0. The inlet volume fraction of liquid is difficult to specify since there is no
measured value available. However, it can be estimated from the liquid holdup based on

the liquid flow rate as follows (Kister, 1992)

1
6
po=23188 By G o ps (4-52)
€ p Per
y, =2 @-53)
SP
where u, 1s the liquid superficial velocity.
The volume fraction of gas phase can then be determined as
Yo =1-Y, (4-54)

The values of turbulence kinetic energy k& and turbulence dissipation rate € can be

calculated from Equations (4-48) and (4-49).

(2) At the bottom of the column, the mass flow boundary is used to specify the total mass

flow rates of both the liquid and gas phases. For the liquid phase, the positive value is
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assigned to indicate that it leaves the flow domain, that is, m;=LxA. For the gas phase,
the negative value is used to indicate that it enters the flow domain, that is, mg=-GxA.
The Neumann boundary conditions are used for all other variables in both the liquid

phase and the gas phase.

(3) At the column wall, the ‘non-slip’ boundary condition is specified to the velocities of
both the liquid phase and the gas phase. For other variables, such as volume fractions,
and mass fractions, no flux conditions are specified. Turbulence kinetic energy and

turbulence dissipation rate are calculated using the logarithmic wall functions.

(4) At the column axis all variables are mathematically symmetric and no diffusion
occurs across this boundary for two-dimensional simulation. Therefore, an axisymmetry

boundary condition is imposed on all variables at the column axis (=0).

4.6 Numerical Methodology

First the computational domain of interest is divided into a number of control
volumes, also called computational cells. For two-phase flow through the cylindrical
packed columns, the most significant variations in the flow field are expected to appear in
the top region, bottom region and wall region of the packed column. In these regions,
sufficiently fine grids should be utilized to give an accurate prediction. In this study a
geometric progression (G.P.) was used to generate a grid structure in the radial direction
with the smallest cell size of about 1/8 of a packing diameter being adjacent to the

column wall. In the axial direction a symmetric geometric progression (SYM G.P.) was
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used to generate a grid structure in which the smallest cell size was about 1/2 a packing
diameter in the top and the bottom of the packed column.

Since the liquid is often introduced into the column with radial symmetry, it can
be assumed that the flow in the column is two-dimensional. To test the validity of this
assumption, some three-dimensional simulations have also been carried out. For two-
dimensional simulations, there is only one grid cell needed in the circumferential
direction. The computational grid used with a resolution of 80 (axial)x25 (radial) is
shown in Figure 4.5. The result for the grid independent study is shown in Figure 4.6.

The governing equations are solved numerically by means of a finite volume
method, using the CFD package CFX 4.2. The variables needed to be calculated were the
velocity components (U, V, W), pressure (p), turbulence kinetic energy (k), turbulence
energy dissipation rate (¢) (if it is turbulent flow), volume fractions (Y., Y¢) (if it is multi-
phase flow), and mass fractions (if it is multi-component flow). The govemning equations
relating these variables are of the following general form (AEA Technology plc, 1997)

Convection — Diffusion = Sources — Sinks 4-5%5)

Each equation is integrated over each control volume (computational cell) to
obtain a linearised discrete equation that connects the variable at the center of the control
volume with its neighbors. Each linearised equation can thus be regarded as belonging to
a particular variable and to a particular control volume.

The convection terms in the governing equations are discretised using a hybrid
differencing method and all other terms are discretised using second-order central
differencing scheme. Hybrid differencing is a modification of the upwind differencing. In

this scheme, the central differencing is used if the mesh Peclet number is less that 2, and
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upwind differencing is used if the mesh Peclet number is greater than 2, but ignoring
diffusion. The name hybrid is indicative of a combination of the upwind scheme and
central difference scheme. The hybrid scheme is still first-order accurate, but is slightly
better than the upwind scheme.

The well-known SIMPLEC algorithm (Van Doormal and Raithby, 1984) is

employed to solve the pressure-velocity coupling in the momentum equations.

4.7 Summary

The model for describing the liquid volume fraction dispersion coefficient was
developed based on the non-uniform distribution of liquid flow resistance. The closure
models for modeling the hydrodynamics in randomly packed columns, the boundary

conditions and the numerical methodology used in the simulation were presented and

discussed.
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4.8 Nomenclature

A Cross Sectional Area of Column, m’

A¢ Cross Sectional Area Available for Flow, m*

a, Total Surface Area of Packings Per Unit Volume, m™

B Body Force, N m™

C Inter-Phase Drag Coefficient
C Constants in Robbins’s Correlation
Cs Constants in Robbins’s Correlation
Cpt Parameter in Equation (4-48)

Cp2 Parameter in Equation (4-49)
Cu Parameter in Equation (4-47)
Dy Hydraulic Diameter, m

deq Equivalent Diameter of Packing, m

d, Nominal Diameter of Packing, m
F Interface Drag Force, N m™
fy Defined in Equation (4-36)
f; Defined in Equation (4-37)

Fpd Packing Factor, m™

G Gas Superficial Flow Rate per Unit Cross sectional Area, kg m?s

Gy Gas Loading Factor, kg m™ s™

2

g Gravitational Vector, m s™

h Holdup

I Second Order Unit Tensor

k Turbulence Kinetic Energy, m’s™

K. Parameter in Equation (4-40), m’ s

L Liquid Superficial Flow Rate per Unit Cross sectional Area, kg m?s’
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L¢ Liquid Loading Factor, kgm?s™

m Flow Rate, kg s™

P Pressure, Pa

P. Wetted Perimeter of the Flow Domain, m
Ap  Pressure drop, Pam™

R Resistance Tensor, kg m” s™

R Radius of the Column, m

R, Axial Resistance Component, N m

Re Reynolds Number

Re.;  Critical Reynolds Number

r Radial Coordinate, m
t Time, s
U Interstitial Velocity Vector, m s

U Interstitial Axial Velocity, ms™

u Liquid Superficial Velocity, ms™

U Liquid Intrinsic Phase Averaged Velocity, m s
\Y Interstitial Radial Velocity, m s, or Volume, m’

W Interstitial Angular Velocity, m s™

z Packed Bed Height, m

Greek Symbols

a Parameter in Equation (4-19)

., Parameter in Equation (4-19)

€ Turbulence Dissipation Rate, m* s>
& Void Fraction or Porosity
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Y Volume Fraction

u Viscosity, kg m™ s™

Ue Effective Viscosity, kgm™ s

o] Density, kg m™

r Dispersion Coefficient for Volume Fraction, kg m™ s’
Y Ratio of Water density to Liquid Density

[} Volume Averaged Variable

o Point Variable

Oc Intrinsic Phase Averaged Variable

G, Turbulent Prandt! Number

0 Angular Coordinate
Subscripts

0 Void Space

b Bulk Region of Packed Bed

G Gas Phase

inl Inlet

L Liquid Phase

1 Local

S Solid Phase

T Turbulent Flow
z Outlet

a Phase Index

113

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



4.9 References

AEA Technology plc, (1997) CFX-4.2: Solver. Oxfordshire OXI11 ORA, United
Kingdom.

Antohe, B. V. and Lage, J. L., (1997) A General Two-Equation Macroscopic Turbulence
Model for Incompressible Flow in Porous Media. Int. J. Heat Mass Transfer. 40,
3013-3024.

Bear, J., (1972) Dynamics of Fluids in Porous Media. Elsevier, New York.

Beavers, G. S., Sparrow, E. M. and Rodenz, D. E., (1973) Influence of Bed Size on the
Flow Characteristics and Porosity of Randomly Packed Beds of Sphere. Trans.
ASME. J. App. Mech. 40, 655-660.

Benenati, R. F. and Brosilow, C. B., (1962) Void Fraction Distribution in Beds of
Spheres. AIChE J. 8, 359-361.

Billet, R., (1995) Packed Towers in Processing and Environmental Technology, VCH
Publishers, Weinheim, Germany.

Bird, R. B., Stewart, W. E., and Lightfoot E. N., (1960) Transport Phenomena. John
Wiley & Sons, Inc.

Dixon, A. G., (1988) Correlations for Wall and Particle Shape Effects on Fixed Bed Bulk
Voidage. Can. J. Chem. Eng. 66, 705-708.

Dixon, A. G., DiCostanzo, M. A. and Soucy, B. A., (1984) Fluid-Phase Radial Transport
in Packed Beds of Low Tube-to-Particle Diameter Ratio. Int. J. Heat Mass Transfer.
27, 1701-1713.

Ergun, S., (1952) Fluid Flow through Packed Columns. Chem. Eng. Prog. 48, 89-94.

Foumeny, E. A. and Roshani, S., (1991) Mean Voidage of Packed Beds of Cylindrical

Particles. Chem. Eng. Sci. 46, 2363-2363.

114

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



Govindaro, V. M. H. and Froment, G. F., (1986) Voidage Profiles in Packed Bed of
Sphere. Chem. Eng. Sci. 41, 533-539.

Hamill N., (1996) CFD Comes of Age in the CPI. Chem. Eng. Dec., 68-72.

Kister, H. Z., (1992) Distillation Design, McGraw-Hill, New York.

Kouri, R. J. and Sohlo, J., (1987) Liquid and Gas Flow Patterns in Random and
Structured Packings. I. Chem. E. Symp. Ser. No. 104, B193-B211.

Kouri, R. J. and Sohlo, J., (1996) Liquid and Gas Flow Patterns in Random Packings.
Chem. Eng. J. 61, 95-10

Kufner, K. and Hofmann, H., (1990) Implementation of Radial Porosity and Velocity
Distribution in a Reactor Model for Heterogeneous Catalytic Gas Phase Reactions
(TORUS-MODEL). Chem. Eng. Sci. 45, 2141-2146.

Leva, M., (1954) Flow Through Irrigated Dumped Packings: Pressure Drop, Loading,
Flooding. Chem. Eng. Prog. Symp. Ser. 50, Nov., 51-62.

Leva, M., (1992) Reconsider Packed-Tower Pressure-Drop Correlations. Chem. Eng.
Prog. 65, 65-72.

Liu, S. J. and Masliyah, J. H.,, (1996) Single Fluid Flow in Porous Media. Chem. Eng.
Comm. 148-150, 653-732.

Olyjic, Z. and de Graauw J., (1989) Appearance of Maldistribution in Distillation
Columns Equipped with High Performance Packings. Chem. Biochem. Eng. Q3 (4),
181-196.

Parsons, I. M. and Porter, K. E., (1992) Gas Flow Patterns in Packed Beds: A
Computational Fluid Dynamics Model for Wholly Packed Domains. Gas Separation

& Purification. 6, 221-227,

115

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



Patankar, S. V., (1981) Numerical Heat Mass Transfer and Fluid Flow. McGraw-Hill
Co., New York.

Robbins, L. A., (1991) Improve Pressure-Drop Prediction with a New Correlation. Chem.
Eng. Prog. 87, 87-91.

Roblee, L. H. S., Baird, R. M. and Tierney, J. M., (1958) Radial Porosity Variations in
Packed Beds. AIChE J. 4, 460-464.

Slattery, J. C.. (1969) Single-Phase Flow through Porous Media. 4/CHE J., 18, 866-872.

Stanek, V. and Szekely, J., (1972) The Effect of Non-Uniform Porosity in Causing Flow
Maldistributions in Isothermal Packed Beds. Can. J. Chem. Eng. 50, 9-14.

Stanek, V. and Szekely, J., (1974) Three-Dimensional Flow of Fluids through
Nonuniform Packed Beds. AICHE J. 20, 974-980.

Stikkelman, R. M. and Wesselingh, J. A., (1987) Liquid and Gas Flow Patterns in Packed
Columns. I. Chem. E. Symp. Ser. No. 104, B155-B164.

Stikkelman, R. M., de Graauw, J., Olujic, Z., Teeuw, H. and Wesselingh, J. A., (1989) A
Study of Gas and Liquid Distributions in Structured Packings. Chem. Eng. Technol.
12, 445-449.

Stoter, F., Olujic, Z. and de Graauw, J., (1992) Modelling of Hydraulic and Separation
Performance of Large Diameter Columns Containing Structured Packed. /. Chem. E.
Symp. Ser. No. 128, A201-A210.

Suess, Ph., (1992) Analysis of Gas Entries of Packed Columns for Two Phase Flow. I.
Chem. E. Symp. Ser. No. 128, A369-A383.

Taulbee, D. B., (1989) Engineering Turbulence Models, in Advances in Turbulence, Eds.
W. K. George and R. Amdt, Hemisphere Publishing, NY, 75-125.

116

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



Toye, D., Marchot, M. C., Pelsser, A.-M. and L’Homme, G., (1998) Local Measurements
of Void Fraction and Liquid Holdup in Packed Columns Using X-ray Computed
Tomography. Chem. Eng. and Progressing. 37, 511-520.

Van Doormal, J. P. and Raithby, G. D., (1984) Enhancements of the SIMPLE Method for
Predicting Incompressible Fluid Flows. Numerical Heat Transfer. 7, 147-163.

Vortmeyer, D. and Schuster, J., (1983) Evaluation of Steady Flow Profiles in Rectangular
and Circular Packed Beds by a Variational Method. Chem. Emg .Sci. 38, 1691-1699.

Whitaker, S., (1966) The Equations of Motion in Porous Media. Chem. Eng. Sci. 21, 291-
300.

Zou, R. P. and Yu, A. B,, (1996) Wall Effect on the Packing of Cylindrical Particles.

Chem. Eng. Sci. 51, 1177-1180.

117

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



Figure 4.1. A planar sketch of Representative Elementary Volume,
S-solid phase; L-liquid phase; G-gas phase; V-volume of REV
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Figure 4.2. A cylindrical coordinate system
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Figure 4.3. Void fraction radial variation for 25.4 mm metal Pall
rings as predicted by Equation (4-43).
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Chapter §

HYDRODYNAMICS SIMULATIONS-VERIFICATIONS AND PREDICTIONS

5.1 Introduction

This chapter presents the simulation results based on the models proposed in
Chapter 4. These simulation results will first be compared with the experimental data,

and then the predicted liquid flow distribution will be shown and discussed.

5.2 Simulation Systems and Conditions

To evaluate the models developed in Chapter 4, the simulation results were
compared with the experimental data presented in Chapter 3. Both of the liquid
distributors used in the experiment were simulated in order to test the ability of the
models to capture the liquid spreading characteristics in randomly packed columns. Also,
the simulations were carried out with three different systems, namely, water/air,
Isopar/air, and cyclohexane/n-heptane (C¢/C;). The simulation conditions used for
water/air and Isopar/air systems are summarized in Table 5.1. The simulation conditions

used for C¢/C7 can be found in Chapter 6.

5.3 Simulation Results and Discussion
5.3.1 Comparison of Simulation with Experiment
Figures S.1 to 5.3 show a comparison of predicted liquid velocity profiles with the

experimental data (obtained with the uniform liquid distributor) for three different packed
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bed heights: 0.9 m, 1.8 m, and 3.0 m. The simulation results were generated from the
two-dimensional, axi-symmetric simulations. The system simulated was water/air. In the
simulation a uniform inlet distribution (inlet velocity profile) was assumed for both the
liquid phase and gas phase. In these figures, the liquid relative velocity as defined in
Chapter 3 is plotted against the radial position. It can be seen that the predicted velocity
profiles match the experimental data quite well for all three bed heights. These simulation
results were obtained using K.=2.9x 10° and 6=0.01. These two parameters were
introduced in the modeling of the dispersion coefficient for volume fraction (see
Equations (4-41) and (4-42)). These values of K.=2.9x 10~ and 6,=0.01 were determined
by minimizing the deviations between the predicted and measured liquid velocity profiles
at different bed heights. The magnitudes of K. and o, affect the liquid spreading rate. If
K. is too large and o, is too small, the predicted liquid wall will be greater than the
measured wall flow. On the contrary, if K. is too small and o, is too large, the predicted
liquid wall will be smaller than the measured wall flow.

As demonstrated in Chapter 3, the design of liquid distributor is very important
for the liquid distribution in packed columns. In the simulation, different liquid
distributor designs can be simulated by specifying different liquid inlet distributions at
the inlet boundary of the flow domain. For the center inlet liquid distributor used in the
experiments, the liquid inlet distribution can be specified as follows: for the center inlet
region, which occupied 43% of the column cross section, the liquid inlet velocity and
volume fraction was calculated from the known liquid flow rate; for the remainder of the
column cross section, a zero value was assigned to the liquid inlet velocity to ensure that

there would be no liquid entering the flow domain through this region.
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Figures 5.4 to 5.6 present the simulation results based on the liquid inlet
distribution as described above for three different packed bed heights. The experimental
data obtained with the center inlet liquid distributor are also given for comparison. Again
it can be seen that there is a good agreement between the predictions and experimental
measurements for all three bed heights. It should be pointed out that these simulation
results were obtained with the same values of K. and &, used for the case of uniform
liquid distributor. This would indicate that these values of K and o, do give a reasonable
account of the liquid spreading when used with the constitutive models proposed in
Chapter 4.

Figure 5.7 shows comparisons of the fully developed liquid distributions for the
two gas flow rates at the packed bed height of 3 m. The experimental data shown in the
figure are based on the water/air system with the uniform liquid distributor. The
prediction shows that the liquid flow profiles are almost identical for the two lower gas
flow rates of G=0.47 kg/m’s and G=1.13 kg/m’s, indicating a weak dependence of the
liquid flow distribution on the gas load in the lower range of gas flow rates. This is
consistent with the published experimental data that state neither liquid holdup nor the
liquid distribution is significantly influenced by the gas flow below the loading point
(Dutkai and Rukenstein, 1970; Hoek et al., 1986; Olujic, Z. and de Graauw J., 1989;
Kister, 1992; and Kouri and Sohlo, 1987, 1996).

The validity of the theoretical models is further evaluated through comparing the
predicted and measured pressure drops at different gas and liquid loadings. The
comparisons are illustrated in Figure 5.8 for two different systems: water/air and

Isopar/air. In this figure, the pressure drop data are plotted as a function of the F-factor,
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which is defined as u;+/p; , where u, is the superficial velocity of gas over the column

cross section. The agreement between the theoretical prediction and experimental data is
excellent for the water/air system. The relatively larger discrepancy for the Isopar/air
system at the higher gas loading is mainly due to the fact that this system has a high
viscosity and hence has a lower loading point. The models tend to under-predict the
pressure drop for the Isopar/air system at higher gas loads, but the difference is within
12%. In general our models can give a reasonably good prediction of pressure drops.

It can be concluded from these simulation results that the theoretical models
developed in this study can capture most of the important flow characteristics related to

the large-scale liquid maldistribution in randomly packed columns.

5.3.2 Liquid Flow Distribution Development

After the liquid is introduced to the top of the packed column, uniformly or non-
uniformly, it will redistribute as it flows downwards through the column due to the
presence of packing. It is of great interest to see how the liquid flow distribution develops
along the packed bed height, thus gaining some insight into the mechanism that
determines the liquid flow distribution. This can be shown best by examining the case
where the liquid was fed into the column only through the central region of the column
cross section. Figure 5.9 shows this situation by plotting the predicted liquid flow
distribution at different packed bed heights with the 43% liquid inlet distribution. In this
figure, u is the liquid local superficial velocity and u,, is the liquid average superficial
velocity over the column cross section. Thus w/u,, is still the liquid relative velocity. The

abscissa r stands for the radial position. From this figure, it can be clearly seen that the
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development of large-scale liquid flow behavior, i.e., the spreading of liquid towards the
non-irrigated zone as well as the build up of liquid on the column wall. At the packed bed
height of 0 m (the top of the packing), there is no liquid introduced into the peripheral
zone (0.196<r<0.3) as shown in Figure 5.9. At the packed bed height of 0.25 m, some
liquid can be seen to appear in the non-irrigated zone due to the liquid radial spreading,
but the liquid still has not reached the column wall. At the packed bed height of 0.5 m,
some liquid already appears on the column wall, and the build up of wall flow has started.
As the liquid continues to flow down the column, more liquid moves towards the column
wall, and liquid flow rate in the irrigated zone is reduced accordingly. This liquid
redistributing process persists throughout the whole length of the packed column. It can
be seen from the figure that even at the packed bed height of 3 m the liquid flow
distribution is still far from fully developed. It is also worth noting that along with the
formation of the liquid wall flow, the zone immediately adjacent to the column wall zone
is relatively short of the liquid. Apparently, the accumulation of liquid along the column
wall proceeds at the expense of taking liquid away from the region immediately adjacent
to the wall region.

A better understanding of the large-scale liquid flow behavior shown in Figure 5.9
can be obtained from Equation (4-41). According to Equation (4-41), liquid spreading
occurs when the liquid distribution is not uniform and there is a void fraction variation in
radial direction. When the liquid is non-uniformly introduced at the top of the packed
column, the liquid spreading initiates immediately from the liquid irrigated zone to the
peripheral non-irrigated zone because a pronounced velocity gradient exists along the

radial direction. Once the liquid moves into the wall region, the increase in the void
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fraction along the radial direction induces further migration of liquid towards the column
wall causing the increased liquid accumulation in the wall region. However, in the central
core region of the packing the spreading rate of liquid appears to be slow because there is
no void fraction variation and the radial velocity gradient is almost negligible in this
region. This also implies that the turbulent dispersion in this region does not make a
significant contribution to the liquid spreading. The simulation results show that the
maximum liquid radial spreading velocity occurs in the region near the top of the column
and its typical maximum value, expressed in terms of the radial interstitial velocity V', is
of the order of 10 mvs.

From the simulation results shown in Figure 5.9, it can be seen that the non-
uniform liquid inlet distribution, in the form of a shortage of liquid near the column wall,
discontinuties or zonal flow caused by the poor design and/or the malperformance of
liquid distributors, can have a serious effect on the liquid distribution in the packing.
Therefore, the quality of the initial liquid distributions can be an important cause for
packing efficiency loss found in practice.

As shown in Figure 5.10, the liquid flow pattern development along the packed
bed height for the uniform inlet distribution is considerably different from that shown in
Figure 5.9 with the 43% liquid inlet distribution. Liquid wall flow starts to build up
immediately after the liquid is introduced into the top of the column. As the liquid flows
downwards, the liquid wall flow continues increasing because of the spreading ability of
liquid in the packed column. The build up of liquid wall flow shows to be a relatively
rapid process, especially in the top part of the column. A relatively stable liquid

distribution across the column cross section is achieved at the packed bed height of about
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2 m, after that height only a small variation in the liquid velocity profile occurs. A similar
variation in the liquid flow pattern with the packed bed height was also reported by Kouri
and Sohlo (1987, 1996) based on their experimental observation. Note, the two
simulations used to provide the data shown in Figures 59 and 5.10 used the same
packing structure and the same gas and liquid flow rates, hence it would be expected that
the fully developed flow patterns would be very similar regardless of the initial
distribution at the top of the packing after enough long bed height. Our simulation results
show that the packed bed height required for the flow to reach a fully developed state
depends strongly on the design of liquid distributors.

The large-scale liquid flow behavior for the case of a uniform liquid inlet
distribution is again dependent on the spreading features of liquid in the packed column.
With the uniform liquid inlet distribution, i.e., the liquid is distributed evenly over the top
layer of packing, the spreading of liquid starts immediately due to the void fraction
variation in the wall region. The relatively lower flow resistance in the wall region causes
more liquid to accumulate on the column wall. However, the build up of wall liquid in
turn yields a reverse velocity gradient and hence induces an adverse driving force that
hinders the liquid from further migration towards the wall region. This implies that the
two effects corresponding to the two terms on the right hand side of Equation (4-41) will
eventually balance each other to bring the flow distribution to the equilibrium (fully
developed state). Hence, as can be seen form Figure 5.10, the speed of the liquid wall
flow rate increase gradually decreases with the packed bed height until a relatively stable

liquid flow pattern is reached at a packed bed height of about 2 m.
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5.3.3 Quantification of Liquid Maldistribution

The liquid flow distributions in randomly packed columns can be further

characterized by a maldistribution factor defined as (Kouri and Sohlo, 1987)

Mf:[Z%(l- u, )] (5-1)

u

av

t

where A, is the area of the i cell perpendicular to the main flow direction of liquid, A4 is
the area of the column cross section, u, is the average liquid superficial velocity over the
area A, and u_, is the superficial liquid velocity based on the column cross sectional
area. Obviously, when the liquid has a uniform distribution over the column cross

section, Mf equals zero. Higher value of Mf means higher degree of liquid

maldistribution.

The calculated maldistribution factors based on the results shown in Figures 5.9
and 5.10 are presented in Figure 5.11. As can be seen, Mf increases with the packed bed
height for the case of uniform inlet distribution and reaches a steady state value of about
0.67. For the 43% liquid inlet distribution, a very rapid decrease in Mf occurs in the
region near the top of the column and at the packed bed height of 1.2 m Mf reaches its
minimum value of 0.54. After that height the build up and development of liquid wall
flow induce a gradual increase in Mf towards a finial steady state value.

The behavior of maldistribution factor for the uniform liquid inlet case can be
explained as follows. At the top of the column, the value of Mf should be zero because
there is no liquid maldistribution there. The increase in Mf along the packed bed height is

due to the increase of the liquid wall flow. It can be seen that the increase of Mf value is
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very fast near the top of the column due to the rapid build up of the liquid wall flow in
that region. Since the liquid flow distribution reaches a fully developed state at the
packed bed height of about 2 m, the value of Mf can be seen to approach a steady state
value after that packed bed height.

For the case of the 43% liquid inlet distribution, the initial Mf value is expected to
be very large because the liquid inlet velocity profile is highly maldistributed. The rapid
decrease in the Mf value with the packed bed height in the top region of the column
means that the large irregularities of the liquid flow distribution caused by the liquid
distributor are smoothed out very quickly. After the packed bed height of 1.2 m, where
the minimum value of M/ happens, the gradual increase in the liquid wall flow causes a

gradual increase of Mf.

5.3.4 The Development of Liquid Wall Flow

Figure 5.12 shows the development of liquid wall flow with packed bed height for
water/air system at two different liquid flow rates. The simulation results shown are for
the case with the uniform liquid inlet distribution. As can be seen in Figure 5.12, an
increase in the liquid flow rate results in a more rapid development of the liquid wall flow
towards a steady state value. Furthermore, the relative liquid wall flow is reduced
somewhat with the increase of the liquid flow rate. For example, for a liquid flow rate of
2.91 kg/m’s, the relative liquid wall flow approaches a steady state value of about 5.1 at a
packed bed height of 2.5 m. However, a steady state relative wall flow of about 4.5 is
attained in a shorter packed bed height of about 1.6 m, at the higher liquid rate of 6.66

kg/m’s. These predicted features are in agreement with the experimental observations and

132

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



published data reported by Templeman and Porter (1965) and Kouri and Sohlo (1996).
These results would indicate that higher liquid flow rates tend to produce a relatively
lower liquid wall flow and reduces the packed bed height required for the liquid to reach
its fully developed state.

Figure 5.13 shows that the physical properties of the liquid phase can have a
significant effect on the value of the liquid wall flow and the packed bed height required
to reach a steady state value. This effect is attributed mainly to the larger difference in
liquid viscosity between water and Isopar. With an increase of the liquid viscosity, the
viscous resistance becomes more important, especially in the radial direction because the
radial velocity component is generally about two orders of magnitude less than that axial
velocity component. Obviously the relatively high radial viscous resistance will reduce
the liquid spreading ability and hence leads to a slower development of liquid wall flow

and a considerable decrease in the steady state value.

5.3.5 Three-Dimensional Simulation

From a practical point of view, uniform initial liquid distribution is virtually
impossible to realize in any experiment, because practical distributors have a specific
number of drip points, which are designed to distribute liquid as uniformly as possible.
To test the validity of the two-dimensional simulations, three-dimensional simulations
were also carried out with a uniform liquid distributor used in this study and a TDP
distributor used in FRI (Shariat and Kunesh, 1995). In the three-dimensional simulations,
the liquid inlet condition was specified in such a way that it exactly simulated the number

of drip points, that is, there was liquid flow under the drip points, and there was no liquid
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flow between the drip points. In the two-dimensional simulation, however, the liquid was

assumed to be distributed uniformly across the column cross section.

The uniform liquid distributor used in this study had 31 drip points (drip point
density=110 points/m?). To simulate the design of this liquid distributor, 31 liquid drip
points were distributed over the top of the bed in terms of their relative locations on the
liquid distributor. The computational domain was divided into 80(axial)x28(radial)x48
(circumferential) control volumes. The diameter of the central drip point was 1/60 m,
which was greater than the true diameter of drip points of the liquid distributor to account
for the splashing of liquid on the top layer of the packing. Although the other holes (drip
points) could not be designed in circular shape due to the size of the computational cell
used, their radial lengths were specified in such a way that their drip areas were exactly

the same as that of the central hole.

The three-dimensional simulation results are presented in Figures 5.14 to 5.17.
The simulation conditions used are the same as those used in the two-dimensional
simulation of the uniform inlet distribution (see Figure 5.10). It can be seen from these
figures, that there exists an inlet region near the top of the packed bed in which the liquid
flow behavior is significantly different from that predicted using the assumption of the
uniform inlet distribution. As can be expected, the liquid velocity profile predicted using
the three-dimensional simulation is irregular. The local high values in the velocity profile
correspond to the drip points of the liquid distributor. As the liquid flows down the
column, these local irregularities smooth out very rapidly, and the liquid streams from the

drip points merge at a very short packed bed height (less than 0.04 m).
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Figure 5.18 shows a comparison of the liquid velocity profiles generated from
three-dimensional simulation (120x50x48) and two-dimensional simulation (120x50)
using the TDP distributor for the C¢/C; system. This distributor had 121 drip points (drip
point density=104 points/mz). As can be seen, the two profiles are already very similar at
a packed bed height of 0.5 m. It may be concluded from the simulation results that the
liquid spreading in the top inlet region of a packed column is a very fast process. In the
inlet region the liquid spreads both radially and circumferentially, which facilitates liquid
to redistribute itself over the column cross section. However, further development of
liquid flow pattern towards fully developed state depends mainly on the liquid spreading

ability in the radial direction.

Generally the time consumed to run a three-dimensional simulation is very long
compared with that required for the two-dimensional simulation. For 1000 iterations, a
three-dimensional simulation needs about 20 hours on an IBM RS/6000 (43P Model
260), however, only about 0.4 hour is required for a two-dimensional simulation on the
same machine. The two-dimensional simulation can be considered as a best comprise
from the computational time required and reasonably good predictions obtained as

presented in the plots

5.4 Conclusions

The validity of theoretical models presented in Chapter 4 is demonstrated by
comparing the predicted liquid flow distributions with the experimental data obtained

from a 0.6 m diameter column packed with 25.4 mm stainless steel Pall rings. The

135

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



simulation results showed that the theoretical models proposed in this study can capture
the important flow characteristics resulting from the large-scale liquid maldistribution in
randomly packed columns.

Simulations were carried out for the water/air and the Isopar/air systems for two
initial liquid distributions. Based on these simulation results it can be concluded that the
liquid spreading ability in a randomly packed column can have a significant effect on the
build up of liquid wall flow and the development of the iiquid flow pattern towards a
fully developed state. The factors affecting the liquid spreading ability are shown to be
the physical properties of liquid phase, radial void fraction variation, and liquid and gas
flow rates. At higher liquid flow rates, the liquid spreading ability is improved and leads
to a more rapid development of liquid wall flow. For a higher viscous liquid such as
[sopar the liquid spreading ability is reduced due to the increase of the viscous resistance.

The large-scale liquid maldistribution caused by the 43% liquid inlet distribution
indicates that the initial liquid distribution is an important factor affecting the
performance of randomly packed columns. Moreover, the three-dimensional simulation
results show that the assumption of the uniform initial liquid distribution (thus permitting
the two-dimensional simulation) is applicable provided that a liquid distributor is

designed with a sufficient high drip point density and the drip points are geometrical

symmetric.

136

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



5.5 Nomenclature

A Cross Sectional Area, m’

F-factor Defined as uG‘/E . (m/s)(kg/m3)05
G Gas Flow Rate, kg m™”s™

H Packed Bed Height, m

K. Parameter in Equation (4-40), m’ s
L Liquid Flow Rate, kg m~s™

Mf Maldistribution Factor

r Radial Coordinate, m

u Superficial Velocity, m s™

\Y Interstitial Velocity, m s™

Greek Symbol

p Density, kg m”

o Turbulent Prandtl Number
Subscript

av Average

G Gas Phase

i Index of Control Volume
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Table 5.1 Detailed Simulation Conditions Used

Column diameter (m) 0.6
Column height (m) 0~3
Packing 25.4 mm S.S. Pall ring
Average void fraction 0.94
Packing factor (1/m) 174
Liquid density (water) (kg/m’) 1000
Liquid density (Isopar) (kg/m’) 788
Liquid viscosity (water) (Pas) 0.001
Liquid viscosity (Isopar) (Pas) 0.00246
Gas density (air) (kg/m’) 1.2
Gas viscosity (air)(Pas) 0.00175
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Figure 5.1. Comparison of liquid flow distribution between
simulation and experiment for the uniform liquid inlet,
water/air system; H= 0.9 m; L=4.78 kg/mzs; G=0.75 kg/mzs.
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Figure 5.2. Comparison of liquid flow distribution between
simulation and experiment for the uniform liquid inlet,
water/air system; H= 1.8 m; L=4.78 kg/m’s; G=0.75 kg/m’s.
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Figure 5.3. Comparison of liquid flow distribution between
simulation and experiment for the uniform liquid inlet,
water/air system; H= 3.0 m; L=4.78 kg/m’s; G=0.75 kg/m’s.
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Figure 5.4. Comparison of liquid flow distribution between
simulation and experiment for the 43% liquid inlet, water/air
system; H= 0.9 m; L=4.78 kg/mzs; G=0.75 kg/mzs.

143

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



4.0
—— Simulation resuits
m Experimentdata
> 30
kT
o
[T
>
g
= 2.0
$ T
o
3
3
o
5 1.0 F
0.0 " - L L - 1
0.00 0.05 0.10 0.15 0.20 0.25 0.30

Radial position (m)

Figure 5.5. Comparison of liquid flow distribution between
simulation and experiment for the 43% liquid inlet, water/air
system; H= 1.8 m; L=4.78 kg/mzs; G=0.75 kg/mzs.
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Figure 5.6. Comparison of liquid flow distribution between
simulation and experiment for the 43% liquid inlet, water/air
system; H= 3.0 m; L=4.78 kg/m’s; G=0.75 kg/m?s.
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Figure 5.7. Comparison of liquid flow distribution at different
gas flow rates for the uniform liquid inlet distribution,
water/air system; H= 3.0 m; L=4.78 kg/mzs.
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Figure 5.8. Comparison of predicted pressure drop with
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(L=4.78 kg/m“s); Liquid inlet distribution: uniform; H=3.0 m.

147

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



5
4 | Packed bed height: 0 m Packed bed height: 1.5 m
33 ¢ 23t
3> 3,
1 1
0 0
0 005 01 015 02 025 03 0 005 01 015 02 025 03
r(m) r(m)
s — - 5
4 Pacmabggﬁegﬁés; 4 | Packed bed height: 20m
3 3
g 2 g 2
0 0
0 005 01 015 02 025 03 0 005 01 015 02 025 03
r(m) r(m)
5 — — 5
4 | Packed bed height: 0.5 m 4 | Packed bed height: 2.5 m
:3 o :3 ]
3, S,
1 e ———— = - 1
0 0
0 005 01 015 02 025 03 0 005 0.1 015 02 025 03
r(m) r(m)
e
4 Pacfr"_d__‘_’ff’f'g_hf_‘i°m 4 | Packed bed height: 3.0 m
:3 .
32
1 Aw
0

0 005 01

015 02 025 03
r(m)

0 005 01 015 02 025 03

r(m)

Figure 5.9. Development of predicted liquid flow patterns
with the 43% liquid inlet distribution; water/air system;
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Figure 5.10. Development of predicted liquid flow patterns
with the uniform liquid inlet distribution; water/air system;
L=4.78 kg/m’s; G=0.75 kg/m’s.
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Figure 5.11. Comparison of liquid maldistribution factors with
different liquid inlet distributions, water/air system; L=4.78
kg/m’s; G=0.75 kg/m’s.
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Figure 5.12. Development of liquid wall flow along the packed
bed height at the gas flow rate of 0.75 kg/m’s for the uniform
liquid inlet distribution.
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Figure 5.13. Development of liquid wall flow along the
packed bed height for water/air and Isopar/air systems with a
uniform liquid inlet distribution, L=4.78 kg/m’s; G=0.75
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Chapter 6

CFD MODELING OF THE MASS TRANSFER PROCESSES

6.1 Introduction

Design, scale-up and performance analysis procedures for packed columns have
been traditionally based on macroscopic mass balances, assuming homogeneous
conditions along the radial direction. Such simple models lead to design procedures based
on the unidirectional variation of concentration in the axial direction and hence to the
concepts of HTU (Height of a Transfer Unit) and NTU (Number of Transfer Units). It is
important to realize that these concepts rely on observations made at the macroscopic (or
equipment) scale, i.e. only inlet and outlet flow rates and concentrations are measured

(Wankat, 1988).

The standard design equation may be written as (Wankat, 1988; Kister, 1992)

Z = HTU x NTU (6-1)

HTU=—9% (6-2)
KGaepMA

NTU = [*—% (6-3)
Yoy * -y

Using macroscopic data and assuming the transfer processes (both flow conditions and
interfacial mass transfer) to be uniform throughout the packed bed, the performance of

the column can be analyzed. The overall mass transfer coefficient K;a, is assumed to be

uniform not only over a given cross sectional area, but also with height of the column.

158

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



The influence of the flow conditions on mass transfer is captured only indirectly through

Ka,. If the flow distributions can not scale up properly with increasing equipment size,
then a corresponding error in K a, will occur. For example, parameters such as

wettability of the packing material and the interfacial system properties (such as surface
tension) do not change with the equipment scale, however, other variables such as gas

and liquid flow distributions in the packing, do change with the scale of the equipment.

Successful design and scale-up of packed columns require a model that captures
the basic transport phenomena on the correct length scale. Concepts based on Height of a
Transfer Unit (HTU) and Number of Transfer Units (NTU) obtained from the inlet and
outlet conditions alone are not adequate for scale-up purposes as both HTU and NTU
depend on the flow conditions and interface transfer taking place at the scale of the
packing but not at the scale of the equipment. The existing design procedures for large
diameter packed columns are uncertain due to lack of the understanding of liquid flow
distribution in such columns (Olujic and de Graauw, 1989; Kister, 1992). Height
Equivalent to a Theoretical Plate (HETP), characterizing the mass transfer efficiency of a
packed column, varies very strongly and erratically with the changes in type and size of
packing, liquid and gas flow conditions and fluid physical properties. The complex
mechanisms that influence HETP have not been modeled in a rigorous way in the first
generation models that assume conditions within a column to be homogeneous in the

radial direction and neglect dispersion in all directions (Kister, 1992).

Chapter 4 has presented the flow distribution models and in Chapter 5 these

models have been verified by comparison with experimental data. The next phase of the
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packed column modeling is to incorporate flow hydrodynamic models into mass transfer
models to simulate and analyze the mass transfer process. Having ability to capture radial
and axial variations in flow and mass transfer conditions, the models will predict the
overall separation efficiency based on the detailed local flow and mass transfer
conditions. As outlined in Chapter 4 for the hydrodynamics simulations, the volume
averaged mass transfer equations also require closure models to describe (a) the inter-
phase mass transfer and (b) the mass dispersion coefficients. The simulation results using
this set of closure models will be compared w1th the published FRI (Fractionation
Research, Inc.) data, which were obtained from a commercial size 1.22 m diameter
column (Shariat and Kunesh, 1995). Since the experiments were conducted with a liquid
distributor of relatively high drip point density (about 104 points/m?), it can be assumed
that the inlet distribution is uniform, thus permitting axisymmetric (or two-dimensional)

simulations.

In this chapter, the necessary models to simulate the mass transfer process are
presented. The reasons for choosing the FRI data to evaluate the simulation are: (1) they
have reported all the necessary information required for the simulation purposes such as
the column height, the column diameter, the packing size, inlet/outlet flow rates and
concentrations; (2) they have reported not only the overall separation efficiency data, but
also the concentration profiles along the packed bed height; and (3) they have reported

data on different packing sizes over a wide range of operating conditions.

* Additional data were obtained through private communication with the authors.
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6.2 Mathematical Models
6.2.1 Transport Equations for Mass Fraction

Transport equations for mass fractions Y, in the general form can be written as

a N i
— Y, )+V- vy, -IL[VY, )= i, a=1----- N
af (Ya pa 1(1) [Ya(pa a‘a a i )] B=§::aﬁ (6-4)

where v is the volume fraction of a certain phase, Y is the mass fraction of the i

component in a particular phase, U is the interstitial velocity, p is the density, N is the

number of phases, N is the number of components in each phase, I is the effective mass
dispersion coefficient, and rix;B is the mass of the i component transferred from phase B
to phase o. per unit time per unit volume. For a fixed phase o, Equation (6-4) includes
N, equations, but only N. -1 equations are independent, since mass fraction Y must

sum to one.

i Y, =1 (6-5)

=l
Equations (6-4) are the general form of the transport equation for the mass fractions
assuming species / is present in all phases. If a particular species is not present in a given

phase, the mass fraction of that particular species is set to zero.

In solving Equations (6-4) for the concentration field, the variables such as
interstitial velocities and volume fractions must be known. These variables can be

determined in the same way as those outlined in Chapter 4.
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6.2.2 The Closure Models
Before the set of partial differential equations describing the concentration fields

for both the vapor and liquid phases can be solved, the following closure models are

required.

6.2.2.1 Inter-Phase Mass Transfer

For binary distillation, both the liquid and vapor phases contain two components,
say, A and B, with 4 being the more volatile component (see Figure 6.1). If phase
equilibrium has not been reached, then mass transfer between liquid and gas phases will
occur. According to the two-film theory, the mass transfer rate of component A can be
calculated by one of the following two equations

i =ka M, (x, -x!) (6-6)
i =kea M, (Vi -, ) (6-7)
where k, and k; are the individual mass transfer coefficients for the liquid and vapor

phases, respectively, a, is the effective interfacial area, M, is the molecular weight of

the more volatile component A, x, and y, are the mole fractions of component A4 in the
liquid and vapor phases, respectively, and x/ and y’ are the interfacial mole fractions of
component A4 in the liquid and vapor phase, respectively. The two-film theory assumes
that there is no mass transfer resistance at the interface and this means that x, and y/

must be in equilibrium which may be described by

7
/ ox

:—-—-—“ 6'8
Ya l+((1-l)xf‘ (6-8)
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where « is the relative volatility.

Since x, +x; =1 and y, +yg =1 for binary systems, the phase equilibrium

relation for component B can be readily obtained

L,

Yy = (6-9)
1+ —-1 !
(a1
where y, and x, are the interfacial mole fractions of component B in the vapor and

liquid phases, respectively.

Combining Equations (6-6), (6-7) and (6-8) results in (Appendix B)

a-1__(ap, [y -a (a—l)r,,H].,.
mi- T+ - e+~ -1k, +1},}=0
kLkG (aeMA )2 ( LG). [ kLa,_,MA kGaeMA LG 4 A 4 }

(6-10)
Equation (6-10) indicates that the local mass transfer rate ;. is related to the local

concentrations x4 and y,, individual mass transfer coefficients k; and kg, and the

interfacial mass transfer area a..

There are several correlations available in the literature that can be used to predict
the mass transfer coefficients for random packings (Wagner et al. 1997; Kister, 1992).
From preliminary studies, it was found that Onda’s formulas provided the most
reasonable results in terms of separation efficiency compared with the experimental data
from FRI (Appendix C), therefore, Onda’s formulas (1968a, b) were used in the
simulation.

The k; and kg are calculated as (Onda et al., 1968 a,b)
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1

Wi

i
u,g P L RE 2
k, =0.0051 a,d, ) 6-11)
£ (PL ](awuz](pLDL) (p i
7 1
G " ug 3 20
k. =k D d |~ 6-12
G p(ap G)[apuc ] (pGDG ] (ap p)- ( )

where £, is the model parameter. According to Onda et al. (1968a,b), the value of the
parameter k, depends on the size of packing. For the ring size greater than 15 mm,
kpy=5.23, otherwise, k,=2.0.

The wetted surface area a,, was calculated by (Onda et al., 1968 a,b)

1 1 1
1o 72 20 2 s
L_|°f L4, L (6-13)
aph; P 8 p.oa,

where o, is the critical surface tension of the packing material. For steel 6.=75.0

dal

. (o}
Lo o l—exp -1.45( ]
a, (o]

dynes/cm (Kister, 1992).
The effective vapor-liquid interfacial mass transfer area was assumed to be equal
to the wetted area in Onda’s correlations (Onda et al., 1968 a,b)

a, =a,

(6-14)
In Equations (6-4) the transport variables for mass are mass fractions. However
mole fractions are normally used in mass transfer models. Mole fractions are related to

mass fractions by

X /M,

X, = (6-15)
P XM+ X /My

Y./ M
.= /M,

= (6-16)
YAG/MA +YBG/M8
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where x and y represent mole fractions, and X and Y stand for the mass fractions.

6.2.2.2 Dispersion Coefficient

Mass dispersion tends to reduce the mass transfer driving force, thus having an
adverse effect on the separation efficiency. Its effect can be taken into account through
proper specification of the mass dispersion coefficients in the mass transfer equations.
For the ring type of packing, the mass dispersion in the liquid phase and vapor phase can

be modeled as (Wang et al., 1985; Zuiderweg and Nutter, 1992)

d -0.867
Pe, = 5.337x107* Re%*™ Regm( D—] (6-17)
u
Pe; = —— (6-18)
¢ 224, +ug
where 4, is the equivalent diameter of the packed column and defined as
4€P
d, = (6-19)
aP
and Re; and Reg are defined in terms of d,
Re, = a.L (6-20)
K
Re; = 4G (6-21)
He

The dispersion coefficients for liquid phase and vapor phase can then be calculated as

r, = 2uide (6-22)
Pe,
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- pGqup

Peg (6-23)

6.2.3 Determination of Mass Transfer Efficiency

There are two conventional models used for mass transfer rate analysis in
randomly packed columns. The HETP model, which treats a packed column as a series of
theoretical stages, is based on the equilibrium-stage concept. Although the HETP concept
is widely used for packed distillation column design, it lacks the fundamental mechanism
involved in the mass transfer occurring in a packed column. The HTU model, on the
other hand, is more physically sound because it is based on the mass transfer rate between
the liquid and vapor phases.

In the HTU model, the packing height can be calculated as Z = HTU x NTU .
From the simulation, detailed information about the flow distribution and mass
concentration distribution within the packed column is available, therefore the local

Height of a Transfer Unit (HTU) and Number of Transfer Units (NTU) can be calculated

as follows
Nog = ‘dy (6-29)
vy Y4 ~XYa
and
AZ
Hyp =—— (6-25)
: N(X;I

where Hog and Nog are the height of an overall vapor phase transfer unit and the number

of overall vapor phase transfer units, respectively. Similarly other local quantities such as
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local individual film transfer units H;, and Ng can be defined. The relationship between

the local overall height of a transfer unit and the local individual film transfer unit is

given by

G
Hy, =Hg +m,L—'HL, (6-26)

!

The local HETP at a point can be determined from the local Hog
HETP, = H : (6-27)

In the above discussion, m, is the local slope of the equilibrium line, defined as

o

™= [l+(a—l)‘,4]2

(6-28)

6.3 Overview of CFD Based Models

In order to predict the mass transfer efficiency of a packed column, the detailed
velocity distribution and concentration distribution are required. These distributions can
be determined by CFD based models (the concentration distribution can be determined by
Equations (6-4) and the results will be shown in the later sections). Figure 6.2 shows the
block flow diagram of CFD based models developed for the simulation of hydrodynamics
and mass transfer in packed columns. The inputs to the models are the details of the
geometry of the process equipment and the system’s physical properties such as density,
viscosity, diffusivity and surface tension. The outputs from the models are detailed

information on the velocity, volume fraction, pressure and concentration profiles at every
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point within the geometry. Therefore, the CFD based models can be used to generate all
the necessary information for the design and performance analysis of packed distillation

columns.

6.4 Boundary Conditions

The boundary conditions for the velocity components and volume fractions were
specified as those discussed in Chapter 4. The specifications of the mass fraction
boundary conditions are as follows
(1) At the top of the column, the appropriate values for the component concentrations

must be specified for both liquid and vapor phases;

(2) At the column wall, non-penetration of mass was specified for both liquid and vapor
phases;

(3) At the bottom of the column, the Neumann boundary condition was specified for the
mass fraction of the liquid phase. The Dirichlet boundary condition was specified for
the mass fraction of vapor phase. This means that a specific value must be assigned to
the mass fraction of the vapor phase;

(4) At the column axis, axisymmetry was specified for the mass fraction of both liquid

and vapor phases.

6.5 Simulation Results and Discussion

The model was evaluated against the FRI data (Shariat and Kunesh, 1995). FRI
conducted the distillation tests using the cyclohexane/n-heptane (C¢/C;) system at total

reflux and at two different operating pressures (33.3 and 165.5 kPa). The physical
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properties of the system at these conditions are listed in Table 6.1. The test column,
which was of a commercial size, had a diameter of 1.22 m and a height of 3.66 m. The
packing used was 15.9 mm, 25.4 mm, and 50.8 mm metal Pall rings. Their characteristics
can be found in Table 6.2. In the experiments, samples were withdrawn every 610 mm
from the bed and the separation efficiency (HETP) was determined from the composition
profiles using the Fenske equation (Shariat and Kunesh, 1995). The detailed description
of the experimental set-up and operating procedures of the FRI unit can be found in the
papers by Silvey and Keller (1966) and Shariat and Kunesh (1995). The simulations were
carried out with all three sizes of Pall rings (15.9 mm, 25.4 mm, and 50.8 mm) over a
wide range of operating conditions. The model has also been tested under operating
pressures of 33.3 kPa and 165.5 kPa. For the two-dimensional simulation, the

computational domain was divided into 120(axial)x50(radial) control volumes.

HETP is one of the most often used measures to characterize the separation
efficiency of a packed column. The success of any hydrodynamics and mass transfer
model relies on its ability to predict HETP accurately. Figure 6.3 shows the comparisons
between the measured HETPs with the average HETPs determined from the simulation at
an operating pressure of 165.5 kPa and a packed height of 3.66 m for the 15.9 mm, 25.4
mm, and 50.8 mm Pall rings, respectively. In developing their correlation for kg, Onda et
al. (1968, a, b) employed the experimental data for the packings with sizes greater than
25.4 mm and less than 15 mm. There was no data for the packings with sizes in the range
of 15 mm to 25.4 mm. Since 15.9 mm is closer to |5 mm than to 25.4 mm, it is

reasonable to use 2.0 for the value of &, instead of 5.23. Thus, the k, value in Equation (6-
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12) was taken as 5.23 for the 25.4 mm and 50.8 mm Pall rings, and 2.0 for the 15.9 mm

Pall rings.

In Figure 6.3, HETP data are plotted as a function of the F-factor. From this
figure, it can be clearly seen that the simulation can predict the separation efficiency quite
well over the range of operating conditions for all three sizes of Pall rings (average
relative error (ARE) between prediction results and experimental data: for 15.9 mm Pall
rings, ARE=6.07%; for 25.4 mm Pall rings, ARE=10.57%; for 50.8 mm Pall rings,
ARE=4.99%). It can be seen that the simulation can track the HETP variation with the

loading, which is one of the most important concerns in mass transfer modeling.

The more detailed comparison between the experimental data and simulation

results is shown in Figures 6.4, 6.5 and 6.6. The composition on the y-axis is plotted as

ln( 1 al )to show the composition ratio variation with the packed bed height. In these
—X

figures, each composition x is an average value based on the detailed flow distribution
over the column cross section at a fixed axial position. Again Figures 6.4, 6.5 and 6.6
show the good agreement between simulation and experimental results. While HETP is a
single scalar measure at an operating condition, the composition profiles show important

internal variations in the column. It is encouraging that both quantities agree well with the

FRI data.

Depending on the separation requirements and system characteristics, packed
distillation columns may operate under pressure or vacuum conditions. In order to
determine the effect of operating pressure on the separation process, FRI ran the column

at two different pressures: 165.5 kPa and 33.5 kPa. In both cases, the column packed
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height was kept the same at 3.66 m. Figure 6.7 shows a comparison between the predicted
HETP and measured HETP at operating pressure of 33.3 kPa for the 25.4 mm Pall rings.
The agreement between simulation and experimental results is again reasonably good
(ARE=7.86%). Comparing the results presented in Figures 6.3 and 6.7, one can see that
with the increase of pressure, the separation efficiency improves for the Ce¢/C7 system
(HETP reduces). This favorable effect at high pressures for the C¢/C; system has also
been reported in the literature (Zuiderweg and Nutter, 1992; Gualito et al., 1997) and can
be explained by the improvement of the mass transfer parameters with increasing
pressure. Table 6.1 shows that the liquid surface tension decreases with the increase of
the operating pressure. A lower surface tension means better wetting of the packing, thus
producing more mass transfer area and therefore higher separation -efficiency.
Furthermore, both the increase in liquid diffusion coefficient and decrease in liquid
viscosity tend to increase the mass transfer coefficient of liquid phase and lead to higher

separation efficiency.

Figure 6.8 shows a comparison between the predicted HETPs from two-
dimensional simulations and one-dimensional models. In the one-dimensional model, the
uniform radial distributions are assumed for both liquid and vapor phases. It can be seen
that the predicted HETPs from one-dimensional models are lower than the measured
HETPs for all the F-factors studied. Therefore, the flow maldistribution must be

considered in order to obtain a better prediction of mass transfer efficiency.
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6.6 Conclusions

The volume averaged momentum and mass transfer equations have been solved to
obtain the detailed velocity and concentration distribution in a randomly packed
distillation column. The effect of bed structure (void fraction variation) on the flow
distribution has been included in the model. Also, the model has taken into account the
dispersion effect in both the liquid and vapor phases. It has been shown through
comparison with the experimental data over a wide range of operating conditions that the

model can predict the mass transfer efficiency quite well.

The simulation was also used to predict the effect of packing size and operating
pressure on separation efficiency. The increase of HETP with the packing size has been
correctly captured by the simulation. For the cyclohexane/n-heptane system, the
experimentally observed positive effect of the operating pressure on separation efficiency

has also been confirmed in this study.

In general the simulation results for HETP and concentration profiles agree well
with the experimental data. This is regarded as an encouraging sign that CFD models can

play a useful role in studying separation processes.
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6.7 Nomenclature
A Component A

a Effective Interfacial Area Per Unit Volume, m™

a, Total Surface Area of Packings Per Unit Volume, m™
. Wetted Surface Area Per Unit Volume, m™

B Component B

D Diffusivity, m s~

D. Diameter of the Packed Column, m

d. Equivalent Diameter of the Packed Column, m

d, Size of Packing, m

Fra Packing factor, m™
G Flow Rate of Gas Per Unit Cross Sectional Area, kg m? s™

Gravitational Constant, m s

1]

HETP Height Equivalent to a Theoretical Plate, m

Hoc  Height of an Overall Vapor Phase Transfer Unit, m
Hg Height of a Vapor Phase Transfer Unit, m

HTU Height of an Overall Vapor Phase Transfer Unit, m

Overall Vapor Phase Mass Transfer Coefficient, kmol s m?Pa™

z

ko Vapor Phase Mass Transfer Coefficient, kmol s* m™
< Liquid Phase Mass Transfer Coefficient, kmol s m™

ky Parameter in Onda’s Formula

L Flow Rate of Liquid Per Unit Cross Sectional Area, kgm? s’
M Molecular Weight, kg kmol™

m Slope of Equilibrium Line

m Mass Transfer Rate, kg s’ m?
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Number of Phases

Number of Components in Each Phase

Ng Number of a Vapor Phase Transfer Units

Nog Number of Overall Vapor Phase Transfer Units

NTU Number of Overall Vapor Phase Transfer Units

p Pressure, Pa

Pe Peclet Number

Re Reynolds Number

r Radial Coordinate, m

t Time, s

U Interstitial Velocity Vector, m s

u Superficial Velocity. m s™

X Mass Fraction of a Component in Liquid Phase

X Mole Fraction of a Component in Liquid Phase

X' Interfacial Mole Fraction of a Component in Liquid Phase
Y Mass Fraction of a Component in Vapor Phase

y Mole Fraction of a Component in Vapor Phase

y' Interfacial Mole Fraction of a Component in Gas Phase
v Equilibrium Mole Fraction of a Component in Gas Phase
Z Packed Bed Height, m

z Axial Coordinate, m

Greek Symbols

(o Relative Volatility, Phase Index

B Phase Index

£ Void Fraction
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r Effective Dispersion Coefficient, kgm™ s’
Y Volume Fraction
o] Surface Tension, N m™

o .  Critical Surface Tension of Packing Materials, N m"

u Viscosity, kgm™ s
P Density, kg m™

5] Angular Coordinate
Subscripts

0 inlet

A Component A

av Average

Component B

G Gas Phase

L Liquid Phase

1 Local

z Outlet

Superscripts

A Component A

i ith Component in a Phase
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Table 6.1 Physical Properties of System Studied

C¢/C7 System P=165.5 kPa P=33.3 kPa
Liquid density (kg/m°) 636.7 713.4
Vapor density (kg/m’) 4.907 1.162
Liquid viscosity (Pas) 0.23E-3 0.44E-3
Vapor viscosity (Pas) 8.5E-6 7.2E-6

Liquid diffusivity (m%s) 6.2E-9 2.7E-9
Vapor diffusivity (m?/s) 2.1E-6 7.6E-6
Surface tension (N/m) 12E-3 20E-3
Relative volativity 1.6 1.9
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Table 6.2 Characteristics of Metal Pall rings

Packing type | Nominal size | Specific area { Void fraction Packing
factor
(mm) (I/m)

(1/m)

15.9 341 0.933 262

Metal Pall ring 254 207 0.940 174

50.8 102 0.951 79
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Figure 6.1. Sketch of a computational domain for a packed
distillation column
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Physical properties Geometrical information
Density: pr pc Column diameter: D
Viscosity: U, U Column height: Z
Diffusivity: D;, D¢ Void fraction: €,

Relative volatility: o Packing factor: Fpy
Surface tension: 6,0, Specific surface area: ap

R R

Flow resistance Dispersion models Mass transfer
models Dispersion models
Ergun equation and coefficient: I';, I Onda correlations:
Robbins equation k., ke a.
CFD model equations
d v _
5(Yapa)+v'(Yaana_ra ’Ya)=0 a=L,G

%(Yapuua )+V'&a [anaUu ~Hea (VUu +(VUu )r]}=7a(8a —Vp)+Fu

3 o
E;(Yupuxa)+v'[ya(pauax'u _raVYia)]= zmuﬁ

B=1p=x

Output from CFD models

Velocity profiles: U (z,r,8), Ug(z,r.0)
Concentration profile: Y,i(z,r,8) Yci(z.r.0)
Volume fraction profile: y,(z.r.0) Ys(z.r.0)
Pressure profile: P(z.r,0)

Figure 6.2. Overview of CFD based models for the simulation of
the separation processes in packed columns
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A Measurement-15.9 mm Pall ring
A Prediction-15.9 mm Pall ring
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Figure 6.3. Comparison of predicted and measured HETP at an
operating pressure of 165.5 kPa.
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—— Simulation results
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Figure 6.4. Comparison of predicted and measured
composition profile of Cg along the bed height at an operating
pressure of 165.5 kPa, F-factor=0.76 (m/s)(kg/m'ﬁ’)o‘5 , 50.8 mm

Pall rings.
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2.5
—— Simulation Results
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Figure 6.5. Comparison of predicted and measured
composition profile of C4 along the bed height at an operating
pressure of 165.5 kPa, F-factor=1.02 (m/s)(kg/m®)*’, 50.8 mm

Pall rings.
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Figure 6.6. Comparison of predicted and measured
composition profile of C¢ along the bed height at an operating
pressure of 165.5 kPa, F-factor=1.52 (m/s)(kg/m*)*°, 50.8 mm

Pall rings.
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Figure 6.7. Comparison of predicted and measured HETP at
the operating pressure of 33.3 kPa, 25.4 mm Pall rings.
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Figure 6.8. Comparison of predicted HETPs from two-
dimensional simulations and one-dimensional models at the
operating pressure of 165.5 kPa, 25.4 mm Pall rings.
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Chapter 7

CONCLUSIONS AND RECOMMENDATIONS

Experimental data for liquid flow distribution in a randomly packed column show
that the liquid velocity profile is not uniform. The main causes of the liquid
maldistribution are non-uniform liquid inlet distribution and the formation of the liquid
wall flow. The formation of the liquid wall flow is one of the most important
characteristics associated with randomly packed columns. If the liquid is uniformly
introduced into the column, the liquid wall flow will build up immediately. If the liquid is
introduced into the central region of the column, the liquid will accumulate on the
column wall but a portion of the packed bed height is required. The e¢xact bed height
required depends on the liquid distributor design, packing size, and operating conditions.

The design of the liquid distributor is very important to insure satisfactory
performance of a packed column. If the liquid is not uniformly distributed over the top
layer of the packing, a portion of packed bed height will remain unwetted and the result is
that a portion of bed height provides little or no mass transfer.

Gas flow rate has a significant effect on the liquid distribution particularly at
higher gas loadings. In the bulk region of the packed bed, the liquid distribution tends to
become flatter with the increase of gas flow rate, however, in the wall region, the liquid

wall flow shows a significantly increase.
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With a increase in the liquid flow rate, the liquid relative wall flow is reduced at
low gas loadings. The packed bed height required for the liguid to reach its fully
developed state is also reduced.

The effect of liquid viscosity on liquid distribution depends on the gas flow rate.
At a low gas flow rate, increased liquid viscosity tends to retard liquid spreading towards
the column wall. However, viscous liquids also have a low loading point, thus
experiencing more strong effect of gas flow at a higher gas loading.

Liquid surface tension shows little or no effect on the liquid distribution in large
diameter packed columns.

The use of CFD based models for flow hydrodynamics and mass transfer in
randomly packed columns have been shown. The spatial variation of void fraction was
included to account for the effect of the bed structure. The models have the ability to
capture the radial and axial variations in flow and mass transfer conditions, thus are a first
significant step forward from one-dimensional models which assume conditions (flow
distribution and concentration distribution) within a column to be uniform in the radial
direction and neglect dispersion in all directions.

The good agreement between the simulation results and experimental data for
liquid flow distribution, pressure drop, concentration profiles, and separation efficiency
(HETP) indicates that the developed models can be used reliably to predict the
hydrodynamic and mass transfer characteristics of gas and liquid two-phase flow in

randomly packed columns.
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The main advantage of the developed models is that they remain valid on any
length scale, from laboratory to industrial size. Therefore they can be used as the basic

tools for the rigorous design and scale-up of the packed columns.

Future work should be focused on additional laboratory experiments and
improvement of the closure models used in this study.

Good model predictions have been shown for liquid flow distributions, pressure
drops, axial concentration profiles and HETPs. However, the CFD models can also
generate results for radial concentration distributions. Experimental data is lacking in
literature. The radial concentration distribution could possibly be measured by a tracer

technique.

The developed models are based on a set of closure models from the published
correlations. As new experimental data becomes available, new correlations should be
developed, included and validated as part of the possible improvements to the CFD

models developed and tested in this study.
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Appendix A

METHOD OF UNCERTAINTY ANALYSIS

Any experimental measurement involves some kind of errors, or uncertainties. If

X/, X2, X3, ..., and x, are directly measured quantities, the dependence of a calculated
result R on these quantities can be written as

R= f(x,x3,%5,%,) (A-1)

The uncertainty in R due to the uncertainties in the measured variables can be

determined as (Holman and Gajda, 1978)

, , , ,l/2
2 [ [P [ [ e[ e | 2
ool T o J o] e

where er is the uncertainty in the calculated result R, and e, , e, , e, , and e, are the

uncertainties in the directly measured quantities.
Based on Equation (A-2), the uncertainty in the experimental measurement of this

study was calculated and added in the plots shown in Chapter 3.

Reference

Holman, J. P. and Gajda, W. J., (1978), Experimental Methods for Engineers, McGraw-
Hill, New York.
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Appendix B

Derivation of Equation (6-10)

The mass transfer rate of component 4 (more volatile component) from liquid

phase to vapor phase can be calculated based on two-film theory
. A !
myg =kaM, (x.-\ 'x.a) (B-1)
e = kea M, (Vi - v,) (B-2)

The interface compositions x’ and y’, are in equilibrium and can be described by

!
I} olx ,
e, S B-3
.VA l+( -l) : ( )

From equation (B-1), x’, can be determined as

Xl =x, -G (B-4)

- A
a xA — L
I kLaeM.-l
A= = (B-5)

Combining Equations (B-2) and (B-5) leads to

hd (mzc)%[(““)”‘“—(‘"“”‘A*‘]mzc+{u.4-[(a-n>v,,+11y,,}=o

kikgla.M, )2 kia M, kca.M ,
(B-6)
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Appendix C

A Comparison of Predicted HETPs from Bravo and Fair’s Correlations and Onda’s
Correlations

Figure C-1 shows a comparison of predicted HETPs based on Bravo and Fair’s
correlations and Onda’s correlations for mass transfer coefficients and effective mass
transfer area. It can be seen that the predicted HETP from Bravo and Fair’s correlations is

far off from the experimental data. Therefore, Onda’s correlations were selected in this

study.
1.0
@ Experimental Data
mOnda's Correlations
0.8 A Braw and Fair's Correlations
— A
5 0.6
> ] .
W o4 ° . : :
]
0.2
0.0
05 1.0 15 2.0
3,0.5
F-factor (m/s)kg/m")

Figure C-1 A comparison of predicted HETFs from Bravo and Fair’s correlations and

Onda’s correlations.
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Appendix D: Experimental Data

Table D.1 Drip Point Flow Rate at Different Liquid Flow Rate (Water/Air)

Drip Point L=0.81 kg/s L=1.34 kg/s L=2.39 kg/s
Number | Drip Flow| Average |Drip Flow| Average | Drip Flow | Average
Rate (kg/s) Rate (kg/s) Rate (kg/s)

1 0.0285 0.0280 0.0454 0.0441 0.0803 0.0795
2 0.0270 0.0280 0.0423 0.0441 0.0780 0.0795
3 0.0293 0.0280 0.0449 0.0441 0.0784 0.0795
4 0.0303 0.0280 0.0456 0.0441 0.0817 0.0795
5 0.0269 0.0280 0.0438 0.0441 0.0794 0.0795
6 0.0265 0.0280 0.0443 0.0441 0.0800 0.0795
7 0.0330 0.0280 0.0452 0.0441 0.0779 0.0795
8 0.0277 0.0280 0.0443 0.0441 0.0807 0.0795
9 0.0291 0.0280 0.0451 0.0441 0.0799 0.0795
10 0.0264 0.0280 0.0425 0.0441 0.0779 0.0795
11 0.0259 0.0280 0.0437 0.0441 0.0791 0.0795
12 0.0276 0.0280 0.0436 0.0441 0.0802 0.0795
13 0.0290 0.0280 0.0461 0.0441 0.0795 0.0795
14 0.0270 0.0280 0.0438 0.0441 0.0777 0.0795
15 0.0289 0.0280 0.0455 0.0441 0.0804 0.0795
16 0.0261 0.0280 0.0420 0.0441 0.0756 0.0795
17 0.0254 0.0280 0.0429 0.0441 0.0784 0.0795
18 0.0260 0.0280 0.0434 0.0441 0.0786 0.0795
19 0.0303 0.0280 0.0423 0.0441 0.0790 0.0795
20 0.0276 0.0280 0.0435 0.0441 0.0814 0.0795
21 0.0255 0.0280 0.0432 0.0441 0.0781 0.0795
22 0.0287 0.0280 0.0444 0.0441 0.0801 0.0795
23 0.0267 0.G280 0.0422 0.0441 0.0811 0.0795
24 0.0266 0.0280 0.0432 0.0441 0.0771 0.0795
25 0.0271 0.0280 0.0435 0.0441 0.0788 0.0795
26 0.0297 0.0280 0.0459 0.0441 0.0794 0.0795
27 0.0259 0.0280 0.0425 0.0441 0.0795 0.0795
28 0.0287 0.0280 0.0453 0.0441 0.0810 0.0795
29 0.0285 0.0280 0.0450 0.0441 0.0824 0.0795
30 0.0321 0.0280 0.0444 0.0441 0.0803 0.0795
31 0.0292 0.0280 0.0463 0.0441 0.0830 0.0795
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Table D.2 Reproducibility Test for the Uniform Liquid Distributor
(Water/Air, H=0.9 m, L=4.78 kg/m"s)

Radial Position Liquid Relative Velocity

mm First Run Second Run

0 1.152 1.170

50 1.152 1.170

125 1.189 1.170

175 1.047 1.070

225 0.842 0.831

2724 0.698 0.716

296.6 3.183 2,979
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Table D.3 Reproducibility Test for the Uniform Liquid Distributor
(Water/Air, H=0.9 m, L=4.78 kg/m’s, G=0.83 kg/m"’s)

Radial Position Liquid Relative Velocity

mm First Run Second Run

0 1.234 1.103

50 1.234 1.103

125 1.189 1.140

175 1.222 1.207

225 0.860 0.878

272.4 0.515 0.575

296.6 3.189 3.310
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Table D.4 Reproducibility Test for the Uniform Liquid Distributor
(Water/Air, H=0.9 m, L=4.78 kg/m’s, G=1.57 kg/m’s)

Radial Position Liquid Relative Velocity

mm First Run Second Run

0 1.167 1.118

50 1.167 1.118

125 1.144 1.127

175 1.173 1.167

225 0.884 0.904

272.4 0.542 0.552

296.6 3.552 3.460
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Table D.5 Reproducibility Test for the Cenger Inlet Liquid l?istributor
(Water/Air, H=0.9 m, L=4.78 kg/m“s, G=0.52 kg/m-s)

Radial Position Liquid Relative Velocity

mm First Run Second Run

0 2.343 2.152

50 2.343 2.152

125 1.839 1.862

175 1.183 1.269

225 0.588 0.602

272.4 0.264 0.264

296.6 0.869 0.840

198

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.



(Water/Air, H=0.9 m, L=4.78 kg/m’s)

Table D.6 Effect of Redumping on Liquid Distribution

Liquid Relative Velocity
Radial

Position Dump! | Dump2 | Dump3 | Dump4 Mean

mm
0 1.134 1.082 1.305 1.306 1.207
50 1.134 1.082 1.305 1.306 1.207
125 1.307 1.243 1.095 1.080 1.181
175 1.238 1.229 1.180 1.193 1.210
225 0.832 0.863 0.931 0.920 0.887
272.4 0.519 0.538 0.513 0.525 0.524
296.6 3.113 3.265 3.090 3.077 3.136

199

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.




Table D.7 Pressure Drop for Water/Air §ystem
(Water/Air, H=0.9 m, L=4.78 kg/m~s)

Gas Flow Rate Pressure Drop
kg/m’s kPa/m
0.735 0.070
1.092 0.149
1.512 0.291
1.953 0.499
2.132 0.624
2.300 0.745
2.426 0.894
2.541 1.010
2.793 1.260
2.951 1.470
3.129 1.760
3.276 2.130
3.350 3.210
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Table D.8 Pressure Drop for Isopar/Air §ystem
(Water/Air, H=0.9 m, L=4.78 kg/m-s)

Gas Flow Rate Pressure Drop
kg/m’s kPa/m
0.870 0.090
1.130 0.147
1.720 0.420
2.420 1.079
2.530 1.373
2.630 1.848
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Table D.9 Liquid Relative Velocity at the Different Packed Bed Heights for the
Uniform and Center Inlet Liquid Distributors
(Water/Air, L=4.78 kg/m?s)

Radial Uniform Liquid Distributor Center Inlet Liquid Distributor
Position

09m 1.8m 3.0m 09m 1.8m 30m

(mm)
0 1.134 1.132 1.113 2.241 1.959 1.725
50 1.134 1.132 1.113 2.241 1.959 1.725
125 1.307 1.210 1.141 1.921 1.567 1.526
175 1.238 0.984 0.969 1.270 1.159 1.009
225 0.832 0.835 0.766 0.569 0.642 0.701
272.4 0.519 0.594 0.675 0.224 0.368 0.442
296.6 3.113 4.493 4.831 0.860 2.288 3.172
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Table D.10 Liquid Relative Wall Flow for the Uniform Liquid Distributor

(Water/Air)
Packed G=O.f) G=0.75 G=l.5’7
Bed kg/m’s kg/m’s kg/m’s
Height _ _ _ _ — -
[=291 | L=6.66 | L=29]1 | L=6.66 | L=291 | L=6.66
m kg/mzs kg/m’s Kg/mzs kg/mzs kg/m’s kg/mzs
0.9 3.272 2.864 3.259 3.139 3.329 3.461
1.8 4.614 4.595 4.873 4.730 5.059 4.907
3.0 5.220 4610 5.171 4.752 5.307 5.174
203

Reproduced with permission of the copyright owner. Further reproduction prohibited without permission.




Table D.11 Liquid Relative Wall Flow for the Center Inlet Liquid Distributor

(Water/Air)
Packed G=0.0 G=0.75 G=1 .f 7
Bed kg/m’s kg/m’s kg/m’s
Height _ _ _ _ _ _
L=291 | L=6.66 | L=291 | L=6.66 | L=291 | L=6.66
m kg/m’s | kg/m’s | Kg/m’s | kg/m’s | kg/m’s | kg/m’s
0.9 0.935 1.042 1.008 1.172 1.283 1.298
1.8 2.194 2.030 2.208 2.247 2.381 2.547
3.0 3.346 3.023 3.560 3.476 3.971 3.873
3.5 3.748 3.090 3.757 3.570 4.230 4.059
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Table D.12 Liquid Relative Velocity for the Uniform Liquid Distributor
(Water/Air, H=0.9 m, L=2.91 kg/m?s)

Radial Position G=0.0 G=1.96 G=2.80
mm kg/m’s kg/m’s kg/m’s

0 1.133 1.240 1.139

50 1.133 1.240 1.139

125 1.197 1.112 1.066

175 1.113 1.209 1.091

225 0.816 0.882 0.981
272.4 0.506 0.520 0.374
296.6 3.272 3.377 5.356
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Table D.13 Liquid Relative Wall Flow for the Uniform Liquid Distributor
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(Water/Air, L=4.78 kg/m’s)
G o | 075 | 157 | 256 | 3.00
Packed Bed Height kg{mzs - - = :
0.9 m uug, | 3.113 | 3.181 | 3.460 | 4.788 | 6.113
G
\ 0 0.75 1.57 2.32
1.8m kg/m’s
uun | 4493 | 4537 | 4906 | 5275
G
R 0 075 | 1.57 | 221 | 2.78
3.0m | kg/m’s
u/u., | 4.831 | 4870 | 5.073 | 5342 | 6.123
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Table D.14 Liquid Relative Velocity for the Uniform Liquid Distributor
(Water/Air, H=3.0 m)

Radial Position =291 L=4.78 L=6.66
mm kg/m’s kg/m’s kj[mzs

0 1.116 1.113 1.174

50 1.116 1.113 1.174

125 1.161 1.141 1.127

175 0.958 0.969 1.002

225 0.780 0.766 0.768
272.4 0.613 0.675 0.659
296.6 5.220 4.831 4.610
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Table D.15 Liquid Relative Velocity for the Uniform Liquid Distributor
(Water/Air, H=0.9 m, G=1.57 kg/m’s)

Radial Position L=2.91 L=4.78 L=6.66
mm kg/m’s kg/m’s kg/m’s

0 1.243 1.167 1.119

50 1.243 1.167 1.119

125 1.164 1.144 1.138

175 1.190 1.173 1.135

225 0.864 0.884 0.901

272.4 0.530 0.542 0.570
296.6 3.330 3.552 3.461
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Table D.16 Liquid Relative Velocity for the Uniform Liquid Distributor
(H=0.9 m, L=6.66 kg/m’s)

Radial Position Water Detergent Solution

mm

0 1.129 1.113

50 1.129 1.113

125 1.254 1.098

175 1.258 1.155

225 0.838 1.029

2724 0.556 0.542

296.6 2.864 2.864
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Table D.17 Liquid Relative Velocity for the Uniform Liquid Distributor
(H=1.8 m, L=6.66 kg/m’s, G=1.57 kg/m’s)

Radial Position Water/Air Detergent Solution/Air

mm

0 1.226 1.112

50 1.226 1.112

125 1.134 0.942

175 0.905 0.816

225 0.836 0.895

2724 0.605 0.770

296.6 4.907 4.841
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Table D.18 Liquid Relative Velocity for the Uniform Liquid Distributor
(H=3.0 m, L=6.66 kg/m’s, G=3.00 kg/m’s)

Radial Position Water/Air Detergent Solution/Air

mm

0 0.970 0.864

50 0.970 0.864

125 1.019 0.824

175 0.829 0.832

225 0.979 0.882

272.4 0.627 0.704

296.6 6.315 5.965
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Table D.19 Liquid Relative Velocity for the Uniform Liquid Distributor

(H=0.9 m, L=6.66 kg/m"s)

Gas Flow Rate Water/Air Detergent Solution/Air
_kg/m’s
0 2.864 2.864
0.75 3.139 2.962
1.57 3.461 3.643
2.45 4.521 4.326
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Table D.20 Liquid Relative Velocity for the Uniform Liquid Distributor
(H=0.9 m, L=6.66 kg/m?s)

Radial Position Water Isopar
mm

0 1.129 1.301

50 1.129 1.301

125 1.254 1.251

175 1.258 1.187

225 0.838 0.867
2724 0.556 0.615
296.6 2.864 1.998
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Table D.21 Liquid Relative Velocity for the Uniform Liquid Distributor
(H=3.0 m, L=6.66 kg/m’s,)

Radial Position Water Isopar
mm

0 1.174 1.429

50 1.174 1.429

125 1.127 1.172

175 1.002 0.980

225 0.768 0.759

2724 0.659 0.728

296.6 4.610 3.120
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Table D.22 Liquid Relative Velocity for the Uniform Liquid Distributor
(H=0.9 m, L=4.78 kg/m’s, G=0.75 kg/m"’s)

Radial Position Water/Air Isopar/Air

mm

0 1.224 1.300

50 1.224 1.300

125 1.201 1.277

175 1.224 1.010

225 0.857 0.918

272.4 0.503 0.610

296.6 3.181 2.637
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Table D.23 Liquid Relative Velocity for the Uniform Liquid Distributor
(H=3.0 m, L=4.78 kg/m’s, G=0.75 kg/m’s)

Radial Position Water/Air [sopar/Air

mm

0 1.053 1.314

50 1.053 1.314

125 1.200 1.087

175 0.963 0.867

225 0.822 0.865

2724 0.658 0.739

296.6 4.870 3.655
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Table D.24 Liquid Relative Wall Flow for the Uniform Liquid Distributor
(H=0.9 m, L=2.91 kg/m"’s)

G
K g/mzs 0 0.89 1.96 2.80
Water/Air
Uw/Uay 3.272 3.244 3.377 5.356
G
- K g/mzs 0 0.92 1.82
[sopar/Air
Uw/Uay 1.829 2.171 3.913
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Table D.25 Liquid Relative Velocity for the Uniforng Liquid Distributor
(Water/Air, H=3.0 m, L=4.78 kg/m~s)

Radial Position G=0.47 G=1.13
mm kg/m’s kg/mzs

0 1.032 1.120

50 1.032 1.120

125 1.210 1.119

175 0.970 0.942

225 0.821 0.825
2724 0.648 0.628
296.6 4810 4.830
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Table D.26 HETP for Different Pall Rings (FRI Data)
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(P=165.5 kPa)
15.9
mm HETP (m) 0302 | 0305 | 0312 | 0429
F-factor
0.795 1.180 1.610 1.780
25.4 mm (m/s)(kg/m*)*?
HETP (m) 0.386 0.335 0.409 0.399
F-factor s
0.504 0.758 1.020 1.520
50.8 mm (m/s)(kg/m’)>
HETP (m) 0.526 0.533 0.587 0.584
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Table D.27 Concentration of Cs at Different Packed Bed Height (FRI Data)
(P=165.5 kPa, 50.8 mm Pall Rings)

Packed Bed Fs=0.760 Fs=1.020 Fs=1.520
Height
mm (mv/s)kg/m®)>® | (mvs)kg/m®)** | (mvs)(kg/m’)°?
3660 0.7857 0.7596 0.7328
2819 0.6914 0.6531 0.6385
2210 0.6035 0.5881 0.5881
1600 0.4576 0.4197 0.4018
991 0.3527 0.3306 0.3114
381 0.2314 0.2314 0.2246
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Table D. 28 Pressure Drop for Different Pall Rings (FRI Data)
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(p=165.5 kPa)
. . F-factor
Packing Size 0.490 0.628 0.922 1.230
& (m/s)(kg/m*)°3
15.9 mm Pressure Drop | g4 18 | 11929 | 269.97 | 637.26
Pa/m
F-factor
0584 | 0795 | 1.180 1.610
25.4 mm (m/s)(kg/m*)°>
Pressure Drop | 695 | 12262 | 25096 | 671.96
Pa/m
F-factor
0758 | 1020 | 1.520 | 2.000
50.8 mm (m/s)(kg/m®)*
Pressure Drop | ¢ 98 | 8790 | 21660 | 527.39
Pa/m
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Table D. 29 HETP for the 25.4 mm Pall Rings (FRI Data)

(P=33.3 kPa)

F-factor HETP
0.656 0.414
0.873 0.465
1.290 0.452
1.670 0.419
1.880 0.518
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