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‘ -In the past ten yuars. % concern: about the/degradation of
our fnviromnent has resulte¢ in mjor efforts to reduce the rate at
1ch pollutants are released into the air and water.'. Yhe internal
onbustinn engine used in automobiles ‘was singled out as a v111a1nj
and automob(}e manufacturers respond!l-uith a number of methods
to reduce the emiss!ons of cagbon.monoxideqphydrocarbons and
nitrogen oxiﬁes !nto thg air. North American manufacturers chose
to equip new automobi1es with catalytic converters to meet the
government-standerds Some of the many aspects of the catalytic
conversion~of nydrocarbons to harmless carbonQdiox1de and water
ﬁere studied'here. The kinetics of the oxidation of ethylene
over a 0.3% Pt/m2 3 surface-cdated catalyst were studied in
buth low and high oxygen concentrations in a differential recycle
reactor. Between 362 K and 472 K, the rate of ethylene oxidation
was found to obey the rate function: -r = k[Oz]/[C2H4]'at Tow
ethylene concentrations (less than 2 mole percent).
The.predictidns of the rate equation were independently -
tested againft measurements of fractiona] conversion in an
‘integral bed reactor. The predictions’were generally lower than
the measured values.for three different reactor models. The se1ectioq/‘
of an inside wall heat transfer coefficient for the models indicated
that heat transfer may be as imp;rtant as the reaction kinetics
in determining the gffectiveness’of the catalytic converters.
In both the’integral neq and the recycle reactor, instabilities
which were*both cyclical and non-cyc1ica1 were observed. These

instabilities usually caused a temporary increase in the activity of

v
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of the catalyst. A number of possible exblainations were presented,

v .
the most promisin‘()f wwch involved changes in the surface of the

platfnum during the reaction.

The structure sensitivi
cbmpd?ing dispersion normalize®
a series‘of sintered 0.5% Pt/A]zdg ;:tal}s sémples; The (ﬁg;tiqn
was found to be demanding, ‘:’ a concise reiatiothip between
catalyst activity and dispgﬁiion could not be developed. If, as
was suspected, the surfacé/morpﬁo1ogy of the platinum chénges during
the reaction, this approach may-not have been valid.

Three possible mechanisms for the reaction were considered.
The most regsonaﬁ]e mechanism which resulted in a rate equation
1dentica1.to the equation dgve]oped in the recycle reactor required
that oxygen adsorption onto the platinum surface be the rate control-
ling step and tha£ ethylene adsorb dissociativeTy. s The other
me%E?Qiims were founded on similar assumptions, and the kinetic data
did not provide a sufficient basis on which to differentiate
bet&een the three mechanisms.

Finai]y,-the role of surface morphology changes was discussed.
Possible changes in the'surfacg structure of the platinum may have
caused some of the uncertainies in the recycle and integral bed

experiments as well as in the studies with sintered qatalysts.
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CHAPTER ]

INTRODUCTION

1.1 Supported Metal Catalysts

Catalysts may be divided into two groups - homogeneous and
heterogeneous. The formar type of catalyst is in the same phase as the
reactants while the latter type of catalyst is in a different phase than e
the reactants. Homogeneous catalysts usually contact the}reactants in
liquid solutions, while the heterogeneous catalysts are most often
solid phase catalysts contacting liquid or gas phase reactants. In
this work, attention has been focussed on the type of catalysts used
by automobile manufacturers in catalytic convefters. These catalysts
are solid phase metal catalysts used to oxidize carbon monoxide and
unburnt hydrocarbons, or to reduce the nitrogen oxides present in
automobile exhaust.

These particular heterogeneous catalysts belong to a subgroup,
the supported metal catalysts. The catalysts have two components.

The active part is the actual catalytic mgta1 or combinat%on of metals,
usually from group VIII(b) - Fe,Co,Ni,Ru,Rh,Pd,Ir, and Pt. Small
crystallites (less than 10 nm in diameter) of the metal are attached

to the surfaces of a support material. Common supports are carbon,

alumina (Ai 0

273
variety of geometric shapes - spheres, cylinders, irregular granules,

) and silica (5102). The supports may appear in a

or honeycomb monoliths made of ceramics or steel alloys (1.1). The
\

metal is dispersed on the support surface by impregnating the porous

catalyst support with a solution containing a salt of the desired

metal. The entire catalyst is then reduced directly, or is oxidized



to the metal oxide and is then reduced. Particular catalyst prepar-
ations vary depending on the applicatiﬁﬁ'and the actual techniques
used in commercia\ preparations are often not available in the

open literature. \

Since theAratg of a catalytic reaction usually increases as the
acti?e surface area of the catalyst increases, it is economically
desirable to maximize the ratio of the number of metal atoms at the
crysfal]ite surface to the total number of metal atoms in the
crysta11{te. This ratio is referred to as the dispersion. As
automotive catalysts are primarily the more expensive noble metal
catalysts (Pt,Pd, Ru) , the efficient use of the metal is very
important. For example, in a platinum crystal, 4 nm in diameter,
approximately fifty percent of the precious metal is unused (1.2).

., Attempts to prodq;e a finely dispersed metal either by milling the
metal or by expanding it’into a sponge have been unsuccessful. First,
\\£h0~&mall particles are readily entrained in the fluid phase resulting
in catalyst containment problems. Secondly, at elevated temperatures
the small crystallites or the expanded sponges will tend to sinter
or agglomerate into larger particles. By placing the small crystallites
on a support, the metal particles are anchored inside the reactor and
are physically separated, helping to gllﬁyiate the two problems just

mentioned.

1.2 Automotive Catalysts

In the mid 1960's, a growing awareness of the effects of the many
forms of environmental pollution forced governments of developed

nations to enact pollution control legislation. One particular



pollution source singled out for atte&tion was the emissions from
internal combustion engines. Unburnt hydrocarbons, nitrogen oxides
and carbon monoxide were found lo be the most significant contri-
butors to the photochemical smog which plagued some large industrial
cities. In locations such as Los Angeles which were prone to atmos-
pheric inversion conditions, the problem wa$ particularly acute. In
response to this concern, the American government passed the Clean
Air Act in 1970. This act stringently limited the allowable emission
levels of hydrocarbons, carbon monoxide, and nitrogen oxides from
automobiles sold in the United States. While the Canadian air quality
had not deteriorated to the same extent, Canada's proximity to the
U.S.A. and its Auto Pact agreement resulted in Canadian standards
being set which were in line with the American standards. The allow-
able emission levels were set at Jtal g/mile for hydrocarbons and carbon
monoxide and 0.40.g/mile for nitrogen oxides. This presented a two-
pronged catalytic problem. The hydrocarbons would have to be oxidized
to carbon dioxide and water while the nitrogen oxides would have to
be reduced to elemental nitrogen. For a catalyst to be effective,
it would have fo be both physically and chemically stable. The catalyst
would be subject to mechanical degradation caused by the operation of
the vehicle. Also, sulphur, lead, phosphorus and bromine in the fuel
and in the 1ubricatioh oils are potential poisons for the catalyst.
In addition, the high temperatures and extreme temperature variations
could lead to sintering problems.

gThis work 1is én attempt to examine in greater depth some of the

parameters that affect the performance of catalysts typtcal of the

automotive catalysts. As very little is known about the kinetics of the



oxidation of hydrocarbons in low concentration at low oxygen levels
1 ]

some of the many aspects of these catalytic oxidations were studied
here. In particular, the catalytic oxidation of ethylene (ethene) in

Jow concentration was examined.

1.3 Approach

Rather than attempt to superficially analyse thé reaction kingtics
of the complex mixture of compounds actuallf present in the exhaust of
internal combustion engines’, a detailed investfgation of the oxidation
of a single component was chosen. In this study, ethylene was the
" compound selected for a number of reasons. Of all the hydrocarbons
present in exhaust fumes, ethylene is presenﬁ in the highest concentration,
about twenty percent of the total hydrocarbon concentration. Also, among
the hydrocarbons typically found in automotive exhaust, ethylene is
about midway insofar as ease of oxidation is concerned. Finally, the
photochemical feactivity of internal olefins is cited as the highest
among the other hydrocarbon groups (1.3).

The temperature range studied in detail here, 362 K to 472.K, is
considerably below the actual 'warm-running' temperatures encountered
in internal combustion engines. Since the oxidation of hydrocarbons
to CO2 and water ?t typical operating femperatures (900 K) is no problem
(1.3), the greatest concentration of hydrocarbons in the exhaust will
occur during startup, when the converter is still cold. In a northern
city like Edmoﬁéon, Alberta, where the winter temperatures may drop to
-40°C, a considerable fraction of the cars travelling during rush
hours may be operating at sub-optimum temperatures. The ethylene concen-

trations studied here (-~ 2%) are also intended to sirmulate startup



conditions rather than the 'warm-running' operation. 1

The first step in characterizing the performance of these
catglysts was the development of a suitgble rate equation to mode!
the kinetics of the oxidation. Towards this end, a differential
recycle,reactor was constructed (déscribed in greater detail in \
Chapter 3). Since the mass balance equation for this type of
reactor is algebraic rather than differential or integral .{ the
kinetic data could be plotted directly to provide the needed rate
equation. The reaction exhibited a very strong inverse order with
respect to the hydrocarbon concentration, prompting the postulation
of a Langmuir - Hinshelwood type reaction mechanism. The details
of these experiments are discussed in Chapter 4.

Thé second phase of the investigation involved a comparison
of the predictions of the kinetic model with the actual conversion
performance of an integral bed reactor, somewhat similar in nature
to the catalytic converters. °‘In Chapter 3, the integral bed reactor
which was constructed for this comparison is described. The rate
model developed from the differential bed reactor was used to
predict the performance of the integral bed reactor. This comparison

is discussed in Chapter 5.

1.4 Reactor Instabilities

The study was not without its problems however. In both the — - — .

differentiat recycte reactor and in the integral bed reactor, both

cyclical and non-cyclical instabilities were observed. A great

* See Appendix A for the mass and energy balance equations.



deal of ittcntlon has been focussed on cyclical resctor instabilites
in the Tast few years, especfally in studies of carbon monoxide
oxidation. These Anstadbilities have been attributed to & number
of'phenonena 1n‘both experimental and thedretical studies. A brief
review of the work in this.field is presented in Chapter 2. In
Chapter 6, the particular instabilities that were obgorvgq in this
system are-discusseq.-.ln Chapter 7, the relationship between catalytic
activity and the dispersion of the precious metal on the support is
investigated. The reaction of ethylene with oxygen over a 0.5% Pt
catalyst was found to be demanding rather than facile. In the final
chapter, Chapter 8, the significance of all the experiments is

discussed and a possible mechanism for the reaction is presented.
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CMAPTER 2
SURVEY OF CATALYTIC OXJDATIONS AND REACTOR INSTABILITIES

In this section the historical course of investigations
pertinent to this work 13 outlined, starting with the oxidation
of carbon monoxide. In this investigation, no work was done on carbon
monoxide oxidation, however there are many similarities between
carbon monoxide oxidation and ethylene oxidation. Carbon monoxide
oxidation and hydrocarbon oxidation are each discussed with
refer®nce to the intrinsic rate functions and reactor instabilities.
A few comments on reports of measured and of calculated
adsorption data and a brief statement about reactor analysis

complete the literature survey.

2.1 Carbon Monoxide Oxidation

The emission control legislation not only limits the amount
of hydrocarbons which may be emitted fron an automobile engine,
but also limits the amount of carbon monoxide. As the kinetics of
carbon monoxide oxidation have a number of features in common with
ethylene oxidation, a short summary of the efforts to understand
carbon monoxide oxidation is appropriate.

The history of catalytic oxidation begins in 1922 with the
work of Langmuir using platinum wires (2.1). In what has since
become the classic Eley - Rideal mechanism, the reaction was seen
as a multi-step process. Dissociative adsorption of oxygen onto

the catalyst surface was followed by reaction with gaseous carbon



‘monoxide to form adsorbed_carbon dioxide. However, the carbon
monoxide would also compete for sites on the catalyst. Langmuit
speculated JLat the carbon atom would bind to the catalyst surface
projecting the oxygen atom outwards. This configuration was npt
conducive to reaction.. Hénce, a high concentration of .carbon
monoxide on the surface would inhibit the reaction.

; The catalytic oxidation of carbon monoxide over a variety of
supported and pure noble metal catalysts has received considerable
attention since Langmuir's initial experiments. While the
mechanism of the reaction and the corresponding rate equation
have been the subject of some conjecture (2.2 - 2.6), one common
“attribute among the rate expressions has been the prediction of
the possibility of negative order kinetics with respect to the
carbon monoxide. This feature has been. demonstrated experimentally
for supported platinum cAtaIysts by Voltz et al. (2.6) and by
Plichta (2.7).

Bonzel and Ku ( 2.8) investigated carbon monoxide oxidation
on platinum crystals and found that a single mechanism was
inadequate to describe the reaction. They saw a shift between
a Langmuir - Hinshelwood (L-H) mechanism and an Eley - Rideal
(E-R) mechanism resulting in different conversion levels.
Dauchot and Van Cakenberghe ( 2.9) , while unable to observe
instabilities when they used platinum films and gas chromatog-

raphy, were able to electronically detect sustained oscillations

in the oxidation of carbon monoxide on a platinum wire using

resistivity measurements. They aftributed this to a very rapid



(0.1 sec.) change in the-surface temperature. This surface
temperature fluctuation of about 5°C was seen 4s favouring oxygen
adsorption at the high temperatures and carbon monoxide adsorption
at low temperatures. With a combined L-H and.E-R mechanism,

a surface titration effect is achieved which results in the
oscillations. Hori and Schmidt (2.10) present experimental

data showing that transients in the carbon monoxide oxidation
over platinum occur due to a change in the nature of the surface
complexes. They further state that these transients wil} occur
only if changes in reaction rates caused by changing surface
complexes are slower than the adsorption time constants.

McCarthy et al.(2.11) speculate that if ; heteroaeneous
catdlytic reaction exhibits both facile and demanding charac-
teristics (2.12), then there may be more than one rate'deter-
mining step. They observed sustained oscillations (30 second .
period) and attributed this to the possibility of two mechanisms
existing. The two mechanisms could be due to the reaction
exhibiting demanding characteristics at low carbon monoxide
concentrations and facile characteristics at high carbon monoxide
concentrations and/or to the existence of two forms of adsorbed
carbon monoxide: the bridged form and the linear form.

Mathieu (2.13), working with supported alloy catalysts and
Hugo and Jakubith, using platinum mesh catalyst (2.14), have
each’attributed instability in the carbon monoxide oxidation
reaction to shifts in the amount of bridged and linear forms of

adsorbed carbon monoxide. Plichta (2.7) observed sustained short
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period oscillations (less than one minute) in the oxidation
of carbon monoxide aver platinum wires. Also, he reported
unstable tfansitions from one reaction regime to aﬁother.
occassionally with multiple peaks in the periodic states.

The work done by Plichta has been summarized by Scheintuch et
al. (2.15), They found that the amplitudes of the oscillations
were inversely proportional to residence time, temperature, and
catalytic activity. They suggest that the following reaction'que1s
tannot be used to explain the ob;erved oscillations:

1. Models based on any single rate determining step.

2. Models assuming equilibrium between gaseous and surface
phase reactants.

3. Models calling for transformations between linear and -

bridged forms of carbon monoxide followed by the reaction
of bridged carbon monoxide and oxygen.

They stated that the oscillations are best predicted using a

model in which the activation energy of one of the kinetic steps

is a function of the surface coverage, but concluded that even that
model was not without its conceptual difficulties, and was still in
need of modifications and refinements.

Some of those findings were confirmed by Beusch et al. (2.16)
on a single pellet of a supported platinum catalyst. They also found that the‘
amplitude of oscillations in a carbon maonoxide oxidation system
decreased with increasing temperatures (180°C to 250°C) while the
frequency increased. At temperatures above 250°C they found no
oscillations.

In Section 2.2, the many similartties between the oxidation

of carbon monoxide over platinum and the oxidation of ethylene

<

vy
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over platingn will be obvious. The techniques and the

_princip]es which were elucidated by those working on carbon monoxide
oxidation over the past sixty years can be applied to a certain
extent to the understanding of catalytic hydrocarbon oxidation.

Since the complete o;idation of ethylene has received very little
attention, some parallels should be drawn from similar studies on
carbon monoxide. Somewhat di;%ressing, howevgr, is the fact that
after sixty years of\investigations by many distinguished scientists,
the mechanism where by carbon monoxide is oxidized is ztill a bit

of a mystery.

2.2 Catalytic Hydrocarbon Oxidation

2.2.1 Surface Reactions

The Langmuir - Hinshelwood mechanism and the Eley -
Rideal mechanism which were applied to the catalytic oxidation
of carbon monoxide are often applied to the the catalytic oxidation
of hydrocarbons as well. In the context of emission control
studies, supported nobfe metal catalysts are used for the removal
of both pollutants, and it is not surprising that the catalytic
oxidation of carbon monoxide and of hydrocarbons are modelled with
the same type of equations. In fact, Voltz et al. (2.6) have fitted
experimental d;ta for propylene oxidation and for carbon monoxide

oxidation to equations of identical form. The theoretical model

and the data indicated negative order kinetics. The net negative order
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{s somewhat contrary td ‘conventional wisdom®. Wei (2.17)
discussed some of the ramifications of this type of kinetics to
reactor and catalyst design problems.

In this work, the oxidation of ethylene over supported
platinum catalysts was foqﬂa to be governed in»all cases
by negative order kinetigé. The L-H and the E-R types of rate
equations each can be used to predict rate equations which are
non-monotonic  That is, there are usually (2.17) two regimes: ‘
a low concentration /regime in which the rate is approximately first

|

order, and a higher concentration regime in which the negative

order kinetics ave observed. In the 5resent work, the low regime

was below the experimental limits of detectablity in the.temperature

ranges studied and only the negative order kinetics were observed.
The other area in which there is a similarity between

carbon monpxide oxidation and ethylene oxidation is in the appearance
Iof sustajned regular and irregular oscillations. Schmitz (2.18),

in an extensive 1974 review, surveyed the advances in the theor-
etiCé}/and experimental instabilities in chemically reacting

sysgéms. He discussed a variety of mechanisms whereby sustained
and/damped oscillations could occur in a reaction system, ranging
f#om the classic CSTR thermad instability to a somewhat more

éubtle instability arising due to a change in the reaction

mechanism and/or a change in the nature of the catalyst surface.

It is this latter type of instability which is of intrest here.

Because the complete oxidation of hydrocarbons in general

- and ethylene in particular is of scant industrial importance,
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the previous studies om this particular system are few‘indeed.\\gnly
in the last few years, with the adveﬁt of concern about air

quality has the complete cata]ytic oxidation of ethylene and other
hydrocarbons become imnortant.

Some of the earligst work on the oxidation of ethylene was
done by Reyerson and Swearingen (2.19). They studied the reaction
on a variety of'meial‘catalgsts‘(Ag, Cu, Pt, Pd) supparted on ° ’
silica gels. They studied temperatures from 90°C to 335°C,
ethylene concentrations from 19% to 30% , and‘oxygén concentrations
from 16% to 25%. They found little reaction on platinum, copper or
or palladium catalysts below 100°C and reported that, for ethylene
oxidation on the platinum catalyst, the rate was diréct]y propor-
tional to the oxygen concentration and inversely proportional to the
ethx]ene concentration. They did not however, list any numerical
~'\lalt;es for the rate constants or any specific rate equations.

Following this in fhe early 1930's: there was a considerable
amount of work done on complete and partial oxidation of ethylene
over silver catalysts. The interest here was in the production of
ethylene oxide rather than the complete oxidation. Among others,
Lenher (2.20), Bone et al. (2.21), and Twigg (2.22), studied this
reaction over a fair range of experimental conditions. The data
presented indicated a variety of rate equations were p1ausib1e and
led to a correspondingly large number of postulations as to the
actual mechanism. The nature of tfe reaction mechénism remains
speculative, commanding the attention of researchers such as
Huang et al. (2.23) as recently as 1276. While the oxidation of

ethylene over silver catalysts is not partitularly similar to the



reaction over platinum, it is significant that the intrinsic

"rate and the reaction mechanism are still“tﬁe subJé(&s of conjécture.
Concurrent withnthe investigations of ethylene ox%dation

over silver catalysts, Beeck (2.24,2.25) began investigating

the hydrogenation of ethylene over evaporated platinum, nickel

and palladium films. He found that; at room temperatures, the

reactionirate on nickel f{lms‘was first order in hydrogen and

~ zero order in ethylene concentraiion. Ho@ever, the form of his

\

rate~function,

k[C2H4]]'0 {H2]1.o

e --(2.1

) 1.0
[C,f, ]

did allow for negative orders if the powers on the ethylene
concentrations were changed slightly. He stated that excess
ethylene inhibited the reaction, and speculated that that was

due to a dissociative adsorption of the ethy]ene\into two adsorbed
hydrogqp atoms and an acetylenic residue. The acetylenic residue
oc;upfeﬁ potential hydrogen adsorption sites, slowing the

reacfion rate. Beeck felt that this was consistent with an
Langmuir - Hinshelwood mechanism.

On the other hand, Twigg, using pellets of alumina supported
nickel (2.26) and Jenkins and Rideal, using nickel filaments,
(2.27). saw the hydrogenation of eth}]ene proceeding in the opposite
manner. They believed that the ethylene associativel; adsorbs,
then reacts with gaseous hydrogen. They did however base their

conclusions on the same experimental results as did Beeck: first

»
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order reaction with respect to hydrogen concentration and zero order
reaction with respect to ethylene concentration. As is often the
case, a unique mechanism cannot always be postulated from a p#rticu-
lar set of kinétic data.. |
Wojtowicz et al. .(2.28,2.29,2.30) examined the catalytic
pxida;fﬁh of ethylene in aqueous solution. They treated a so]utiqn
of HC‘IO4 with gaseous ethylene, then inserted platinum covered
electrodes to produce anodic 6xygen. Unlike all of the other
catalytic oxidations of ethylené; the adsorbed dxyqen on the elec-
trode inhibited the reaction. The reaction would only occbr if a
‘hole’' in the surface layer of adsorbed oxygen was created. This
was'an_unstable situation and resulted in oscillatory behaviour. The
oxide layer would be formed on the surface of the electrode, then
the ethylene would titrate the oxyagen. This cycle would be repeated
with a period'of less than 15 seconds. They found that these
oscillations were primarily due to mass transfer Iimitat%ons. In a
different series of experiments, they found that the oscillations
disappeared, ostensibly due to the better mixing characteristics.
In the well mixed experiments, they found that.increasing the
ethylene concentration inhibited the reaction, as it competed for
sites on the platinum electrode. Their calculations showed that the
surface reaction step was not the rate determining step.
Dmuchovsky et al. (2.31) used an integral bed reactor to study
the oxidation of ethylene (2.2% in air) on a variety of supported »
metal oxide catalysts (Ti,V,Cd,Mn,Fe,W,Mo,Zi, Ni, and Cu) between ‘
260°C and 460°C at a total flow rate of 750 standard cubic centimetres

per minute(SCCM). They found linear relationships between the
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logarithm of the conversion and reciprocal#temperaturé. and calculated
apparent activation energies from their figures. This would indicate
that the reaction rate was independent of the ethylene and oxygen‘

concentrations, i.e., zero order reaction. As well, tests on uncoated

alumina revealed no reaction below 460°C.

\

Pstterson and Kemball (2.4,2.32) studied the catalytic oxidation
of olefins ( including ethylene and somé methyl-substituted
ethy]enes) on Pt and Pd films. Specifically, they looked at
complete ethylene oxidation on platinum films between 5°C and 100°C.
While they found the reaction to be first order in oxygen concen-
tration, they were unable to fit the ethylene dependence to any zero

‘or positive order. Somewhat like Beéék, they attributed this
reactant inhibition to adsorbed acetylenic residues, and indeed
were able to enhance the inhibition by introducing acetic anhydride
into the reaction gases.

Schwartz et al. (2.33) also investigated the complete oxtdation
of olefins, but on thin Pt and Pd wires. They found negative
fractional and negative inteqral orders with respect to the olefin
concentration. While they did not cite a net reaction order for
ethylene, they did reoort orders of -0.25 for propylene (C_H_ ) and

36
of -0.2 for butylene (C,H,), with activation energies in the 10 to

48
20 kcal/mol.range. Voltz et al. (2.6) also looked at the oxidation
of olefins, propylene in particular,and also found an inverse
dependency of the rate on the olefin concentration. High
concentrat}on partial oxidations of ethylene over three alumina supported
palladium catalysts were carried out by Omar et al. (2.34). They

used high metal content catalysts (greater than 10% by weight) and

did not report any neqative order kinetics. They also reported
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that no reaction occurred below 225°C on the support alone. As weil.
they noticed an improvement in catalyst activity after high conversion
runs at elevated temperatures.

The results of the investiqations described above are summarized
in Table 2.1. : " ' T

The subject of catalytic hydrocarbon oxidation has been
reviewed by a number of authors. Germain (2.35,2.36) and
Margolis (2.37) have published quite extensive surveys. In addition
to these references, researchers in the automotive industry
have published a number of papers (2.38 -2.42 for example)
dealing with hydrocarbon oxidation over a variety of catalysts in

relation to chemical reactions in catalytic cepverters.

2.2.2 Adsorption Measurements

Some of the kinetic rate constants in a L-H or E-R type of
rate equation can Be theoretically equated to combinations of
equilibrium constants for adsorbing and desorbing species (2.43)
These equilibrium constants are themselves usually functions of the
temperature and of the heats of adsorption of the
different reactants. For this reason, the heats of adsorption of
ethylene, oxygen and of carbon dioxide are of_importahce in the
modelling of a heterogenous reaction.

Some of the early adsorption measurements of hydrocarbon% on
various metals were done by Beeck (2.24) in connection with
his interest in the catalytic hydrogenation of ethylene. He
measured heats of adsorption of ethylene on nickel which ranged from

about 58 kcal/mol for clean surfaces to about 10 kcal/mol for
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for monolayer coverages. His results were the same at -183°C and
at room temperature. He was able to find evidence that some of the
adsorbed ethylene self-hydrogenated to ethane, qiving rise to

his speculation mentioned earlier that the ethylene adsorbed
dissocfatively. In a later paper, Beeck (2.44 ) measured heats

of dissociative ethylene adsorption at 23°C on a number of metallic
films: Ni, Fe, hh. W, and Ta. Ffor associative adsorption on
nickel, Beeck estimated that the :Lo-site heat of adsorption was
around 10 - 15 kcal/mol. His results for oriented and non-
oriented nickel films were within 3 % of each other. However, for
all metals except Rh, he observed a rapid decrease in h@t of ad-
sorption with increasing surface coveraqe.

In some cases, calculated heats of adsorption can be used
rather than experimentally determined values. However, whgn the
precise nature of the adsorbed species is unknown, caution should
be exercised in using the calculated values. Eley (2.45) presents
a series of comparisons between reported heats of adsorption and
calculated values using the Pauling covalent bond equation (2.46).
For oxygen on tungsten, the calculated value is 95.6 kcal/mol and
the value observed on tungsten wire is 139 kcal/mol. The cal-
culated value for ethylene on nickel i5 36.2 kcal/mol which is
significantly lower than the value of 58 kcal/mol reported by Beeck.
However, the calculation which Eley proposed was for the i

associative adsorption,

2Ni + 2C

>

+ c2H6

-
[
-O X

2Ma
Ni N



rather than the reaction proposed by Beeck,

-
[ J

;

-O-

4NY + C2H4 -

Ni NI Ni

which they suqaested did not occur. They a1so cited two other

possible reactions,

- - \
NoH
A T C=C +
NE Ni
and
N+ CH, R Ni-CH=CH, + 1/2 M,

but discarded both of these as the Pauling equation oroduced an even

’ .
1owei\ya1ue for the heat ofjgdsorptilh if either of those two

chemical “equations are used. So, whi]e Pauling's e;uat{on may, for
certain cases, reasonably predict actual Héats of adsorption, the
adsorption mechanism must be known a priori for it to be of use.
Trapnell (2.47) investiqated the adsorption of ethylene on
tungsten filaments at 0.0°C and found that the uptake was consider-

ably reduced after a gassing-degassing cycle. He attributed this



.

to irreversible changes in:-the tungsten surface caused by reaction
with the aas and the poisoning of the surface by the auto-
hydrogenation reaction, i.e. the desorption of the ethylene into

acetylenic residues and hydrogen atoms.

H H
44 + 2C2H4 »> (': = (': + 2 ‘}"{
N W W
\
' )

This would require a four site adsorption, one site for each carbon
and a site for each hydrogen atom transferred. The four gite
adsorption was seen as being vefy rapid. Trapnell (2.47) conjectured
that the four site adsorption was followed by a much slower transfer
to a two site covering via the self-hydrogenation.

i.e.

¢H + 3CH » + 2C,H

26

=

¥ O - X
]

x -0 - X

The presence of evolved ethane (CZH6) in the gas phase was presented

as evidence for this reaction.
Jenkins and Rideal (2.27) also examined ethylene chemisorption

on nickel, concluding that either the associative form,

“

e o

Ni Ni

2
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or a {Jissociative form,

ot
[
®.

2

‘ CH + H
. W . (

?H Ni

Ni
were possible. The measurement of heats of adsorption and adsorption
isotherms on supported and pure platinum has presented investigators
with many problems. Bond (2.48,2.49) reported that oxyaen adsorbed much
more readily than ethylene, while Morgan and Somorjai (2.50)
reported that, at least for low pressure (10_5 Torr) on the [100]
surface of platinum, ethylene chemisorbs appreciably at room

temperature while oxygen adsorption is negligible. Morgan and

Somorjai also postulated that the adsorbed ethylene may take

one of four forms:
.

CH,
]
o+ i ; HpL - CHy ‘
Pt Pt bt bt

Ho = CH o+ 2 H HC - CH

Pt Pt Pt Pi gt

Weber et al. (2.51) reported heats of adsorption of oxyaen

on Pt between 58 kcal/mol and 40 kcal/mol and provided an
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empirical equation relating activation energy to the surface

coverage,

E(n) = 58,000 - 2310 * 10" (n) [kal/mol]
where n = no. of atoms adsorbed per g Pt. Weinberg et al. (2.52)
have measured heats of oxygen adsorption on platinum and found
values from 53 kcal/mol to 69 kcal/mol. However, they also maintained
that the adsorption is strongly dependent on surface impurities.
In fact, for oxygen adsorption on carbon contaminated surfaces, they
speculated that oxygen adsorption is non-activated. Bonzel! and Ku
(2.53) felt that oxygen adsorbed in a two step process, the precursor
state being molecular adsorption, the final state the chemisorption,

as shown in Figure 2.1.

Distonce From
Surface

@)
1

Physical Adsorption

Chemisorption

Y ,b

Figure 2.1 : Adsorption energetics.
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There are differences of opinion on the adsorption mechanisms
and the values of the activation eneraies and the heats of adsorption.
As well, there is considerable evidence (2.54 - 2.56)
that the adsorption characteristics of oxygen and ethylene on platinum
surfaces is a function of which crystal face is available for
adsorption. Further, some researchers (2.57) speculated that oxygen
may exist in a variety of adsorbed forms. Some of the more recent

studies of adsorbed oxygen on platinum have been discussed by Carriere

(2.58)

et al, The heats of adsprption of ethylene and of oxygen on

various metals is summarized ig Table 2.2.
TABLE 2.2
HEATS OF ADSORPTION

L

Metal Temperature Oxygen Ethvlene Reference
(°C) (kcal/mol) (kcg]Lmo])

Ni -183 10~ 35 2.24 ~
Ta 23 138 2.44
W 23 105 - 2.44
Cr 23 100 2.44
Fe 23 68 2.44
Ni 23 58 2.44
Rh 23 50 2.44
W 20 139 ! 2.45
Pt - 80 40 - 58 2.51
Pt 22 53 - 69 2.52
Pt 22 -0 2.50
(100)
Pt 22 40 - 60 10 - 20 2.49




26

2.3 Reactor Analysis

[
This work does not presume to contribute to the already extensive

literature on reactor analysis. A grea!? number of researchers
have constructed mathematical models which purport to describe

chemical reactors\and can, under certain circumstances, predict

sustained oscillations in temperature and/or conversion (instabilities).

As eq;e]lent reviews of the subject have already been written (2 59

2. Gib an additional review here would be, at the best, reaunuant.

One feature common to many of the papers is that the instabi]if}
is often attributed 4o macroscopic phenomena, such as the classical
\heat generation - heat loss curves associated with stirred tank
;eactors. In the present work, microscopic effects such as changes
in the surface structure of the catalysts can be used as an explanation
of the observed instabilities. Since nearly every author has a unique

explanation for the particular oscillations-he observes, a review of

these ideas would perhaps be better left for one's later years.

To determine the reaction rate constants, a differential recycle

reactor (described in Chapter 3) was used. This was done in an

attempt, with a -heterogenous system, to obtain the behaviour of a stirred

tank reactor. This particular approach, theuyse of a recycle reactor,
has been used by many others. ( See Yang and Weinstein (2.61) for
examples.) Also, other reactor types such as the Notre - Dame
spinning basket reactor (2.5) have been used with success. The
advantage in using this type of system is that the mass balance
equations for an ideal CSTR are algebraic, while the mass balance

equations for other reactor types (inteqral bed, batrh,

Ry
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etc.) are usdal]y differential, thereby necessitating the
differentiation of kinetic data.

As a fina] comment, it should be pointed out that the
observation of oscillatory chamica] systems has not b®n narrowly
confined to the realm of chemists and chemical enginkers. A
review, with over three hundred references, of oscillatory phenomena
in many fields (chemistry,engineering, medicine zoology, electro- )
chemistry, and population studies) has been prepared by Nicolis

’

and Portnow (2.62).
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CHAPTER 3
PROCEDURE AND EQUIPMENT

3.1 Differential Recycle Reactor
3.1.1 Equipment

Figure 3.1 shows a schematic diagram of the differential recycle

system used for the kinetic runs. The system can be divided into three
sections: gas delivery system, reaction system, and regulation system.
C.P. grade nitrogen, carbon dioxide, ethylene, and oxygen were
obtained from local distributors. (The supplier changed during the
course of the experiments.) For low oxygen runs, mixtures of ethylene
and nitrogen were prepared in high pressure clyinders, then mixed with
line air prior to the reactor. The gases used for the high oxygen
runs were line air and a specialty gas, nomina]ly 5% ethylene in nitrogen,
obtained from Linde. For intermediate oxygen runs, high pressure
cylinders of oxygen and nitrogen were prepared as feedstockiq The line
air was dried by passing it through a cylindrical bed of 4A Molecular
Sieve, 30 cm by 706 cmz. Occasionally, a run with a high carbon
dioxide concentration required the addition of carbon dioxide to one
of the high pressure cylinders. The gas flow rates were controlled
by Matheson regulators and Whitey needle valves. The flow rates were
measured with two Matheson Mass Flow Meters , model 8116-0153, with a
flow range of 0 to 500 SCCM (standard cubic centimetrés per ninute);
aﬁd model 8116-0112, O to 100 SCCM. These mass flow meters were
pre-calibrated for a variety of gases, however, the calibrations
were rechecked with air, nitrogen and nitrogen and ethylene
mixtures. The specifics of these calibrations, and the calibrations

for the other regulatory and measurement devices are in Appendix B.
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The feed stream could be made to flow either through the reactor,.
or directly to the gas chromatographs via a bypass. A number of
needle valves were placed in the lines and were adjusted so that the
pressure drop, and hence the flow rate, through the bypass would
be ghe same as through the reactor. The recirculation was effected
by éhe use of a metallic bellows pump, model MP 301, manufactured
by the Metal Bellows Company, and powered by a single phase
quarter horsepower induction motor. Since the motor operated only
at a sinagle uniform speed, the ratio of the flow through the recycle
loop to the exit flow was requlated by a Nupro needle valve. The
pressure inside the loop was requlated with a Moore Constant
Differential Flow Controller, model 63SU-L with an external variable ’
reference pressure. The reactor was always run at a pressure of
145 + 10 kPa (-~ 7.5 psig ) . The pressure was measured using
a J.P. Marsh Bourdon Tube pressure gauqge mounted upstream of the
flow controller. The flow rate throligh the recycle loop was measured
with a Matheson rotameter, tube size R-2-15-B, mounted outside
the hot box. The rotameter loop was isolated from the main re-
cycle loop with Nupro shutoff valves and was used only to spot
check the flow rates.

For kinetic determinations, the measurement of isothermal data is
preferable if at at all possible. This reduces the dimension of
the final curve - fitting problem by one and may enable the use
of very simple single variable regression formulae. To facilitate
the taking of isothermal data, a constant temperature bath for the

reactor was constructed. The bath was filled with Cerrobase,



a eutectic mixture of lead (45% by weight) and bismuth (55% by weight)
which had a melting point of about 400 K. The bath was heated with

a controlled 2500 watt calrod immersion heater. The high thermal
conductivity of the lead - bismuth mixture (both in the solid and

liquid phase) resulted in essentially constant reactor wall temperatures.

-

The wall temperature never varied by more than 0.5°C. A similar bath
was used for kinetic” studies by Wanke (3.1) who found that the
inclusion of a stirrer in the bath was not necessary to maintain the
reactor wall at constant temperature. The lead - bismuth eutectic
was contained in a stainless steel cylinder 90 cm long with a diameter
of 18 cm. The steel cylinder was further enclosed in an aluminum- .
clad asbestos container to minimize heat losses from the bath.

The reactor tube was a 3/4 inch, schedule 40 stainless steel
pipe, 36 cm long. Approximately five feet of pre-heating coil
was wound around the reactor to ensure that the reactants
enterihg the reactor were at the same temperature as the bath.
As the molten metal would foh] the threads of the. reactor fittings,
the reactor tube was extended above the level of the bath.
A stainless steel plug was placed inside the reactor tube, exténding
10 inches down into the reactor tube. A fine screen was mounted
1/2 inch from the bottom of the tube to contain the catalyst.
The combimation of the plug and the screen reduced the effective
volume of the reactor to about 20 cubic centimeters. When
the reactor was charged, a layer of glass beads was placed on
the screen first. The layer of glass beads was usually 2 to 3

centimetres deep. The layer of glass beads was then followed by
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/ .
the particular catal}st charge. The bellows pump, the recycle
tubing, and the top of the reactor were all contained on top of the
bath housing inside an asbestos-insulated sheet metal box. The
air in the box was warmed by heat transferred from the molten
metal and by a copper coil heater to the same temperature as
the bath.

Two iron - Constantan (55% Cu and 45% Ni) thermocouples,
one near the middle of the catalyst bed and another near the top
of the catalyst bed were used to measure the reaction temperatures.
They passed axially down the reactor tube, through the reactpr
plug.

Gas chromatography was used.to analyse the feed and product
compositions. A Beckman GC - 2 with a molecular sieve column
was ;sed to separate oxygen and nitrogen while a Hewlett - Packard
model 5710A gas chromatograph with a Porapak Q column separated
nitrogen-oxvgen, carbon dioxide, ethylene, and water. The line
from the reactor to the chromatographs was heatéd toeprevent
condensation of any of the reaction products. The outputs
of the chromatographs were recorded and analyzed with a Hewlett -
Packard model 3380a electronic reporting integrator. The details
of the chromatographic ana]ysfs are contained in Appendix C.

The output from the mass flowmeters was continuocusly
monitored on a Hewlett - Packard model 17501A strip chart
recorder and the outputs from the thermocouples were recorded on
a Watanabe Servocorder strip chart recorder. The control of the
eutectic bath heater was accomplished with a Honeywell model MS2

temperature controller. A1l lines were 1/4 inch seamless 316



stainless steel tubing.

&.1.2 Operation

The differential recycle reactor was used for kinetic

determinations and for the dispersion versus activity tests.

The first kinetic runs were done on a commercial Englehard catalyst.

These .catalyst pellets were surface-coated y-alumina cylinders
1/8 inch by 1/8 inch, with a nominal platinum loading of 0.3%.
The reactor was charged with 100 pellets (4.73 g) for the initial
tests. The activity of the fresh catalyst was determined, The
catalyst was then treated in flowing air at 413 K for 16 hours
and again at 576 K for 63 hours and the activities were rechecked.
This catalyst was then used for the series of kinetic runs.

The flow system allowed for either sequential admitt;nce
of the reactants to the reactor or for the complete mixing
of all the reactants prior to the reactor. For all the kinetic
runs, the reactants were admitted to-the reactor in a well
mixed flow. Some adsorption studies were also done using this
apparatus, and these called for sequential admission of the
reactants into the reactor.

For the kinetic runs, the total mass flow rate was kept
between 500 and 600 SCCM for the majority of the runs. The
total stream would be sent through the bypass for analysis of the
feed stream, then switched through the reactor. Analyses were
performed on the reactants until steady state was achieved. The
time required to reach steady state varied between 20 minutes

and 8 hours depending on the instabilities that occurred. Once
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steady state was achieved, a number of repeat analyses wereq
performed. The feed comﬁgsition was occasionally rechecked

after the products had been analysed in order to ensure that

no change in the feed composition had occurred. While the
chemical analyses provided discrete measurements of the reaction
progress, a continuous monitoring of the transients was possible
via the output of the catalyst bed thermocouples.

Kinetic data were taken at the following temperatures:
/’§3X<édi:i§}_3§8K 400K, 455K, and 472K. Ethylene feed concentrations
vari rom 0.1% to 3% and the oxygen to ethylene ratio was varied

from 0.1 to 200.
The catalyst used during the integral bed runs was also tested
in the differential recycle reactor. The reactor was charged

with 3.4 g of the aged catalyst and the activity of the catalyst

was determined for temperatures between 353 K and 388 K.

3.2 Integral Bed Reactor
3.2.1 Equipment

A schematic diagram of the integral bed reaction system
is shown in Figure 3.2. Again, the system can be divided into
three parts, the gas delivery system, the reaction system, and the
analysis/regulation system. *

The gas delivery system was identical to the system used
for the recycle reactor with a feWw minor exceptions. Two calib-
rated Matheson rotameters, tube #610 and tube # R-2-15-B were used

to measure the flow rates of the reactants into the reactor. The

gas flow could be sent to the reactor or directly to the gas
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chromatographs. Again, the pressure drops in the two 1oops’were

equalizedeith needle valves.‘so that the flows would be the same.
The integral bed reactor is shown schematically in Figure 3.3

The reactor itself was a 3/4 inch schedule 40 316 stainless stee]b

_ pipe, 60 cm long. A fine screen was placed at the bottom of the

tubé to contain the catalyst. A mixture of glass beads and

catalyst pellets cgﬁﬁd be placed in the reactor to form a bed up

to 30 cm deep. Six thermocouples were placed in the catalyst bed

to monitor thé‘temperature profiles in the reactor. Two thermo-

;ouples were imbedded in the outer skin of the reactor tube.

The Cerrobase bath described previously for the recycle reactc-
was also used for the integral bed reactor. Since the reaction zcre
was beneath the level of the molten metal, there-Qas no need to
build a hot box above the bath container. The line from fhe p
reactor-to the chromatographs was insulated and heated to ;

prevent any condensation of the reaction products.

The analysis and regulation instruments were somewhat different.

A Honeywell Electronik 16 multi-point recorder was used to record
the outputs from the eight reactor thermocouples. The temperature
in the bath was controlled with a Foxboro M/62 controller. The
Beckman GC-2 mentioned earlier was used to analyse for oxygen and
nitrogen and a Gow Mac Series 550 fGas Chromatograph was used to
analyse for oxygen- nitrogen, carbon dioxide, ethylene, and water.
The output from the two chromatographs was recorded on a Hewlett -
Packard model 7100-B strip chart recorder equipped with a Disc
Integrators Also, an on-line qas chromatography analysis package

was available on the Chemical Engineering Department's IBM 1800 L §

gr’
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computer. The sianals from the chromatographs were analysed using this
package of computer programs as a check on the values obtained

from the Disc Integrator. Two thermocouples iA tﬁe bed were
continuously recorded on the Vatanabe strip chart recorder as well

as on the multi-point recorder. Prgﬁ)ure measurements in the

—

reactor weré made with a mercury manameter.

3.2.2 QOperation

The integral bed reactof was Operated in much the same fashion

=

as was the recycle reactor. A1l the reactants were mixed and then
~ fed either to the reactor or to the bypas; loop. The transients
were observed on the continuous temperature output. The initial
catalyst was the 0.3% Pt catalyst described earlier. The catalyst
bed contained 13.8 grams of catalyst and seventy - two grams

of glass beads. The catalytic activity was checked for the fresh
catalyst. The catalyst was then treated in flowing air at 523 K for
6N hours and at 576 K for 12 hours. The activity was rechecked
after each treatment. The bulk of the fractional conversion
measurements in the reactor were taken at 375 K, 380 K, and 387 K.
The ethylene feed concentration was varied from 0.1% to 2 % and the
oxvgen feed concentration was varted from 1 % to 20 %. Some
measurements were taken ats 420 K_gnd 440 K as well. Some high

temperature (640 K - 766 K) oxidations using only 1/8 inch alumina

spheres were also inve;‘iqated.. et e
O, 4
gf
¢ G

P
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{/
3.3 Catalyst Activity Comparisons
1

3.3.1 Procedure

A series of experiments to aetenmine the relationship between
catalyst reactivity and platinum dispersion was the final
undertaking. A number of catalysts, Englehard 0.5% Pt 8" 1/8 inch
alumina cylinders having dispersions rangina from 0.036 to 0.32 were
prepared. The details of the catalyst preparafion and the dispersion
measurements are in the next section.

4

In each case, 75 catalyst

- (about 3.2 grams) were placed
in the recycle reactor. The @5 tﬁsétivity for ethylene
oxidatiqn was measured at 385K, 410K, and 425K. The oxygen
concentrations were varied from 2 % to 18% and the ethylene
concentrations were varied from 0.2% to 2 %. The equipment and
_ techniques used were nearly identical with the‘kinetic investigations
:in fﬁe recycle reactor described earlier.

Wk

3.3.2 Catalyst Preparation and Analysis

The catalyst preparation and analysis was performéd by R.
Fiedorow. The catalysts were either sintered in flowing oxygen
or in flowing hydrogen at a pnressure of about 93 kPa. The dispersion
measurements were made by introducing hydrogen pulses into a
nitrogen carrier gas stream. The hydrogen adsorption ud!hkes were
then used to determine the dispersions. Téble 3.1 lists the catalysts,
their treatments, and the dispersions. The details of the sintering
and the adsorption measurements are explained by Fiedorow and Wanke

(3.2).



TABLE 3.

CATALYST TREATMENTS AND DI$€§RSIONS

|
Catalyst Treatment Dispersion

Atmospherd Temperature (°C) Time (hr) _
E-00 - no treatment - 0.22
E-29A 02 800 1 0.036
£-26 02 700 1 0.115
£E-96 H2 800 1 0.120
E-95 H2 ’700 1 0.155
E-27 02 650 1 0.17
£-97 H2 500 1 0.22
£E-25 02 600 1 0.26
E-24 02 500 1 0.27
£E-28 02 550 1 0.3
£E23/29 02 550 16 lif32

Ry
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‘platinum catalysts. Fresh 0.3% Pt/A1,0
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CHAPTER 4

DLFFERENTIAL RECYCLE REACTOR

4.1 Introduction

-

The recygle reactor was used to obtain kinetic data for the
determination of an empirical rate function for the. complete
oxidation of ethylene to carbon dioxide and water over supported
3 catalysts which had been
thermally stabilized and catalyst which had been aged in the integral
bed reactor were both used in these tests. It was suspected that
the reaction could be modelled using the form of an L-H rate equation
and the experimeqts were performed with this in mind. Three types
of experiments were undertaken. Investigations of the oxidation in
excess (18%) oxygen and 1bw)(1% - 2%) ethylene concentration were
conducted first, followed by experiments with near-stoichiometric
mixtures of oxygenband ethylene. Experiments with high ethylene
conce?trations (>5% with sub-stoichiometric oxygen) resulted

in no detectable reaction"at temperatures up to 472 K due to the

inhibition by ethylene.

4.2 Reactor Selection

The number of reactor types uéed for kinetic determinations-
is nearly as great as the number of rate equations which have been
produced. Tq; type of reactor chosen for this work was dictated by the
mass balance equations (see Appendix A) and a few externalities.

The method of analysis chosen, gas chromatography, was fairly

slow. Each set of measurements required about eight minutes to complete.
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Carbon dioxide, one of the reaction products, had no inhibitory effects
on the reaction rate, and hence, the measurement of initial rates was
not necessary. Since the reaction was highly exothermic, non-
isothermalitiesr and heat transfer limitations would make the use
of an integral bed reactor extremely difficult in the determination

" of kinetic constants. As well, since the rate equation was suspected

to be of the form

12

n
- KyKoK3[05] ° [CoHy .1
(0 + K [0,] + K [CH, D™ |

the use of an integral bed reactor for the kinetic determinations was

rejected. . \

Instead, it was decided that a pseudo-stirred tank reactor
would be constructed. The choice for the reactor type was narrowed to
two - a recycle reactor or a spinning basket reactor similar to the one

. é]]uded to in Chapter 2 (2.5). As either reactor type would be
acceptable, the decision became one of economics. The recycle reactor
described in Chapter 3 was considerably less expensive since some
existing pieces of apparatus could be incorporated into the design, and
therefore, it was selected. '

@
4.3 Blank Runs
The possibilitv that the reaction could be catalyzed by the
méta] of the reactor or the alumina support ‘,the\ possibility of

, homogeneous gas phase reaction was ascertained ifn a series of blank
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runs. (The experiments were actually done in the 1Ategral bed reactor,
but the results can be mentioned here. More detail will be offered in
Chapter 5.) The first runs were in anoempty reactor using a 1.52%
ethylene in air mixture as the feed. No reaction occurred up to 593K
kand the frgctionaI conversion was less than 5% at 792K. In the second
series of experiments, a ;tream of ethylene (up to 1%) in air was
passed over a bed of 1/8" alumina spheres. Again, no reaction products
were detected up to 593K.

In comp;r%son, Omar et al. (2.34) found no reaction below
498K for ethylene over alumina and Dmuchovsky et al..(2.31) reported
that no reaction occurred below 699K. As will be shown in Chapter 5,
the reaction kine;ics are much different for ethylene oxidation over
alumina than for the oxidation over alumina supported platinum. In any
case, all of the kinetic runs were below 500K, and the dependence of
the kinetics on alumina or reactor metal catalyzed reaction or on
homogeneous gas phase reaction is .certainly ngg]igib]e.

~ 4

. *
4.4 Catalyst Activation ‘

While catalyst manufacturers endeavour to supply catalysts
whi;h are physica]]y.and chemically stable, most supported metal
catalysts are affected in some manner by thermal treatments. The
stability of the catalyst used here was studied in two ways. A fresh
single catalyst charge (designated A) was subjected to two subsequent
thermal treatments in.flowing air: first for 15 hours at 478K (B) and
then for 13 hours at 568K (C). The activity of this Engelhard 0.3%
platinum catalyst was determined for each of the three case&' The

first experiment was a test to determine if the activity of the fresh
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}
catalyst would change with time. A 0.64 mole % ethylene-in-air mixture
was passed over the catalyst charge (100 pelle\s; 4.73 q) and the
conversion was measured at various times. This ron, along with a
similar run performed later with the thermally tPeated cata]yst (c)
are pictured in Figure 4.1. In each case, the activity remained
relatively constant over the 75 hour run time, with the exception of
slight initial increases in the activity. The thermal treatment
seemed to have caused a permanent increase in the éctivity of the
catalyst. °
The activity of the frE€sh catalyst sdmple is compared with
its activity after|the thermal treatments in Table 4.1. Here the
negative order depéndence of the rate on the ethylene concentration fs

L

evident, as well as an increase in activity with increasing treatment
L4

severity.
TABLE 4.1
CATALYST ACTIVITY FOLLOWING THERMAL TREATMENTS
Temp Inlet Ethylene Conc. Fractionaﬁ Conversion
() (mole %) A B C
391 0.64 0.022 0.041 0.088
388 0.65 © 0.000 | 0.056 | 0.065
388 0.37 0.073 0.118 0.283

Even though these treatments are rather moderate, the increase in
activity is apparent. This effect was even more pronounced with the
catalyst used in the integral bed reactor, although the treatments were

more severe. This increase in activity could be explained by
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postulating that a slight increase in the dispersion of the metal on
the support surface occurred. The sintering model for supported metal
catalysts proposed'by Flynn and Wanke (4.1) does predict this, and
experimenfb] evidence for increased dispersion as a result of moderate

treatments has been found by Fiedorow and Wanke (3.2). Repeat experiments

using the thermally treated catalyst (C), showed that this pre-
treatment had partially stabilized the activity of the catalyst,
but variations in activity were still observed. The variations in
catalytic activity were particularly noticeable immediately after

some high temperature unstable runs and complete conversion runs.

4.5 Kinetic Runs - Fresh Catalyst

The bulk of the kinetic determinations were performed on the
0.3% platinum on alumina catalyst which had been heated to 568K in
flowing air (designated as "C" in the previous section). Fractional

conversion versus exit concentration data were taken for temperatures

between 362 and 472K, ethvlene concentrations between 0.048 mSJ and
m
0.952 Dpl,’ and oxygen concentration between 0.161 T%l and 9.29 E%l .
m m m

As was mentioned in Section 4.2, it was suspected that the
reaction would have a Langmuir-Hinshelwood type of mechanism, and a
ate equation like Equation (4.1). The first series of experiments,
(onducted in excess oxygen (18%-20%), eliminated the oxygen
dependence. If the oxygen concentration does not change appreciably,
then Equation (4.1) can be written in the form
k1[c2H4]"1

-r = - . (4.2)
(1 +x, [CH, D"




After a few runs, the strong inverse nature of the kinetics became

apparent, thereby requiring that
ny >N (4.3)

Later, after examining the results of the near-stoichiometric

runs, two rate equations were selected for the curve fitting:

k .
I B 2R (4.4)
T TCH,] '

and

K0,
S A () (4.5)

also, a special case of (4.4) was also used, i.e.

k[0,]

-y = [Eaﬁ;] (4.6)
A two-dimensional plot can be used to visually evaluate Equations (4.4)
and (4.6); however, a depiction of Equation (4.5) is mare difffcult. The
measured rate of reaction versus the ratio of the oxygen concentration to
the ethylene concentration for the excess Ooxygen runs is shown in Figure
4.2. The rates were calculated with the observed fractional conversians as
outlined in Appendix A. In turn, the fractional conversions were based
on carbon dioxide production or ethylene depletion. This resulted in
two values for the measured rate; one based on carbon dioxide, the
other on ethylene. The value of the rate used was value based on €0,
if the conversion was less than 10% and the average of the two values
if the conversion was greater than 10% ( sce Appendix E for

justification and elaboration). The lines passing through the
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points are least-squares linear fits. The data used to prepare
Figure 4.2 are located in Appendix D.

The runs in lower oxygen.concentrations were performed in the
same m&nner as were the excess oxygen runs. The rate based on CO2 was
used 1f the conversion was less than 10% and the average value\was‘used
for conversions above 10%. Only very rarely did the reaction exceed
75% conversion without‘going to completion (100% conversion). In those
very few cases, the rate based on ethylene alone was ;sed for the curve
fitting. The data for the low oxygeﬁ ;Uns, located in Appendix D, is
pictured in Figure 4.3. Again, the mé;sured rate was plotted against
the ratio of the exit concen‘ration of oxygen to the exit concentra&ion
of the ethylene. The data for both the low and excess oxygen runs were
fitted to three equations, (4.4), (4.5) and (4.6) using *the Marquardt
multi-wariable noh—libear reqression algorithm. The computer proaram

is listed in a separate data book(see Appendix F). The kinetic '
parameters obtained are summarized in Table 13?' While ghe two-parameter
equations will, of course, provide generalfy Better fits to the

. ?ii;perimenta1 data, the slight added complexity is not always justified,

. and may in fact be misleading. Equation (4.4} provided on]y‘slightly

better fits of the data than did Equation (4.6). The variance for that
two-parameter equatioﬁ was generally only a few percent, less than the
variance for the single parameter equation. The value of the exponent
on the concentration ratio in kquation (4.4) varied from 0.709 to 1.4011
without any perceptible pattern. The average value of this parameter
was 0.9975, which suggests that the single parameter model, Equation ,

(4.6) can probably be used to model the reaction with littlc loss of

accuracy.
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The other rate equation which was fitted, Equaiﬁon (4.5) more
closely resembled the L-Hetype of equation. A probleT often encountered
in the fitting of L-H rate equations also occurreq!ﬂsre. The parameters
tend to exhibit a correlation, which often prevents thg development bf
a rate constant versus temperature dependence. As can %é seen from
Table 4.2, the ratio of the two constants in Equation (4.5) is usually

close to the corresponding rate constant for the single parameter model, ‘

Equation (4.6). However, because of the parameter correlation, the least

square minimization can result in parameter values which defy any attempt

- L
.

to cast them into a temperature dependent form.

The value of the predicted rate versus the measured rate has
beén plotted for the 375K runs and the 472K runs on Figures 4.4 and
4.5 respectively. The values for Equations (4.4), (4.5); and (4.6)
with the appropriate constants from Table 4.2 are plotted for those two
temperatures. The 45° line represents the case where the predicted
value matches_the measured value exactly. The differente between the
three fits is hardly diste}nible on Figures 4.4 and 4.5, however
Equation (4.5) "does seem to be slightly better than the other two on
Figure 4.5. The relationskip between measuref and predicted rates for
the other temperatures is not any different than for 375K and 472K.

Because of its siﬂp{;city and accuracy, and fhe failure of
‘the iwo*parameter models to exhibit distinct superiority, the single
parameter model, Equation (4.6)¢4as selected as the kinetic equat#®on
to model the reaction. .

The rate constants obtained from the single parameter fit,

Equation (4.6), are shown on an Arrhenius plot as the open circles in

Figure 4.6. The solid circles are explained in Section 4.6. The
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data (open circles) were fitted to the linearized form of the

Arrhenius Equation, i.e.,

1@-’ In A -E/RT (4.7)
using a simple line east squares technique.

“J, Thy results of this fit, shown as the 1ige in Figure 4.6,

yielded an activation energy of 114 kJ/mol (25.5 kcal/mol) and a

pre-exponential factor of 4.12x106

mol/g of cat - s. The rate constant
was also plotted against temperature in a non-linearized fashion, i.e.,

kK « Aoe'E/RT (4.8)

The Marquardt non-linear regression aloorithn was again used
to curve fit the data to the non-linear form of the Arrhenius equation. .
The results of this calculation are shown in Figure 4.7. Siﬁce there
is some numerical correlation between the pre-exponential factor and
the activation éhergy, the non-linear curve fitting.program could be

made to converge on a number of different pre-exponential factor and

mol
gcat-s

pre-exponential factor and 116 kJ/mol (27.705 kcal/mol) were obtained

for the

activation energy pairs. The values of 4.12 * 106

by starting the iterative curve fitting program with th results

obtained from the linear fit of Equation (4.7) on Figure 4.4. The values
o]

for the pre-exponential factor and the activation enerqy calculated with

those finitial guesses had the lowest variance of all the pairs obtained

however. While the ginear and non-linear fits of the rate constants
resulted in very similar values for the pre-exponential factor and the
activation energy (Figure 4.7),the-#W1inear fit does show that the

emphasis is placed on the low tempé;ﬁture runs, perhaps at the expense
: -
-
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of the middle to high temperature values. Since the low temperature
runs were usually lower conversion runs, the relative error in the
measured fractional conversions used to calculate the rates is
probably higher than the relative errors inherent ;n the high tempera-
ture runs. This may have caused some bias in the activation energy
and pre-exponential factor-obtained from the fits.

Finally, all the kinetic dat; were fitted simultaneously to
the proposed rate equation,

-r = A e E/RT Iégé%T (4-5)

]

The Marquardt algorithm in multi-variable, non—]inegr form was again
used to estimate the ?ctivation energy and pre-exponential factor using
the kinetic data at gll temperatures. The activation energy
determinkd this way was 114.093 kJ/mol and the pre-exponential factor
was 4.122 * 106 mol/g cat-s. Both these va]ues‘agreed very well with
the numbers obtained from the linearized form of the Arrhenius equation,

and the use of the non-linear fitting algorithm does not, in this case

result in a significant difference in the estimated parameters.

4.6 Kinetic Runs - Aged Catalyst

Kinetic experiments were also carried out using the previously
described integral bed reactor (IBR) and another sample of the 0.3%

Pt/A120 catalyst. The results of these IBR runs are presented ip the

3
next chapter. The catalyst sample was used for an extended perfghfin the
Ry

IBR, i.e. more than 500 hours under reacting conditions. A

Following completion of the IBR runs, a sample of this now

"aged" catalyst was tested in the DRR. A charge of 75 pellets

r'e
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(3.4 g), mixed with glass beads was placed in the DRR, and a series of
kinetic runs were performed on this aged catalyst to determine its
act“ity. The data for these runs are located in Appendix D, Table D.3.
Again, the rates of reaction were plotted against the ratio of the exit

-oxygen concentratioq to the exit ethylene concentration (see Figure
4.8). Except for the runs at 388K, the investigation of this “"aged"
catalyst was not as extensive as was the previous work. While only a
few points were taken at each temperature, linear least squares fits of

the data to Equation 4.6 were performed, and the rate constants were

determined. The results of these fits are listed in Table 4.3.

4

TABLE 4.3
RATE CONSTANTS - AGED CATALYST

Temperature /T }1103 k * ]010
(K) (k=1) (mol/g cat-s)
353 2.833 0.7097
361 - 2.770 2.393

3N 2.695 7.449
388 2.577 14.60

The rate constants for %he‘%ged catalyst as a function of
reciprocal temperature are shown in Figure 4.6 as the solid circles.
Results of 5east squares analyses for determination of activation

“energies and pre-exponential factors for the frgsh catalyst, the

aged catalyst, and the combined data are presented in Table 4.4.
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TABLE 4.4
ARRHENIUS CONSTANTS

Type of Pre-exponential Factor Activation Energy
Points Used Fit (mol/g cat-s) (kJ/mo1)
fresh only | linear a.16 * 10° 14.22
fresh only |non-linear 4.122 + 106 114.093
aged only linear 2.028 * 10° 97.71
fresh and linear 9.342 * 10° 108.95
aged

While the aged catalyst appears to be s]idhtly more active
than the fresh catalyst, the difference between the aged and fresh
catalysts is within the limits of experimental accuracy. The
activation energy of the aged catalyst was only about 14% lower than
the value for the fresh catalyst. Except for the rate constant at
388 K, which falls very close to the line in Figure 4.6, the rate
constants determined at other temperatures for the aged catalyst were
based on only two or three data points. Also, these data were taken at
Tow temperaiure. and hence low conversion levels. Because of
these reasons, the rate equation developed for the fresh catalyst
i.e.,

6 e—114000/RT

-r = 4.12 x10 [0,1/[CH,1  (4.9)

was adopted as applicabie o both the fresh and the aged catalyst.
This is the equation that was used to predict fractional conversions

in the integral bed reactor.



4.7 Adsorption Studies

well mixed prior to their introduction into the reactor.

A1l of the kinetic studies were done with reactants which were

Since the

ethylene séverely inhibited the reaction, it could be possible that the

order in which the reactants were introduced into the reactor-could be

important.

A series of experiments was conducted to investigate this.

For the first ‘experiments, the fractional conversion of

ethylene was determined for two cases.

was

either an a:r stream or a 5% C2H4 in nitrogen stream which was

Initially, the reactor feed

passed over the catalyst bed for 3 to 4 hours before the other reactants

were introduced.

The results are summarized in Table 4.5,

TABLE 4.5

COMPARISON OF CATALYTIC ACTIVITY WITH PRETREATMENT CONDITIONS

Inlet Mole % [05]>

Temp Fractional
Run (x) Treatment C,H 0 [C.H,] Conversion
24 2 24
N] 366 CZH4 -4 hrs 0.767 18.16 23.68 0.105
N2 366 O2 -4 hrs 0.724 18.16 25.08 0.114
N3 366 C2H4 - 4 hrs 0.594 18.78 4.1 0.862
N4 366 02 - 4 hrs 0.56 18.92 33.43 0.854
Ng 370 CHy - 3 hrs  0.756  18.06 23.89 0.263
N6 K7/} 02 -3 hrs 0.776 18.05 23.68 0.888

The transient temperatures, measured at the centre of the

catalyst bed after starting the mixed feed (time = 0), for the

-

above six runs are shown in Figure 4.9.

For runs N1 and N2, and

N3 and N4, the initial treatment did not affect the steady-state
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conversions. Although the steady-state conversion did not depend

on whether the surface was initially covered with CZH4 or 0,, the

29
tempergture transient was a function of the initial treatment. The
cases where the catalyst was initially covered with oxygen (runs
N2 and N4) resujged in a higher transient temperature rise. This
indicates that higher transient rates result in tﬁe case of the oxygen
covered surface. | |
The initial treatment did affect the steady-state conv;rsion

" in the other pair of runs (N5 and N6). In this case the steady-state
conversion fo]lowiﬁg the oOxygen pretreatment was approximately
threée times the steady-state conversion following the ethylene pre-
treatment. The feed compositions for both runs were approximately the
same and the final steady-state temperatures were also approxima;elx
equal. (There was an offset of about 0.75 K for ruﬁ N6, but this in
itself could not be responsible for the §hreefold increase in conversion.)
The tempefature transient for run N6 showed a large increase in temper-
ature (10 K3 and even though the steady-state temperature returned to the
initial ;alue, it is possible that a significant temperature difference
existed‘betéeen the catalyst pellets and the bulk fluid at steady-state.
High transient temperature rises had been observed in some of the previous
DRR runs, but these runs were not.used in the rate funé on determinations
presented earlier in this chapter,:

| The secbnd type of experiment performed in this series was
" designed to test whether or not ethylene would displace oxygen from the
catalyst surface. A stream of air was passed over the catalyst in the

reactor at 366 K for four hours. The reactor was then purged with

*
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en until analysis of the exit1§tream'showed no oxygen present.

‘S‘stream containing 5% CZH4 in nitrogen was introduced into the
reaésgr. The exit stream was analysed for oxygen, and in one of the
analyses following introduction of the CoHa» @ small amount (~ 0.5%)
of oxygen was detected. As well, a:slight transient temperature rise

- (1K for about 45s) was noticed. The experiment was repeated with the
exit stream being analyzed for carbon dioxide. Again, the small
temperature transignt was noticed and a small (about 0.01%) amounl of
carbon dioxide was detected. The ethylene displaced some of the
small amount of oxygen left on the surface following the nitrogen
purge and reacted with some of it. K ' ..

The reverse experiment was also conducted. The surface of the
catalyst was treated with 5% ethylene in nitrogen for 4 hours then the
system was purged with nitrogen until no ethylene appeared in the exit
stream. A stream containing 189 oxygen in nitrogen was then introduced:
Repeat experihentg failed to reveal traces of carbon dioxide or ethylene
in the exit.stream, and no temperature transients were observed. In
this case, either no ethylene was left gn the catalyst after the -
nitrogen purg1ng’ somewﬂst uni1keﬁ7 er, the oxygen was dﬁab]e to either v
react with or displace the ethylene that remained.

From these results, it would appear that ethy]ené can readily
displace oxygen from the platinum surface, while oxygen is completely
unable to displace (or react with) Ehe strongly adsorbed ethy]q.g. If

" the oxygen molecule must be bound to a site on the p]atinym in order
fof the reaction to occur, this would account for the strong inhibitory

effect that ethylene has on its own catalytic oxidation. The ethylene

may displace oxygen from the preferred sites, rendering them



unavailable for :eaction. This would suggest that the heat of
adsorption of ethylene on the supported platinum crystallites

is greater than the heat of adsorption of oxygen. The conclusion
that ethylene adsorbs more strongly than 6xygen on platinum

is contrary to most of the results reported in Chapter 2, Table 2.2.
,Neveﬂ“e]ess, the observation that ethylene is able tb replace
adsorbed oxygen and Engt oxygen is unable to displace adsorbed

ethylene definitely imdicates that ethy]éne is adsorbed more strongly

thaﬁ oxygen.

—

4.8 Conclusions - Differential Recycle Reactor )

- The main conclusion of the work on the DRR was that the rate

equation

6

-r = 4.12x10° exp(-11400/RT) [0,1/[C,H,] (4.10) “-

?
8
can be used to describe the oxidation of ethylene in low concentration \
(0.05 - 1.0 mél/m3) over a range of oxygen concentration (1 - 8.6 mo]/m3)\
and temperatire (362 - 372K). While the data displayed a certain
amount of scatter it was believed that this scatter was due to changes

in the catalyst activity. Although more complex (more adjustable

parameters) rate equations did improve the fits somewhat, it was felt
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that the increase in complexity was not warranted, and that Equation

(4.10) represented the data adequately. , ,

The édsorption studies confirmed the strong negatjve‘order
kinetics with respect to ethylene. The conclusion appirentf}rom those
gxperiments was that ethylene adsorbs more strongly than .oxygen, on the o
surface of the catalyst, and a speculation can be made that the surface
reaction must %e nreceded by oxygen adsorption onto the platinum. The
precise mechanism cannot be elucidated at this time, and further
studies, in apparatus other than that used here, would have to be
conducted if one required the step by step mechanism o% the reaction.

In the same vein, no attempts were made to postulate a mechanism

from a statistical analysis of the kinetiq data. As Carberry stated (4.2),

. y

"It should now be
statistical manip
yield a mechanism.?

nt that no amount of
n of kinetic data will

-~
7
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INTEGRAL BED REACTOR'"

~

CHAPTER 5

5.1 Introduction

The development of a rate equation which could model
the oxidation of ethylene in low concentration was outlined in
Chapter 4. The next step was to dgtermine if this rate equation
could be used to predict the fractional conversions obtained in
tubular flow reactors. The reactors used as catalytic converters
by the automobile industry are designed to minimize the pressure

drop through the catalyst bed while still exposing ’e'exhaust

fumes to - ficignt amount of catalyst to oxidize the hydrocarbons.

This req;%nt was fu‘l‘fi]]ed';gy producing large pancake-like
converters with a cross-sectional 3|%a from ] ft2 to 3 ft2 and a
catalyst bed depth of 2- 6 inches. The“‘ntegra] bed !sactor

descnbed in Chapter 3, had a croés sectional av-;a to wed depth

-

ratio which was a couple orders of magn1tude less than the commerg;a1 L ¥
catalytic converters. The object here was not to construct a

réactor which resembled a catalytic converter (the ggrchase of

a converter would have been considerably less expensive and less
bothersome) but rather t& construct a simple bench scale reactor

which would mimic some of the features of the converters.

With this reactor, and tHe simplified mass_bglance equaldons

outlined in Appendix A, the rate equation develpped in the previous

chapter could be checked against an independeny set of measurements.

' \



5.2 Baank Runs
Two typés of blank rlns were performed in tipe integral

bed reactor. .The first series was conducted in an empty reactor

to test for homogeneous gas phase reaction between the ethylene

and oxygen. A 0.135%Léthy1ene in Né mixture and air were mixed and

sent through the empty reactor at temperatures from 500K to 792K,

the upper limit of the temperatureéontro]]er. The results are

1.‘\

tabulated in Appendix D, Table D4’ and are pictured in Figu

5.1. At 792K, where the reaction Began to occur, the co

”,

of ethylene was variqﬂ. These results are shown in Fi

A1l integral bed runs (using catalyst) were carried ou
,‘a ' P C . .

below 500K, and hence the contribu ﬁogeneous reactions to the

eous reaction does not dis-

" overall reactions are negligible.

play the inverse depenQence,én ethyl acentration. Figure 5.2

in'es that the reaction rate increases :n’th increasing ethylene
concentration rather than decreasing. This positive rather than
negative order reaction is to be expected for th mogenou;
reaction. The second series of blank runs wés'dgzg with alumina
cylinders in the reactor. The reactor was charged with 33.4g‘qf

-8 +10 mesh (about 2mm diameter) alumina spheres. The i\fiuence of
the c%;a1¥g$€§;pport was determinfd.from 500K to 792K at a variety

of ethylene concentrations. Figures 5.3 and 5.4 show the results

of these experiments. The data are tabulated in Appendix D.
[

——

Table D5. The .values used!;g Figure 5.3 for temperatures 677K,
698K and 766K were read [from Figure5.4 at the eihylene mole

percentage of 0.6086%. ¥An attempt was made for those three
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runs to reéu]ate the ethylene flow so that the inlet mole percent
would be 0.6086%, but due to the random scatter inherent in the
chromatog;aph and Disc integrator, and the imprecision of the
requlating valves the exact mole fraction could not be dupliéated.
There are values on the 677K, 698K and 766K curves which are fairly
close to 0.6086% however. | .

Again, the aegaticgjorder kinetics are not apparent here.
From Figures.d the’oxidation of ethylene over §1umina proceéﬁs
with some positive o;d;:i however it qoes appear to approach zero

order at ethyrén ! ﬁeéqgw?tlons over 2%. From Figure5.3, it can

.«'w!

be seen that for tempsratures below 500K, the oxidation of ethylene
by the alumina supp‘$ certainly negligible.

The majoﬂihiLof the runs 'in the integral bed reactor were
perfoymed with th® same 0.3% p]atinpm on alumina catalyst that was
used for the DRR runs. A numbér of different series were cgnducted

jn large oxygen excesses (20%), moderate oxygen excesses (7-8%) and

at near stoichiometric lg}é]s.
\

5.3 *ata]yst Pre-Treatment

As was done with the differential recycle catalyst, th:

. catalyst used for the integral bed runs, (0.3% Pt on alumina) was

thermally treated. Two thermal treatments were applied. The catalyst
was first exposed to 523K in flowing air for 60 hours. The second
treatment was at 575K in flowing air for 12 hours. The activity

of the catalyst was checked initially and after each pre-treatment.
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]
The results of these tests are shown in Figure 5.5 and are tabulated

in Table D6 (Appendix D). In order for this comparison to be
meaningful, the fractional c?nversions must be measured at the same

dxygen to ethylene ratio and 'at the same inlet ethylene flow rate.
: |

\
\

(See Appq‘eix A.S.é). thl!v¥n-attempt was made to measure fractional
conversions at the same oxygen to ethylene ratio, the flow contro?ﬁing ‘
‘Plves a limited precision and gggg; duplicatidn‘was impossible.

Table D6 shows that the oxygen to ethylene.ratio;in the feed stream
varied from 23.3 to 24.6 for most of these runs. This is undoubtably

the reason'for some of the scatter in the data of Figure 5.5. As a
result of these pretreatments, the activity of the éata1yst increased
substantially. The fractional®conversions measured \fter the treatments
were up to four times higher than ppe.conversions measured with the

fresh catalyst, and the temperature required for complete conversioﬁ

decreased from 403K to 396K.

-— R «

5.4 Predictions of the Rate Equation - Isothermal Model

The predictions of the rate equation were first tested on
the simplest reactor model, a plug flow, pseudo-homogeneous,
isothermal reactor. Under these conditions, the energy balance
equation is not needed and the mass balance equation can olved
analyticdlly by ‘integrating the rate equation. (The resultin
equation is implicit in the fractional conversion, therefore a
root finding technique is required.) The details of this model are

outlined in Appendix A.5.2. The resulting expression, equation (A.67),



Fractional Conversion (%)

100 |- ' rr ? a _

oo
o
|
1

L

O Fresh Catalyst —
¢ Treated at 523K
O Treated at 575K

0 i ] ] | :
360 380 - 400 . 420 440

Temperature (K)

/

Figure 5.5 : Effect of thermal treatments on catalytic activity.

N\



75

X6 [m/rc-a] In [rogrc-axe] S13.8k g (5.
3 9 FO/FE FE

shows that the fractional conversion is a function of \QS ratio
of the inlet oxygen flow rate to the inlet ethylene flow rate, (FO/FE)
and the inlet, ethylene flow rate, FE. For the isothermal conditians,
the rate constant, k, is a constant.

Since the fractional conversion is a function of both
the oxygen to ethyJené ratio and the inlet flow rate of ethylene,
a plot of fractioﬁa] conversion versus the oxygen to ethylene ratio
will exhibit considerabie scatter since-no two points will be at
the same ethylene flow rate. A familyrof curves, each at different
values of FE, the inlet ethylene flow rate, will result. Such a

family of curves is pictured in Figure 5.6, for a given set of
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Figure 5.6 : Predicted ethylene conversigns for IBR as a
function of ethylene and oxygen feed rates.
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experiments at the same temperature. A two dimensional
representation of the data is thus somewhat awkward, and a tabular
comparison of the measured and predicted rates 1s more appropriate.
In Table 07, Appendix D, the raw data for al1 of the integral bed
runs are tabulated. The predictions of the isothermal model, as
well as other models, are tabulated in Table D 14. The roots of
equation (5.1) are the predictedmfractiona1 conversions. They were
obtained by evaluating FE, FO and k for each run, then solving—
equation (S,I)Lsing a Newton's iterative pethod. (see Appendix F)
The extremes in the ethylene flow rate can be displayed in
a tﬁo dimensional f&eﬁne. The data at 375K, were plotted, and the
two limiting cases |!;e considered. Two curves, one at the highest
ethylene flow rate,';nd one at the lowest ethylene flow rate were
drawn. These curves are shown in Figures 5.7. Tﬁ;se data are
tabulated 1;i?ables D8 and‘bQ in Appendix D. Figﬁ}e 5.7 shows that
the two limiting cases enclose most of the measured data points.
The curve at 5.1]x10'7 mgl is at an ethylene flow rate considerably
lower than most of the runs. The majority of the runs lie closer
to the FE=1.51x10'6 T%l curve, and for this curve, the predicted
value of the fractional conversion is lower than tge measured value,
especially at higher conversions. Curves at the other temperétures were
similar and are not presented. The isothermal reactor model

and the rat; equation from the DRR, were used with a value of FE

s ,n't!'.

o’ whicﬂ*.as roughly the average for the pért1cu1ar temperature series

[ 4
*0 T;edict fractional conversions. A comparison of these isothermal



Fractional Conversion (%)

100

(o]
o

o
o

H
o

N
o

.. n
T T T Ea— T
Fe=5.n1x107 22! o ]
i Tenfperature 375K
0 Measured .
| —Predicted N

~. ' =

Figure 5.7 :

L 1 i1 ! 1

40 60 80

Fo/Fg :

Comparisqn of measured and predicted conversions
for the “IBR.

n



prediétiohs and the measured fractional conversions is showﬁ in
Figures 5.8 and 5.9. The prédicted data_ are tabulated in Table; D10 -
D13, Appendix D. The simple isothermal model performs fairly well’

at low conversion levels, where the amount of hgat liberated by

the reaction'is small. This is evident in both the low éxygeh ‘hns,
Figure 5.8 and the;high oxygen runs, Figure 5.9. Even'consideri;g

that not one line, bqt-a fanﬁ]y of lines should be plotted fOﬁ ]
each temperature, the predicfions of the isothermal model are loW,

and this ig\ﬂg& particularly surprising. There !ggg some increases

‘in the reaction gas temperature noticed during the runs, and, because
;he inside wall heat transYer caant be infinite, the isothermgl :
assumption is not valid. Also, there will be a finite heat transfer
coeffiéfehé between the catalyst pellets and the reactioﬁ gas, causing
the reaction to occur at a temperature that may be higher than the

measured gas temperature. For these reasons, a reactor model

incorporating a solution of the energy balance was required.

5.5 Predictions of the Rate fEquation - Non-Isothermal Model

The use of the rate equation deve1g$ed for the DRR with
the isothermal reactor model resulted in predictions of the
fractional conversion which were consistently lower than the measured
values. A non-isothermal reactor model, described in Appendix A.5.1.
was developed to overcome this shortcoming. Initially, a pseudo-
homogenous plug flow reactor model was used, with an infinite
heat transfer coefficient betwgn the catalyst pellets and the

gas phase. A pair of coupled differential equations resulted:
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(1) 'the mass balance, equation'(A-54) ’ ;o

L
. X « A e'E/"(Fo 3rsxxt) (5.2)
w Fe2 (1- xs) N
w o )
and ' 4
‘ T >
(2) .the energy balance, equatidn (A.60)°
¢ ' \
MG < hw (GRITY) ¢ 8k () (5.3),

These two equations were solved simultane ly using a
4th order Rungerkyfta technique (see kppendix>F) to obtaih estimates '
of the exit fractional conversion. Reliable estimates or measurementé-
could be made for host of the parameters in equations (5.2) and (5.3);
however, the evaluation of the inside wall heat transfer coefficient
posed some difficulfies. The correlations used in Appendix A.5 to

. 3
evaludte the wall-coefPicient predicted values from 1.115*%10 oo

to 8.234"‘10'3 ?:E%EEQ' The ﬁredictions could be made over a
range of heat transfer coefficients. As the coefficient increases, the
.pfediqtions should approach the predictions of the isothermal
" model discussed in the previous section. As the heat transfer
coefficient decreases, the model approaches an adiabatic condition.

In Tab]e D 15, Appendix D, a comparison of the measured

fractional conversion (the average value of the ethylene and carbon



dioxide valuei) with the 1sotherma1 ang_non-isothermml predictions
is made. The\non-isothermal ‘pi'edtction* were made with wi‘ll ‘heat.

transfer coefficients of 15. 0x10'3 K:E:Eﬁi 8.234x10"3 K'""Tiz and \

- 1.115x107 -3 ., The predictions made with the h igh heat

K ~s-cmZ
t!!nsfer c0eff1c1ent,,15 0x10” J/(K-s cmz) were very close

-to "the values obtained with the 1sothermal mode1 . Table 5 1 illustrates
‘the similtarity gh the predicttons of the 1sotherma1 mode1 the high

heat tran§fe’ odel and the model incorporating the upper bound

“of +the heet'transfer correlations. ’
In all of the runs disb1ayed in Table 5.1.‘the.predictions
_are slightly betow the measured values, and the differences between
the isothermal and éne two non- 1sotherma1 pred1ct10ns differ by ‘
less than 15% . As expected, the lower heat transfer coeff1c1ent
does predict higher conversions ‘than either the jsothermal or the
hightheat transfer model. : - .

S1gn1f1cant d1fferences are obvious at the higher °
conversion levels. Table 5 2 is a comparison of the measured
and predicted converswons for some of the high conversion runs.
Here the pred1cted values are all cons1derab1y less than the mea-
sured values. Once aga*, the predictions of the isothermal and
‘the high heatliransfer coefficient moée]s are not tgo dissimilar.
Particularly for Runs 136 and 159, the predictions .of the lTow heat
transfer coefficient a;e much better than for the other two mode]s,

"hewever even these predictions are well below the measured values.

For most of the runs in Table D15, the predictions are

” ~
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lower than the measured values. This trend is mosf signifikant

at the highe('conversion levels. This suggests that the modé? of

the reactor as pseudo-homogeneous may not be.valid. I1f there is a

s1gn1f{cgnt heat transfer resistance between the pellets and the

bulk ga§,‘the pellets may be'at a higher temperature than the bulk

gas. This would'resu1t in tﬂe reaction occurring at a higher temp-

erature, the catalyst M1let temperature, than the bulk gas temperature.

5.6 Prediction of the Rate Equation - Non-Homogenous Modem

In Appendix A.4.1, the heat transfer limitations for

the DRR were considered, and the pellet to bulk phase heat transfer

cal

i A.
Kooz Equation (A.20)

coefficient, hyp 'was estimated at 4.39x10-3
was then used to estimate the maximum temperature.difference
between the bulk gas and the catalyst pellet. The value obtained

was

\

(Tp-Tg) max, pRR 6.3 K

Equation (A.19)

= . . CpG
hp = jH —P—3
. (Pr)
)
was used to estimate the heat transfer coefficient. The mass flow
rate in the integral bed reactor, G, is considerably lower than
in the recycle reactor, simply because the reaction gases are not

recycled. Also, the j factor, which is correlated to the Reynolds

number is dependent on the flow rate. For a mass rate of

"
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(1.275x10° KTE%%EZ) and the difference between the bulk and

, the heat transfer coefficient is 5,3)(]0'3 ———2——2

5-Cm K-s~cm

pellet temperatures (based on reaction rates of 1ox10'8 mol/g cat - s)
would be between éK and 3K. ~

For the compiete and high conversion runs, which were
excluded from the DRR rate equation analysis, the rates are
considerably higher. The actual temperature difference between
the pellet and the bulk gas could easily exceed 20K during the
complete conversion runs. The previous two models assumed that
there was no heat transfer resistance between the pellets and
the bulk phase, and as a result, théy performed relatively
poorly in the prediction of complete and high conversion runs. '
The homogeneous model was thgs supplanted by a heterogeneous model
in which the pellet temperature could exceed the bulk temperature.

Equation (A.21),

Tp ={Tg + (';i ;;AH} , (5.4)

was incorporated into the non-isothermal model to account for the
.possibility of heat transfer limitations. The mass and energy
balance equations, (5.2) and (5.3), were then couplied with (A.21)

through the expression for the rate of reaction,
Q\

(-r) = A e "E/RTp (5.5)
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Equations (5.2) to (5.5) were then solved simultaneously usin§ the
RQnge-Kutta integration. A g:;parison of the measured conversion,

the predictions of the 1ow coefficient model and the predictions of the
heterogeneous model with each of the wall coefficients is shown in

Table 5.3 for some of the low conyersion runs. A slight improvement

in the predictions of the heterogeneous model oveY the homogeneous models
is evident for tWe runs which H;d been previoﬁs]y predicted below the i
measured values (e.g. FO1, F11, GO1, and H03). In the case of the high
homogenepus predictions (H12, 155) the homogeneous model performs better
than the heterogeneous model. However, for most of the cases, the
predictions of the heterogeneous model! were still below the measured values.
The heterogeneous model with the low wall heat transfer coefficient

predicts slightly higher conversions than the heterogeneous model with the
high wall transfer coefficient.

In the case of the high conversion runs, the predictions of the
heterogeneous model, especially when.coupled with the low heat transfer
coefficient, often predicts conversiens which are higher than the measured
conversions. In Table 5.4, some of the predictions of the homogenous
and heterogenous models are compared. For runs 151, F08, and F14, the
heterogenous model, coupled with the low heat transfer coefficient
predicts 100% conversion while the heterogenous model with the high
heat transfer coefficient predicts much lower conversions. This
is more apparent in runs F16, JO7, and 137, where both models using the
low wall heat transfer coefficient predict complete conversipn, while high

1]

wall heat transfer coefficients predict conversions which are lower.
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For the high coav:rﬂon runs, the predictions of the Yoy heet
transfen coefficient heterogenchs medel are above the :ﬂund
values , although in general, the predictions of all the models are
Tower than the _nusured values. |

The presentation of the results of the integral bed
reactor is somewhat difficult, and displaying selected excerpts
from Table D15 in Tables 5.1 ts 5.4 may be misleading. “An appreciatio
of the different models can only be obtained by a close examination of
Table D1S. The results can be summarized in a quantitative manner
though, and this summery is in Table 55

. TABLE 5.5
SUMMARY OF IBR RESULTS ¢
y
Number of runs for Which the Difference
Mode Between the Predicted and Measured
€ Fractional Conversion was
B ° - i|Positive | zero | Neqative
Homogeneous-1sothermal ’ 79 5 r 4
| Homogeneous hm=8.234x10-3 76 6 6
h'=1.115x10-3 52 13 23
Heterogeneous h'=8.234x10'3 66 _ 10 12
hw=1.115x10-3 a5 15 . 28

-
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8.7 Conclusiens - Integral Bed Reactor

The rate equation developed in the differential regycle

reactor was used, in conjunction with different reactor models, to

_predict fractional conversions in the integral bed reactor. The

homogenous 1sotﬁérwa1, homogenous non-isothermal, and the

heterogenous models all generated more low predictions than high

predictions. From the predictions of the two non-isothermal

models, it was clear that the selection of a proper wall heat

trqnsfer coefficient was perhaps more }mportapt than the selection

of a heterogenous model over a homogeneous model. The low:heat transfer

coefficient homogeneous model often predicted the fractional conversions

better than the high heat transfer coefficient heterogeneous model.
Since increasing the complexfty of the reactor model

imbroves the accuracy of the predictions, the gap between the

measured and predicted values could be narrowed by improving the

sophistication of the reactor model. In all the models, radial

gradieqﬁs were ignored, and a model incorporating a modification

to account for these gradients would generate better predictions.

As well, since the reaction exhibits negative order kinetics,

bac@ziiing (axial diffusion) would result in higher conversions

(5.1). A reéctor model incorporating radial and axial diffusion

forms would also predict higher conversions. If these additional

terms were added to the mass and energy balance equations, a

numerical method requiring the solution of a pair of non-linear

partial differential equations would be required. While this is
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cert?in]y not an insurmountable obstacle, the benefits of that
analysis are questionable. J
In the DRR studies, a certain amount of scatter in the
data was apparent. That s®atter was attributable, in part, to
changes in the catalyst activity. In fact, runs following
periods of instability or high conversions were usually discarded
because of their anomalous activity increase§. The instabilities
and high conversion runs also occurred in the integral bed
reactor. However runs following the instabilities and the high
conversion runs were not excluded from the analysis. In particular,
runs F18 to F34 in Table D15 followed % series of reactor in-
stabilities, and particularly high conversion levels were measured.
For these runé, the predictions were all considerably below the

measured values. For example, in Run F23, a fractional conversion

of 48.75% was measured, and the best prediction, the prediction

-

of the low wall coefficient, heterogenous model, was only
17.19 %. The instabilities which occurred prior to Runs R18-34
cert;}nly affectéd the activity of the catalyst.

Because there was random scatter in the data, and

-

because of the instability in the catalyst activity, it was
concluded that the development of a more scphisticated reactor
model was not warranted. The predictions obtained with the
three models described here were sufficiently close to the

measured conversions to provide an independent verification of the

validity of the rate equation developed in Chapter 4. Perhaps
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more important however was the identification of the sensitivity
of the models to the selection of an appropriate heat transfer
coefficrent at the reactor wall. The rate equation was valid
over.«do range of oxygen concentrations (1 mol/m3 - 8.6 mol/m3),
a r;nqe of ethylene concentrations typicé] of exhaust hydrocarbon
concentrations during start-up (0.05 - 1.0 mo]/m3) and over a
temperature range also typical of automobile start up (362-472K).
Also, the analysis showed that despite certain claims that an
integral bed reactor is as effctive a vehicle for kinetic

studies as is a CSTR or pseudo-CSTR (5.2), the presence of heat
transfer limitations (and possib]y‘hass transfer limitations as
well) will nake the determination of kiretic constants from integral

bed data little more than exercise in statistical manipulations.
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CHAPTER 6
REACTION INSTABILITIES

¢
S .
During b&é course of the investigations of the 0.3 %

platinum catalyst, unstable behaviour was often encountered. The
increases in activity with jnitial treatments was one type of

instability encountered. The other instabilities were more complex. -
They were characterized by substantial chahées in the apparent activity

of the catalyst dur‘gg,a'Single run. These instabi]ities,.which were

&m’fested in cyclical and non-cyclical fluctuations in fractional

conversion and reactor temperature, were gbserved in both the

recycle reactor and the integral bed reactor.

6.1 Instabilities in the Integral Bed Reactor

The temperatures in the catalyst bed of the integral bed )
reactor were recorded at discrete time intervals at five points in the
bed by the multi-point recorder. As well, a continuous trace of the
output of two of the bed thermoéoup]es was ;ecorded en a strip chart
recorder. The outputs of two thermocouples, one located near the top
of the catalyst bed the other one half way down the bed, were continuously
recorded. When the feed was introduced into the reactor, a slight termper-
ature rise was noticed. This rise was usually:less than 5K and was typically
about 1K or 2K. The temperature transient would subside in less than two
minutes. Figure 6.1 is a tracing of a bed thermocouple for a typical run.
The non-cyclical instabilities resulted from the passage
of the reaction front down the lenqth of the catalyst bed. This is

not an uncommon phenomenon. For many positive order systems, this
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)
'type‘of behaviour has been observed and theoretically predicted(6.1).
F&gdfe 6.2 is a tracihg of the output of the thermoéouple half-way
‘down the catalyst bed for one such fun. The %ath temperature was 380 K
and the oxygen to ethylene ratio in the feed was about 30 to one.
Within two minutes following the introduction of the reactants into the
reactor, the temperature rose to 395K, and remained there for abouf Six
minutes. During this time the fractional conversion was measdred at
74.4 % . At the eight minute mark, the reaction front moved past the
mid point of the n.actor;7causing a furthgr increase in the femperature
to 400K. An analysis of the products revealed Fﬁat the fractional
conversion jumped to 100 % during this transient. Once the reaction. .
front had passed, the temperature of the bed fell to 1ess'%han a degfee
above the bath temperature of 380 K. The average fractional conversion
once steady state was achieved was 20.15 %. The output of the thermo-
couple near the top of the bed was:neﬁrly identical with Figure 6.1,
with the sole exception that the reac;ion ffont passed through that
point about 90 seconds before it passed through the bed midpoint.
The multi-point recording also confirmed that a reaction front did indeed
pass down the reactor bed.
Often, the transients were much faster than the one
discussed above. Figures 6.3(a), 6.3(b), and 6.3(c) depict three
temperature tracings from the half-way thermocouple at 02 to CZHQ ratios
of 25.28, 43.11, and 53.19 respectively. In these cases, the reaction
front passed through half the length of the bed about four minutes after 15;%
the feed had been introduced into the reactor. As can be seen from o
[

Figure 6.3, increasing the oxygen concentration relative to the ethylene

at constant bath temperature tended to reduce the severity of t‘
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transient wave. After these instabilities occurred, the fractional
conversion was ﬂften inordinately high for the run immediately following.
and also for a few subsequent runs. This is responsible for somé of the
scatter in the DRR and IBR data. For the kinetfc fitting of the DRR data.
the unstab]e‘run and the run following the instability were usually
discarded.'

The non-cyclical instabilities occasionally appeared as a ™=
doublet, with two distinct temperature peaks. Tracings of two such
temperature histories of the mid-bed thermocouple afé depicted in
Figure 6.4. Again, the passage of a reaction front was evident from
a comparison of the two thermocouples. During the high temperature
transient, the fractional conversion was 100 %. After the transient
had subsided, the steady state values for the fractional conversion
were 58.6 % for the run pictured in 6.4(a) and 56.0 ¥ for the run
pictured in 6.4(b).

. As well as the non-cyclical transients which were observed, a
number of runs also exhibited instabilities which were periodic in nature.
These runs often produced a sekies of doublet peaks similar to those
just described. A series of these peaks from a tracing of the mid-
bed thermocouple are shown in Figure 6.5. For this run, the ratio of the
inlet oxygen to inlet ethylene concentrations wag 3.1. After an
initial temperature rise of about 8 K, a series of doublet peaks
appeared on the temperature tracina. The period of the oscillation
varied from five minutes to eight minutes and the maximum amplitude
was about 5 K. The oscillations continued in the fashion depicted
for six hours, until the run was terminated. The fractional

conversion during the trough periods was about 62 % while the conversions
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during the peaks was 100 ¥. Slight induced changes in the inlet
ethylene concentration (0.1 mol/m3) did not affect the period or the
amplitude of the os‘]lations. Cyclical oscillations of this type
occurred only at bath temperatures above 420 K, while no instabilities
of any kind were noticed below 380 K. In all cases, the passage of

the reaction was marked by complete conversion of the ethylene. The
oscillations were observed in runs with both slight and'1arge excesses
of oxygen, but were never observed during runs in which the oxygen
supply was near or below stoichiometric amounts. (Inhibitory effects
of the ethylene during those runs would result in very low conversions,
usually less than 5 7). The oscillations were unaffected by small changes
in the feed concentration or the bath temﬁerature once a series of

fluctuations was established.

6.2 Instabilities in the Differential Recycle Reactor

The non-cyclical instabilities observed in the integral bed
reactor did not appear during the DRR runs. Since the length of the
catalyst bed was much less in the DRR, the passage of a reaction front
through the catalyst bed would not be noticed. The continuous
recordings of the output of the thermocouple in the bed and at the top
of the bed were nearly identical for all the runs. The catalyst bed,
as is the intent in a differential reactor, remained at a uniform

temperature (anfd probably reaction rate) at any instant. For a number

of runs periodic undamped oscillations in the bed temperature anq the

final fractighal conversion were observed.
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The catalyst which had been aged in the integral bed reactor
and then placed in the recycle reactor exhibited oscillations with
fairly well defined amplitudes and periods. Figure 6.6 and Figure 6.7
show the tracings of the bed thermocouple and the corresponding
fractional conversions measured at the reactor exit. The equipment
was designed primarily to produce steady state-data, and the composi-
tional analyses were performed with a gas chromatograph. Continuous
monitoring of the fractional conversion was impossible, and hence substantial
portionskof the fractional conyersion versus time curves fn Figures
6.6 and 6.7 are inferred from the temperature tracing rather than being
actually measured.

The run pictured in Figure 6.6 was at a bath temperature of 371K
and a ratio of inlet oxygen.to inlet ethylene concentrations of
21.87. . The period of the'oscil]ations varied somewhat from 3.5 to 4
minutes while the amplitude of thke temperature oscillation was only
about 2K. This produced a fluctuation in the fractional conversion
from 0.5% to 3.5%. The oscif]ations in the run pictured in Figure 6.7
were more pronounced. For this run the pgth temperature 2as 388K and the
ratio of inlet oxygen to inlet ethy]ene‘was 54.69. Under these conditions,
oscillations with a period between 5.5 and 6 minutes and a ‘
temperature amplitude of 4-6K were produced. The corresponding range
of fractional conversions measured was 31.7% to 100%. The runs
pictured in Figure 6.6 and 6.7 continued undamped until they were
terminated at three and six hours, respectively.

It is interesting to note that the temperature trace in

Figure 6.7 falls below the value of the bath temperature in the "trough”

section of the oscillations. This may suggest that the pre-heating
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coil was too short and that the recycle compartment was not sufficiently

insulated. This was thg only run (M54) in which this phenomenon was observed.

>During steady operation, the exothermicity of the reaction prédvented

the gases from coéiing below the bath temperature. To prevent the
reaction gases from cooling below the bath temperature, the power

supplied to the recycle compartment heater was increased for all the

subsequent runs and the cooling never reoccurred.

Cyclical instabilities were also observed in the DRR with the
fresh 0.3% Pt catalyst. Occasionally, the instabilities were cyclical,
but not periodic. In these cases, the temperature and fractional
conversion would abruptly jump from'a low conversion level to a high
conversion level. Such a run is pictured in Figure 6.8. Here, the
periods of high or low conversion lasted from a few hours to over a day.
A careful examination of the odtputs from the mass flow meters
revealed no appreciable fluctuations in the inlet flow rates over the
duration qf the run, and the output of the bath thermocouple was also
steady throughout the run. The low conversion levels resulted in
fractional conversions from\1 % to 30% while the high conversion periods
were characterized by complete oxidation of the ethylene. As was the
casg for the IBR instabilities, small induced fluctuations in the inlet
flow rates and the bath temperature did not affect oscillations.

If this oscillatory behaviour of the ethylene oxidation system
were to be studied more extensively, modifications to the equipment used
here would certainly have to be made. The continuous monitoring of
not only the temperature of the catalyst bed, but also of the exit

concentrations would be necessary to study the transients in detail.

-
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6.3 Physical Models

‘
P

While the reactor instabilities could not be studied
_extensively with the equipment used for this work, and while they were
primarily a hindrance to the development of a rate equation,
sneculations as to their origin can certainly be offered. As was
mentioned in Chapter 2, many authors have studied oscillations in the
CO oxidation system, and have offgred a corresponding number of
hypotheses exp}aining th they occurred. A definitive statement as to

the origin of the oscillations in this system, ethylene oxidation,

cannot be presented at this time, but a few of the more promising

explainations will be mentioned. -

6.3.1 Macroscopic CSTR Instability

\

One of the better documented (6.2,6.3) causes for instability
in adiabatic CSTR's and pseudo-CSTR's (such as the DRR) arises because
of myltiple intersections between the mass and energy balances (see
Appendix A). This is often depicted 1in a figure similar to
Figure 6.9. The upper and lower intersection points, A and C, are
stable operating conditions while the intersection at B is matastable.
This type of instability is frequently manifested in abrupt jumps from
one stable state to another, in a manner very similar to that pictured
in Figure 6.8. There are reasons to believe that the
instabilities observed during the course of this work were not due tol
this classical CSTR instability however. First, the classical CSTR
instability does not occur spontaneously, but rather results from a
disturbapce in the operating conditions (chanae of concentration, flow

rate, temperature, eté., in the feed). As was mentioned, no measurable
e ©



108

- I L | A

aud c _
X ,

Mass =—-w=ereecoaceca
------ er
S Balapce gglagé’e
A | _
o
= B
o
(&)
A

TEMPERATURE  (K)
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CSTR.

changes in any of the feed parameters were noticed. Whi]é absence
of evidence is not evidence of absence, it seems unlikely that the
shifts in conversion levels was precipitated by shifts in one of the
fecd conditions. Second, small induced changes in the flow rates (less
than 107) and in the bath tcﬁp6r$1ure (1ess'than 3K) did not cause any
changes in the pattern of oscillations observed in either the DRR or
the IBR.

So, while the abrupt‘jumps from one steady state to another
pictured 1n Figure.6.8 may resemble the classical CSTR instabilities, it

is believed that the instabilities do not arise from any macroscopic

effects, but rather are due to some other microscopic effects.
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6.3.2 Instabilities Due to the Nature of the Rate Equation

" One of the simplest explanations for the oscillations can be
presented from a consideration of the rate equation. The final

empirical equation selected was

ERr 105
0 [CH,T (6.1)

-r = A

which was a 1imiting form of the equation

-E/RT;~ n n
. A, e [0,] l[cznq] 2

(1 + k][021"3 + ko [CH

T (6.2)

While no positive order behaviour with respect to ethylene was

observed during this study, there must certainly be a concentration

range (less than‘0.0]%) of ethylene in which zero or positive order
kinetics do exist. If the DRR was non-isothermal, then, as the reactants
entered the reactor, the high exothermicity of the reaction would -
causersan increase in the reactor temperature and in the reaction rate.
The increased rate would cause a drop in the ethylene concentration which
would further result in a yet higher rate followed by increasing
temperatures and rates and decreasing ethylene concentrations. Once

the complete (or very near complete) conversion level is

reached, the reaction order with respect to the ethylene concentration

becomes positive, and further reaction, in the incomplete conversion
case, decreases the rate. Once the rate begins to decrease, the ethylene
concentration increases, and the inhibitory effect of the increased

ethylene concentration causes a further decrease in the rate and the

. ! - . .
Snmnawatora Thic nhanamannn roanld ranceivahlv continue until the
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reactant gases were at the original state, -at which time the cycle could

begin again. Under {sothermal conditions{ the cycling would not occur.
This model, while not without appeal due to its simplicity,

does suffer from a few shortcomings. First, it is only speculation that

the positive order kinétic; exists for this system. Since it is

certain that no positive order kinetics were apparent at ethylene

concentrations below 0.1%, it is somewhat difficult to postulate

a shift fron bos}tﬁ}é'£o the negative order kinetics at concentrations

below this 1evé1. Esoeéfally at oxygen concentrations around 207%.

The continuation of the cycle once the reactant gases had returned to the

initial state wouﬁd require that the reaction rate increases. For

these reasons, a model incorporating only the rate equation as an

explanation for the instabilities in unsuitable, and a model which

postulates more subtle surface phenomena is required.

6.3.3 Multiple Tyoes of Adsorbed Oxygen

The possibility that two different forms of the reacting
species may exist on the catalyst surface, and thereby result in
multiple steady states has been discussed by McCarthy et al. (2.11) and
by Hugo and Jakubith (2.14). They both speculated, that for carbon
monoxide oxidation, two forms of adsorbed CO may exist (COA and COB or
bridged and linear) and fhat one of the forms displavs considerably more
activity for oxidation than the other.. In this work, it is not known
whether the reaction procgeds via an L-H mechanism (reaction between
adsorbed oxygen and adsorbed ethylene) or via an E-R mechanism (reaction

between one adsorbed species and one gaseous species). From the adsorption

studies howkver, it seems evident that the oxvgen, at least,must be adsorbed
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fn order for the reaction to occur. If, as Kikuchi et h1.(6.4) suspect,
oxygen adsorbed on platinum can exist in more than gne’/ form on the metal

|
. ep) . .. -
surface, tiren a difference in reactivity betggeﬁ/z;e two forms could

resul hserved instabilities if there is a shift from one non-

reac to a'rgactive,form. This possibility, while ve}y promising,
is also very difficult to verify. Typically, the nature of adsorbed
spgcies is inferred from analyses of IR spectra. Unfortunately,

oxygen adsorbed on Pt/A1203 cannot be detected by IR since the adsorbed
oxygen bands are masked by the A1203 bands. Because of this, different
oxygen species can be observed only indirectly. Sheintuch et al. (2.15)
believe that the CO oxidation/oscillation models which Ascribe
multiplicities to transformations between bridged and 1inear forms of
adsorbed carbon monoxide should not be used. They discarded thi; mode]
on the basis that their predictions with the model would oscillate only
for "unreasonably" high values of certain parameters. As well, they
felt that the model had no applicability to other reactions.which
exhibited oscillatory behaviour. This does not imply that a model
incorporating an equilibrium transition between a reactive and
non-reactive adsorbed oxygen specie as lg’r’ate determining step is

untenable. However, theb showed very little enthusiasm for this

kind of postulation.

6.3.4 Instabilities Due to Periodic Burn-0ff

The possibility that a burn-off of adsorbed carbon monoxide
may occur periodica]]y.was considered by Beusch et al. (2.16) as an
explanation for -the observed oscillations in carbon monoxide oxidation.

.
A similar type of explanation could also be proffered in this case. In
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the deactivation phase of this model, the surface of the catalyst (or
the active sites only) become covered with ethylene. As the surface
coverage of ethylene increases, the concentrat%on of adsorbed oxygen,
and the reaction rate decrease. Once the surface is covered to a high
degree with adsorbed ethylene, the reaction is at its lowest rate. If
the oxygen rich gas phase can then begin to oxidize the ethylene at a
localized "hole" }n tHe ethylene coverage, the proximity of the many
adsorbed ethylene molecules to each other could cause a chain reaction
in which the surface coverage of ethylene is burned off. A similar
phenomenon can occasionally occur in the catalytic converters.,
Prolonged driving at unsteady state (rush Hours for example) can
result in the converter pellets becoming coated with cqrbon. An engine
misfire can'initiéte the combustion of this adsorbed carbon, and the
resulting temperature rise may have catastrophic effects on the catalyst,
the converter, and even the entire automobile.

This model is attractive; however,there is little basis for
the speculation that a chain reaction burn-off occurs. Sincg\no
experimental verification could be made with the equipment used here,

the veracity of this explanation could not be tested.

6.3.5 Instabilities Arising from Changes in the Catalyst Surface

The final model to explain the oscillations is based on the
possibility that changes to the platinum surface occur during the course
of the oscillation. In the next chapter, the effect of the metal
dispersion on the apparent catalytic acti?ﬁty is examined. It was found
that the specific activity of a supported platinum catalyst increases as the

dispersion decreases, so that any changes in the metal dispersion which
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occur during the course of a run will be reflected in changes in the
measured fractional conversion. The oscillations could arise from a
cycle of sintering and redispersal of the platinum crystallites. Flynn
and Wanke (4.1) and Fiedorow and Yanke (3.2) support the contention
that atomic migration model for the sintering of supoorted metal
catalysts will predict the redispersal of sintered crystallites. A
cycle could involve the progressive sintering of the metal surface as
the reaction rate increased until the decrease in the rate due to loss
of metal area matched the rate increases due to lower ethylene
concentrations. This would be followed by a period of further sintering
durina which time the rate would decrease, causing a decrease in the
temperature of the surface. If the temperature is then lowered, the
redispersion of the catalyst could begin to occur, resulting in a
return to the higher rates and temperatures. In this manner cyclical
behayipur would be detected in the measured catalyst temperature and
exit fractional conversions.

The changes in the catalyst surface need not be particularly
severe. The adsorption studies cited in Chapter 2 indicated that the
theg€§"oﬂxadsorption were strong functions of the platinum surface for
both oxygen and ethylene. A change in the distribution of active sites
on the catalyst, rather than a redistribution of the actual crystallites
would probably be sufficient to account for the observed instabilities.

Some of the experimental observations indicate that a change

in the platinum surface may well be the reason for the occurrence of
oscillations in this system, since it was frequently noted that the
activity of the catalyst following an instability run was inordinately

high.
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Some temporary changes in the catalyst must have taken place
during the run in which the instabilities occurred. Tﬁese temporary
changes were then responsible for the subsequent increases in activity.
It is of course difficult to determine which is the cause and which the
effect. The cyclical instabilities in the DRR can certainly be
viewed as resulting from changes in the supported metal. The apparent
activity increases following a single high conversion run or!1ong
term transient (Figure 6.4) may well have been caused by increases in
metal dispersion which were themselves caused by the higher pellet
temperatures. 1In the latter case, the instability caused the change in
the catalyst rather than vice versa.

The dispersion studies outlined in the next Chapter also
indicated that thermal treatment of the catalyst in oxygen
atmospheres may resuit in changes in the dispersion and hence in the
activity. Some of the oxygen-treated catalyst samples had activities
which were lower than catalyst samples of the same dispersion which
had been treated in hydrogen. While an explanation for this would also
have to be speculative, the observation is enough to give some support
to the postulation that changes in the catalyst are responsible for the
non-cyclical instabilities and perhaps cyclical ones also. Since many
of the runs were conducted in excess oxygen (up to 20%), the surface of
the catalyst was reaqularly exposed to condftions similar to
those used to prepare the samples discussed in Chapter 7. This could

result in both permanent and temporary changes in the catalyst

surface.
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6.4 Summary

Non-cyclical oscillations and cyclical oscillations of regular
and irregular periods were observed in both the integral bed reactor and
the differential recycle reactor. These oscillations occurred in both
the bed temperature and t‘% measured fractional conversion. The
amplitudes of the oscillations ranged up to 80% for the fractional
conversions and up to 6K for the temperatures. The instabilities caused
temporary increases in the activity of the catalyst. A number of
explanations for the oscillations can be presented, but none merits
wholehearted support. A model based on periodic changes in the surface
morphology of individual platinum crystals seems promising, but extensive

experimentation would be required before any model could be adopted.
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CHAPTER 7
THE EFFECT OF PLATINUM DISPERSION ON ACTIVITY

7.1 INTRODUCTION

In Chapter 1, the importance of a fine dispersal of the
active metal on the support was mentioned. As the dispersion increases
(smaller crystallites), the surface area per unit mass of the precious
metal increases. For many catalytic reactions, the rate of reaction
is directly proportional to the surface area of the catalyst and
hence directly proportioné]-to the dispersiOn.kaowever, for many
other catalytic reactions, the activity is not only a function of
the metal area, but also of the structure of the catalyst surface.
Boudart (7.1) referred to the former structure insensitive
reactions as facile reactions and_to the latter structure sensitive
reactions as demanding reactions. .

This characterization does not specify the nature of the
ctructure sensitivity, and a demanding reaction may exhibit increased
or diminished activity compared with a facile reaction. In Fiqgure
7.1, (7.2) a number of demanding reactions and a facile reaction
(Curve 1) are pictured. The facile reaction is a horizonal line

on a specific rate versus dispersion plot.

\

Rate

Specific

() e . 10
_ Dispersion .
Figure 7.1 : Specific rate as a function of

dispersion (Ref. 7.2)
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Huang and Carberry (7.3) reported that the oxidation of
hydrocarbons over supported platinum catalysts was demanding.
It was decided that an examination of the structure sensitivity/
insensitivity of a series of surfacé coated supported platinum
catalysts might provea interesting. A number of 0.5% Pt/ A1203
catalysts with dispersions ranging from 0.036 to 0.32 were available
and they were used to determine if the oxidation of ethylene over
supported platinum is demandin;’or facile.

The catalysts with different dispersions were obtained
by thermally treating (sintering) 0.5% Pt/A1,03 (Engelhard) catalyst
samples. Some of the samples were sintered in an oxy@en atmosphere,
and some in a hydrogen atmosphere, but in all cases the samples
were reduced in hydrogen at 500°C for one hour following the sintering.
The catalyst treatments and the measurements of the dispersions
were done by Dr. R. Fiedorow. The details of the treatments
and dispersion determinations have been previously described by
Fiedorow and Wanke (3.2). A summary of the ther%a] treatments and
the dispersions of the catalysts used were outlined in Chapter 3
(Table 3.1).

Fractional conversions as a function of ethylene and
oxygen concentrations were measured at 385 K, 410 K, and 425 K for
the catalyst samples using the recycle reactor. For all experiments,
75 catalyst pellets (3.0 to 3.5g) and an equal volume of Pyrex beads

were placed into the reactor. The procedure used for these

dispersion runs was the same as that described in Chapter 4 for the
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kinetic runs.

7.2 RESULTS

A ndﬁber of experimental difficulties were encountered
during the studies on the sintered catalysts. Variations in
catalytic activity and instabilities similar to those previously
described occurred. Fluctuations in the recycle ratio, large transient
temperature gradients, and difficulties in obtaining steady state all
hindered th{jnvestigation. In consequence, many of the experimental
points hél.to be discarded from the analysis..

The recycle ratio decreased during the study from the
20:1 value of previous runs to between 10 and 12 to one. Replace-
ment of the inline filter, cleaning of the tubing, and checking of all
valves and fittings failed to rectify the problem. The recycle
ratio was restored to its original level by switching to a new
metal bellows in the recvcle pump. Experiences of other members of
the Chemical En@ineering Department confirmed that the metal bellows
was a partigularly vulnerable piece of the apparatus.”

The catalyst used for these studies had a 0.5% platinum
loading compared with a 0.3% loading on the catatyst used for the

p .
previous Qurk. S$ince the reactiop rate widl generally increase
with the metal loading, it was feared that the reaction rates at
temperatures comparable to the ones previously studied (362 K -
472 K) might be too high. This indeed was a problem. High
temperature differences, up to 40°C between the bath and the catalyst

bed as well as within the catalyst bed, occurred for runs at high
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oxygen concentration (m}8 mole %). For these runs, heat transfer
limitations, internal, external and at the reactor wall would mask
the intrinsic reaction rates.

For several of.the experiments, exceptionally long
time perjods (4 to 8 houﬁs) were required to achieve steady-state
product concentrations. Except for unstable runs, steady state was
always achieved in less than 30 minutes for the other DRR and the
IBR runs. This long period to. achieve steady-state was p;obably
due to a restructuring of the platinum crystallites. The céta]yst
samples were all reduced in hydrogen, and were not treated in air
after the dispersion determinations. Since these changes were slow
compared with the time required to perform the chromatographic
analysis, it is certainly possible that changes in activity eccurred
even after the product compositions appeared to be steady.

The experimental results for the sintered catalysts are
presented in Appendix D, Table D15. The results for runs which
Qere unreliable, i.e., runs during which instabilities occurred,
runs following an unstable run, runs in which large temperature
grad%ents were obsérved, and 1007 conversion runs are not included
in Table D15. All of the runs are listed in the Separate Data
Book. The rate for most of the experiments where the average
conversion was less than 10% was, as before, calculated from the
carbon dioxide formation. Exceptions to this were runs Ql, R6, S3,
T4, T13 and T14 where the rate of (02 formation was, for unknown
reasons, very low or zero. In thesg;cases, the .conversion based

on ethylene depletion was used for the rate calculation. At conversion

levels above 10%, the average conversion was used to calculate the
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rate. : [
.qhe rate data in Table D15 were fitted to the same
[ %
equation used
. {
_ k [02]
-r = -—
[CaHa] (7.1

at each temperature and for each catalyst sample using the Marquardt
1
algorithm. The rate constants were then normalized with respect to

the dispersion, i.e. -

K- — kK (7.2

DISPERSION
The values of k and k are tabylated in Table 7.1 for the various

catalysts and a plot of k versus dispersion for the sintered catalysts

is 'shewn in Figure 7.2.

Rates were also measured for an unsintered 0.5% Pt/A1203
catalyst ([-000, Table 3.1; Series 0, Table 7.1) assuming that the
dispersion of that catalyst was 0.22, i.e.equal to the dispersion of the
catalyst treated only in hydrogen at 500°C (E-97, Table 3.1, ééries U
in Table 7.1). The normalized rate constants, k', for the untreated
catalyst were approximately twice the value of the corresponding
normalized rate constants for catalyts E-97. Ffor example, at 385 K,

the normalized rate constant for sample E-000 was 15.58x10_8 compared

with 6.145x107C mol/g cat-s for catalyst E-97.

7.3 Discussion of Results

Although the previously discussed uncertainties may cast

some doubt on the accuracy of the results presented above, the
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Table 7.1

of Dispersion Expériments

4
‘ Rate Constants x108
(mol/g cat-s)
Series Dispersion 385K 410K . 425K
k k' k k' k k'
0 (0.22) 3.427 15.58 1 5.705 25.93 -
P 0.036 - - 1.750 48.62( 2.568 71.33
Q 0.115 - - 2.365 20.56| 5.143 44.72
R 0.12 ' 1.179 9.823 3.021 25.18| 5.009 43.55 °
S 0.155 0.4438 2.863 2.068 13.34| 5.842 37.69
T 0.17 - - 1.815 10.68| 2.782 16.36
U 0.22 1.3521 6.145 3.545 16.11 ] 5.913 26.88
v 0.26 0.4765 1.833 2.261 8.694 1} - o
W 0.32. 0.5187 1.621 | 2.461 7.691|4.889  15.28
K = k
dispersion

Series R,S,U, Sintered in Hp
Series P,Q,T,V,W Sintered in 0p

Series 0 Unsintered
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Dispersion

Figure 7.2 : Effect of dispersion on the specific
rate constant.
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plot. of normalized rate constants, k', versus dispersion do show
‘a definite trend. The normalized rate’constant, and hence the rate
per unit of platinum surface, decreases wﬁ}h increasing dispersion.
This decrease in the specific rate with decreasing platinum
crystallite size (increasing dispersion corresponds to decreases
in average crystallite size) is in agreement with reported effects
of platinum ‘ystallite size on oxygen adsorption. Dalla Betta and
Boudart (7.;%!and Wilson and Hall (7.5) found that small platinum
crystallites adsorb leés oxygen per surface platinum atom thanwdo
large crystallites.~ The results of the adsorption experiments
reported in Section 4.7 indicate that oxygen adsorption is the rate
determi;ing step in the oxidation of ethylene. If this is in fact
the case, then the trends chown in Figure 7.2 are in agreement with the
effects of crystallite size on the oxygenadsorptioncapacity.

while the general trend of decreasing specific activity
with increasihg dispersion does agree with reported adsorption
versus dispersion behaviour, it is difficult to accept the shape of
the curves in Figure 7.2 in the light of other findings. For
platinum dispersions less then 0.1, i.e. crystallites with diameters
greater than 10 nnm the specific activity should be independent
of the dispersion. At dispersions below 0.1, the average coordination
number of surface platinum atoms becomes independent of crystallite
size (7.6, 7.7) and the readiness of the catalyst samples with

dispersions of 0.036, 0.115, and 0.120 to adsorb oxygen should be

approximately the same. This behaviour is not displayed in Figure 7.2.
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The normalized rate constants at a dispersion of 0.036 are nearly
twice the normagized rate constants at a dispersion of 0.115. The
normalized rate constants do not become constant at low values of
the‘dispersibn. This may be due to several factors..

When detemn’ning.the structural sensitivﬂy of supported
metal catalyst, the metal crys%a]]ite size should be used as the
independent variable. Although the dispérsion is related to the

average crystallite size, it does not reflect the distribution of

crystallite size. Ideally, a catalyst having a narrow crystallite
size distribution should be used for these studies. Unfortunately
in most supported metal catalysts, the metal is present in crystallites

H

of various-sizes. This crystallite size distribution may be
o

broad, and for sintered catalysts may even be bimodal (7.8). Broad
and/or bimodal crystallite size distributions wilt tend to obscure
structural sensitivity (7.9). Also, the catalyst samples may have
differed in aspectg other than the dispersion. The pore size
distributions were never measured, and the sintering temperatures,

up to 1073K, may have caused changes in the pﬁre size distribution

of the alumina support. In extreme cases, the internal mass transfer
limitations which were pronounced negligible for Fhe DRR kinetic

runs could be sighificant. If mass transfer limitations are coupled
with the strong negative order kinetics, it is uncertain exactly ?
(what the measured global rate represents. Hence, using disggrsion

as the independent variable in testing for structural sensitivity

will only result in qualitative findings.
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Furthermore, the reported dispersions were determined
by the dynamic pulse method, and this method tends to underestimate
the platinum dispersion. Hydrogen adsorption"uptake from which the
dispersion is calculated are Jower for the dynamic pulse method
than for the static method (7.10). Therefore, the disper'sion of
the catalysts having a reported dispersion of 0.115 and 0.12 may
be sufficiently high so that the majority of the crystallites in
these catalysts are small enough to display structyral sensitivity.

As a further test on the consistency of the data, an
attempt wa§ made to collapse all the results pictured in Figure 7.2
into a single line. The data for each series was analyzed, and
an activation energy was determined for each series. A temperature
normalized rate constant, kl', was calculated for each catalyst

sample,
i} | (7.3
where

k:. = temperature normalized rate constant at the
ith temperature for the jth catalyst

rate constant at ith temperature for the jth catalyst

average apparent activation energy for all the

sintered catalysts
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\ The average activation energy obtained from fitting the
rate constarts to an Arrhenius expression using the Marquardt
algorithnwaé 54.745 kJ/mol. A plot of the temperature normalized
rate constant, k' versus dispersion is shown in Figure 7.3; the
data is tabulated in Appendix D, Table D16. If the reaction were
facile, the points in Figure 7.3 would all fall on a single straight
Yine through the ‘origin, the slope of which would be the proportionality
constant between di;persion and catalyst activity. The data
pictured in Figure 7.3 are too scattered to support a contention
that the reaction is facile, however neither do they lend themselves
to a single concise correlation between reaction rate and dispersion.

The average activation energy obtained from the 0.5%
Pt/A1203 catalvst (54.745 kJ/mol) was only half the value of the activation
energy determined for the 0.3% Pt/A1203 catalyst (114.2 kJ/mol). Also,
although there are some exceptions, {Pe apparent activation
energies listed in Table D16 increase as the dispersion increases
from 26.752 kJ/mol to 86.794 kJ/mol. Part of the reason for the
differences in the activation energies must lie in the fact that
some of the rate constants used in the estimation are based on
very few points. Because of experimental difficulties, many
points had to be discarded. In some cases (Series V, 425 K in
Table 7.1) all of the data at a particular temperature were
discarded. For Series V, 0, P, and Q, the activation eneray was
calculated from only two temperature - rate constant pairs. In

this Jight, it is not surprising that temperature normalization
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using a singleactivationenergy failed to produce asingle line in
Figure 7.3.

Finally, the possibility that the sintering atmosphere
had a bearing on the results cannot be discounted. Carberry (7.11)
cites a study by Taylor et al. (7.12) on supported nickel catalysts
in which a catalyst sintered in air (oxidizing atmosphere) produced
a reaction less demanding than a reaction over a catalyst reduced
in hydrogen (reducing atmosphere). As some of the catalyst samples
were sintered in oxygen, and some in hydrogen, there
may be some differences between the catalysts sintered in oxygen
and the ones sintered in hydrogen. In Fiqure 7.2, on the 410 K curve,
the dispersion normalized rates for the hydrogen sintered catalysts
at dispersions of 0.120 and 0.22 seem relatively higher than the
oxygen sintered catalysts.

One of the postulations forwarded in Chapter 6 to explain the
instabilities and osci]]at{ons in this reaction included the possibility
that the platinum crysta]iites supported on the a]umina' surface may
change during a run. It isunlikely, even during the high conversion
runs, -that the peliet temperatures would approach the temperatures
(550°C - 800°C) encountered during the sintering treatments of the
catalysts. Because of this, it is improbable that any "large"
scale changes in the dfspersion as a result of inter-crystallite
movement of the platinum occurred. The experimental results and
difficulties can be attributed to changes in the platinum crystallites

however. As was mentioned in Chapter 2, the heats of adsorptionof
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oxygen on platinum are markedly influenced by the surface of the
platinum. If "small" scale changes occur on'the surfaces of the
crystallites, (referred to as the surface roughening effect), the
oxygen adsorption could be affected. This surface roughening is an
intra-particle change, and is sometimes viewed as either the
spreading of the particles along the surface of the support or the
creation of "steps" on the surface of the crystallite. In either
event, an increase in the measured dispersion results. During the
dispersion runs, it was noticed that very long times were occasionally
required for steady-state in the product composition, and this was
attributed to a restructuring of the platinum crysta]]ite;. It is
possible that changes in the surface structure of the crystallites,
which occur slowly at moderate temperatures, could proceed much faster
at the higher temperatures encountered during the complete conversion

instability runs.

7.4 CONCLUSIONS )

From the dispersion series of experiments, it can be concluded
that the catalytic oxidation of ethylene over the 0.5% Pt/A1203
catalysts is not a facile reaction. Experimental difficulties,
and uncertainies in the catalyst structure may have significantly
affected the measurements, but there is a definite trend indicating
that the rate per surface area of platinum decreases as the platinum

area increases. These findings were in.aareement with the oxygen

adsorption behaviour observed by Dalla Betta and Boudart (7.4) and
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Wilson and Hall (7.5). While the results do not confirm any instability
model, the postulation that the instabilities arise due to changes

® in the platinum surface and dispersion is not discredited.
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CHAPTER 8
SOME COMMENTS ON TH§‘§ATALYTIC OXIDATION OF ETHYLENE

In the previous chapters, various aspelts of the oxidation
of ethylene over Pt/A]203 surface coated catalysts were discussed.
In Chapter 4, the kinetics of the reaction in low and excess oxygen
were studied. A global rate equation was deter"ned from the kinetic
measurements. Thelgloba1 equation is shown in Appendix A to be a
tr asure of the intrinsic chemical reaction rate. In Chapter 6,
instabilities and oscillations in the reaction were described and
in Chapter 7, the éemanding nature of the reaction was investigated.
Despite the comment made before that manipulation of kinetic data will
not yield a mechanism, the author is compelled to specu]afe on
the mechanism, Hopefully, these speculations will lend some

cohesiveness to the aspects of the reaction discussed in the previous

four chapters.

8.1 Possible Mechanisms for Ethylene Oxidation

In Chapter 4, some adsorption studiescwith ethylene and oxygen
were performed on the 0.3% Pt catalyst. From these experiments, it was
determined that ethylene will displace oxygen from the catalyst surface
and that the reversesprocess, oxygen displacing ethy]ené: does not
occur. This indicates that the ethylene is more strongly bound
to the surface, and hence has a highe; heat of adsorption than does oxygen.
These findings contradict some of the published findings mentioned in
Chapter 2, Table 2.2. The adsorption experiments were done at high

temperatures (366 K - 370 K) in a flow system. Similar experiments
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on the competitive adsorption of ethylene and oxygen on the 0.3% Pt/A1203
catalyst were also performed by Hasegawa (8.1). His studies were

done in a static system at lower temperatures. At conditions under

which the reaction between oxygen and ethylene did not occur, he also
found that ethylene disptacéd oxygen from the catalyst surface while
oxygen never displaced ethylene.

There are a number of plausible mechanisms which can be shown,

in some limiting form, to result in a rate equation identical to the N

empirical rate equation developed in Chapter 4, i.e.,

(8.1)

Equations for oxygen and ethylene adsorption on platinum surface

sites, S,can be written as

k)
02 + mS Iz m(S-Ol/m) (8.2)
CH, + nS £ S H
24 S oeg, "SGRy, (8.3)
where m = the number of sites for oxygen adsorptior

n = the number of sites for ethylene adsorption
As well, there may be many different surface reactions, the number of
which is limited by imagination only. If the adsorption follows

Langmuir isotherms, then a ¢ariety of mechanisms and attendant assumptions



will result in the required equation. Three possible mechanismg
will be mentierd here.

In the first mechanism, the surface reaction between adsorbed
" ethylene or adsorbed ethylene fragments and adsorbed oxygen is the

rate controlling step. If,

«,

1+ [0,] << K [C.H,]
K02 2 C H, C2"s
where Ko2 = k1/k2,
J .
K = k. /k ’
C,H, 3/,

then the resulting rate equation will have the same

form as [Equation (8.1). However, in order for this to occur,
]

both the ethylene and the exygen must be non-dissociatively

adsorbed onto a single site, i.e.,

While this mechanism does result in the desired equation, the
'adsorpt%on of oxygen onto a single site is unlikely, and this
mechanism is not favoured.

The second mechanism also requires that the surface reaction be
the rate controlling step. In this case however, the ethylege
and oxygen myst both be dissociatively adsorbed on two sites. Then,

if,

1/2 1/2
1+ (KOZ[OZ]) << (KCZH4(c2H4])
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an equation of the form of Equation (8.1) is obtdined. " In this case,

The third possible mechanism requires that the rate of oxygen
adsorption be rate controlling.\ In thjs case, the oxygen andfthe
ethylene must each dissociatively adsorb 6nto two sites. If this
occurs, and if

(K H4])]/2 s 1

(C
C2H4 2

then Equation (8.1) is again obtained. This final mechanism is the most
reasonable of the three mechanisms. Oxygen adsorption on platinum is
an activated process, so that there is an energy barrier. Since the
adsorption studies indicated that ethylene displaces oxygen from the
surface, the speculation that the concentration of oxygen covered sites
is very low is reasonable.

The three-mechanisms presented here are, by no means, the only
three methanisms and sets of assumptions which could result in
Equation (831). The purpose of the discussion here is simply to show
that there is at least oné& plausible mechanism which would result in
the observed rate function. It should be noted that the requirement

*

that ..
. N /

1/2
1/2 (K [(C.H, 1)
1+ (KOZ[OZ]) << CoHy 24

is common to both the first and second mechanisms and is implied
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1q_the third mechanism. Hence, a kinetic study could not be used
to differentiate between the three mechanisms. Adsorption and
adsorption / reaction studies coupled with techniques that allow
the determination of surface species are necessary to elucidate the

mechanism.

8.2 Variations in Catalytic Activity

Speculating on the mechanism for the reaction is somewhat
unrewarding, but specuTating on the reasons for the observed
variations in catalytic activity is more promising. In Appendix E,
the reproducibility of the data is discussed} and it was shown that
inaccuracies in the measurements were not likely sources for the observed
irreproducibilities. An explanation which can be regarded favourably is
that the variations in catalytic activity were caused by changes in the
surfaces of the crystallites, sometimes called surface roughening.
The nature of the platinum surface can be very important. In a recent

article, Flytzani-Stephanopoutos et al. (8.2) state:

"It is clear, however, that morpholoay changes may be
as important as surface chemical composition and totad
surface area in determining the behaviour of catalysts.".

This surface roughening is ugually a funetion of the temperature

and partial pressures of the reacting gases. Flytzani-Stephanopoulos
et al. also found evidencs;that tﬂg surface mgrphology of single
platinum ipheres (¢ qué‘ch diageter) changed during the reaction

(VY
of carbon nbnoxide and oxygen over the - platinum spheres. #

J
Changes in surface morphology during the course of the



136

reaction is a handy scapegoat on which to hang the irreproducibilities
in the kinetic data. The long time periods required for attaining
steady state for some of the sintered catalysts do seem to indicate
that some surface restructuring was occurring.

In Chapter 7, results of specific rates as a fupction of metal
dispersion were presented. This study was an attempt to determine
whether the oxidation of ethylene on platinum was fécile or demanding.
The use of catalyst with varying dispersions for the determination

' .

of whether a reaction is facile or-

‘rests of the premise

that the surface morphology (tybe of .fﬂééé sites) is a function

,Of crystallite size (i.e. dispersion). But, if the surface morphology

of the largest crystals in supported metals (0.06cm Pt crystals are larger
than any supported crystallites) is governed by the reaction conditions,

(8.2) then the determination of structure sensitivity by comparing

lized rates as a function of dispersion is not a valid procedure.
s .

In Chapter 6, it was postulated that changes in surface
"):',mdrpho]ogy may also be the cause of the instabilities observed in
» Both the DRR and the IBR. This idea was also recentiy expréssed
by Krylov (8.3) who studied hydrocarbon oxidétion on cobalt-

containing spinels. In explaining osci11aQions in the reaction, he said:
’ -
’ J
"One exp]énation of these phenomena is the slow
generation of some structure on the surface, which
then undergoes rapid transformation into an active

structure which allows rapid catalytic reaction
and 2 new period of transformation.".

The idea that oscillations in the oxidation of ethylene over platinum

can result from changes in surface morphology of the individual
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platinum crystallites is not without'gupport. |

In this Chapter, some of the features comm&ﬁyto the results
presented in the four previo;s chapters were discﬁssed. A simple
mechanism based on bxygen adsorption being the rate determining
step was presented as the possible mechanism of the réaction. The
role of surface morphology changes in the data reproducibility, the
dispersion\ftudies and the instability studies was discussed. It was
shown that using dispersion as the criteria for examining the structure

sensitivity of a reaction may not be valid for situations where the

surface changes during the reaction. While the eaquipment

limitations prevent the pursuit of some of .the speculations
discussed here, the speculations provide a base from which to

recommend further investigations in the final chépter.

o
.
v



- CHAPTER 9
CONCLUSIONS AND RECOMMENDATIONS

9.1 Conclusiong

1: It is concluded that changes in the platinum
crystallites (changes such as restructuring, surface roughening,
or crystallite spreading) occurred during the oxidation of -
ethylene over supported platinum catalysts. This conclusion
is supported by the following observations:

(i) Thermal pretreatments in air resulted in

changes in catalytic activity.

(ii) Long time periods were required to attain
steady state for some catalysts that had
not beenvtherma11y pretreated.

and (i1i1) Increases in catalytic activity occurred
after some complete conversion runs and
after some runs in which high transient
temperatures occurred.
It is believed that changes in the platinum surface were
responsible for the large variation in catalytic activity and

the oscillatory behaviour.
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2. Although the catalytic activity of the catalysts .

varied, the empirically determined rate function, i.e.,

g

-r = k[Oz]/[CZH4]

is believed to reflect the correct functional dependence of the

rate of ethylene oxidation on ethylene and oxygen concentrations
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over supported platinum catalysts. The temperature dependence
of the rate constant was adequately described by the relation

k = 4.12x10%xp(-114200/RT) (mo1/s-g cat).

3. Based on the empirical rate function and the
adsorption measurements, it is concluded that the most likely
mechanism for ethy]éne oxidation involves dissociative adsorption
of ethylene and oxygen with the adsorption of oxygen being the

rate controlling step.

4. The adsorption measurements support‘the

-
-

contention that ethylene adsorbed more strangly (higher heat of
adsorption) than oxygen on the supported platinum catalyst.
5. The specific rate (rate per unit of p]afinum

area) was found to be a function of dispersion, i.e., higher
dispersions resulted in lower specific activity.

' 6. The results of the integral bed reactor studies
(experimental and modelling) clearly showed that for an integral
bed reactor with constant wall temperatures and a highly exothermic
reaction, reliable analysis of data is not possible in the absence of

accurate values of the wall heat transfer coeff'icient.

9.2 Recommendations

1. Kinetic studies with the aim q‘ifetermining
& more accurate intrinsic rate function should be a&bandoned

2. Detailed studies of the effects pf pretreatment
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on the catalytic activity should be carried out.

3. The range of conditfbns at which cyclical
instabilities occur should be determined. This would require a
method for continuous analysis of the pfoduct stream.

4. Adsorption and«adsérpt)od/reaction studies in
a static apparatus should be carried out to elucidate the
reaction mechanism. If possible, these studies should be coupled

with in situ infra red measurements of adsorbed species.

5. Direct observations of platinum cr{stallites
under reaction conditions would be very valuable in determining
the nature of the changes occurring in the Pt crystallites. )
Controlied atmosphére electron microscopy (CAEM) studies

could be used to carry out these studies.



N.1

Symbo1

Da

NOMERCLATURE

Latin Letters

Meaning

Surface area, cross sectional
area

Area under gas chromatograph
peak

Stoichiometric coefficient

Pre-exponential factor

Biot number
Concentration
Specific heat
Molecular diffusivity

Effective diffusivity in
catalyst pellets

Diameter of reactor, pellets
Damkohler number
Activation energy

Average activation energv for
sintered catalysts

Carbon mass balance error

Molar flow rate

Mas§ flow rate per unit
cross sectional area

External heat transfer
coefficient

Pellet heat transfer
coefficient

Inside reactor wall heat
transfer coefficient

(4
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Units

cm

mol/s-g cat

mo]/m3
cal/g-kK
cmz/s
cm2/s

cm

kJ/mol

kd/mol

mol/s

mo]/s—cm2

J/K—s-cm2

J/K-s—cm2

3/k-s-cm?



Symbo1

AH
r

Meaning

Heat of reaction
j factor for mass transfer

J factor for heat transfer

Thermal conductivity of bulk
gas

N . »
Kinetic rate constant

Adsorption rate constants in
Equation (8.2)

Adsorption rate constants in
Equation (8.3)

Dispersion normalized rate constant
Temperature ngrmalized rate constant

External mass transfer coefficient

Oxygen adsorption equilibrium
constant

Ethylene adsorption equilibrium
constant

Effective thermal conductivity in
catalyst pellets

Reactor length
Lewis number
Molecular weight

Number of sites for oxygen
adsorption

Mass flow rate

Exponent in Langmuir-Hinshelwood
rate equation

Number of sites for ethylene adsorption
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Units

J/mo)

J-cm/K-s-cm2

mol/s-g cat

mol/s-g cat
mol/s-g cat

cm/s

J-cm/K—s-cm2

cm

g/mol

g/s



Symbol

Re

RF

Y.y

Meaning

Reactor pressure
Prandtl number

Reactor tube radius

Rate of ethylene disappearance

Pore radius in catalyst
pellets

Reynolds number

Response factor for G.C.
analysis

Catalyst surface sites
Temperature

Time

Catalyst mass

Mole fraction, mole percent
Distance in axial direction
Fractional conversion

Mole fraction, mole percent

N.2 Subscripts

Symbol

C2H4

co

Meaning

Axial
Bulk flow

Based on ethylene

Based on carbon dioxide

143

cm
mol/s-g cat

cm

s,min

cm
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Symbo] Meaning
H Heat transfer related
i Componens i,
Inlet
J Component j
K For Knudsen diffusion case
m Mass transfer related
02 Based on Oxygen
P Product
p - Pellet
R _ Radial
T Total
W At the reactor wall

N.3 Greek Letters

Symbol Meaning Units
Y Catalyst bed void fraction
A Difference operator |
€ Void fraction of the catalyst

pellets
A Mean free path cm
u Viscosity g/cm-s
P Density g/cm3
o Constriction factor
1 Tortuosity factor

¢ Thiele parameter



N.4 Abbreviations i

E-R Eley - Rideal

DRR Differential recycle reactor

IBR Integral bed reactor

L-H Langmuir.- Hinshelwood A
SCCM Standard cubic centimeters per minute

o
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Appendix A

Mass Balance Equations and Sample Calculations

A.1 Component Batances for a Differential Recycle Reactor

The component balancg equations for an\ideal differential
recycle reactor (DRR) an(&!fidea] continuous stirred tank reactor
(CSTR) are the same. Carberry (A.1) states that for recycle ratios
abow"about 101} that a recycle reactor behaves like an ideal CSTR.
Since the recycle ratio used in the present study was about 20:1,the
assumption that this reactor behaves 1ike a CSTR should be valid.

A DRR (or a CSTR) is considered ideal if the fluid composition
and temperature are independent of position in the reaction zone and if
the properties of £he exit stream are the same as the proferties of the
" fluid inside the reactor. In an idea! DRR, the steady state component

»

balance for a stoichiometrical simple reaction is

r. F. . -
r= ;:— = ;]‘Q X; | (A.1)
where Fi,in = feed rate of reactant i [mol/s)
Xi‘ = fractional conversion
or
X; = Fi,ig" Fi out ’ . (A.2)
i,in )
W = ;ass of catalyst in the reactor [q] %
r = normalized reaction rate [mol/g of cata{yst-s]
r = rate of reiftion for component i [mol/q of catalyst-s]
a; = stoichiometric «oefficient of component i

(< O for reactants; > 0 fo’froducts) .

Alternatively, the fractional conversion ean be expressed in terms of

'i
LY

@
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product flow rates by substituting
‘ ® B
(Fi,in ) Fi.out) ) (Fp,in i} Fp.out) E;
where Fp is the molar flow rate of a product compound.
For the complete oxidation of ethylene, i.e.
CoH, + 30, - 2C0, + 2H,0 (A.4)

the total molar flow rate is constant. Thgrefore the mole fraction for
each component in the feed and in the prodhct streams is proportional
to its molar flow rate. In this work the fractional conversions of

ethylene were calculated from feed and product analyses based on ethylene

and carbon dioxide mole fractions. (This also provided a quick ‘
approximate check of the overall mass balance.) The fractional
conversion based on the ethylene mole fractions, X, is given by
YC,Hy,in ~ YC,H, ,out
Xl = = (A.S)
YC2HQ,in <

and the fractional conversion of ethylene based on the carbon dioxide

.mple fractions, X,, is

[P

Yco,,0ut ~ ¥C0,,in
X2 = : (A.6)

ZyCZH“,in

_where the yi's are the average mole fractions of component i (here C,H,
K;nd C0,). The averages were obtained from a number (3 to 10) of repeat
analyses of the feed and product strgams at steady state. The molar
feed rate of ethylene was calculated from the known total feed rate FI
(in standard cubic centimeters per minute - SCCM), the feed composition,

and the assumption of ideal gas behaviour, i.e.
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FT Ye, My Lin
F - s e L) (A.7)
C,H,,in = T2 %60 L :

The normalized rates of reaction were then computed using Equation (A.1).

The concentrations at which the reaction occurred are required

for fitting the rate equation. They were computed from the product

analyses using the ideal gas law, i.e.,

Py,
c. = 1 Jiout

i T (A.B)

where Ci is the concentration of the ith component [mol/cm3] and

PT is the pressure in the reactor [kPa]

A.2 Sample Calculation for DRR

The results of Run M54 will be used for the sample calculation.

Y
The particulars of the run are given in Table A.l.

’
Table A.1
Data for Run M54
T = Temperature 472 X
PT = Pressure in reactor 145 kPa
W = Weight of catalyst 4.73 q
Flow rate of stream A (N, + C,H,) = 500 sccm
Flow rate of stream B (N, + 0,) = 108 sccm
FT = Total feed rate (A + B) = 608 sccm
‘yCZHl,,in = N.017737 ’
Yo he out = 0.008825 ¥
.yc()z’]'n = (0.000 ’
yCOZ.out = 0.017232 ~
Yo = 0.011070

yOZ,out
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Calculations

From Equation (A.5)

1
x, = LOUT3L-_0.00882> - o 50245
From Equation (A.6)

7 % 0.017737
From Equation (A.7)

608 * 0.017737 _

= 6 mo]
Fe Mo in = 22818 % 6o - 8:016 * 107¢ [

So, from (A.1), the normalized rate based on ethylene depletion is

_ 8.016 * 1075 * 0.50245 _ R
n T * 473 = 8.52 * 1077 [gony]

and based on carbon dioxide production

8.016 * 1076 o 48576

- mol
ry, = (Y 4.7 = 8.23 * 1077 [

gcat-s

]

The concentrations at the reacting conditions from Equation (A.8) are

_ 145 * 103 * 0.008825 * 1076 ; (mol
Com, ~ 8.31434 * 472 = 3:26 21077 Loy
Similarly,
Ch =4.08 * 1077 [mol/cm3]

A.3 Carbon Balance

An overall carbon balance on the reactor inlet and exit was
determined as a check on the consistency of the data. The total number
of gram-atoms of carbon in the feed stream was calculated from the

total feed rate, the mole fractions and the ideal gas law, i.e.



157

(b1 Yo m,.in * 2 Yeo,,in) * Fr

= g-atoms
Gcain 22414 [ min ] (A.9)

Similarly, the number of gram atoms of carbon in the exit stream is

(bl yC;HL, ,out * b2 yCOZ,OUt) * FT -atoms
G = [-8t0msy (A1)
C,out 22414 min
where b; = number of gram atoms.of carbon per mole of ethylene - (2)
b, = number of gram atoms of carbon per mole of carbon dioxide - (1)

The’ mass balance error was then expressed as a percent of the inlet

value, .i.e.
G- . -G
E = —_c_?ﬁ__c,’gu‘t.“ * ]OO%
C G. . .
; C,in
For Run M54, .
_ (2.*0.017737 + 0.000) * 608 _ -, g-atom
B¢ in YIAY] 9.623 * 107" =
_ (2 * 0.008825 + 0.017232) + 608 _ -, g-atom
Ge L out 224714 9.462 * 107* =
and
4 -4
EC - _9.623 * 10 9.462 * 10 * 100% = 1.66%

9.623 * 107"
The rate and carbon balance equations were calculated with the computer

program KARIN located in the Data Book (see Appendix E).

A.4 Mass and Energy Transfer Limitations

In order to develop an intrinsic rate equation, the measured

globa1'rates must faithfully represent the rates of reaction on the
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catalyst surface, and not the rates of mass and energy transfer to or
from the catalyst. That is, in order to use the DRR rate data, it is
essential that the reaction rates are unaffected by external and

internal mass and energy transfer.

A.4.1 External Transfer Limitations

The external transfer limitations can be checked by calcu]atiﬁg
the heat and mass transfer coefficients between the bulk phase and the
{ndividual pellets in the reactor. The Chilton-Colburn "j factor"
;nalogy as described by Smith (A.2) can be used to determine the two
transfer coefficients. '

The j factors are defined as

Jp = 6 ‘oD
or (A1)
k p
L 2/3
jp =& (&)
and
. ey
IWTC6 VK
p .
or , (A12)
\ = _h__ 2/3
3w =g Py
p
where km = external mass transfer coefficient [%m]
o = density of bulk gas [EE§]
G = superficial gas velocity based on the cross-sectional area

9
[s-cmfl



C
p

K

n

viscosity of the bulk gas [E%:;]

hoo L 2

159 .

molecular diffusivity of the reacting species (ethylene)

2
i)
external heat transfer coefficient [K-:?lm ]

cal
g-K
thermal conductivity of the bulk gas [

heat capacity of the bulk gas [

cal
K

2
2 -s-cm
cm

]

- 6
The j factors atf functions of the Reynolds number, o (A.2). The

pellet diameter, d

external area as the pellet.

P

external area is

p = 2nR?2 + 2+RL

20 (& in)2 + 20 (3 in)( in) = 0.074 in? '
p 6 16 8 :

- 0.48 cm?
p 0.48 cm .

A sphere with the same area has a radius of

SO

If the gas is assumed to be entirely nitrogen, then at 100°C, the

_,0.48 cm?\1/2 _
¢ ° (——Z;————) 0.195 cm
= 0.39 cm

P

viscosity, u, ¥ 0.021 cp or 2.1 * 107% =— 1, (A.3).

cm-$

]
» 30

The mass velocity based on the cross-sectional area is

, used is the diameter of a sphere having the same

For 1/8" x 1/8" cylindrical pellets, the

(A.13)

(A.14)

The overall flow rate, FT. was around 550 SCCM for most of the

—~—
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s
Ir?ns. The recycle ratio was about ﬂ’ﬁ[, however a clservative estimate

-
Al

0f 15:1 will be used here. The mass recycle rate, ﬁ. oﬁ which the

Reynolds number is based, 15‘ .
)

o ‘15, _1gmol 30 1 min
m x50 SCCN * 1> * 7% Sce * gnofe " @5

m=1.84+101 93
L S

For schedule 40 stainless steel 3/4 inch pipe, the cross-sectional area

is 2.148 cm? (A.4). So,

A .

_.1.84 s 100 g/s -
G-'——ZII‘——C’;!!'L—-B.57']0 ?_J;Lm-{ te .

.
and the average Reynolds numBér is

: ‘ -2
- 0.39.cm * 8.57 * 10 s“-gﬁf g
e . -y \
A R .

’ . s
Then, from the j ?aoto; cortelation, Figure A.1,

’

1}

jH "‘.0.'.] 61 . .

.
Jp 70108
From Equétion;l(A.ll)

a6 . :
R LT (r.15)%

kﬂf P on

Assuming that the gas is ideal, and using a typical temperature and

pressure,

oM _ 1.5 atm * 30 g/gmole

RT ct-atm
82.057 goTe X * 373K

p =

<|3
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Figure A.1 : Heat and mass transfer correlations

in fixed beds (Ref., A.2).
'S .

p = 1.470 * 1073 Eﬁg

The molecular diffusivity of ethylene in air can be estimated using the
method of Hirschfelder, Bird, and Spotz as outlined in the Chemical

Engineers' Handbook (A.5). Using this method, the molecular diffusivity,

2 . .
D, is 0.1893 sg_ . So, the Schmidt number is

2.0 * 107 2
I cm-s = 0.755
¥ 1.a70 * 1073 Ar v 0.1893 -
and
(5,)72/ « 1.206
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r2
_0.708 + 8.57 + 1072 L

-3
1.47 * 10 E%?

*1.206 = 7.59 gﬂ

If the reéaction is diffusion bontrol]ed. then the measured
global rates will be rates of mass transfer rather than rates of

reaction, i.e.

r=ky Ap(CB - Cp) (A.16)

The concentration difference between the bulk phase and the
. ’ - v
surface of the catalyst will be * "

.I N
-~ ."‘,
. - r L]
(Cg - C) = v . (A7)
’ Omp
The maximum concentration difference will occur at the
maximum rates. The rate* calculated for Run M54 in Section A.2 was one
of the higher rates and that value is used here.
% 1n-7 __gmoles , 4.73 g cat
(Co-C ) = 8'52‘LA]0ALfsec g cat > 100 pellets -
B < 9 En M o % . ;
S w S e 0.8 tw «
’ y
_ - « 1n-8 gmoles
(Cg-Cy) = 1.10 * 10 S =
If the worst case is considered, the lowest ethylene mole /
fraction was about 0.005, the lowest pressure about 1 atm, and thé
highest temperature was about 200°C. Then, using Equation (A.8)
*
The value of the rate used here is the value based on the ethylene ’
conversion, which is slightly higher than the value bdased on (O,
production. The value of the rate appcaring in Table D2 and the value
used for the curve fitting, was the average reaction rate. Since this
is a Yworst-case" analysis, the higher rate was chosen here. . |

] - L X



= -7 gmoles y
CeoH, worst case 1.29 * 10 SEET‘" (A.18)

»
Comparing this with the estimation of the concentration difference of

1.10 * 1078 g%%, the bulk concentration is-only about 8.5% higher than
the surface concentration. Note, however, tﬁat this represents the
!é£§£ case, the highest rate coupled with the lowest ethylene concentra-
tign at "eihighest temperature. Under conditions more typical of the
kinetic runs, the differeqce was usually less than 5% which is close to
the uncertainty in the ezncentration méasurements. |

'J For example, eere typicaf ethylene concentrations are about
1%, the temperature are generally below 400K and the rates are about
2 * 10-7 mol/s-g-cat. Using these values, the bulk concentration from
(A.8) i#3.05 * 10°7 mol/cm3 and the concentration difference from (A.17)
5.50 * 10”2 mol/cm3. Here tne difference between the bulk
concentration and the pellet concentration is only ].%}. For the
majority of the runs in the differential recycle reacfor, the reaction
is in the kinetically 1imitedlregion. However, at partjcu]ar]y high
temperatures and low ethylene concentrations, diffusional limitations
may well be present. '

3 )
‘s;The external heat transfer 1imitations~Tay be determined by

estimating the heat transfer coefficient from Equation (A.12), i.e.,

jH C. G
h = o )2/3 (A.19)
r
For air at 100°C, the heat capacity is 0.25 g%l-{A.7) and the thermal
conductivity is 0.757 * 10°“ K ca]l - (A.8). The heat of combustion
cm "STCm kcal

of ethylene at 100°C is 331.6 -7~ (A.8).
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[ SO.
L 2/3 "
. cal , -4 9 _
ol By |2 g [T
r. k 0.757 * 1074 Sl _
« : K-s-cm .
= (0.6935)%/3 - 0.784
and*
cal . -2
- 0.161 * 0.25 2% * 8.57 * 10 ey 439 1g-3 cal
0.784 : K-s-cm?

At steady state, the rate of heat produced via the exothermic

reaction must be equal to the heat removed from the pellet via conduction,

convection, and radiation. As a 'worst-case' analysis, it may be r
assumed that the heat is removed b ction alone,. (This is fairly
close to the actual case in fact.) ; the maximum temperature

difference can be calcu[gted U§iag/{he previously determined values of

-,

the rate of reaciiiz/igd/fhe'heat transfer coefficient, i.e.
- .

. r!-AH) = h Am(Tp-TB) . (A.20)
or
A ——,
_ 1. = -r(-aH)
Tp TB b Am (A.21)
So,
L3
/
-7 __mol 4.73 g cat 3 cal
T -T. = 8.52 * 10 s-q cat * 100 pellets * 331.6 * 10 mo|l
p B 4.39 * 1073 21« gl4g M
’ K-s-cm 'Y pellet
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Tp T TB = 6.3K

. ¢
The method used here is also used by Smith with the j factor

analogy. His expression for the temperature difference
should result in the same prediction. (the however that Smith advises

that the assumption of a unity Lewis number is acceptable.)

i '

-g mol 3 cal . —
pop o N0 o 3316 107 ol 0.6935,2/ .*0.108

p'B e A1 L 3 0.755 0.161

ﬁg-K;]'”*m ooy

L & " i
which of course results in iad .

. r’k .
- "' t
Tp - TB = 6.3K _ ‘ | ‘;‘

As these calculations are for 'worst-case’ égnditions. the ¥
> ]
actual temperature difference in most runs is undoubtably less than '
these estimates. Since the reaction rates are more typically

4

2 * 1077 ngg%Ef , the temperature difference between the bulk gas dnd

the pellet surface will likely, be around 1.6K'at the most. In any

case, the temperature measured by the thermocoyp]es (thch may be in

the bulk gas, the thermal gradient between the bulk and the surface,

or actually touching the pellet surface) is probably a good ind$cation -

of the temperature of the catalyst: surface, the tempgrature at which

the reaction is occurring.
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A.4.2 Internal Transfer Limitations

Given a calculated or measured external temperature gradient,
L]

Carberry (A.9) presents a method for estimating thé interna?'temperature

gradient. The cal;d1ation requires the Biot numbers for mass transfer,

k L .
1 = -—-——m L. \
.B‘m ¥ \ . (A.22.1)
and the Biot number for heat transfer ;
&
. hL
B’H K;’

L}

(o=
-
<

K*
T =g @ =
h D

where L = characteristicﬂength] of ca

oy [cm]

. ’ 2_ .
D* = effective diffusivity in the ¢ t'Pellet {9%L1 .

-~

K* \fective thermal conductivity of the caté]yst pellet

cal ]
K e em2
om ~sTem .

Smith (A.10) has calculated the effective thermal condygtivity of alumina

. -y cal
at about 4 * 107" =~ . » _ \

: \
The effective diffusivity can be calculated using the\method

described bxuggtexsgg(A.ll). He states that

Dt =ep (%)b (A.24)

o

T This is often taken as the !ii%o of pellet volume to pellet surface
area (Vp/Ap). In this case,#it is the thickness of the platinum

coating, about 0.3 mm.
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.

where ¢ = porosity (void fraction)of the catalyst pellet

o = constriction factdr , ; ',

T tortuosity factor

D = diffusivity <

The diffusivity may be either the molecular diffusivity or the Knudsen
diffusivity. ‘ |

‘The pore size distribution of the catalyst was measured
using the nitrogen adsorption-condensation meipod and the average pore
radius was found to be 5 nm. In the mixture of ethylene, oxygen,
nitrogen, carton dioxide and water ' at 14'5 kPa, and 100°C, the mean

"
free path, i, for the molecules will be between 50 nm and 80 nm .

Therefote, ¢t least, 1‘ "
. N dﬂ.i _./ ,
L W (A.25)
rp -

so that the diffusion is in the Knudsen flow region and the Knudsen
diffusivity will be required " Equation (A.24). q

The Knudken diffusivity can be calculated using Cquation (A.24).

Dy = '3“p' \C—_—.—— (A.26)
k& . "
-4

where Ep =:)the porosity of:the pellet (0.47)

S = total (internal and external) surface area of the catalyst
-3
pellets per unit mass (100 * 10* Sg—
Pp = apparent density of the pellets (1.88 5%7)
- : . ; . 30 g -
M = molecular weight of the diffusing molecule (E—hole)

The porosity was détermined from the pore size distribution,

. he surface area from a BET measurement and the apparent density from

| ‘ t- ! Tn - ) [ 2 P

a measured weighing. Since both the oxygen (M=32) and ethylene (M-28)
: ‘ [
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must reach the active sites, an average molecular weight was chosen. for

this calculation. So, at 400K,

.

kgem? "103g°
- B ¥ 0.47 2+ 8.31 * P BlTeR 40K T g
K~ 3+ 100 * 10 S-+ 188 30406 * g
o .
2
r D, =1.771 %1072 -

K 3
« ° [
petersen (A.11) Ates values of /o from 1.5 to 10. An intermediate

value, TR ;;. -,,"‘s ‘
sy - .- :
'
L = 5.0
o .
will be used to estimate the effective diffusivity. Subsgi tuting intd i
Equation (A.23) yields | ® ‘
‘ - ) -2 €M
D* = 0.47 (—5) 1.771 * 10 <
- sz .
D* = 1.665 * 10 3—;—
" So,
I R cal :
. -s-cm -1 _ca '
=5 = 2.402 * 107! (A.27)
0¥y 1.665 * 10-3 < K-cm? .

»

From the previous section, '

i cn
km:- 7.5? S
- -3 cal
h=44%*10 Kos-om? .
So,
km 7.59 Cma - * ‘13 Cms
T WER cal - 1.73*10°° o1 » (A.28)
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Substituting (A.27) and (A.28) into (A.23)

Bi . 3
m . 13 cn°-K -, _cal
——BiH 1.73 * 10 _CST— 2.402 x 10 c—mw 1
, Bim
- = 415.5 (A.29)
B1H

The Damkdh)gr nuber, Da, and the external effectiveness

-

factor n are related by ; -

. o

n 4%&

n Da = (A.30)
Rl kn 2 Cch, sbuTe
Using the values from Secyir‘ A.2
{1
" 8.5 %1077 —m |
7 Da = ‘ v . g cat-s
. 3.2 oo, 0.48 cm? , 100 pellets , 5 . y4-7 moles
TS pellet 4.73 g-cat cm3
[
n Da = 0.087 (A.31)

‘l
Then, with (A.29) and (A.31),-ffom Figure A. 2

»

AT ' ’
external © o= 97%

ATtota]

1f the worst case analysis used earlier is adopted, and

ATexterna] 6.7°C

then

aT 0.2K

internal

Since this was a worst case analysis, the internal temperature
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gradient will no doubt be less than this, and, fop the majority of the

runs, the pellets will be nearly isothermal,

0w, - R

10
2
n rho = k’;’a‘%;
Figure A.2: Ratio of external temperature gradient to total temperature
gradient (from Ref. A.1p®

10

T T TYYYT"

v

T 1 71 TY

T
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Figure A.3: Isothermal external effectiveness factor (from Ref. A.1)

Carberry also uses the Damkohler number to evaluate external

mass transfer limitations. If the reaction can be modelled with a power
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\
law rate expregfion, \
\ O
-r = k[CZHi" L (A32)

and if the external temperathre grqdiént is small, then Figure A.3 can
be used to estimate an external effectiveness factor. At hiéh oxygen
concentrations, the oxidation of ethylene can be represented fairly

o -

well with the rate equation

-r = k[C,H, ]! (A.33)
with n = -1 and aDs = 0.087, ®
n=1.01
which indicates that the external mass transfer limitations are i
negligible. oY ‘ \ \
. . )
The internal effectiveness factor can béizstimated using the \
Thiele parameter, :
{
K[CoH, I,
¢ = L ———-———————D* a ‘ (A‘34)
N
If the reaction can be modelled using (A.32), then
k = -r[C,H, 17" (A.35)
and
N \
: -r[CaH ™
¢ =1L — o (A.36)

i.e., independent of the reaction order, Since the catalyst used here

-
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was surface coated only, the characteristic length is not the pellet
radius (or Vp/Ap for non_spheres) but is rather the thickness of the
coated layer. This thickness was measured for a number of pellets, and
the values ranged from 0.2 mm to 0.4 mm. With an average value of

0.3 mm and the previously used "worst-case" conditions,

8.52 * ]0-7 QQO] * 4.73 icat

. -5 s-g cat 7.5 cm3 of reactor
300 T g ror o] * 1.665 * 1073
’ cm3 of reactor ' 3
¢ = 1.5005 ‘ (A.37)

Carberry. (A.12) has plotted internal effectiveness factors %or L-H
'mechanisms and for carbon monoxide oxidations, (at c06ditions quite
similar to this work) against the Thiele par&;eter. These plots are
shown in Figures A.4, A.5 and A.6. In all cases, the effectiveness

/
factor is very close to one, regardless of the geometry or parameters.

Hence, the internal mass transfer 1im;tations are negligible as well.
| To summarize; in this section the inte;nal and external, mass
and energy, limitations have each been estimated (sometimes in mo® than
one way) and feund to be small. With this, the measured global rates
can be equated’to tﬁe intrinsic kinetic rates. As wefl, the assumptions
3

needed to simplify the integral bed mass balance equation_jsee Appendix

A.5)will rest heavily pn the calculations done in this section.
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Figur(f A.4 : spherical isothermal effectiveness; Bim = o,
r = kC/(} +‘l‘coc)2 LHHW kinetics. [T.G. Smith,
J. Zahradnik, and J.J. Carberr_y, Chem. Eng. Sci., 30: 763

(1975).]
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"F1gure A 5 Companson of nonisothermal effectweness for a flat plate
853! o -r":“' and a sphere; Bi, = 200, « «00 LHHW kinetics.
LT e [T.G. Smith, J. Zahradmk *and J.J. Carberry, Chem. Eng.
bR Sci., 30: 763 (1975).1
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“jgure A.6 :(a) Effect of r (=Bi /Bi ) on spherical nonisotherla1
effectiveness factor; 8 = 0 005, K C0 =5, ¢ = 30, Curve
A: r=1, Bim = 2, curve B: r =100, Bim = 200; curve

C: r =250, Bi_ = 500, curve D: r = 500, Bi_ = 1000. .
(from Ref. AN m

A.5 Inteqral Bed Reactor

[ 4
A.5.1 Non-Isothermal Case

In order that the rate equaéion developed ' from the DRR
data be tested, a mathematical model of the integral bed reactor must
be developed. ‘This will require a mass balance equation and an ehergy
balance equation. THe modelling of integral bed reactors has provided
an outlet for many mathematically inclined authors (A.13, A 14) to display, . .

their talents, and 2 review of the models of fixed bed rcactors has recently

4

been presentéd by Hlavécek (A.15). The particular form of the balance
equations do vary somewhat, and thé presentation_here is gertain]y not
unique. ) ”

. The_Tass ba!?nte equation, for 2 single reacting ggmponent

can be written as,

T TR PR
3% Gas + & 32 Gela * o0a* 3wz ¢ & AR ROR" 3R G

9
+ Avkg(CP-CB) =3 oGyCB . ‘ (A.38)

[
LY N
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: ) 3
where the subscripts are

A - axial -
R - radial )
’ B - bulk flow |
. P - pellet : L, . {

and the symbols are defined~d(¥the'Lis€ of Symbo1s; Thjs—unsteady ;tate
équation ingorporatgs-bqth axies and radia) diffgijon terms. The §
reaction rate is incorporated into a mass transfer between the bulk”
phase and pe\ls&_ghase term. .

The use of Equation (A.38) can be facilitated by certain
simplifications appropridte to the inQegral bed system used here. I[f

only steady state measurements are taken, the final terms is Zero , 1.e.,

* %T'OGYCB =0 . ‘ , (A.39)

For a fully developed turbulent flow pattern, which can reasonably be
expected to exist at steady state, the radial and axial diffusion tgrms |

will be negligible. This is particularly true for small diameter tubes

at high space velocities, 1i.e. X

12

R 3R foglg v 0 (A.40)
and

12 3

R 5 R(DR* g Cg) ~ O (A.41)

Further, if the space velocities pre sufficiently high, the effect of

axial diffusion is also smallt
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pghp* 37 ~ O (A.42),
Substituting (K.39) to (A.42) into (A.38), the following simp];fied
equation is obtained '

’

_d |
Avkg(Cp-CB) T GACB ' . ' (k.43)

14

The next step is fo assume that the :reactor, rather.thqh
being a true heterogeneous system of catalyst pellets and bu]k‘fiuid
phase, can,be represeﬁted by a pseudo-hdmogeneous reactor. Under this
- assumption, the rate of disappearanée of the component of interest can
be written simply as the overall or global rate of reaction per unit

/

reactor volume. Then, Equation (A.43) becoqgs
¥
-r = 5% GG * (A.44)

In order for this final assumption to be valid, it mbst_be shown that
the reaction is engifely in the kinetiéally-contro]]ed region. In
Section A.4, it was shown, at ‘least for the DRR, that the internal and
external heat and mass transfer limitations were small. As the operat-
ing conditions for the integral bed reactor are quite similar to those
of the DRR, this assumption shou]d be valid. -

The IBR was used to méasure fractiona) conve}sions, X. Equation
(A.44) has units of mo]/cm3-s and the rate quation developed from the
DRR data was expressed in mol/g cat-s. Equation (A.44) can be expressed

4

in terms of fractional conversion and mol/g cat-s. The rate equation

developed in Chapter 4.was in the form _;/)

A !
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In terms of ‘the fractional conversion

" FeoH
[CZHM] * “ri_:‘cT

= F

F C,H, .01 " e m, )

CoH,

or

o Feomg 001 - *om ) O
[CZH“] = " F ’

.

Fo ’ o
_ 0 | B
0] = = G :

F F

0, = f0,,0 = 3Fe,m,,0 ~ Fe,m,)

of ethylene,

(A.45)

(A.46)

(Ah.47)

(A.48)

(A.49)

(since three molecules of oxygen react for each molecule of ethylene

which reacts). Sdbstitqting (A.47) into (A.49)

Fo, = F0,,0 " 3Fc,m,,0 XcH,
. - ]
So
: F0,.0 = 3Fc,H,,0 e,
[02 = C
Fr T
Then,
0,3 Fo,,0 = 3Fc,m,,0 Xc,
[EZHh] C H 0(] - x T

L.

Then, (A.44) becomes

(A.50)

(A.51)

(A.52)
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v 2 G Feh .0 eaH | | (A.53)

J

&
* -E/Rl F

4] CzHg.O ngH“)

Fe N 0t oy, 00 = ReoH,

d =
& YoM, (A.54)

This equation; (A.45), was the equ;iion actually used as the mass
balance equation. * >
L
A quick inspection of Equation (A.44) reveals why the integral

- _ . \ ’
bed reactor is unsuitable for determiring rate equations. In integrated

form, Equation (A.44) becomes, o
1 xt Xem % d szﬂu ' -
—, dx = — (A.55)
10 g X =0 ' &
- CoH,y

To evaluate the kinetic constants, the form of the rate

eqiation must first be guessed, then integrated in the mass balance

equ while this approach is certainly not impossible (i number

of authors have in fact-used this approach), it is a rather difficult
- . \

method, especially if one suspects the rate equation to have an L-H.

form-:

Ky KoKy (011" [CoH, 1™
e 2 - . (A.56)
(1 + Kz[oz] + Ka[czHu])n3

The energy balance.equation was obtained incorporating many
of the same assumptions used to derive the mass balance equations. The

simplified equation takes the form

-
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S G e ulBT - T ) ¢ (M) (A.57)

where (%e) = the heat t}ansfeé area olpng the reactor wall ber grﬁm of

| catalyst. s | |

.“u» = the overall heat tr;ansfer coefficient between the reaction
) . fluid and the constant temperqturg‘bath.

The “overall heat transfer coefficient can be treated as 2 series of

resiStances .

-

) ‘ ‘ N
- ) . .

X4 (A.58)
T (V) '

=

:’l-—l

1 _1
-_— R —
u - "w

>

‘where r\wc the film heat transfer coefficient inside the reactor

kT" thermal‘fonductivity of the reactor wall

" Ax = thickness of the reactor wall T

ho = film heat transfef coefficient outside the reactor.

Since the reactor wall was stainless steel and the bath fluid was
moTten lead and bismuth, only the inside film transfer coefficient would
contribute significantly to the thermal resistance, i.e.

L]

1

unh, o | (A.59)
_ S0, (A.57) becomes ’
hCp Jp= (T = Ty + (aH ) (or) (A.60)
AN

Equation (A_Ge) was ‘the final form of the energy balance used to model
_the (g;ctor. | »

thations (A.60) and (A.54) were simultaneously integréted
using a4 th order Runge-Kutta technique. The computer coding of the

integration was from thé\?BM Scientific Subroutine Program library
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'(SSP), subroutine RKGS. The' entfre program used for this integra¥ion®

‘45 in the Data Book (see Appendix'E). The numerical values of the

parameters tfse.d are as fo)lows: N . 9
A Wpin =0.09
-" “max =13.8 49, . e
. (~‘ _Ab' = 4.12.* 105 mol/g cat/s -
coE =TA2KMm . \
x,lu'in'= O.I_D%. . : ’.: - oo
Xbax L] }001 .
m = read in for each run
: J
CP 1.05 §:i
Tw = read in ‘for each ruft
" AAy cm? o

(&) = 7'2,_g-cat -

J
- =1 6 _Y_
( AHr) 1.411095 * 10 1

The initial flow rates of oxygen and of ethylene were calculated from
the initial mole fractions of the two components and the total molar

flow rates which were read in for each run from (A.46) |

-
‘ =‘ICZHQ]O Fr . o
’ CzH“,O CT . - .
) _ (xczHu,O CT]FT
FCZHIHO ) CT
Fe,H,0 = XCoH,,0 FT | (A.62)
[ J
Similarly,

-~
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< | - |
FOZ.O = x02.0 Ff\ , (A.§3)
\The heat tr:rsfen‘boefficient on the iMdide of the tube can

)

»
be-estimated in a number of ways. Yagi and Kumii f16) cite a

correlation equation developed for packed 2ps
is also valid for cylindrical beds if tAg | s ertain

parameters are used. Their equation is ‘,;/ ' (

Py %2'='h; %E'+ uwPrRe (R.64)

o The Reynolds number and the Prandtl number were calculated

earlier,
R =.159

P. = 0.6935 '&

" The Reynolds number was based on the pellet diamewer of 0.39 cm.
However, the pellets were mixed with glass beads having a di;nmter of
0.2 cm. These smaller pellets would tend to fill the voids along the
wall of the tube. The appropriate value for the Reynolds number-along
the reactor wa]] should be based on the diameter of the glass beads,
or at least a diameter somewhere between that of the beads and the
catalyst pellets. As well, the Reynolds number was based on the
recycle rate, and for the integral bed reactor, the reaction mixtbre
passes through the catalyst‘bed only once. So,'for the IBR, the

pellet Reynolds number along the reactor wall will range from

(Re)l = 10.60 for the catalyst pellets to (Re)2 = 5.43 for the glass

beads.
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The range 3f value® for the ratio of the tube diame&sr to the
diameter of the packing can also be calculated. S
-
fg = Q;}E_gﬁ = 0 ]8;_,/' for.the ellets ¢
d;/y 209 em e p ~
d L4
' P} _0.2cm _
. (—d—T)) " 2709 cn - 0-096 for the glass beads

- @
For cylindrical beds with

'dP .
(1) 0.833 < i < 0.167 '
‘ T

and i ‘
(2) .0.431 cm < d, < 0.635 cm
0' //(K
Yagi and Kunii recommend that
D
h; FE =5
\
and for all cylindrical beds they use N
=)
a, = 0.054
So
h,dp . _ Jo
K =5+ 0.054 * 0.6935 * 10.60
1
= 5.47
and
hde
K =5+ 0.054 * 0.6935 * 5.43
2 )

5.20
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Then \ \

- J
| 5.47 * 3,167 * 107" Ksoem - J
(hw), ) 0.39 ¢m = 4.442 2 1070 g
- and _
- J '
5.20 * 3.167 * 1074 ——
e K-s-cm _ -3 Jd
(hw)z ) 0.2 cm = 8.234 * 10 K-s-cm

Hence, using the Yagi and Kunii corielation, the inside heat transfer

.. . . _ J
- * 3 _ M
coefficient could-vary from'4.442 * 10 K s-cm?z YP to
J

* -3
B.234 10 Ksoon?
Smith (A.17) also cites a correlation for the calculation
of inside heat transfer coefficients. He recommends the use of
Equation (A.65) for the estimation of the wall coefficient.

h d

_¥_ = 3'50(Re)0.7 e~$.6dp/dy (A.65)

Again, a range of values can be obtained depending on the diameter of

r 4
the packing. ———'“-t;i
h.d ' - —
(_:_) = 3.50“0.60)0‘7 e-h.6*0.187
1 . °
= 7.73
and
-
hwd .
T = 3.50(5.43)9:7 - @-4.670.096 -
2

1.% | f
‘So _ //(
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A "
- J
7.773 * 3.167 * 107
. K-s-cm _ -3 J
(h,) 209 cm YA 207 T
L J
7.36 * 3.167 * 107 Y SR
(hw)z : - 2.09cm =150 K-s-cm?

Here the range in the heat transfer coefficient is from

1071 * 1073 Y

A -3
Koo 10 1,115 % 10

K-s-cmz- Hence, the heat transfer

coéfficient used fer~he calculation can vary considerably, and

depending on the correlation used, the heat transfer coefficient could

vary from 1.115 * 10" 3 x-st%; up to 8.234 * 1077 K?E%EEY , almost an

or'der of magnitude. .

T As the heat transfer coefficient decreases, the reactor
approaches adiabatic operation, i.e. no heat is lost from the reactor.
As the heat transfer coefficient increases, the reactor approaches
isothermal operation, i.e. all the heat generated by the reaction
leaves the reactor fmmediate]y. This latter limiting case simplifies
the calculation considerably, as the energy balance equation is no

longer necessary in the reactor model. This case is detailed in

Section A.5.2.

A.5.2 TIsothermal Case

The bismuth-lead bath was constructed so that the reactor
would operate at isothermal conditions:' Becau%e the reaction was
highly exothermic, and there were finite heat transfer resistances
between the reaction gases and the bath, some small temperature rises
were indeed noticed. This was the reason for the non—isotherﬁal

calculation outlined in the previous section. [f, however, the reactor
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were isothermal, then the mass balance equation could be solved
analytically. At constant temperature, Equation (A.54) becomes

, Ldx . k(Fo - 3FEX) : " 66) .
W FelF(T-X7T
or
K " FE(I - X) o
Fe (Fy - 3FX)
['§
N=]3.8 " X'XE FE(] _ x)
Fe© I 7, = 35 &
w=( X=0
X F./JF. - 3 F./F 3X
k _ 0" E 0t 3
]38?E-§_+[ 9 T in FO/F

or } : ~—~\\\

Xg  Fo/Fg -3 Fo/Fe = 3X
f(XE) = 3—E + [.ﬂ__g____] n [_O__F%_Fﬁ_g_] - 13.8 lF(_. (A.67)
‘ 0'E \ £
/
Equation (A.67) can be solved for a ro6t of the equation, i.e.
o
XE such that .
f(X) =0 (A.68)

using a variety of techniques. The one used here was a simple Newton's .

Method.

-, . flx
Xi41 = X fr(%y | (A.69)

The derivative of f(XE) is

3F /F

1 0'E

fl(x ) = 1 . . _ (A.?O)
2 T v e
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Equations (A.67) and (A.70) were used in the prograd ROOTS (Appendix E)
to generate isothermal predictions of the integral bed runs. As can be
seen from Equation (A.G?)? the fractional conversion is a function of ‘
both the ratio of oxygen to ethylene in the feed stream (FO/FE) and of
the inlet ethylene flow rate FE. This presents certain problems in
displaying the data since it is difficult to adjust the values in

precisely the same manmer for each rup. ‘e
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EQUIPHENT CALJRMATION
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In this Appendix, the calibrations for the 1m{rmn

used in the experimenta) studies are presented.

Calidbretions for

the thermocouples, temperature controllers, rotameters, mass fow'

meters and the gas

B.1 THERMOCOUPLES

chromatographs are discussed.

The thermocouples used to measure temperatures M the

IBR and DRR were calibrated in the Chemical Engineering Department

Instrument shop by 0% Sutherland. They were compared against a

standardized Pt-10% Rh vs. Pt thermocouple over a ranae of

temperatures. The results of the calibration are shown in TABLE B.1.

TABLE B.1}
L THERMOCOUPLE -CAL IBRATIONS ’
Measured Temperatures (°C) . b
Standard lron vs. Constantan Thermocouples
. 2
Thermocouple A B c 0 £ F 6 H 1 J
- o ' T | [
20.53 20.70_]F20‘6,4' 20.73{ 20.73; 20.65 20‘71T20.77 20.7%| 20.70 20.68
1714 171.85,171 .83 171.90'171_89;172.01 17.‘.01'171.89 171.80{171.82 171.88
'QJ.SO 293.80}293.72:293.77 S 03.85 204 .00 294.10|293.95 293.824293.79 293.8%
416.23 417.941417.76'117.9; 117.63'418.76 41820;418.34 417.583417.6?, 417.8)
$86.74 590.10,55%.90589.91 £30.07 570.33 59C.105589.92A58°.27‘589.66 £89.91
The curves for thermocouples E and H, which are the
worst and best respectively, are plotted in Fiqure B.1. Thermocouples

A to H were used in

the 1BR, I and~J in the DRR.
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Thermocouple Error (°C)

o0 Thermocouple E
O Thermocouple H

I | 1 ]

1
200 400 ‘ 600

. Bath Temperature (°C)

Figure B.1 :

Results of the thermocouple calibrations
(extreme cases).
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B.2 TEMPERATURE CONTROLLERS

-

The temperature of the lead-bismuth bath was controlled
with a Hogeywe11 MS?2 tggperature controller during the DRR runs
and with a Foxboro M/62 controller for the IBR runs. The Foxboro
controller could be set for a variety of temperature ranges, by
jnstalling different range spannérs. Two spanners, i00°C - 300°C
and 200°C - 500°C were used. The calibration curves for these tw6

spanners is shown in Figures B2 and B3. The calibration curve for

the Honeywell controller is Figure B4.

B.3 ROTAMETERS

The two rotameters used to monitor flows in thé integra]
bed system were calibrated with air at 27.65 inches of mercury and
70°F for the high range flow meter {tube #R-2-15-B) and for the low
range flow meter (tube #601).

The calibrations were performed at fairly high pressures,
28 psig for the high range rotameter and 50 psig for.the low range
rotameter.>~While the reactor pressure was always well below this
(near atmospheric in fact) the positioning of the rotameter valves
downstream of the rotameters necessitated the calibration at high
pressures. The supply cylinders were connected directly to ?he
rgtameters through regqulators and the pressures in the rotameters
were thus independent o% the flow rates and dependent onlz'on the
requlator pressures. Particularily in the case of the low range
rotameter, the needle valve used to regulate the flow provided a
relatively large pressure drop, and hence the rotameters were

calibrated at the pressures mentioned.
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Figure B.2 : Calibration curve for mid-range temnperature

controller.
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Figure B.3 : Calibration curve for the high range
temperature controller
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Figure B.4 : Calibration curve for the low range
temperature controller.
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The actual calibrations wére done using a five cubic foot,

American Meter Combany. Heter Proveri The volume of a{r'that passed ’
through the r6t§meters vias c?llected in the copper displagcement tank
and the volume was read from a séa1e bn the tank.-/fhe'prgver
compenséied for buoyancy changes and changes in the water level as the
tank rose. The volume was measured at laboratory temperature and
pressure and the time was measured with a stop watch. The caﬁibration
data is.tabulated on Table B.2 for the high range rotameter and in
Table B.3 for the low range rotameter. The calibration curves are *
shown on Figures,B.5 aﬁa B.6 respectively.

' TABLE B.2 _

HIGH RANGE ROTAMETER CALIBRATION “
MATHESON;TUBE #R-2-15-8 TUBE PRESSURE - 28 p#g

ROTAMETER READING FLOW RATE

GLASS BALL STEEL BALL (L/min.)

.3090
.8098
.2883
7211
.0973
.4971
.8538
.4895
.0876
1516
.5487
.3969
.4144
.4104
.1892
.6360

mw—uo\lmq!:-wm_‘
ODOO0OO0OO0OOCOOOO00O

— et
AN NEWNNN—~—~O

o
an
CONTNEBBEDWNRORNN— OO
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Figure B.5 : Calibration curve for the high range
rotameter (Matheson #R-2-15-B).
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Figure B.6 : Calibration curve for the low range
rotameter (Matheson #601).
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TABLE B.3

LOW RANGE ROTAMETER CALIBRATION

MATHESON TUBE # 601 TUBE PRESSURE 50 PSIG

ROTAMETER READING FLOW RATE (cc/min)
' 10 13.5
20 . 35.3
30 52.2
40 95.5
50 136.4
60 192.3
70 245.9
80 283.0
90 333.3
100 . 375.0

B.4 MASS FLOWIETER

The high range flow meter, model 8116-0153, was calibrated
with dry air and the low range flow meter, model 8116-0112, was
calibrated with nitrogeﬁ‘ each from 10 psig to 30 psig. The calibration
cyrves are shown in Figures B.7 and B.8. The low range mass flow
mS!er vias also calibrated with a 5% ethylene 95° nitrogen mixture.

This calibration curve is shown in Figure B.9. '

The low range mass flow meter was calibrated using a
bubble f]SW\meter and a stop watch. The measurements were taken at
laboratory conditions, 21°C and 95 kPa. The results plotted have been
converted to stakdard cubic centimeters (at zero degrees Centigrade and
1.0 atmospheres) per minute. The hiqgh range mass ftow meter was
calibrated with a wet test rmeter and a stop watch. The Qet test

meter was standardized by the Department of Chemical Engineering -

Instrumentation Shop. Aqain, the measurements were taken at

ambient conditions, i.e., 21°C and 95 kPa. In both cases, the
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Figure B.7 : Calibration curve for the high range
mass flowneter (calibration gas - N2).
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Figure B.8 : Calibration curve for the low range
mass flowmeter (calibration gas - N2).
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Calibration curve for the low range
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regulating valves were located downstream of the mass flow meters |
so that the pressures in the meters would not be functions of the
flow rates. |

However, once the calibrations had established that the
indicated flow rates ﬁFre pot pressure dependent, the installation
of va[ves in the flow system could be altered for copvenience. The
line pressure tp both flow meters was set at 30 psig. This presented
a slight problem since the pressure dfop ac;oss the low:range flow
meter was higher than across the high rangé flow meter. To prevent
a reverse flow through the low range mass flow meter, a needle valve
was installed downstream of the low range meter and upstream of the
connection between the low and high flow lines. The regulating valve
for the high range flow meter was upstream of the high range flow

[
meter.

B.5 GAS CHROMATOGRAPHS °

.

Gas chromatcgraphy was used to analyze the feed to the
reactors and the reaction products. Three chromatographs were used:
a Beckman G.C. -2, a Gow Mae series 550 G.C. and a Hewlett Packard
model 57104 G.C. \

The Beckma’rG.C. was fitted with a molecular sieve column
and was used to separate oxygen and nitr;z}n. The Gow Mac and Hewlett
Packard Chromatographs used PoraPak Q colurins and were used to
separate air, carbon dioxide and water. The Gow Mac G.C. was used in
conjunction with the integral bed reactor while the Hewlett Packard G.C.
was used with the recycle reactor. The Beckman G.C. was used in both

cases. The details of the operatfon and the specifics of the columns

—
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are in Appendix C. Only the calibration data are presented in
this section.

The chromatographs were calibrated for nitrogen and oxygen
{n the case of the Beckman G.C. and for air, carbon dioxide and ethylene
for the other two. Water was not used in the calibration as there
were certain problems specific to water analysis which are discussed at
greater length in Appendix C. The sampf;s used as standards for the
calibrations were prepared in a number of different ways. Samples
of oxygen in nitrogen, carbon dioxide in nitrogen, ethylene in nitrogen
and carbon dioxide a;d ethylene in nitrogen were prepared using two
techniques. The first method was volumetric. A 100 mi mercury
filled buret equipped with two-way valves at .each end washused to
first measure gas volumes and them to compress the mixed gases into
sample bombs. The second method was gravimetric . Gases were
adnitted into weighed sample borbs and the weight changes were
measured using an electronic balance. The gravimetric method was
somewhat less reliable. It required the subtraction of two rela-
tively ]arge.and nearly equal numbers in order to determine the
weight percents of the components and was hence inherently inaccurate.
The sample bombs were four sma11.(about 100 c.c. volume) aluminum
cylinders equipped with needle valves and fittings. The total weight
of the sample bombs, valves and fittings was about 160 9. The
ca\ibrations for ethylene were also checked against a standardized
ethylene-nitrogen sample obtained from Linde Gases.

The actual calibration was done with the nitrogen as an
arbitrary reference component. This meant that the response factor

for nitrogen was set to unity.
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The response factors were calculated in the following
manner. Consider a gas mixture containing n components. The mole

fraction of the i th component, xj, is given by the relation

)(1 = ' . ‘ (8.1)

I AiRj
i=1

where A; is the area under the peak of the i th component and Rj
is the response factor appropriate to the i th component. Here the
term response factor is used to describe the R; values defined in

Fquation (B.1). (Some authors refer to ]/Ri as the response factor.)

Simf]ari]y, for the reference component, here nitrogen,

« . MRN (B.2)
N n

I AiRj
i=]

But, by definition Ry=1, so, dividing Equation (B.1) by (B.2)

R, = XN (8.3)
i <

Equation B.3 was used to calculate the response factors for oxygen,
ethylene, and carbon dioxide. The mole fractions xj and xy were
obtained either from the Eass fraction or the volume fraction of the
prepared samples.

The calibrations for 0, and Ny mixtures using the Beckman- °

G.C. appear in Table B.4. The average response factor was 0.996,
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but 1.0 was the value actually used. Dietz (B.1) reports a value
of 1.05 for the 02 VS, N2 response factor.

The calibrations for the Guw-Mac G.C. with a PoraPak Q
column are displayed in Table B5. The C0Op response factor was
0.8670 and the ethylene response.factor was 0.8716, however, 0.87
was used in each case.

The last gas chromatograph calibrated was the Hﬁ:lett-
Packard model 5710A, with a PoraPak Q column. The average'response
factor for ethylene was 0.8593, however 0.86 was the value actually
used in the subsequent analysis. The average response factor for
carbon dioxide was 0.¢¢16,and as the calibration data exhibited
very little scatter, 0.8616 was the value used in the ané]ysis. The

calibrations are in Table B6.

&
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TABLE B.4
CALIBRATION OF BECKMAN G.C. 2

CALIBRATION GASES 0, + NZ‘

Mole ¥ 02 : Preparation Response Factor

G=gravimetric
V=volumetric N2 02
0.82 G 1.0 1.15
0.84 G 1.08-
1.01 . G _ 1.06
1.20 G +- 1.06
2.98 v 1.0
3.06 ) _0.98
3.50 ' v D.99
3.47 v 1.02
6.00 ) 0.95
6.00 ) 0.96
6.48 v 1.09
6.53 v 0.96
9.90 G 0.85
10.11 G 1.09
10.00 G 0.98
10.63 G 1.04
11.10 ) 0.95
11.46 > v 0.97
11.52 ) 0.95
12.44 v 0.94
12.00 G 1.12
12.46 G 1.24
12.59 G 1.15
12.35 G 1.Y7
17.81 ) 1.00
17.98 v 0.99
18.0 v 1.02
18.4 ) 1.07
21.9 AIR 1.11
AVERAGE RESPONSE FACTORS . 1.0 0.996
VALUES REPORTED BY DIETZ 1.0 1.05
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TABLE B.5
CALIBRATION OF GOW-MAC SERIES 550 GAS CHROMATOGRAPH

CALIBRATION GASES  CO,,C,H,, N, .

2°72°y
Mole % CO» Mole ¥ CoHg Preparation Response Factors
- G=Gravimetric '
V=Volumetric J "2 02 | c2ta
2.01 G 1.0 0.8783 |

3.82 | v 0.8680
7.56 G 0.8563
8.43 v 0.8665
8.49 G 0.8734
13.35 v 0.8697
14.04 G 0.8571

1.01 |, (\g/ 1.0 0.8431

1.03 1 0.8722

1.55 | v 0.8629

2.63 v 0.8691

3.08 G 0.8622

.37 v 0.8837

4.42 G 0.8970

5.36 G 0.8651

5.98 vV 0.8892

AVERAGE RESPONSE FACTORS 1.0 0.8670 | 0.8716

VALUES REPORTED BY DIETZ 1.0 | 0.875 | 0.875
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TABLE B.6
CALIBRATION OF HEWLETT PACKARD 5710A GAS CHROMATOGRAPH

CALIBRATION GASES C02.C2H4, NZ
Mole % CO» Mole ¥ C2H4 . Preparation Response Factors
G=Gravimetric
V=Volumetric N2 €02 C2H4

1.0 G 1.0 0.8444

3.75 G 0.8586

7.78 G 0.8604

9.98 G 0.8961

13.62 G 0.8437

16.09 G 0.8808

2.03 v 1.0 0.8445

5.00 v 0.8669

5.03 v 0.8411

7.48 v 0.8530

7.52 v 0.8632

9.55 v 0.8692

10.27 v 0.8697

10.60 v 0.8590

12.31 ' v 0.8582

' '5.24 Linde Sample ' 0.8773

7.04 5.99 v 1.0 0.8560 | 0.8431

8.06 6.21 vV 0.8616 0.8420

8.95 6.98 v 0.8573 0.8443

4.31 14.03 v 0.8650 | 0.8718
5.5? v b 1.0 0.8622

8.7 v 0.8620I
9.5] v 0.8626
11.33 v 0.8619 !

13.97 v 0.8604
8.02 G 0.85N1

AVERAGE_RESPONSE FACTOR 1.0] 0.8616 | 0.8593

VALUES REPORTED BY DIETZ 1.0 0.875 0.875
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APPENDIX C .
GAS CHROMATOGRAPHY ANALYSIS

A1l of the analyges of the reactants and products were done
by gas chromatography. fhe_Principles %nvoived in the analysis
of gases using Fhromatography are well established now and a
discussion gf'thé‘fundamentals will not be presented. Three gas
chromatographs were used in this study: a Gow Mac series 550,

a Beckman 6.C.2, and a Hewlett Packard model 5710-A. A Hewlett
Packard model 7100-B strip chart recorder equiped with a Disc
integrator was used to integrate the signals from the Gow Mac G.C.
and also, during the integral bed tests, from the Beckman G.C.

A Hewlett Packard model 3380A electronic reporting integrator
analysed the signals from the Hewlett Packard G.C. and from the
Beckman G.C. As well, during the integral bed runs, an on-line
G.C. analysis program supported on the Departme%t's 1.B.M. 1800
computer was used to confirm the integrations performed via the

Disc integrator.

C.1 Chromatographic Operating Conditions

The details of the operation of thé three chromatographs is
summarized in Table C.1. The columns for the separationsvwere
recomnended by J.P. Moser. The aclual operating conditions are the end
result of a number of trial and error iterat%ons, converging to a set
of conditions which resulted in distinct and reproducible separations

of the reaction gases.
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C.2 Signal Analysis

In all cases, the analyses were performed on a normalized
basis. The mole fractions of the ith component in an n-component

mixture was determined using equation (C.1)

(c.1)

A1 reprqsents;the area under the peak of the ith component and Ri

is the fesponse factor of the ith component. Nitrogen was selected
(arbitrarily) as the reference component (Ri = 1.0) and the

remaining response’factors were determined as described.previously

in Appendix B, section 5. Sample outputs from the three chromatographs

are pictured in Figures C.1, C.2, and C.3.
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Figure C.1 : Typical output for 'air', CO.,, and
C2H4 analysis using the Hew]gtt Packard

G.C. and an'electronic reporting integrator.
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Figure C.2 : Typical output for N, and 0, analysis using
the Beckman G.C. and“ an electronic
reporting integrator.
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Figure C.3 : Typical output for ‘air, COZ’ and C2H4 using

a strip chart recorder.
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The output depicted in Figure C.1 was recorded on the strip
chart recorder; output in Figures C.2 and C.3 was recorded on the
H.P. 3380A reporting integra%pr. The numbers printed above the peaks
are the retention times of the compounds and the vertical lines
delinate the area which is integrated. Th; chromatographic signal
is automatically attenuated on a‘arithmic scale fo fit the recorder
paper so that no manual attenuation was required. Also, the
integrator output was on heat sensitive paper, thus eliminating
the ink flow problems so cqmmon to many older recorders.

A comparison of the th}éé methods (Disc integrator, on-line
computer, and electronic reporting integrator) was made. The
results of a test with high ethylene concentrations are given
in Table C.2. The sample bomb composition was determined volumet-
rically. The Hewlett backard G:C. was used to separate the
components.

Al threé methods provided reasonably accurate measurements
of the gas composition. The electronic recorder was the most
consistent. A second series at lower ethylene concentratjon
showed the weakness of the computer based system for the detection
of small peaks. The on-line G.C. package required that an
analog signal be sent from the chromatograph to the computer for
analysis. The transmigsion distance {four floors) resulted in
some extraneous peaks being reported due to random noise along
tig-1ine. More serious problems arose due to the limitations of the
analog to digital converter (ADC) however. The ADC had a sensitivity

L4

of 0.03 mv, and small signals would often be lost in the ADC noise.

This problem was also encountered by Schech (C.1) who studied
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TABLE C.2
INTEGRATION COviPARISONS FOR rlum ETHYLENE CONCENTRATIONS

Nominal Composition 48.07 % N>

35.71 % CoHg
16.22 % €02

4

REPORTED COMPOSITIONS (%)
|

DISC INTEGRATOR COMUTER ELECTRONIC INTEGRATOR
) |

€02 CoHg €02 C2Ha o, CoH4
17.6 35.0 16.0 35.5 16.34 35.94
15.1 37.1 16.4 35.2 16.30 36.00
16.1 36.2 16.3 35.3 16.?} 35.29
14.2 33.4 15.9 35.2 16. 35.57
14.7 33.9 15.9 35.5 16.25 35.76
16.9 35.6 15.8 36.1 16.31 34.98
17.3 36.3 16.0 35.7 16.12 35.61
17.3 36.7 15.6 35.1 16.18 35.68
15.8 35.0 151 35.0 16.22 . 35.90
15.4 35.1 16.9 35.0 16.20 35.62
16.6 34.9 16.8 35.7 16.43 35.75
AVE.

16.1 l 35.3 16.6 35.3 16.27 35.64




the problem more thoroughly. His solution was to amplify the
signal considerably prior to transmission from the chromatograph
to the computer. Other possible solutions would have been to
digitize the signal prior to transmission or to install a micro
computer based analysis system adjacent to the chromatograph. The
second alternative was the one selected, 1.e. the H.P. 3380A
reporting integrator was used to analyse the signals from the
chromdtogrqghs. The results of the low ethylene concentration

tests ate shown in Table C.3.

TABLE C.3

INTEGRATION COMPARISONS FOR LOW ETHYLENE CONCENTRATIONS

Nominal Composition: 0.40 % ethylene

. A
Reported Compositions of Ethylene (%)

9g;§puzﬂqipngggA"__

Computer ; Electronic Integrator
‘_____—‘4_,_,‘.*_‘__'—-, — — S ——__H_rv-.l_f_-_'-‘ [ - e - e m———— s e
“0.10 , 0735
- 0.00 9.44
0.00 Q.46
0.00 0.3
0’4 0.3
0.2 0.29
0.00 0.38
Average 0.10 0.37
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’

in é]l cases, hater. which was eluted last, was not analysed.
While exclusion of the Qater area in equation (1) will result in some
error for each component, the error is quite small. For the run
“pictured in Figure C.2, the nitrogen peak area was 114070 (arbitrary
units), the carbon dioxide area was 168, and the ethylene area was
2719. The water area would have been about 150. The percentage
error in the term in the denominator of equation (C.1) is.only
0.13% if the water is excluded from the total area calculation. This
.is considerably lower than the error inherent in the calibrations. Even
for high conversion runs, the fact that only very dilute mixtures of
ethylene and/or oxygen are uéed will render negligible th§ error
incurred by excluding the water peak.'

The water peak itself was somewhat troublesome. Each loop of the
Gow Mac G.C. would give rise to a water peak which differéd by up to
100% from the other loop. The water also tended to tail badly, which
.lengthened the analysis time considerably. While the H.P.5710 G.C.
did have a temperature-programmnable column oven, which could be
used tg sharpen the water peak, this feature was not used. The time
required to cool the oven back to 70°c after heating was longer than
the time required to completely eTute the water. As the three analysis
devices, Disc integrator, H.P. 3380A, and 1.B.M. 1800 could each handle
only one input at a time, the signal from the G.C. separating air,
COZ’_C2H4 and HZO could be truncated after the C2H4 peak. Then, the
signal from the Beckman G.C.2 could be ana1yseﬁ while the tailing
water peak was eluted. This procedure shorteﬁed the time rcquired

for each analysis from ten minutes to about five minutes.
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APPENDIX D

’
sk

MEASURED AND CALCULATED DATA

. {

In this Appendix, the measurements made in the integral bed
reactor (IBR) and the differential recycle reactor (DRR) are tabulated.
As well, some calculations of predicted fractional conversions in
the integral bed reactor are tabulated here. The raw chromatographic
data and the computer programs used for many of the calculations
in this work are too lengthy to include hg;e. The raw data and
computer Jrograms are contained in a separate volume available upon
request from the Chemical Engineering Department, The University of

Alberta.
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TABLF D1

RAW DATA - EXCESS OXYGEiN RUNS
OIFFERENTIAL RECYCLE REACTOR

4
KUN TEMP ETH oxy O/E RATE*10%%3
(K) (MOL/CU. M) . (MOL/G CAT-S)
4

Lc? 3620 0.1118 8.6319 19..74 1.247
L8 362« 0 Oe( 444 8e 64 09 Tt « 21 2¢355
L19 Sev 061190 Se324a4C 6y ¢« 9496 3.6800
L0 3750 0es19€0 8¢ 3130 4..4133 2.9500
Lz2 375.0 0.133C Be32€0 b6c e 6015 2.9300
Led 37590 Ce.la&C 8+ 322C Sc e 2365 3.1200
L2 3750 Cec SEC 8. 3C5C Zc e 1899 1.$700
Leb Sal 0.3470 8429C0 254 89C5 1.4800
Le6 3750 0.0650 843280 12uei1231 7.0100
LCb 38540 Cec?90 8+0210C 2c.7491 2.5900 °
L1l 38840 Ce2980 8. 0150 2¢ « 8960 4.,0800
L12 388e0 Oec32C B¢ 0260 34.5948 5¢3CC0
L13 38860 C.152C 8. 0360 S5c e 5223 6.90C0
L4 38840 0.1220 8. 0370 65. 8770 7.76400
Llo 388.e0u 0.1420 8+ 0390 S0e6127 6.C400
L17 38840 0ec2970 8.0170 2c +9933 25200
L18 388.u CeH030 7.9320 15. 8088 1.6400
L7 400ev 0.2000 7.9410 35, .7050 11.4000
L39 4CCa0 0..030 79420 3y.1231 11.6C00C
L4O 40049 C.c’3CO 7¢ 893C 34.3174 Ye 5400
La42 4C0.0 0ei 750 7.7870 20. 3164 7.5700
L4 G 490 .0 063360 744330 2¢ 41220 7.3309




TABLE D2

RAw DATA -

LOW OXYGEN RUNS
DIFFERENTI AL RECYCLE KEACTOR

Y
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ETH

RUN TeEMP OXY 0/E RATE*10%%8

(k) (MOL /CU. M) (MOL/G CAT-S)
MO3  40z40 0.4920 15420 3.1341 17700
MO 4 402.0 0.4220 243660 5.6006 4.5300
MOS 40c.0 0.4650 1.8520 3.96.8 3.1900
MO6 417.0 0.5280 07000 1.3258 8 ..o070c
MC7 4170 04540 13260 2.92C7 6.7800
MO8  417.0 0.3880 18400 a.76c3 15.5000

|

MC9 42440 03560 1.5910 4.4691 2648000
M10 42440 0.4060 1.3C90 3.2241 15.70600
M57 424.0 08230 0.4340 0.5273 2.4200
M58 4240 07130 06270 0.87y4 3.1706
M59 42440 06930 0« 8340 12055 6.840C
MOO 424 .0 0e6410 1.0500" 1.6351 12.500C
M6 1 42440 0.5600 1.3230 2.3625 23.50C0
MO 2 424.0 0.501C 15500 30958 35.4000
MI1 438.0 Ce3560 049910 2.7857 20.5000
M12° 43840 Ce2610 10510 4.0208 41+500€
MI3  438.C Cea’8C 0.7440 1.6956 1o.7ooc'
Mla 4364C 0+4100 0.7080 1.7208 13.6000 W
M15 43540 04650 04420 0.95(5 Se 370C
M16 43860 0.500C Ce2770 0.55400.  2.330C
M17 43be0 Cet670 0.2500 0.5353 3.810C
M18 43540 0«2380 07200 3.C202 41.600C
M19 43840 0.3280 1.0%0 3.,0976 27.100C
M1 4360 0e7270 12750 1.7508 16.500C
M22 43840 Ce7870 0.991C 1.2592 12.000C
MZ3 43640 0+8380 0.7440 0.8878 8. 5400
M24 43840 049040 0+3980 0.4403 3.5100
M30 4380 0ed 069 0.5524 1.3571 14.5000
M1 45540 0el910 | 0.+8060 2.7698 36. 1000
M32 43540 0«804a0 1.0190 1.2¢674 15.500C
M33 43840 086100 0.7180 0.8804 9.4C0C
YRYY 43840 0.9070 04500 0.4901 3.97C0
M35 43540 0e9520 =~ 042550 0.2679 0.69CC
M36 43540 0+7350 0.9980 1.3578 28.0000

—— = —
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TaBLE D2 (cOnTo)
RAw DATA - LOW O@YGEN KUNS
&
KUN  TEMP ETH oxY 0/€ RATE*10%%8
(K) (MOL/CUe M) (MOL/G CAT-S)
M37  455.0 0.6680 0.6510 0.9746  42.0000
M3E 45535; 0.7610 0.6860 09044 259000
M39 4554 0.8800 0.4310C 0.4898 113000
M4 0 455,C 09350 0e1610 Oel7c2 4 e 9900
Ma 1 45%5.0 C.£610 0.+4320 0eS1u7 17+ 1000
M42  455.0 0.7230 0.6120 0.84cS 33.700¢C
M43  455,0 0.8080 045100 0.6312 19. 9000
M44  455.0 0.6370 0.4730 0e7425 2349000
M&5  455.C 0.7050 03910 0.5546 10.4000
MLE 45540 6.5390 G «5990 1.1113 34+ 1000
MA7  $55.0 0.4040 0.7160 1773 6049000
MAB  474.0 03790 0.4560 1.3007 6640600
M49  472.0 0.7190 0.1830 02545 546700
M5O  47z.C 0.6840 0.2330 0e340L6 12+ 1006
MS1 472.0 0.€200 Ce3320 0.5355 224000
M52  472.0 0.4820 0.4280 0«8800  47.7000
M53  472.0 0.5600 0.3360 0.6056  33.4000
M54  472.0 0.3260 0.4080 1.2515  83.8000
M55 47240 0.4730 043720 0.78CS  50e 6000
M56  472.0 0.5490 03930 0.7158 3542000

——s

-
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TABLE D3
RAW DATA - AGEU CATALYST
DIFFERENTIAL RECYCLE REACTOR
RUN TEMP EXIT CONCENTRATIONS (OX)/QETH) RATE#10%&7
(K) (MOR/CU. M) (MOL/G CAT-S)

E THENE OXYGEN !

K10 350 0.1374 9.393 69.73 0.1601
K11 353. 0.0264 9.815 371.78 0.2222
KO4 361 0.3630C 8.347, 22.99 0.1170
K12 361 0.3635 8e346 22.96 0.0990
K13 361. 0.0965 9.323 96.61 0.207¢&
KROE 371le 0.3653 8.101 22.18 0.1877
K09 371 0.3998 7.921 19.81 0.1197
K15 38o. " 0.3433 7.620 22.20 0.4955
KO 360a 0.1344 8.365 62.21 0.6422 '
K21 3806 0.2285 8.043 35.21 0.6530
K2 383 0.2983 7.826 26.23 0.5115
Ke3 38oe 0.3447 7.630 22.13 0.5159
K25 380 0s.1476 Be 285 5598 0.848¢&

K26 38ue. 0.0466 8.180 175.93 2569
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& ®
a
TABLE Da
BLANK RUNS - INTEGRAL BED REACTOR

RUN  TEMP __ INLET MOLE PERCENTS FRACTIONAL CONVERSIONS

(K) ETH oxY (%) -
801 494, 0.135 20, 0.0
B02 587, 0.135 20. 0.0
803 604, 0.135 20. 0.0
Boa 658 0.135 20. 0.0
B80S 693 0.135 20. 0.0
B0O6 75S. 0.135 20. 0.0
807 7920 00 135 20. “00‘
808 792. 0.2046 20. 136
809 792, 0.8792 20. 16+ 24
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TABLE DS
BLANK RUNS - [INTEGRAL BED REACTOR
2. MM ALUMINA SPHERES

- ———— - ————————— —— E— — -

RUN TEMP

INLET MOLE PERCENTS FRACTIONAL CONVERSIONS
(K) ETHENE - OXYGEN (%) )

CO.1 500. ¢ 0.6086 20. 0.000
Co0.2 586 0.6086 20« 0,000
C0.3 603. 0.6086 20. 0.000
CO.4 640. 0.6086 20. 3.03
Cc1 640. 0.0723 20. ~0.1

c2 640. 2.4040 20. 2.74
Cc3 640, 0.9565 20. 3.63
Cc9 640. 0.,1012 20. ~0.l

C10 640. 0.9788 20. 4,73
c11 640, 2.215 20. 6.07
cs 677 0.0512 20 . S.38
c6 677. 0.6374 20. * 9.84
ci2 677. 1.838 20. 14 .85
ca 698. 0.621 20. 18.23
c13 698. 1.156 20. 22.80
ci14 698, 0.2814 20. 13.98
Cc7 766. 0.6225 20. 30.06

cs8 766. 0.1719 20 24.70




224

£S*91 61°gc *GLE Mou
22*02 g£s*ve *08¢K 62 3
86°01 LA 4 *0BE 923
68°21 L6°E?C *GLE S13 (YIv ONIMCd NIT)
»S°2S SRR A *66€ v13
00°*001 98°1¢% °96¢ €13 SHNOK ¢l
og*4L2 Sv°6¢ *9.LfE 213 HO0d AHSLS
£8°68 68 °G2 *SOov - 113 (¥IVv OSNIMOT3 NI
06°*22 gc°ve *16¢ . 013 SYNOH 09
c0* 02 (Oh £ *0B8E 63 ¥0d MESS
T€°0€F 69°¢<c *l6¢€ 43
26*11 02*v2 *68¢€ 93
f0°9 LL°gc *LLE S3
00°00T ss*EcC ‘60t v 3 (LSATVLIVD HS3Y¥JI)
80°0 sz2*ee *gLE 23 3NON
(X) NOISY3IANOD 13WNI ()
AYNOTADVYHS (H13/X0) 3YNIVE3IIW3L NNY ANSWIV3¥L

B01lDVv3¥ C38 IVEO3UNI
ANIWNLV3H1I-38d 1SATIVILVD

90 376vi



225

E37 375 591 . 0.6614 20.
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CONVERS [ON

o
' TABLE 07
RAW DATA - INTEGRAL BED REACTYOR
RUN TEMP FLOW INLET MOLE PERCENT
(K) (SCCM) E£THENE OXYGEN
E02 373. 500 0.8599 20.
EO03 398. 500 0.8025 20,
EO4 409 484, 0.8493 20.
€05 377. 476, 0.8a13 20.
E06 389. 473, C.8264 20.
EO7 397. 48a. 0.8441 20,
€09 380 479, 0.8129 20.
E10 391 a7a. 0.8243 20.
E11 405. 474, 0.,7877 20.
E12 376. 950" 0.5070 20.
"E13 396 1000, 0.4778 20.
E14 398. 547 0.8493 20,
E15 375. 536 0.8343 20
E16 375, 513. 0.6865 20,
€17 375 478. 0.3574 20.
E18 375. 534 ® o0.7378 20.
E19 375 520 0.5497 20.
E20 375. 507 0.4587 20.
E21 387. 416. 0.9119 20,
E22 387. a48. 0.7683 20
E23 387 433, 0.66 36 20.
E24 398, 472, 0.9584 20.
E25 398. 500 0.4957 20.
E26 380 70C. 0.8680 20.
€E27 380 449, 1.009 20.
E28 380 455, 0.,9213 20.
E29 380 435, 0.8155 20.
E30 380 426 0.7147 20.
E31 380 420. 0.5967 20.
E32 380, 401. 0.3924 20.
E33 375. 592, ° 0.7247 20.
E34 375 572 0.6086 20.
E35 375 563, 0.4178 20.
€36 37S. 571 0.5296 20,

(Xx)
ETHENE coz
5.84 0.08
1.82 3.55
100,00 101.00
6.36 - 6.08
11.78 12.16
33,02 27460
18,22 21.81
22.87 22492
87.52 92.14
29.63 24 .97
100.00 103.16
56.65 48.43
21.26 14.52
21.52 26..38
100.00 105.8
19.33 1591
30.482 31.26
54,47 55484
25.51 23.14
47.60 46.85
100.00 99.62
100.00 98.94
100.00 102.46
10.15 11.80
12.24 14.21
12.89 10.66
19.61 20.83
38.29 33.38
54.71 S0«44
100.00 111.38
18.46 23.00
36.16 33.87
100.00 103.14
50432 46.80
27.42 23.34




TABLE ©O7 (CONT.)
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"RAW DATA - INTEGRAL BED REACTOR
RUN TEMP FLOW INLET MOLE PERCENT CONVERSION
(%)

(x) (SCCM) ETHENE OXYGEN ETHENE co2
FOl1 375 598. 0.763 7.34 2463 274
FO2 375, 363, 0.432 6.47 6.80 5.86
FO3 37S5. 874, 0791 7.35 T.04 2485
FO4 37S. 553, 0.554 7.69 6.06 4.18
FOS 375. 554. 0.436 7.82 7.31 8.08
FO6 375. 540, 0373 8.07 18.,34 15.28
FO7 37%5. S513. 0.360 8.35 18.84 14.21
FO8 375, 503. 0.251 8.26 33.11 24 .45
FO09 375. 493, 0.135 8.58 86.79 112.15
F10 375e. S09. 0.178 8.47 43.08 S0.79
Fll 379. 578. 0.722 7.46 9.58 4425
F12 379, 52S. 0.613 7455 10.20 7.18
F13 380. 555, 0.557 T.74 9.82 13.42
Fla 380. 541. 0356 8.10 36.21 36.15
F15 380. 514, 0.231 8.58 10000 121.27
F16 380. 522. 0.295 8.30 100.00 128 .34
F17 380. 529. 0.361 8.49 100.00 122.45
F18 380. 529G 0.426 8.35 100.00 110.97
F19 380, 559. 0517 8.35 100.00 107.85
F20 380. 584. C.684 8.35 21.81 19.50
F21 380. S71. 0.649 8.35 19.62 19.15
F22 380. S64. 0.468 8.35 8.93 32.97
F23 380. 551, 0.463 8.35 50455 46.95
F24 380. 524, O« 305 8. 35 10000 97 .44
F2S 380 502. 0.939 8.35 35.70 12.21
F26 380. 584. 0.719 8.35 1557 18.62
F27 380. 568. 0672 8.35 21.00 21..90
F28 380. 562. 0.625 8.35 22.88 24 .31
F29 380. 554. 0.568 8.35 33.29 33.43
F30 380. S546. 0.572 8.35 24.90 260 .49
F31 380. 549, 0.470 8.35 38.11 35.32
F32 380. 54 3. 0.422 8. 35 45.41 41.12
F33 380. 537, 0. 368 8.35 52.74 53.33
F34 380. S38. 0376 8.35 78.83 62.43
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TABLE 0©7 (CONT,.)
RAW DATA - INTEGRAL BED REACTOR
RUN TEMP FLOW INLET MOLE PERCENT CONVERS ION
- ' (%)

(K) (SCCM) ETHENE OXYGEN ETHENE co2
GOl 380. 840, 0.6212 2.8795 1.94 4,26
G02 380. 586 « 0.7407 33,0431 3.25 4.04
GO3 380, 575 0.5912 3.0028 5.95 7.52
G04a 380. 557, 0.5087 2.8614 9.86 9.65
GOS 380. - 54C. 0.4167 3.0581 16.18 18.33
G06 380. - 519 0.2612 3.4033 42,57 42.65
GO7 380, " 520 0.1805% 3.3434 100,00 93.94
G08 380, 529. 0.2859 3.3606c 29.10 28.84
HO1 380. /585. 0.8399 1.4586 2.69 2.36
HO2 380, 560 0.7584 1.4462 7.41 2.38
HO3 380 570 06136 1.5254 2.04 3.25
HO4 380. 551 0.5035 1.6%35 4,38 4.4C
HOS 380. 5414 ° 0.4343 1.5925 3.02 6.5C
HO6 380. 519, 0.3470 1.6828 9,22 .10.18
HO7 380. 518. 0.2189 1.6471 15.79 23.42
HO8 380. 509 0.1515 1.6305 55.11 42.84
HO9 380. 500 0.0488 1.8128 100,00 117.95
H10 380. a95, 0.0882 1.7795 100.00 124435
H11T 380. 498, 0.1885 1.7115 16.04 18.03
H12 380 523, 0.3199 1.6604 2.96 - 7.03
H13 380 533, 0%.4840 1.265a 1.85 3.76
H14 380 509. 0e1133 1.8047 40.22 41.36
H1S 390 563. 0.6392 1.5387 9.11 4.67
H16 390. 535, 0.4335 1.6412 16.32 10037
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-
TABLE D7 (CONT,)
RAW DATA - INTEGRAL 8LD REACTOR
RUN TEMP FLOW INLET MOLE PERCENT CONVERSION
(%)

(K) (SCCM) ETHENE OXYGEN ETHENE co2

101 375. 575. 1.6227 4,3742 1.49 1.34
102 375. 568. 1.6765 3.6742 0.98 0.91
103 375, 549, 1.7269 2.8656 1.11 0.62
104 375. 524, 1.8183 1.6886 1.24 0.18
105 380. 690, 15082 5.8005 3.64 3.44
106 _380. 495, 1.6275 4,3625 C 3.22 1.90
{ 380 570. 1.6847 3.2597 1.01 1.28
08 390. 690. 1.4975 5.9245 8.48 7.92

109 390. 584, 1.6060 4,3121 4.49 4,22
111 375. 578, 1.2456 4,3833 1.65 1.83
112 375. 545, 1.3147 3.1699 1.61 1e12
I13 400. 589. 1.2346 44,4271 15.05 15.6C
114 400, S57. 1.3155 3.2234 7462 7.99
I1S a00. 538. 1.3703 2.3988 5.28 4.77
116 400. 523. 13970 1.5981 4.06 3,432
117 400. 516, 1.4405 0.8472 1.19 1.23
[18 400, 573. 1.2890 3.4299 11.09 10.6C
119 400. 700. 1.2230 4.8907 19.91 18476
120 400. S77. 12993 3.3720 9.80 9.31
121 a&2c. 586, 1.2489 4.,3403 42,83 41.88
122 420. 560 1.3065 3.1308 27.38 26432
123 420. 528, 1.3847 1.7090 11.17 10.66
124 420 581. 1.0552 4.1982 56.84 55.07
125 420. 688, 0.8072 9.2426 100.00 100,33
126 375. S01te 1.2409 “0e4497 0e72 0.04
127 375 503. 1.1985 1.2182 0.20 Ce04
128 375. 531 t. 1681 1.8158 0.74 0.53
129 375. 550 . 1.1586 2.2415 1.85 0«67
130 375. 495. 11063 3.0806 0.24 1.18
I31 375. 577. 1.0682 3.7723 0.95 2.28
132 375. 545, Lg 0486 4,2466 2.25 2.08

133 375. 650. O« 9645 62202 Se58 4.18
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TABLE 07 (CONT.)
RAW DATA - INTEGRAL BED REACTOR
RUN TEMP FLOW INLEY MOLE PERCENT CONVERS LON
(%)
(x) (SCCM) ETHEpE OXYGEN ETHENE co2

134 720. 0.8870 7.5768 4,24 6.03
13% 640. 0.7070 17.9185 100.C0 96.83
136 531 0.3152 19.4827 100,00 95.47
137 547. 0.4347 19.0351 100,00 99.68
138 568 0.6320 18+4550 9S.41 88.64
139 582, 0.7291 17.8521 34,03 30.40
140 576. 0.6242 " 100.00 94.60
1at 603. Qp 8440 21612 18.43
142 500 “?7072 30.32 28.59
143 375, 5764 .1083 2.23 1.11
1aa 375, 795. 1.0070 0.85 1.46
145 400, 585, 1.065 19.31 16.96
146 400. 575 1.0756 17 15.43 15.88
147 400. 563 1.1165 3.2512 16. 18 14.30
1a8 400. 59¥. 1.1467 2.5024 11.37 9.47
149 400. 526 1.18¢3 166157 7.41 6.76
150 4o00. S11. 1.2109 0.9909 2.31 1.81
151 400. 690. 0.9847 5.5578 23.13 23.12
IS2 400. 580 1.0646 4.1892 16.54 15.89
1S3 400. 590. 0.8776 7.18667 100.00 102.97
1sa a20. 545, 1.2400 0.2590 Ce30 1.02
155 420. 515. 1.2207 0.8866 7.04 4.45
156 420. 534. 1.1529 1e6414 12.11 13.26
156 420. 531, 1.1651 1.8603 19.77 18.34
157 420. 546 1.102% 2.5439 30.43 30.69
158 420, 661. 1.080 3.1857 45.16€ 44.64
159 420, 584. 1.0400 4.0348 59.87 57.65
160 4&20. 695. 0.9980 Se5144 100,00 98.74
161 420. 5789 1.0890 3.6404 43,68 40.85
162 420. 544. 1.1503 2.2727 21.90 2005
163 aa40. 521 1.2246 1.0079 13.76 11.88
164 440, 542, 1.1653 1.9911 34.93 32.96
165 4a40. 571 1.0972 3.3984 100.00 97.33

166 440. 530. 1.1622 1.9552 34.35 33.11

- — —— e e — ——
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. TABLE Do
PREDICTIJNS OF ISOTHERMAL MODEL -INTEGRAL BED REACTOR
. LOW c THYLENE FLOW RATE

TEMPERATURE = 375 4K
. ETHYLENE FLUW RATE = 5,110E£-07 MOL/S
RATE CUNSTANT = S.065E-10 MOL/G LAT-S
TUTAL FLOW RATE = 509. SCCM
MOLE FRACTIONS (X)) (OXYZETH) FRALT IONAL FUNCT ION
ETHENE OXYGEN CONVERSION VALUE
0.135 1600 11.852 0el74 -1.535E-09
0135 1800 . 13333 0+.198 "4.9666'08
0.135 - 2.00C 14.815 0ec23 -14184E-CY
0.135 _3 2.20C 164296 0ect9 ~2.426E-10
0.135 2.400C 17.778 Oec?6b 3.936€-08
0.135 2600 19.259 Cen04 -1.708E-09
0.135 2.80C 20.7461 0eo33 -1.62CE-09
. 0.135 3.000 22.222 0e563 6.5 10E-08
0.135, 3,200 23.704 0e595 -5.160E~-086
0.135 3.400 25.185 0e428 -1.4126-09
D135 3600 260667 Cewba —~2.296E-08
0.135 3.800 28.148 0en02 —2.546E-08
0.135 4+ 000 29.680 Ceb643 3.930E-09
0.135 4,200 31.111 0.068 5.161E-08
0.135 4.400 32.592 0.¢ 39 1.250E-08
0.135 4.600 34.074 0eS7 4,C29F-12
0.135 4,800 35.555 0e771 ~3.122E-10
0.135 S.+000 37.037 0e583 6.545E-08

COMPLETE CONVERSION AT Q2/7ETH = 37.778

—— —— e e e . e - —— - — -— - —_—



PREDICT U

TEMPLERATURE =

TABLE D9

NS OF 1ISOTHERMAL MODEL

HIGH ETHYLENE FLOW RATE

375.K

-INTEGRAL

ETHYLENE FLOw RATE = 1.514FE-06 MUL/S
RATE CUNSTANT = 9¢065E-10 MOL/G CAT-S
TOTAL. FLOW RATE = S09. SCCM

¢
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BED REACTOR

FRACT IONAL

MOLE FRACTIONS (%) (OXY/ZETH) FUNCTION
ETHENE OXYGEN CONVERSIQN VALUE
- C‘ -
0.400 1.500 3.750 OetL 1l 7 -842276-10
0400 3.50¢C 8.750 0.041 2.7T22E-09
0.400 5.500 13.750 0.005 1.477E~10
0.400 7.500 18.750 0.090 ~6.633r-11
0.400 94500 23.750 0116 -1.092E-09
0.4 00 11.500 28.750 C.la2 -5.6C4F—-11
0.400 13.500 33.750 0.169 1e51&F~09
0.400 15.5C0 38.750 0.197 -5.8869E-10
0.400 17.5CC 43,750 Cec 26 -1.57CC-10
0.400 19.500 48.750 0.c56 -4.,011F-0¢
0.400 21.500 53.750 Dec 88 -4.811E-1C
0.400 23.500 58.750 0e021 -2.2056~-10
Ce400 25.500 63.750 0.555 -1.993F-08
0400 27.50C 68.750 0.092 -2.875-11
0.400 29.500 73.750 0.4 30 4,4126-08
0.400 31.500 78.750 Oea72 B8.437E-08
0.400 33.500 83.750 D17 -4.005E-08
De400 35.500 884750 0.967 ~-2.48arF-11
0.400 37.500 93.750 Oev24 - 66213 ~-09
0400 39.500 98,750 0.090 7e253E-06
0.400 41.500 103.750 0.775 -1.304F=-10
044CO 43,500 108.750 Dev29 -3.311E-08
109.021

COMPLLETE CONVERSION AT D2/ETH

———— —



TPREDICTIONS UF
Luw

TCMPLRATURE =
ETHYLENE FLUW RATE
RATL CUNOTANT =

TABLE D10
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ISOTHE.RMAL MODEL -INTEGURAL B¥D REACTOR

ETHYLENE FLOW RATE

440.K
5.180L-06 MOL/S

i

1135€-07 MOL/G CAT -,

FUNCTION
VALUE

TCTAL FLOW RATE = 571+ SCCM
MULE FRACTLIONS (%) (UXYZETH) FRACTIONAL
L THENE OXY GEN CONVERSION
o
1.220 0.60C 0.492 0.101
1.220 0.700 Ce574 y 0.119
1.220 C.800 0.656 0.137
1.220 0900 c.738 40« W& _
1.220 1.000 0.820 Oel1%h
1.2¢0 1.100 0902 0.192
1.220 1.200 0.984 0.211
1.22¢C 1.300 1.066 0.231
1.220 1.400 1.148 0.250
1.220 1.500 1.230 0.270
1.220 14600 1.311 0.291
1.220 1.700 1.393 Ce312
1.220 1.800 1475 0.333
1.220 1.900 1557 0.355
1.220 2.000 10639 0.377
1.220 2.100 1721 0.399
1.220 2.200 1.803 0.a23
1.220 2.300 1.885 0.44¢€
1.220 2.400 1.967 Cea7l
1.2¢0 2.500 2.049 0.496
1e22C 2.600 2.131 0.522
1.220 2.700 2.213 0.549
1.220 <.800 2.295 Ce577
1.220 2.900 24377 0.606
1.220 3.000 24459 0.637
1.220 3.100 2.541 7 0.669
1.220 3.200 2.623 0.702
1.220 3.360 2.705 _  0.739
1.220 3.400 2.787 0.778
1.220 3.500 2.869 0.821
1.220 3.600 20951 0.871
1.220 3.700 gﬁfa.oaaj 0.93%
A
¢ , [ 4
COMPLETE CONVERLION AY 02/6TH = 3.115

)

L4
-5.290t-08
~-3.456L-038
-4,713E-08
=-1.389E-07
-8+, 311E-08
-8,205E-08
-1.413E-07
-64998L-C3
~-1.058E-07
-6.468E-08
-9.624t-C3
-7.293L~-09
~T7e276E-C9
-2.018E-07
~2.811£-08
-3.592E-08
-1.642£-07
~2¢932E-08
-3.919E-038

1 7586-07
1.011&£-07
6.030t-0
-1.561E-0
-3.%95¢t-043
-1.094t-0C*"
=T7e905L-08
20428 -08
~1.630E-08
~-4.973L-C8
-6.087L-C9
1.753L-03
2¢05CL-08
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TABLE D11

PREODICTIUNS UF [SOTHERMAL MODEL -4NTEGRAL BE(» REACTOR
LOW L THYLENE FLOW RATE

TEMFERATURE = 420K
, ETHYLENE FLOw RATE = 3.822f-06 MQL/S
RATE CUNSTANT = 2.566E-08 MUOL/G CLAT-S
TOTAL FLOW RATE = 515. SCCM ’
—_ - — —_—— —_ - — -
MOLE FRACTIOUNS (%) (OXY/ZETH) FRACTIONAL FUNCTION
ETHENE OXYGEN CONVERS [ON VALUE

0.998 0.900 ~1608BE-C8
0.998 1200 -le184E-09
0. 998 1500 ~6.578E~-09
0.998 1800 ~2+016E-08
0.998 24100 20104 0.186 —24213E~08
Os» 998 24400 20405 Oeclb 1.382E£-09
0.998 2¢700 2705 Oecd? 1.387E-~-C8
Ce 998 3000 3.006 O0ec79 1e061E~C8
0.9986 3.300 3307 Oel12 ~4.283E-10
0.998 3.600 3.607 Qend? =1e2833E~08
0998 3¢900 3« 903 Oeu83 ~4.,]198E-09

. 0.998 " 44200 4.208 e 22 ~le47CE-08
De 998 4.500 4,509 0.463 -1.980E-08
P98 4.800 4.810 0.508 -2.468F~-08

0.998 $.100 Se1:0 0.556 ~le4]13E-CTH
0.998 5400 5411 Oec 09 " 24933E-08
c.998 S.700 Se711 e 70 -3.523E-08
0.998 6.000 €.012 O0.743 le122E-11
0.998 6.300 6e313 O.b44 -3.991€-09

COMPLLTE CONVERSION AT Q2/CTH

i
o
.
(o]
s
(Y}
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) TABLE D12 e
{7 PREDICTIUNS OF ISOTHERMAL MODEL -iNTEGRAL BEL REACTOK
LOW LTHYLENE FLOW RATE

-

TEMPERATURE = 400G .K

ETHYLENE FLU# RATE = 2.280C-06 MUL/S \

RATE CONSTANT = 5.000E-09 MOL/G LAT-S

TOTAL FLOW RATE = S11. SCCM

MOLE FRACTIQNS (%)  (OXY/ETH) FRALT IONAL FUNCT 10N
ETHENE OXYGEN | CONVERSION VALUE
0.600 1100 1.833 0.c54 -1.,056F-C9
0.+ 600 1600 2.667 0.080 —2.257E-CH
0.600 2100 3.500 0.1C7 - ~1.8045-08
0e6CO 2.600 4,323 0..34 —Q,254E-CY
0600 3.100 5.167 ‘0e162 -8.469E~0Y
0e 600 3.600 6.0C0 D.191 —2.268E~CE
0.6CO 4.10C " 6.833 0ec?22 -3.134E-0C0
0,600 4.600 7.6€7 DecS53 -4 ,64LBE-09
0.600 Se100 8.500 Cec 86 3.889F-C8F
D600 S« 00 9.333 O.020 —4 €6 C3EX10
0.600 &.100 10.167 0ea56 3.3936-08
0.600 6000 11.000 Q.o0a -2.578:-08
0.600 74100 11.833 Qe 34 1.272E~08
0600 7.60C 12.0067 Paa78 1.253E-CF¢
0.6CC 84100 132.500 Pev2s ~3.B81E-0€
0.60C 8600 14.333 Oen77 —6.534E-00
0.60C 9,100 15.167 0.037 1.9226-C9
0.600 9.60C 16.000 ‘0.7¢C8 4 .9C0E-09
0.600 10100 16.833 CenC2 -2.7738-08
0.6CC 10.600 17667 1037 —2.5¢2E-04
0. 600 11.10C 16.500 0e742 -3,72%E-03
COMPLETE CUNVEKRSION AT O2/ETH =7 19;953
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TABLE D13
PREDICTIUNS 'OF [ISUTHERMAL MODEC]AVNTEGRAL BED REACTOK
LOW ETHYLENE FLOW RATE

TEMPERATURE = 380.K

ETHYLENE FLOw RATE = 1.484E-06 MDL/S

RATE CUNSTANT = 84202E-10 MOL/G LAT-5
TOTAL FLOW RATE = 509. SCCM

——— ——

MOLE FRACTIUNS (%) (OXYZETH) FRACT IONAL FUNCTION

E THENE OXYGEN CONVERSION VALUE
0.392 1.600 4.082 0.C31 ~2.€79E-09
0e392 24600 6.633 0.C51 -—2.459E-09
0.392 3.600 9.184 0.072 -5.591E-10
0392 4.600 11.735 0e0S3 -1.899€-09
0.392 5.600 14.286 O.ila -1.774E-09
0.392 6.600 16837 0.136 -1.788E-10
0.352 7.600 19.388 0.159 -2.994E-09
0392 8.4€0C 21.939 0182 -2.51CE-0%
0.392 9.600 244490 0.c06 ~4.124E-08
C.392 104600 27.081 0ec30 1.829£-08
0.392 11.600 29,592 Cec56 3.9€5E-08
0.392 12.600 32.143 0ec82 -1.122E-09
0.392 13.€20 34.694 0.509 -3,979=-08
0.392 14600 37.245 0.537 2.6685-06
0392 15.600 39.796 0.0067 -8,848E-08
0.392 164600 42.347 Cec98 5.062E-10
0.392 17.600 44 .898 0ee31 -5.82GE-11
0.392 18.600 47.449 0es66 -4,573E-08
0.392 15.600 50.000 0e50C3 5.2505-08
0.302 20.600 52.551 0.543 -2.9956-11
0.392 21.600 554102 0.587 6.5C3E-C8
0.392 22.600 57«65 3 0.c30 -—4.5685-08
0.392 23.60¢C 60.204 0.093 -7.205£-08
0.392 24.60C 62.755 0.7€2 -3.292E-08
0.3Q2 25.600 653006 Cevb s ~1.3266-08
0.392 264600 67.857 0.534 -1.800E-03

COMPLcTE CONVERSION AT O2/ETH 70.408

-—___-_.____.._—-’_.___. e —
’
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02 TREATED RUN>

TABLE D1S
OISPERSION EXPERIMENTS
RAW AND CALCULATED OAT A

242

PeQoe TV W

He TREATLD RUNS RsSe U
UNTREATED RUNS 0. .
— _ — r
RUN TEMP DISP OX/ETH RATE ETH RATE CO2 AVE CONV
001 385. 0.220 1. 734 0.630E-07 0« 109E-0O0 0.0392
002 385. 0.220 1.625 0. 102E-06 O.7476-07 0.0589
003 385 0.220 2.713 0e971E-07 0.102E-0¢ 0.Ca4al
004 36S. 0.220 3.777 0e974E-07 Oell4E-Ce’ J.C476
oS 385« 04220 0.924 0.000E 00 04282E-0 0.CC79
006 <410 0.220 09373 0.908E-07 0.758€E-07 Ce0S73
007 410 0.220 1.450 0e929C-07 0e952--07 0.Cs26
008 410, O0e220 2.022 0+133E-06 0«123c-06€ 0.0083
009 410. C.22¢C 2802 Oe 12¢6F -06 Oes 166t -0¢C O0.Ct 76
Cl10 41Ce. 0.22¢ 3e942 Oe176E-06 0.207E-0¢ 0.0ve€S
PC3 410 0.036 2.051 O0e2720-07 0.359E-07 0.0124
PCa 425 0.036 2.028 0.37CE~-0Q7 C.481E-07 C.0164
PC5S 425. 0.036 3.393 0.760E-07 0.895E-07 0.0319 .
Q01 410 0.115 1965 0.223E-07 0.701E-07 0.0190 %\
Qo2 410, 0.115 3.309 Ce81SE-07 0.785L-07 c.C32¢
Q3 410. 0115 1.387 0.CO0CE 00O 0«378E~-07 0.007§
Qo4 410, 0.115 0700 0«.648E-07 C+.618E-00 Oe 13 -
QoS 425. 0e115 1.898 0.697E-07 0.891E-07 0.0307¢ :
Qo6 425« C.115 2.184 Oel174E-07 0.637E-07 - 0.0188
’ N e
- —— o - T———‘ :

-

3

. '_‘-,,)-."
TN e s
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TABLE D13
DISPERSION EXPERIMENTS

RAW AND CALCULATED

(CONT)

DATA

243

02 TREATED RUNS PeQeToVeW
H2 TREATED RUNS ReSeU
UNTREATED RUNS o]
RUN TEMP DISP OX/ETH RATE ETH RATE CO2 AVE CONV
RO6 365« 04,120 1.595 O.111E-07 0.000E 00 c.0028
RO7 385 0.120 4,405 0.454E~-07 0+506E~07 00279
ROB8 385, 04120 10.635 O+ 165€E-06 0.889E-07 C.0782
RO9 410. 04120 0.822 0.438E-0Y 0.183E-06 0.C153
R10 41Ce Coel120 2.087 D«.385€E-07 0.582E-07 0.0240
R11 410« 04120 3.480 Qe127€-06 0«.110E-006 0.C579
R15 42%. C.120 2.336 D.16EE-06 0.770€-07 ° 0.0677
R16 425%¢ 04120 A4.517 De250FE-0¢ 0.243E-06 Ce 1407
SOl 425. 0.155 1,461 0.790E-07 '0.6626-07 0.0402
s02 425, C.155 2.217 0.143E-06 0.118E~Ce Ce CLG8
S03 4259 0.155 3.055 0e235E-06 0.199E-00 0e1102
SOo 425¢ 04155 1977 0.0ATE-07 0el117E-C6 0.0469
sS07 425. 0.155 1.457 0.740E-07 0.767E-C7 0.0384
S13 410. 0.155 4,246 0.125E-06 ~ 0.864E-07 4 0.C601
Sla 365« 0.155 4.101 0.000E 00 ° g{xazs—OJ 0+ 0052
‘1fue 410e 04155 2.146 0.00CE o0\ <4 T2E~07 C.C127
T ]
P YC1Y, - 410. 04170 Z2.071 0.409€E-07 0.428E-07 0.0199
A TP2° % 410 0.170 14749 0.628E-07 0% 268BE~-07 0.0239
T03 410. 04170 0.844 0e2?7E-07 0.181E-07 0.0118
To4 410+ “0.170 4,007 0.712E-07 0.18B3E-07 0.0254
T13 4:5¢ 04170 2.243 O.115%E-06 0.40T7TE-07 0.0254
. Tis 4:5. 04170 3.783 0.969E-07 0.649E-07 0.0278
T15 425, 0,170 3.582 0.986E-07 0.988E~-07 0.0325
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R,
B
r7
TABLE D15 (CONT)
DISPERLION EXPER IMENTS
RAW AND CALCULATED DATA
02 TREATED RUNO PeQos Tee VoW
HZ2 TREATED RUNS ReSs U
UNTREATED RUNS o
RUN TeEMP DISP "&X/ETH RATE ETH RATE CO2 AVE CONV
uol 385. 0.220 1.368 0.355€E-07 0 .264E~-0C7 00096
uo2 265 . 0.220 26 852. 0.460E-07 0.298E~-07 0.0} 31
Uo3 365 0.220C 40936 0.943€E-07 0696E-07 0.0300
uosS 410. 0e220 0.873 0. 000E 00 0327E-07 00052
Uo6 410. 0220 1.628 0, 0COE 0O 0e439E~-07 C. 0C7a
UO7; 410, 0220 24702 0+344E-07 0.104E-0¢C 0.0243
vuoa 410, 0220 4,288 0s21TE-06 0.153E-00 Ce0€ 23
uo9g 410. 06220 2374 0.S5S66E-07 0-8185‘07 Ce 0257
ul1o0 425 0.220 1. 264 Oel112E-06 0«973E-07 00332
Uil 4cSe 0220 2168 0.201E-06 0.178E-0O0 0. C652
Ui3 425 0e.22¢C 2¢3C1 O0«164E-06 0+169E-C¢C 0,05 8¢
Vol 410. 0.260 24145 0.000€ 00 0.589E-07 0e0C99
voz 410. 0,260 1.485 O« 776E-07 0«442E-07 00200
Vo3 41C 0260 36960 Oe¢ 750€E-07 0.799E;07 0.0271
Vo9 425, 0.2€C 9. 347 0.179E-06 0¢13SE-0C 0.4353
V10 3ESe 0.260 8. 205 0«3V1IE-OT7 0.238e-07 0.C126
wo 3 "410e 06320 20223 0.793E-07 0547€E-07 DelCz €7
wo4 410. 0632C 4,510 0.,128E-06 0.111E-006 OeCa92
woo 4cSe 06320 3.134 0e25CE-CO 0.156E-00 0s.C797
wo7 a4cs5 0,320 2.7126 O¢112E-0C6 O.111F-Co 00450
wC 8 4.5 . 0320 1. 680 0«.8B15€-07 De726E~-C7 Ce C307

— s — e e . e e e e e



TABLE D16
TEMPERATURE NORMALLIZED RATE CONSTANTS

245

AVERAGE ACTIVATION ENERGY

SERIES DISPERSION RATE CONSTANTS %10x%*%x8
(MOL/G CAT-S)

385 K 410 K 425 K
0 (0.22) 3.427 5.7049
P 0.036 1.7504 2.568
Q 0.155 2.3646 3.6818
R 0.12 1.1787 3.0214 5.0087
S 0.155 0.4438 2.0653 S.86417
T 0.17 1.8153 2.7818
U 0.22 1.3519 3.5447 S5.913%
v 0.26 «0e4765 2.2605
w 0.32 0.5185 2.46611 4.8893

ACTIVAT ION ENERGIE
J/7M0L)

26.75
37.00
42%53
a9,

86479
41.21
50.21

81.69
76.93

54,72
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APPENDIX E ¢

ERROR” ANALYSIS AND DATA REPRODUCIBILITY \

In this Appendix, the significance of the experimental errors
on the measured rates of reaction will be considered. 1In mﬂ;i cases,
the precision and accuracy of physical measurements is consi;erably
greater than the reproducibility of the measured rates of reaction. The
reproducibility of the measured.rates was at times exee]]ent and at
times very poor (compared with the errors estimated in the measure-

ments).

E.1 Errors in Temperature Measurement

Errors. in the temperature used for each run arise from a number
of sources. There is an error inherent in the thermocouple and
recorder, a difference between the catalyst bed temperature and the
bath temperature, a difference between the temperature recorded by the
thermocouple in the middle of tbe bed and the one near the top of
the bed andéa difference between the temperature of the bulk gas in

\ .
the reactor and theftemperature on the catalyst surface.

Errors attributable to inaccuracies in the thj‘mﬁcoup]e and
recorder are certainly small. For the iron-constantan th"'pcoup]es
the difference between the measd?éd and actual temperature was
propdbly less than 0.1°C. The ‘strip chart recorder was reqularly

-

calibrated and adjusted, and the erro® in the voltage measurement was
less than 0.05 mv. The strip chart could be read to an accuracy of ‘
:0.03 mv. The voltage differences were converted to Kelvins using
standard conversion tables. Considering all of these factors, the

temperatures measured were probably in error by no more than 0.5°C.
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The measured temperatures were then corrected ysing the calibration
curves shown in Appendix B.1.

The possibility tha; heat transfer limitations could affect the
study were discussed previously in Appendix A. The maximum difference
between the pellet surface and the bulk gas was calculated at 6 K,
however the upper 1imit on this temperature difference for most of
the runs was likely around 1.6 K. As well, since the exact pésixion
of the thermocouple tips could not be determined, (i,g. théy could be
touching a glass bead, a“catalyst pellet, or in the bulk gas) the upper
bound on the difference between the temperature measured and the
temperature of the reaction may well be less than 1.6 K.

b Errors which were occasionally appreciable arose due to
differences between the temperatures measured by the two.thermocouples
inside the reactor and the one in the{1ead-bismuth bath. After the
intro8uction of the reactants into the reactor, the two reacto;
thermocouples would record transient temperature rises from 0.1°C
to 40°C depending on the conditions of tﬁe run. In a few cases,
reéctor heat transfer limitations would result in a steady state
offset in the temperature of up to 30°C. That is5, the rate at ahich
heat was generated by the reaction was greater than the rate at

which it was transferred to the bath. In these cases, the transient
offset was maintained throughout the run. These situations usually
occurred during high conversion runs which were discarded from the

~ analysis. However, for all runs there was some dif%erence between the

.

bed and the bath temperature. ’4§ .

Perhaps more important though were diffefences between the

temperatures recorded by the two bed thermocouples. If the reactor
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<1
was & be a ;geudo -CSTR, then the temperature of. the entire catalyst
bed must be constant. Unfortunately, this was not always the case.
Occassionally, for the higher conversion runs, a temperature gfﬁdient
along the catalyst bed was noticed. This gradient varied from less
than a pegree up to four degrees. In this case, the reaction zone
would not all_be at the same temperature, so that the assumption of
perfect mixing was not valid.

In every case, the temperature used for the analysis was the
temperature m;asured by the mid - bed thermocoup1e. The
measurement was accurate to +0.5°C, this measu:;d temperature was
within 1.6°C of the pellet surface temperature, and the pellet
surface temperature was within 4°C of the temperature anywhere else
in the catalyst bed. ngk‘means that the temperature, in the worst
case, may have been in error by up to 6.1°C. At 400 K, this 6.1°C

error in the temperature would Pesult in a 67% error in the rate

constant, k, according to Equatiop (4.9). -

E.2 Errors in the MNow Measurement

The flow meter readings were made from the strip chart
recorder which continuously recorded the output of‘the mass flowmeters,
The meters and the recorder were each zeroed every day, but only rarely
was adjustment required. The low range flowmeter (0 -100 SCCM) was
believed to be accurate to +0.5 SCCM and the high range flowmeter
(0 - 5000 SCCM) was believed to be accurate to :5 SCCM. The
measured flow rates were compared aqainst the ca]ibfation curves in
Figures B.7, B.8, and B.9 to determine the actual flow rates. The

calibrations were done at laboratory conditions using a stop watch
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(relative error less than 0.5%) and a bubble flowmeter (relative
error less than 1%). The error in these calibrations should be less
than 1%, so that the total error in the flow measurements is 1.5%
for the low range and 2% for the high range meter. The flow rates
were generally less than 100 SCCM for the low range and 500 SCCM

for the high range meter.

£E.3 Errors in Composition

An indication of the errors in the composition analysis is
provided by the percent error entry on each page of the Chromatographic
Output-in the data book. In Appendix F, Table F.1, the data sheet
for Run M 54 (the run used for sample” calculations in Appendix A)
is #eproduced. For most of the entries, the individual entries
differ from the average valuc by 1ess than 1%. The error incurred

in the mass balance is of the same order. Since the reaction

C2H4 + 302 - 2CO2 + 2H20 (E.1)

is equi-molar, then the carbon balance can be calculated as was done

in Section A.3 if the flow rate remains constant, i.c.,

(2y.qn * Y ). .- (2y ty )
C02 C2H4 i CO2 CZH4 out

te -~ x 100%  (E.2)

(2y +y ).
CO2 C2H4 in

[T}
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The apparatus was frequenfiy leak tested at pressures up to 27 psig
(about 2 times the reaction pressure) and any detécted leaks were
eliminated so that the flow rate was indeed constant. For Run M 54
the percentage error in . afbon balance was +1.66%. This was, if
anything, a higher than m value. Mass balance errors of less than
ll‘Yﬁ;e not atypical.

o Thére were some problems with the CO2 analysis at the beginning
of a run. The PoraPak co]dmn, used to separate the CO2 tended to
irreversibly adsofb C02 at the start of each day, causing some of the
early feed analyses of C02 to have errors greater than 5%. After
a dozen or so injections, the CO2 peak was reproducible however.
.During the period between series of runs, the CO2 on the packing
apparently desorted, so that a conditioning period was -required
each day.

Since the molar flow rate was constant, the fractional ‘u\

conversions were calculated from the inlet and exit mole fractions using

Equations (E.3) and (£.4).

= YeoHpin = YOoR
XETH 2''414n 204, out ‘E.3)

YCoH4in

s}

Xeop * €02 out = Y0z, iy

- (E.4)
‘YC2H4,‘1n X 2

A
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Consider first the case in which the fractional conversion
]

‘ N
is based on ethylene depletion then, in EquatioW (E.3),

X Yi - Y,
Yi
-
_ (3% X
dX (aYi) dY; + (a 0) dYq
ax = (Y9) dv; - (1)
Yj i Yj 0
- (Yo (¥ oy N
Q% - (V‘?‘Z) (Y]-Y ) dY] (Y ) (Y]-Yo) dYo
Y dy; Y dy
dx = (-2 -y 21 _. lo_. 20
X Yi-Yo! Y4 Yi-Yo Yo
.o 1-x dYi - 1-X dYp (E
or, dX = — <~ —

For the maximum error, assume that the relative errors in

Y; and Y, are additive, i.e.,

& >0
Yy

and dYyg <0
™~ Yo

If the relative error in the ethylene mole fraction in the

inlet stream is the same as in the exit stream, then,

.
o
~



Then, converting (E.5) into finite differences,

&X
X

On the other hand, if the fractional conversion is based on the

(E.6)

amount of CO2 produced, then Lquation (E.4) should be used.

Substituting
Yi = YCOZ, out
Y2 = YCOZ’ in
Y3 = YepHy g
™ X - n-v
2 Y3

_ X
dX = (571) dY]

_ 1
dX = (5p;) dY,

N A A
%)é CXY3 X ( Y

If the relative error

Y2
) - N3

in all the

(E.7)

compositions is the same,
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For the maximum error, set

dYy ‘! 0
dY? <0
dYz <0
then,
S gﬁ—yz T 1] SO (€.8)

Substituting (E.7) into (£.8) and rearranging in finite difference

form,

>

« o] 5

Equations (£.6) and (E.9) can be used to evaluate the relative
error in the fractional conversion. A generous estimate of the
error in the in the compositions is about 27.

i.e.

5%1- 0.02

1

S = 00, i = 0.02
! YCOZ, in

For most runs,

%2_ . %c_oy,_in N ?_8_3 = 0.03
3 CoHa, in '

Table E.1 shows the results of substituting these values into

Equations (E.6) and (E.9)
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TABLE E.1
RELATIVE ERRORS IN THE FRACTIONAL COMVERSION
Fractional Conversion Relative Error in Fractional Conversion
X
X
X
Baséd on C2H4 Based on CO2
. 1.00 0.00 0.040
0.75 0.013 0.040
0.%0 0.04 0.041
0.20 0.16 0.043
0.10 0.36 ) 0.046 \,/
0.05 0.76 . 0.052
0.01 3.96 0.10
0.005 7.96 . 0.16

f

Table E.1 is the justification for the deciéion to base the
fractional convérsions, and hence the rates on the COp value for
conversions less than 10%." At a conversion level of 10%, the
relative error in the ethylene based conversion is 36% while it
is only 4.6% for the COp based conversion. Since the calculations
bere were for the maximum errors, the error in the reported .
fractional conversion should not exceed 10%.

A systematic, rather than random error could influence the
measurements if the G.C. calibrations were in error. An error in

the individual fractional conversions would not be apparent since
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the fractional conversions are independent of the calibration.

Xg

OR Xp = AE,in - At ,out

where
At = peak area of the ethylene peaks

RFg = response factor of ethylene evaluated from
' the calibration (See Appendix C)

Since the mole fractions were calculated on a normalized basis\
though, an error in the calibration would result in different values
for the fractional conversions. Were there a sizeable error in the
response factors, a systematic error in the carbon balance would

be noticed. Since the carbon balance was in error both positively
and negatively, with no discernable bias, the calibrations are not
significantly in error. |

E.4 Errors in Catalyst Weight and Reactor Pressure

The catalyst samples were weighed on a calibrated balance.
The srror in the measurements was ! 0.005 g so that the relative
error in these meéasurements was 0.5%. The reacfor pressure was
measured with a Bourdon gauge. The uncertainty in the pressure
measurements was ! 0.3 psi . or 1.5%. Accurate pressurc measurement
was not required for this work. The runs were all done at same

pressure, and the curve fitting algebra eliminated the pressure from

the calculations.
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E.5 Effect of Mcasurement Errors on Calculated Rates o

The measured rates in the recycle reactor were calculated

using Equdtion (A.1)

FE,in X1 (£.10)

-r
E N

The relative error in the rafe is given by the expression

\
dr _ dFE , dX _ W
r-ri‘*x W
or
dr _ dfy dvg dx  dW —E.M
r FT * “Ye * X W

For the maximum error, assume all errors are additive. Then,

using the uncertainies estimated for 10% conversion run from

Table E.1,
i% = 2% 4+ 2% + 4.6% + 0.5%
6r _
- 9.1%

The error in the rates attributable to uncertainties in the
measurements should be less than 10%. As will be shown in the
- following section, the reproducibility of the rate measurements must
have been affected by variables other than those used to calculate

the rate.
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. - In Chapter 4, the measured rates,odetermined frJ' Equation

Y :
o 2"(E.10) were compared with a rate equation, Equation (4.6).
#
. @
r = KO02] (€.12)

(C2Ha )

The rate constant, k, was determined for a variety of temperatures.
N

k = (-r)_[C2H4]
{02]

The relative er*orlﬂﬁ the calculated rate constants g3n_be

estimated from the error in the rates.

L]
-

A

dk - dr~, dftoHe] _ d[0p] (E.13)
koo , '[C2Ha] [02]

.
‘
]
-

_ . ;
The total concentrations wg!eicalculated from Equation (A.8).
. . .- R .

A
’

i = PTViout T - (E.14)
TR
So d¢j, . dPp , dY4 _ R _ dT -
L A e T —{E-10)

Substituting into (E.13) for i = CpH4, 0p; and assuming that
all errors are additive,

Sk . sr . SYCoH4 . éY02

k r YC2H4 Yo?

)

O~
b3

= 9121 + 2%+ 2% = 13.1%

|
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Since this was a worst case analysis, the relative uncertainy in

the rate constants should be less than 15%.

E.6 Reproducibility of the Data

One of the tests applied to experimental data involves a
demonstration that the results can be duplicated. The reproducibility
of experimental data is often regarded as the factor of paramoynt
importance in judging its significadce. In some cases howéver,

. the,vefy fact that the data are irreproducible is in itself
signiiicant.‘ In the previous sections in this Appendix, the errors
which could be expected to appear_in the rafné and rate constants
as a result of errors in the Aéasured variables were éstimated.

In this work, the rates were both well below and well abové the
estimated errors. ' ¢

In Table £.2, the results of a number of runs from the DRR
are tabulated. These runs illustrite the refroducibility and the
irreproducibility of the kinetic data. The first four pairs,
(o4, K12), (K15, K23), (L37, L39), and (M23, M33) éxhibit good
reproducibility. The inlet and exit conditions are comparable,

and the rates are within the estimated error bounds. The slight

variation in the rates of the pairs is likely due to the sligh

differences in the total flow rates, FT. The next set, (LOZ L11,

L17) and (M22, M32, M36) show that for some runs, there i€ both
gdod reproducibility and irreproducibility in activity. The increase in
activity was usually linked with an unstable or high conversion run.

"~ For example, Run L10 was a complete conversion run, and the rate for

Run L1 was in (LO8, L1, L17) triplet is more than one and a half.

v
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TABLE f.2

REPRODUCIBILITY OF REPEATED RUNS - DRR

259

o
o
l%un Temp Fr Feed Composition| Product Composition Ratex]O8
(k) | (scem) (mole %) (mole %) (mol1/g-s)
CoH, 02 C2Hg 02
N
Ko4 | 361 588 | 0.776 17.3 0.753 17.3 1.2
Ki2 | 361 600 | 0.763 17.3 0.754 17.3 1.0
KI5 | 388 | 593 | 0.801 171 0.765 17.0 5.0
K23 | 388 | 591 0.810 17.1 0.768 17.0 5.2
37 | 400 | 555 | 0.594 18.6 0.461 18.2 1.4
L39 | 400 | 563 | 07604 18.5 0.467 18.2 , 1.6
M23 | 438 | 534 |2.212 2.262. 2.108 1.871 8.5}1(
M33 | 438 | 553 | 2.176 2.207 | 2.039 1.808 9.4
Lo8 | 388 | 561 0.653 17.9 0.621 17.9 2.6
L1 388 | ‘580 | (701 17.9 0.664 17.9 4.1
L17 | 388 | 565 | 0.691 17.9 0.662 17.9 2.5
M22 | 438 | 561 2.116 2.908 | 1.981 2.493 12.0
M33 | 438 | 562 | 2.163 3.065 | 2.024 2.563 15.5
M36 | 438 | 562 | 2.172 3.306 | 1.850 2.512 28.0
M1) 438 | 58] 1.158 3.123 | 0.945 2.490 20.5
M31 438 | 561 1.128 3.123 | 0.731 2.027 36.1
[M13 | 438 | 556 | 1.232 2.179 | 1.103 1.871 10.7
MI14 | 438 | 545 | 1.209 1r 2.086 | 2.086 1.033 |, 13.6
M16 | 438 | 518 |71.278 “6.]94 1257 0.686 ¥ 2.3
M7 | 438 |-519 | 1.274 0.838 | Ww.222 0.654 3.8
M39 | 455 | 527 | 2.413 1.519 | 2.299 1.125 11.3
M4 1 455 | 555 | 2.391 1.535 | 2.198 1.129 17.1

vy
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times lafger than the rates in Runs LO8 or L17. The final series,
(MI11, M31), (M3, MI14), (M16, M17), and (M33, MA1), the results are
simply not comparable. As was the case in the previous series, the
higher conversion run usually followed a‘higﬁ'conversion run or

a complete conversion run. As well, the reactor and the catalyst
wa;ioccas‘.nally left at a high temperature over a weekend, and
the first ruﬁs following this exposure to a long period at elevated
temperatures sometimes r3§alted in runshwith’s]ight}y higher rates
than would normally be expected. .

Iﬁ Chapter 4, the measured rates were plotted against the
rg}ig_of the oxygen to ethylene concentrations in the e&it streams.
By examining runs (M17, M34), (M30, M32) and (M14, M21), in Table
D2, it is clear that the ratio of concentrations is a feasonab]e
variable to use for the fittiﬁg. In those three pairs, the inlet
and exit concentrations vary considerably, but thé conézntration
ratios in the exit stream are similar. In each case the calculated
rate is within the predicted uncertainies.

The integral bed reactor results suffered from the same
irreproﬁ‘ﬁﬁbi]ities as well, Often ;imi1ar ip]et conditions would
result in dissimilar exit conversions. Two examplzs taken from
Table D7 (F19, F30) and (F18, F32) are located in Table E.3.

In these two cases, the differences between the two runs
at similar inlet conditions is much larger than would be predicted
from the error analysis. In other cases though, the reproducibility
was very good, - but the markgd irreproducibility of some of the
data présented a consjderab]e problem. The irreproducibility
waé usually due to a change in the catalyst activity rather than £
any random or systematic errors in the analysis or experimental
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TABLE E.3 "
I@REPRODUCIBILITY OF REPEATED RUNS - IBR o
"« : \ .
\
Run ~ Temp Inlet Concentrations Fractional Conversions
(K) (mole %) (%)
F18 380 0.426 8.35 100.00
F32 380 0.422 8.35 45 .41
F19 380 0.517 8.35 100.00
F30 380 0.572 _ 8.35 24.90

technique. Runs F15 to F19 were cha

ized by instabilities
R L]
and high conversions. A comparison o catalyst activity before

these instabilities, Runs F11 to_Fl;&ﬁhd after the instabilities,

Ruhs F20 to F34, (see Tab 37) )is pictured in Fiqure E.1. The runs

were all at 38Q&_ggg,z{é;iz/oxygen (8.35 aol/m3). Except for Run F22,

all of_the wuns after the instabilities have conversions higher than
corresponding runs before the instabilities. This instability iq_ﬁhsu
catalyst activity was primarily responsible for the irreproducibility

of both the DRR and IBR runs. Many of the runs listed in the

Data book were excluded from the DRR analyses (both kinetic and dispersion
runs) for this rea;on. A1l of the IBR runs undertaken are listed 7

in both the Data book and Table D7, and all of the IBR runs were

used to evaluate the three reactor models.

g
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Figure E.1 : Effect of instabilities on ethylene
- conversion in subsequent runs.
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E.7 Summary

In tﬁis Appendix, the uncertainies fn the measured vq‘iables
affecting the rate cglculation for the DRR were estimated. Based
on these calculations, the relative error in the fractional
conversion should be 4.6% i¥the conversion is based on CO2 formation,
and‘36% if based on ethylene depletion for'a frattiona] conversion
of 0.10. For conversions below 0.10,'Uu3£rror in the ethylene
tonver§ﬁon increases rapidly, while the ®rror iﬁ the CO2 based
conversion increases more slowly. For th&s reason, if the
conversions were less than 10%, the (€07 based'conversion'was

!
From this, the error in the DRR ratio sh0u1d be 1ess than 10%

the error in the rate coﬂgtants should be 15% As well,

* at high conversions, heat transfer limit gch are difficult

to quantify, may &lso affect the acturacy rates and rate.

constants" o -
fn' oth the DRR and thé;IBRJ repeated runs exhibited
irreprodhcibilities in excess of these estimates. These
irreproducibilities tou]d usually be linked to previous Righ

_ temperature conditions. Changes in the catalyst acti?i:§ often
influenced the uncertainties in the rates and ;gte constants té\a

greater extent than did uncertainties in the measured variables.

R 1]
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APPENDIX F
EXAMPLES FROM DATA BOOK

.

2
-

The computer programs used to model the integral bed reactor,
analyse the kinetig:data, and calculate fractional conversions,
along with the outputs are too lengthy to include in this volume.
Instead, they are contained in a separate Data Book. The Data Book
is avail;ble from the Deparfment of Chemical E'bineering, The University
of Alberta, upon request. In this'Appendi», the Table of Contents
frpm the Data Book, and a reproduction of the output from Run M 54,

the run used for sample calculations in Appendix A are pﬁg;&pted.

A

i oo
¥
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. Coz | 0.4857

RUN M 54 DIl
TEMP = 472.,0 K
PRESS = ' 144,789 KPA
FLOWA = 500.0 SCCM
FLOWE = 108.0 SCCM

FEED COMPOSITIONS

0:?825

FRACPIONAL CONVERSI(NS
P
ETHENE  0.5024

RATES OF RFAC TION
ETHENE DFPLETION

C02 PRODUCTION 0.823

EXIT ETHFENF CONCENTRATION
EXIT OXYGEN CONCENTRATION
TOTAL MOLAR CONCENTRATION

________________________ -

.0

_ZARBON
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FFERENT TAL RECYCLE REACTOR

CATALYST CHARGE
4.73 GRAMS
ENGE LHARD 0,3 PCT PT,

AIR co2 E THENE N2 02
98.2000 0.0000 1,7890 0.9641 0.0359
98,2400 0.Q000 4 1,7650 0.9640 0.0360
98,2400 0.8000, 1.7620 0.9639 0.036l1
98 .22 00 0.0000 . 1.7790 0.9644 0.035%

v" - /
AVERAGE & —=—-—==~ _ (MOLE PERCENT)
98,2249 0,000y 1,7737 94,6987  3.5275
w“ C N

o

PRODUCT COMPOSITI@ENS

AIR COZJQﬁ,ETHENE N2 02
97.3900 1.736 i2.8760 0.9894 0.0106
97.3900 1.726 .8840 0.9884 0.0115
97.3800 1.7290 ., 0.8841 0.9883 0.0117
97.3900 1.7250 0.8870 0.9886 0.0113
97 .2%00 1.7270 0.8872 0.9885 0.0114
97.4200 , 1.7070  0,8780 0.9885 0.0114
97.4000  1.7130 0.8818
AVERAGES —==—=- (MOLE PERCENT) .
97.32942 1.7232 96.2R55 1.1070

MASS BALANCE

ERCENT ERRMR (G-ATOM BASIS)

" 1.66

0.8517TFE~-06 MOL/G-CAT/S

SF-06 MOL/G-CAT/S

N.3255 MOL/CU., M
0.4083 MOL/CU. M
?6.8845 MOL/CU. M

- g = - - o e —



