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ABSTRACT

Primary upgrading of heavy hydrocarbons by catalvtic hydroprocessing has become
widespread. using alumina-supported transition metal sulfide catalysts. In the presence of
hydroprocessing conditions. The initial deactivation is attributed to deposition of coke on
the catalyst surface. This project was carried out in order to understand the coke

through doping of the catalyst with alkali metals.

A commercial NiMo/y-Al>O3 catalvst was used in the hydroprocessing of Athabasca
bitumen in 15 mL micro batch and 1L CSTR reactors at 430°C and hydrogen pressures
ranging from 6.9 to 15.2 MPa. Coke deposition on the surface of the catalyst was studicd
with respect to reaction time, hydrogen pressure, feed composition, and cumulative oil to
catalyst ratio. The concentration of carbon in the spent catalyst was used to monitor the

deposition of coke. Carbon concentration in the spent ce ‘alyst decrcased tfrom 17.5% at

mechanistic model of coke deposition which explained the dependence of coke
deposition on residue concentration and time on stream. The mass transfer implications
of the proposed model were examined through the use of hindered diffusion theory and

the random pore model of Wakao and Smith.

The inherent acidity of the alumina support is considered a major contributing factor to

catalyst coking during hydrocracking. The commercial catalyst was doped with KNO3,



contained 17% (relative) less carbon, and had 20% increased HDS activity. The NaOH
doped catalyst also improved HDS activity in the CSTR with an 11% increase in sulfur
conversion relative to the commercial catalyst. Asphaltene conversion increased
marginally for the doped catalyst compared to the commercial catalyst.
Hydrodenitrogenation, pitch conversion and metals removal did not change for the alkali-

doped catalyst.
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LIST OF SYMBOLS
a = empirical parameter (MPa)

B = an empirical coefficient

b = empirical parameter (m2 metal / m2 surface)

C = the actual concentration of carbon in the catalyst (wt % C, on a spent catalyst basis)
¢ = empirical parameter (MPa)

Cimax =the maximum carbon concentration in the catalyst ( wt % C, on a spent catalyst
basis)

Cp = the surface concentration of coke precursor (mol / m2).

Dy, = the bulk diffusivity (m/s2)

D, = effective (hindered) diffusivity in the catalyst pellet (m/s2)

D,; = the effective diffusivity in pore i (m?%s).

Ferit = the critical surface flux of hydrogen (mol/ms)

k = the rate constant for production of surface hydrogen (mol/ MPa s)

k

an adsorption rate constant (g cat / g feed)

kq = the deposition rate coefficient for hydrocarbon (m-1)

M = the actual surface carbon concentration (g carbon / m2)

Mmax = the maximum surface carbon concentration (g carbon / m? of surface)
the molecular weight (Da)

MW

N = the number of metal crystallites (crystallites / m2)
NA = Avagadro's number (6.02 x 1026 molecules / kgmol)
PHy = the pressure of hydrogen (MPa)

R = the cumulative feed to catalyst ratio, a pseudo time coordinate (g feed / g catalyst)



r = the radius of the cleared zone (m)

re = the radius of the metal crystallite (m)

Ydep = the rate of carbon deposition on the catalyst (g residue / g catalyst)
rj = the radius of pore 1 (m)

I'm = the macro pore radius (m)

p = the pore radius (m)

rr = the radius of a residue molecule (m)

r, = the micropore radius (m).

Tq4 = the pyridine desorption temperature (K)

Td* = the theoretical maximum temperature for pyridine desorption (K)

X¢ = the mass fraction carbon in the residue.

g = the porosity of the coked catalyst

gf = the porosity of the fresh catalyst

&p = the pellet porosity

A = the ratio of molecule size to pore size: A = r.lrp,

0,, = the fraction of possible adsorption sites currently vacant
o = the density of oil (kg/m?).

1T = the catalyst tortuosity



1 INTRODUCTION

Canada's energy future includes non-conventional petroleum sources. such as the
Athabasca Oilsands. Current production of sythetic crude oil from oilsand at Syncrude
Canada Ltd. alone is 74 million barrels per year (Syncrude Annual Report, 1994),
Bitumen is produced from the oilsand ore through a hot water extraction process. The
conventional refineries. The first step, or primary upgrading, breaks the high molecular
weight components into lower molecular weight, lower viscosity, higher volatility
components., The secondary upgrading step removes remaining heteroatoms (sulfur and
nitrogen) and hydrogenates the products from the primary stage. Primary upgrading is

processing with addition of hydrogen (hydroprocessing / hydrocracking).

Hydroprocessing is becoming the technology of choice for primary upgrading because of
deactivation is a major concern, with catalyst lifetimes on the order of weeks (Oballa et
al., 1994). Catalyst deactivation occurs through two major modes: deposition of coke and
deposition of heavy metals. Coke deposition occurs rapidly early in the catalyst lifetime,

and it is believed responsible for the rapid deactivation that occurs during the same time

1981). Although anecdotal information exists regarding coke deposition, limited
systematic information exists on the effect of various reaction parameters, such as feed

composition or hydrogen pressure. The goal of this project is to provide systematic



information regarding the effect of reaction time, hydrogen pressure, feed composition

and feed to catalyst ratio. .

Hydrogen pressure was chosen as the primary reaction parameter for study. This choice
was based on the importance of hydrogen pressure in the design of hydroprocessing
technology. Increased hydrogen pressure was expected to reduce catalyst deactivation by
suppressing coke deposition (Thakur and Thomas, 1985), reduce fouling of process
equipment due to formation of coke in the liquid products (Gray, 1994) and increase the
rates of reaction for such desirable reactions as hydrodesulfurization (HDS).
hydrodenitrogenation (HDN) and hydrogenation (HYD) (Gray, 1994). Unfortunately,
thesc advantages cannot be achieved without a price. Increased process pressure causes

much higher capital costs (Ulrich, 1984). This trade off between capital and operating

costs and conversion goals is the impetus for a better understanding of the role of

hydrogen. The main focus of this thesis is the role of hydrogen in coking of the catalyst.
concentration of carbon.

Given an improved understanding of the coking phenomenon, the composition of the
catalyst was modified in an attempt to reduce the coke deposition, and therefore reduce
the initial deactivation. These catalysts were doped with alkali metal nitrates and
hydroxides to reduce the surface acidity of the alumina support. Since the inherent

acidity of the alumina surface contributes to coking (Gray et al., 1992), reduction of the

This thesis consists of five main sections. The data which relate coke content of catalysts,

and feed to catalyst ratio are presented in Chapter 2. These data were collected from two



reactors. a 15 mL microbatch reactor and a 1 L continuous stirred reactor (CSTR). In
Chapter 3 the data were synthesized into a mechanistic model for the deposition of coke
on the catalyst surface to account for the observed carbon concentrations. Several issues
arose from this model. including the nature of the coke-surface interaction and the
chemical and physical structure of the deposited coke. These issucs and the cnsuing
validation experiments are discussed in Chapter 4. The mass transfer implications ol the
proposed model are discussed in Chapter 5. Chapter 6 describes the experimental
findings from catalysts which were doped with alkali metal salts in an attempt to reduce
surface coking and thereby reduce mass transfer limitations within the pore network of

the catalyst.
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CHAPTER 2: THE RELATIONSHIP BETWEEN COKE DEPOSITION AND
REACTION PARAMETERS.

2.1 INTRODUCTION

As conventional fuel supplies dwindle, and production costs increase. industry can no
longer ignore heavy oil supplies. and must process heavier feedstocks. This processing
begins with a primary upgrading step, whose first goal is to break down the high
molecular weight components into distillable compounds. Simultancous removal of
heteroatoms from the feedstock may be achieved; however, a secondary upgrading step is

usually required to meet specifications for heteroatom content. Primary upgrading of’

technology: thermal coking and hydroprocessing. In recent years, hydroprocessing has
become the technology of choice due to higher yields and greater heteroatom removal

(Beaton and Bertolacini, 1991).

The use of this technology has been hindered by high catalyst costs, incurred due to rapid
deposition of carbonaceous substances (coking) and deposition of heavy metals (Thakur
and Thomas, 1985). Hydroprocessing and hydrotreating catalysts typically accumulate
carbonaceous deposits over the first hours or days of service. The carbon concentration
in the spent catalyst, therefore, goes through a rapid initial increase which then
asymptotically approaches a stable value (Oballa et al., 1994). This initial coke
deposition is often credited with the deactivation that occurs during the same period
(Oballa et al., 1994; Hannerup and Jacobsen, 1983). Given this possible link,
understanding the phenomenon of coke deposition on hydrocracking catalysts is
important. Despite the routine use of catalytic hydroprocessing in industry, the
phenomenon of coke deposition is not well understood. In general, an increase in

hydrogen pressure reduces coke deposition on catalyst (Thakur and Thomas, 1985).



Aitken et al. (1964) developed an empirical relation between deactivation rate and
hydrogen pressure in hydrocracking of bitumen. The deactivation rate increased with
decreasing hydrogen pressure. The deactivation rate was inversely proportional to the
cube of the hydrogen pressure. The authors did not measure carbon content of the
catalyst, therefore, the link between hydrogen pressure and coke content was unknown.
Inoguchi et al. (1972) considered the effect of hydrogen flow rate on carbon deposition in
a packed bed reactor. They found that coke deposition decreased with increasing
hydrogen flow rate. Although they did not measure coke deposition as an explicit
function of hydrogen pressure, it was suggested that the data for dependence of coking on
flow rate could best be explained by the increase in hydrogen partial pressure with
increasing gas flow rates, although concomitant changes in liquid hold up within the
reactor were not considered. Similarly, Zeuthen et al. (1995) attributed higher end-of-run
carbon concentrations in the catalyst from the third stage of a three-stage pilot plant to
lower hydrogen partial pressure in that stage. Douwes et al. (1979) suggested that lower

hydrogen partial pressure would result in an increase in deposited coke in the catalyst.

The effect of feed composition has been explored, and the literature shows a correlation
between the concentration of high molecular weight compounds and coke deposition on
the catalyst (Furimsky, 1978; Stohl and Stephens, 1986). Because these studies were
performed on diverse feedstocks, it is difficult to distinguish between the individual
contributions of the various feedstock characteristics. For example, correlation of the
amount of coke deposited on a catalyst with the residue content of different oiis may
ignore variations in aromatic carbon content of the residue fractions. Variations in the
basic nitrogen content, microcarbon residue content, asphaltene content, or metals content

may confound the interpretation of the results, and should be taken into account.



The initial deposition of coke on a commercial Ni-Mo/y-AlLO; catalyst is described in
this chapter. It examines the effect of reaction time. total feed to catalyst ratio. hydrogen

pressure and feed compositions. The results will be discussed in detail. while in Chapter

3 amodel is developed based on the results of this chapter.

2.2 EXPERIMENTAL

2.2.1 Materials

Athabasca bitumen was provided by Syncrude Canada Ltd., with the propertics listed in

Table 2.1.

Table 2.1: Characterization of the Feed and Selected Products

Bitumen | Product 1 | Product 2 | Product 3 | Product 4

C (%) 82.7 83.6 86.0 86.8 86.8
H (%) 10.2 10.9 11.4 11.8 12.5
S (%) 4.9 2.6 1.6 0.59 0.12
N (%) 0.45 0.44 0.38 0.29 0.10
Density (g / mL) 1.008 0.959 0.927 0.888 0.847
MCR (%) 13.7 9.9 7.6 2.3 0.1

Naphtha (IBP-177 °C) 0 9.9 11.8 20.2 28.3
Mid Distill (177-343 °C) 7.0 20.0 30.2 42.4 58.8
Gas Oil (343-524 °C) 38.0 379 36.8 28.9 12.2
Residue (524 °C+) 55.0 32.2 21.3 8.5 0.7




The catalyst was a commercial NiMo /y-Al203 catalyst with 12.5 wt % MoO3 and 3.5 wt
% NiQ. The catalyst had a surface area of 317 m%/g (by nitrogen BET measurement) and
a pore volume of 0.57 mL/g. In one experiment the catalyst was presulfided using CSy
In other cases, the catalyst was not presulfided prior to use. For the batch experiments the
catalyst was crushed and sieved to +350um -500um size. In the CSTR experiments, the

catalyst was used in the 1 mm cylindrical extrudate form in which it was delivered.

2.2.2 Analysis Techniques

Feed and liquid product characteristics were measured at Syncrude Research, Edmonton,
AB. The distillation analysis used an atmospheric spinning band distillation to obtain the
naphtha (initial boiling point - 177°C) and middle distillate (177 - 343°C) fractions. The
remaining oil was then separated into gas oil (343 - 525° C) and residue (525 °C+)
fractions using the ASTM D1160 procedure (Anonymous, 1996). The overall sulfur
content was determined by combustion followed by fluorescence detection of the evolved
SO3. Carbon and hydrogen analysis of the petroleum liquids used a Leco 600 analyzer.
Nitrogen was determined by combustion of the sample followed by chemiluminescence
detection. Micro carbon residue (MCR) content was determined using an Alcor MCR

analyzer.

Spent catalyst samples were Soxhlet extracted for 6 h (or until the extract was clear,
whichever was longer) in dichloromethane, then vacuum dried at 65°C and 0.01 MPa for
2 h. This extraction removed the oil which wetted the catalyst surface following reaction,
and provided a consistent basis for interpretation of the carbon content of the catalyst. In

order to ensure representative sampling, a 50 mg portion of the catalyst was crushed to a



carbon in the catalyst was measured at the Micro Analvtical Laboratory. University of
Alberta. This analysis. performed on a Carlo Erba Stumentazione Elemental Analyzer
1108, used combustion of the sample, followed by gas chromatographic separation of the
combustion products and analysis by thermal conductivity detection. All coke content
data are reported as weight percent carbon on a spent catalyst basis. The total weight of
carbonaceous deposits will be larger than the reported vaiues. since hydrogen and

heteroatoms are not reported in the carbon content.

Surface area and pore volume measurements were performed in the Department of
Chemical Engineering, University of Alberta on an Omnisorb 360 (Coulter Scientific
Instruments, Hialeah, Florida). Nitrogen adsorption measurements were used to calculate
surface areas, using the BET equation (Gregg and Sing, 1967). Pore volume was
determined using nitrogen desorption data and the Kelvin equation (Gregg and Sing,

1967).
2.2.3 Reactors and Reaction Procedures

Two types of reactors were used for this study. 15 mL micro-batch reactors were
constructed from stainless steel tubing and tube fittings, and replaced as required. The
design consisted of a 1.9 cm (0.75 inch) tubing body, equipped with a Sﬁagelﬂk cap at
the bottom, and a custom fabricated 1.9 cm to 0.32 cm (0.125 inch) reducing union at the
top. Attached to the reducing union was a 25 cm length of 0.32 cm stainless steel tubing,
topped with a high pressure valve. The reactor is shown in Figure 2.1. This design
allowed loading of the catalyst and liquids through the 1.9 cm opening below the
reducing union. The valve assembly was temporarily connected to the supply gas
cylinder to allow filling of the reactor with the desired gas. The valve assembly was then

disconnected from the gas supply, isolating the reactor during reaction.



Figure 2.1: Schematic Diagram of the Batch Reactor
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A fluidized sand bath was used to heat the microbatch reactor to the required temperature.
The reactor was clamped to an external agitator used to shake the reactor at a frequency
of approximately 1 Hz. The 25 cm extension between the reactor body and the valve
assembly held the valve above the surface of the sand at all times. This allowed the use

of low temperature valves. and prevented damage from contamination with sand.

CSTR experiments were performed in a one-litre stirred reactor with continuous gas and
oil feed whicﬁ has been described in detail previously (Gray et al.. 1995). In bricf, the
apparatus consisted of a modified Autoclave Engineering 2 L reactor body. blocked to
give a working volume of 1 L to provide a favorable aspect ratio for mixing. Continuous
stirring was provided by a magnetic stirrer at 1200 rpm. Hydrogen was suppiied at high
pressure, with the flow metered at the inlet. Bitumen feed was accomplished through a
two-stage pumping arrangement. Bitumen was loaded into one side of a piston-type feed
cylinder, and then displaced into the reactor by the metered pumping of kerosene into the
other side of the cylinder. The products were separated in a twe-stage gas-liquid
separator. Liquid products were accumulated for analysis. Gas products were sampled as

required by gas chromatography, with the remainder scrubbed and vented to atmosphere.

2.2.4 Reaction Protocols

Micro-batch experiments with bitumen as reactant were carried out in multistep
sequences. The sequences were begun with fresh catalyst and bitumen. After reaction,
the catalyst was reclaimed by Soxhlet extraction with dichloromethane, and was used
with fresh bitumen for the next step. The sequences consisted of two to six repeated steps
of extraction and reaction. For each reaction, approximately 0.75 g of catalyst and 3 g of
bitumen were loaded into the reactor. The reactor was sealed, purged with nitrogen, then

pressurized with hydrogen. The hydrogen pressure at room temperature (25 °C) was 5.7
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MPa allowing the pressure to reach 13.8 MPa at the reaction temperature of 430°C.
Relative amounts of bitumen, catalyst and hydrogen are indicated in Figure 2.2a, which
shows the reactor contents before heating and agitation. The reactor was immersed in a
fluidized sand bath heater, and allowed to remain at temperature for the desired time,
typically 1 h. Figure 2.2b shows the expected condition of the reactor contents during
reaction and agitation. Afier the reaction was completed, the reactor was cooled quickly
in water, and the off gases were vented. A liquid product sample was decanted if
necessary. and the remaining oil and catalyst were washed out of the reactor with
dichloromethane. The catalyst was Soxhlet extracted in dichloromethane for 6 h, or until
the extract ran clear, whichever was longer. The catalyst was vacuum dried for 2 h at
(.01 MPa and 65 °C. The catalyst was then recycled for another reaction step, or sampled

for analysis.

Two groups of CSTR experiments were performed. Runs C1 through C7 (see Table 2.2)
were single stage experiments at 430°C. In these experiments, 78 g of fresh catalyst was
loaded into the reactor, the reactor was heated, then hydrogen and oil feed was begun.
The hydrogen flow rate was 4.75 standard liters per minute, and the bitumen flow rate
was 400 g/ h. The reactor was brought to steady state, then run at the desired conditions
for the desired time. Reaction times listed in Table 2.2 represent total reaction time,
including the unsteady-state period. Runs C8 through C12 were experiments with
different feed oils and feed rates, listed in Table 2.2, but the other operating procedures
remained as described above. Run C8 was one experiment chosen from a group of
identical experiments using bitumen feed. In each of the experiments in this group, the
product was then used as feed in a second series of experiments, represented by Run C9.

These products were in turn collected and blended to be used as feed to a third stage,



Catalyst suspended
in hydrogen/product
foam

Figure 2.2a: Batch Reactor with Cut Away Section Showing Relative Amounts of
Hydrogen, Bitumen and Catalyst after Loading.

Figure 2.2b: Batch Reactor Showing Expected Condition of Reactor Contents During

Agitation at Operating Temperature.
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Table 2.2: Summary of Reaction Conditions and Carbon Content for CSTR Experiments.

All experiments at 430°C.

Run Feed I;eedRate ' P}essure Feédﬁaﬁic{ Carbariﬂ Time on
# (g/h) | (MPa) | (goil/gcat)y| % | Stream (h)

Cl__ | Bitumen | 400 | 138 | 81 | 94 1.5
C2 | Biwmen | 250 138 | 497 | 128 15.5
C3 Bitumen 400 69 | 179 | 175 35

C4 | Bitumen | 400 103 | 307 | 167
C5 Bitumen _ 400 | 83 308 | 164 |
Co6 Bitumen 400 | 117 | 308 | 148 6

6

C7 | Bitumen | 400 15.2 30.8 113 | 6
C8 | Bitumen | 1210 13.8 | 1175 | 129 74
C9 Productoil 1| 960 | 138 | 1074 | 148 9.1
Cl0 Productoil2| 370 | 138 | 415 | 112 | 81
Cll  [Productoil2| 370 | 138 39.6 | 14.1 7.7
C12  |[Productoil 3] 176 13.8 302 | 69 11.9
Cl3 Biiumen 400 | 138 | 359 | 146 | 7.0
Cl4 | Bitumen | 435 | 138 | 666 | 152 13.0
C15 | Bitumen | 410 13.8 31.5 170 | 6

represented by Runs C10 and C11. The products from the third stage were blended and
used as the feed for a single fourth stage experiment, Run C12. This mode of operation

simulated sequential reactors with hydrogen gas makeup between reactors.
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2.3 RESULTS AND DISCUSSION

2.3.1 Deposition of Coke with Time and Feed/Catalyst Ratio

A two-step reaction protocol was used to measure the dependence of coke deposition on
reaction time. Bitumen was reacted over fresh catalyst. The catalyst was then extracted,
reacted with fresh bitumen and extracted again. Total times varied from 1.5 h 1o 5 h, but
carbon concentration was constant at 11.7 + 0.95 weight % for constant oil to catalyst

ratio (see samples B1 to B5 in Appendix 2.1).

The above results appear to contradict the trend towards lower catalyst activity with
increased time on stream typically observed in industrial reactors. In the batch reactor,
however, the reactant was not renewed with time so that catalyst poisons or compounds

that would cause fouling or coking were not replenished by continuous flow.

The effect of feed oil to catalyst ratio on the deposition of coke was studied. Data from

the batch reactor and the CSTR was used. In the batch reactions the catalyst was exposcd

series, the first reaction was of 0.5 h duration, while the remaining steps in all series were
I hin duration. In batch experiments, the operating temperature was 430 °C and the
initial hydrogen pressure was 13.8 MPa. The CSTR data represent reactions of varying
total time. All CSTR experiments were performed at 430°C and 13.8 MPa hydrogen
pressure. The data for the carbon concentration in the catalyst displayed in Figure 2.3
and tabulated in Table 2.2 and Appendix 2.1 show carbon concentration as a function of
feed oil to catalyst ratio. The batch and CSTR data show a quick buildup of material o a
constant value. The differing values between the batch experiments and CSTR

experiments were likely due to the differences in the hydrogen partial pressures.
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Figure 2.3: Carbon Content of Spent Catalyst as a Function of Cumulative Feed Oil to
Catalyst Ratio. All experiments at 13.8 MPa, 430°C. Data for batch reactor are for
repeated contacts of catalyst with fresh feed (see samples B1, B2, and B6 to B8 in
Appendix 2.1), data for CSTR are from experiments C1,C2,C8,C13,C14 (Table 2.2).
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The batch reactor gave catalyst with a constant carbon content between 15 and 20 g oil /g
catalyst. while the carborn: content of the catalyst in the CSTR reached a constant value at

a feed ratio between 30 and 120 g oil /g catalyst.

2.3.2 Dependence of Coking on Residue Concentration

The CSTR reactor was operated to simulate multiple reactors in series with hydrogen
makeup, producing products of varying residue contents, in the range 0.7 - 32% (Tablc
2.1). This repeated hydroprocessing gave two changes in liquid-phase cemposition; the
concentration of residue was reduced and the residue composition was altered by prior
reactions. The data for carbon content of the catalysts showed insensitivity to residue
concentration at concentrations above 8% (Figure 2.4 and Appendix 2.2)). The
concentration of carbon on the catalyst was plotted against product composition since the

reactor was well stirred. Despite the number of compositional variables that were varied

1 % over the range of residue concentrations from 8 to 32 %. Carbon content was
similariy insensitive to MCR concentration, with a constant carbon content over the

range of 2 to 10 weight % MCR in the liquid product.

The effect of liquid composition on the composition of the carbonaceous substance (coke)
deposited on the catalyst was investigated. The hydrogen to carbon atomic ratio was
found to range between 1.0 and 1.2, with one outlying value at 1.78 (sec Table 2.3). No
systematic trend was observed between the residue content and the hydrogen to carbon

ratio of the carbonaceous deposit on the catalyst. The analytical accuracy of the hydrogen

analysis was £0.2% absolute. Analysis was based on total catalyst weight and hydrogen
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Figure 2.4: Carbon Content of Spent Catalyst as a Function of Residue Concentration in
the CSTR. All experiments at 13.8 MPa, 430°C. The line represents the average carbon
concentration observed at intermediate residue concentrations. (Data are from Runs C8 -
C12, Table 2.2).
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Table 2.3: Product Composition and Hyvdrogen to Carbon Ratios of Sclected CSTR

" Pressure | Product Residue | Product Residue | Product Catalyst
(MPa) %) H/C ratio_ Sulfur (w1%) | H/C Ratio

Sémple

C3 6.9 n/a  na n/a 0.83

c5 | 83 18.3 ~_n/a 131 1.0

C4 | 103 ) n/a va na | 099

C6 1.7 136 | na B 1.56 ~0.86
C7 152 |  20.1 n/a 131 1.23
~c8 | 138 322 133 2.59 121
- Cc9 [ 138 21.3 ] 122 1.57 1.01
_Cl10 138 | 85 1.06 0.59 N
c12 | 138 | 07 118 0.12 1.78
Cl5 13.8 204 ~ nla | 1.63 na

carbon atomic ratio of approximately 0.2. The variation in the C/H ratio was, therefore,
within the range of analytical error. The outlying datum may have been due to unusually

high levels of water adsorption, since the catalysts were not dried immediately before

2.3.3 Dependence of Coke Deposition on Hydrogen Pressure

The hydrogen pressure in the CSTR was varied by changing the total pressure, keeping
the gas flow rate (measured in standard liters) constant. The data for carbon content of
the catalyst showed a small but analytically significant increase with decreasing hydrogen
pressure, from 17.5 % carbon at 6.9 MPa to 11.3% carbon at 15.2 MPa (see Figure 2.5
and Table 2.2). Two points are included in this data set which have oil to catalyst ratios
different from the standard. The experiment performed at 13.8 MPa (Run C2) had a
greater oil to catalyst ratio than the standard conditions, but given the asymptote observed

in Figure 2.3, the inclusion of this datum was justified. The 6.9 MPa experiment (Run
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Figure 2.5: Carbon Content of Spent Catalyst as a Function of Hydrogen Pressure for
CSTR Experiments. All experiments at 430°C. Data are available in Table 2.2 (Samples
C3to C7).
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C3) had a lower oil to catalyst ratio than the standard. Although it is possible that this
catalyst had not reached the final carbon content. the data of Figure 2.3 suggest that an oil
/ catalyst ratio of 17.9 g/g was sufficient to approach constant concentration. so the point

was included in the figure and subsequent calculations.

The effect of hydrogen pressure on the hydrogen to carbon atomic ratio of the
carbonaceous deposits formed on the catalyst was examined. No systematic change was

observed for pressures ranging from 6.9 MPa to 15.2 MPa (see Table 2.3).

The data in Table 2.3 show a slight minimum in the hydrodesulfurization activity as a

variability, since the analysis alone has a varability of +0.15% (absolute). In any casc, the
data do not reflect the expected increase in HDS activity with increasing hydrogen
pressure. As the pressure increased from 8.3 MPa to 13.8 MPa, the sulfur concentration
in the product increased from 1.31% to a maximum value of 1.63%. Three phenomena
may have contributed to this result. The measured liquid hold-up in the reactor was
constant over a wide range of operating conditions, including variations in pressure and
product composition (Gray et al., 1995; Nagaishi et al, 1996). As the total pressure
increased from 8.3 to 13.8 MPa, the partial pressure of the hydrocarbon species would
remain constant while the hydrogen partial pressure increased. This would lead to a gas
phase leaner in hydrocarbons. Since the molar flow rate of hydrogen is fixed, less
hydrocarbon would be flushed from the reactor. This would cause higher liquid flow rate
at reactor conditions at the same nominal feed rate. More liquid flow with constant hold-
up would decrease the liquid residence time, giving decreased HDS with increasing
hydrogen pressure. In opposition to this trend, higher hydrogen pressures produced
catalysts with less coke deposits, which would increase the effective diffusivity of the

residue in the catalyst. Higher diffusivities of residue components would give higher
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meaningful interpretation of the effect of hydrogen pressure on the HDS activity of the

catalyst given the data available.

If one considers the data in Figure 2.3, the discrepancy between the batch data and CSTR
data is easily explained. The batch reactors was charged with sufficient hydrogen to
achieve an initial hydrogen pressure of 13.8 MPa. Since this reactor was operated in

the reactor. If one superimposes the data of Figures 2.3 and 2.5, an effective hydrogen
pressure of approximately 10.3 MPa can be estimated for the batch experiments. This
value is in agreement with literature values for hydrogen consumption in similar reactions
(Beret and Reynolds, 1985; Gray, et al., 1991). The data for carbon content in the two
reactors were consistent if the changes in hydrogen partial pressure in the batch reactor

are taken into account.

An interesting coking phenomenon was observed during CSTR operation. During the
CSTR experiment at 6.9 MPa hydrogen pressure, particulate coke was formed in the
liquid phase, plugging the outlet lines from the reactor, causing premature shutdown.
When the reactor was opened, no agglomerated coke deposits were observed and the
carbon content on the catalyst was consistent with results at higher hydrogen pressures
(Figure 2.5). As well, during the experiment at 11.7 MPa, a significant amount of coke
was formed in the bottom of the reactor. The catalyst for this run was removed from the
severely coked catalyst basket, but had a carbon content consistent with experiments at
13.9 and 10.3 MPa. These observations suggest that the coking mechanism in the liquid

phase, probably linked to thermal cracking reactions, was quite distinct from the coking
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mechanism on the catalyst surface. If precipitation of asphaltenes was responsible for the
coking of catalyst. as suggested by Absi-Halabi et al. (1991). then we would expect a
linkage between deposition of carbon on the catalyst surface and coke formation in the

liquid phase.

2.4 CONCLUSIONS

1. Total carbon concentration in the catalyst was independent of reaction time at times
greater than one hour, when all other reaction parameters were held constant.

2. Total carbon concentration in the catalyst showed a rapid increase followed by a
constant value when plotted versus the feed oil to catalyst ratio. Differences between
CSTR experiments and batch experiments were attributable to the differences in the
hydrogen partial pressure.

3. Total carbon concentration in the catalyst was independent of the residuc content of

the liquid phase above a threshhold level of approximately 8 % residue.

11.3% at 15.2 MPa.

5. Coke deposition on catalyst was not coupled to liquid phase coking reactions.
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CHAPTER 3 - MODEL FOR INITIAL COKE DEPOSITION

3.1 INTRODUCTION

The data presented in Chapter 2 describe the concentration of carbon in a

hydroprocessing catalyst during the first few hours of operation. A mechanistic model to

simple extension of the model satisfactorily decribes transient behaviour, especially the

deposition of coke in response to total oil to catalyst ratio.

A decrease in coke accumulation with increasing hydrogen partial pressure has been
observed previously; however, no mechanistic or empirical relation has been proposed for
this phenomenon. Literature available on catalyst deactivation and coke deposition in

other petroleum refining processes, such as fluid catalytic cracking, cannot be transferred

liquid phase and different catalyst chemistry. One of the barriers in accounting for the
role of hydrogen is a lack of consensus on the chemical nature of carbonaceous deposits
(coke) and their physical distribution within the catalyst. Many authors assume that coke
on hydroprocessing catalyst closely resembles fluid coke, while others have demonstrated
that the material is more complex (Diez, et al., 1990; Egiebor et al., 1989). In this study,
experimental measurements of elemental carbon content are used as a surrogate for the

total coke concentration. The nature of the observed carbonaceous deposits will be

discussed in Chapter 4.

Two modes of coke deposition have been suggested within catalyst pellets: pore mouth
plugging and uniform surface deposition. Muegge and Massoth (1991) studied effective

diffusivity in catalysts which had been artificially coked with anthracene/n-heptadecane
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feeds. At extremely low coke deposition. on the order of 2-3 weight % carbon, effective
diffusivity was significantly reduced. While their observations were consistent with
plugging of pore mouths. their experiments may not have given the coke deposition one

might expect from residue feeds.

Absi-Halabi et al. (1991) found that the initial coke deposition was most significant in the
micropores. Coal liquefaction with a catalyst under comparable conditions gave almost
complete loss of pore volume in pore of 2-5 nm radius with no loss of’ pore volume in
pores in the 5-50 nm radius range (Thakur and Thomas, 1984). Because the ratio of
surface area to pore volume is highest in the smallest pores. uniform deposition would

give the largest deposition of coke in these pores. Ternan et ai. (1979) studicd coke

deposition on molybdenum catalysts promoted with various cations. They measured

different surface area, indicating uniform surface coverage. No significant effect of
promoter cation was observed. Using characteristics of fluid coke, they determined that
the observed carbon content corresponded to 0.5 monolayers for gas oil hydroprocessing
and 1.1 monolayers for Athabasca bitumen hydroprocessing. They observed 96% sulfur
conversion after the deposition of 1.1 monolayers of coke and concluded this level of
conversion was not consistent with complete loss of hydrogenation activity of the
catalyst. The conclusion is supported by results from thermal experiments (Ayassc,
1994). Ternan et al. sugg:- i=d that the coke deposited on the surface may be
continuously exchanged witi; e bulk, in order to account for the observed activity of the

catalyst in the apparent presence of a monolayer.

Diez at al. (1990) proposed that coke forms in a uniform layer on the y-alumina support,
but is thinner near the Ni-Mo metal crystallites due to their hydrogenation activity. As

the amount of coke increases, however, the coke layer may occlude the active side
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surfaces of the metal crystallite, ultimately leading to a catastrophic loss of activity. Melo
Faus et al. (1984) reacted model compounds over artificially ccked Co / y-alumina, CoMo
/ y-alumina and Mo / y-alumina catalysts, and found that isomerization decreased more
rapidly than hydrogenation with increasing coke deposition. In coal liquefaction studies
by Nishijima et al. (1987), hydrocracking activity was reduced more significantly than
hydrogenation by increases in coke deposition. If coke was deposited primarily at the
pore mouth, deactivation rates of catalyst functions are expected to be equal. Conflicting
suggest, therefore, that the deposition process may depend on the compositions of feed

and catalyst and the nature of the porous network.

3.2 EXPERIMENTAL

The molecular weight reported in this chapter for cracked Athabasca bitumen was
determined by the Micro Analytical Laboratory at the University of Alberta using vapour

pressure osmometry, with p-dichlorobenzene as a solvent. Other data are from Chapter 2.
3.3 MODEL DEVELOPMENT

3.3.1 The Monolayer Concept

Based on the data described in Chapter 2, a model must incorporate three observations:
coke deposition on catalyst that approaches a constant value with increasing feed oil to
catalyst ratio, the decrease in coke deposition with increasing hydrogen pressure and the

insensitivity of the carbon concentration to composition in the reactor and reaction time.
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During the experiments described in Chapter 2, the total carbon content of the catalyst
never exceeded 18%. In the data shown in Figure 2.3, a constant value of carbon content

on the catalyst with respect to feed oil to catalyst ratio was observed for both batch and

content reached approximately 18%, but did not exceed it. In the study of the effect of
hydrogen pressure on carbon content of the catalyst, the maximum carbon content was

observed at the lowest pressure at which experiments were performed, 6.9 MPa. At this

pressure, it was not possible to maintain reactor operation for the desired period, because
of bulk liquid phase coking. Despite this precipitation of coke from the luid phase
downstream of the reactor, the carbon content of the catalyst within the reactor again did

not exceed 18%.

This consistent approach to a maximum carbon content prompted the question: Could
the maximum amount of carbon correspond to monolayer coverage by residue molecules?
Since the coke had a H/C atomic ratio well above petroleum coke materials (Chapter 2).
use of residue properties to estimate monolayer coverage was a reasonable
approximation. The residue fraction of hydroprocessed Athabasca bitumen had a
measured molecular weight of 625 Da, by vapour pressure osmometry and a typical bulk
liquid density of 1050 kg/m3 (Gray, 1994). Given these values, the radius for a typical

residue molecule would be given by:

" 3MW 3
r NAp4dn '

where r, is the radius of a residue molecule (m), MW is the molecular weight (Da), NA is
Avogadro's number (6.02 x 1026 molecules / kmol) and p is the density of oil (lq_;,/r’ﬂ'3 ).

This calculation gave a molecular radius of 0.6 nm. Given that residue would contain a
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continuum of molecule sizes, and the molecules will be deformable, one can assume that
there is 100% coverage of the surface. The carbon content at monolayer coverage is
given by:

MWx

Mpmax = 3
Namrg

tad
o]
ot

[

where M ax is the maximum carbon cancentratiaﬁ (g carbon / m2 of surface) and x is
the mass fraction of carbon in the residue (0.82 was used as a typical value). Substituting
the properties of Athabasca residue into equations 3.1 and 3.2 gives a predicted surface
concentration of 7.1 x 10-4 g carbon / m2. The maximum concentration observed in
experiments was 18% carbon, corresponding to a surface concentration of 6.9 x 10-4 g
carbon / m2, consistent with the hypothesis of monolayer coverage of the catalyst surface
by molecules similar to the residue. This value could be corrected for the surface area
occluded by the metal crystallites since coke is not expected to deposit on the crystallites.
The model which follows predicts that this correction would be between 10%, while the
independent calculation of the “b” parameter from literature dispersion data (see
Appendix 3.3) predicts a vlaue of 3%. Given the small magnitude of the correction, and
the uncertainty of the value, this correction was not made. When this calculation was
repeated for benzene and graphite (Appendix 3.1), the variation in predicted carbon
content of the catalyst was less than a factor of two. The sensitivity of the predicted
carbon content on the catalyst due to monolayer coverage of residue, was determined as a
function of residue properties (Appendix 3.2). Changing the residue density by 10%
resulted in a 10% change in the monolayer carbon content. Similarly, changing the
assumed carbon C;‘im;é!ﬂt of the adsorbed molecules from the base case of 82% to values of
80% and 85% resulted in only a 3% change in the carbon content of the monolayer.

Increasing the assumed molecular mass from 625 (measured) to 1000 Da caused an
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increase of 17% in the predicted carbon content of a monolaver. The detailed results are

bounds of normal petroleum chemistry. changes in the predicted carbon content were
relatively small. It should be noted that the asphaltenes present in the reactor liquids may
flocculate. This situation was not explicitly taken into account since the asphaltene flocs
would be too large to enter the pore structure of the catalyst. If flocculation occurred,
asphaltene micelle structures in the liquid would equilibrate with dissociated molecules:

these dissociated asphaltenes would be able to diffuse into the catalyst.

The hydrogen to carbon atomic ratio for the residue fraction of the liquid ranged from 1.0
to 1.3 (see Table 2.3). The corresponding spent catalysts had hydrogen to carbon ratios

ranging from 1.0 to 1.2 (ignoring the extreme datum). Given the accuracy of the analysis,

substance was similar to the residue fraction of the oil.

3.3.2 The Steady State Model

The data showed a weak but definite downward trend in carbon concentration with
increasing hydrogen pressure (Figure 2.5). Diez et al. (1990) hypothesized that a zone
near the metal sulfide crystallites would have a reduced carbon content due to the
hydrogenating activity of the crystallites. Extending their model, we propose as a
simplifying approximation that the active hydrogen species formed by metal crystallites

will clear an annular zone on the alumina surface, as illustrated in Figure 3.1. Outside of
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Figure 3.1: Schematic Representation of Catalyst Surface, Showing a Cross Section
through the Metal Crystallite.

the cleared zone, the carbonaceous layer is of uniform thickness due to monolayer
adsorption. Inside the cleared zone, any adsorbed material, i.e. coke, is immediately
removed by the activated hydrogen species produced at the metal crystallite, so that no
carbon remains on the surface. It is assumed that coke will not deposit on the top of the
metal crystallite, therefore the maximum coverage should be corrected for this area. The
distance to the boundary of the cleared zone is determined by the surface flux of hydrogen

species from the metal crystallite, so that the alumina will remain clear if the surface flux

is greater than a critical value.



From the geometry illustrated in Figure 3.1. the actual surface concentration on the

surface as a function of the size of the cleared zone will be given by:

fad
tad
ot

M= Mlnaﬁ[I;NI(FE -rfz]]

where M is the actual surface concentration (g carbon / m2), r, is the radius of the metal
crystallite (m), N is the number of crystallites (crystallites / m2) and r is the radius of the

cleared zone (m).

Generation of surface hydrogen at the crystaliite is assumed to be proportional to
hydrogen pressure. This assumption will be discussed following the development of the

model. The rate of hydrogen leaving the cleared region by surface diffusion into the

circumference of the cleared zone. This assumption that hydrogen diffuses across the
alumina surface is consistent with the literature on hydrogen spill-over from metal
crystallites (Paal and Menon, 1988; Kapoor, et al., 1989). Diffusion of hydrogen away
from the catalyst surface into the liquid in the pores would result in an additional sink
term in the mass balance However, this diffusion into the bulk should be proportional to
the production of activated hydrogen at the crystallite, which in turn is proportional to the
hydrogen pressure. Therefore the net production of surface hydrogen is proportional to
hydrogen pressure, even if hydrogen escapes the surface. Since hydrogen which has left
the catalyst surface will not participate in coke removal, the magnitude of this effect is

not important.

The rate of reaction of hydrogen within the annular zone will be equal to the rate of

deposition of hydrocarbon times an unknown stoichiometric ratio for the reaction of
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hydrocarbon and hydrogen species, times the area of the zone. The mass balance on

hydrogen for the annular zone, therefore, is given in equation 3.4.

7y ) ,
k!*‘Hz =2xr Fop - ;z(rz éré,“)r:rkdfp =0 3.4)

where k is the rate constant for production of surface hydrogen, PH3 is the pressure of
hydrogen (MPa), Frit is the critical surface flux of hydrogen (mol/ms), ¢ is the
deposition coefficient for hydrocarbon (m™) and Cp is the concentration of coke precursor

( mnl/mz),

Solving equation 3.3 for r, then substituting into 3.4 and simplifying, gives a function of

the form:

N 172 '
M M
=al 1l -7+ +c¢l 1= — 3.5)

M
M e ' M max

T,

where a, b and c are functions of the parameters from equations 3.3 and 3.4.

2n'?F

erit

a

b= Nmf
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In this form. the first term of the equation includes the production of hydrogen at the

crystallite and the hydrogen leaving by surface diffusion. The second term gives the

hydrogen to remove carbon which deposits in the cleared region.

Equation 3.5 was fitted to the data from Runs C2 through C7 using the least squarcs
method. The equation gave a good fit to the data. The regression results are shown as
Model 1 in Table 3.1, and the resulting curve is shown in Figure 3.2. The regression,
however, predicted a negative value for c. indicating a negative reaction rate. Since a
negative value for ¢ was physically meaningless, the parameter estimation was repeated

using the form shown below in equation 3.6, in which the second term was deleted. The

Py =af 1-- +b 3.6)

b=nxNr 3.7)



Table 3.1: Estimated Parameters for Alternative Models for Coke Deposition. Models

are defined below.

- ______Model Number and REgressmn Parameters -
Model | Model 2 Model 3 Model 4
a=225 a=222 a=6.93 a=4.68
b=0.089 b=0.09 b=0.146 b=0.34
c=-0.40 c=-2.90 ¢=2.0e-8
Sum of Errors Sum of Errors | Sum of Errors | Sum of Errors
Squared = Squared = Squared = Squared =
, - 3144 3.148 336 373
Carbon Experimental Predicted Pressure (MPa)
Surface Pressure
Concentration (MPa)

@C/m) | N _ _
0.00109 0. 977 B 7.1 7.1 | 74 7.5
0.00100 8.37 1 95 9.4 9.6 93

. 0.00102 | 103 9.0 9.0 9.2 89
0.00090 I1. 7 11.6 11.6 11.8 11.2

0.00078 - 13.8 137 13.7 139 | 13.6

0.00069 152 | 151 15.2 1 153 154

Model Definitions:
Model 1: Assumes that the production of active hydrogen species on the catalyst surface
is proportional to the hydrogen pressure:

' 172 .
o ; M M
P :.ﬂ(L= — +bJ -,H:(l—,, - )
Hy (" Mmax . . Mmax.

Mcdel 2 Assumes that the pmductiar’l of active hydrogen species on the catalyst Surfac‘:é

compared to the preductmn and Surface flux terms:

1/2
(l M + b]

max

P,

Model 3: Assumes that production of active hydrogen species on the catalyst surface is
proportional to FH 1/2,

o ' M N2, M
pHrl/Efa(i—mfﬁ : +b) +c[l—,," )
"2 ' Imax max

Model 4: Assumes that production of active hydrogen species on the catalyst surface is
proportional to Py, /2 Regression constrained to ¢>0 to reflect physically meanginful

chemistry. Equation as in Model 3.
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Figure 3.2: Surface Concentration of Carbon as a Function of Hydrogen Pressure

(Models 1 and 2). Figure shows experimental data, and the curves fitted to Models 1 and

2, as defined in Table 3.1.
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Data for the size of crystallites from the work of Madeley and Wanke (1986) for a similar
sulfided Ni Mo catalyst predicted that the fractional coverage of the alumina surface with
metal crystallites, b = 0.036 m2 metal / m2 surface for our catalyst (see Appendix 3.3),
compared to 0.09 m2 metal / m2 surface from the regression of the model to the
experimental data. The value for parameter b from the regression was. therefore. of the
same order as one would expect from experimental data. As discussed previously, the
total catalyst surface area could be corrected by the above values to determine the

alumina surface area.

Alternate functional forms for the surface hydrogen production term were considered.
These included production « PH21/2 and production rate independent of hydrogen
pressure (zero order). The latter situation would result if the hydrogen pressure were high
enough to saturate the catalyst surface with hydrogen at the lowest pressure used in the
cxperiments. The regression results for the former case are shown as Model 3 in Table
3.1 and in Figure 3.3. The fit is similar to that obtained by fitting equations 3.5 and 3.6.

The regression results, however indicate that a relatively large (compared to a) negative

meaning of the parameter. If the value of ¢ is constrained to values greater than 0, the
curve becomes slightly concave up, inconsistent with the experimental data which
indicated a concave down trend (see Figure 3.3, Model 4). If one assumes that the

catalyst is saturated, i.e. the production rate of the active hydrogen species is independent
This result is clearly inconsistent with the data. These results indicated that equation 3.4,

based on first order production of active hydrogen as a function of the hydrogen pressure,

gave the best fit to the data.
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Figure 3.3: Surface Concentration of Carbon as a function of Hydrogen Pressure. Figure
shows experimental data, and the curves fitted to Models 3 and 4, as defined in Table 3.1.
Figure also shows the results of Model 5, as described in the text. It assumes that

production of active hydrogen species is independent of hydrogen pressure.
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3.3.3 Transient Deposition of Coke

The model developed above, which assumes that residue adsorbs to form a monolayer.
predicts that the maximum carbon coverage on the catalyst surface is limited at a given
hydrogen pressure and temperature. For the purposes of modelling, this maximum
coverage can be represented by a number of "sites". The rate of adsorption will depend

on surface vacancies as follows:

do, B .
wp =~ =M 2

where e s the rate of carbon deposition. 0y, is the fraction of possible adsorption
"sites" currently vacant, R is the cumulative feed to catalyst ratio (g feed / g catalyst), a
pseudo t'me coordinate and Kk is an adsorption rate constant (g catalyst / g feed).The
concentration of carbon on the catalyst (expressed at weight percent carbon) (C) would be
related to the maximum carbon concentration (Cyya) and 6, as:

£ ' 3.9)

i I/

s v
¢ [/][1AY

Substitution of equation 3.9 into equation 3.8 and solving gives equation 3.10, which

indicates that the build-up of carbon will follow first-order kinetics:

. kR
c=c |1-e 3.10)
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Figure 3.4 shows the results of a least squares non-linear regression through the batch
data first shown in Figure 2.3 The resulting parameters are Cpyay = 18.6 % carbon and k
=0.15 (g cat/ g feed). The units for k appear unusual. but stem from the usc of R as the
pseudo time co-ordinate, with units of g feed / g catalyst. If an effective feed rate was
defined for the batch sequential experiments, then an alternate form of equation 3.11
could be written with time as the independent variable. Good agreement was obtained
between the data and the model. Below approximately 15 g oil / g catalyst. the tull
monolayer was not developed and capacity remained for further adsorption. Beyond this
value of feed oil to catalyst ratio, there would be reversible exchange of surface
hydrocarbon with bulk hydrocarbon, but since the layer was filled, no net change in

carbon content was observed.

3.3.4 The Model Predictions for Other Reaction Parameters

The regression results shown in Table 3.1 indicate that the data can be equally well
represented by a model which includes a dependency on feed composition as one from
which the dependency has been removed (i.e. equation 3.5 versus equation 3.6). The
result indicated there was not a strong dependence of surface coverage on the
concentration of coke precursors in the liquid. Experimentally, the carbon concentration
was very insensitive to composition (see Figure 2.4). Only when the residuc
concentration fell to 1% of total liquid product did the carbon concentration on the
catalyst decrease significantly. This observation may have been due to limitations on the
amount of adsorbate available. In Run C12, the catalyst was only exposed to sufficient
residue in the reactor liquids during the entire experiment to form a monolayer. Under
these conditions, a monolayer would not have been achieved unless the capture of residue

by adsorption was 100% efficient.
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Figure 3.4: Carbon Concentration in Spent Catalyst as a Function of Cumulative Feed
Oil to Catalyst Ratio in the Batch Reactor. All experiments at 13.8 MPa, 430°C. Model
shown is per equation 3.10, where Ciax = 18.56 (wt%) and k = 0.15 (g cat/ g bitumen) .
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The insensitivity of the carbon content to reaction time. as presented in Chapter 2,

operating conditions.

3.4 COMPARISON OF MODEL TO LITERATURE DATA

The general literature on catalyst coking was described in Sections 2.1 and 3.1. Despite
the possible significance of the effect of hydrogen on catalyst coking. very little
systematic study has been dedicated to this issue. Zeuthen et al. (1995) studied a three

stage pilot plant, in which they observed higher carbon concentrations on the third stage

makeup, the third stage would contain a lower hydrogen partial pressure, and should
accumulate higher carbon contents based on the prescnt model. The authors observed a

phenomenon similar to breakthrough during the early portion of the run when the third

on the first bed, the supply of coke precursors to the third bed was reduced, causing a
slower rate of accumulation. These observations are consistent with the model presented

in this chapter.

3.5 CONCLUSIONS

A model for coke deposition in hydroprocessing catalysts was presented in this chapter.
The model was based on an annulus structure around active metal crystallites, a
schematic of which appears in Figure 3.1. This model suggested that a monolayer of
residue molecules was adsorbed onto the alumina support, except in the immediate

vicinty of the active metal crystallites, which maintained a clear alumina surface. The

model predicted transient coke accumulation behaviour observed with respect to oil to
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catalyst ratio and was consistent with observed insensivity of the catalyst carbon

concentration to reaction time and feed composition.
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CHAPTER 4 - VALIDATION OF THE MODEL

4.1 INTRODUCTION

The model presented in Chapter 3 describes a catalyst surface which is covered with a
carbonaceous substance. except in the vicinity of the metal sulfide crystallites. This
model does not predict the nature of the carbonaceous deposit or the nature of the
interaction between the deposit and the surface. As well. the possibility of alternate coke
deposition geometries has not been ruled out. The experiments described in this chapter

were designed to probe the nature of the coke deposit and its geometry.
4.1.1 The Chemistry of the Carbonaceous Deposit

The current literature does not fully address the chemistry of the coke deposit on
hydroprocessing catalyst surfaces. Many authors (e.g. McKnight and Nowlan, 1993;
deJong et al., 1994), describe the carbonaceous deposit as being highly condensed
polynuclear aromatics, similar in nature to solid petroleum coke. Chu et al. (1994)
compared the coke deposited from an anthracene solution to that deposited from a residuc
solution, and did observe differences between the coke in the two cases, but ascribed it to
physical differences (porosity) instead of possible chemical variations. Only Ternan ct al.
(1979) suggested that the coke may be a mobile, less condensed phase. Definition of
coke chemistry is further complicated by the comparison of coke deposits of radically
different ages, ranging from several hours (Chu et al., 1994) to several weeks ( McKnight
and Nowlan, 1993, deJong et al., 1994, Zeuthen et al., 1995). The nature of the “coke™

being reported also varies greatly depending on the preparation of the catalyst sample

with toluene, air dried and analyzed by loss on ignition would report a significantly

different “coke” content than one which was Soxhlet extracted in dichloromethane,
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vacuum dried and analyzed for elemental carbon content. Knowing the nature of the
deposited coke is important, because a highly condensed polynuclear aromatic deposit
would be expected to be irreversibly adsorbed on the catalyst surface. This type of
adsorption would lead to very different behaviour of the deposit, and would preclude

many strategics for coke removal and coking prevention.
4.1.2 Nature of the Carbon - Surface - Interaction

One of the important features of the alumina support is its inherent acidity. This acidity
results from the asymmetry of the atoms at the surface of the solid alumina, and
imperfections in the alumina structure. Given the acidic nature of the alumina, and the
basic components in the feed, an acid-base interaction is assumed to be the first step in
coke deposition. Absi-Halabi et al. (1991) emphasized the importance of acid-base
interactions in coking of hydrocracking catalysts, while Korre et al. (1995) determined
that adsorption of polyaromatic hydrocarbons on a CoMo / y- Al»O3 catalyst surface was
correlated to the gas phase basicity of the component. Other possible effects of support

acidity are discussed in detail in Chapter 6.
4.1.3 Distribution of Carbon on Catalyst Surface

The model proposes a structured arrangement of coke, or carbonaceous deposits, on the
catalyst surface. Verification of this structure is desired, however “observation” of the
catalyst surface at nanometer resolution was not possible. Surface spectroscopic
techniques such as X-ray Photoelectron Spectroscopy (XPS) or Secondary Ion Mass
Spectrometry (SIMS) could provide surface measurements of overall aluminum
concentration from which it mght be possible to infer an annular structure. Tunneling

Electron Microscopy might be able to resolve the surface structure. For both surface
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spectroscopy and microscopy. however, catalyst preparation involves two fundamental

the exterior of a pellet or granule, which would not be observed on internal surtaces.

Fracturing the pellet to obtain a cross section would expose alumina which had not been

made up of a compressed powder. the pellet would be expected to fracture between these
powder partices. exposing very limited amounts of micropore structure, which is

primarily found within the powder particles. Since surface polishing is required before

some forms of analysis, fine detail wouid be lost. For these reasons, surfuce
spectroscopic and microscopic techniques are of limited use in validating the proposed

annular structure of carbonaceous deposits.

Since the alumina surface has a range of strengths of acid sites, analysis of this
distribution will provide some information about the surface. Chapter 3 showed that the
coke likely deposits in a monolayer at the maximum carbon concentration observed in
this study. Given this assumption of maximal coverage, carbon concentrations less than
the maximum value can only be achieved if the monolayer is incomplete. This partial
coverage can be achieved in two basic ways: a structured pattern of openings as in Figure
3.1, or random gaps in the monolayer without any association with metal crystallites.
Given the acid-base interactions one expects between the surface and the oil, a randomly
deposited coke layer (with respect to crystallites) would be expected to deposit on the
strongest acid sites first. If a moderately coked catalyst shows more very strong acid sites
than a highly coked catalyst, then this observation would support a structured
carbonaceous surface because random adsorption of bases would preferentially fill strong

metal crystallites, but the hydrogenation activity of the metal crystallites is expected to
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repress condensation reactions in the neighbourhood of the crystallite, thus resuting in

4.1.4 Propesed Validation Experiments

A group of experiments was designed to evaluate some of the issues discussed above.
The reversibility of coke deposition was examined by evaluating the effect of treatment
with tetralin and coker gas oil on carbon concentration in the catalyst. The importance of
acid-base interactions in the deposition of coke on the catalyst surface was studied
through the use of model compounds of varying basicities in solution, as well as
deasphalted oil. The possible annular structure of the deposited coke was investigated by
analyzing the distribution of strengths of acid sites of fresh, moderately coked and highly

coked catalysts.
4.2 EXPERIMENTAL

4.2.1 Materials

Athabasca bitumen was provided by Syncrude Canada Ltd., with the properties listed in
Table 2.1. Coker gas oil (CGO) was supplied by Syncrude, with properties described in
Yui and Sandford (1991). Tetralin (99%) was supplied by Fluka, carbon disulfide
(99.9%) and acridine (99%) were supplied by Aldrich, anthracene (98%) was supplied by
Sigma and dibenzofuran (95%) was supplied by Eastman Kodak. The dibenzofuran was
purified by dissolving the chemical in dichloromethane, mixing with activated carbon,

filtering the solution and recrystallizing the dibenzofuran.
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The catalyst was a commercial NiMo /y-Al>035 catalyst with 12.5 wt % MoO 3and 3.5 wi
% NiO. The catalyst had a surface area of 317 m¥/g and a pore volume of 0.57 ml/g (sce

section 2.2.2 for analytical details). The catalysts were not presulfided prior to use. For

the batch experiments the catalyst was crushed and sieved to +350pum -500pm size. In
the CSTR experiments, the catalyst was used in the | mm cylindrical extrudate form in

which it was delivered.

4.2.2 Model Feed Preparation

One sequence of experiments was performed with deasphalted oil. Athabasca bitumen
was mixed with a volume of toluene (in mL) equal to the weight of bitumen (in g), then
diluted with 50 volumes of pentane. The sample was shiclded from light and stirred for
16 h. The precipitate was removed using a Millipore filter. The liquid portion was dried

to constant weight, using a rotary evaporator and vacuum drying at 65°C and 0.01 MPa.

highly basic compound, anthracene was chosen as a neutral analog and dibenzofuran was
included as a slightly basic analog. The model compounds were prepared for reaction by
mixing the desired amounts of the model compound with tetralin. The concentrations are
given in Table 4.1. These concentrations were chosen based on expected coke deposition
and the number of planned reaction steps. In the case of anthracene, a suspension of solid
in tetralin resulted. A sample of this suspension was brought to the reaction temperature
of 430°C, then cooled. Inspection of the liquid showed that the suspension remained, but
had become extremely finely dispersed. The redispersion of the anthracene indicated that
a solution had formed at operating conditions then reprecipitated upon cooling. One

sequence was performed with acridine in 1-methylnaphthalene to explore possible solvent
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Table 4.1: Model Compound Feed Experiments in Batch Reactor with 1 h Reaction Time
Per Step at 430 °C and 13.8 MPa

Feed Catalyst (Initial | Number of | Final Carbon
Carbon Content %) | Reaction Steps| Content (%)
Tetralin (Blank) Fresh (0) 5 | 26
Tetralin } | Spent (17.5) 1 11.1
Tetralin o | Spent (17.5) 6 6.6
CokerGasOil | Spent (17.5) 2 11
2.5 % Anthracene in Tetralin|  Fresh (0) 6 1.3
3.2 % Dibenzofuran in | Fresh (0) 6 1.8
Tetralin )
3.3 % Acridine in Tetralin ~ Fresh (0 | 6 | 11
6.5% Acridine in Fresh (0) 2 | 21
Methlynaphthalene -
Athabasca maltenes | Fresh (0) 4 3.8

effects. CSo was added to maintain the catalyst in a sulfided form. Four percent CS? by
weight was used in experiments using fresh oxide catalyst, while the concentration was

reduced to 2% for subsequentexperiments using the same catalyst. Two experiments used

deposition. Coker gas oil was also used with previously coked catalyst to explore this

phenomenon.

4.2.3 Analysis Techniques

Prior to carbon determination, catalysts were Soxhlet extracted for 6 h (or until the extract
ran clear, whichever was longer) in dichloromethane, then vacuum dried at 65°C and 0.01
MPa for 2 h. In order to ensure representative sampling, a 50 mg portion of the catalyst
was crushed to a powder, and a 2 mg sample used for analysis. The concentration of

Alberta. This analysis, performed on a Carlo Erba Stumentazione Elemental Analyzer
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1108, used combustion of the sample. followed by gas chromatographic separation of the

combustion productions and analysis by thermal conductivity detection.

Measurement of the distribution of strengths of the acid sites on the surface of the catalyst
was performed at Guelph Chemical Laboratories by stepwise thermal desorption. The
catalyst was packed into a stainless steel column which was attached to a Hewlett

catalyst was saturated with pyridine, and the excess was desorbed in flowing nitrogen at
373 K. The pyridine which was irreversibly adsorbed at 373 K was subjected to a
stepwise increasing temperature. The temperature was raised at 15 K min-! until the
desired temperature was reached (see following temperature ranges), then the temperature
was maintained until the desorption of pyridine stopped. This process was repeated for
each temperature step. Four acid site categories were reported based on the following
desorption temperature steps:

i) Very Weak 373K <T4<423K

(i)  Weak 423 K<Tg< 523K

(iii)  Strong 523K <Tg=< 623K

(iv)  Very Strong 623 K< Ty

subtracting the total amount of pyridine eluted below 623 K from the total amount of'

pyridine added to the catalyst.

Surface area and pore volume measurements were performed in the Department of

Chemical Engineering, as described in Section 2.2.2.
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Experiments studying the carbon deposition behaviour of various model feeds were
performed in the micro-batch reactor, in the same manner described in section 2.2.4, with
the feeds described in section 4.2.2. Smaller volumes of liquid were used in these cases;

approximately 1 g of liquid was used with approximately 0.25 g of catalyst.

The three tetralin experiments listed in Table 4.1 were performed in a similar manner as

those described above. In two cases, however, coked catalyst obtained from experiment

surface.

Catalyst samples from experiments C3 and C7 (Table 2.2) and a sample of fresh catalyst

4.3.1 The Chemistry of the Carbonaceous Deposit

The annulus model for coke deposition satisfactorily explains the behaviour observed in
the experiments with bitumen as the feed. The model proposes that the adsorbed coke is
in a form which resembles the source oil, rather than a more highly condensed aromatic
material. In order to determine the reactivity of the carbonaceous deposit, heavily coked
catalyst was exposed to tetralin at standard reaction conditions. A similar experiment was
performed with coker gas oil as feed. In the reactions using tetralin, significant coke

removal was observed (see Table 4.1), with approximately one-third of the initial
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concentration of carbon removed during the first 1 h reaction, and an additional one-third

with coker gas oil, with approximately one-third of the initial carbon concentration
removed after two 1 h reactions. A control experiment was not performed to determine

the carbon content that a fresh catalyst would have reached after repeated reactions with

catalyst surface during these experiments was probably due to a combination of simple

condensed and unreactive.

The presence of a reactive carbonaceous deposit was also consistent with the densities of
coke deposits reported by Zeuthen et al. (1995), which averaged 750 kg/n13. This

model compounds, and supported the assumption that the initial deposit was similar to
the residue. Zeuthen et al. (1995) demonstrated that the coke ages and becomes more

aromatic with time in the reactor, which is beyond the scope of our study.
4.3.2 Nature of the Carbon - Surface - Interaction

Current literature suggests that acid-base interactions between the feed molecules and the
catalyst surface are important in the formation of coke on catalysts. The feed contains

compounds which are basic, due to both basic nitrogen groups and large aromatic clusters
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This hypothesis was tested through two experiments. In the first, adsorption of
compounds with varying basicity: acridine, dibenzofuran and anthracene, were compared.
In these experiments, the model compound was dissolved or suspended in tetralin, then
exposed to catalyst at standard reaction conditions (430°C, 13.9 MPa hydrogen, 1 h
reaction). No significant difference in carbon deposition on the catalyst was observed
between the anthracene solution, the acridine solution and the tetralin blank (see Table
4.1). Solvent eftects due to the use of tetralin, which is a strong hydrogen donor, were
ruled out when a similar carbon content was obtained using acridine in 1-
methylnaphthalene. The lack of dependence of carbon deposition on basicity indicated
that adsorption of low-molecular weight basic nitrogen compounds in the feed was not

the primary chemical interaction at experimental conditions.

The apparent lack of interaction between acridine and catalyst sites which interacted
strongly with pyridine, which is a weaker base in the gas phase (Meot-Ner, 1979), can be
explained by several factors. The maximum temperature at which the pyridine desorption
was measured was 350 °C, while the reaction was carried out at 430 °C. Acridine that
was successfully hydrotreated would not have deposited on the catalyst when the reactor
was cooled. Unconverted acridine which was deposited on the catalyst surface was likely

removed during the Soxhelt extraction with dichloromethane.

In the second experiment, a sample of maltenes from Athabasca bitumen was used as feed
for a multistep reaction series. Removal of the asphaltenes from this feed reduced the
concentration of polar and high-molecular weight species from the residue. Coke
deposition on the catalyst was only marginally higher than was observed for the solvent
and model compounds, and only one-third of that observed for the whole bitumen based
on carbon concentration (Table 4.1, Figure 2.3). These results suggested that the coke

precursors were mainly in the asphaltene fraction of the bitumen.
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Basicity alone did not give deposition on the catalyst. but acid-base interactions may be
important in adserption of high-molecular weight compounds, particularly since large
polynuclear aromatics can exhibit gas phase basicity (Korre, et al., 1995). Given that the
asphaltenes are thought to consist of polyaromatic structures like benzofuran and
anthracene, linked with bridges and substituted with side chains (Frakman. et al..1990),
we must conclude that molecular weight is more important for coke deposition than

functional groups.

4.3.3 Validation of the Annulus Model

If annular zones of alumina are cleared in the vicinity of nickel molybdenum sulfide
crystallites on the catalyst surface, as illustrated in Figure 3.1, then greater numbers of
acid sites of all strengths would be expected as the zone was enlarged, i.c. at higher
hydrogen pressure. The distributions of the strengths of acid sites of fresh, moderately
coked and highly coked catalysts are shown in Figure 4.1 (data tabulated in Appendix
4.1). These stepwise thermal desorption results indicated the concentration of acid sites
of different strengths on the surface. Since the least strongly adsorbed pyridine molecules
will desorb in the lowest temperature range, this range defines the very weak acid sites,
while the highest temperature range defines very strong acid sites. The two intermediate
ranges define weak and strong acid sites, respectively. As carbon concentration
decreased with higher hydrogen pressure, more strong acid sites were exposed on the
surface of the catalyst. Given the concentration of nitrogenous and high boiling
components found in these feeds, exposure of strong acid sites can only be explained by
systematic clearing of the surface near metal crystallites. If removal of the carbon from
the surface was random and not associated with crystallites, the strongly acidic sites

would be expected to preferentially adsorb the available residue molecules. The apparent
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temperature ranges for desorption of pyridine.
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increase in the number of very weak acid sites with increased carbon concentration was
an artifact of the analytical method, caused by interactions between the coke and pyridine.
In this procedure, weak acid sites are defined as those sites from which pyridine desorbed
between 373 K and 423 K. A sample of solid coke derived from Athabasca bitumen
under more severe reaction conditions. containing no alumina. retained approximately 1.1
mmol/g of pyridine at 373 K. which would correspond to 0.2 mmol/g catalyst. This coke-
pyridine interaction would tend to give more pyridine release at 373-423 K with

increasing carbon content, as observed in Figure 4.1.

4.3.4 Summary of Model Validations

The above experiments have provided support for several assumptions inherent in the
model. The removal of the deposit with tetralin and gas oil showed that the deposit
remains highly reactive, and possibly reversibly adsorbed on the catalyst surface.
Measurements of the distribution of strengths of acid sites of coked catalysts indicated the
coke layer which was deposited on the catalyst was structured. The model compound
work showed that the interaction of the acid sites with low molecular weight bases was
not an important factor in coke deposition. Asphaltenes were, however, shown to be
important, suggesting that the combined influence of high molecular weight and basicity

is responsible for the accumulation of carbonaceous deposits on the catalyst surface.
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4.4 CONCLUSIONS

1. Coke deposited on a catalyst during the inital hours of use is highly reactive, and is

removed from the surface at reaction conditions in residue-free feed.

2. High molecular weight components in the asphaltene fractions appear to be the most

significant contributing factor for coke deposition.

3. The coke deposit on the surface is in a structured form, consistent with the annular

structurc proposed in Chapter 3.
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CHAPTER 5 - MASS TRANSFER EFFECTS IN COKED CATALYST

5.1 INTRODUCTION

A model for surface deposition of coke was presented in Chapter 3. Except in the
extreme case, where a complete monolayer of coke forms and blocks metal crystallites,
this model does not suggest catalyst deactivation, yet some short term deactivation is
obscrved in ncarly all residue hydroprocessing experiments and industrial examples (e.g.
Oballa et al., 1994, deJong et al., 1994, Chu et al., 1994). Deposition of coke in catalyst
pores would reduce the effective diameter, possibly reducing the diffusivity of large
residue molecules. The reduction in diffusivity as a function of pore size was estimated
through the use of hindered diffusion theory. The random pore model of Wakao and
Smith (1964) was used with the data obtained from the experiments described in Chapter
2 to cstimate the overall effective diffusivity for the catalyst pellets. These results are
contrasted with an alternative mechanism for catalyst deactivation, based on plugging of

pore mouths, in Section 5.3.3.

5.2 EXPERIMENTAL

Surface area and pore volume measurements were performed in the Department of
Chemical Engineering, University of Alberta on an Omnisorb 360 (Coulter Scientific
Instruments, Hialeah, Florida). Nitrogen desorption measurements were used with the
Kelvin equation to determine the distribution of pore sizes. This distribution describes
the total volume of the pores in the catalyst as a function of pore radius. Since catalytic
activity is related to surface area, this distribution can be converted to a distribution of
surface area with pore radius by assuming the pores are long, circular cylinders. The

resulting pore size distribution is shown in Figure 5.1.
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5.3 RESULTS AND DISCUSSION

5.3.1 Hindered Diffusion Theory

As the size of a diffusing species approaches the size of the pore into which it must
diffuse, wall effects become important, and diffusion becomes dominated by what is
called hindered diffusion. Lee etal. (1991a, 1991b) and Baltus and Anderson (1983)
studicd the hindered diffusion of asphaitene molecules in membranes and showed that the

cffective (hindered) diffusivity (D) was related to the bulk diffusivity (Dp,) as follows:
¢
Pe _Zp ,-B2 5.1)

where &p is the pellet porosity, 1 is the tortuosity, B is an empirical coefficient, A is the
ratio of molecule size to pore size: A =r,/ry, r, is the radius of the diffusing residue

molecule and p is the pore radius.

The pore size distribution of the fresh NiMo /y-Al203 catalyst is illustrated in Figure 5.1.
For any range of pore sizes, the contribution to total porosity for that size range can be
calculated based on void volume. If one assumes that the coke is a monolayer of residue
molecules with a radius defined by Equation 3.1, then the reduction in pore radius will be
2rp (since it is assumed the the surface is covered with a monolayer of residue molecules),

and the void volume can be determined. The porosity of the coked catalyst was related to

the fresh catalyst porosity by:

Q.B:_zzi)i 5.2)
()

where g¢ is the porosity of the coked catalyst and € is the porosity of the fresh catalyst.

gc = g'.*

Rewriting equation 5.1 as the ratio of diffusivities for coked and fresh catalyst gives:
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This ratio is shown in Figure 5.1 for r, = 0.6 nm. From this figure. it is obvious that a
significant reduction in diffusivity is observed for all pore sizes. Virtually all of the active
catalyst surface is located in pores small enough that the deposition of a monolayer of

coke would result in a diffusivity reduction of at least 40%.

diffusivity caused by the deposition of a monolayer of coke. Overall effective diftusivity,

D,, is defined by:

De =g Dy + ————=Dp 5.4)
where € is the porosity, D is the diffusivity and the subscript m represents macro pore and

|t represents micro pore.

In Wakao and Smith’s original work, the diffusivity in each range of pore sizes was
determined using equations for molecular and Knudsen diffusion. Since the residue

molecules were diffusing through a liquid medium within narrow pores, appropriate
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expressions for hindered diffusion must be used in equation 5.4. Rewriting the hindered

diffusion relationship of equation 5.1 for a single pore gives:

o
L]
o

- 7y - HE,
D[!,i = ']")hg
where the subscript i refers to micro or macro pores, and B is an empirical parameter.
The reported value of the parameter ranges fro 3.9 to 4,6 for comparable hydrocarbons

(Lee et al, 1995, Baltus and Anderson, 1983).

Values of A for the micro and macro pores of the fresh catalyst were determined from the
pore size distribution. The maximum of the pore size distibution, 3 nm, was chosen for
ry. and 15 nm was chosen for r,, based on the 10 nm cutoff for micropores and the

maximum pore size detected. The radius of the diffusing molecules was r, = 0.6 nm.

It should be reiterated at this point that the value of r; used in these calculations was the
result of an estimate based on bulk liquid properties of the residue fraction. This value
represents a conformation in which the molecule is folded into a sphere. Hydrodynamic
radii of asphaltenes, for example, can be several orders of magnitude larger than the

estimate obtained in Chapter 3 from liquid density (Baltus and Anderson, 1983).

The porosities, &, and g, for the fresh catalyst were determined from the pore size
distribution and the physical properties of the catalyst. Figure 5.1 shows the pore size
distribution before and after coking. Before coking. the total surface area was 317 m%/g
and the pore volume was 0.57 mL/g. The maximum of the pore size distribution at a
radius of' 3 nm, was chosen for ry,, and a value of 15 nm was chosen for ryy,, based on the

10 nm cutoff for micropores and the maximum pore size detected.
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catalyst. The estimation of the parameters for the coked catalyst. however, is somewhat
more difficult. Figure 5.1 shows the pore size distribution for a catalyvst with 17.5%
carbon content. This catalyst had a surface area of 157 m*/g and a pore volume of 0.25
mL/g. The data clearly show a reduction in total surface area. and an accompanying shifl
in the maximum of the distribution curve following deposition of coke on the catalyst.
Since pore size distribution (PSD) data were available for a coked catalyst, radii and
porosity values for the micro and macro pores could be determined directly from the PSD
data, as was done for the fresh catalyst. Although the pore size distribution at reaction
conditions may not entirely agree with that obtained at analysis conditions, this approach

provides an estimate for the porosities required in equation 5.4 for the coked catalyst.

on the effective diffusivity.

The model from Chapter 3 predicts monolayer coverage of the surface with a layer 1.2
nm thick. This prediction can be used to reconstruct a pore size distribution for the coked
catalyst, which would predict a maximum reduction in effective dif fusivity of

—det = 0070 (equations 5.4 and 5.5). The actual reduction in effective dif] fusivity will

\U\

likely fall between these two estimates:

D ,
0070 < % =0.105 5.6)
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These two values place tight bounds on the expected effect of the deposition of a
monolayer of residue on the diffusivity. The predicted effect of coke deposits is large;
however, a 90% reduction in activity was not observed in experiments. Two possible
explanations exist for this apparent discrepancy. The behaviour of the fresh catalyst with
residue feed is unobservable. The adsorption of the residue on the catalyst surface occurs
more rapidly than achievable reaction times, thus a true catalyst activity for residue
hydrocracking, in the absence of catalyst coking may never be obtainable. Given the lack
of an exp- * ental value for fresh catalyst activity without coke, diffusivity reductions or
activity reductions based on a comparison to the fresh catalyst must be used with some
caution. The calculations above are for diffusivity only, they do not consider the kinetics
of the reaction. If the fresh catalyst had a low Thiele modulus, then the eftectiveness
factor for the catalyst would be insensitive to effective diffusivity. This situation would

result in much less than 90% loss of activity for a 90% reduction in diffusivity.

A number of studies have shown that a decrease in pore diameter, by altering the alumina,
reduces effective diffusivity for hydroprocessing reactions, as one would expect from
cquation (5.1). Although a change in pore diameter is not the same as ciepositing a layer
of coke, studies by Ammus and Androutsopoulos (1987), Li et al. (1995) and Seo and

Massoth (1985) suggest that a reduction of De due to carbon deposition could range from

reduction in De of as much as 65% could result from only 2-3% carbon deposition. Such
a drastic change, however, indicated plugging of pore mouths which could not be

extrapolated to the present study.

5.3.3 Uniform Deposition of Carbon Versus Pore - Mouth Plugging
Observations of drastic reductions in diffusivity due to small amounts of carbon, e.g. Lee

et al. (1991b), indicate that in some cases the pore network in the catalyst can be blocked

68



off at pore mouths. Such a mechanism cannot account for the observations from the

blocked at the pore mouth, this level of deposition would not be possible. Furthermore,
macropore (10-20 nm) surface area would be almost unaftected by pore mouth deposition
of coke, and virtually no surface area loss in the macro pore range would occur. In
contrast, our results show a 48% reduction in macropore volume (Figure 5.1). The
material deposited in pore mouths is assumed to be highly aromatic, unreactive material

(Muegge and Massoth, 1991). The results presented in Chapter 4 clearly indicated that

reactive. While it is clear from the literature that pore mouth plugging may occur on
hydrocracking and hydrotreating catalysts during operation under some conditions, our
More study is required to determine the factors that determine the mode of coke

deposition and to explain the conditions requisite for pore mouth plugging.
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5.4 CONCLUSIONS

1. Hindered diffusion theory predicts that virtually the entire catalyst pore structure will
be subject to at least 40% reduction in effective diffusivity.

2. Wakao and Smith’s random pore model was combined with analytical results and
estimates based on the model presented in Chapter 3 to predict that effective diffusivity of
coked catalysts would be reduced by aproximately 90% relative to catalyst without coke.
3. Observations from this study are inconsistent with the existence of plugged pore

mouths, suggested by some of the literature for hydroprocessing catalysts.
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CHAPTER 6 - BASE DOPING OF HYDROPROCESSING CATALYSTS

6.1 INTRODUCTION

mechanical properties. The attractiveness of y-alumina is due to a combination of
favorable surface arca, mechanical strength and a surface chemistry which allows
dispersion of metal phases varying from platinum group metals to mixed transition metai
sulfides (Beaton and Bertolacini. 1991; Topsoe et al., 1986) . The acidity of the surface
of v-nlumina has been linked to its catalytic activity, its tendence to accumulate coke and
its ability to disperse metals (Absi-Halabi et al, 1991; Topsoe et al., 1986). The
importance of the surface acidity of the alumina has led a number of researchers to

investigate the addition of alkaline earth and alkali metal salts, in order to modify the

6.1.1 Surface Acidity

Various authors have studied the effect of deposition of alkali metal and alkaline earth
salts on alumina supported metal catalysts with two objectives in mind, the possibility of
neutralization of surface acid sites to alter the interactions of reactants with the alumina
surface, or altering interactions between the oxide phase and the active metal. Changes in
the interactions between the aluminum oxide surface and the active metal, or metal
sulfide. tend to alter the dispersion of the metal on the surface of the catalyst. A variety
of alkali metal and alkaline earth metal salts have been used to dope catalysts, and these
studics are summarized in Table 6.1. This section discusses the role of surface acidity,

while the following section will deal with the other effects.
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Table 6.1: Prior Studies on Doping of y-Alumina Catalysts with Alkali and Alkaline

Earth Metals.
Reference Reaction / Active Dopant Dopant Conc. Order of Addition
Metals gmetal/ 100 g of Components
catalyst
Chen and Chen, | Catalytic cracking of | LiNO;3 or coprecipitation
1990a n-hexane / Ni Na»CO; 04
KNO; 0.4
Mg(NQ:,)Z 0.162
- o Ca(NO3)s 0.243 L
Papaioannou and | Hydrotreating of Mg(NO3)» 2.3 o Dopant follows
Haynes, 1990 coal derived liquids / | Ca(NOj5 h 3.8 transition metals
CoMo | _ -
Acidity measurement | KNO3 03-20 | Dopant follows
only / CoMo NaNO, 0.2-1.2 transition metals
LiNO; 0.06- 04
Be(NO); 0438-0.5
o | BaNO, 1.1-6.9 -
Masuyama et al., | Hydroprocessing Calciumsalt, | 1.9 - Calcium follows
1990 coal liquid bottoms / | anion transition metals
NiMo unknown I
Kelly and Bitumen LisCO3 0.09 - 0.9 ‘Coprecipitation
Ternan, 1979 hydroprocessing / NasCO3 0.27-2.9
CoMo K5CO3 0.41-2.1
Lycourghiotis et | X-ray Powder KNO3 3.8-6.0 Dopants betore
al., 1980 Analysis, Diffuse NaNQO3 2.7-42 transition metals
Reflectance LiNOy 1.0-1.6
Spectroscopy,
Differential
Scanning
Calorimetry / Co
Centeno et al,, Hydrodeoxygen- KOH 1.0 Dopants after
1995 ation of model NH40H (unknown, "blank transition metals
biomass compounds preparation”)
/Cr* v- , - -

Baker et al., Hydr. . o Lal NaNO5 3.1 Dopants afier
1987 derived ... tifisie / transition metals
| NiMo | B o

O'Young, 1989 Thermogravimetric K>CO;4 1-10 Dopant afier
Analysis, NO Cs2C05 1-20 transition metals
chemisarption,

FT - IR / Mo . )




Table 6.1 (continued) : Prior Studies on Doping of y-Alumina Catalysts with Alkali and

Reaction / Active Dopant | Dopant Conc. | Order of
Metal g metal/ Addition of
100 g catalyst Components

Reference

Sulima and Reduction of NO/ Co | LiNO3 0.004 - 0.36 not given
Echigoya, 1976 NaNO; 0.012-1.2
RbNOj 0.044-4.2
N CsNO; 0.069 - 6.4 -

Haensel, 1960 Naphtha hydrotreating LiNDj, o 1.0 Dopant before
/Pt - ) Platinum

Bairdand | Naphtha hydrotreating | MgNO3 0.0001 - 0.003 Dopant before

Shoukry, 1990 | /Pt Platinum
“Mauldin and Naphtha reforming / | Na5CO3 1.0 - | Dopant

Baird, 1982 Cror Mo K2CO3 0.37 following
CsHCO;4 1.66 Chromium

“Hayes and Dehydrogenation of LiNO3 -~ |o0s5-06 Dopants after
Pilotzer, 1973 model paraffins / P1, KNO3 2.8 Platinum /
RhandW | ) | Rhenium
Lowenthal. et | Methanol KNOj 0.03 - 14 Dopants after
al., 1995 dehydrogenation / Rh Mo/ Rh
Mo
“O'Hara et al., Residue CaCly 1 Decpants before
1980 hydracracking / MgNO3 0.5 transition
Group VIB or VIII metals
metals

The alumina support typically used for hydroprocessing catalysts has surface acid sites

with a range of acidity. These acid sites contribute to coke formation on the alumina

Since typical hydroprocessing feeds contain basic components such as pyridines and
quinolines. neutralization of the strong acid sites found on alumina may reduce the coking

propensity of the catalyst surface.

The literature summarized in Table 6.1 shows a wide variation in concentration and

choice of dopants. The sequence of addition of components to the catalyst was also
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varied. This variation in technique is perhaps the major cause of inconsistencies in
performance observed within the literature. In most cases, nitrates and carbonates are

used to deposit the dopant metal. Nitrates were frequently chosen because the transition

calcined with the goal of achieving the alkali or alkaline earth metal oxide on the surface.

Chen and Chen (1990) added moderate concentrations of a variety of alkali and alkaline
earth metal nitrates and carbonates. Addition of these compounds caused lower Ni

dispersion, which would tend to reduce the catalyst activity. This reduction mi ght be

This trend was not consistent in that some alkali-metal doped samples had greater rates of
coking than those observed for Ni alone (Chen and Chen, 1990). The variation may be
due to inconsistent and incomplete calcining of the salts, but it may also represent a need

to optimize the acidity of the support and the dispersion of the active metals.

Papaioannou and Haynes (1990) studied the effect of acidity on a Co-Mo/alumina catalyst

The acidity of the doped catalysts was determined using temperature programmed
desorption of tert-butylamine. Ca and Ba gave total elimination of the catalyst acidity,
but at similar molar loadings neutralization could not be obtained with Mg or Be. Three
catalysts were chosen for testing with a coal liquid feed: a high concentration Ca-doped
catalyst which had been completely neutralized, a sample of a Mg-doped catalyst at a
similar concentration which had not been entirely neutralized, and the reference
commercial catalyst. Their study found no trend in hydrogenation activity, but found
lower hydrodenitrognation activity and lower coke deposition for the Ca-doped catalyst
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compared to the base commercial catalyst. The Ca-doped catalyst had a slightly lower
initial hydrogen consumption than the base commercial catalyst. but suffered less
deactivation over the first 800 g oil/g catalyst, leading to higher activity following the
initial deactivation. The Mg-doped catalysi gave an intermediate result, with activity for

most reactions falling between the Ca-doped and undoped catalysts.

Masuyama et al. (1990) also studied Ca doped Ni-Mo alumina catalysts in coal
liquefaction trials, using similar Ca concentrations to Papaioannou and Haynes (1990)
work. As in the Papaioannou and Haynes (1990) study, less coke deposition was
observed on the Ca-doped catalyst than on the undoped sample but there was no
substantial change in catalyst activity for conversion of coal liquid bottoms that was

attributable to the Ca doping.

Kelly and Ternan (1979) performed a study on the effect of alkali addition to Co-Mo-

alumina catalyst in the hydrocracking of Athabasca bitumen. They used alkali metal

used by Papaioannou and Haynes (1990). They discovered that the various metals caused
different changes in surface area. Na and K caused a linear decrease in surface area with
metal concentration. Li caused an increase in surface area at low concentrations,
followed by a decrease at higher concentrations. Similar trends were observed for
activity, coke deposition and surface area. The authors normalized the activity change to
a surface area basis. On a surface area basis, Li caused an increase in activity and a
decrease in coke deposition at low concentrations. Improvements in performance weze

not observed with Na or K.
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Baker et al. (1987) used a high concentration of NaNO; to totally neutralize the acidity of
a hydrotreating catalyst. The catalyst was used in a continuous reactor to hydrotreat coal
liquids at 13.9 MPa. 412°C for 900 g oil /g catalyst. The surface neutralization resulted
in lower carbon content, but little effect was observed on initial catalyst activity, or

deactivation during hydrotreating of coal liquids .

with KCO; was more effective than doping with KNO;, and that doping with K following
the metals deposition was much more effective than doping before. Since the solutions
used to deposit the transition metals were acidic, the role of the K in modifyi ng surlice

acidity was not clear.

McCormick et al. (1989a) studied the effect of surface acidity on coking of the catalyst
surface through the use of alumina, silica, titania, magnesia and combinations of these
compounds as supports for coal liquefaction catalysts. The catalysts were chosen from
commercially available catalysts, and therefore contained a range of concentrations of Ni
or Co and Mo. Coke deposition, expressed as a surface concentration, decreased with an
increase in support acidity following reaction of a mildly hydrogenated creosote oil. The
authors explained this result by proposing that higher acid-site density led to higher
cracking rates. Cracking rates were not measured, however, and neither hydrogen
consumption nor hydrodenitrogenation rates correlated well with acidity. They did not
discuss the possible variations in metal/support interactions, or metal dispersion. In
experiments with the same feed and catalysts, increased hydogen donor contents (fraction
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attribute this apparent contradiction to lower rates for retrograde condensation reactions

on the lower acidity catalysts.
6.1.2 Other Effects of Alkali Treament

Alkali doping can change other catalyst characteristics, such as metal dispersion and the
strength with which the active metals interact with the alumina support (metal-support
interaction). Lowenthal et al. (1995) observed decreased catalyst acidity after
neutralization of a Mo/Rh catalyst with approximately 10 wt% KNO3. No evidence of
changes in dispersion was observed. Lewis et al. (1992), however, found dispersion of Ni
and Ni-Mo to increase with increasing acidity when P was added to the alumina prior to
deposition of the transition metals. Huang and Schwartz (1987) also found that
decreasing the pH of the solution during deposition of the transition metals resulted in

higher dispersion.

Sulima and Echigoya (1976) studied catalytic reduction of NO on Co/alumina catalysts
doped with alkali metals. They observed an increase in conversion with increasing
concentration of alkali metal to an optimum concentration of approximately 0.1 g metal /
100 g catalyst, followed by a decrease in conversion at higher alkali metal concentrations.
They hypothesized that increased alkali concentration reduced adsorption of both reactant

and product molecules on the catalyst surface. They reasoned that at low concentrations,

reactant adsorption, leading to lower apparent catalyst activity.
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Topsoe et al. (1986), using Méssbauer emission spectroscopy. observed active metal
species which were less strongly bonded to the support surface when the transition metals
are supported on activated carbon (not acidic) instead of (acidic) alumina. They proposed
that this would increase the effectiveness of the transition metals. Lycourghiotis et al.
(1980) concluded that X-ray spectra for the supported catalysts indicated higher
metal/support interaction when Co/alumina catalysts were doped with Na and K
following the deposition of transition metals. Lower levels of interaction were observed
when they were doped with Li in the same manner. O'Young and co-workers (O Young,
1989; O"Young et al., 1988) found that low levels of K doping. following deposition of
Mo on y-Alx03- showed virtually no effect on the reducibility of Mo in hydrogen at 500 ©
C. At higher levels of K, reducibility was decreased, indicating the Mo would sulfide less

readily, and be less active.

These prior studies of addition of bases to catalyst are highly contradictory, and give no
indication that treatment with alkali metals would consistently increase the cffectiveness
of transition metals for hydroprocessing reactions. Dispersion studies do not indicate that
increased dispersion will be achieved if the catalyst is doped with base following the
deposition of the active transition metals. Similarly, work on metal-support interaction
was contradictory about the effect of decreased acidity on metal-support interactions.
These results indicate that any beneficial effect may be attributable to changes in the
alumina support, such as neutralization of the acid sites, rather than any improvement in

the active metals on the alumina surface.

The effect of doping of a commercial NiMo / alumina catalyst is described in this chapter.
The effect of anion, cation and concentration was studied through deposition of KNO,,
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KOH, NaOH and LiOH on a commercial catalyst. Screening of the various catalyst
formulations was performed using the microbatch reactor described in Chapter 2. Carbon
content of the spent catalyst and activity for hydrodesulfurization were used as
performance criteria. Based on the initial screening experiments, a base-doped catalyst
was sclected for a more comprehensive test of performance. Activity for hydroprocessing
rcactions such as hydrodenitrogenation, microcarbon residue conversion, pitch conversion

and asphaltene conversion were measured using the 1 L CSTR reactor described

previously.
6.2 EXPERIMENTAL

6.2.1 Materials

Athabasca bitumen was provided by Syncrude Canada Ltd, with the properties listed in
Table 2.1. CS; (99.9%) was supplied by Aldrich. KOH solution (45.4 wt%), NaOH
solution (50 wt%), KNO3 (Certified) and LiOHe1 H»O (Purified) were supplied by

Fisher Scientific.
6.2.2 Catalyst Properties and Base Doping

The catalyst was a commercial NiMo /y-AlO3 catalyst with 12.5 wt % MoO3 and 3.5 wt
% NiO. The catalyst had a surface area of 31 7m2/g (by nitrogen BET measurement) a
pore volume of 0.57 mL/g and distribution of strengths of an acid sites as shown in F igure
4.1. In three experiments the catalyst was presulfided using CS5 (see section 6.2.4 for
details). In all other experiments, the catalyst was not presulfided, so that the sulfur was
provided by the bitumen. For the batch experiments the catalyst was crushed and sieved
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to +350um -300um size. For CSTR experiments. the catalyst was used in the T mm
cylindrical extrudate form in whit* it was received. The commercial catalysts were
doped using KNO3. KOH. NaOH and LiOH. The total concentrations of the compounds
of interest are shown in Table 6.2 The concentrations were chosen as multiples ol the
amount of .b;a‘,se required to neutralize the strong acid sites of the commercial catalyst. At
the highest KNO3 concentrations, the solution was heated to altow dissolution of the salt.
The alkali metal salts were added to the catalyst using the incipient wetness technique, in
which the desired amount of the dopant was dissolved in enough water to dampen the

catalyst, leaving no free liquid. The catalysts were allowed to equilibrate over night. The

catalysts were calcined in air at 450°C for 4 h.

Table 6.2: Alkali Metal Content for Base Doped Catalysts

Dopant | Dopant Concentration Dopant Concentration
| (g metal/ g fresh catalyst) | meq/g

KNO; | 0.01 | 026

KNO; | _0.385 98 )

KOH | 0.011 028 ]

KOH 0023 | 059

KOH | 0204 522

NaOH 0.0059 0.26

LIOH | 00018 026
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6.2.3 Analytical Techniques

The carbon content ef spent catalysts was determined using the procedure described in

Section 2.2.2.

Measurement of the distribution of strengths of acid sites on the surfuce of the catalyst

was performed at Guelph Chemical Laboratories by stepwise thermal desorption by

Asphaltene content of the feed and products from the CSTR experiments was determined
using pentane precipitation. In this technique, the oil sample was mixed with toluene in a
ratio of 1 mL / g sample. Pentane was added at a ratio of fifty times the volume of
toluene. The sample was shielded from light and stirred for 16 h. The asphaltene
precipitate was removed by filtration on a 0.22pm Millipore filter, then washed in

pentane and vacuum dried at 65°C and 0.01 MPa for 2 h.

The metals content of the oil was measured using direct aspiration of diluted oil into

inductively coupled argon plasma at Syncrude Canada Ltd.

6.2.4 Reactors and Reaction Procedures
The batch reactor and CSTR reactor described in Chapter 2 were used for these
experiments.
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Three catalyst samples were presulfided prior to use in the batch reactor. These catalysts
were loaded into the batch reactor with 140 pl. CSo/g catalyst. The reactor was then
scaled and purged with low pressure nitrogen. The reactor was then pressurized with
sufficient hydrogen to reach 13.8 MPa at operating temperature. The reactor was heated

in a sand bath at 350°C for 2 h with agitation.

Multistep batch experiments were performed as described in Chapter 2. CSTR
experiments were performed in the manner described in Chapter 2 for single stage
experiments. The reactor pressure was 13.8 MPa, temperature was 430°C, liquid feed

rate was 410 mlL/h and hydrogen was supplied at 4.75 std L/min. Liquid samples were

(3 h, approximately three times the liquid residence time) before sampling. A different
shutdown procedure was used for these samples than those described in Chapter 2. In the
previous experiments, the feed and product lines were both closed at the end of the
reaction, shutting in the reactor at reaction pressure. The heater was turned off and the
reactor was allowed to cool. Concerns regarding the safety of blocking in the reactor at
high temperature led to the development of an alternate shutdown procedure. In the
experiments described in this chapter, the liquid feed line was closed at shutdown, but the
product lines remained open, and the gas supply was switched to nitrogen. The nitrogen

pressure and flowrate were slowly reduced over a period of approximately 0.5 h during

which time the reactor cooled to approximately 400°C.



6.3 RESULTS AND DISCUSSION

6.3.1 Catalyst Deactivation and the Effect of Presulfidation.

Figure 6.1 shows the sulfur conversion as a measure of HDS activity achieved with the
commercial catalyst during two series of stepwise reactions. The data were obtained from
two catalyst samples, which underwent a total of four and six reaction steps respectively.

The HDS activity for thz first reaction in each series is not shown on the graphs, but can

higher than in the second and subsequent steps (typically 65% sulfur removal during a 1 h
reaction). This high reactivity may be attributed to the fact that the catalyst was initially
in the oxide state and was undergoing active sulfidation. The data do show some scatter,
but no deactivation trend with successive steps is observable. Also shown in Figure 6.1 is
the HDS activity of three presulfided samples. The data for these saruples suggest a slight

deactivating trend, however, it was not significant within the scatter of the data, because

10%. It appears from the data that presulfidation does not give a significant difference in
HDS activity relative to presulfidation by the bitumen feed. Any deactivation trend was

within the range of the scatter of the experimentai data from the untreated catalyst. The
directly attributed to the presence of the Ni and Mo oxides, since presulfided catalyst with

no previous exposure to the bitumen behaved approximately the same way as catalyst

which had had at least one previous exposure to bitumen.
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The scatter in the data for sulfur removal can be attributed to several causes. Feed to
catalyst ratios were nominally held constant. but difficulties in transtering the bitumen

observations that the catalyst was well dispersed in the liquid. and the liguid wetted the
entire reactor interior. In some cases. catalyst may have agglomerated. reducing aceess to
the catalyst surface. Analysis of the sample may also have contributed to the scatter.
Since crushed catalyst was used. particles of catalyst may have been carried into the
liquid sample that was analyzed for sulfur content. Coke particles may also have been
included. This contamination would have affected the measured values. Repeat analysis
of sulfur content was performed when possible. but not enough liquid sample was
decanted from the batch reactor in all cases to aliow repeats. Samples subjected to repeat

analysis typically showed variations in sulfur con* .nt of £0.1% (absolute).

6.3.2 Addition of KNO3

(see Table 6.2). The first sample showed no change in surface acidity (see Figure 6.2).
This result, combined with literature evidence (McVicker et al., 1978) that temperatures
of at least 600°C are necessary to calcine nitrates, led to the conclusion that the nitrates
were not being converted to oxides. A high concentration of KNO3 in the catalyst gave

severe poisoning for sulfur removal (see Figure 6.3).
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Figure 6.2: Distribution of Strengths of Acid Sites for Commercial Catalyst as Delivered,
Crushed and Calcined Commercial Catalyst and Low Concentration (0.26 meq/ g
catalyst) KNO; Doped Catalyst. (See Appendix 6.2)
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Figure 6.3: Hydrodesulfurization Activity for Commercial Catalyst and Catalyst Doped
with 9.8 meq KNO,/g catalyst. (See Appendix 6.1) All experiments were 1 h long at
430°C, 13.8 MPa.
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6.3.3 Addition of Alkali Metal Hydroxide - Catalyst Screening Experiments

The effect of dopant concentration and dopant cation were investigated by preparing five
catalysts with the appropriate hydroxides (see Table 6.2). K was chosen for initial
screening. and three catalysts of varying dopant concentration were prepared. The
activities of these catalysts for sulfur removal are shown in Figure 6.4, compared to the
control (untreated commercial catalyst). A slight improvement was observed for HDS
activity. along with a reduction in coke deposition (see Figure 6.4 and Table 6.3) at the
two lower concentrations of KOH. The mean sulfur conversion for the commercial
cataiyst was 63.8% and for catalyst doped with 0.28 meq KOH / g catalyst, conversion of
sulfur was 71.9%. These mean values were statistically different at the 98% confidence
level (Appendix 6.3). No deactivation was observed for these KOH doped catalysts (see
Appendix 6.3). Use of very high levels of KOH caused poisoning of the catalyst of the

same order of magnitude as observed with the high concentration KNOj3.

Table 6.3: Carbon Content of Base Doped Catalyst

Description Dopant Concentration C (%)
. _ ___ (meq/g) R
Commercial n/a | 173
KOH Low Concentration 028 15.7
KOH Mid Concentration ~0.59 155
KOH High Concentration 52 n/a
NaOH 026 14.4
LiOH | 0.26 144
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Figure 6.4: Hydrodesulfurization Activity for Commercial Catalyst and Catalyst Doped
with 0.28 meq KOH / g catalyst, 0.59 meq KOH / g catalyst and 5.22 meq KOH / g
catalyst. (See Appendix 6.1.) All experiments are 1 h long at 430°C, 13.8 MPa.
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The data in Figure 6.5 show the HDS activity of three hvdroxide-doped catalysts.
corapared to the commercial catalyst. In this figure the LiOH and NaOH doped catalysts
clearly show higher HDS activity than the commercial and KOH doped catalysts. The
mean DS conversion for the NaOH and LiOH doped catalysts. taken as a group, of
80.1%,. was significantly greater than the 71.9% HDS activity of the KOH catalyst (99%
confidence level; sece Appendix 6.3 for statistical analysis). No deactivation was
observed for the NaQH or LiOH treated catalysts taken as a group (see Appendix 6.3).
Figure 6.6 gives the average HDS activity for the last four reactions in the series plotted
versus the carbon content of the catalyst. These data clearly show a relationship between
carbon content on the catalyst and the HDS activity. This relationship is consistent with
the model presented in Chapter 3, and the mass transfer implications presented in Chapter
4. If the base treatment has been successful in neutralizing the strong acid sites, a
discontinuous layer of carbonaceous deposits would result, giving less mass transfer

resistance, and higl er activity for catalytic reactions.

Figure 6.7 shows the data for the distribution of strengths of acid sites for the KOH and
NaOH treated catalysts. These catalysts were treated with sufficient base (0.26 to (.28
meq/g catalyst) to neutralize the strong acid sites which occur on the commercial catalyst.

The data of Figure 6.7 show significant differences between replicate samples. In
acidity. This figure shows the reproducibility from the analytical technique on
independent samples. Acid site concentrations were reproducible to within 0.03 mmol/g.
In the case of the NaOH sample (Figure 6.7), the discrepancy between samples is

The incipient wetness technique used to dope the catalyst may result in uneven
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Figure 6.5: Hydrodesulfurization Activity for Commercial Catalyst and Catalysts Doped
with 0.28 meq KOH / g catalyst, 0.26 meq NaOH / g catalyst and 0.26 meq LiOH / g
catalyst. (See Appendix 6.1) All experiments were 1 h long at 430°C, 13.8 MPa.
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Catalysts Doped with 0.28 meq KOH / g catalyst, 0.26 meq NaOH / g catalyst and 0.26
meq LiOH / g catalyst versus Carbon Content of the Catalyst. All experiments were 1 h
long at 430°C, 13.8 MPa.
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distribution of the dopant. This heterogeneity may cause subsampling errors leading to
somewhat larger variations between analysis of separate samples. The NaOH data do
suggest that partial neutralization has occured. Total acidity was not reduced
significantly. but very strong acid sites were partially neutralized. resulting in a shift of
the acid site distribution towards weaker acidity sites. The discrepancy between KOH
samples is so large it cannot be entirely attributed to sample heterogeneity. Although the
variation is very large, the data suggest that partial neutralization of the very strong acid
sites has been achicved. The data do not support the hypothesis that KOH and NaOH

have different efficiencies for neutralizing the very strong acid sites.

When the catalysts are soaked in aqueous solutions, it is expected that Lewis acid sites
may convert to Bronsted acid sites (Benesi and Winquist, 1978). The Bronsted acid sites
arc then expected to revert to Lewis acid sites under the high temperature reducing
conditions employed in hydroprocessing. If Bronsted acid sites can be neutralized by ion
exchange with the alkali metal dopants under hydrated conditions, they will be prevented

from converting to Lewis acid sites under reaction conditions.

Although the acidity of the catalyst was not reduced as much as expected, the data in
Figure 6.6 clearly show a positive effect on catalytic activity. Given the literature on the
possible effects of alkali treatment on the transition metals, this effect can be tentatively
attributed to neutralization of the alumina surface. While alterations in dispersion of the
metal sulfide crystallites cannot be ruled out, neutralization of some of the strong acid

sites would give results consistent with the experimental observations.

The data of Figure 6.5 show a clear difference in HDS activity between KO} doped
catalysts and those doped with LiOH or NaOH, but the reason for differences between
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the cations is unclear. Possible hypotheses include the effect of cation size. neutralization
efficiency and morphological changes in the support. Cation size was probably
unimportant. since the cations co-existed on the surface with hydrocarbon molecules
which were at least one order of magnitude larger than the largest cation used. As well.
no systematic variation was observed between cation size and HDS activity. No chemical
basis exists to support the idea that neutralization efficiency may be a function of cation
choice. since the hydroxide salts were used in all cases. Analysis of the distibution of
strengths of acid sites of the doped samples was subject to error. but the ditta suggest both
KOH and NaOH gave only partial neutralization of strong acid sites. Possible changes in
the surface area afier base doping werc not investigated. but were not expected at the
calcination temperatures used in this investigation (450 °C). The variation of catalyst

activity with cation cannot be explained based on the data obtained in this study.

The inconsistent results with different cations are consistent with the literature, in which
no universal trend was observed with cation. Kelly and Ternan (1979) obtained the
highest activities with Li doped catalysts, but less improvement with Na and K. The
concentration ranges used by Kelly and Ternan fell well above those used in the current
study, making comparisons between the two studies difficult. Chen and Chen (1990a)
did not observe a systematic variation in HDS activity with a series of alkali metals, nor
did Papaioannou and Hayes (1990) find a systematic trend with a series of alkalinc carth
cations. The inconsistent results observed in this study and in others with serics of alkali
and alkaline earth metal cations suggest that the role of these dopants in altering catalyst
activity goes beyond simple relationships of Lewis acidity or cation size. The mechanism

is, as yet, unknown.
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6.3.4 Catalyst Stability and Multi-Function Activity

proposed. Increased initial activity is of limited benefit if the catalyst deactivates more
rapidly than available formulations. As well, when screening studies are performed
which do not allow thorough testing of activity for all reactions of interest, then
misleading conclusions may be reached. Given these two concerns, CSTR experiments
catalyst (0.26 meqg/g catalyst). This experiment gave slightly higher catalyst to oil ratios
than the micro batch reactor and provided product samples which were large enough to
allow analysis of the product for pitch conversion, MCR conversion, asphaltene
conversion. heavy metals removal. overall sulfur and nitrogen removal and sulfur and
nitrogen removal in each of four distilled fractions. The results of the product analysis

are given in Table 6.4 and Table 6.5.

Total liquid product yield and pitch conversion did not change as a result of doping the
typically found on these catalysts is expected to result in significant deactivation of the
acid cracking function of the alumina, regardless of the presence of the Na dopant.

The batch experiments showed a 20% relative increase in HDS activity for the Na doped

catalyst for feed to catalyst ratios up to 24 g oil / g catalyst. The final oil to catalyst ratios

for the CSTR experiments were approximately 32 g/g. At this catalyst age, the HDS
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Table 6.4: Characterization of the Feed and CSTR Products from Experiments Using the

Commercial Catalyst and a Na Doped Catalyst.

) Bitumen | Commercial Na Doped
Feed | Catalyst Product | Catalyst Product

C(% - 8267 | 8331 | 84.92
H (%) a2t | 1se 11.54
S | 48 163 | a7
N 1045 | 04 | o
Total Liquid Product Yield | N/A 94 93
(wt %) B B B o
Naptha (IBP-177C) (% TLP) | 0 | 12 143
Mid Distill (177-343C) (% TLP) | 7.0 | 305 | 300
Gas Oil (343-524C) (% TLP) | 380 | 342 33.8
Residue (524 C+) (% TLP) 550 204 19.1
MCR (% of TLP) IE- O
MCR (% of Residue) | NnaA 37.0 390 j
Asphaltenes (Wt %) | 160 | 47 1 35
Ni(ppmin TLP) | 714 | 287 | 246
Nl(ppm in Residue) | NnAa T 1570 ~ 163.5
V (ppm in TLP) w3t | 439 | 374
V (ppm in RESIdUE) .  N/A 2312 2427
Carbon Content of Catalyst (%) | NA | 170 | 174
Table 6.5: Sulfur and Nitrogen Content of Product Fractions
Sarnple - Fraction Yield (wt % TLP) [ S (%) N (%)
Commercial IBP -177 122 ~lot7 o003
Commercial 177 - 343 1305 {051 o6
Commercial 343 - 524 342 158 038
Commercial 524 + 204 B 361  |0.97
‘Na Doped IBP - 177 143 ~Joar  Jo.03
‘Na Doped 177 - 343 1300 034 015
Na Doped 343 - 524 338 124 o040
NaDoped524+  [191 1322 o098
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conversion (calculated based on a 2 h mixing cup sample) was 11% higher for the Na
doped catalyst than for the commercial catalyst. Calculation of the apparent first-order
rate constant for the removal of sulfur gives a more accurate comparison of these values.
If onc assumes that the removal of sulfur is first order in sulfur concentration, the values
of the apparent rate constant (k*) times the reaction time or mean residence time are

shown below,

Table 6.6: Comparison of the Apparent First Order Rate Constants for Sulfur Removal

for the Na-Doped and Commercial Catalysts.

—————————— kt

Reactor K commercial X t K naXt 'O
** gommercial

* *

Batch B 1.0 [ 15 15
1.4

CSTR 20 2.9

The two sets of reactor data, therefore, showed a consistent improvement in catalyst
activity due to addition of NaOH. The elemental analysis of the product fractions from
the CSTR experiments with the commercial and doped catalysts show reduced sulfur in

all product fractions, with the greatest effect observed in the residue fraction.

The overall nitrogen concentrations for the two products (Table 6.4) suggest an
improvement in HDN activity for the soldium treated catalyst. Closer inspection of the

nitrogen analysis of the distilled fractions (Table 6.5), however, does not support this

significant improvement of the nitrogen removal was not expected. Similarly, the

product MCR concentration was not affected by the Na addition.
99




Asphaltenes are the highest molecular weight, most polar components found naturally in
bitumen. Conversion of these components requires a combination of thermal cracking
and catalytic heteroatom removal. The lower product asphaltene concentration observed

for the Na-doped catalyst may reflect lower mass transfer restrictions

Data from the analysis of the whole oil for Ni and V content suggested doping with Na
gave approximately a 10% increase in metals conversion. similar to the improvement
shown by HDS. Unfortunately. the analysis of Ni and V in the residue fraction was
inconsistent with this observation. The residue fraction of the product from the Na doped
catalyst, which was expected to contain all the metals, and comprise 20% of the total
product weight. gave appproximately six times the metals concentrations found in the
product oils. If one predicts the whole oil concentration based on the residuc
concentration and yield then the whole oii concentration is approximately 30% higher
than was obtained by direct analysis. The analysis of the residuc was repeated, and the
results were consistent within approximately 2% relative variation between repeats (Sce
Appendix 6.4). A discrepancy of a similar natur~ was observed for the commercial
catalyst product, although the magnitude was less. Given this analytical inconsistency, it

was not possible to draw conclusions about changes in the metals conversion.

The two catalysts used in these experiments showed unexpectedly high carbon contents -
17.0% for the commercial catalyst and 17.4% for the Na doped catalyst. These values
were well above those observed in any previous CSTR experiment, despite similar
conditions employed for the commercial catalyst trial in this section and CSTR
experiments discussed in Chapter 2. The new shutdown procedure described in the
experimental section left a very viscous, oil/coke paste in the bottom of the reactor, unlike
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the light product oil which was retrieved from the reactor in previous experiments. The
reactor between shutdown and the final cooling of the reactor. This environment likely

caused coking of the catalyst following shutdown.

The results described above show a trend towards higher activity for reactions involving
catalytic hydrogenation / hydrogenolysis such as hydrodesulfurization, asphaltene
conversion and possibly metals conversion. These observations were consistent with the
hypothesis that partial neutralization of the catalyst support will result in lower carbon
content on the catalyst and reduced mass transfer restrictions within the catzlyst pore
nctwork. These data were obtained from short term experiments. Although these
experiments show a significant improvement in catalyst activity following alkali doping.
longer term testing of the stability of the catalyst must be performed before the industrial

implications of catalyst doping can be determined.

6.4 CONCLUSIONS

1. Doping of Ni-Mo / alumina catalyst using KNO3 was not effective for neutralizing the

surface at low concentrations, and resulted in catalyst poisoning at high concentrations.

2. Doping of the catalyst using KOH gave a marginal change in coke deposition and

of the catalyst.

3. Doping of the catalyst using NaOH and LiOH resulted in decreased coke deposition
and significantly increased the HDS activity in micro-batch reactions.

101



4. Increased HDS activity following doping of the catalyst with NaOH was confirmed by

larger scale CSTR experiments.

NaOH. Pitch conversion. MCR conversion and nitrogen removal were unaffected by
doping of the catalyst with NaOH. The effect on metals conversion could not be

determined.
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7 CONCLUSIONS

This thesis describes progress toward two basic goals. the understanding of the coking
behaviour of bitumen hydroprocessing catalyst, especially as it relates to hydrogen
pressure. and the modification of this behaviour to allow higher activity catalysts. The
following is a summary of the new understanding which has evolved regarding the initial

catalyst activity. and the success achieved in mudifying the catalyst.

than initially assumed. It was found to be independent of reaction time. feed composition
and feed to catalyst ratio over wide ranges. when all other reaction parameters were held
constant. At low feed to catalyst ratios, total carbon content of the catalyst showed an
exponential approach followed by a constant value when correlated to feed oil to catalyst
ratio, consistent with first order dynamics. Differences in catalyst carbon content
observed between CSTR experiments and batch experiments were attributable to the
differences in hydrogen partial pressure. Carbon content decreased from 17.5% at 6.9
MPa hydrogen to 11.3% at 15,2 MPa in CSTR experiments. Coke deposition on the

catalyst was not coupled to liquid phase coking reactions.

A model for coke deposition in hydroprocessing catalysts was developed. The model was
based on an annular geometry. The basic features of this model were monolayer
adsorption of residue molecules onto the alumina support, except in the immediate
vicinity of the active metal crystallites, which maintained a clear alumina surface. The
transient coke deposition behaviour observed with increasing oil to catalyst ratio was
consistent with a surface adsorption model. The assumption that a monolayer was
adsorbed was consistent with observed insensivity of the catalyst carbon content to

reaction time and feed composition.
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Further investigation showed the carbon deposited on a catalyst during the inital hours of
usc was highly reactive, and was removed from the surface at reaction conditions in

residue-free feed. High molecular weight components from the asphaltene fraction

distribution of strengths of the acid sites on the catalyst surface confirmed that the coke

deposit on the surface was in a structured form. consistent with the annular structure

proposed in Chapter 3.

Deactivation observed with these catalysts appears to be related to mass transfer
limitations in the catalyst pores. Hindered diffusion theory predicts that virtually all of
the catalyst surface area will be subject to at least 40% reduction in effective diffusivity.
Wakao and Smith’s random pore model was combined with analytical results and
estimates based on the model presented in Chapter 3 to predict that effective diffusivity
would be reduced by approximately 90% relative to catalyst without coke. Observations

from this study are inconsistent with the existence of plugged prnre mouths suggested by

some of the literature for hydroprocessing catalysts.

Given the acidic nature of the catalyst surface and the basic nature of the feed, it was
proposed that lower catalyst coking, and therefore less mass transfer restriction could be

. achieved if the catalyst surface was selectively neutralized to reduce the concentration of
strong acid sites. KNO3. KOH, NaOH and LiOH were used to modify the surface.
KNOj3 did not neutralize the surface at low concentration, and poisoned the catalyst at
very high concentration. KOH gave a slight decrease in catalyst coking, and an increase
in HDS activity in the microbatch reactor at low concentration. At high concentrations,
KOH also posioned the catalyst. NaOH and LiOH showed a greater decrease in catalyst

carbon concentratior: and a significant increase in HDS activity in the microbatch reactor.
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Increased HDS activity was confirmed in a larger scale CSTR experiment. In this
Nitrogen and MCR conversion remained the same. A meaningful conclusion regarding

the removal of nickel and vanadium was not possible due to analytic uncertainties.

in the life of a bitumen hydroprocessing catalyst. This information has been combined
with knowledge of the chemistry of the catalyst surface to allow successful modification

of the surface leading to higher catalytic activity.



APPENDIX 2.1: CARBON CONCENTRATIONS ON CATALYSTS FROM
BATCH REACTOR EXPERIMENTS

‘Table A2.1: Carbon Concentrations on Catalysts from Batch Reactor Experiments.

Izxperiments B1 through BS5 indicate the carbon content as a function of reaction time at
constant feed to catalyst ratio (samples B1 through B3) and as a function of feed to
catalyst ratio (B1, B2, B, B7, BS)

Sample Total Reaction | Cumulative Feed | Carbon Content
Time (h) to Catalyst Ratio (wt%)
(g oil/g cat)
Bl 1.5 8.1 11.6
B2 2 7.8 10.3
B3 3 8.3 12.2
B4 5 7.5 13.2
B5 5 8.1 11.1
B6 3.5 15.7 17.0
B7 5.5 23.0 17.3
B8 1 3.8 8.6

APPENDIX 2.2: CATALYST CARBON CONTENT RELATED TO PRODUCT
RESIDUE CONTENT AND MCR CONTENT.

Table A2.2: Catalyst Carbon Content Related to Product Residue Content and MCR

Table 2.2: Summary of Reaction Conditions and Carbon Content for CSTR Experiments.
Samples C8 and C9 each represent a group of identical CSTR experiments. Samples C10
and C 11 are two representatives from a third group of experiments. Several experiments
were required at each of the first three stages in this multistage hydrocracking
experimental progam in order to provide enough feedstock for the fourth stage (single)

experiment represented by C12..

Sample Residue Content | MCR Content | Carbon Content
of the Product of the Product | on the Catalyst
(Wt%) (Wt%) (wt%)
C8 32.2 - 9.9 12.9
C9 21.3 - 7.6 14.8
C10 8.5 23 11.2
Cli 8.5 23 14.1
Cl12 0.74 0.1 6.9
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APPENDIX 3.1: DETERMINATION OF SURFACE CARBON
CONCENTRATION RESULTING FROM A MONOLAYER OF VARIOUS
SUBSTANCES.

The physical/chemical properties of benzene, graphite and residue are used to determine
the surface concentration of carbon in a monolayer of each of thesc substances. The BET
measured surface area will be used for all calculations. Coke is not expected to deposit
on the transition metal crystallites. Appendix 3.3 indicates that the surface area covered
by metal crystallites is bEtWEEI’l 3 aﬁd 10% nf the mlal area. Tht. imding h;luw ;nuld be

estlmate this ccrrecnan w;ll not be: made
Benzene - lying flat on the catalyst surface.
Molecular diameter of benzene = 0.498 nm"

Molecular weight of benzene = 78.06 g / gmol
Carbon content of benzene = 72/78.06 = 92.2%

surface area _ T, dz
molecule 4
)
surfacearea _ m , *(498*10°m)
molecule 4

M 1297*107'°m? / molecule

molecule

_ weight / molecule * carbon content

Monolayer Surface Concentration of Carbon =
area / mnlc;ulg

78.06g / gmul*ﬂ 922pC/g huwum 7
023*1023 molecules / gmol*1.95%10 ™ m? / ITIUILLIIIL

Monolayer Surface Concentration of Carbon =

Monolayer Surface Concentration of Carbon = 6.14%10™'gC / m?
Graphite

Graphite density = 2.25*10% g / m’
Monolayer thickness = 0.34 nm
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Monolayer volume = Im>+034+10m

Monolayer volume = 34#%] 0 "m? / m?

Surface Concentration of Carbon = p*V

Surface Concentration of Carbon = 225%10°g/ m**34*107"°m* / m’
Surface Concentration of Carbon = 7.65*107 g €/ m*

Residue

Density = 1.05 *10° g / m?

Molecular weight =625 g/ gmol

Carbon content = 82.6 %

mass 625 g / gmol

molecule  6.02#10 molecules/ gmol

A% - 1.038¢107%! g / molecule
molecule

mass
volume _molecule

molecule  density

volume _ 104+ 02! g/ molecule

molecuie 1.05+1 Ogg/ln‘?’

volume 28 3
2 —9.89%107% m? / molecule

molecule

\ 173
volumes*3 1”3
radius = | ——— =

ey =28 & 173
[ 9.89%[07" %3
radius =| ——rr——
deq

radius = 0.61 nm.
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- 9
projected area = m*r,~

projected area = 1.16*10"'® m*/molecule

mass / molecule* carbon content

Surface concentration =
area

1.038+} Ozig/ molecule*0.826gC / gresid
116%107"8

Surface concentration =

Surface concentration = 7.1*¥10™ g C/m*
Experimental Surface Carbon Concentration

Maximum Concentration = 18% (based on spent catalyst weight)
Catalyst Surface Area =317 m%/g

Normalize carbon content to fresh catalyst weight - assume spent catalyst weight
represents only fresh catalyst + carbon.

Catalyst Carbon Content (fresh) = ——— wm;g, L Cgti?n,
weight catalyst — weight carbon

Catalyst Carbon Content (fresh)

Catalyst Carbon Content (fresh) _ ==]=§§====
100g - 18g
Catalyst Carbon Content (fresh) =022g C/ g fresh catalyst

Surface Concentration _Catalyst Carbon Content (fresh)

surface area

022 g C / g catalyst
317m* / g catalyst

Surface Concentration =

Surface Concentration = 6.92*10™ g C / m?
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APPENDIX 3.2: SENSITIVITY ANALYSIS OF MONOLAYER CARBON
CONTENT

Table A3.2 Effect of Density, Carbon Content and Molecular Weight on the Prediction of
Carbon Content Arising from Monolayer Coverage.

p (kg/m3) MW (Da) { Carbon Content | Monolayer Coverage Change (%)
(gC/ygoil) (x10* g C/m?)

1050 625 0.826 7.10 Base Case
950 625 0.826 7.85 +10
1150 625 0.826 6.50 -8.5
1050 450 0.826 6.34 -11
1050 1000 0.826 8.30 +17
1050 625 0.800 6.87 -3
1050 625 0.85 7.30 +3
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APPENDIX 3.3: COMPARISON OF MODEL PARAMETER b TO
LITERATURE VALUES

Work by Madeley and Wanke (1986) showed typical dimensions of MoS, crystallites to
be 5 nm across the hexagonal plane and 2.5 nm thick. These crystallite sizes resulted
following presulfiding at 400 °C. Although most catalysts in this thesis were not
presulfided. this temperature was similar to operating temperatures used during
hydroprocessing experiments.

If one approximates the hexagonal crystallites by circular cylinders of the same diameter:
V =nr’h )

V = 7*(2.5x10"m)’

V =4.91x10"%® m¥/crystallite

The catalyst used in this thesis contained 12.5 % MoOj.

This converts to 12.5 g MoOs/ 100 g catalyst, or 13.7 g MoS; / 100 g of catalyst.

Since the surface area of the catalyst is 317 m%/g, this corresponds to 0.00433 g MoS,/
.2
m°,

The density of Mo$S; is 4.80x10° g/m’. This results in 9.00x10™"" m® of MoS; / m? of
catalyst surface.

Dividing the total volume by the volume per crystallite results in N = 1.83x10"*
crystallites / m® catalyst.

Multiplying the number of crystallites, N, by nre’, gives
b =0.036 m? crystallite/ m® catalyst,

It should be noted that this is not the active surface area of the metal crystallites, but
rather the total area of the top surfaces of the metal crystallites.
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APPENDIX 4.1: DISTRIBUTION OF THE STRENGTHS OF ACID SITES OF

SELECTED CATALYSTS
Table A4.1: Distribution of the Strengths of Acid Sites of Fresh Catalyst and Spent

Catalysts, Pressures in brackets refer to hydrogen pressure of the CSTR reactor. Acid
strength is defined through pyridine desorption temperature, as described below.

Catalyst Number of Acid Sites (mmol/g catalyst)
Very | Weak | Strong Very . Total
_ Weak Strong -
~ Fresh 0.13 0.12 0.05 0.26 0.56
 Spent(15.3MPa) | 0.04 [ 004 | 001 | 01 | 0.19
Spent (6.9MPa) | 006 | 004 | 001 | 003 | 0.14

Acid strength is defined by pyridine desorption temperature. Very weak acid sites are
sites from which pyridine desorbed at temperatures ranging from 373 K to 423 K.
Similarly weak acid sites correspond to desorption temperatures 423 K to 523 K; strong

which pyridine is irreversibly adsorbed at 623K.
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APPENDIX 5.1: CALCULATIONS FOR THE RANDOM PORE MODEL OF
WAKAO AND SMITH

These calculations will be broken into sections: determination of the fresh catalyst
diffusivity (will include an unknown related to feed properties). the coked catalyst
diffusivity based on the coked catalyst pore size distribution and the coked catalyst based
on the assumption of the deposition of a monolayer of thickness 1.2nm. For all
calculations, the division between micro and macro pores will be defined as 10 nm. For
the both calculations, the “micropore radius” will be taken as the maximum in the pore
size distribution, the “macropore radius™ will be the midpoint between the cutoff (10nm)
and the maximum pore size detected, 200 nm. For the estimation of the coked catalyst
diffusivity based on the assumption of monolayer coverage, the pore sizes used will be
the fresh catalyst values, minus the thickness of the monolayer, 1.2 nm.

Fresh catalyst

Vi, the macro pore volume = 0.0368 mL/g catalyst (from pore size distribution results)
V1, the micro pore volume = 0.5328 mL/g catalyst

Ims = 15 nm

l'uf =3 nm

lg
1/p(fused alumina )+ volume voids

Ppellet =

Ig
Pretiec = 5 286mL alumina + (0.0368 + 05328mL voids)

Ppetict = 1.169 g / mL catalyst

voids

€., = Mmacropore porosity = ———————
m poreP Y pellet density

. 0.0368mL
= macropore porosicy =

& 1169g /mL

mf

€mr = 0.0315 mL void/mL pellet

voids

€,f = micropore porosity = ———m——
uf pore p Y pellet density

05328mL

€,; = MICropore porosity =1m
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eur = 0.456 mL void / mL pellet

Given the fact that the ratio of the maximum of the pore size distribution to the residue
molecule radius is 2.5, diffusion will be dominated by hindered diffusion.

Hindered diffusion in a single pore, i, is defined by:

r _ -Bi
Dp.i ==Db§ !

~4.6%*0.6
T =DN.a I3
Dmf = Dhg

Dy = 0.83Dp
-4.6*0.6
D;&f =Dye 3

Dl’“ = 0.40Dh

The random pore model defines the effective ciffusivity as:

2 .

] 2 Epf (l +3€mf-) 7

Dep = Emf Dmf*—t?%l?pf
~Emf

. (0.456)2(1 + 3(0.0315))

SRt %0.40D,,
1-0.0315

D, =(0.0315)%*0.83D,,

Dcf = 0.0946D,
Coked catalyst - based on pore size distribution results

V. the macropore volume = 0.01798 mL/g catalyst (from pore size distribution results)
Vp, the micro pore volume = 0.2349 mL/g catalyst

Ime = 15 nm

Iy =2.5 nm

1g alumina + 0.18g carbon

1/ pffuéed alumina + volume Géids)

Preliet



P __lg+018g ,,
Pt 0.286mL alumina + (0.0368 + 0.5328mL voids)

Ppeiier = 1.38 g/ mL catalyst
voids

€me = Macropore porosity = ————
) pellet density

_001798mL

€,. = IMAacropore porosity = -——
; 38g/mL

- me

Eme = 0.0129 mL void/mL pellet
voids

E = micropore porosity = —_—
H pore porosity pellet density

02349mL

€,. = micropore porosity slm

gpc = 0.168 mL void / mL pellet

Hindered diffusion in a single pore, i, is defined by:
D = Dye™"™

A= B=46

i o
Tpi

=4.6*0.6

D =Dpe 13

Drﬂc = OigBDb

46706
=3, 2.5
Dj,u: =D e -

Dy = 0.33Dy

The random pore model defines the effective diffusivity as:
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spcz(l +3emc)D

I"Emc

2
Dec =€mc”Dme + pe

(0.168)%(1 + 3(0.0129))

+0.33D,
1-0.0129

D,. =(0.0129)*>+0.83D, +

D, = 0.00985Dy

The minimum reduction in diffusivity upon depositing the reported coke is:
De.cokea.min _ 104

c.fresh
Coked catalyst - based on the assumption of the deposition of a uniform 1.2 nm
layer of coke

Ime = 13.78 nm
e = 1.78 nm

Assume that the porosity for each pore type is reduced in the following way by the coke
deposition

2
&, = 8!‘*9'&2?
(rp)”
then:
(fme)”
£, = g oD
me mi (rmf)z
g =00315+ 4378
¢ (15.0)°

Eme = 0.0266 mL void/mL peliet

€,0 = E 0% (r“c)z
pe = Gt 2
(rpf)
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= 0456% a78)°

€
He (30)2

gue = 0.160 mL void / mL pellet

Hindered diffusion in a single pore, i. is defined by:

Dp; =Dye ™
A =1 B=46
rp.i
~4.6*0.6

Dmc = Dbe 13.78

Dy = 0.82Dy

—4.6*0.6
- 7
Dpc =D € 178

Dy = 0.21Dp
The random pore model defines the effective diffusivity as:

Epc2(1+38mc)D
I-emc

9
Dec =e¢mc“Dimc + e

(0.160)% (1 + 3(0.0266))
1-0.0266

D,. =(0.0266)**0.82D,, + +0.21D,,

De. = 0.006602Dy,

The maximum reduction in diffusivity upon depositing the experimental carbon
content is:

Dc.coked,max =0.070

D c.fresh



The previous two estimates place bounds on the reduction in diffusivity:

Do
0.070 > —*4%d 5 0104

¢.fresh

The sensitivity of the above estimate n the value of B was investigated. Using B values

from 3.9 to 5.1 gives the range:
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APPENDIX 6.1: SULFUR REMOVAL ACTIVITY OF VARIOUS CATALYSTS

Table A6.1: Sulfur Removal Activity of Various Catalysts. Experiments performed in the batch reactor, at

13.8 MPa, 430 °C.

Caralyst [ Reaction# | Reaction time_ Catalyst Age S(Ca) | Sulfur removal
in series (h) g bitumen/ g catalyst) (%)
B6 Commercial | 1 0.5 T 00 | 135 | 124
Catalyst R I BN el | 671 )
BE 1 BECH 185 622
4 1 B tos | 605
B7 Commercial | | 0.5 N 00 145 | 703
Catalyst 2 T .46 700
R T 77 00
4 1 e B 68.7
5 T T 154 T36.9
T 6 T | 193 R
B8 Commercial | 1 | 1 - T 0.0 T 6601 -
Catalyst T2 1 36 564 -
Presulfided 3 12 T sad
B9 Commercial | 1 | 0.0 617
Catalyst 2 T | 36 66.9
Presulfided I 1 73 59.5
Briiarc:jmmerciiéli 1 I 00 - 514 N
Catalyst 2 T 32 622
Presulfded BE B 1 I 6.7 — ) 55.0
BI1 1 05 | 00 ~ NA
KNO3 Treated | 2 | 1 3.8 192
3 i 1 76 78 227
B2 N I 00 B
KNO3 Treated 2 T 1 36 239
B13 1 1 ) 00 798
KOH Low 2 [ 32 32 73.0
Treatment 3 ] T 69 .14 76.7
4 I " 104 139 | 716
E T 14.0 149 695
6 i T 175 147 99
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Table AG.1 (continued): Sulfur Removal Activity of Various Catalysts

Catalyst

Reaction #

in series

Reaction time
(h)

- CatélystiAge *
(g bitumen/ g catalyst)

Sulfur removal

(%0}

Bi4
KOH Mid

Treatment

[y

0.0

-39

B 15
KO Mid
Treatment

Repeat

BI5
KOH High

Treatment

Bl6
NaOH

Treatment

B17
LiOH
Treatment

2 1

3 T 76 133 728
4 [ B 10.9 141 712

B 1| 14.2 1 1.60 673
6 | i 1 17.4 B 2.03 ~ 585
I 1 00 077 843
3 T 40 [ NA — NA
35 | 1 7.5 2 | 770
4 T 1.0 126 742

5 1 144 1 140 714
6 1 17.7 131 | 73.2

i T 0.0 094 | 80.7

2 i T 39 320 | 34.6
3 1 70 325 335

1 . 0.0 048 90.2

2 - I a0 0.67 86.3 —
3 1 B 73 0.78 840
rE T ~ 106 T1.04 78.7

5 1 137 099 | 798

6 T 16.8 1.10 775
I T T 00 0.55 888
2 I 3.7 [ 1.23 74.8

3 1 79 0.83 83.0

4 1 T 10.8 0.79 | 83.8

5 1 | 13.7 .07 78.1

6 I 166 1.18 75.9

o
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APPENDIX 6.2: DISTRIBUTION OF THE STRENGTHS OF ACID SITES OF
SELECTED CATALYSTS

Table A6.2: Distribution of the Strengths of Acid Sites of Selected Fresh Catalysts. Acid
strength is defined through pyridine desorption temperature. as described below.

Cétélystr Number of Acid Sltes (mmol/g catalyst)

Description Very Weak | Weak Strong Very Strong | Tnml
Pellets, as 0.13 0.1 006 | 025 0.54
delivered B e
Crushed, 013 | 0.12 005 | 026 0.56

calcined catalyst

KNO; 014 | o1 | 004 | 026 | 055
KOH samplel 0.14 0.14 0.05 OQQI 7 0.33

KOHsample2 | 0.1 | 008 | 063 | 024 _0.56
NaOH sample 1 0.18 0.19 005 | 009 | 051
NaOH sample 2 | 0.14 0.14 | 006 | 0.7 054

Acid strength is defined by pyridine desorption temperature. Very weak acid sites are
sites from which pyridine desorbed at temperatures ranging from 373 K to 423 K.
Similarly weak acid sites correspond to desorption temperatures 423 K to 523 K: strong
acid sites correspond to 523 K to 623 K and very strong acid sites correspond to sites on
which pyridine is irreversibly adsorbed at 623K.



APPENDIX 6.3: STATISTICAL ANALYSIS OF HDS CONVERSIONS FOR
ALKALI DOPED CATALYST

Raw Data: Data shown include reactions #2 - #6 in the six step reaction series.
Regression Analysis was performed on reactions #2 to #6 to determine possible

deactivation. Reactions #3 - #6 were used to determine average values for the HDS

activities

Commercial Catalyst

KOH Catéljsi
(0.28 meg/g cat)

NaOH and LiC)H”(:Zata]ystS

(0.28 meq / g cat)

"~ feed / cat

(g/g) (%)

HDS conv

feed / cat
_(g/)

HDS conv |

() _

feed / cat

HDS conv T

(%)

T4 67.1

3.2

,7:?

(g |
4

863

7.9 622

69 |

767 |

7.3

84

12 60.5

104

71.6

10.6

78.7

3.8 - 70.1

13.7

79.8

7.7 | 701 17.5 69.9 168 | 715
1.6 68.7 3 748
154 | 569 ] 79 | 83
193 | o644 o 10.8 838
- ) - 13.7 78.1
— | 166 | 759
Analysis of the Means:
- Sample Mean HDS conversion Variance
Commerua] B} 63.8 5.00
KC)H 71.9 3.31
— NaOH/LiOH _ 80.1 3

Define:

_ y

“BE




Then. comparing KOH doped sample (x). to commerical catalyst samples ():

tdara = 3.08. v =9.98 and tp 019 = 2.821. This shows that the mean activity of the KOH
catalyst is higher than the commercial catalyst at the 98% confidence level.

Comparing the NaOH/LiOH doped catalysts (x) to the KOH doped catalyst (y). then tyy
=4.13, v=7.37 and tg 9057 =3.499. This shows that the mean activity of the NaOH and
LiOH catalysts is higher than that of the KOH doped catalyst at the 99% confidence level.

Analysis of the slopes of the “deactivation” curves.

2 . - . oy . . .
The standard error sy, of the regression line with x coefficient a, is given by:

(Z yi - alz yixi)

The variance of the slope is then given by:

1.
n-2

2
S.wx -

2

2 Sxiy

(% =)

To test the hypothesis that the slope is equal to 0,

I:dma = ﬂ
al
Sample a, (slope) Xy.2 2yix) Z(x;- §) Ldata
Commercial -0.499 33964 5215 205 0.0915
KOH -0.373 26054 3704 127 0.044
NaOH/LiOH -0.358 64438 8355 203 0.056

These tgaa values are all well below the t values at any confidence interval. The slopes of
these lines are not statistically different from 0 and there is no statistical evidence that the
catalysts are deactivating.
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APPENDIX 6.4: METALS ANALYSIS OF PRODUCT RESIDUE FRACTIONS

Table A6.4: Metals Analysis of Product Residue Fractions. Products were produced in
the CSTR usng the commerical NiMo alumina catalyst and a Na doped catalyst.

Ni

__(ppm)

Ni repeat (ppm)

v
(ppm)

V repeat (ppm) |

Camméfciéi (]:LB )

2843

~29.02

43.41

4430

‘Commercial (Residue)

153.04

__160.93

22632

236.10

NaOH (TLP)

~ 2274 |

26.54

3421

 40.64

NaOH (Residue)

15957 |

23635

249.06
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