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ABSTRACT

Multiphase equilibria, including three-phase vapor-liquid-asphaltene (VLS) equilibria and four-
phase vapor-liquid-aqueous-asphaltene (VLAS) equilibria, can appear during enhanced oil
recovery (EOR) processes. Robust multiphase equilibrium calculation algorithms are important
techniques in reservoir simulations to better simulate such EOR processes. However, developing
such robust algorithms can be challenging since convergence problems are frequently encountered
during multiphase equilibrium calculations. In this research, we intend to develop a suite of robust

multiphase equilibrium calculation algorithms dedicated to VLS and VLAS equilibria.

There are different thermodynamic models that have been proposed to model asphaltene
precipitation. The simplest model is the pure solid model, in which asphaltene is considered as a
solid phase that only contains asphaltene. With this assumption, we first develop a robust and
efficient three-phase VLS equilibrium calculation algorithm based on the recent work by Li and
Li (2019). The results show that our algorithm is able to predict asphaltene precipitation under
different pressure/temperature conditions and the injection of different gases. However, asphaltene
may behave like a highly-dense liquid phase, especially at high temperatures. Therefore, we
subsequently modify our algorithm based on a so-called free-asphaltene assumption, in which the
asphaltene phase is considered as a pure liquid phase. The findings indicate that, compared with
the outcomes derived from the solid assumption, those obtained from the free-asphaltene

assumption are more consistent with experimental observations.

In fact, the asphaltene phase is not an entirely pure phase. To further increase the accuracy of the
three-phase equilibrium calculations, we aim to extend the trust-region-based three-phase VLL

equilibrium calculation algorithm to conduct three-phase VLS equilibrium calculations. In such
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an algorithm, the asphaltene phase is considered as a liquid phase containing both asphaltene and
other oil components. However, it is a challenging task to properly identify different kinds of two-
phase equilibria that can possibly appear in the three-phase equilibrium calculations. Since the
composition of the asphaltene phase or the low-density liquid phase is dominated either by the
asphaltene component or a gaseous solvent component, we further develop a VL/LL and VL/LA
phase boundary tracking algorithm, in which the mole fraction of the most dominant component
in such phases is used as an indicator to track the VL/LL and VL/LA phase boundaries. It can be
concluded from the calculated results that the predicted VL/LS and VL/LL two-phase boundaries
show smooth behavior and intersect with the VLL, three-phase region's apex, supporting the idea
of an extended three-phase region. Besides, our prediction results align well with that predicted by

Bennett and Schmidt (2017), validating the accuracy of this new method.

In addition to three-phase VLS equilibria, four-phase VLAS equilibria can also occur when the
reservoir fluid contains a substantial amount of water. Based on the proposed trust-region-based
three-phase VLS equilibrium calculation algorithm, we further aim to develop a four-phase VLAS
equilibrium calculation algorithm. The algorithm is validated by comparing the calculated
asphaltene precipitation amount during CO> injections with and without water and experimental
data. Once validated, this method is applied to forecast asphaltene behavior under different
pressures and temperatures, as well as to generate PT and Px phase diagrams. Observations reveal
that the presence of water increases the area of asphaltene precipitation in the Px diagrams,
implying that water may facilitate asphaltene precipitation during the CO> flooding process.

Nevertheless, water overall seems to diminish the peak amount of the precipitated asphaltene.
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CHAPTER 1 INTRODUCTION

1.1. Research Background

In most compositional simulators, only two-phase vapor-liquid (VL) equilibrium calculations are
conducted since VL two-phase equilibrium is the most common type of equilibria during the oil
and gas production process. However, multiphase equilibria are also frequently encountered in
petroleum engineering applications. Asphaltene phase is one of the most common third phase that
can appear due to the change of pressure and temperature or the introduction of various gases
during the gas flooding and carbon capture, utilization and storage (CCUS) processes (Angle et
al., 2006; Chen et al., 2022). The precipitation of asphaltene in the pipeline can result in tubing
plugging, while the asphaltene precipitation in the reservoirs can cause alteration of some key
petrophysical properties like permeability and wettability. Therefore, the study of asphaltene
precipitation has garnered substantial interest within the oil and gas industry (Creek, 2005;
Punnapala and Vargas, 2013). Figure 1 shows the schematic of possible phase equilibria that could
be encountered in multiphase equilibrium calculations considering asphaltene precipitation. As
shown in Figure 1-1, five kinds of possible phase equilibria are considered in three-phase
equilibrium calculations, while twelve kinds of possible phase equilibria are considered in four-
phase equilibrium calculations. A compositional simulator that can consider multiphase equilibria
is thus required to precisely capture the actual multiphase flow, possibly helping propose
engineering procedures that can avoid the flow assurance problem involving asphaltene

precipitation.
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Figure 1-1 Schematic of possible phase equilibria that could be encountered in multiphase
equilibria calculations considering asphaltene precipitation. V: vapor phase; L: liquid phase; A:
aqueous phase; S: solid phase (Chen ef al., 2022).

In addition to the commonly-observed three-phase VLS equilibrium, the vapor-liquid-liquid
(VLiL,) three-phase equilibrium is another phase equilibrium that can appear during CO> flooding
operations (Pan et al., 2015; Pasqualette ef al., 2020). The presence of the L; and L, liquid phases,
where L is a denser liquid phase and L is a lighter liquid phase enriched with gaseous components
(L1 et al., 2013), can substantially influence the oil recovery efficiency by altering the relative
permeability curves (Badamchi-Zadeh et al., 2009a; Badamchi-Zadeh et al., 2009b; Li et al., 2013;
Simon et al., 1978). This complexity makes it imperative to develop robust and precise algorithms
capable of accurately representing the VL;L, three-phase equilibria in reservoir fluids, along with
forecasting the pressure-temperature (P7) and pressure-composition (Px) phase diagrams.

However, a significant challenge lies in the accurate identification of the three possible two-phase



equilibria—specifically, the VL (or VL) equilibrium, the VS (or VL) equilibrium, and the LS (or
LiL>) equilibrium. Accurately determining these equilibria is critical for calculating the key in-situ
multiphase flow properties such as relative permeability and capillary pressure (Bennett and
Schmidt, 2017). Although various phase-identification techniques exist, their effective application
to asphaltic oil systems, especially in capturing VL/LS phase boundaries, remains elusive.
Furthermore, the identification of such boundaries often still depends on time-consuming point-

by-point phase equilibrium calculations.

During the CO: flooding process, water will be injected into reservoirs to increase reservoir
pressures. With the presence of an asphaltene phase and an aqueous phase, up to four phases (i.e.,
a vapor phase, an oleic phase, an asphaltene phase, and an aqueous phase) can coexist at a given
thermodynamic equilibrium. In 1999, Srivastava et al. (Srivastava et al., 1999) experimentally
investigated the effect of water on the amount of asphaltene precipitation. Their findings suggest
that brine seems to exert a minor impact on asphaltene precipitation (Srivastava et al., 1999).
Despite of numerous endeavors made to develop algorithms for calculating three-phase VLS and
VLA equilibria, the detailed impact of brine on the asphaltene-precipitation onsets and the amount
of precipitated asphaltene remains uncertain. Furthermore, the available data points demonstrating

the influence of water presence on asphaltene precipitation levels are limited in scope.

1.2.Modeling Approaches

Numerous thermodynamic models have been developed to predict asphaltene precipitation, which
can be broadly categorized into two groups: colloidal theory-based models and solubility theory-
based models. Each theory offers a distinct perspective on how asphaltenes exist in crude oil.
Models grounded in colloidal theory suggest that asphaltene particles are present as solid particles
in suspension, with resins adhering to their surface (Nellensteyn, 1938). The inadequate presence
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of resins to peptize the asphaltene is believed to lead to the attraction and subsequent aggregation
of asphaltene particles (Nellensteyn, 1938). The solubility theory approach, which is established
on regular solution theory or equation of state (EOS), assumes that asphaltene is soluble in crude
oil and precipitates once its solubility drops beneath a specific value (Nellensteyn, 1938).
Thermodynamic operations (such as gas injection or the alterations of pressure/temperature
conditions) disrupt the phase equilibrium of the oil mixture, and lead to phase separation due to
the changes in the solubility of the liquid or the asphaltene phases. A deeper dive into each

approach and the accompanying models are given below.

1.2.1.Colloidal Approach

Models based on the colloidal theory propose that asphaltene particles are presented as colloidal
suspensions that are peptized by resins in the crude oil (Nellensteyn, 1938). Once asphaltenes
precipitate, the process is irreversible (Nellensteyn, 1938). Over the years, the colloidal nature of
asphaltene has been rigorously investigated (Escobedo and Mansoori, 1997; Leontaritis and
Mansoori, 1992; Mansoori, 1996; Park and Mansoori, 1988a, 1988b; Yaseen and Mansoori, 2018a,
2018b). Nellensteyn (1933) was the pioneer of the colloidal approach, which was subsequently
expanded upon by Pfeiffer and Saal (1940). Central to this approach is the idea that a specific
quantity of resin is essential to stabilize the asphaltene molecules within crude oil, which leads to
the introduction of the concept of critical micelle concentration (CMC). A lack of resin will cause
the mutual attraction of colloids and lead to the formation of micelle (Leontaritis and Mansoori,
1992). Notable models stemming from this perspective include those of Leontaritis and Mansoori
(1988), Victorov and Firoozabadi (1996), and Pan and Firoozabadi (2000). However, colloidal-
based asphaltene precipitation models require the fitting of many parameters (Punnapala and

Vargas, 2013). Moreover, experimental studies show that the dispersion forces have a more



pronounced influence on phase behavior of asphaltene than the polar forces (Boek et al., 2009;
Buckley et al., 1998; Czarnecki, 2009; Goual, 2009), which contradicts the applicability of the

colloidal theory in describing the asphaltene precipitation phenomenon.

1.2.2.Solubility Theory Approach

The solubility approach divides crude oil into asphaltene and non-asphaltene components and
views the asphaltene precipitation as a reversible process. Models employing this approach, which
are often based on the solubility parameter concept, are routinely utilized to predict asphaltene
precipitation. Notable models in this domain are the Flory-Huggins polymer solution theory, Scott-
Magat theory, and regular solution theory (Flory, 1942; Hildebrand, 1919; Huggins, 1941;
Scatchard, 1931; Scott and Magat, 1945). The models based on the Flory-Huggins theory and
regular solution theory postulate uniform asphaltene properties and structure. In contrast, the Scott-
Magat theory allows for a uniform structure of asphaltene but accommodates the polydispersity of
asphaltenes by accounting for variations in molecular weight. The simplicity of the regular solution
theory has inspired the development of a lot of models built on similar principles (Alboudwarej et
al., 2003; Andersen and Speight, 1999; Cimino et al., 1995; Correra and Merino-Garcia, 2007; De
Boer et al., 1995; Gonzalez et al., 2012; Kawanaka et al., 1991; Kraiwattanawong et al., 2007,
Wang and Buckley, 2001; Wang et al., 2004; Y arranton and Masliyah, 1996). However, this theory
has its shortcomings. Specifically, it overlooks molecular interplays due to polarity, free volume
combination, and the effects of pressure—unless pressure impacts are integrated using an EOS.
The model also relies heavily on empirical correlations to consider the effect of temperature on
variables such as density, solubility parameters, and mass distribution. Another notable limitation

is the requirement to tune a lot of parameters to calibrate the model with experimental data since



the component solubility parameters cannot be quantified in a natural manner. Additionally, these
models are unsuitable for vapor-liquid phase equilibrium calculations (Vargas et al., 2009).

The EOS-based solubility models benefit from their applicability across diverse thermodynamic
scenarios and are not limited to predicting asphaltene precipitation boundaries, which makes them
a suitable choice for modeling the phase behavior of reservoir fluids containing asphaltenes. The
cubic EOS (CEOS)-based solid model is widely used due to its simplicity and good agreement
with the experimental results (Darabi et al., 2014; Fazelipour, 2011; Kohse et al., 2000; Kord and
Ayatollahi, 2012; Nghiem et al., 1993; Nguele et al., 2016; Qin et al., 2000; Zanganeh et al., 2015).
Nghiem ef al. (Nghiem et al., 1993) developed a thermodynamic model for isothermal asphaltene
precipitation predictions. This framework visualizes the asphaltene phase as a pure solid phase,
with the heaviest component in crude oil being segregated into precipitating and non-precipitating
components. These components possess identical critical properties and acentric factors but have
different binary interaction parameters (BIPs) with other components. However, this model does
not consider the effect of temperature. To address this issue, Kohse et al. (Kohse et al., 2000)
formulated a solid model considering temperature and pressure effects on asphaltene precipitation.
By adjusting two distinct parameters based on asphaltene onset pressures from laboratory studies,
the model shows a commendable match with the experimental results across different temperature
and pressure scenarios. Another popular CEOS-based approach to model asphaltene precipitation
is proposed by Pedersen ef al. (Pedersen et al., 2006), in which the asphaltene phase is considered
as a high-density liquid phase that is dominated by the asphaltene component, and the asphaltene
precipitation can be modeled as a traditional separation between the low-density liquid phase and

the high-density liquid phase.



The cubic plus association (CPA) EOS represents an advancement of the CEOS, incorporating
extra terms to characterize the self-association among asphaltene molecules as well as the cross-
association between asphaltenes and resins. Over the past decade, asphaltene precipitation models
grounded on the CPA EOS have been rigorously investigated [37—43] and are showing
encouraging outcomes. However, these models demand additional tuning parameters for each
associating component [44]. The Statistical Associating Fluid Theory (SAFT) [45] and the
Perturbed-Chain SAFT (PC-SAFT) [46] are also sophisticated EOS models. The PC-SAFT model
stands out for its ability to predict phase behaviors, especially in complex polymers. Given the
similarities between asphaltenes and large, heavy molecular compounds, this model has also been
investigated for its ability to predict the phase behavior of asphaltene-rich oils [3, 5, 36, 47-56].
Although asphaltene precipitation models based on SAFT EOSs demonstrate commendable
modeling capabilities, [57, 58], they still have much greater computational demands compared to
the conventional CEOSs, even when speed-up procedures are employed [57].

Research has also been carried out to evaluate the performance of CEOS, CPA EOS and SAFT/PC-
SAFT EOS in predicting asphaltene precipitation. A recent study by Leekumjorn et al. (2020)
utilized CEOS, CPA EOS and PC-SAFT EOS to forecast the onset of asphaltene precipitation in
14 oil samples, and the prediction results are compared with experimental data. The study revealed
that using CEOS allows for the development of a model to simulate fluid asphaltene behavior in
most instances by merely adjusting the critical temperature of the asphaltene component to match
the experimental data. For reservoir fluids with high asphaltene content, additional fine-tuning
might be necessary; however, the optimized parameters serve as an excellent starting point. While

the CPA and PC-SAFT EOSs could achieve similar accuracy, they demanded significantly more



computational resources and offered no advantages over the simpler CEOS. Moreover, the

parameter tuning processes of CPA and PC-SAFT EOSs have proved to be much more complex.

1.3.Problem Statement

There are still several unresolved technical challenges concerning the robustness of multiphase

equilibrium calculations and the construction of phase envelopes involving asphaltene

precipitation. This dissertation primarily addresses the following issues:

During the three-phase VLS equilibrium calculations, the conventional three-phase flash
calculation algorithm may not converge to the correct solutions. One reason is that multiple
stationary points may appear on the Gibbs free-energy surface in a three-phase equilibrium
calculation. When the possible three phases contain an asphaltene phase, one of the
stationary points may appear near the boundary of the Gibbs free-energy surface (Li and
Li, 2019). The initial estimates of the equilibrium ratios used in the existing stability test
algorithms may fail to identify this kind of stationary points. In order to avoid this problem,
the asphaltene phase can be considered as a pure phase. Although Li and Li (2019) have
proposed an algorithm to conduct the three-phase VLS equilibrium calculations by
assuming asphaltene phase is a pure solid phase, the effect of temperature is ignored in
their algorithm. Therefore, a robust and efficient three-phase VLS equilibrium calculation
algorithm, which can be used to predict asphaltene precipitation under different
pressure/temperature conditions and with different gas injections based on the solid
assumption, is still required.

At elevated temperatures, the asphaltene phase tends to behave like a highly-dense liquid
phase rather than solid particles. Thus, a free-asphaltene assumption should be used, in
which the asphaltene phase is treated as a liquid phase composed solely of asphaltene.

8



Moreover, a robust three-phase VLS equilibrium calculation algorithm based on such an
assumption is also needed.

¢ In traditional phase equilibrium calculations, we normally find solutions by combining the
successive substitution iteration (SSI) method with Newton’s method. However, this
method may fail in the three-phase VLS equilibrium calculations based on the assumption
that the asphaltene phase is a highly-dense liquid phase that contains not only asphaltene
component but also other substances. This requires us to introduce a more robust algorithm
(e.g., the trust-region method) to tackle such convergence difficulties.

e When constructing PT and Px phase diagrams, the VL/LS and VL/LL boundaries often
receive little attention. Although the traditional phase identification method can be used to
identify such boundaries, the process is time-consuming, and the results can be of low
accuracy. We are still lacking an efficient algorithm to accurately track the VL/LS and
VL/LL phase boundaries.

e Water can frequently appear during the oil and gas production process. With the presence
of an asphaltene phase and an aqueous phase, up to four phases (i.e., a vapor phase, a
hydrocarbon phase, an asphaltene phase, and an aqueous phase) can coexist at a given
thermodynamic equilibrium. However, the absence of robust four-phase VLAS
equilibrium computation algorithms leaves the influence of water on asphaltene

precipitation ambiguous.

1.4.Research Objectives
The general objective of this research is to develop more efficient and robust algorithms to conduct

multiphase equilibrium calculations considering asphaltene precipitation for reservoir fluids. The



EOS model used in this research is Peng-Robinson (PR) EOS (Peng and Robinson, 1976). In order

to accomplish this task, the short-term and long-term objectives are provided as follows:

Short-term objectives:

e Develop a robust three-phase VLS equilibrium calculation algorithm where single-phase,
two-phase, and three-phase VLS equilibria can be considered based on the pure solid
assumption.

e Develop a three-phase VLS equilibrium calculation algorithm that can handle single-phase,
two-phase, and three-phase VLS equilibria based on the free-asphaltene assumption (i.e.,
the asphaltene phase is considered as a pure liquid phase).

e In cases where the free-asphaltene assumption and the pure solid assumption do not hold,
extend the trust-region-based three-phase VLL equilibrium calculation algorithm to
conduct three-phase VLS equilibrium calculations.

e Propose a VL/LL and VL/LS phase boundary tracking method and develop an algorithm
based on such a method to automatically track the VL/LL and VL/LS phase boundaries.

e Develop a four-phase VLAS equilibrium calculation algorithm where single-phase, two-
phase, three-phase and four-phase VLAS equilibria can be considered, and implement this

algorithm to study the effect of water on asphaltene precipitation.

Long-term objective:

e Integrate the developed algorithms to the reservoir and wellbore simulators to help us better

simulate the various EOR processes that involve these complex phase equilibria.
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1.5.Hypothesis

Three hypotheses are considered in this thesis. The first one is that applying the pure solid
assumption and the free-asphaltene assumption can help develop robust and efficient three-phase
VLS equilibrium calculation algorithms. The second hypothesis is that the asphaltene phase can
be treated as a heavy liquid phase that contains not only asphaltene component but also other
components from the reservoir fluids, and thus the three-phase VLS equilibrium calculations and
four-phase VLAS equilibrium calculations can be conducted by using the recently developed trust-
region-based three-phase VLL equilibrium calculation algorithm. The third hypothesis is that the
dominant component in the solvent-rich liquid phase or the asphaltene rich-phase can be used as

an indicator to track the VL/LL and VL/LS phase boundaries.

1.6.Thesis Structure
This thesis is a paper-based thesis and a total of seven chapters are presented and organized as

follows:

Chapter 1 introduces the basic research background, as well as the problem statement and the
major research objectives. In Chapter 2, a review of the phase behavior mechanisms associated
with CO; storage in subsurface formations, including asphaltene precipitation, is performed. Both
the experimental studies and the modeling studies are included in this review. In Chapter 3, a
robust three-phase VLS equilibrium calculation algorithm is developed by considering asphaltene
phase as a solid phase. In order to avoid convergence problems, the modified initialization methods
developed by Li and Li (2019) are applied to both stability tests and flash calculations. In Chapter
4, a three-phase VLS precipitation algorithm is proposed based on the free-asphaltene assumption.
This approach facilitates easy detection of the asphaltene phase by contrasting the asphaltene

component's fugacity across asphaltene and non-asphaltene phases, negating the need for an
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additional thermodynamic model. Chapter 5 introduces an innovative phase-boundary tracking
technique designed to accurately identify the VL/LS and VL/LL two-phase boundaries within
pressure-temperature and pressure-composition phase diagrams. To ensure the accuracy and
efficiency of the phase boundary tracking algorithm, we utilize a reliable numerical solution
method known as Brent's method (Brent, 1971). In Chapter 6, a four-phase VLAS equilibrium
calculation algorithm is presented, in which single-phase, two-phase, three-phase and four-phase
VLAS equilibria can be considered. The effects of water on asphaltene precipitation onsets and
asphaltene precipitation amounts are studied in detail. Finally, Chapter 7 summarizes the

conclusions obtained from the thesis research and the recommendations for future work.
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CHAPTER 2 A REVIEW OF PHASE BEHAVIOR MECHANISMS OF CO:;

EOR AND STORAGE IN SUBSURFACE FORMATIONS

A version of this chapter has been published in Industrial & Engineering Chemistry Research.
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Abstract

The emissions of CO; have been recognized as the main cause of climate change. As an important
strategy being used to reduce the CO; concentration in the atmosphere, carbon capture, utilization
and storage (CCUS) has attracted significant attention in recent years. Geological formations,
including depleted oil and gas reservoirs, aquifers and saline aquifers, are popular CO; storage
options. During the process of CO, storage in subsurface formations, the interactions between CO»
and formation fluids must be considered as they could greatly affect the CO» trapping mechanisms
and CO; storage capacity. In this paper, we give a brief review of the phase behavior mechanisms
associated with CO; storage in subsurface formations. Two different CO-storage strategies are
considered in this paper: CO; storage in saline aquifers and CO; storage in oil reservoirs.
Multiphase equilibria, including two-phase, three-phase, and four-phase equilibria can be observed
during CO; injection into underground formations. Both the experimental and modeling studies
on the related phase behavior mechanisms are included in this review. We also introduce some
recently developed robust algorithms for the multiphase equilibria calculations, which could be

essential for the design of the CO: storage process and prediction of CO; storage capacity.

Keywords: CCUS, CO; storage, Phase behavior, Two-phase equilibria, Three-phase equilibria,

Four-phase equilibria.
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2.1. Introduction

Global warming caused by the high emission of CO» has become a growing concern of human
society. Carbon capture, utilization and storage (CCUS) has been proven to be an efficient way to
mitigate climate change due to CO, emissions'. According to the International Energy Agency
(IEA)?, CCUS can reduce global CO; emissions by 19% before 2050 while being cost-effective,

which makes CCUS an important technique for achieving carbon neutrality.

CO; injection into subsurface formations is a technical option to reduce the concentration of CO»
in the atmosphere®. In order to achieve long-term and stable CO; storage, it is a prerequisite to first
understand different CO> storage mechanisms. There are mainly four CO; trapping mechanisms
in subsurface formations: structural trapping, residual trapping, solubility trapping and mineral
trapping'. Structural trapping is the primary CO> trapping mechanism, in which the injected CO:
will be trapped below the impermeable cap rock (normally shale) due to the buoyancy effect*. This
process highly relies on the small pore sizes of the caprock, which could provide sufficiently high
capillary pressure to prevent the trapped CO2 from moving upwards®. As time goes on, secondary
trapping mechanisms, including residual trapping, solubility trapping and mineral trapping, will
replace structural trapping and dominate CO, storage’. Compared with primary trapping,
secondary trapping is more stable. Even if the primary trapping fails, secondary trapping could
still store a considerable amount of CO,°. Residual trapping is an important secondary trapping
method due to its large CO» storage capacity. In residual trapping, the injected CO flows through
the pores of rocks and replaces the formation fluids®. Eventually, the formation fluids will become
disconnected and trap CO in pores due to the capillary force! . The value of the capillary force
is proportional to the interfacial tension (IFT), which is one of the most important phase behavior

properties. Thus, the consideration of phase behavior of the CO»-formation fluids mixtures can be

21



important since it could greatly affect the structural trapping and the residual trapping of CO2 in

subsurface formations.

At larger time scales, the injected CO> will be either dissolved in formation fluids, which is called
solubility trapping, or precipitated in solid minerals, which is called mineral trapping. Solubility
trapping and mineral trapping are considered as much safer CO> storage mechanisms since the
injected CO, exists as a liquid or solid phase rather than a free phase®. Mineral trapping is
considered the safest CO, trapping mechanism as CO> will be stored in solid minerals’. However,
mineral trapping usually happens on a very long timescale (more than 1000 years), which exceeds
the time frame of most research’. Compared with mineral trapping, solubility trapping can happen
much sooner. Nevertheless, complex phase changes are involved in the solubility trapping
mechanism, and they must be addressed to accurately predict the CO» storage capacity and

evaluate the safety of CO, storage.

Although there are already some reviews focusing on the CO: trapping mechanisms, the
considerations of CO, storage from the perspective of phase behavior are still missing. Figure 2-1
shows the schematic of the possible phase equilibria encountered during the process of CO» storage
in subsurface formations. It can be seen in Figure 2-1 that there are different types of two-phase,
three-phase and four-phase equilibria that are relevant to the CO; storage process. The interactions
between CO; and formation fluids can greatly affect the CO; trapping mechanisms and CO>
storage efficiency. In this paper, a comprehensive review of the phase behavior mechanisms
associated with CO, storage in different subsurface formations is conducted from both
experimental and modeling perspectives. This review is divided into three major parts: phase

behavior measurements and modeling for CO»-water/brine mixtures (Section 2), phase behavior
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measurements and modeling for CO;-oil mixtures (Section 3), and multiphase equilibrium

computation algorithms (Section 4). A brief summary is given at the end of this paper.
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Fig. 2-1 Schematic of the possible phase equilibria encountered during the process of CO>
storage in subsurface formations. V: vapor phase; Luc: hydrocarbon-rich liquid phase; Lcoo:
COg,-rich liquid phase; A: aqueous phase; S: asphaltene phase. We thank flaticon.com for
providing 10 icons that are used to create the drawing here.

2.2. Phase Behavior Measurements and Modeling for CO2-Water/Brine Mixtures

The storage of CO: in water formations and brine formations are known as promising options to
mitigate the effect of CO> on climate change due to their large CO, storage capacity'. However, it
should be noted that the solubility of CO; in water/brine is generally less than 6%, and will be
further decreased by rising temperatures or increasing salinities!. Besides, most aquifers are
regional and do not have the impermeable cap rocks to prevent CO> from leaking®. In addition,
since most pore spaces in aquifers are occupied by water, the pressure will build up fast in aquifers

due to the injection of CO», which may fracture the formations and lead to the leakage of CO,"®
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The injected CO> mainly exists in three different phases in aquifers: free gas phase, residual gas
phase and dissolved phase. Among these phases, the residual gas phase and the dissolved phase
are more favorable as COz in the residual and dissolved phases are less likely to leak®. Therefore,
in order to evaluate the efficiency and capacity of CO» storage, it is of great importance to have a
good understanding of the phase behavior of CO»-water/brine mixtures. It can be seen from Figure
2-1 that three types of phase equilibria can be encountered for COz-water or CO»-brine mixtures:
single-phase equilibria, two-phase VA equilibria, two-phase Lco2A equilibria, and VLco2A three-
phase equilibria. Figure 2-2 shows the effect of temperature, pressure and molality on the solubility
of COz in brine. It can be concluded from Figure 2-2 (a) that in general, the CO> solubility in brine
increases with pressure at a fixed temperature, but decreases with the temperature at a fixed
pressure. However, this trend of variation will change if the temperature and pressure come close
to the phase-transition boundary. On the other hand, it can be seen from Figure 2-2 (b) that the
increase in salt concentrations leads to a lower COz solubility. In this section, we review the efforts
that have been made towards experimental measurements or modeling studies about the phase

behavior of CO;-water/brine mixtures.
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Fig. 2-2 Effect of temperature, pressure and molality on the solubility of CO; in KCI water
solutions: (a) Effect of temperature and pressure on the solubility of CO; in 2 mol/kg KCI water
solution; (b) Effect of molality on the solubility of CO; in KCl water solutions. Calculations are

conducted using Sun’s method'®. Experimental data are obtained from the literature'!.
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2.2.1. Phase Behavior Measurements for CO2-Water/Brine Mixtures

2.2.1.1. Phase Behavior Measurements for CO2-Water Mixtures

Supporting Information, Table S1 shows an overview of the experimental studies on the CO-water
mixtures that measured the equilibrium phase compositions of different phases in the range of
273.15 K-642.15 K and 0.07 bar-1291.9 bar, including 1730 data points. Such experiments are
normally conducted using either volumetric expansion, water trapping, gas chromatography,
synthetic method, Raman spectroscopy or calorimetric technique!?. Most of the collected data are
compared with previous studies by the authors to check the reliability of their measurements. There
are also some review studies focusing on the interaction between CO; and water at the low-
pressure range'?, the solubilities of CO; in water at the temperature up to critical point'4, the mutual
solubilities of CO, and water in different phases'®, and the equilibrium phase compositions at
relatively high temperatures and pressures'®!%. The quality of the experimental data in the literature
is evaluated by Aasen et al.'®. The data set of Drummond?® covers the largest temperature range
(303.85 K-621.65 K), while the data set of Takenouchi and Kennedy?! covers the largest pressure
range (100 bar-1500 bar). It can be concluded from Table S1 that sufficient experimental studies
have been conducted to measure the solubilities of CO> in water. However, the composition of the
COs-enriched phase is still not well-characterized experimentally. Accurate measurements of the

vapor phase composition are still required at different pressure/temperature conditions.

2.2.1.2. Phase Behavior Measurements for CO2/Brine Mixtures

Compared with the COz-water mixtures, the CO»-brine mixtures are more common in the CO>
storage and sequestration processes in subterranean and submarine formations. The solubility data
of COz in aqueous solutions of different salts is of immense importance for more accurate

estimations of CO> storage capacity due to solubility trapping. Supporting Information, Table S2
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summarizes the solubility data of CO; in NaCl, KCIl, MgCl, CaCl», NaxSO4, K2SO4 and MgSO4
aqueous solutions in the range of 273.15 K-723.15 K and 0.04 bar-2500.00 bar. There are 3316
data points in total. NaCl salt is the most commonly seen salt in saline aquifers, and hence the CO»
solubilities in NaCl solutions have attracted most interest from researchers. Up to now, the
experimental data of the CO> solubilities in NaCl aqueous solutions is available with the NaCl
concentration close to the saturation concentration. In Table S2, we collect the CO» solubility data
in NaCl aqueous solutions with NaCl concentrations between 0.001 mol/kg and 7.234 mol/kg. The
data set of Drummond?®° covers the largest temperature range (292.85 K-673.15 K) of the CO;
solubility in NaCl aqueous solution, while the data set of Deng et al.?* covers that of the largest
pressure range (500 bar-2500 bar). The number of studies focusing on other salts is significantly
smaller than that on NaCl. In Table S2, we also include the CO- solubilities in 0.001 mol/kg-5.000
mol/kg KCl aqueous solutions, 0.100 mol/kg -6.335 mol/kg MgCl> aqueous solutions, 0.100
mol/kg-10.272 mol/kg CaClz aqueous solutions, 0.010 mol/kg-3.254 mol/kg Na>SO4 aqueous
solutions, 0.010 mol/kg-0.493 mol/kg K2SO4 aqueous solutions and 0.009 mol/kg-4.003 mol/kg
MgSO4 aqueous solutions. More experimental data of CO; solubility in sulfate aqueous solutions
at high pressure/temperature conditions are still required to further enrich the understanding of the
phase behavior of CO»-sulfate brine mixtures. It can be also concluded that a saline aquifer with a
lower salt concentration can potentially help to store more CO: via the solubility trapping

mechanism.

The experimental data of CO; solubilities in mixed-salt solutions are relatively rare. In Table 2-1,
we summarize CO> solubilities in 7 different mixed-salt solutions at 297.00 K-424.67 K and 1.01
bar-383.30 bar, including 308 data points. The concentration of different salts in their aqueous

solutions are also shown in Table 2-1. We note that more experimental works need to be conducted
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to obtain more CO; solubility data in mixed-salt solutions. These data will help develop, as well

as validate, thermodynamic models dedicated to CO>/brine mixtures.
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Table 2-1 Phase behavior measurements on COz-water-mixed salt mixtures.

Temperature Pressure .
Year K) (bar) Salt Salt Concentration (mol/kg H,O) Ny
KCl 0.107-4.969
KCl+CaCl, 15
CaCl, 0.109-3.317
NaCl 0.058-1.710
NaCl+Nay;SOq4 15
Na;SO4 0.067-1.606
NaCl 0.135-3.987
o NaCl+KCl 15
Yasunishi ez al.?® | 1979 298.15 1.01 KCl 0.138- 4.021
NaCl 0.066-1.807
NaCl+MgSO, 15
MgSO, 0.066-1.974
NaCl 0.097-2.522
NaCl+KCl+CaCl KCl 0.196-2.629 17
CaCl, 0.098-2.096
NaCl 0.291-0.857
308.15-328.15 | 13.40-158.50 NaCl+KCl+CaCl, KCl 0.228-0.672 75
CaCl, 0.153-0.451
318.15 15.40-383.30 NaCI+KCl Nacl 0901 8
Liu et al.?* 2011 ‘ I8 e KCI 0.706
318.15 14.40-35.80 NaCl+CaCl NaCl 0901 8
‘ B b CaCl, 0.474
KCl 0.706
318.15 13.60-39.30 KCl+CaCl, 8
CaCl, 0.474
NaCl 0.910
Tong etal®® | 2013 | 308.90-424.67 | 11.07-171.60 NaCI+KCl 14
KCl 0.143
NaCl 0.101-1.521
Jg;":’;g‘ﬁd 2016 297.00 48.20-141.20 | NaCHKCI+CaCl+MgCly KCl 0.047-0.102 84
Y CaCl, 0.101-0.353
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MgCl, 0.062-0.101
Cruzetal? |2020| 333.15-453.15 | 60.30-400.70 NaCl+CaCl Nacl 1.200 10
: ' ' ‘ ' ? CaCl, 0.200
NaCl 3.000-6.000
dos Santos ef al.?® | 2021 | 303.15-423.15 | 15.54-201.80 NaCl+Na,SO4 24
Na»SO4 1.000
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2.2.2. Phase Behavior Modeling for CO2-Water/Brine Mixture

The phase behavior modeling of the CO»-water/aqueous solution mixtures has been extensively
studied due to its importance and complexity. The developed models can be divided into three
categories: fugacity-fugacity (¢-¢) models, activity-fugacity (y-¢) models and empirical

correlations. In this section, we will introduce these three different modeling approaches separately.

2.2.2.1. - Models

In the models based on the ¢-¢ approach, an equation of state (EOS) is selected to calculate the
fugacity of different phases!”. Table 2-2 shows the summary of the proposed thermodynamic
models for the CO»-water mixtures based on the p-¢ approach. Soreide and Whitson®’ presented a
thermodynamic model by modifying the mixing rule and a-function of Peng-Robinson equation

of state (PR EOS)*’. The modified a-function of water can be expressed as?’:

-3
o, = 1+0.4530 (1 —2) +0.0034((5) —1) (1)

Bamberger et al.’' proposed a model by coupling PR EOS* with the modified a-function

developed by Melhem et al.* to predict the phase equilibria of the CO,-water system at 323 K-

353 K and 0-160 bar. The modified a-function can be shown as??:

lna=m(1—T1c)+n(1—\/Tzc) )

where m and n are temperature-dependent correlation parameters that can be obtained by
regressing the experimental vapor pressure data of each component, 7 and 7. are temperature and
critical temperature, respectively. Constant binary interaction parameter (BIP) and temperature-
dependent BIPs are both used in Bamberger et al.’s study®'. The modeling results show that the
average absolute percentage deviations (AAD%) of both CO; in the aqueous phase and water in
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the CO;-rich phase can be significantly reduced by the temperature-dependent BIPs, which can be

calculated by>!:

ki, = —0.4259 + 0.001028T (3)

1'33

where k> is the BIP between CO» and water, and 7 is the temperature. Chapoy et al.”” proposed a

model by using the Valderrama modification of the Patel-Teja equation of state (VPT EOS)** and
non-density-dependent mixing rules (NDD)*, and the model is tested in the range of 273.15 K-
373.15 K and 1 bar-1000 bar. Three sets of BIPs between CO> and water are used for the
temperature ranges of 273.15 K-277.13 K, 277.13 K-304.20 K and for the temperatures larger than
304.2 K. The BIP between supercritical CO, and water is set to 0.19650 as suggested by Tohidi*®.

The a-function for water proposed by Tohidi is also adopted, which can be expressed as*¢:
2 3
o, = 24968 — 3.0661 - + 2.7048 (Tl) +1.2219(T1) )

Valtz et al’’ introduced the Wong—Sandler mixing rule*® in PR EOS* to calculate the phase
composition of COz-water mixtures at the temperature of 273.15 K-333.15 K and the pressure of
0-160 bar. Generalized Mathias—Copeman a-functions* are applied in Valtz et al.’s work®’, which

can be written as:

T<Tc,a=[1+cl(1—JTEC)+CZ<1—JTZC> +c3<1—\/Tzc>3](5)

T>T,a=[1+c(1- \/TEC)]Z (6)

2

Note that in Equations (5-6), c1, ¢2 and ¢3 can be calculated using Equations (7-9):

¢; = 1.0113w? + 1.1538w + 0.4021 (7)
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¢y = —7.7867w? + 2.2590w — 0.2011 (8)
3 = 2.8127w? — 1.0040w + 0.3964 (9)

where o is the acentric factor. The BIPs used in Valtz et al.’s study®’ are tuned for each temperature
based on experimental data. A similar approach was also adopted by Zhao and Lvov*’ using Penge-
Robinson-Stryjek-Vera (PRSV) EOS*! at 273.15 K-623 K and 0-2000 bar. The a-function used in
1640

Zhao and Lvov’s*’ study is given by*!:

a=[1+x(l- \/Tzc)]z (11)

where the value of x can be calculated by*!:

K =Ko+ Ki(1+ \/TZC)(OJ — \/TZC) (12)

In equation 12, K, can be calculated by*!:
Ko = 0.378893 + 1.4897153w — 0.17131848w? + 0.0196554 w3 (13)

Austegard et al.*? used Soave-Redlich-Kwong (SRK) EOS* with van der Waals mixing rule* to
predict the CO; solubility in the aqueous phase and water solubility in the CO,-rich phase. Their
results show that SRK EOS* with van der Waals mixing rule* cannot accurately predict the
mutual solubilities of the CO»-water mixtures. They also coupled SRK EOS* with Huron-Vidal
mixing rule* and the a-function proposed by Twu et al.*¢:

T
o= (TZ)C3(C2—1)6(61(1—(T—C)CZC3))

(14)
where C;, Cz and Cs are component-dependent constants. Two sets of temperature-dependent BIPs

are applied, and the calculation results agree well with the experimental data. Cubic-plus-
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association (CPA) EOS* with the cubic part using SRK EOS* was adopted by Austegard et al.**.
With constant BIPs, the CPA-SRK EOS** 47 can yield an AAD% of 9.0 for the solubility of CO
in water and 16.8 for water in the COz-rich phase*’.

Sun and Dubessy* applied statistical associating fluid theory (SAFT) EOS* with Lennard-Jones
(LJ) intermolecular potential®® and two sets of temperature-dependent BIPs to model the phase
behavior of COz-water mixtures. They obtained satisfactory results. However, it has been pointed
out that this model is too complex and requires improvised interaction parameters'®. Li and Yang®!
developed a model to predict the mutual solubilities between CO> and water using PR EOS coupled
with the modified alpha functions and temperature-dependent BIPs. The authors also considered
the effect of the presence of hydrocarbons when they calculate the solubility of CO». The model
proposed by Li and Yang®! is shown to be more accurate than Soreide and Whitson’s model®’.
Aasen et al.'’ tested a series of thermodynamic models that use different EOSs with various types
of mixing rules and a-functions at 274 K-478 K and pressure up to 608 bar. Out of the many models

tested by Aasen et al."

, we only include the four most accurate ones in Table 2-2: the volume-
translated (VT) PR EOS, VT SRK EOS, CPA-SRK EOS and perturbed-chain statistical associating
fluid theory (PC-SAFT) EOS*. The study by Aasen et al.'® shows that the VT PR EOS*® with

Huron-Vidal mixing rule*® yields the best results among the tested models, and the complex EOSs

do not necessarily yield better results for the CO>-water mixtures than cubic EOSs'’.
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Table 2-2 Thermodynamic models for the CO>-water mixtures based on the ¢-¢ approach. AAD; refers to the absolute average deviation
of the solubility of CO; in the aqueous phase, while AAD; refers to the absolute average deviation of the solubility of H>0 in the CO»-

rich phase.
.. . Temperature | Pressure AAD:1 | AAD:
EOS Mixing rule a function (K) (bar) BIP between CO:2 and H20 (%) (%)
S .d k12 = _0.31092 +
oreide Soreide and Soreide and 100.00- 0.23580 - —
and PR ) ) 423.15 T. - -
Whitson® Whitson Whitson 400.00 ermral
21.2566e T Tc (15)
Bamberger Panagiotopoulos Melhem et i i k1,=-0.0814 14 5.5
et al.}! PR and Reid al. 323.00-353.00 | 0-160.00 Temperature dependent 1.6 3.7
273.15 K<7<277.13 K,
k12=0.19314
Chapoy et . . 1.00- 27713 K< T<304.2 K,
ol VPT NDD mixing rules Kalorazi 273.15-373.15 1000.00 K= 0.16860 3.0 7.9
If CO2 is supercritical,
k12=0.19650
Valt3z7et PR Wong—Sandler Mathias— 273.15-333.15 | 0-160.00 Fitted for each temperature 4.4 6.4
al. Copeman
Austegard k12=0.193 93.0 7.3
ot al®? SRK Van der Waals Classic 293.15-323.15 | 0-600.00 ki, = —0527 + 1.67 x 102 1 s or
X T —1.05%x10"° x T2 (16) '
912 — _3741 4+ 1.55T (17)
R 4.0 7.5
== = 6563 — 5.12T (18)
£I1§2
Austegard | srK Huron-Vidal | Twueral | 293.15-323.15 | 0-600.00 | & — —1237 —15.506T +
et ak. 0.02896T2 (19) Y 73

% = 5858 + 2.411T —
0.01713T2 (20)
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Austegard

CPA-

ot al.? SRK Classic Classic 293.15-323.15 | 0-600.00 k12=0.06 9.0 16.8
For 273-647 K
0.001 (21)
k2,ij = k3,ij = 0.8461 + 8d —
5% (T —273.15) (22) i i
For 647-1073 K
kl,ij = —-0.074
k2,ij = k3,ij = 0.87602
Sun and 210.00- For 273-647 K
Dubessy*® SAFT-LJ Van der Waals - 1000.00 0-100.00 ky i = —0.24 + 0.0004(T —
273.15) (23)
kyi; = 0.8367 + 6d — 5(T —
273.15) (24)
ksi; = 0.82 +0.18 X p* (25) ) )
For 647-1073 K
kl,ij = —0.0904
k2,ij = 085914
ksi; = 0.82 + 0.18 X p” (26)
Tszvt';‘;ﬁfl‘s ?;{/;' Classic Classic | 298.00-478.00 | 0-550.00 Temperature dependent 129 | 11.9
Li a“g PR Van der Waals Li "msdl 273.16-647.10 | 0-700.00 Temperature dependent 6.12 -
Yang Yang
Zhao and Stryjek and 0- .

Lvov4 PRSV Wong—Sandler Vera 273.15-623.00 2000.00 Fitted for each temperature 6.8 7.4

T
) ki, = —0.399 + 1.988 — —
Aasenef | PC Classic - 274.00-478.00 | 0-608.00 r o 83 | 88
al. SAFT 2_404(T_)2 (27)
0
Af,eﬂ et (él}){?(- Classic Classic | 274.00-478.00 | 0-608.00 k12=0.08831 9.7 | 142
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912 — 587 — 2.565%(28)
0

Aasen el | yropg | Huron-Vidal Twueral. | 274.00-478.00 | 0-608.00 | o™ . 41 | 55
al. 921 = 3339 +0.139 (29)
0 0
912 T
912 _ 5831 — 2,559 = (30)
Aasenet | yrpp Huron-Vidal | Twueral | 274.00-478.00 | 0-608.00 | KT o 3.5 | 56
0 0
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Table 2-3 shows the developed models for CO»-brine systems based on the ¢-¢
approach. Soreide and Whitson?® proposed a thermodynamic model for the CO,-water-
NacCl system by modifying the mixing rules and the a-function of PR EOS. They also
developed a new correlation of BIPs for the aqueous phase (kle), which is not only
temperature-dependent but also related to the concentration of salt in water. This
correlation is further adjusted by Chabab et al.>* by regressing the experimental data
from the literature. Bermejo et al.>® applied Anderko—Pitzer EOS®”*8 to model the CO»-
water-Na;SO4 system at 288 K-368 K and 0-140 bar, with the Na,SO4 concentration
from 0.25 mol/kg to 2.7 mol/kg. Sun and Dubessy> used SAFT-LJ EOS* to model the
CO;-water-NaCl mixture at wide ranges of temperature and pressure with a new term
that considers the energetic contribution of the long-range electrostatic force between
salt 1ons; their model is reasonably successful in correlating the experimental data.
Chabab et al.>* conducted phase equilibria calculations using CPA EOS*’ with the cubic
part calculated by an electrolyte version of PR EOS (ePR EOS)**. In Chabab et al.’s
model, the effect of temperature is included in the BIP between CO; and water, while
the effect of salt concentration is taken into account in the BIP between CO> and
different ions®*. However, the aforementioned models cannot be used for the CO»-
water-mixed salt systems. In order to overcome this limitation, Sun'® proposed a model
by coupling PR EOS with Huron-Vidal mixing rule* and temperature-salt
concentration-dependent BIPs to model the phase equilibria of CO;-brine mixtures. The

model was tested using 4 different CO;-water-single salt systems and 6 different CO»-
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water-mixed salt systems, and their results are promising. But one deficiency of their

model is that it can only consider four salt types: NaCl, KCI, CaCl,, and MgCl,.

In general, the performance of different thermodynamic models in predicting the mutual
solubilities of COz-water/brine mixtures based on the ¢-¢ approach is strongly related
to the selection of BIPs, a-functions and mixing rules. Association EOSs can provide
more accurate predictions of the mutual solubilities of CO»-water/brine mixtures when
there are only a few tunable parameters'®. However, by introducing Wong—Sandler or
Huron-Vidal mixing rules, CEOSs can also provide accurate predictions of the mutual
solubilities of the CO2-water/brine mixtures since there will be more parameters that
can be fitted based on experimental data'®. Based on the results, it can be concluded
that the thermodynamic models based on the ¢-¢ approach can well reproduce the
mutual solubilities of the COz-water mixtures. Nevertheless, thermodynamic models
dedicated to predicting the solubilities of CO> in brine based on the ¢-¢ approach can
only consider the effect of certain types of salts. A universal p-¢p-approach-based model

is still required to precisely calculate the solubility of CO> in different types of brine.
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Table 2-3 Thermodynamic models for the CO»-brine mixtures based on the ¢-¢ approach.

c) + 2 (1.29539193 X
1073 — 1.6698848 X
1073 T ) — 0.47866096

(35)

Tccoz

Mixin Temperature | Pressure Salt
EOS rl:lleg a function BIP [()K) u (ball‘l) Salt Concentration
(mol/kg)
ki, = —0.31092(1 +
Soreide 0.15587¢%7595) +
and PR Sorelqe and Sorelqe and 0.23580(1 +T 423.15 100.00- NaCl 1.100-4.300
Whitson2® Whitson Whitson 0.17837c%979) - 400.00
T
21.2566e" *7?%179 (32)
) 8 a;; = 1.1549 X 107672 —
Bermelo ef Alf,‘ilfzr;" Classic i 11943 x 10372 + | 288.00-368.00 | 0-140.00 | NazSO4 | 0.250-2.700
) 0.41452T — 46.686 (33)
Sun and Van der Katonco, =
T
Dubessy™ SAFT-LJ Waals - 0.00017e722827 + 0.9321 | 313.15-523.15 | 0-1600.00 | NaCl 0.529-6.000
(34)
kle =
" (043575155 —
cCO2 T
0.05766906744 +
Tccoz
. . _3
Chabab et |, | Soreide and | Soreide and | 8.26464849 x 10777772 X | 196 16,433 06 | 0-500.00 | NaCl | 1.000-5.000
al. Whitson Whitson

40




kCOZ—Na"'
= —0.563937723 X ¢

Ch’;’?}’ ¢ | CPA-cPR \(;23? Classic — 4.352740149 298.00-433.06 | 0-500.00 | NaCl | 1.000-6.000
' keo,—ci- = 0.347571193 X
¢ + 4.762185508 (36)
k = —0.324T2 + 0.001c? —
0.0097¢? — 0.002 (37 | 323:00-423.00 | 0-400.00 | NaCl | 1.000-5.000
k =—0224T% —
0.008TC% - 0.001 (38) | 323.00-413.00 | 0-200.00 | KClI 2.000-4.000
k=—0341T% —
0.012T¢% - 0,002 (30) | 313:00-374.00 | 0-800.00 | CaCl> | 1.000-4.000
k =—0237T% —
0.024T¢? - 0.001 (40) | 309:00-425.00 | 0-800.00 | MgCla | 1.300-5.000
NaCl+ | NaCl | 1.190
318.00 0-160.00 | Yo Frar T149
0 NaCl+ | NaCl | 1.900
Sun!® PR \‘;r(;“} Classic 308.00 0-160.00 | KCl+ | KCI | 1.490
1da CaCl, | CaCl, | 1.000
NaCl+ | NaCl | 2.850
y = 318.00 0-160.00 | KClH+ | KCI | 2.240
Lima @ g o ki — CaCl, [ CaCly | 1.500
1.045 (41) NaCl+ | NaCl | 1.900
328.00 0-160.00 | KCl+ | KCI | 1.500
CaCl, CaCl, | 1.000
NaCl+ | NaCl | 4.100
100.00- | KCl+ | KCI | 0.040
423.00 600.00 | CaCly+ | CaCl, | 0.200
MgCl> | MgCl, | 0.100
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328.00

0-200.00

NaCl+
KCl+
CaCl,

NaCl | 2.800
KCI | 2.200
CaCl, | 1.500
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2.2.2.2.y-p Models

In the y-¢ models, the activity coefficient models are applied to model the aqueous
phase, whereas the EOS models are used to characterize the vapor phase. Supporting
Information, Table S3 summarizes the thermodynamic models for the CO»-water/brine
mixtures based on the y-¢ approach. Li and Nghiem®® proposed a model to calculate the
phase equilibria of CO»-water mixtures and COz-water-NaCl mixtures using PR EOS*
and Henry’s law®!. The scaled particle theory®® was also applied to account for the effect
of salts on phase equilibria. Duan and Sun® developed a model by coupling Pitzer
activity coefficient formulation® and Duan et al.’s EOS® to calculate the solubility of
COz in both pure water and single-salt solutions. This model was then further modified
by Duan et al.%® using a non-iterative equation instead of an EOS to calculate the
fugacity coefficient of CO». This approach is shown to be accurate and efficient. Zhao
et al.®’ established an approach by combining Redlich-Kwong (RK) EOS®® with Pitzer
activity coefficient formulation® to calculate the mutual solubilities of the water-rich
phase and CO;-rich phase at a wide pressure range (0-2000 bar). This model was then

L 69

extended by Zhao et al.”” by considering the effect of different salts. Akinfiev and

Diamond’® developed a model for the CO»-water-NaCl system using both Akinfiev—

Diamond’' and Hill EOSs”® with Pitzer’s formulation®®. Springer et al.”

coupled the
modified mixed-solvent electrolyte thermodynamic framework with SRK EOS* to
calculate the CO» solubility in pure water, NaCl, KCIl and CaCl, aqueous solutions, and

water solubility in the CO»-rich phase. dos Santos et al.?® established a model using PR

EOS?° and Pitzer activity coefficient formulation®, and the performance of the
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proposed model was tested using the experimental data on single-salt and mixed-salt
solutions. Although Pfizer formulation is widely accepted in predicting CO- solubility
in brine, it requires a large database of system-dependent tunable parameters’. In
addition, the computational cost of the activity coefficients can be expensive when the
Pitzer activity coefficient-based models are applied in field-scale simulations’”. Models
based on the y-¢ approach have been widely used and obtained reasonably good results.
However, it should be noted that the y-¢p models cannot be used to predict the liquid
phase densities and the shift from VL two-phase equilibria to LL two-phase equilibria'®
73, It is also worth noting that the y-p models are incapable of predicting CO, solubilities
at critical and supercritical regions. When it comes to the near critical region, the
calculations results will begin to deviate from the experimental data, and will not
converge if temperature or pressure increases further®’. This is most likely due to the
fact that two different models are selected to model the CO»-rich phase and the aqueous

phase, and the strong non-ideality of water molecule near the critical point®”.

2.2.2.3. Empirical Correlations

Although abundant thermodynamic models have been proposed based on either the ¢-
@ approach or y-¢ approach, these models require iterative algorithms. In order to
increase the computational efficiency, several empirical correlations are proposed based
on the experimental data. Table 2-4 summarizes the correlations developed for
calculating the mutual solubility of the CO»-water/brine systems. Chang et al.”®

developed a correlation for predicting the solubilities of CO> in water and NaCl brine

and obtained satisfactory results. However, this correlation was proposed based on
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limited experimental data. Spycher et al.'> presented a correlation to predict the mutual
solubility of COz-water mixtures from 285.15 K-373.15 K and 0-600 bar. This model
is then extended by Spycher and Pruess’”7® to consider the effect of chloride salts”” and
to improve the accuracy of the correlation at elevated temperatures (up to 573.15 K)78,
Darwish and Hilal”® proposed a correlation to calculate the solubilities of CO> in NaCl
brine. Although this model shows good agreement with the experimental data, it
requires accurate experimental data of the CO; solubility in pure water at different
temperatures/pressures as input parameters to calculate the corresponding solubility in
brine. Sun et al.'? developed a correlation to calculate the mutual solubility of the CO»-
water/brine systems at 283.15 K-523.15 K and 0-2000 bar. The correlation can be also
used for mixed-salt solutions, making it more advantageous and versatile than other
empirical correlations. The prediction results can reproduce the mutual solubilities of
the CO»-water/brine systems, including those near the phase-transition zone. These
favorable features make the model developed by Sun et al.!? a preferable choice over
other similar models if one wants to apply the empirical solubility models in field-scale

multiphase-flow simulators.
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Table 2-4 Correlations for calculating the mutual solubility of the CO;-water/brine systems.

Year | Temperature (K) | Pressure (bar) Salt (s) | Salt Concentration (mol/kg)
% 313.15-373.15 0-758.42 Pure water
Chang et al. 1996 373 1537315 0-275.79 NaCl | 1.901-6.012
Spycher et al.'’ 2003 285.15-373.15 0-600.00 Pure water
- 303.15-363.15 0-600.00 NaCl 0.500-6.000
Spycher and Pruess™ | 2005 ™5,9715374.15 0-600.00 CaCly 1.05-3.95
Spycher and Pruess’® | 2010 285.15-573.15 1-600.00 NaCl 0-6.000
Darwish and Hilal” | 2010 323.15-523.15 0-2000.00 NaCl 1.000-4.000
283.15-523.15 0-2000.00 Pure water
278.15-573.15 1.90-600.00 NaCl 1.000-5.000
297.00-433.10 1.00-548.30 KCl 1.000-5.000
309.52-424.68 12.50-544.80 MgCl, 0.750-4.290
308.00-424.65 15.20-712.30 CaCl, 1.000-3.900
NaCl 0.589
318.15-328.15 0-300.00 NaCl+KCIl+CaCl, KCI 0.462
Sun et al. 2021 CaCl, 0.310
NaCl 0.857
318.15 0-300.00 NaCl+KCIl+CaCl, KCI 0.672
CaCl, 0.451
NaCl 4.119
KCI 0.040
323.15 0-300.00 NaCl+KCIl+CaCl,+MgClh CaCl, 0212
MgCl, 0.117
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2.3.Phase Behavior Measurements and Modeling for CO2-Oil Mixtures

CO: flooding is a practical method that is able to not only enhance oil recovery (EOR)
but also reduce the amount of greenhouse gas emissions by storing CO: in subsurface
formations, which makes it one of the most widely used CCUS methods that combine
the utilization and storage of CO.*’. Compared with aquifer storage sites, oil reservoirs
have better seal quality due to the fact that oil reservoirs are normally bounded by cap
rocks. Besides, since the pressure is low in depleted reservoirs, a significant amount of
COz can be stored. In addition, the solubility of COz in oil is generally higher than that
in water/brine. More importantly, the depleted oil reservoirs are well characterized,
which makes the evaluation of the CO> storage capacity more straightforward than that
in aquifers®'. However, this process involves complex phase changes that may influence
the effectiveness of CO: storage. In this section, we review the phase behavior

mechanisms that appear when storing CO: in depleted oil reservoirs.

2.3.1. CO: Flooding and Minimum Miscibility Pressure (MMP)

Solvent flooding has been proved to be an effective EOR method, especially if the
solvent and crude oil can reach miscibility at reservoir conditions®. There are different
solvents that can be used as injectants in the solvent flooding process, including air,
nitrogen, natural gas, CO», etc.®?. CO: flooding is the most popular solvent flooding
method due to its high oil recovery efficiency and the growing interest in CO>
sequestration. MMP is a key parameter in the design of the CO> flooding process.
Theoretically, if MMP could be reached, CO» will be completely miscible with oil and
the oil recovery rate can reach 100% since there will be no residual phases®. In order
to precisely calculate MMP, many theoretical and experimental studies have been

conducted.
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Different experimental methods have been proposed over the past few decades to
determine MMP, including the rising bubble method, the vanishing interfacial tension
method, and the slim-tube method®* 34, Among these experimental methods, the slim
tube test is the most accepted in the petroleum industry®. Table 2-5 summarized the
experimental studies that measure the MMPs between CO» and different oil samples in
the range of 294.82 K- 388.71 K. These experimental studies indicate that, in general,
MMP increases with an increase in temperature, the molecular weight of the Cr+
fraction in a crude oil, and the molar ratio of the light components to medium

components in a crude oil.

Table 2-5 MMP measurements between CO; and crude oil.

Number of
Year Temperature range (K) data points

Holm and O'Brien®’ 1971 330.37 1
Rathmell et al.3¢ 1971 312.55-358.75 3
Jacobson®’ 1972 359.82 1
Dicharry et al.%® 1973 305.35-330.35 3
Holm and Josendal® 1974 294.82-360.93 9
Metcalfe and Yarborough” 1974 315.95 1

Yellig and Metcalfe’! 1980 308.15-362.04 14
Spence and Watkins®? 1980 313.20-316.00 2
Graue and Zara” 1981 307.55-344.26 3
Gardner et al.** 1981 316.00 1
Orr and Taber”” 1981 305.40 1
Holm and Josendal®® 1982 330.35 1
Metcalfe’’ 1982 391.45 1
Henry and Metcalfe’® 1983 344.25 1
Thakur et al.”’ 1984 322.05 1
Alston et al.'® 1985 340.95-383.15 5
Sebastian et al.!! 1985 314.20 1
Husodo et al.'?? 1985 373.20 1
Eakin and Mitch!'?? 1988 355.37-388.71 4
Chaback et al.'™ 1989 327.59-377.59 4
Haynes and Alston'® 1990 346.48 1
Khan et al.'% 1992 313.71-316.48 2
Zuo et al.'" 1993 359.20 1
Shelton and Yarborough!'® 1997 307.55 1
Xue et al.'” 1997 332.15 1
Dong et al.''° 2001 332.15 1
Jaubert et al.!!! 2002 377.55 1
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Sun et al.'? 2006 339.15-379.15 2
Al-Ajmi et al.' 2009 363.71-365.37 2
Liet al ' 2012 372.15-381.55 4

Although various experimental methods are capable of measuring the MMPs between
CO; and oil at different temperatures, they are still expensive and time-consuming''*,
Therefore, many efforts have been paid to develop accurate models for MMP
predictions. The MMP prediction models are mainly based on three methods: the slim
tube compositional simulation method, method of characteristics (MOC) and multiple-
mixing-cell method (MMC)®. The slim tube compositional simulation method
simulates the slim tube experiment in a fine one-dimensional compositional simulation
model, and the MMP can be determined by identifying the inflection point on the
recovery factor curve as a function of pressure®* !>, Although the slim tube
compositional simulation method is able to effectively and accurately determine the
MMPs, this method can be computationally demanding®. The MOC method is
developed based on the analytical solution of the n-1 key tie lines (# is the number of
components in the mixture), and the MMP is considered to be reached when the length
of any of the key tie lines is zero''®!". However, this method could converge to a wrong

key tie line and thus lead to inaccurate results®.

Compared with the slim tube compositional simulation method and the MOC method,
the MMC method has a broader application scope due to its simplicity and accuracy.
There are mainly two MMC approaches that are widely accepted. The first approach is
a simplified version of the slim tube compositional simulation method, in which the
flow dynamics in the slim tube simulation are neglected!'>. This method was first
proposed by Metcalfe et al.'' and later modified by Jaubert et al.'?. Figure 2-3 shows

the simulation workflow proposed by Jaubert et al.'?°. It can be seen from Figure 2-3
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that the cells are connected with each other and filled with oil. A certain amount of gas
is injected into the first cell. After that, a two-phase VL equilibrium calculation is
conducted at given temperature and pressure conditions to calculate the excess volume
of gas, which will be moved to the second cell®. After the first batch of injection, this
process is repeated until the given volume of gas is injected. The calculation will be
performed at different pressures, and the MMP is considered to be reached when the oil
recovery rate is larger than 97%. Recently, Xu and Li* improved Jaubert et al.’s
method'?° by introducing a new mechanism, in which a cell is divided into two equally
large sub-cells to improve the computational efficiency. Xu and Li®** also proposed a
new pressure search algorithm to accurately predict MMP when the MMP between oil

and injection gas is lower than the saturation pressure.

Excessive fluid Excessive fluid Excessive fluid

Injection gas Production

Cell 1 Cell 2 Celln-1 Celln

Fig. 2-3 Simulation workflow of the MMC method proposed by Jaubert et al.'?’. This
chart is adapted from Jaubert et al.'?°.

Ahmadi and Johns'?! proposed another MMC approach to predict the MMPs, which is
independent of the relative permeability and the volume of cells and injection gas®® 2!,
In their method, the first contact happens between two cells, which are filled with oil
and injection gas, respectively. Negative two-phase VL flash!'?* 123 is applied during the
first contact, and two more cells were subsequently obtained. Note that since the gas
phase moves faster than the liquid phase, the equilibrium gas phase should always be
put ahead of the liquid phase®® 12!, After that, neighboring cells are contacted with each
other until n-1 tie lines are obtained. This process is repeated at different pressures, and

the MMP will be reached when the minimum tie-line length becomes zero. Recently,

Li and Li* modified the MMC method by incorporating the asphaltene-precipitation
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effect. Figure 2-4 shows a schematic of the modified MMC method considering the
asphaltene-precipitation effect. Such modified MMC code could be used to evaluate the

MMP between CO; and asphaltene-containing crude oils.

IE 15t contact

. ey
[ [ Three-phase VLS
Il _ __ _ _ JI equflﬁi:b?il.ilslecalculation
=7
EI 27 contact
L J L J
T e o= | Three-phase VLS
l_ __ _ _ t _ _ _ _: equ?lfi:biili:lecalculation

Mm—  — T = T  — hree-ph.
: gqéi?b?it?rflec\ajlléilation

|§| Ntk contact
T 1 / 4

Condensing Combined condensing Vaporizing
drive and vaporizing drive drive

Fig. 2-4 Schematic of the modified MMC method!?! considering the asphaltene-
precipitation effect®. G: injection gas; O: oil; X: equilibrium liquid phase; Y:
equilibrium vapor phase; S: solid asphaltene phase. Reproduced with permission from
ref. 83. Copyright (2019) American Chemical Society.

In order to further simplify the calculation of MMPs between CO; and oil, different
MMP correlations are proposed based on the reservoir conditions and oil properties.
Table 2-6 shows ten MMP correlations that are widely used to predict the MMPs
between CO; and oil. It can be seen from Table 2-6 that the correlations proposed by
Lee!?*, Yelling and Metcalfe®!, and Orr and Jensen'?® are solely based on the reservoir
temperature, while other correlations are normally also based on the molecular weight
of the Cs+/C7+ component and oil compositions. It should be noted that although
empirical correlations can provide a fast prediction of the CO»-oil MMPs, the
correlations are fitted based on limited experimental data. Therefore, they cannot
replace the experimental and simulation methods, which could provide relatively

accurate predictions of MMPs for specific scenarios. Lastly, interested readers can refer
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to a recent review paper written by Dindoruk et al.'*® to obtain more detailed

descriptions of the various aspects related to the measurement and modeling of MMP.

Table 2-6 Correlations for calculating MMPs of COz-oil systems. Tx: reservoir
temperature; MW: molecular weight; x;yr: mole fraction of intermediate components
including CO», H,S, and C»-Cs; X;y7,: mole fraction of intermediate components
including CO», H»S, and C2-Cs; xyor: mole fraction of volatile components including
N2 and CH4; aj-ao, Agn, — Azy,: empirical coefficients; x,,: the nth independent variable
(such as Tkr).

Reference | Year Correlation
. MMP = 0.11027(1.8T,
CTOHQUISt127 1977 + 3(2)O.7§-4206+O.0011038MW(35++0.0015279C1
Lee' | 1979 MMP = 7.3924 x 102772~ [1519/(492+18T)]

MMP = 12.6472 + 0.01553(1.8T; + 32)

Yellig and 1980 + 1.24192 % 10_4(1.8TR + 32)2
Metcalfegl 71694’27
(1.8Tx + 32)
Orrand | g0, _ (1091 e oT T3
Jensen MMP = 0.101386 X e
MMP
= 5.5848 — 2.347 x 0.01MW,,,
Xy > 18% | + 11721
X 1071 MW, 373 7868MW e ~19%% (1 g1
128 + 32)
Glaso 1985 MMP
= 5.5848 — 2.347 x 0.01MW,,,
xivr < 18% | + 11721
X 10" MW, , 373786 8MWcr 1058 (1 g7
+32) — 83564 X 0.1x;y7
MMP
= 6.0536
P, = 3.45 bar x 1076(1.8Tg
X
Alston'® | 1985 + 32)1'06(1‘/1W65+)1'78(xvi)o'136
INT?
MMP = 6.0536
P, < 3.45 bar X 1076(1.8Ty
+ 32)1.06(MWC5+)1.78
MMP
= 5.0093
P, > 3.45 bar x 107°(1.8Tg
Emera ellgd 2004 + 32)1.164(MWC5+)1.2785(xVOL)0.1073
Sarma XINT!
MMP = 5.0093
P, < 3.45 bar x 1075(1.8T
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MMP = al + azMWC7+ - a3x1NT

XINT
+ <a4 + aSMWC7+ + a6 F) (1.8TR

c7+
2005 +32)

+ (a; + agMWyy — agMW,,°
— ayox;nr ) (1.8Tg + 32)?
MMP = —0.0686162% + 0.3173322 + 4.9804z + 13.432
8

Yuan et
al 130

Shokir®' | 2007 Z= Z Zn
n=1
Zn = A3‘I‘Lx13‘; + Aanrzl + Ainxn + Aon

MMP = 7.30991
x 1075[In(1.8Tx
Liet al‘114 2012 + 32)]5.33647 [ln(MWC7+)]2'08836(1
+ M)o.zmess
XINT!

2.3.2. Phase Behavior Measurements and Modeling for CQO2-Oil Mixtures at
Low-Temperature Reservoirs or Heavy Oil Reservoirs
The CO»-crude oil mixtures can be commonly encountered when we try to store CO»
in the depleted oil reservoirs. In the past, a lot of experimental efforts have been devoted
to quantify the two-phase equilibria and minimum miscibility pressure of CO»-oil
mixtures. In general, the phase behavior involving only two phases is well understood.
In the last several decades, it has been observed by several experimental studies that
VLco2Lnc three-phase equilibria can appear in low-temperature oil reservoirs or heavy
oil reservoirs. Such low-temperature reservoirs can be found in West Texas and New
Mexico in US, Alberta and Saskatchewan in Canada®® !*2. Figure 2-5 shows some
digital images of the CO» (83.2 mol%)-C3Hg (11.8 mol%)-heavy oil (5 mol%) mixture
captured by Li et al.'* at 298.55 K and different pressures. Their experiments tried to
quantify the phase behavior mechanisms associated with the co-injection of CO» and
CsHg for heavy oil recovery in Canada. It can be observed from Figure 2-5 that the

phase behavior of CO»-crude oil mixtures at low temperatures is complex since such
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mixtures may exhibit either vapor-liquid (VL) equilibrium, Lco2Luc equilibrium or

VLcozLuc equilibrium.

Fig. 2-5 Digital images of typical phase equilibria captured for the C3Hs— CO>—heavy
oil system (mixture 3): (a) LiL2 phase equilibrium at 298.55 K and 6501 kPa, (b)
LiL>V phase equilibrium at 298.55 K and 5538 kPa, and (c) L1V phase equilibrium at
298.55 K and 5306 kPa. L;: hydrocarbon-rich liquid phase; L>: COz-rich liquid
phase!¥. Reproduced with permission from ref. 133. Copyright (2013) American
Chemical Society.

Experimental measurements of the COz-crude oil/hydrocarbon mixtures have been
carried out for the last few decades. Table 2-7 shows an overview of the experimental
studies of the CO;-oil mixtures that measured the equilibrium phase compositions of
different phases or the phase boundaries in the range of 293.15 K-322.04 K and 0 bar-
558.60 bar. The appearance of two liquid phases is reported in these studies. Ideally,
during CO> EOR and storage, we should inject CO, at pressures higher than the
minimum miscibility pressure between CO; and crude oil. But if two immiscible liquid
phases appear, we may not be able to achieve miscibility between CO> and crude oil.
Hence, we have to carefully investigate how the appearance of three-phase equilibria
affects the oil recovery efficiency as well as the CO> storage capacity via solubility
trapping. Luckily, even in the case of three-phase equilibria, CO> can have a large
solubility in the oleic phase and can extract a large amount of oleic components into the
COas-rich phase.
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Table 2-7 Phase behavior measurements of CO»-oil/hydrocarbon mixtures.

Phases
Year | Temperature (K) | Pressure (bar) Tested

Raﬂ;}‘;ﬁ" “ 1 1971 315.93 82.74-206.84 | VLcosLuc
HT“rZ‘;lgl f};‘zd 1974 305.37 27.58-87.22 VLcozLic

Shelton and
Yarborough® | 177 307.59 41.37-344.74 | VLcosLic
Gardner et al.® | 1981 313.71 93.08-137.90 | VLcosLuc
Orretal'® | 1981 | 294.26-305.37 0-206.84 VLcosLic
J(:;Z :n“lﬁls 1984 | 305.37-322.04 0-344.74 VLcozLc
Lietal’™ | 2013 | 288.65-309.55 37.54-67.18 VLcosLic
Ghafrieral® | 2014 | 298.15-316.30 0.11-360.52 VLcosLic
Lucas efal.’®” | 2016 | 293.15-313.15 | 55.30-250.10 | VLcosLuc
S'mg;’f;“' @ 12020 | 293.60-30330 | 58.10-558.60 | VLcoaLuc
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Fig. 2-6 PT and Px phase diagrams of oil sample G: (a) PT phase diagram with 70
mol% COz injection; (b) Px phase diagram with CO; injection at 307.59 K!*°,
Reproduced with permission from ref. 139. Copyright (2021) SPE.

Thermodynamic models of the COz-crude oil systems at low temperatures play an
important role in designing the EOR and CCUS process. Figure 2-6 shows the PT and
Px phase diagrams of oil sample G. The compositions of oil sample G are measured by
Khan et al.'%. It can be seen from Figure 2-6 that two liquid phases will appear at low
temperatures during the process of CO; injection into the oil reservoir. Table 2-8 shows
the three-phase VLcoz2Luc equilibrium calculation results of oil sample G at 75 bar and
307.59 K with 90 mol% CO:z injection. It can be concluded from Table 2-8 that high
CO> concentrations (92.6474411% and 60.7325336%) can be observed in both Lcoz
and Luc phases. This indicates that after the CO> flooding process, the residual oil left

over in the reservoir has a large CO; storage potential.
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Table 2-8 Three-phase VLco2Luc equilibrium calculation results of oil sample G at 75
bar and 307.59 K with 90 mol% CO; injection. The calculations are made using the

thermodynamic model and three-phase flash algorithm presented in Lu et al.'®?
Composition of | Composition of the Composition of
the vapor phase, | lighter liquid phase, | the heavier liquid
mol% mol% phase, mol%
CO, 94.6995909 92.6474411 60.7325336
Ci 24110212 1.3860122 0.8468895
Cas 1.9378638 2.3405775 3.0057743
Phas.e. Cuas 0.7812128 1.8633012 4.3151940
composition
Cri4 0.1685048 1.6119065 15.0990183
Cis.s 0.0018062 0.1499234 10.9727427
Cass 0.0000002 0.0008380 5.0278476
Phase fraction, 10.41 41.18 48.40
mol%

Table 2-9 summarizes the thermodynamic models for the CO:-oil/hydrocarbon
mixtures. Fussell'* developed a technique to conduct three-phase VLco2Luc
equilibrium calculations by incorporating RK EOS® and minimum variable Newton-
Raphson (MVNR) methods'*. The results show that although the calculated VLco2Luc
three-phase region is smaller than the measured one, the calculated phase boundaries

have the same general trend as the measured phase boundaries. Similar research was

/ 141 142

also conducted by Mehra et al.'*! and Risnes and Dalen'*?. Nghiem and Li'*® proposed
a more general method was using PR EOS*°. The quasi-Newton successive-substitution
(QNSS) method!* is applied in their multiphase flash calculations, and the stability test
is used to give initial guesses. The calculation results are compared with the measured

ones, the performance of the proposed method is satisfactory.
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Although the aforementioned methods are shown to be able to capture the phase
boundaries of the CO»-o0il mixtures, convergence problems are frequently encountered
in the phase equilibria calculations. In order to avoid this problem, Petitfrere and
Nichita!®, Pan et al.'*® and Lu et al.'** developed efficient and robust algorithms for
three-phase VLco2Luc equilibrium calculations using the trust region method. Tens of
millions of points are tested using these algorithms and not a single failure is
encountered, which shows that these algorithms are robust and can be applied in
compositional simulators for CO> injection in low-temperature reservoirs. A more

specific review of these robust algorithms will be shown in Section 2.4.1.

Table 2-9 Thermodynamic models for the CO»-oil/hydrocarbon mixtures.

Year EOS Temperature (K) PI;ES::})N
Fussell'*? 1979 RK 307.55 41.37-96.53
Mehra et al.'*! 1982 PR 294.26 0-193.05
Risnes and Dalen!*> | 1984 PR+RK 294.26-307.59 40.00-100.00
Nghiem and Li'* 1984 PR 283.15-322.04 34.47-241.32
Petitfrere and
Nichita!4s 2014 PR 178.80-307.60 0-100.00
Pan et al.'*¢ 2019 PR 301.48-316.48 65.00-300.00
Lu et al.'¥ 2021 PR 178.80-316.48 0.10-120

2.3.3. Phase Behavior Measurements and Modeling for CO:2-Asphaltic Oil
Mixtures

During the process of CO> flooding and CO> storage in depleted oil reservoirs, the

precipitation of asphaltene can appear frequently due to the composition change of

reservoir fluids. Figure 2-7 shows the Px phase diagrams of an asphaltic oil with impure

COz (CO2 94.45 mol%, N3 2.68 mol%, C; 2.87 mol%) injection generated by Li and

Li'*7. The compositions of the asphaltic oil and the injection gas are measured by

Srivastava et al.'*®. It can be seen from Figure 2-7 that the impure CO> injection can
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significantly affect the phase behavior of reservoir fluids and induce asphaltene
precipitation. Thus, the VLS three-phase equilibria must be considered to better design

the CO> flooding and storage process.
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Fig. 2-7 Px phase diagrams of an asphaltic oil with impure CO,'¥". Reproduced with
permission from ref. 147. Copyright (2019) American Chemical Society.

2.3.3.1. Phase Behavior Measurements for CO2-Asphaltic Oil Mixtures

The asphaltene precipitation measurements are normally conducted by using the
gravimetric technique, acoustic resonance technique, light-scattering technique,
filtration technique, electrical conductivity measurement technique, viscometric
determination technique or through filtration experiments'#’. Table 2-10 summarizes
the experimental studies about the effect of CO» injection on asphaltene precipitation
from asphaltic crude oils in the range of 277.59 K-394.00 K, 118.31 bar-758.42 bar and
0.58 mol%-80.28 mol% CO,. The experiments conducted by Srivastava et al.'*®
focused on the asphaltene precipitation amount, while the experimental studies of

Gonzalez et al.'>®, Memon et al.'>! and Punnapala and Vargas'>? focused on the
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asphaltene precipitation onsets. The experimental studies shown in Table 2-10 are of
high quality and have been widely used to validate the various thermodynamic models
dedicated to asphaltene precipitation prediction. It should be pointed out that the
asphaltene-related phase behavior measurements on CO»-o0il mixtures are normally
conducted at relatively low temperatures. More experiments should be carried out to
investigate the effect of CO> injection on asphaltene precipitation at higher

temperatures.

Table 2-10 Phase behavior measurements for CO»-asphaltic oil mixtures.

Year Temperature (K) | Pressure (bar) Concgrglz‘ation
(mol%)
Srivzzﬁ?,f aet | 1999 332.15-336.15 160.00 0.58-80.28
G“"‘ﬁiﬁz | 2012 | 2775937093 | 118.31-758.42 10.00
Memon et al.'>' | 2012 363.15 247.00-440.00 | 6.03-15.08
P “‘;,‘;i‘;:l?si‘“d 2013 355.00-394.00 | 363.00-490.00 | 20.00-30.00

2.3.3.2.Phase Behavior Modeling for CO2-Asphaltic Oil Mixtures

There are mainly two approaches to model asphaltene precipitation: consider the
asphaltene phase as a solid phase or a high-dense liquid phase. The thermodynamic
models for COz-asphaltic oil mixtures are summarized in Table 2-11. Punnapala and
Vargas'>? developed a model using the liquid assumption for predicting asphaltene
precipitation under CO; injection using PC-SAFT EOS>? with a novel characterization
method for asphaltene. The adjustable parameters will be further reduced compared
with the method proposed by Panuganti et al.'. Arya et al'>* compared the
performance of SRK EOS*, SRK EOS with Huron-Vidal mixing rule** and CPA EOS*’
in phase behavior modeling for CO»-asphaltic oil mixtures by assuming asphaltene

phase as a liquid phase. The results show that the Huron-Vidal mixing rule*® has no
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advantage in predicting asphaltene precipitation. Compared with SRK EOS*, CPA
EOS* gives a more reliable prediction of asphaltene precipitation onsets. Li and Li'¥’
built a robust algorithm that combines PR EOS*° with the solid model proposed by
Nghiem et al.'> to calculate the vapor-liquid-asphaltene (VLS) three-phase equilibria
under isothermal conditions. The algorithm is shown to be robust and efficient. The
model is then improved by Chen et al.'*% 7 to account for the effect of temperature on
asphaltene precipitation. The liquid assumption is also adopted by Abutagiya et al.!*8
to compare the performance of PC-SAFT EOS*? with that of PR EOS*® in calculating
asphaltene precipitation onset pressure and concluded that results yielded by PR EOS*

are as good as that of PC-SAFT EOS>? if the oil samples are characterized properly.

Table 2-11 Thermodynamic models for the COz-asphaltic oil mixtures.

Year EOS Temperature (K) | Pressure (bar)
Pumnapalaand | 5,3 | po gapr | 283.15-477.59 0-965.27
Vargas
Aryaetal’™ 2017 SRK 250.00-500.00 0-1000.00
Aryaetal’™ [2017| CPA 250.00-500.00 0-1000.00
Liand Li'" [2019] PR 332.15-373.15 0-400.00
APUGANA | 2020 | PC-SAFT | 310.93-477.59 0-1034.21
Ab“;‘;‘};g aet 17020| PR 310.93-477.59 0-1034.21
Chen et al.’ [ 2021 PR 300.00-900.00 0-1000.00
Chen et al.'” [ 2022 PR 300.00-1200.00 0-1300.00

2.4. Robust Multiphase Equilibrium Calculation Algorithms

2.4.1. VLco:Luc Three-Phase Equilibrium Calculation Algorithms

Three-phase VLco2Luc equilibria are very common in the process of CO; flooding and
CO storage in depleted oil reservoirs. As pointed out by Pan et al.'*¢ and Li'%, three
concerns must be addressed in order to build a robust three-phase VLco2Luc

equilibrium calculation algorithm. Firstly, good initial values of the equilibrium ratios
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are necessary, especially the one related to the appearance of the second liquid phase.
To solve this problem, a robust and efficient stability test must be developed!*.
Secondly, the two-phase equilibrium calculation results must be checked to prevent
yielding the trivial two-phase equilibrium and thereby leading to a trivial three-phase
equilibrium. This requires one to conduct two-phase flash calculations with different
initial equilibrium ratios to yield the two-phase equilibrium with the minimum Gibbs
free energy!*”- 1%, Thirdly, a hybrid algorithm is required to ensure the robustness of the
algorithm. This issue could be solved by using different equation-solving and

optimization methods'>.

The first systematic multiphase flash approach was proposed by Michelsen!®’. To
improve the robustness of the three-phase VLco2Luc equilibrium calculations, Li and
Firoozabadi'®! developed a general initialization method for both stability tests and
flash calculations. In traditional phase equilibrium calculations, Newton’s method is
normally applied with the initial value provided by the successive substitution method.
Although fast convergence can be reached by using these two methods, the convergence
problem can frequently appear in the near-critical regions or along with the stability test

limit locus'®. To overcome this limitation, Petitfrere and Nichita'®

proposed a trust-
region method for both stability tests and flash calculations. They also suggested that
the developed trust-region method should be applied when Newton’s method failed!*.
Inspired by Petitfrere and Nichita’s study'®, Pan et al.!* proposed a trust-region-based
pressure-temperature (P7) multiphase equilibrium calculation algorithm. Figure 2-8
shows the flow chart of this algorithm. It can be seen from Figure 2-8 that the two-
phase flash is first conducted after the single-phase stability test. After that, the stability

test will be conducted on both phases yielded by the previous flash calculations. If the

result of the stability test is unstable, a three-phase flash will follow. Different
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initialization methods will be tried if the flash calculation failed. In order to validate the
robustness of the algorithm, nine different fluids were selected to generate the entire Px
phase diagrams. Not a single failure was encountered during the calculation of tens of
millions of points, which shows that the proposed algorithm is applicable in
compositional simulators to model the phase behavior of CO»-crude oil mixture in low-

temperature reservoirs.
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Fig. 2-8 Flowchart of the multiphase PT equilibrium calculation algorithm proposed
by Pan et al.'*®. Reproduced with permission from ref. 139. Copyright (2021) SPE.

Although great strides have been made in PT multiphase equilibrium calculations,
algorithms with volume-temperature (V'7) specifications for the CO2-crude oil mixture
in low-temperature reservoirs are still missing. 7 multiphase equilibrium calculation
algorithms are proved to be also robust and efficient in compositional simulators'®’.

Besides, such algorithms can be applied to help the design of storage tanks and the
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separation process'>’. Based on the work done by Pan et al.'*, Lu et al.'*° proposed a
robust VT multiphase equilibrium calculation algorithm to model the phase behavior
COs-crude oil mixture in low-temperature reservoirs and the flow chart of such
algorithm is shown in Figure 2-9. It can be seen from Figure 2-9 that a nested approach
is applied to build such an algorithm. The trust-region-based PT algorithm developed
by Pan et al.'* is employed in the inner loop to calculate phase fractions and the
compressibility factors of each phase, while Brent’s method is called in the outer loop
as an equation-solving algorithm to calculate the value of pressure at certain volume
and temperature. This algorithm is then tested using several different reservoir fluids,

and the results show that it is a robust VT three-phase equilibrium calculation algorithm.
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Fig. 2-9 Flowchart of the multiphase VT equilibrium calculation algorithm proposed
by Lu et al.'*°. Reproduced with permission from ref. 139. Copyright (2021) SPE.

2.4.2. VLA Three-Phase Equilibrium Calculation Algorithms

The procedure of VLA three-phase equilibrium calculation is similar to that of the three-

phase VLco2Luc equilibrium calculation. However, since the aqueous phase mainly
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consists of water, the initialization method of the stability test needs to be modified,

which can be shown as!'¢!:

KiST — {KiWilson’ 1/KiWilson’ ?’\/Kiwilson’ 1/3\/KiWilson’ KiHZO} i=12.., Ne (42)

_ —15
(112—0')11- = H,0
where K120 = (10_115) (43)
(ne-nyz; L 7 H20
Equation (43) is then modified by Connolly et al.'®* as:
0.:99,1. — H,0
KH?0 = L (44)
l O i # H,0
(nc—1)z;

To further simplify the VLA three-phase equilibrium calculation approach, the free-

water assumption is proposed by Tang and Saha'?

, in which the aqueous phase contains
only water. However, this assumption cannot be applied if CO; exists in the system due
to the fact that the solubility of CO: in the aqueous phase cannot be ignored. In this
case, Pang and Li'%* developed an augmented VLA three-phase equilibrium calculation
algorithm, in which the aqueous phase is considered only to contain water and COo.

This approach is shown to be robust and more efficient than the full three-phase VLA

equilibrium calculation algorithm.

2.4.3. VLS Three-Phase Equilibrium Calculation Algorithms
Compared with the three-phase VLco2Luc equilibrium calculation, much fewer efforts
have been paid in developing robust three-phase VLS equilibrium calculation

algorithms. Li and Li'*’ developed an algorithm to perform robust VLS three-phase
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equilibrium calculations. A new initialization method based on Li and Firoozabadi’s

work!'®! for equilibrium ratios in stability tests is proposed:

KiST — {KiWilson’ 1/KiWilson’ ?’\/Kiwilson’ 1/3\/Kiwuson' KiCOZ_NS, KiCOZ_S} (45)

ST i S . : o
where K. represents the initial equilibrium ratio of component i used for stability tests.

K™ tepresents the equilibrium ratio of component i calculated by Wilson equation

and can be shown as!'%:
i P T¢i
KY1son = P oxp [5.37(1 + w) (1 - 22)| 46)

where P and P, represent pressure and the critical pressure of component i,
respectively; 7 and 7. represent temperature and the critical temperature of

component i, respectively; and w; represents the acentric factor of component i.
KiCOZ_NS and KiCOZ_S can be calculated by'*’:

C0,—-NS _ 0.8/z;,i =2
Ki B {[0.2/(c —1)]/z;,i # 2 (47)

O.8/Zi,i =2
_ 1078/2,i = ¢ (48)
[(0.2—-10"8)/(c —2)]/z;,i+# 2andc

C0,-S
K;

where 2 and c¢ represent components CO2 and asphaltene, respectively. Empirical
initialization methods are also proposed for flash calculations and one can refer to the

original paper for details. Li and Li'¥’

also proposed two different VLS three-phase
flash calculation algorithms and incorporated them into the VLS equilibrium

calculation algorithm to enhance the robustness. This algorithm is validated by
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generating Px phase diagrams with both pure and impure CO; injection and is shown

to be able to converge at all test points.

2.4.4. Four-Phase Equilibrium Calculation Algorithms

Other than two-phase equilibria and three-phase equilibria, four-phase equilibria can
also be relevant to the process of CO: storage in subsurface formations. For example,
water could present when we try to store CO; in depleted low-temperature oil reservoirs,
in which VLco2LucA four-phase equilibria should be considered. VLco2LucS four-
phase equilibria could appear during the process of storing CO> in asphaltic oil
reservoirs. Figure 2-10 shows the Px phase diagram of oil sample G with CO; injection.
The water content in the oil sample G is set as 30 mol%. It can be seen from Figure 2-
10 that the VLco2LucA four-phase equilibria can also appear during the CO; flooding
and COz storage processes. Despite the fact that four-phase equilibria can be commonly
encountered, much fewer studies are focusing on this research area. The most important
reason is that four-phase equilibrium calculations can be much more complicated than

159 there are

those for the two-phase and three-phase equilibria. As pointed out by Li
four possible types of three-phase equilibria and six types of two-phase equilibria that
may appear during the four-phase equilibrium calculations. Although thermodynamic
models for four-phase VLco2LucS equilibrium calculation are still missing, several
four-phase VLco:LucA equilibrium calculation algorithms have been proposed in
recent years. Enick et al.'® built a VLco2LucA four-phase flash calculation algorithm
by using a stabilized successive-substitution method. A four-phase VLco2LucA

equilibrium calculation algorithm was proposed by Mohebbinia ez al.'®’

using a reduced
method. A complex initialization method was also developed by Mohebbinia et al.'®’ to

improve the robustness of this algorithm. Such an algorithm is proved to be much faster

during the construction of the Jacobian matrix and more efficient when the fluid has a
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large number of components. The reduced method was also used by Imai et al.!® to
conduct four-phase VLco2LucA equilibrium calculations. By using the trust region
method, the proposed algorithm is shown to be robust without using the initialization

approach proposed by Mohebbinia et al.'®’.
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Fig. 2-10 Px phase diagram of oil sample G with CO; injection. The water content in

the oil sample G is set as 30 mol%. The calculations are made using the
thermodynamic model presented in Lu et al.'®?

2.5. Conclusions

We perform a review on the phase behavior mechanisms associated with CO, storage
in subsurface formations. Both the experimental studies and the modeling studies are
included in this review. Based on the review, the following conclusions can be drawn

from the calculation results:

e Although sufficient experimental studies have been conducted to measure the

solubilities of CO> in water, the composition of the CO»-rich phase is still not
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well characterized experimentally. Accurate measurements of the vapor phase

composition are still required at different pressure/temperature conditions.

More experimental data of CO> solubility in sulfate aqueous solutions at high
pressure/temperature conditions and that in mixed-salt solutions are required to
help develop, as well as validate, thermodynamic models dedicated to

COy/brine mixtures.

In general, the increase in salt concentrations yields a lower CO; solubility,
implying that a saline aquifer with a lower salt concentration can potentially

help to store more CO; via the solubility trapping mechanism.

The performance of different thermodynamic models in predicting the mutual
solubilities of CO2-water/brine mixtures based on the @-¢ approach is strongly

related to the selection of BIPs, a-functions and mixing rules, rather than EOSs'?.

Thermodynamic models dedicated to predicting the solubilities of CO; in brine
based on the @-¢ approach can only consider the effect of certain types of salts.
A universal p-p-approach-based model remains to be developed to precisely

calculate the solubility of CO: in different types of brine.

The y-¢ models are incapable of predicting CO2 solubilities at critical and
supercritical regions. When it comes to the near-critical region, the calculations
results will begin to deviate from the experimental data, and will not converge

if the temperature or pressure increases further®’.

Compared with aquifer storage sites, oil reservoirs should normally have a
better sealing quality since oil reservoirs are more often bounded by cap rocks.

Besides, since the pressure is low in depleted reservoirs, a significant amount of
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CO2 can be stored. Moreover, the solubility of CO; in oil is generally higher
than that in water/brine. More importantly, the depleted oil reservoirs are well
characterized, which makes the evaluation of the CO» storage capacity more

straightforward than that in aquifers

e Three-phase VLcozLuc equilibria and four-phase VLco2LucA equilibria can be
encountered during CO> injection into low-temperature oil reservoirs. A high
CO; concentration can be observed in both Lcoz2 and Luc phases. This indicates
that, after the CO; flooding process is completed, the residual oil left over in the

reservoir can help store a large amount of CO» in the depleted reservoir.

e During the process of COz flooding and CO; storage in asphaltic oil reservoirs,
the precipitation of asphaltene can appear frequently due to the compositional
change of reservoir fluids. As such, multiphase equilibria up to four phases can
show up in the reservoir pore spaces. The precipitation of asphaltene can pose a

significant effect on the flooding efficiency as well as the CO> storage efficiency.

e Although a few studies in the literature have developed thermodynamic models
and algorithms dedicated to four-phase VLco2LucA equilibrium calculations'®?,
less attention has been paid towards VLco2LucS equilibria. Thus, more efforts
should be made to build robust algorithms for four-phase VLco2LucS
equilibrium calculations. Besides, PVT experiments should be conducted to
measure the four-phase equilibria that may exist and provide valuable
experimental data to validate the corresponding four-phase equilibrium

calculation models.

Supporting Information
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The Supporting  Information is  available  free =~ of  charge  at

https://pubs.acs.org/doi/10.1021/acs.iecr.2c00204.

Phase behavior measurements on CO>-water mixtures (Table S1); phase behavior
measurements on COz-water-single salt mixtures (Table S2); thermodynamic models
for describing the phase behavior of COz-water/brine mixtures based on the y-¢

approach (Table S3)
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CHAPTER 3 AN IMPROVED VAPOR-LIQUID-ASPHALTENE
THREE-PHASE EQUILIBRIUM COMPUTATION
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A version of this chapter has been published in Fluid Phase Equilibria.
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Abstract

Asphaltene precipitation is one of the major flow-assurance problems in petroleum
engineering. Asphaltene precipitation in the reservoirs can lead to formation damage,
while asphaltene precipitation in the production tubing can reduce the production rate
and even plug the production tubing. It may occur to the naturally produced oil
experiencing pressure/temperature changes or during gas injection processes (e.g., CO»
flooding) for enhanced oil recovery. It is a prerequisite to accurately predicting under
what conditions asphaltene precipitation will occur and how much precipitates if it
occurs in order to better predict and control flow assurance problems due to asphaltene
precipitation. In this work, a robust three-phase vapor-liquid-asphaltene precipitation
algorithm is developed. To make the algorithm more robust and effective, the new
algorithm is built based upon two previously proven works: the asphaltene precipitation
model proposed by Kohse ef al. (1993) which considers the effects of pressure,
temperature and gas injection on asphaltene precipitation, and the initialization method
and algorithm developed by Li and Li (2019) which does not consider the effect of
temperature on asphaltene precipitation. The algorithm is validated using the asphaltene
precipitation data measured by Jamaluddin et a/. (2000 and 2002) and Gonzalez et al.
(2004). As for the first two oil samples (Jamaluddin et al., 2000 and 2002), both the
onset conditions and the amounts of asphaltene precipitation are computed with the
consideration of varied pressure-temperature conditions and the injection of different
gases. The pressure-temperature (P7) phase diagrams and the pressure-composition (Px)
phase diagrams are drawn to illustrate the calculation results. Our algorithm is shown
to be converged at every test point involved in the three-phase equilibrium calculations
for constructing the P7 and Px phase diagrams. After being calibrated using the

measured asphaltene onset data for the second and third oil samples, the three-phase
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VLS equilibrium calculation algorithm is shown to be capable of making reliable
predictions of the PT phase diagrams with gas injection and the precipitated asphaltene

amounts versus injectant concentration.
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3.1. Introduction

Asphaltenes are defined as n-pentane or n-heptane insoluble fractions and generally
thought as the heaviest and most polar components in crude oil'. The precipitation of
asphaltene may lead to formation damage and tubing plugging, and thus has become
one of the major concerns during the production and transportation of asphaltenic crude
oil>. The pressure-temperature conditions and gas injections have great influences on
the asphaltene precipitation. Asphaltene molecules may become destabilized during the
pressure/temperature changes or due to the introduced gas compounds, which can cause
the asphaltene components to precipitate out from oil>. Therefore, it is of great
importance to have a good understanding of the vapor-liquid-asphaltene three-phase
equilibria at different pressure and temperature conditions, and to build a

thermodynamic model to evaluate the risk of asphaltene precipitation from reservoir

fluids.

Over the past thirty years, many modeling efforts have been made to develop
thermodynamic models to predict asphaltene precipitation. The models can be roughly
divided into two categories: the ones based on colloidal theory and the ones based on
solubility theory. As for the colloidal-theory-based models, the asphaltene particles
exist as suspended solid particles with resins adsorbed on their surface due to the polar-
polar interactions*. This theory also assumes that the process of asphaltene precipitation
is irreversible*. Leontaritis and Mansoori proposed that the asphaltene phase stability
actually depends on the chemical potential of asphaltene components in both oil and
asphaltene phases®. There were also other improvements made in this area since then®
8. However, a large number of parameters need to be fitted in the colloidal-based
asphaltene precipitation models’. Besides, the experimental results show that it is the

dispersion force, rather than the polar force, dominates the phase behavior of
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asphaltenes'®-!3

, which refutes the idea of using the colloidal theory for asphaltene
precipitation predictions. The solubility theory approach is established based on the
regular solution theory or equation of state (EOS), which assumes that asphaltene

components are dissolved in crude oil. Models based on the regular solution theory'#!®

have been used to predict the asphaltene phase behavior by several researchers'®?’.
However, the regular-solution-based models are not applicable for vapor-liquid phase
equilibrium calculations, which can lead to inaccurate results in vapor-liquid-
asphaltene three-phase equilibrium predictions®’. To avoid this problem, EOS-based
models are applied to account for the effect of compressibility factor as a function of
temperature, pressure and compositions, enabling it to be a good choice to model the
phase behavior of asphaltene-inclusive reservoir fluids. Statistical associating fluid
theory (SAFT)*! is one of the most commonly used EOS models in predicting
asphaltene precipitation. In 2003, Ting et al.*> modeled asphaltene precipitation using
SAFT EOS?! by assuming van der Waals interactions dominate the phase behavior of
asphaltene in oil. The calculation results agree well with the experimental data. Inspired
by that, perturbed-chain SAFT (PC-SAFT)*® was also adopted to model asphaltene
phase behavior by many researchers and has shown good prediction capacity>® 347,
However, the biggest concern of using SAFT EOS in compositional simulations is its

higher computational cost. To avoid this problem, Mohebbinia et al.*®

proposed a
speedup procedure for phase behavior calculations considering asphaltene precipitation
based on Yan et al.’s work®®, and the computational time was reduced 20% to 40%.

Nevertheless, the computational cost required for conducting phase equilibrium

calculations using PC-SAFT?? is still much higher than that using cubic EOS3®.

The single-component solid model based on cubic EOS is also widely used because of

its simplicity and good agreement with experimental results***’. In 1993, Nghiem et
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al.** developed a thermodynamic model to predict the precipitation of asphaltene from
crude oil under isothermal conditions. In this model, the precipitated asphaltene is
considered as a solid phase that only contains asphaltene. They also divided the heaviest
component into two parts: non-precipitating component and precipitating component.
These two components have the same critical properties and acentric factors but
different binary interaction parameters (BIPs) with the other light components.
However, this model fails to include the effect of temperature and can only be used at
the reference temperature. In order to consider the effect of temperature, Kohse et al.*?
developed a pure solid model that considers both the effect of temperature and pressure
on asphaltene precipitation. Two unknown parameters can be tuned by using two
experimentally determined asphaltene onset precipitation pressures. A good match can
be seen from the calculation results and the experimental data at different temperature
and pressure conditions. However, the model has not been validated at relatively high

temperature, where asphaltene phase may separate as a high dense liquid phase with

other oil components rather than solid particles.

Although significant efforts have been made towards the development of asphaltene
precipitation models, the existing models mainly focus on the accuracy of predicting
the precipitation onset of asphaltene. It is still a challenging task to generate complete
three-phase vapor-liquid-solid (VLS) pressure-temperature (P7) and pressure-
composition (Px) diagrams due to the convergence problems that can frequently appear
in the VLS equilibrium calculations. One of the reasons causing the convergence
problem is that the stability test fails to give the negative stationary points on the TPD
surface*®. Thus, different sets of initialization methods are required for stability tests.
Different initialization methods may also be required for different fluids. On the other

hand, the convergence problem can also be caused by more than one two-phase
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equilibria appear due to multiple initial equilibrium ratios* in flash calculations. Due
to these problems, it is challenging to develop a robust algorithm that can correctly
predict the onset of asphaltene precipitation and the precipitation amount under varied

conditions.

In this work, we develop a robust three-phase VLS equilibrium calculation algorithm
that coupled Peng-Robinson EOS (PR-EOS)* with the Kohse et al. model**. The
modified initialization methods proposed by Li and Li* are applied to both stability test
and flash calculations in order to avoid the previously mentioned initialization problems.
In order to enhance the robustness of the newly developed algorithm, two different VLS
equilibrium calculation algorithms developed by Li and Li*® are also applied in the
algorithm. Compared with the algorithm proposed by Li and Li, this three-phase VLS
equilibrium calculation algorithm can properly account for the effect of temperature.
Temperature in the wellbore can vary significantly with the change of depth during the
oil and gas production process. According to previous studies and our simulation results,
temperature change can pose a significant influence on asphaltene precipitation. The
calculation results are first validated by comparing the calculation results with the
experimental data measured for three oil samples. The performance of the improved
algorithm is then tested by generating the complete Px and PT phase diagrams for the
first reservoir fluid with and without gas injection. The three-dimensional pressure-
temperature-weight percent of asphaltene precipitation (3-D P-T-WA) diagrams are also
generated to study the effects of temperature, pressure and injection gas on the amount

of asphaltene precipitation.
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3.2. Mathematical Formulations

3.2.1. Thermodynamic Model of Asphaltene Precipitation
The model developed by Kohse et al.* is applied in our newly developed algorithm to

calculate the fugacity of asphaltene, which is shown as**:

infy = tnfi + 3 (2= 52) =52 (5 =7) - R (F) 7w G-7)]

where f; and f;" represent the fugacities of asphaltene in the asphaltene phase at P and
P, respectively; P and P” represent the actual pressure and the reference pressure,
respectively; v, represents the asphaltene molar volume; 4H,, and 4C, represent the heat
fusion difference and the heat capacity difference, respectively; R represents the
universal gas constant; 7 represents temperature; the subscript a represents the
asphaltene phase; Tj, and Py represent the triple point temperature and triple point
pressure, respectively. The triple point pressure of asphaltene is very low and can be set
to zero*?. The triple point temperature is close to the melting temperature of asphaltene

at atmospheric pressure, and can be calculated as>’:
Tty = 3745+ 0.02617M, — 20172 /M, (2)
where M, is the molecular weight of the asphaltene component.

The experimental onset pressures at two or three temperatures are necessary to calculate
the unknown parameters in Equation (1). If only two data points are used, the heat
capacity difference can be set to zero*. If three data points are used, the heat fusion and
the heat capacity difference can both be calculated. The fugacities of the asphaltene
component in the liquid phase and in the solid phase are calculated by PR-EOS*. As
such, the thermodynamic model can be used to predict asphaltene precipitation at varied

pressure and temperature conditions.
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3.2.2. Phase Stability Test

The appearance of the asphaltene phase can be checked by the following equations*?,

{ fax < fas» asphaltene phase does not appear
fax = fas, asphaltene phase appears

)

where fx and f4s represent the fugacities of asphaltene component in the non-asphaltene
phase calculated by PR EOS and that in the asphaltene phase calculated by Equation
(1), respectively, and the subscripts a, x, and s represent asphaltene component, non-
asphaltene phase, and solid phase, respectively. The conventional phase stability test is
used to detect the appearance of vapor and liquid phase at specified pressure and
temperature. Michelsen’! proposed a well-known algorithm to conduct the phase
stability test. The tangent plane distance (TPD) function of redu__ced molar Gibbs free

energy is applied in such algorithm. The TPD function is given by>':
TPD = ¥io, ¥illng;(y) + Iny; — Ing;(z) — Inz;] (4)

where y and z represent the trial phase composition and the feed composition,
respectively, ¢; is the fugacity coefficient of component i, and ¢ is the number of
components. A given mixture is considered to be stable if all TPD values are greater
than or equal to zero. In order to improve the computational efficiency, Michelsen
suggested detecting the values of TPD function at all stationary points instead of
calculating all the TPD values®!. At the stationary point of TPD, the following equation

holds>!:
Inp;(y) + Iny; — Ing;(2) —Ilnz; =k, i=1,2, ..., c (5)
where k is a constant corresponding to the stationary point. If we apply ¥; = y;e % to

Equation (5), Equation (5) will become®':
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Ing;(Y) + InY; — lnp;(z) — Inz; =0, =1, 2, ..., c (6)
As such, Equation (6) is transformed to>':
TPDM =1+ Y, Y;[Ing;(Y) + InY; — Ingp;(2) — Inz; — 1] (7)
3.2.3. Flash Calculations

3.2.3.1. Two-Phase Vapor-Liquid (VL) Flash Calculation

The two-phase flash calculation algorithm developed by Michelsen® is adopted for our
two-phase VL flash calculations. The convergence of two-phase VL flash calculations
will be reached when the material balance constraint and the equal-fugacity constraint
are satisfied®>. The Rachford-Rice (RR) equation used to calculate the phase fractions

is given by>*:

zi(Kiy—=1)
RRy = Yi1(yi —x;) = Xi. ——=0(8)

=1148y(Kiy—1)

where x; and y; represent the mole fractions of component i in phase x and phase y,

respectively, z; represents the feed mole fraction, and f,, is the phase mole fraction of

phase y. K;,, is the equilibrium ratio of component 7 in phase y:

_Yi_ Pix
Kiy = 5 ey )

Eventually, the phase compositions can be calculated as>:

X; = Zi
148y (Kiy—1)

(10)

yi = 7Ky, (11)
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3.2.3.2. Two-Phase Vapor/Liquid-Solid (V/L-S) Flash Calculation
In the two-phase V/L-S flash calculation, the equal-fugacity constraint can be

simplified as follows based on the pure solid assumption:

fax = fas (12)

where f. and f;s represent the fugacity of asphaltene in the non-asphaltene phase and
the asphaltene phase, respectively. fas can be calculated based on Equation (1), while fax
can be calculated based on PR EOS with a given composition of the non-asphaltene
phase. The subscripts a, x, and s represent the asphaltene component, the non-
asphaltene phase, and the asphaltene phase, respectively. By applying the material
balance constraint, the composition of the non-asphaltene phase can be calculated by

the following equation*®,

%, :{Zi/(l—ﬁs),i = 1,...,a—1(13)

(Zi - ﬁs)/(l - ﬁs),i =a

where S represents the mole fraction of the asphaltene phase; x; and z; represent the
mole fractions of component i in the non-asphaltene phase and the feed, respectively.

By updating S, the equal-fugacity constraint can be satisfied.

3.2.3.3. Three-Phase Vapor-Liquid-Solid (VLS) Flash Calculation
For the three-phase vapor-liquid-solid flash calculations, the equal fugacity constraints

can be expressed by**:
fix =fipi=1,...,a(14)
fax = fay = fas (15)

As an alternative to the equation solving approach, the three-phase vapor-liquid-solid

flash calculations can be also formulated as a minimization problem. Inspired by
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Michelsen>* and Leibovci and Nichita®, Okuno et al.>® developed a robust algorithm
for RR-based multiphase flash. By simplifying the objective function and reducing the
constraints developed by Okuno et al.>%, Li and Li*’ derived the objective function of
the minimization problem (together with the constraints) for three-phase vapor-liquid-
aqueous (VLA) flash calculations based on the free-water assumption. The objective
function and the constraints developed by Li and Li’ are applied in the three-phase
vapor-liquid-solid flash calculation Algorithm #1. The objective function and the

constraints for the three-phase VLS flash calculations are given by>’:

mlnf(ﬁy) = ZLC=_11 —Z ln[(Kiy - K;y)ﬁy + Ka*z] (16)
subject to”’
(Ka*y - Kiy)ﬁy < min{K;, — 2, K3, — KiyZi}.i #a(17)

where’’

1—
K;y — Ya
1—xa(18)
K* — 1-z4
az — 1—xa

where x,, y4, and z, represent the mole fractions of asphaltene component in the liquid
phase, the vapor phase, and the feed, respectively. In this case, there is only one
unknown £, in the objective function. Equation 17 forms a reliable feasible region of
B,>’. The mole fraction of the solid phase (f;) can be calculated using Equation 19%,

which is similar to the one proposed by Lapene et al.*®:

Zc+(xa_J’a)ﬁy_xa
1-xg4

Bs = (19)

The mole fraction of the liquid phase (fx) can thus be calculated using the following

equation*®:
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Br=1-— .By — Bs(20)

Subsequently, the composition of the liquid phase (x;) can be calculated as per*®:

Zj

Kiy—Kpy By+K,: LFa
_ iy~ RayPyThaz

X; = 1 . (21)
—,il=a
Kis

where*®

Si Dix -

K,=="=-2%,i=1,..,a(22)
xi  Dis

where s; represents the mole fraction of component 7 in the asphaltene phase. Based on
the assumption that the solid phase only contains asphaltene, the value of s; can be
obtained by,

. {1,i=a
7 0,i #a

(23)

The composition of the vapor phase can be calculated by*3:
Vi = Kiyx; (24)
where ¢;; represents the fugacity coefficient of component 7 in the solid phase.

Li and Li* also proposed another three-phase VLS flash calculation algorithm to
enhance the robustness of the algorithm. In the inner loop of this algorithm, the two-
phase VL flash calculations are conducted to satisfy Equation (14), while the outer loop
is used to update fs to give a new feed used in the inner loop*®. Equation (15) in the
equal-fugacity constraint should be satisfied in the outer loop. The feed used in the inner

loop can be updated by*3,

} _{zi/(l—ﬁs),i = 1,...,a—1(25)

(Zi - ﬁs)/(l - ﬁs);i =a
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where z;> represents the mole fraction of component 7 in the feed used in the inner loop.
Although this algorithm is more reliable when three-phase equilibrium appears, it is
time-consuming due to the repetitive execution of the two-phase VL flash calculations.
The procedure of the three-phase VLS equilibrium calculation algorithm closely
follows the one proposed by Li and Li*. In order to enhance the robustness and
efficiency of the algorithm, there are three different approaches applied to conduct the
three-phase vapor-liquid-asphaltene flash calculations. In general, the algorithm is only
slower at the region near the phase boundary between the LS two-phase region and the

VLS three-phase region.

3.3. Results and Discussion

In this section, three example calculations are firstly conducted, and the calculation
results are compared with the experimental data to validate our model. Then, the
algorithm is used to generate PT and Px phase diagrams for oil sample 1 and oil sample
2 mixed with different gases. We also compute the variation of the weight fraction of

asphaltene precipitation as a function of pressure/temperature and gas-injection amount.
3.3.1. Oil Sample Characterization

3.3.1.1. Oil Sample 1
Tables 3-1 and 3-2 show the composition and the SARA content of oil sample 1,
respectively, as measured by Jamaluddin et al.> . Oil sample 1 is a stock tank oil from

the Middle East region. The API gravity of this oil sample is 39° API and the weight

fraction of asphaltene components in oil sample 1 is 1.3%>°. The molecular weight of
the oil sample is 82.49 g/mol*°. The molecular weight and density of the C7+ fraction
are 228.07 g/mol and 0.865 g/cm*. The C7+ components are split using the exponential

distribution function proposed by Pedersen et al.%:
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z; = z¢, e (26)

where 7 is the carbon number of the plus fraction, i is the carbon number of the split

fraction, z;_ and 4 are constants given by®:

ze, = ———14(n — 1) — h (27)

Mcy,

A=1-2z (28)

where M, , is the molecular weight of the plus fraction, and / is a constant which is set

as -2. These components are then lumped using the method proposed by Whitson®':
Ny =1+ 3.3log (ijax — 1) (29)

where Ny is the number of lumped pseudo components, imqr is the maximum carbon

number of the reservoir fluid, and 7 is the carbon number of the plus fraction.

The critical temperature, critical pressure and acentric factors of the lumped
pseudocomponents are calculated using the Lee-Kesler correlations®® . The critical

temperature can be calculated using the following equations®?:

T, = 341.7 + 811y + (0.4224 + 0.1174y)T, + (0.4669 — 3.2623y) X 10°T;,*

(30)
where y is the specific gravity and T} is the boiling temperature calculated by®*:

T, = 1928.3 — (1.695 x 105 M; 0:03522,3.266Y

e [—(4.922x1073)M;—4.7658Y;+(3.462X10~3)M;y;] (31)

where M is the molecular weight. The critical pressure can be calculated as®:
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InP, = 8.3634 — 2236 _ [(0.24244 422898 °'“857) X 10-3] T, +
14 y?
0.47227 1.6977

(14685 + 36yﬁ + ) x 1077| T2 = [(042019 + 257 x 1071°] x T3 (32)

y? y?

The following correlations can be used for estimating acentric factors:

If Ty/T:<0.8%3,

Pc -1 6
—ln—+A1 +A2TbT +A3lnTbr+A4Tbr
w=—=17 (33)

As+AgTh +A7InTp+AgTE,

where 4/= -5.92714, 4= 6.09648, 45=1.28862, A+= - 0.169347, As= 15.2518, As= -

15.6875, A7=-13.4721, As= 0.43577.

If Tp/T.=0.8%,

w = —7.904 + 0.1352K,, — 0.007465K2 + 8.359T,, + (1.408 — 0.01063K,,) T},
(34)

where K, is the Watson factor that can be calculated by the following equation®':

K, = 45579M,,*** "%y,

n+

—0.84573 (35)
The Riazi-Daubert correlation® is used to calculate the critical volumes:
v, = (7.0434 x 1077)T23829)~1.683 (36)

The heaviest component in oil sample 1 is split into non-asphaltene component (NA)
and asphaltene component (A). These components have the same acentric factors and
critical properties but different binary interaction parameters (BIP) with other

components. The mole fraction of the asphaltene component can be calculated as**:

Wen+AXMW i
MWcnia

(37)

ZCcn+a =
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where zc,+4 represents the mole fraction of the asphaltene component, wc,+4 represents
the experimentally decided weight fraction of the asphaltene content, MW,; and
MWcn+a represent the molecular weights of the oil sample and the asphaltene
component, respectively. The final characterization scheme of oil sample 1 is shown in
Table 3-3. Note that the critical properties of the first ten components are taken from

literature®®.

Table 3-1 Composition of oil sample 1%°.

Component | Composition (mol%)
N2 0.48
CO2 0.92
C 43.43
C2 11.02
Cs 6.55
1-Cy4 0.79
n-Cy 3.70
i-Cs 1.28
n-Cs 2.25
Cs 2.70
Cr+ 26.88

Table 3-2 SARA content of oil sample 1°°.

Saturates 68.3
Aromatics 11.6
Resins 18.8
Asphaltene 1.3

Table 3-3 Characterization results of oil sample 1.

Componen | Compositio MW
13 o nfol% )| Te®) | Petoan | (m’/kmol) | (e/mol)

N» 0.0048 126.2 344 0.090 0.04 28.01

CO2 0.0092 304.7 74.8 0.094 0.23 44.01

Ci 0.4343 190.6 46.7 0.099 0.01 16.04

C 0.1102 305.4 49.5 0.148 0.10 30.07

Cs 0.0655 369.8 43.0 0.203 0.15 44.10

1-Cs 0.0079 408.1 37.0 0.263 0.18 58.12
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n-Cy4 0.0370 419.5 38.0 0.255 0.20 58.12
1-Cs 0.0128 460.4 34.3 0.306 0.23 72.15
n-Cs 0.0225 465.9 34.0 0.304 0.24 72.15
Ce 0.0270 507.4 29.7 0.370 0.30 86.18
Cr-Cs 0.0491 564.5 30.7 0.414 0.33 102.65
Co-Cio 0.0401 617.2 26.2 0.515 0.42 130.65
Cii-Ci3 0.0469 671.9 22.3 0.636 0.53 165.06
Ci4-Cy7 0.0440 733.7 18.7 0.787 0.65 213.24
Cis-Cy3 0.0403 801.4 15.7 0.966 0.80 280.91
C24-Cs9 0.0388 894.3 13.0 1.211 0.96 410.25
Caona 0.0081 1050.2 17.5 1.111 0.85 690.07
Cao+a 0.0016 1050.2 17.5 1.111 0.85 690.07

3.3.1.2. Oil Sample 2

Table 3-4 summarized the composition of oil sample 2 measured by Jamaluddin et al.

in 2000%7. Table 3-5 shows the SARA content of oil sample 2¢7. Oil sample 2 is a live

oil sample from Sahil reservoir in the United Arab Emirates. It has a 40.4° API gravity

and its weight fraction of asphaltene components is 1.3%%’. The molecular weight of

the oil sample is measured to be 126.6 g/mol®’. The Cs+ component of oil sample 2 has

a molecular weight of 222 g/mol and a density of 0.855 g/cm® ®’. The same lumping

method as used for oil sample 1 is applied to oil sample 2. Table 3-6 shows the

characterization results of oil sample 2. The acentric factors and the critical properties

of the first ten components are taken from the literature®®.

Table 3-4 Composition of oil sample 2¢7.

Component | Composition (mol%) | Component | Composition (mol%)
N2 0.32 Cus 2.25
CO, 2.29 Cis 2.14
Ha.S 0.01 Cis 1.79
Ci 17.67 Ci7 1.47
C 5.25 Cis 1.32
GCs 6.14 Cio 1.26
1-C4 1.91 Cao 1.15
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n-Cq4 4.72 Ca 0.99
i-Cs 2.51 Cxn 0.89
n-Cs 3.33 Cas 0.78
Cs 5.00 Co 0.70
C; 5.12 Cas 0.62
Cs 5.53 Cas 0.58
Co 4.84 Co7 0.53
Cio 4.48 Cos 0.49
Cn 3.78 Cao 0.46
Ci2 3.09 Csot 3.83
Ciz 2.78
Table 3-5 SARA content of oil sample 2¢7.
Saturates 66.7
Aromatics 27.0
Resins 5.0
Asphaltene 1.3
Table 3-6 Characterization results of oil sample 2.
Component Co(rfnf;‘iﬁ/f )10n Te (K) (lfac 0 Ve (m’/kmol) w (g%nVZI)
N> 0.32 126.20 | 34.4 0.0901 0.04 28.01
CO, 2.29 304.70 | 74.8 0.094 0.23 44.01
H,S 0.01 373.60 | 90.6 0.0976 0.1 34.08
Ci 17.67 190.60 | 46.7 0.0993 0.01 16.04
C 5.25 305.43 | 49.5 0.1479 0.10 30.07
Cs 6.14 369.80 | 43.0 0.2029 0.15 44.10
1-Cy4 0.91 408.10 | 37.0 0.2627 0.18 58.12
n-Cy4 472 419.50 | 38.0 0.2547 0.20 58.12
1-Cs 2.51 460.40 | 34.3 0.3058 0.23 72.15
n-Cs 3.33 46590 | 34.0 0.3040 0.24 72.15
Cs 5.00 507.40 | 29.7 0.3700 0.30 86.18
Cy 5.12 540.00 | 27.4 0.4280 0.35 96.00
Cs-Co 10.37 586.49 | 26.7 0.4822 0.39 116.53
Cio-Cuy 8.26 633.51 | 23.1 0.5831 0.48 144.41
Ci12-Ci4 8.12 682.90 | 19.9 0.7025 0.58 178.55
Ci5-Cro 7.98 746.26 | 16.6 0.8714 0.72 232.09
C20-Co9 7.19 832.16 | 13.3 1.1157 0.91 329.13
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C30+ NA

3.51

999.32 | 16.9

1.0892

0.86

546.57

Cso+ A

0.30

999.32 | 16.9

1.0892

0.86

546.57

3.3.1.3. Oil sample 3

Table 3-7 summarizes the composition of oil sample 3 measured by Buenrostro -

Gonzalez et al.®®. Table 3-8 shows the SARA content of oil sample 3%, Oil sample 3 is

a live oil sample from Mexico. Its molecular weight is measured to be 238.1 g/mol®®.

The C7+ component of oil sample 3 has a molecular weight of 334.66 g/mol and a

density of 0.8822 g/cm? ®®. Again, the same lumping method as used for oil sample 1 is

applied to oil sample 3. The characterization results of oil sample 3 are shown in Table

3-9.

Table 3-7 Composition of oil sample 3.

Table 3-8 SARA content of oil sample 3%,

Component | Composition (mol%)
N2 0.91
CO2 1.57
H»S 5.39
Ci 24.02
C 10.09
Cs 9.58
1-C4 1.83
n-Cy4 4.83
1-Cs 2.27
n-Cs 2.74
Cs 4.77
Cr+ 32.00
Saturates 54.67
Aromatics 28.39
Resins 12.66
Asphaltene 3.80
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Table 3-9 Characterization results of oil sample 3.

Composition T Ve MW
Component |~ Wl P | Pean | st T 9 | o
N, 0.91 1262 | 344 | 0091 | 004 | 2801
CO, 157 3047 | 748 | 00940 | 023 | 4401
HLS 5.39 3736 | 906 | 00976 | 0.10 | 34.08
C 2402 | 1906 | 467 | 00993 | 001 | 16.04
C 1009 | 3054 | 495 | 01479 | 010 | 3007
Cs 9.58 369.8 | 43.0 | 02029 | 015 | 44.10
i-C, 1.83 408.1| 370 | 02627 | 018 | s8.12
n-C 483 4195 | 380 | 02547 | 020 | 5812
i-Cs 227 4604 | 343 | 03058 | 023 | 7215
n-Cs 2.74 4659 | 340 | 03040 | 024 | 7215
Ce 477 5074 | 297 | 03700 | 030 | 86.18
C-Co 5.03 5709 | 260 | 04813 | 038 | 109.47
C0-C12 424 639.1| 209 | 06347 | 051 | 15147
C13-Cis 3.57 6950 | 175 | 07808 | 064 | 193.47
C16-Cro 301 7485 | 149 | 09344 | 077 | 242.00
Ca0-Cas 3.78 8041 128 | 11029 | 090 | 30441
Cas i 9.93 9903 | 138 | 12605 | 1.00 | 58666
Casr 1.54 9903 | 138 | 12605 | 1.00 | 586.66

3.3.2. Validation of the Three-Phase VLS Equilibrium Calculation Algorithm
The BIPs between asphaltene components and other components should be tuned to
match the experimental data. The model proposed by Chueh and Prausnitz®® is adopted

by Kohse et al.** to calculate BIPs,

Lovfo)”

kij=1- lw (38)
where £;; is the BIP between component i and component j; v.; and v, are the critical
volumes of component i and component j, respectively; 6 is the exponent; the subscripts
i and j represent component i and component j, respectively. The value of # can be tuned
based on the experimental data. The BIPs between hydrocarbon components (HCs) can

also be tuned using equation (27) to match the experimental data. Table 3-10, Table 3-

11 and Table 3-12 summarize the BIPs used for oil sample 1, oil sample 2 and oil
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sample 3, respectively. In Table 3-10, 3-11 and 3-12, the BIPs between N>, H>S and

other components are taken from literature®®.

Table 3-10 BIPs used for oil sample 1.

No CO2 Cst A

No 0 -0.017 |0.257772
CO» -0.017 0 0.250531
Ci 0.031 0.086 | 0.241220
C 0.052 0.070 | 0.176314
Cs 0.085 0.070 | 0.129444
1-C4 0.103 0.070 | 0.095218
n-Cy4 0.080 0.070 | 0.099097
1-Cs 0.092 0.070 | 0.077099
n-Cs 0.100 0.070 | 0.077773
Cs 0.100 0.070 | 0.056722
C7-Cg 0.100 0.070 | 0.045978
Co-Cio 0.100 0.070 | 0.028187
C11-Ci3 0.100 0.070 | 0.014992
C14-Cr7 0.100 0.070 | 0.005727
Ci13-C3 0.100 0.070 | 0.000943
C24-Cs9 0.100 0.070 | 0.000366
Ca0NA 0.100 0.070 | 0.000000
Ca0+a 0.258 0.251 | 0.000000

Table 3-11 BIPs used for oil sample 2%°.

N> H>S CO2 Csot A

N2 0 0.177 -0.017 | 0.209355
CO2 -0.017 0.097 0 0.203233
H>S 0.177 0 0.097 0.197844
Ci 0.031 0.080 0.070 0.195381
C 0.052 0.083 0.070 0.141227
Cs 0.085 0.088 0.070 0.102742
1-C4 0.103 0.047 0.070 0.074968
n-Cq 0.080 0.060 0.070 0.078101
1-Cs 0.092 0.060 0.070 0.060383
n-Cs 0.100 0.060 0.070 0.060924
Cs 0.100 0.060 0.070 0.044087
Cy 0.100 0.060 0.070 0.033227
Cs-Co 0.100 0.060 0.070 0.025413
Ci0-Cni 0.100 0.060 0.070 0.015036
C12-Cuy 0.100 0.060 0.070 0.007441
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Ci15-Ci9 0.100 0.060 0.070 0.001932
C20-Ca9 0.100 0.060 0.070 0.000023
Ciotna 0.100 0.060 0.086 0.000000
Ciota 0.209 0.198 0.203 0.000000
Table 3-12 BIPs used for oil sample 3%,
N HaS CO; Cost A
N2 0 0.177 -0.017 |0.312612
CO, -0.017 0.097 0 0.304595
H>S 0.177 0 0.097 0.297503
Ci 0.031 0.080 0.070 0.294252
C 0.052 0.083 0.070 | 0.221063
Cs 0.085 0.088 0.070 0.166860
1-C4 0.103 0.047 0.070 | 0.126375
n-Cy 0.080 0.060 0.070 0.131010
1-Cs 0.092 0.060 0.070 | 0.104545
n-Cs 0.100 0.060 0.070 | 0.105363
Ce 0.100 0.060 0.070 0.079553
C7-Co 0.100 0.060 0.070 | 0.049975
Ci10-Ci2 0.100 0.060 0.070 0.025761
Ci3-Cis 0.100 0.060 0.070 | 0.012651
Ci6-Cro 0.100 0.060 0.070 0.004965
C20-Co4 0.100 0.060 0.070 0.000990
Cos+Na 0.100 0.060 0.070 | 0.000000
Cos+a 0.313 0.298 0.305 0.000000

Another adjustable parameter in Kohse’s model is the molar volume of asphaltene (v,
As suggested by Kohse et al.*?, v, can be adjusted to have a slightly higher value than
that calculated by PR-EOS* to match the experimental data. The values of the
adjustable parameters used in our algorithm for oil sample 1, oil sample 2 and oil sample
3 are shown in Table 3-13. Although they seem to be very different for the three oil

samples, the BIP values are quite similar. The different values of 6 and BIPs of different

oil samples are mainly caused by different splitting and lumping results.
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Table 3-13 Adjusted parameters used for oil samples 1-3.

Oil sample | Oil sample Oil
1 2 sample 3
0 between hydrocarbons (6;) 0.1 1.5 0.5
6 between other components and
asphaltene (6>) 35 2.8 2.2
va (cm3/mol) 450.0 411.4 489.7

Figure 3-1 shows the comparison between the calculated PT phase envelope and the

measured one by Jamaluddin ez al.>* %7 and Buenrostro - Gonzalez et al.®®. The green

lines represent the asphaltene onset boundaries, while the red line represents the

saturation pressure line. It can be seen from Figure 3-1 that calculated saturation

pressure and the upper/lower asphaltene onset boundaries match well with the

experimental data, verifying the efficacy of our algorithm in modeling asphaltene

precipitation phenomena at different pressure/temperature conditions.
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Fig. 3-1 Comparison between the calculated PT phase diagram using the newly
developed algorithm and the experimental data>® ¢7-¢%: (a) Oil sample 1; (b) Oil
sample 2; (c) Oil sample 3.

The tuned parameters for oil sample 2 are subsequently used to calculate the PT phase
diagram with 45% gas injection. The injection gas composition is shown in Table 3-14.

Figure 3-2 shows the comparison between the calculated results and the experimental
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data. As shown in Figure 3-2, the calculated results match reasonably well with the
experimental data, which indicates that our algorithm can accurately model asphaltene

precipitation with gas injection.

Table 3-14 Composition of the injection gas®’.

Component | Composition (mol%)
N2 0.59
CO» 5.03
H>S 0.03
C 65.76
C 11.32
Cs 8.58
1-C4 2.16
n-Cy 3.62
1-Cs 1.24
n-Cs 1.14
Ce 0.51
C7 0.03

LS e e L B

—— Qil saturation pressure (calculated by our algerithm)
——— Asphaltene onset pressure (calculated by our algorithm)
A Experimental data (oil saturation pressure)
Experimental data (asphaltene onset pressure)
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Fig. 3-2 Comparison between the calculated PT phase diagram with 45 mol% gas
injection using the newly developed algorithm and the experimental data®’.

The tuned parameters for oil sample 3 are also used to predict the asphaltene

precipitation amounts induced by n-Cs addition. Since the precipitation experiment is
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conducted at ambient conditions (25°C, 1.01 bar) using the produced dead oil, we first
conduct gas-oil two-phase flash calculation on the live oil sample and the oleic phase
composition is selected to conduct the precipitation amount calculation. The measured
weight fraction of precipitated asphaltene and the converted results are shown in Table

3-15%,

Table 3-15 Precipitated-asphaltene weights from oil sample 3 by adding n-Cs®.

Ry _c, (cm’ Wiasp/Weoil (ratio of weight of
of n-Cs per mol%cs precipitated asphaltene over weight Wt %asp
gram of oil) of oil sample)
0.52 51.9 0 0
1 67.4 0.0107 0.6581
2 80.6 0.0171 0.7593
3 86.1 0.0231 0.8026
4 89.2 0.0252 0.7192
7 93.5 0.0290 0.5388
10 95.4 0.0354 0.4876
30 98.4 0.0369 0.1865
50 99.0 0.0381 0.1180

The comparison between the calculation results and the experimental data are shown in
Figure 3-3. It can be seen from Figure 3-3 that the calculated asphaltene precipitation
amounts agree reasonably well with the experimental data, which indicates that the

algorithm can also predict the data that are not used in the tuning process.
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Fig. 3-3 Comparison between the calculated asphaltene precipitation amounts using
the newly developed algorithm and the experimental data®®,

Figure 3-4 shows the comparison between the calculated wtas,/wtoi and the measured

ones. It should be noted that like all the EOS-based asphaltene precipitation models,

our algorithm also does not accurately predict the asphaltene precipitation amount at

very high pentane concentration (>90 mol% in this case) due to the incorrectly predicted

100% asphaltene solubility at very high dilution.
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Fig. 3-4 Comparison between the calculated wtasp/Wtoil using the newly developed
algorithm and the experimental data®®.

3.3.3. Effect of Different Tuned Parameters on P7 Phase Diagrams

In this part, we take oil sample 1 as an example to show the effect of different tuned
parameters on PT phase diagrams. Figure 3-5 shows the effect of using different values
of v, on the onset of asphaltene precipitation for oil sample 1. Three onset boundaries
for oil sample 1 calculated by our algorithm are shown in Figure 3-5. The molar
volumes used to generate Figure 3-5 are 403.5 cm?/mol, 450 cm?/mol and 500 cm?/mol.
It can be seen from Figure 3-5 that there is no significant shift on the upper onset of
asphaltene precipitation with an increasing molar volume of asphaltene. However, the
lower onset of asphaltene precipitation will shift much to the lower side with an
increasing molar volume. Therefore, the experimental data of the lower onsets of
asphaltene precipitation can be well matched by adjusting the molar volume of the

asphaltene component.
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Fig. 3-5 Effect of asphaltene molar volume on the calculated onset boundaries of
asphaltene precipitation for oil sample 1.

Figure 3-6 shows the effect of different exponential parameter #; on PT phase diagrams
of oil sample 1. The PT phase diagrams are calculated by our algorithm with the tuned
parameters shown in Table 3-13 except 6;. The values of 6; used to generate Figure 3-
6 are 0.1, 0.5 and 1, respectively. It can be seen that the value of 6; does not have
significant effect on the upper onset of asphaltene precipitation, but the bubble point
pressure will increase with the increasing value of ;. It can be also concluded from
Figure 3-6 that the area of asphaltene precipitation in the PT phase diagram will be

shrunk by the increase of ;.
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Fig. 3-6 Effect of 6; on the calculated PT phase diagrams of oil sample 1.

Figure 3-7 shows the effect of different exponential parameter 6> on PT phase diagrams
of oil sample 1. The PT phase diagrams are calculated by our algorithm with the tuned
parameters shown in Table 3-13 except 6>. The values of 6> used to generate Figure 3-
7 are 2.5, 3.5 and 5, respectively. As shown in Figure 3-7, the lower onset of asphaltene
precipitation will be lowered by the reduced value of 6., and will be lifted by the

increasing value of 6.
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Fig. 3-7 Effect of 6; on the calculated PT phase diagrams of oil sample 1.

3.3.4. Comparison Between the Results Calculated by the Three-Phase VLS
Equilibrium Calculation Algorithm and PVTsim
In this part, the PT phase diagrams of oil sample 1 and oil sample 2 calculated by our
algorithm are compared with those calculated by PVTsim using PR-EOS. In PVTsim,
the Cso+ component is considered to be the pseudo component which contains
asphaltene and will be split into asphaltene component and non-asphaltene component.
The weight fraction of aromatic components in Cso+ in the oil sample is set as the
asphaltene weight fraction. The critical temperature and critical pressure of the
asphaltene component, asphaltene content in oil sample and the BIPs are tuned to match
the experimental data. Figure 3-8 shows the comparison between the saturation pressure
and the upper/lower asphaltene onset boundaries calculated by our algorithm and that
calculated by PVTsim with tuned parameters®®. We can see from Figure 3-8 that the

results calculated by our algorithm agree better with experimental data than that

124



calculated by PVTsim. It can be also concluded that our algorithm can generate more

complete phase diagrams than PVTsim.
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Fig. 3-8 Comparison between the PT phase diagrams calculated by our algorithm and
that calculated by PVTsim®.
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3.3.5. Complete Phase Diagrams

To test the performance of our three-phase VLS equilibrium calculation algorithm, the
complete PT, Px phase diagrams and the three-dimensional pressure-temperature-
weight percent of asphaltene precipitation (3-D P-T-WA) diagrams of oil sample 1 are
generated. Figure 3-9 shows the complete PT phase diagram of oil sample 1. In Figure
3-9, the temperature is varied between 300 K and 900 K with a step size of 1 K, while
the pressure varies from 1 bar to 1000 bar with a step size of 1 bar. Our algorithm is run
at 601000 times to generate Figure 3-9. As shown in Figure 3-9, the new algorithm
converges at every test point and each phase-envelope boundary appears to be smooth

and continuous.
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Fig. 3-9 PT phase diagrams calculated by our algorithm for oil sample 1.

Figure 3-10 shows the Px phase diagrams of oil sample 1 calculated by our algorithm
at 300K with CH4 injection. The algorithm is run a total of 198000 times to generate
Figure 3-10. Our algorithm converges in every run. As shown in Figures 3-10, CH4

injection leads to a large area of asphaltene precipitation in the Px phase diagram.
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Fig. 3-10 Px phase diagrams calculated by our algorithm for oil sample 1 with CH4
injection.

The 3-D P-T-WA diagrams are generated using the new algorithm to study the effect
of pressure and temperature on the amount of asphaltene precipitation. Figure 3-11
shows the 3-D P-T-WA diagrams generated for oil sample 1. The three-phase VLS
equilibrium calculation algorithm is run 601000 times to generate Figure 3-11. It can
be seen from Figure 3-11 that, as pressure increases at a given temperature, the amount
of asphaltene precipitation first increases, reaches the maximum value, and then
decreases. As temperature increases at a given pressure, the amount of asphaltene

precipitation shows a decreasing trend.
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Fig. 3-11 3-D P-T-WA diagram of oil sample 1: (a) 3-D plot; (b) contour plot.
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3.4. Conclusions

A three-phase VLS equilibrium calculation algorithm is developed in this study. This
work aims to improve the robustness of the three-phase VLS equilibria calculation and
better predict the asphaltene precipitation phenomenon during oil production process.
The performance of this algorithm is tested by three oil samples and the following

conclusions can be drawn from the results of this study:

e A good agreement can be seen between the results calculated with the new
algorithm and the experimental data, which indicates that our algorithm can
reliably model asphaltene precipitation phenomena at different
pressure/temperature conditions.

¢ In the case study conducted for oil sample 2 and oil sample 3, it is shown that
after being calibrated using the measured asphaltene onset data, the three-phase
VLS equilibrium calculation algorithm can be used to make reliable predictions
of the phase boundary and asphaltene precipitation amount with different
injectants.

e The molar volume of asphaltene component can significantly affect the lower
boundary of asphaltene precipitation in the PT phase diagram: the larger the
molar volume, the lower the boundary is.

e The value of the exponential parameters 6; and 6> can also alter the phase
boundaries in the phase diagram. The bubble point pressure will be increased
with the increasing value of ;. The lower onset of asphaltene precipitation will
be lowered by the reduced value of 62, and will be lifted by the increasing value
of 0-.

e Pressure and temperature have significant effect on asphaltene precipitation.

When the temperature is fixed, the amount of asphaltene precipitation first

129



increases, reaches the maximum value, and then decreases with an increasing
pressure. The amount of asphaltene precipitation decreases with an increasing
temperature at certain pressure.

e The maximum weight fraction of asphaltene precipitation decreases with an
increasing temperature. The region where asphaltene precipitation appears
shrinks with an increasing temperature.

e The newly developed algorithm can converge to the correct results at all the
tested conditions for the three oil samples examined in this study. It is able to
generate complete P7T and Px diagrams. With additional testing and further
validation, it has the potential of being used to provide robust asphaltene-
precipitation computations at various pressure, temperature and gas injection

conditions for different oil samples.
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CHAPTER 4 A NEW VAPOR-LIQUID-ASPHALTENE THREE-
PHASE EQUILIBRIUM COMPUTATION ALGORITHM

BASED ON THE FREE-ASPHALTENE ASSUMPTIONS

A version of this chapter has been published in Fluid Phase Equilibria.
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Abstract

Asphaltene precipitation is one of the major flow-assurance problems in petroleum
engineering and can occur at different stages of oil production due to
pressure/temperature changes or compositional changes. It can cause formation damage
in the reservoir and choking of oil tubing in the wellbore, thus leading to the reduction
of production rates. Accurately predicting under what conditions asphaltene
precipitation is a prerequisite to the effective mitigation of the flow assurance problems
related to asphaltene precipitation. In this work, a new three-phase vapor-liquid-
asphaltene precipitation algorithm is developed based on Li and Li’s work (Li and Li,
2019) using the free-asphaltene assumption, in which the asphaltene phase is
considered as a liquid phase that only contains asphaltene component (Nascimento et
al., 2018). The algorithm is validated by comparing the calculation results with the
asphaltene precipitation data of five different oil samples. The tuned parameters for oil
sample 3 and oil sample 4 are then used to predict asphaltene precipitation with different
gas injections. The calculation results agree well with the experimental data. It indicates
that the three-phase VLA equilibrium calculation algorithm can make reliable
predictions of the PT and Px phase diagrams with different gas injections as well as the
asphaltene precipitation amount. The calculation results yielded by the free-asphaltene
assumption are also compared with the results yielded by the solid assumption and the
liquid assumption. The algorithm developed using the free-asphaltene assumption is
shown to be able to perform slightly better than the algorithm developed using the solid

assumption, and perform as well as the algorithm developed using the liquid assumption.
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4.1. Introduction

Asphaltenes are the heaviest and most polar components in crude oil, which are
insoluble in n-pentane or n-heptane but soluble in aromatic solvents [1-3]. The
precipitation of asphaltene can happen in all stages of oil production and transportation
due to the pressure, temperature or compositional changes. It leads to issues including
formation damage and choking of production tubing [4, 5]. Therefore, it is highly
important to build a thermodynamic model to improve the prediction of asphaltene
precipitation and help design engineering means to mitigate the associated flow

assurance problems.

Many asphaltene-inclusive phase behavior models have been proposed over the last
thirty years, which are based either on colloidal theory or solubility theory. Asphaltene
precipitation models based on the colloidal theory assume asphaltene as solid particles
stabilized by resins adsorbed on the surface [6]. Although the modeling results based
on the colloidal theory agree reasonably well with the experimental data [7-10], the
assumption of polar-polar interactions between asphaltenes and resins may not be
appropriate [11-14]. Besides, asphaltenes are nanocolloidal in oil [15-18]. Different
from colloidal theory, the solution theory assumes asphaltenes are dissolved in crude
oil and the asphaltene precipitation phenomenon can be described using either liquid-
liquid or solid-liquid equilibria [19]. Asphaltene precipitation models using the solution
theory are generally based on the regular solution theory or an equation of state (EOS)
[5]. Different regular solution theories [20-24] are applied by several researchers to
predict the onset conditions of asphaltene precipitation [25-35], but the modeling results
based on regular solution theories can be inaccurate when vapor phase appears [36]. In
order to overcome this limitation, Zuo et al. [17] proposed a simplified version of Flory-

Huggins-Zuo equation of state by coupling an EOS with a modified Flory-Huggins
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regular-solution theory [17]. However, their research focuses on the predictions of
asphaltene concentration gradients (i.e. asphaltene concentration at different depth) [15]
and tar mat formations rather than asphaltene onset pressures and asphaltene
precipitation amounts. On the other hand, EOS-based models account for the influences
of temperature, pressure and compositions on the phase equilibria, which makes them
good candidates for performing vapor-liquid-asphaltene three-phase equilibrium
calculations. Asphaltene precipitation models based on cubic-plus-association (CPA)
EOS have been extensively studied over the last decade [37-43] and the results are
promising. However, these models require more tuning parameters for every
associating component [44]. Statistical associating fluid theory (SAFT) [45] and
perturbed-chain SAFT (PC-SAFT) [46] are advanced EOS models that are also widely
used in predicting asphaltene precipitation [3, 5, 36, 47-56] and these models exhibit a
good modeling performance. However, even with a speed-up procedure [57, 58], the
models based on SAFT EOS and PC-SAFT bear a higher computational cost than the

cubic EOSs (CEOSs) [57].

CEOS-based asphaltene precipitation models are frequently used in compositional
simulators due to their simplicity and reasonable agreement with experimental data.
The simplest asphaltene precipitation model based on CEOS is the solid model
proposed by Nghiem et al. [59]. In the solid model, the precipitated asphaltene is
considered as a pure solid phase that only contains the asphaltene component [59]. This
model is then improved by Kohse et al. [60] to account for the effect of temperature.
The pure solid model is adopted by many researchers [61-66] to conduct the three-phase
vapor-liquid-solid (VLS) equilibrium calculations. In fact, the asphaltene phase might
not be an entirely pure phase; the asphaltene fraction in the asphaltene phase may vary

much at different pressure/temperature conditions and behave like a high-dense liquid
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phase. In addition, at least two experimentally measured asphaltene onsets are required
to tune the parameters used in the calculation process [60]. To overcome these
limitations, Pedersen and Christensen proposed an improved approach by assuming
asphaltene precipitation as a conventional liquid-high dense liquid split [6]. It has been
proved that, if properly tuned, this approach can have the same accuracy as the
advanced EOS models (such as SAFT and PC-SAFT EOSs) [44]. However, it should
be also noticed that the models based on cubic EOSs cannot predict asphaltene gradients

without the incorporation of the nanocolloidal structure of asphaltenes [18].

In this study, an improved three-phase vapor-liquid-asphaltene precipitation algorithm
is developed based on Li and Li’s work [67] using the free-asphaltene assumption (i.e.
the asphaltene phase is considered as a dense liquid phase represented by a single
asphaltene component). In this case, the appearance of the asphaltene phase can be
simply detected by comparing the fugacity of the asphaltene component in the
asphaltene and the non-asphaltene phases. Besides, no additional thermodynamic
model needs to be introduced to describe the asphaltene phase [16, 68]. However, it
should be noticed that this assumption has a limitation. In reality, the asphaltene phase
may precipitate with other oil components rather than only containing asphaltene.
Similar free-asphaltene assumption was also applied by Nascimento et al. [69] to use
CPA EOS for asphaltene-related phase behavior modeling. Nascimento et al. [69]
showed a simplified method to calculate the upper onset pressures, but they did not
predict the lower onset pressures. Besides, in Nascimento et al.’s study [69], the bubble
point is calculated by the traditional vapor-liquid equilibrium calculation algorithm,
which is not proper as the bubble point is actually a three-phase bubble point and the
asphaltene precipitation amount will reach the maximum value at the bubble point

pressure. It should be noted that the approach by Nascimento et al. [69] could be further
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enhanced with the asphaltene-related flash approach by Pedersen ef al. [6] to perform
liquid-asphaltene two-phase flash calculations or vapor-liquid-asphaltene three-phase
flash calculations. In this study, the original algorithm developed by Li and Li [67] is
enhanced with additional measures to improve the robustness of the algorithm. Several
case studies are conducted to validate the reliability of the new modeling approach for
the prediction of asphaltene precipitation onsets and asphaltene precipitation amounts

with and without gas injections.

4.2. Mathematical Formulations

4.2.1. Free-Asphaltene Assumption and Fugacity of the Asphaltene Phase

In this study, a VLA three-phase equilibrium calculation algorithm is proposed based
on the so-called free-asphaltene assumption, in which the asphaltene phase is
considered as a pure liquid phase that only contains asphaltene. As a result of this
assumption, both the stability test and flash calculations can be greatly simplified. PR-
EOS [70] is applied to conduct the flash calculations, which is given by Equations (1-

3) in terms of Z factor:

73— (1-B)Z?+(A—3B2—-2B)Z—(AB—B*—B3)=0(1)

aP

A= Gy @
bP

B = 5(3)

where P is pressure, T is temperature, R is the ideal gas constant. In Equations (2-3), a

and b are two EOS constants that can be calculated by [70]:

a =0.45724

R?TZ
—<a(T,, ) (4)

[
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RT,
P

b = 0.0778%% (5)

where Pc is critical pressure, Tc is critical temperature, o is the alpha function, T~ is the
reduced temperature (T+=T/Tc), and w is acentric factor. The a-function is given by

[70]:
a = [1+m(1—T)]*(6)
If ©<0.49, m is given by [70]:
m = 0.37464 + 1.54226w — 0.26992w? (7)
If w > 0.49, m can be expressed by [70]:
m = 0.3796 + 1.485w — 0.1644w? + 0.1667w> (8)

In the free-asphaltene assumption, the asphaltene phase is assumed to contain only
asphaltene. Based on this assumption, we can calculate the fugacity of the asphaltene

phase as per [70]:

A

2v2

Z+(1+V2)B

In [z+(1—\/§)3] ©)

nt=z-1-mm@z-B)-

where f, represents the fugacity of asphaltene in the asphaltene phase. As seen from
Equation (9), the fugacity of the asphaltene phase can be readily evaluated using PR-
EOS at given temperature and pressure. This is the major difference between the
algorithms based on the pure solid assumption [67, 71] and the algorithm proposed in
this work. In the solid-assumption approach, an empirical correlation is normally used
to calculate the fugacity of the asphaltene phase. This may give rise to a thermodynamic
inconsistency issue: the vapor and liquid phases are described using PR-EOS, while the

asphaltene phase is described using the empirical fugacity model. As shown by Li and
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Li [67], due to this thermodynamic inconsistency issue, we may encounter the
appearance of some unusual phase equilibria when we attempt to draw the pressure-
composition (Px) phase diagrams by using the VLS algorithm developed with the solid-
assumption approach. But we do not encounter this problem when performing phase
equilibrium calculations using the VLA algorithm developed using the free-asphaltene-
assumption approach. Besides, in the solid assumption, the heat fusion difference and
the heat capacity difference have to be regressed based on two or three experimentally
measured asphaltene precipitation onsets, and the asphaltene molar volume and BIPs
need to be tuned to match the measured saturation pressure and the asphaltene
precipitation amount. While, in our approach, only the critical properties of the
asphaltene component and BIPs need to be tuned based on at least one measured upper
onset pressure and one measured saturation pressure. This forms the main difference in

the tuning process between our approach and the solid-assumption approach.

4.2.2. Phase Stability Test

One obvious advantage of the free-asphaltene assumption is that it can significantly
reduce the complexity of the stability test involved in the multiphase equilibrium
calculations. Based on the free-asphaltene assumption, the appearance of the asphaltene

phase can be detected by checking the inequality shown in the following equation [67],

{ fax < faa, asphaltene phase does not appear
fax = faa» asphaltene phase appears

(10)

where f.x and f., represent the fugacities of asphaltene component in the non-asphaltene
phase and the asphaltene phase, respectively. In this study, the fugacities of the
asphaltene component in the asphaltene phase and the asphaltene phase are calculated
by PR EOS [70], leading to a consistent thermodynamic description of the asphaltene
component across all the phases. The conventional phase stability test algorithm
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proposed by Michelsen [72] is applied in this study to check the appearance of a vapor
phase or a liquid phase. The tangent plane distance (7PD) function used in the stability

analysis is given by [72]:

TPD =}, yi[lng;(y) + Iny; — Ing;(2) — Inz;] (11)

where y and z represent the trial phase composition and the feed composition,
respectively, ¢; is the fugacity coefficient of component i, and » is the number of
components. Note that the last component (i.e., when i=n) is the asphaltene component.
If the values of TPD at any compositions of the trial phase are larger than or equal to

zero, the mixture will be considered stable. Otherwise, it is not stable.
4.2.3. Flash Calculations

4.2.3.1. Two-Phase Flash Calculations

Two possible two-phase equilibria can be yielded by three-phase equilibrium
calculations: two-phase vapor-liquid (VL) equilibria and two-phase vapor/liquid-
asphaltene (V/L-A) equilibria. The convergence of two-phase flash calculations
depends on two conditions being met: the material balance constraint and the equal-

fugacity constraint.

For the two-phase VL flash calculations, the algorithm proposed by Michelsen [73] is

adopted in this study. The equal-fugacity constraint can be shown as:

fix = fip i =1,...,n(12)

where fix and f;, represent the fugacities of component i in the liquid phase and vapor
phase, respectively. The Rachford-Rice (RR) equation [74] is developed based on

material balance and can be used to calculate the phase fractions:
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zi(Kiy—1)
RRy = 221 (i = %) = Xima g o=y = 0.(13)

where x; and y; represent the mole fractions of component i in phase x and phase y,

respectively, z; represents the mole fraction of component i in the feed, and B, is the
phase mole fraction of phase y. K;,, is the equilibrium ratio of component i in phase y

and can be calculated by:

_Ji _ Pix
Ky = i <P_iy(l4)

Based on the free-asphaltene assumption, the equal-fugacity constraint of the two-phase
V/L-A flash calculation can be simplified as follows since only the asphaltene

component appears in the asphaltene phase [67]:

fax = faa (15)

where f.» and f., represent the fugacity of asphaltene in the non-asphaltene phase and
the asphaltene phase, respectively. The value of f., and f.x can be calculated based on
PR EOS [70] at given composition, pressure and temperature. The composition of the

non-asphaltene phase can be calculated based on the material balance constraint [67]:

(16)

i

_{Zi/(l—ﬁa),i =1,....n—1
"z - B/ =Bi=n

where f, represents the mole fraction of the asphaltene phase, x; and z; represent the
mole fractions of component i in the non-asphaltene phase and the feed, respectively.

By updating f., the equal-fugacity constraint can be satisfied.
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4.2.3.2. Three-Phase VLA Flash Calculation
The equal fugacity constraints for the three-phase vapor-liquid-asphaltene flash
calculations can be simplified as the following equations based on the free-asphaltene

assumption [67]:
fix =fip i =1,...,n(17)
fax = fay = faa (18)

Based on previous researchers’ work and the free-water assumption [75-77], Li and Li
[78] simplified the objective function and constraints of the minimization problem for
three-phase vapor-liquid-aqueous flash calculations [79]. The objective function and
the constraints given by Li and Li [78] can be also applied in this study. The objective
function and the constraints for the three-phase VLS flash calculations are given by

[78]:

min f(ﬁy) = 211'1;11 —Zj ln[(Kiy - Ka*y)[))y + K(;z] (19)
subjected to [78]

(K;y - Kiy)ﬁy = min{K;z -z, Kg, — KiyZi},i =1,..,n—1(20)

where [78]
* 1-yq
Kay = 1-xq
% 1-z,4 (21)
Koz = 1—x,

where x4, Y4, and z, represent the mole fractions of asphaltene component in the liquid
phase, the vapor phase, and the feed, respectively. In this case, there is only one

unknown f, in the objective function. Equation (20) forms a reliable feasible region of
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py. The mole fraction of the asphaltene phase (8.) can be calculated using Equation (22),

which is similar to the one proposed by Lapene et al. [80]:

Zq+(Xa=Ya)By—Xa
1-xg4

Ba = (22)

The mole fraction of the liquid phase (fx) can thus be calculated using the following

equation [78]:
Br=1- ﬁy — Ba(23)

Subsequently, the composition of the liquid phase (x;) can be calculated as per [78]:

Zi
* * Fl
Kiy_KayBy"'Kaz
1 ,
—,i=n
Kiq

X; =

where [78]

Kog=%=22 ;=1 .,n(@5)

)
Xi  Pia

where a; represents the mole fraction of component 7 in the asphaltene phase and ¢;,
represents the fugacity coefficient of component i in the asphaltene phase. Based on the
assumption that the asphaltene phase only contains asphaltene, the values of a; are either
0 (i.e., non-asphaltene components) or 1 (i.e., asphaltene component). The composition

of the vapor phase can be calculated using Equation (14).

4.3. Three-Phase VLA Equilibrium Calculation Algorithm

The proposed three-phase VLA equilibrium calculation algorithm is modified based on
the three-phase VLS equilibrium calculation algorithm proposed by Li and Li [67] and
the flow chart is shown in Figure 4-1. The major modification lies in that when the

result of stability test is stable and the appearance of asphaltene phase is detected, both

150



VL two-phase flash and V/L-A two-phase flash are conducted. If multiple two-phase
equilibria are yielded, the one with the lowest Gibbs free energy is chosen. The V/L-A
flash calculation algorithm and the three-phase VLA flash calculation algorithm closely
follow the algorithms proposed by Li and Li [67]. The detailed procedure of performing

the three-phase VLA equilibrium calculation is shown as follows:

(1) The initialization method proposed by Li and Li [67] based on Li and Firoozabadi’s
work [81] is applied in this algorithm. The compositions of the trail phases at all the
stationary points that have negative TPD values are output as x_0;. x_01;, x_02;, etc.

(2) If the feed composition is stable, continue; if not, go to step (7);

(3) Check the appearance of asphaltene phase using Equation (10). If asphaltene phase
appears, continue; if not, output one-phase equilibrium.

(4) Conduct two-phase V/L-A flash calculations and calculate the Gibbs free energy of
the two-phase system G..

(5) Conduct two-phase VL flash calculations with multiple initial equilibrium ratios
that are calculated by the following equations [67],

Kiy = Zi/x_Oi, Kiy = Zi/x_()li, Kiy = Z,-/x_OZ,-, etc.i = 1,...,n (26)

If multiple two-phase equilibria are yielded, select the one with the lowest Gibbs

free energy and output it as G.

(6) If G.<G, output two-phase V/L-A equilibrium; otherwise, output two-phase VL
equilibrium.

(7) Check the appearance of asphaltene phase using Equation (10). If asphaltene phase
appears, go to step (10); if not, continue.

(8) Conduct two-phase VL flash calculation with the initial equilibrium ratios given by

2-VL

Equation (26) and output vapor-phase compositions (x*'% and y*"*) and mole
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fractions of liquid phase and vapor phase (8:>"* and p,*'%).

(9) Check the appearance of asphaltene phase using Equation (10). If asphaltene phase
appears, conduct three-phase VLA flash calculation using Algorithm #1 proposed
by Li and Li [67] and output three-phase VLA equilibrium; if not, output two-phase
VL equilibrium. The initial equilibrium ratios proposed by Li and Li [67] are used
in the three-phase VLA flash calculation:

Kiy=y:"/x;,i=1,...,n(27)
where

= { x27VE/(1-0.99x x27V),i+n (28)
n

0.01 x x*>7VE/(1-0.99 x x27VL),i =
(10)Use Algorithm #1 proposed by Li and Li [67] to conduct three-phase VLA flash
calculation. The Wilson equation [82] is used to initialize the equilibrium ratios:
KWitson = Pet gy [5. 37(1 + ;) (1 - T?)] (29)

Output liquid-phase, vapor-phase, and asphaltene-phase compositions (x;*"!, y !,

and a;°"") and mole fractions of liquid, vapor, and asphaltene phases (8°"!, £,°"!, and
Bo>1). If the results calculated by Algorithm #1 [67] are physical, output three-phase
VLA equilibrium; otherwise, continue.

(11)If B.*'<0, conduct two-phase VL flash with the initial equilibrium ratios calculated
by:

Ky =y} '/x31i=1,...,n(0)

Otherwise, use Equation (26) to conduct two-phase VL flash. If multiple two-phase
equilibria are yielded, select the one with the lowest Gibbs free energy and output

2L and y#"") and mole fractions of

liquid-phase and vapor-phase compositions (x;
liquid phase and vapor phase (5>~ and 8,*"'%).

(12)Perform stability test. Inequality in Equation (10) is again checked on the two
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phases yielded by the two-phase VL flash calculation. If either of these two phases
is unstable, conduct three-phase VLA flash calculation using Algorithm #1 [67].
The equilibrium ratios given in Equation (27) are used to initialize the three-phase
VLA flash. Output liquid-phase, vapor-phase, and asphaltene-phase compositions
(x*2, »°2, and a;°%) and mole fractions of liquid, vapor, and asphaltene phases (>
2 B2, and B,>%), and go to Step 13. If both phases are stable, output two-phase VL
equilibrium.

(13)If physical results can be obtained from the three-phase VLA flash calculation,
output three-phase VLA equilibrium. Otherwise, conduct two-phase V/L-A flash
calculation and output non-asphaltene-phase and asphaltene-phase compositions

(x>""4 and a>"") and mole fractions of non-asphaltene phase and asphaltene

phase (82744 and f.2V4).

Check the stability of the non-asphaltene phase yielded by the two-phase V/L-A
flash calculation. If the result of the stability test is stable, output two-phase V/L-A
equilibrium; otherwise, conduct three-phase VLA flash calculation using Algorithm

#2 [67] and output three-phase VLA equilibrium.
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4.4. Results and Discussion
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Fig. 4-1 Flowchart of the three-phase VLA equilibrium calculation algorithm. This is
modified based on the one proposed by Li and Li’s [67]. The modifications are

In this section, example calculations are conducted based on five different reservoir
fluids collected from the literature. Here we assume that a thermodynamic equilibrium
is valid for all these five oil samples. However, it should be noted that an equilibrium
state may not be attainable for some crude oils under reservoir conditions [83]. The

calculation results are compared with the experimental data to check the robustness of



the modified algorithm. We also compare the calculation results yielded by different
assumptions to verify the feasibility of the free-asphaltene assumption and examine

which assumption gives better asphaltene-precipitation predictions.
4.4.1. Oil Sample Characterizations

4.4.1.1. Oil Sample 1
Oil sample 1 is a stock tank oil from the Middle East region studied by Jamaluddin et
al. [84]. The composition of oil sample 1 is shown in Table 4-1. The API gravity of this

oil sample is 39° API[84]. The molecular weight of the oil sample is 82.49 g/mol [84].

The molecular weight and density of the C7+ fraction are 228.07 g/mol and 0.865 g/cm’,
respectively [84]. The oil characterization is done using the approach developed by
Pedersen et al. [6]. In this approach, each pseudoconponent heavier than Cyo is split into
asphaltene and non-asphaltene components. If there are more than one non-asphaltene
components, the non-asphaltene components are lumped together using the lumping
method proposed by Pedersen et al. [6]. The critical temperature, critical pressure and

acentric factor of the non-asphaltene component can be calculated by Equations (31-33)

[6].

Tei = ZinaTcina t+ Zi aTcia (31)

A _ @ina)? | (Zia)? | 2XZiNaXZia 32)

Pei Pcina Pcia VPciNa*Pcia
Wi = ZiNnaWina T Zi aWi4 (33)

where T.;, P.; and w; represent the critical temperature, critical pressure and acentric
factor of pseudocomponent i, respectively. The subscripts 4 and NA represent the
asphaltene component and the non-asphaltene component, respectively. z; v4 and z; 4 are

the fractions of the non-asphaltene component and the asphaltene component,
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respectively. The critical temperature, critical pressure and acentric factor of the
asphaltene component are by default set as 1398.5 K, 14.95 bar and 1.274, respectively
[6]. The critical properties of the asphaltene component can be tuned to match the
experimental data. For oil sample 1, the critical temperature and critical pressure of the
asphaltene component are tuned to be 1423.076 K and 16.7 bar, respectively. The final
characterization scheme of oil sample 1 is shown in Table 4-2. Note that the critical

properties of the first nine components are taken from the literature [85].

The binary interaction parameters (BIPs) can also be tuned to better match the
experimental data. The model proposed by Chueh and Prausnitz [86] is adopted in this

study to calculate BIPs,

1/61/67¢
where £;; i1s the BIP between component i and component j, v; and v.; are the critical
volumes of component i and component j, respectively, 6 is the exponent, and the
subscripts i and j represent component i and component j, respectively. In this study,
we set the exponent 6 as 0.005 when calculating the BIPs between hydrocarbon
components. The exponent § between the asphaltene component and other components
is tuned to be 0.005 for oil sample 1. The BIPs used for oil sample 1 are shown in Table

4-3. In Table 4-3, the BIPs between N> and the non-asphaltene components are taken

from the literature [85].

Table 4-1 Composition of oil sample 1 [84].

Component | Composition (mol%)
N2 0.48
CO2 0.92
Ci 43.43
G 11.02
Cs 6.55
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1-Cy4 0.79
n-Cy4 3.70
1-Cs 1.28
n-Cs 2.25
Ce 2.70
Cr+ 26.88
Table 4-2 Characterization results of oil sample 1.
Composition Ve MW
Component (mpo 1%) T. (K) | Pe(bar) (m*/kmol) ) (2/mol)
N> 0.481 126.200 33.94 89.80 0.040 | 28.014
CO2 0.922 304.200 73.76 94.00 0.225 44.01
C 43.501 190.600 | 46.00 99.00 0.008 | 16.043
C 11.038 305.400 | 48.84 148.00 0.098 | 30.070
Cs 6.561 369.800 | 42.46 203.00 0.152 | 44.097
1-Cy 0.791 408.100 36.48 263.00 0.176 | 58.124
n-Cy4 3.706 425.200 38.00 255.00 0.193 | 58.124
1-Cs 1.282 460.400 33.84 306.00 0.227 | 72.151
n-Cs 2.254 469.600 33.74 304.00 0.251 | 72.151
Cs 2.704 507.400 29.69 370.00 0.296 | 86.178
Cy 2.488 538.119 29.9 446.59 0.338 | 96.000
Cs 2.257 558.729 27.59 476.11 0.374 | 107.000
Co 2.047 582.505 25.16 522.24 0.421 | 121.000
Ci0-Ci2 5.070 622.122 22.00 616.07 0.505 | 146.458
Ci13-Cus 2.643 669.274 19.15 754.01 0.615 | 182.135
Ci5-Cr7 3.113 715.409 17.21 919.98 0.731 | 220.660
Ci5-Cao 2.324 760.422 15.85 1102.36 0.846 | 262.221
C21-Co3 1.734 802.703 1491 1294.39 0.952 | 303.790
Ca-Cy7 1.648 847.816 14.15 1518.93 1.058 | 350.513
Cos-Cs3 1.530 910.362 13.39 1860.17 1.181 | 419.041
C34-Ca2 1.124 996.391 12.68 2376.67 1.275 | 519.014
Ca3-Cso 0.692 1135.398 | 11.45 3547.56 1.020 | 721.267
C43-Cgo A 0.089 1423.076 | 16.70 3547.56 1.274 | 721.267
Table 4-3 BIPs used for oil sample 1 [85].
N> CO; Cs3-Cs0 A
No 0.00000 -0.01700 0.08000
CO» -0.01700 0.00000 0.10000
Ci 0.03110 0.12000 0.00084
C 0.05150 0.12000 0.00067
Cs 0.08520 0.12000 0.00055
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1-Cy4 0.10330 0.12000 0.00046
n-Cq4 0.08000 0.12000 0.00047
1-Cs 0.09220 0.12000 0.00041
n-Cs 0.10000 0.12000 0.00041
Ce 0.08000 0.12000 0.00035
Cy 0.08000 0.10000 0.00029
Cs 0.08000 0.10000 0.00027
Co 0.08000 0.10000 0.00025
Cio-Cr2 0.08000 0.10000 0.00021
Ci3-Cis 0.08000 0.10000 0.00016
Ci5-Ci7 0.08000 0.10000 0.00013
Ci3-Cao 0.08000 0.10000 0.00009
C21-Co3 0.08000 0.10000 0.00007
C24-Coy 0.08000 0.10000 0.00005
Ca3-Cs3 0.08000 0.10000 0.00003
C34-Car 0.08000 0.10000 0.00001
Ca3-Cso 0.08000 0.10000 0
Ca3-Cs0 A 0.08000 0.10000 0

4.4.1.2. Oil Sample 2

Oil sample 2 is a live oil sample from Mexico studied by Buenrostro - Gonzalez et al.

[87]. Table 4-4 summarizes the composition of oil sample 2. The C7+ component of oil
sample 2 has a molecular weight of 334.66 g/mol and a density of 0.8822 g/cm? [87].
Oil sample 2 is also characterized using the method proposed by Petersen et al. [6] and
the characterization results are shown in Table 4-5. The critical temperature, critical
pressure and the exponent 6 between asphaltene and other components in Equation (34)
are tuned to be 1679.781 K, 13.2 bar and 0.030 for oil sample 2. The BIPs used for oil
sample 2 are shown in Table 4-6. In Table 4-6, the BIPs between N2, H>S and other

components except for the asphaltene component are taken from the literature [85].

Table 4-4 Composition of oil sample 2 [87].

Component | Composition (mol%)
No 0.91
CO2 1.57
H>S 5.39
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C 24.02
C2 10.09
Cs 9.58
1-C4 1.83
n-Cs4 4.83
1-Cs 2.27
n-Cs 2.74
Ce 4.77
Cr+ 32.00

Table 4-5 Characterization results of oil sample 2.

Composition Ve MW
Component (mIZ)I% ) T. (K) | Pc(bar) (m¥/kmol) ) (g/mol)
N2 0.937 126.200 33.94 89.80 0.040 | 28.014
CO2 1.617 304.200 73.76 94.00 0.225 | 44.010
H>S 5.551 373.200 89.37 98.50 0.100 | 34.080
Ci 24.740 190.600 | 46.00 99.00 0.008 | 16.043
C, 10.392 305.400 | 48.84 148.00 0.098 | 30.070
GCs 9.867 369.800 | 42.46 203.00 0.152 | 44.097
1C4 1.885 408.100 36.48 263.00 0.176 | 58.124
nCy 4.975 425.200 38.00 255.00 0.193 | 58.124
iCs 2.338 460.400 33.84 306.00 0.227 | 72.151
nCs 2.822 469.600 33.74 304.00 0.251 | 72.151
Ce 4913 507.400 | 29.69 370.00 0.296 | 86.178
Cy 1.312 538.851 30.10 433.59 0.338 | 96.000
Cs 1.257 559.155 27.69 468.83 0.374 | 107.000
Co 1.204 582.660 | 25.20 519.71 0.421 | 121.000
Ci10-Cie 7.128 662.330 19.62 751.15 0.603 | 173.920
Ci17-C2 4.619 766.814 15.47 1151.31 0.866 | 268.651
C23-Cos 3.572 846.502 13.90 1530.00 1.059 | 350.742
C29-Cs3 2.350 915.931 13.02 1900.57 1.195 | 428.801
C34-Cao 2.548 986.513 12.41 2310.52 1.273 | 511.604
C41-Cy7 1.888 1065.615 | 11.93 2800.55 1.268 | 609.604
Cas-Cso 3.610 1196.515 | 11.11 4070.84 0.717 | 837.328
Cas-Cgo A 0.475 1679.781 | 13.20 4070.84 1.274 | 837.328
Table 4-6 BIPs used for oil sample 2 [85].
N CO» HaS Ca3-Cg0 A
N2 0.00000 -0.01700 0.17700 0.00568
CO2 -0.01700 0.00000 0.09700 0.00555
H>S 0.17700 0.09700 0.00000 0.00542
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C 0.03100 0.07000 0.08000 0.00541
C 0.05200 0.07000 0.08300 0.00435
Cs 0.08500 0.07000 0.08800 0.00359
1C4 0.10300 0.07000 0.04700 0.00302
nCy 0.08000 0.07000 0.06000 0.00309
iCs 0.09200 0.07000 0.06000 0.00270
nCs 0.10000 0.07000 0.06000 0.00272
Ce 0.08000 0.07000 0.06000 0.00233
Cy 0.08000 0.07000 0.06000 0.00204
Cs 0.08000 0.07000 0.06000 0.00190
Co 0.08000 0.07000 0.06000 0.00173
Ci0-Cis 0.08000 0.07000 0.06000 0.00117
Ci7-Cx 0.08000 0.07000 0.06000 0.00066
C23-Cas 0.08000 0.07000 0.06000 0.00040
C29-Cs3 0.08000 0.07000 0.06000 0.00024
C34-Cao 0.08000 0.07000 0.06000 0.00013
C41-Ca7 0.08000 0.07000 0.06000 0.00006
Ca3-Cso 0.08000 0.07000 0.06000 0
Cas-Cs0 A 0.00568 0.00555 0.00542 0

4.4.1.3. Oil Sample 3
Oil sample 3 is a black oil sample reported by Jamaluddin et al. [88]. Table 4-7 shows

the composition of oil sample 3. Oil sample 3 has the API gravity of 32° API[88]. The

molecular weight of the oil sample is 102.04 g/mol [88]. The molecular weight and
density of the C2+ fraction are 337.94 g/mol and 0.906 g/cm’, respectively [88]. Again,
we characterize this oil sample using the approach proposed by Petersen et al. [6]. Table
4-8 shows the characterization results of oil sample 3. For oil sample 3, the critical
temperature, critical pressure and the exponent 6 between asphaltene and other
components are tuned to be 1325.721 K, 17.24 bar and 0.08. The BIPs used for oil
sample 3 are shown in Table 4-9. Note that the BIPs between N>, H>S and other
components except for the asphaltene component are taken from the literature [85]. The

BIP between N» and asphaltene component is tuned to be 0.38000.
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Table 4-7 Composition of oil sample 3 [88].

Component | Composition (mol%)
No 0.49
CO2 11.37
H>S 3.22
Ci 27.36
C 9.41
GCs 6.70
1-Cs4 0.81
n-Cy 3.17
i-Cs 1.22
n-Cs 1.98
Cs 2.49
Cy 2.87
Cs 3.14
Co 2.74
Cio 2.32
Cu 1.90
Cia+ 18.82

Table 4-8 Characterization results of oil sample 3.

Composition Ve MW

Component (mFZ) 1%) T. (K) | Pc(bar) (m?/kmol) ) (g/mol)
No 0.498 126.200 | 33.94 89.80 0.040 28.014
COz 11.567 304.200 | 73.76 94.00 0.225 44.010
H>S 3.276 373.200 | 89.37 98.50 0.100 34.080
Ci 27.833 190.600 | 46.00 99.00 0.008 16.043
C2 9.573 305.400 | 48.84 148.00 0.098 30.070
Cs 6.816 369.800 | 42.46 203.00 0.152 | 44.097
on 0.824 408.100 | 36.48 263.00 0.176 58.124
nCq 3.225 425.200 | 38.00 255.00 0.193 58.124
1Cs 1.241 460.400 | 33.84 306.00 0.227 72.151
nCs 2.014 469.600 | 33.74 304.00 0.251 72.151
Ce 2.533 507.400 | 29.69 370.00 0.296 86.178
C7 2.92 536.488 | 29.45 475.55 0.337 96.000
Cs 3.194 558.043 | 27.42 487.84 0.374 | 107.000
Co 2.787 582.078 | 25.06 529.18 0.421 | 121.000
Ci0-Ci3 6.324 625.359 | 21.64 638.09 0.515 | 148.824
C14-Cy7 3.388 706.030 17.45 896.21 0.709 | 212.553
Ci5-Cai 2.654 767.205 15.59 1140.15 0.865 | 268.996
Ca2-Cas 2.524 828.113 14.39 1424.06 1.014 | 329.955
C27-Csi 1.860 892.979 13.51 1764.39 1.152 | 400.293
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C3-Cy7 1.598 959.483 12.90 2148.52 1.250 |476.513
C35-Css 1.396 1039.375 | 12.39 2649.51 1.282 | 572.530
Ca5-Cso 1.630 1206.013 | 10.95 3934.64 0.802 | 791.017
C45-Cs0 A 0.325 1325.721 | 17.24 3934.64 1.274 | 791.017
Table 4-9 BIPs used for oil sample 3 [85].
N> CO2 H>S Ca43-Cgo A
N2 0.00000 -0.01700 0.17700 0.38000
COz -0.01700 0.00000 0.09700 0.01448
H>S 0.17700 0.09700 0.00000 0.01414
Ci 0.03100 0.07000 0.08000 0.01411
C 0.05200 0.07000 0.08300 0.01134
Cs 0.08500 0.07000 0.08800 0.00935
o 0.10300 0.07000 0.04700 0.00784
nCq 0.08000 0.07000 0.06000 0.00801
iCs 0.09200 0.07000 0.06000 0.00701
nCs 0.10000 0.07000 0.06000 0.00705
Cs 0.08000 0.07000 0.06000 0.00604
C7 0.08000 0.07000 0.06000 0.00485
Cs 0.08000 0.07000 0.06000 0.00474
Co 0.08000 0.07000 0.06000 0.00438
Ci10-C13 0.08000 0.07000 0.06000 0.00362
C14-C17 0.08000 0.07000 0.06000 0.00241
Ci5-Cai 0.08000 0.07000 0.06000 0.00169
C2-Cas 0.08000 0.07000 0.06000 0.00114
C27-Ca1 0.08000 0.07000 0.06000 0.00071
Cs2-Cs7 0.08000 0.07000 0.06000 0.00041
C38-Css 0.08000 0.07000 0.06000 0.00017
Ca5-Cso 0.08000 0.07000 0.06000 0
C45-Cgo A 0.38000 0.01448 0.01414 0

4.4.1.4. Oil Sample 4

Oil sample 4 is a single-phase bottomhole sample measured by Memon ef al. [89]. The

composition of oil sample 4 is shown in Table 4-10. The API gravity of oil sample 4 is

32.4° API [89]. The molecular weight of the oil sample is 102.6 g/mol[89]. The

molecular weight and density of the Czo+ fraction of oil sample 4 are 444.98 g/mol and

0.929 g/cm?, respectively [89]. Oil sample 4 is also characterized using the approach
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proposed by Petersen ef al. [6] and the characterization results are shown in Table 4-11.
For oil sample 4, the critical temperature, critical pressure and the exponent 4 are tuned
to be 1115.526 K, 20.92 bar and 0.065. The BIPs used for oil sample 4 are shown in
Table 4-12. Note that the BIPs between N> and other components except for the
asphaltene component are taken from the literature [85]. The BIP between CO, and

asphaltene is tuned to be 0.35000.

Table 4-10 Composition of oil sample 4 [89].

Component | Composition (mol%)
N» 0.39
CO2 0.84
Ci 36.63
C 8.63
Cs 6.66
1-C4 1.21
n-Cy4 3.69
1-Cs 1.55
n-Cs 2.25
Cs 3.36
Cy 3.34
Cs 3.44
Co 3.04
Cio 2.77
Cu 2.23
Ci2 1.82
Cis 1.66
Cis 1.45
Cis 1.31
Cis 1.07
Ci7 0.98
Cis 0.87
Cio 0.83
Coo+ 9.98

Table 4-11 Characterization results of oil sample 4.

Composition Ve MW
Component (mol%) T. (K) | Pc(bar) (m*/kmol) ) (@/mol)
N2 0.394 126.200 | 33.94 89.80 0.040 28.014
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CO2 0.848 304.200 | 73.76 94.00 0.225 44.010
Ci 36.965 190.600 | 46.00 99.00 0.008 16.043
C 8.709 305.400 | 48.84 148.00 0.098 30.070
GCs 6.721 369.800 | 42.46 203.00 0.152 44.097
1C4 1.221 408.100 | 36.48 263.00 0.176 58.124
nCy 3.724 425.200 | 38.00 255.00 0.193 58.124
iCs 1.564 460.400 | 33.84 306.00 0.227 72.151
nCs 2.271 469.600 | 33.74 304.00 0.251 72.151
Ce 3.391 507.400 | 29.69 370.00 0.296 86.178
C7 3.371 536.488 | 29.45 475.55 0.337 96.000
Cs 3471 558.043 | 27.42 487.84 0.374 | 107.000
Co 3.068 582.078 | 25.06 529.18 0.421 121.000

Ci0-Ci2 6.882 620.063 | 21.64 621.31 0.515 145.456
Ci3-Cis 4.460 678.459 17.45 784.83 0.709 | 189.109
Ci6-Cis 2.947 731.573 15.59 989.38 0.865 | 235.675
Ci9-Ca3 2.742 785.293 14.39 1220.84 1.014 | 286.092
C24-Co9 2.163 860.587 13.51 1591.04 1.152 | 364.168
C30-Cse 1.754 941.196 12.90 2040.68 1.250 | 454.862
C37-Caq 1.318 1028.079 | 12.39 2575.49 1.282 | 558.884
Cas5-Cso 1.708 1244.563 | 10.71 3811.83 0.810 | 784.844
C45-Cg0 A 0.307 1115.526 | 20.92 3811.83 1.274 | 784.844
Table 4-12 BIPs used for oil sample 4 [85].
N, CO> C43-Cs0 A

N2 0.00000 -0.01700 0.08000

CO2 -0.01700 0.00000 0.35000

Ci 0.03100 0.12000 0.01129

C 0.05200 0.12000 0.00905

GCs 0.08500 0.12000 0.00745

1Cs 0.10300 0.12000 0.00623

nCy 0.08000 0.12000 0.00637

iCs 0.09200 0.12000 0.00557

nCs 0.10000 0.12000 0.00559

Cs 0.08000 0.12000 0.00478

C; 0.08000 0.10000 0.00383

Cs 0.08000 0.10000 0.00374

Co 0.08000 0.10000 0.00345

Ci0-Ci2 0.08000 0.10000 0.00292

C13-Cis 0.08000 0.10000 0.00223

Ci6-Cis 0.08000 0.10000 0.00163

C19-C23 0.08000 0.10000 0.00116

C24-Ca9 0.08000 0.10000 0.00069

C30-C3s 0.08000 0.10000 0.00035

164




C37-Caq 0.08000 0.10000 0.00014
C45-Cso 0.08000 0.10000 0
C45-Cs0 A 0.08000 0.35000 0

4.4.1.5. Oil Sample 5
Oil sample 5 is a live oil sample measured by Srivastava et al. [90] and the composition

is shown in Table 4-13. The API gravity and density of oil sample 4 are 29° API and

0.8335 g/cm?, respectively [90]. The molecular weight of the Cs+ fraction of oil sample
51s 205 g/mol [91]. Oil sample 5 is characterized by the method proposed by Petersen
et al. [6] and the characterization results are shown in Table 4-14. The critical
temperature, critical pressure and the exponent € between asphaltene and other
components in Equation (34) are tuned to be 1398.5 K, 16.55 bar and 0.003 for oil
sample 2. The BIPs used for oil sample 5 are shown in Table 4-15. In Table 4-15, the
BIPs between N», H>S and other components except for the asphaltene component are

taken from the literature [85]. The BIP between CO> and asphaltene is tuned to be 0.061.

Table 4-13 Composition of oil sample 5 [90].

Component | Composition (mol%)
N2 0.96
CO2 0.58
H>S 0.30
Ci 4.49
C 2.99
Cs 4.75
1-C4 0.81
n-Cy 1.92
1-Cs 1.27
n-Cs 2.19
Ce+ 79.74

Table 4-14 Characterization results of oil sample 4.

Component | Composition ‘ T (K) ‘ P, (bar) ‘ Ve ) MW
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(mol%) (m*/kmol) (g/mol)
N2 1.027 126.200 | 33.94 89.80 0.040 28.014
CO> 0.620 304.200 | 73.76 94.00 0.225 44.010
H>S 0.321 373.200 | 89.37 98.50 0.100 34.080
C 4.803 190.600 | 46.00 99.00 0.008 16.043
C 3.198 305.400 | 48.84 148.00 0.098 30.070
Cs 5.081 369.800 | 42.46 203.00 0.152 44.097
1C4 0.866 408.100 | 36.48 263.00 0.176 58.124
nCq 2.054 425.200 | 38.00 255.00 0.193 58.124
iCs 1.358 460.400 | 33.84 306.00 0.227 72.151
nCs 2.342 469.600 | 33.74 304.00 0.251 72.151
Cs 8.717 507.400 | 29.69 370.00 0.296 86.178
Cs 5.380 546.682 32.2 294.56 0.339 96.000
Cs 4.965 567.327 | 29.69 329.13 0.375 | 107.000
Co 4.582 591.133 | 27.07 381.99 0.422 | 121.000
Ci0-Ci3 15.06 640.540 | 2298 519.79 0.529 | 152.880
C14-Cis 8.514 706.376 19.20 755.72 0.687 | 205.145
Ci17-Ci9 6.693 755.924 17.37 971.55 0.813 | 249.638
C20-Ca3 6.752 804.037 16.15 1208.91 0.935 | 295.816
C-Cyy 4.899 857.005 15.15 1499.00 1.060 | 350.820
Cas-Cx2 4.279 914.347 14.38 1843.96 1.175 | 413.760
C33-Css 3.313 980.021 13.75 2271.84 1.263 | 489.738
C39-Cas 2.956 1068.09 13.17 2893.42 1.272 | 595.835
Ca9-Cso 0.700 1075.003 | 10.49 4268.55 0.433 | 812.373
Cq9-Cs0 A 1.518 1398.500 | 16.55 4268.55 1.274 | 812.373
Table 4-15 BIPs used for oil sample 5 [85].
N CO> H.S Cs3-Cgo A
N2 0 -0.01700 0.17700 0.08000
CO2 -0.01700 0 0.09700 0.06100
H>S 0.17670 0.09740 0 0.06000
Ci 0.03110 0.06000 0.08000 0.00056
C 0.05150 0.06000 0.08300 0.00045
Cs 0.08520 0.06000 0.08800 0.00037
1C4 0.10330 0.06000 0.04700 0.00031
nCq 0.08000 0.06000 0.06000 0.00032
iCs 0.09220 0.06000 0.06000 0.00028
nCs 0.10000 0.06000 0.06000 0.00028
Ce 0.08000 0.06000 0.06000 0.00024
Cs 0.08000 0.06000 0.06000 0.00029
Cs 0.08000 0.06000 0.06000 0.00027
Co 0.08000 0.06000 0.06000 0.00024
Ci10-C13 0.08000 0.06000 0.06000 0.00018
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Ci4-Cis 0.08000 0.06000 0.06000 0.00012
C17-Ci9 0.08000 0.06000 0.06000 0.00009
C20-C3 0.08000 0.06000 0.06000 0.00007
C24-Cyy 0.08000 0.06000 0.06000 0.00005
Cas-Cx2 0.08000 0.06000 0.06000 0.00003
C33-Csg 0.08000 0.06000 0.06000 0.00002
C139-Casg 0.08000 0.06000 0.06000 0.00001
C49-Cso 0.08000 0.06000 0.06000 0
Ca9-Cgo A 0.08000 0.06100 0.06000 0

4.4.2. Validation of the Three-Phase VLA Equilibrium Calculation Algorithm

Figure 4-2 shows the comparison between the calculated PT phase envelopes and the
measured ones from the literature [84, 87-89]. The red lines represent the asphaltene
onset boundaries, while the green line represents the saturation pressure line. As seen
from Figure 4-2, a good agreement exists between the calculated results and the
experimental data, which indicates that our algorithm can be used to reliably reproduce
the experimental data. Two types of topologies can be observed from the PT phase
diagrams shown in Figure 4-2. Oil samples 1 and 2 exhibit the first type. In the first
type (See Figures 4-2a and 4-2b), the upper onset pressure curve does not intersect with
the saturation pressure curve, while the lower onset pressure curve does intersect with
the saturation pressure curve. Oil samples 3 and 4 exhibit the second type. In the second
type (See Figures 4-2¢ and 4-2d), the upper onset pressure curve and the lower onset

pressure curve intersect with the saturation pressure curve at the same point.
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Fig. 4-2 Comparison between the calculated PT phase envelopes using the newly
developed algorithm and the experimental data [84, 87-89]: (a) Oil sample 1; (b) Oil
sample 2; (c) Oil sample 3; (d) Oil sample 4.
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Immiscible gas injection is an effective enhanced oil recovery (EOR) method to
maintain the reservoir pressure [88]. In order to test the performance of our algorithm
in carrying out phase behavior calculations during immiscible gas injections, the tuned
parameters for oil sample 3 are subsequently used to predict the PT phase diagram of
oil sample 3 subjected to N> injection. Figure 4-3 shows the comparison between the
calculated PT phase envelope and the measured one by Jamaluddin ez al. [88]. Figure
4-3 (a), Figure 4-3 (b) and Figure 4-3 (c) show the PT phase diagrams with 5%, 10%
and 20% N2z injection, respectively. It can be seen from Figure 4-3 that the calculation
results match reasonably well with the experimental data, verifying the efficacy of our
algorithm in modeling asphaltene precipitation during gas injections. It can be also
concluded that the immiscible gas injection will lead to expanded asphaltene-

precipitation regions, causing a more serious asphaltene precipitation problem thereof.
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Fig. 4-3 Comparison between the calculated PT phase diagrams of oil sample 3 and
the experimental data with: (a) 5% N3 injection; (b) 10% N2z injection; (c¢) 20% N2
injection.
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Miscible gas flooding with CO, is more popular than immiscible gas flooding due to
the lower minimum miscibility pressure (MMP) between CO> and oil [92-94]. The
miscible displacement leads to a higher oil recovery efficiency than the immiscible
displacement at the same pressure and temperature [95]. But, CO> injection could cause
a severe asphaltene precipitation problem in some reservoirs [90, 96]. Here, we also use
the tuned parameters for oil sample 4 to generate the Px phase diagram and the P-x-WA
(weight fraction of precipitated asphaltene) with CO; injection at the reservoir
temperature of 363.15 K. The composition of the impure CO» stream is shown in Table
4-9. Figure 4-4 shows the comparison between the calculated Px phase diagram of oil
sample 4 and the experimental data. The green line, red line and blue line represent the
upper asphaltene onset boundary, the saturation pressure line and the lower asphaltene
onset boundary, respectively. It can be seen from Figure 4-4 that the calculated Px
diagram agrees well with the experimental data, which indicates that our algorithm can
be used to accurately model asphaltene precipitation under gas injection conditions.
Herein, it is worthwhile mentioning that we do not encounter any difficulty in
converging to the correct phase equilibria, which could be otherwise encountered by Li
and Li [58]. This can be attributed to the fact that the same thermodynamic model (PR-
EOS) has been used to describe the fugacity of the equilibrium phases. Figure 4-4 also
shows that the upper asphaltene onset pressure is increased substantially during the gas
injection process, which is because the solubility of asphaltene component will decrease

with an increase in the amount of injected gas [6].

Figure 4-5 shows the P-x-WA diagram of oil sample 4. We can see from Figure 4-5 that
the largest precipitation amount always appears at the oil saturation pressure. This can
be attributed to the fact that oil has the highest amount of dissolved gas at the saturation

pressure and thus has the lowest amount of dissolved asphaltene [6]. As the pressure
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decreases, the amount of dissolved gas decreases, which makes asphaltene more soluble
in the oil. When pressure increases from the oil saturation pressure, although the amount
of dissolved gas stays the same, the solubility of asphaltene tends to slightly increase
with pressure. As a result, the precipitated asphaltene will redissolve in oil at

sufficiently high pressures [6].

Table 4-16 Composition of the injection gas [89].

Component | Composition (mol%)
CO2 60.32
C 10.73
C2 7.55
Cs 9.09
1-C4 0.00
n-Cy 6.47
1-Cs 0.03
n-Cs 5.82
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Fig. 4-4 Comparison between the calculated Px phase diagram of oil sample 4 and the
experimental data at the reservoir temperature of 363.15 K.
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Fig. 4-5 3-D P-x-WA diagram of oil sample 4: (a) 3-D plot; (b) contour plot.

Figure 4-6 shows the comparison between the calculated asphaltene precipitation
amounts of oil sample 5 during CO» injection and the experimental data at the reservoir

temperature of 323.15 K and 160 bar. The green line shows the predicted asphaltene
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precipitation amount and the red triangles represent the measured ones. It can be
observed from Figure 4-6 that the calculated results agree reasonably well with
experimental data, which shows that our algorithm can be used to predict the amount

of asphaltene precipitation [90].
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Fig. 4-6 Comparison between the calculated asphaltene precipitation amount of oil
sample 5 and the experimental data at 323.15 K and 160 bar.

4.4.3. Comparison Between Pure-Solid Assumption and Free-Asphaltene
Assumption
In this section, we take oil samples 1, 2 and 5 as examples to show the comparison
between the results yielded by the pure-solid assumption and the free-asphaltene
assumption. Figure 4-7 compares the calculated PT phase diagrams of oil samples 1
and 2 yielded by different assumptions against the experimental data. In Figure 4-7, the
solid lines represent the phase boundaries yielded by the free-asphaltene assumption,
while the dashed lines represent the phase boundaries yielded by the solid assumption.
It can be concluded from Figure 4-7 that the free asphaltene assumption yields slightly

better results than the solid assumption. However, additional experimental data at the
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high-temperature region are needed to further prove which assumption gives better

asphaltene precipitation predictions under high-temperature conditions.
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Fig. 4-7 Comparison between the calculated PT phase diagrams yielded by different
assumptions and the experimental data: (a) Oil sample 1; (b) Oil sample 2.
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Figure 4-8 shows the comparison between the calculated asphaltene precipitation
amounts yielded by different assumptions and the experimental data. In Figure 4-8, the
solid lines represent the asphaltene precipitation amounts yielded by the free-asphaltene
assumption, while the dashed lines represent the asphaltene precipitation amounts
yielded by the solid assumption. It can be seen from Figure 4-8 that the results
calculated based on the free asphaltene assumption and the solid assumption are similar.
Also note that both methods fail to match the maximum amount of the precipitated
asphaltene, which could be attributed to the assumption that the asphaltene phase only

contains asphaltene.

Asphaltene precipitation amount (calculated by free asphaltene assumtion)
Asphaltene precipitation amount (calculated by solid assumption)
7 Asphaltene precipitation amount (expenment)

Aphaltene Precipitation Amount, wt%

60 80 100

Injection Gas, mol%

Fig. 4-8 Comparison between the calculated asphaltene precipitation amount yielded
by different assumptions and the experimental data.

4.4.4. Comparison Between Liquid Assumption and Free Asphaltene
Assumption

Figure 4-9 compares the PT phase diagrams of oil samples 1 and 2 calculated by our

algorithm based on the free-asphaltene assumption against that calculated by PVTsim

[85] based on the liquid assumption. In Figure 4-9, the solid lines and the dashed lines
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represent the phase boundaries yielded by the free-asphaltene assumption and the liquid
assumption, respectively. It can be observed from Figure 4-9 that the calculated results
yielded by the free-asphaltene assumption are very close to the results based on the
liquid assumption calculated by PVTsim [85], which verifies the effectiveness of the

free-asphaltene assumption.
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Fig. 4-9 Comparison between the PT phase diagrams calculated by our algorithm
yielded by the free asphaltene assumption and that calculated by PVTsim yielded by
the liquid assumption: (a) Oil sample 1; (b) Oil sample 2.

4.5. Conclusions

A modified three-phase VLA equilibrium calculation algorithm is developed in this
study based on the newly proposed free-asphaltene assumption. We test the
performance of this algorithm by applying it to four oil samples. The following

conclusions can be drawn from the calculation results:

e A good agreement can be seen between the results calculated by our algorithm
based on the free-asphaltene assumption and the experimental data, leading to
the conclusion that the modified algorithm together with the new assumption
can have a good description of asphaltene precipitation phenomena at varied
pressure/temperature conditions.

e The three-phase VLA equilibrium calculation algorithm can be used to predict

the phase boundaries with different injectants after being calibrated by the
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experimentally determined asphaltene onset data.

e The calculation results based on the free-asphaltene assumption agree slightly
better with the experimental data than the calculation results yielded by the solid
assumption. However, further validation at the high-temperature region is still
required to prove which assumption can provide more accurate asphaltene-
precipitation predictions.

e The phase envelopes yielded by the algorithm with the free-asphaltene
assumption are very close to the results yielded by the algorithm with the liquid
assumption, which proves the feasibility and effectiveness of the free-

asphaltene assumption.
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CHAPTER 5 A ROBUST AND EFFICIENT ALGORITHM FOR VAPOR-
LIQUID-EQUILIBRIUM/LIQUID-LIQUID-EQUILIBRIUM (VLE/LLE)
PHASE BOUNDARY TRACKING

A version of this chapter has been published in Chemical Engineering Science.
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Abstract

Three-phase equilibria, including three-phase vapor-liquid-asphaltene equilibria and
three-phase vapor-liquid-liquid equilibria, can appear in gas injection-based enhanced
oil recovery (EOR) processes. The appearance of either an asphaltene phase or a second
liquid phase can significantly affect the relative permeability curves and thus influence
the oil recovery efficiency. Therefore, it is of critical importance to accurately describe
the phase behavior of reservoir fluids that exhibit such three-phase equilibria in EOR
applications and to reliably predict the different types of phase diagrams exhibited by
these reservoir fluids. In this study, a novel phase-boundary tracking method is
proposed to precisely capture the vapor-liquid/liquid-asphaltene and vapor-
liquid/liquid-liquid two-phase boundaries in pressure-temperature and pressure-
composition phase diagrams. The two-phase boundaries determined by the proposed
phase-boundary tracking method intersect the three-phase boundary at the apex of the
three-phase region, which indicates the continuation of the three-phase region. The
calculated phase boundaries are validated against those documented in the literature,

and the results indicate very good agreement between the two.

Keywords: Vapor-liquid equilibria, Liquid-liquid equilibria, Phase diagram, Phase

boundary, Equation of state, Algorithm development
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5.1 Introduction

In addition to traditional vapor-liquid (VL) two-phase equilibria, three-phase equilibria
also frequently appear during gas injection-based enhanced oil recovery (EOR)
applications. For instance, vapor-liquid-asphaltene (VLA) three-phase equilibria are
encountered during the production of asphaltenic reservoirs; this occurs as asphaltene
can drop out due to gas injections or changes in the temperature/pressure conditions
(Angle et al., 2006; Chen et al., 2022b). The appearance of the asphaltene phase can
cause formation damage, potentially reducing oil recovery efficiency (Creek, 2005;
Punnapala and Vargas, 2013). Another type of three-phase equilibrium is the vapor-
liquid-liquid (VLL2) three-phase equilibrium, which normally occurs during CO;
flooding in low-temperature reservoirs (Pan et al., 2015; Pasqualette ef al., 2020). In
three-phase VL L, equilibria, the L phase represents the heavier liquid phase, whereas
the L> phase is the lighter liquid phase, which contains a significant amount of gaseous
solvents (Li et al., 2013). The presence of a second liquid phase can have a significant
impact on the oil recovery efficiency because it induces changes in the relative
permeability curves (Badamchi-Zadeh et al., 2009a; Badamchi-Zadeh et al., 2009b; Li
etal.,2013; Simon et al., 1978). It is therefore important to develop robust and efficient
algorithms to correctly describe the three-phase equilibria exhibited by a variety of
reservoir fluids and to predict the corresponding pressure-temperature (P7) and

pressure-composition (Px) phase diagrams.

Figures 5-1(a) and (b) schematically show the possible types of phase equilibria that
could be encountered in three-phase VLA and VLiL: equilibrium calculations,
respectively. It can be seen from Figure 5-1 that there are five possible phase equilibria
when the third phase appears. Robust phase equilibrium calculation algorithms have

been developed for three-phase VLA and VLL; equilibrium calculations. For example,
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Pan et al. (2019) proposed a trust-region-based three-phase VLiL> equilibrium
calculation algorithm based on the work of Petitfrere and Nichita (2014), which was
shown to be robust and efficient for a number of COz-crude oil mixtures. Several robust
three-phase VLA equilibrium calculation algorithms have recently been proposed
(Chen et al., 2021, 2022a; Li and Li, 2019). However, it should be noted that in these
algorithms, the asphaltene phase is considered a pure phase (i.e., the asphaltene phase
only contains the asphaltene component), which may lead to inaccurate results when
the pure-asphaltene-phase assumption does not hold (Chen et al., 2021). Because the
asphaltene phase can be considered a heavier liquid phase that contains both asphaltene
and other hydrocarbon components, the trust-region-based three-phase VLiL»
equilibrium calculation algorithm can be naturally extended to conduct three-phase

VLA equilibrium calculations.

==l o

Single-Phase Equilibrium Two-Phase Equilibria Three-Phase Equilibrium
(a)
v
| J
1
Single-Phase Equilibrium Two-Phase Equilibria Three-Phase Equilibrium
(b)

Fig. 5-1 Schematics of possible phase equilibria of some reservoir fluids exhibiting
three-phase equilibria: (a) three-phase VLA equilibrium and (b) three-phase VLiL»
equilibrium [adapted from Li (2022)].
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It is challenging to properly identify the three types of two-phase equilibria that can
possibly appear in three-phase equilibrium calculations: two-phase VL (or VL)
equilibrium, two-phase VA (or VL) equilibrium, and two-phase LA (or LiL»)
equilibrium. Distinguishing which two-phase equilibrium is present under the given
conditions is crucial because it could affect the calculations of some important
properties in modeling multiphase flow in situ, such as relative permeability and
capillary pressure (Bennett and Schmidt, 2017). Various phase-identification methods
have been proposed to determine the correct phase types. These methods are based on
either the calculated pseudo-critical points, the molar volumes, or the
isothermal/isobaric compressibility factors that are output from multiphase equilibrium
calculations. Note that these phase-identification methods have not been successfully
applied to asphaltic oil systems to capture the VL/LA phase boundaries. In addition,
determining the VL/LL and VL/LA phase boundaries still relies on conducting point-
to-point phase equilibrium calculations, which is cumbersome and time-consuming. To
the best of our knowledge, no algorithm has been developed to accurately and
efficiently track the VL/LL and VL/LA phase boundaries that appear in PT and Px

phase diagrams.

In both the three-phase VLA and VLiL> equilibrium calculations, the composition of
the asphaltene phase or the low-density liquid phase is dominated either by the
asphaltene component or a gaseous solvent component, respectively. Therefore, the
mole fraction of the asphaltene component is selected to track the VL/LA phase
boundaries, whereas the mole fraction of the gaseous component is chosen to track the
VL/LL phase boundaries. The three-phase VLiL> equilibrium calculation algorithm
based on the trust-region method proposed by Pan ef al. (2019) is first extended to

conduct three-phase VLA equilibrium calculations, and the calculation results are
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validated by comparing them to experimental data from the literature. The validation
results demonstrate that the trust-region-based VLA three-phase equilibrium
calculation algorithm is accurate and robust. Subsequently, a novel phase boundary
tracking method is proposed, in which the second derivative of the mole fraction of the
most dominant component in either the asphaltene phase or the low-density liquid phase
with respect to temperature or pressure is used to identify the VL/LL and VL/LA phase
boundaries. A robust numerical solution algorithm, that is, Brent’s method (Brent,
1971), is then implemented to ensure the accuracy and efficiency of the phase boundary

tracking algorithm.

5.2 A Brief Review of Phase Identification Methods

Several phase identification methods have been proposed over the past few decades.
The simplest method is the critical point method (Gosset et al., 1986), in which a phase
is considered a vapor phase if the temperature is higher than the phase critical
temperature (7 > T¢) or if the phase volume exceeds the phase critical volume (V"> V).
The critical properties of the different phases can be calculated using the method
proposed by Asselineau et al. (1979). The temperature criterion using the critical
temperature calculated by Li’s mixing rule (Li, 1971) is then adopted by the

compositional reservoir simulator ECLIPSE (Schlumberger, 2015).

The isothermal compressibility method is also a widely accepted phase labeling method.
The isothermal compressibility can be calculated using the following equation (Bennett

and Schmidt, 2017):

o= (2 =222 o
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where £ is the isothermal compressibility, ¥ is the molar volume of the phase, and P
and 7 are the pressure and temperature, respectively. Since the isothermal
compressibility of the vapor phase is much larger than that of the liquid phase, Poling
et al. (1981) proposed a new phase-identification method, in which a phase is labeled

as a liquid phase if kP < 0.005, and a vapor phase if 0.9 < kP < 3. Instead of using the

values of kP, Pasad and Venkatarathnam (1999) found that the value of Z—: can be used
to determine whether the phase is a liquid phase or a vapor phase. If z—: > 0, the fluid is

liquid; if g—:< 0, the fluid is vapor. Similarly, Bennett and Schmidt (2017) proposed

using the thermal expansion coefficient () as an indicator for phase identification; o

can be calculated as follows (Bennett and Schmidt, 2017):
_ _(%logV) _ _1(%%
a= ( aT )P o V(aT)P 2)

If the value of Z—; >0, the fluid is liquid; if g—: <0, the fluid is vapor. There are also phase

identification methods based on the mole fractions of the key components. Perschke
(1988) used the heaviest hydrocarbon component to determine the oleic phase when
three-phase equilibria appear and the density of the remaining phases to identify the
vapor phase and the second liquid phase. When there are only two equilibrium phases,
the L phase is assumed to exist, and the other phase is determined by the mass density
(Perschke, 1988). If the mass density of the second phase is lower than the specified
threshold value, the phase is labeled as the vapor phase; otherwise, it is labeled as an L
phase (Perschke, 1988). This method has been widely implemented in compositional
flow simulators, such as UTCOMP (Chang, 1990; Neshat et al., 2020). However, the
fixed mass density threshold does not perform well for phase labeling in the two-phase

region (Mohanty et al., 1995; Xu and Okuno, 2015). This method was then modified
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by Xu and Okuno (2015), and the phase with the higher methane concentration was

identified as the vapor phase.

When constructing the PT and Px phase diagrams, we pay less attention to the VL/LA
and VL/LL boundaries. To determine the VL/LA and VL/LL phase boundaries using
traditional phase identification methods, point-to-point phase equilibrium calculations
are conducted over a certain temperature/pressure range with a certain step size.
Different phase labeling methods are then applied based on the results of the phase
equilibrium calculations, and the VL/LA and VL/LL phase boundaries are delineated
based on the phase identification results. The use of such an exhaustive procedure
implies that the accuracy in determining the VL/LA and VL/LL phase boundaries is
highly dependent on the step size used. To increase the calculation accuracy, a rather
small step size must be used, which, however, would significantly increase the
computational cost. Therefore, a robust and efficient phase boundary tracking method
is urgently needed to accurately identify the VL/LA and VL/LL phase boundaries when

constructing PT and Px phase diagrams involving VLA or VL,L: phase equilibria.

5.3 VL/LA and VL/LL Phase Boundary Tracking Algorithm

5.3.1 VL/LA and VL/LL Phase Boundary Tracking Algorithm for Generating
PT Phase Diagrams

In this study, we propose a novel VL/LA and VL/LL phase boundary tracking method.

The phase boundary can be captured using information pertinent to the mole fraction

of the gaseous component or the asphaltene component. In PT phase diagrams, the

VL/LA phase boundary is considered to be reached if the following equation is satisfied:

v/A
0%x,

oz~ 00)
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/

where xg 4 represents the mole fraction of the asphaltene component in the vapor phase

or in the asphaltene phase.

Similarly, the VL/LL phase boundary is obtained by solving the following equation:

V/L,

6xd =0(4)

aT?

/L2 represents the mole fraction of the gaseous component in the vapor phase

where xZ
or in the lighter liquid phase. The central finite difference method is used to

approximate the second derivative shown in Equations (3-4).

Brent’s method (Brent, 1971) is applied to solve either Equation (3) or Equation (4) in
this study. Compared with traditional methods, Brent’s method (Brent, 1971) is fast and
can guarantee convergence when searching for the zero of a function. In addition, the
results obtained using Brent’s method are highly accurate. The detailed procedure of

Brent’s method is presented in Brent (1971) and Lu et al. (2021).

Figure 5-2 shows the flow chart of the VL/LA and VL/LL phase boundary tracking
method for constructing PT phase diagrams. The details of the stepwise procedure are

as follows:

1. Input initial pressure (Pini), fluid properties (7¢, P., and w), binary interaction
parameters (BIPs), and feed composition. While tracking the VL/LA phase
boundaries, the maximum pressure at which a VLA three-phase region exists (Papex)

is first sought. The initial pressure is then determined using the following equation:

Pa ex
Pinie = —5—(5)
When we track the VL/LL phase boundaries in the PT phase diagrams, we record

the corresponding temperature, 7uper, after obtaining the value of Pypex. The pressure
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at the single-phase/two-phase boundary at 7., is then recorded as P;2. The initial

pressure is then calculated as follows:

Papex+P12

Pinie = ———(6)

. Determine the temperature range [7min, Tmax] that brackets the VL/LA or VL/LL

phase boundaries. In this study, 7w is set as the temperature of the single-

phase/two-phase boundary at a given pressure, whereas Tin = Tapex — 200 K.

. Under a given pressure, two stability tests are conducted on the given mixture at
Tmin and Tpax. If the results show two-phase equilibria, proceed to Step 4. If not, go

to Step 2 and reset the temperature range by setting Tinin = Tmin + 10 K.

2.V/Ly 2. V/A
. x 0°x
. Under the given pressure, calculate the values of a;Z or aTdZ at Tin and Thax.

The following equation must be satisfied to guarantee that a solution exists so that

Brent’s method can be applied:

2. V/L(4)
a X4

X <0(7)

aT?

92 XZ/ La(4)
aT?

szTmin szTmax
If Equation (7) is not satisfied, reset the temperature range by setting Trin = Tmin —
10 K.

. Call Brent’s method (Brent, 1971) to solve Equations (3) or (4) and record the
temperature corresponding to the VL/LA or VL/LL phase boundary at the given

pressure.

. Update the value of pressure by using P = P + 0.01 bar and go to Step 2 until the
VL/LA or the VL/LL phase boundary intersects other phase boundaries. Then,
update the value of pressure by P = P — 0.01 bar and repeat the calculations until
either the VL/LA or the VL/LL phase boundary intersects other phase boundaries

or the pressure is less than 1 bar.
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Fig. 5-2 Flow chart of the VL/LA and VL/LL phase boundary tracking method for
constructing PT phase diagrams.

5.3.2 VL/LL Phase Boundary Tracking Algorithm for Generating Px Phase
Diagrams
In Px phase diagrams, since the temperature is held constant, the VL/LL phase

boundary is identified using the following equation:
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2..V/L2
0%x,

ap?

=0(8)

Note that the central finite difference method is applied to approximate the second

derivative shown in Equation (8).

A flow chart of the VL/LL phase boundary tracking algorithm used to generate the Px

phase diagrams is shown in Figure 5-3. The detailed procedure is summarized as

follows:

1.

Input the temperature (7), initial mole fraction of the injection gas (xinir), fluid
properties (7¢, Pc, w), BIPs, and feed composition. The initialization procedure will
vary in different scenarios. Figure 5-4 shows three different types of Px phase
diagrams that may appear. In Scenario 1, where the VLiL, three-phase boundary
intersects the single-phase/two-phase boundary [see Figure 5-4 (a)] and the
maximum mole fraction of the injection gas at which a VL L, three-phase region
exists (Xmax) 1s smaller than or equal to 99.99 mol%, xixi: can be calculated using the

following equation:

Xmax+1
Xinit = =5 — (9)

For Scenario 2, where the VL L, three-phase boundary does not intersect the single-
phase/two-phase boundary and xax > 99.99 mol% [Figure 5-4 (b)], we first record
the minimum mole fraction of the injection gas at which a VL1L, three-phase region
exists (xmin), as well as the corresponding pressure (P3) at such a mole fraction. We
then draw a horizontal line with a pressure level of P;. The intersection of this
horizontal line with the single-phase/two-phase boundary is denoted as (x;2, P3).

We then determine xin;: using the following equation:

XmintX12
Xinit = —mmz (10)
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For Scenario 3, where the VL1L» three-phase boundary does not intersect the single-
phase/two-phase boundary and xgpex < 99.99 mol% [see Figure 5-4 (c)], we first
track the VL/LL two-phase boundary on the left of the VL1L, three-phase boundary
using the initialization method applicable to Scenario 2 and then track the VL/LL
two-phase boundary on the right of the VLiL, three-phase boundary using the
initialization method applicable to Scenario 1.

Determine the pressure range [ Pmin, Pmax] that brackets the VL/LL phase boundaries
at a given mole fraction of the injection gas. In this study, P is set as the saturation
pressure of the mixture when there is 0 mol% injection gas. It should be noted that
the selection of P is empirical. In general, for Scenario 1, the maximum pressure
could be set at any pressure higher than P3. For Scenario 2, Puax could be set as the
pressure of the single-phase/two-phase boundary at the given mole fraction of the
injection gas. For Scenario 3, when tracking the VL/LL two-phase boundary on the
left of the VLL three-phase region, we set up the pressure range [ Pin, Pmax] as per
the setup method applicable to Scenario 2, and when tracking the VL/LL two-phase
boundary on the right of the VL,L, three-phase region, we set up the pressure range

[Pmin, Pmax] as per the setup method applicable to Scenario 1.

. Under a given temperature and mole fraction of the injection gas, two stability tests
are conducted on the given mixture at Puin and Puax. If the results of the stability
tests correspond to two-phase equilibria, continue; otherwise, go to Step 2 and reset

the pressure range [Pumin, Pmax] by setting Ppax as Puax —5 bar.

. Under a given temperature and mole fraction of the injection gas, calculate the

2. V/L
X4
P2

values of at Puin and Puax. Then, check whether the following criterion is

satisfied:
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V/LZ 2 V/Lz
2x 0“x
d d
X
l P2 ] l P2 l <0(11)
P=Ppin P=Ppax

If Equation (11) is not satisfied, return to Step 2 and adjust the pressure range [Puin,
Prax] by setting Prax as Pmax+ 5 bar; otherwise, continue.
. Call Brent’s method (Brent, 1971) to solve Equation (8) and record the pressure of

the phase boundary at the given temperature and mole fraction of the injection gas.

. Update the value of x as x = x —0.001, go to Step 2, and repeat the calculations until
the VL/LL phase boundary intersects the other phase boundaries. Then, update the
value of x as x = x+ 0.001, go to Step 2, and repeat the calculations until the VL/LL
phase boundary intersects the other phase boundaries or when the value of x is

greater than 99.9%.
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Fig. 5-3 Flow chart of the VL/LA and VL/LL phase boundary tracking method for
constructing Px phase diagrams.
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Fig. 5-4 Schematics of different types of Px phase diagrams that may appear during
the gas injection process: (a) Scenario 1; (b) Scenario 2; and (¢) Scenario 3.

5.4 Results and Discussion

In this section, PT and Px phase diagrams are generated for two reservoir fluids that are
prone to asphaltene precipitation and three reservoir fluids that are prone to form a
second liquid phase. To test the performance of the newly proposed method, the phase
diagrams generated by the newly proposed method are compared with either the
available experimental data or the calculated results reported in previous studies. The
Peng-Robinson equation of state (PR EOS) (Peng and Robinson, 1976) is applied to

conduct the phase equilibrium calculations.

5.4.1 Generation of Phase Diagrams with Asphaltene Precipitation
Oil samples 1 and 2, both of which exhibited asphaltene precipitation during the PVT
experiments, are first characterized using the method proposed by Pedersen et al. (2006).

Although the present characterization method is the same as that used by Chen et al.
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(2022a), the characterization results are different since we do not use the free-

asphaltene assumption as used in Chen et al. (2022a).

Figure 5-5 shows the PT phase diagrams generated for oil samples 1 and 2. Note that
the VL/LA phase boundaries are generated by the newly proposed phase boundary
tracking algorithm, whereas the other phase boundaries (such as the three-phase VLA
boundary) are generated based on point-to-point calculations made using the trust-
region-based three-phase equilibrium calculation algorithm (Lu et al., 2021; Pan et al.,
2019). As shown in Figure 5-5, the calculated phase boundaries agree well with the
experimental data, indicating that the trust-region-based multiphase equilibrium
calculation algorithm proposed by Pan et al. (2019) can be extended to reliably conduct
three-phase VLA equilibrium calculations. More importantly, Figure 5-5 shows that the
predicted VL/LA two-phase boundaries are smooth and continuous. Besides, the
VL/LA phase boundaries intersect the three-phase region at the apex, and the VL/LA
two-phase boundaries can be considered as extensions of the VLA three-phase region,
which indicates the continuation of the three-phase region (Bennett and Schmidt, 2017).
Therefore, it can be concluded that the proposed VL/LA phase-boundary-tracking

algorithm performs well in predicting the VL/LA phase boundaries.
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Fig. 5-5 PT phase diagrams with asphaltene precipitation: (a) oil sample 1; (b) oil
sample 2.

Here, we use two example calculations to show the detailed process of how to determine

V/A
zx/

the VL/LA phase boundary. Figures 5-6 (a) and (b) show the variations in mfiz versus

temperature at 100 bar for oil samples 1 and 2, respectively. As shown in Figure 5-6,
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the solution of Equation (3) is between 820 K and 830 K for oil sample 1 and between
920 K and 930 K for oil sample 2. By applying Brent’s method (Brent, 1971), we readily
determine the VL/LA phase boundaries at 100 bar to be 822.5197 K for oil sample 1

and 927.5712 K for oil sample 2.
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Fig. 5-6 Variation of aTdZ versus temperature at 100 bar for: (a) oil sample 1; (b) oil

sample 2.

5.4.2 Generation of Phase Diagrams with the Appearance of the Second Liquid
Phase
VL:L: equilibrium calculations are conducted for the three oil samples. Tables 5-1, 5-
2 and 5-3 show the compositions and fluid properties of the three oil samples [i.e., oil
G, North Ward Estes (NWE) oil, and Bob Slaughter Block (BSB) oil] (Khan et al.,
1992; Okuno et al., 2011). The BIPs between the CO> and hydrocarbon components
are also shown in Tables 5-1, 5-2 and 5-3. These three oil samples were obtained from
three different low-temperature oil reservoirs in West Texas and were experimentally
confirmed to form VLL, three-phase regions during gas injection processes. Note that
the BIPs between the hydrocarbon components are set to zero in the three-phase VL1,

equilibrium calculations.

Table 5-1 Composition and fluid properties of Oil G (Khan et al., 1992).

Component Composition‘ T: (K) ‘ P. (bar) ‘ ) ‘ MW ‘ BIP with
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(mol%) (g/mol) CO»
CO, 1.690 304.200 73.76 0.225 | 44.010 0
Ci 17.520 174.444 46.00 0.008 16.043 0.085
Cas 22.440 347.263 44.69 0.133 | 37.909 0.085
Ca-s 16.730 459.740 34.18 0.236 | 68.672 0.085
Cr.14 24.220 595.135 21.87 0.598 | 135.093 0.104
Cis25 12.160 729.981 16.04 0.912 | 261.103 0.104
Caes+ 5.240 910.183 15.21 1.244 | 479.698 0.104
Table 5-2 Composition and fluid properties of NWE Oil (Khan et al., 1992).
Component Co(mnﬁ)(ig/lot)l ol ¢ (K) P. (bar) 1) (g1>/[n¥1) BI(l; gz ith
CO, 0.770 304.200 73.77 0.225 | 44.010 0
Ci 20.250 190.600 46.00 0.008 16.040 0.120
PC, 11.800 343.640 45.05 0.130 | 38.400 0.120
PC, 14.840 466.410 33.51 0.244 | 72.820 0.120
PC; 28.630 603.070 24.24 0.600 | 135.820 0.090
PC4 14.900 733.790 18.03 0.903 | 257.750 0.090
PCs 8.810 923.200 17.26 1.229 | 479.950 0.090

Table 5-3 Composition and fluid properties of BSB Oil (Khan et al., 1992). This oil is
characterized as a quaternary fluid by Okuno et al. (2011).

Component Cogln%(ii’/f)l onlor (K) P, (bar) ) (g1>/[n\17g1) Blg gz ith
CO2 3.370 304.200 73.77 0.225 44.01 0
Ci 8.610 160.000 46.00 0.008 16.04 0.055
PC; 64.780 529.030 27.32 0.481 98.45 0.081
PC, 23.240 795.330 17.31 1.042 354.2 0.105

Figure 5-7 shows the PT phase diagram of Oil G with 70 mol% CO> injection, and
Figures 5-8 and 5-9 show the Px phase diagrams of BSB Oil and NWE Oil, respectively,
with impure COz injection. As shown in Figures 5-7, 5-8 and 5-9, the VL/LL two-phase
boundary intersects the VLL, three-phase region at the apex of the VLL. three-phase
boundary, which indicates the continuation of the three-phase region (Bennett and

Schmidt, 2017). The calculated phase diagrams are also compared with those of
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previous studies to validate the accuracy of our calculations. We can see from Figures
5-7, 5-8 and 5-9 that the calculated phase boundaries agree well with those reported in
previous studies (Bennett and Schmidt, 2017; Li and Firoozabadi, 2012; Lu et al., 2021).
Note that in Figure 5-9, the calculated VL/LL two-phase boundary using the newly
proposed phase boundary identification method is compared with that calculated by the
thermal expansion coefficient method proposed by Bennet and Schmidt (2017), and the
calculation results are almost identical. Thus, we can conclude that the newly proposed

phase boundary identification method can be used to reliably predict the VL/LL two-

phase boundary.
a7
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Fig. 5-7 PT phase diagram of Oil G with 70 mol% COx injection.
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Oil G with 70 mol% COx injection is used as an example to illustrate the application of

the proposed methodology to locate the VL/LL phase boundary in the PT phase

2..V/L
Xd

aT?

diagrams. The change of versus the temperature at 200 bar for Oil G with 70
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mol% COz injection is shown in Figure 5-10. As shown in the figure, the solution of
Equation (4) at 200 bar is between 350 K and 360 K for Oil G with 70 mol% CO
injection. By applying Brent’s method (Brent, 1971), we determine the pressure at the

VL/LL phase boundary to be 351.8622 K.
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Fig. 5-10 Change of of Oil G versus temperature at 200 bar.

2..V/L2
Xq
oP

Figure 5-11 shows the change of with pressure at 313.71 K for BSB Oil with 98

2

mol% impure CO; injection (herein, the impure CO> stream contains 95 mol% CO- and

2..V/L2
Xd

oP?

5 mol% C,), whereas Figure 5-12 shows the change of with pressure at 301.48

K for NWE oil with 60 mol% impure CO: injection. It can be seen from Figure 5-11
that the solution of Equation (8) is between 80 bar and 85 bar for BSB oil. Using Brent’s
method (Brent, 1971), we determine the pressure at the VL/LL phase boundary to be
83.5074 bar. Similarly, the VL/LL phase boundary is identified as 97.7841 bar at 301.48

K for NWE Oil with 60 mol% impure CO; injection.
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5.4.3 Effect of Different Criteria on the Generation of Phase Diagrams

2

In this study, we use aa;czd = 0 to track the VL/LA and VL/LL phase boundaries in the

azxd
ap2

PT phase diagrams, whereas we use = 0 to track such phase boundaries in the Px

phase diagrams. In this section, we use oil sample 1 as an example to examine the
effects of different criteria on tracking the VL/LA phase boundaries. Figure 5-13 shows
a comparison of the PT phase diagrams of oil sample 1 generated using these different

criteria. In Figure 5-13, the yellow line shows the VL/LA phase boundary tracked using

azxd a

57z — 0, whereas the black dots show that tracked using L

2x
ap2

= 0. It can be seen from

Figure 5-13 that the phase boundaries tracked by the different criteria are identical. In
Figure 5-13, we also draw an isobaric line at 100 bar (i.e., the black dashed line) and an
isothermal line at 800 K (i.e., the blue dashed line). We can see from Figure 5-13 that
the isothermal line crosses the VL/LA two-phase boundary once, whereas the isobaric

line has two intersecting points with the VL/LA two-phase boundary. Therefore, we

2
aaszd =0 when tracking the VL/LA and VL/LL phase

still recommend using

azxd _
T2

boundaries as there is only one solution for 0 in the PT phase diagrams but there

azxd

40,

could be multiple solutions for
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Fig. 5-13 Comparison of the PT phase diagrams of oil sample 1 generated by different
criteria.

5.5 Conclusions

In this study, we first extend the trust-region-based three-phase VLiL> equilibrium
calculation algorithm proposed by Pan et al. (2019) to conduct three-phase VLA
equilibrium calculations. The calculated phase boundaries are compared with the
available experimental data to validate the accuracy of the calculation results. A novel
phase boundary tracking method based on Brent’s method (Brent, 1971) is then
proposed to identify the VL/LL and VL/LA phase boundaries. PT and Px phase
diagrams are generated to test the performances of the multiphase equilibrium
calculation algorithm as well as the newly proposed phase boundary tracking method.
The calculation results obtained by the three-phase VLA equilibrium calculation
algorithm agree well with the experimental data, which proves that the trust-region-
based multiphase equilibrium calculation algorithm proposed by Pan et al. (2019) can
be extended to conduct three-phase VLA equilibrium calculations. The predicted

VL/LA two-phase boundaries are smooth and continuous. The VL/LL two-phase
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boundary intersects the VLL, three-phase region at the apex of the VL;L, three-phase
boundary, which indicates the continuation of the three-phase region (Bennett and
Schmidt, 2017). The calculated VL/LL two-phase boundaries are also compared with
those calculated using the thermal expansion coefficient method proposed by Bennett
and Schmidt (2017). The comparison indicates that the calculated phase boundaries
using the newly proposed phase boundary tracking method agree well with those

calculated by Bennett and Schmidt (2017).
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Appendix of Chapter 5

Characterization Results of the Oil Samples Used in the Three-phase VLA

Equilibrium Calculations

Oil samples 1 and 2 are shown to have asphaltene precipitation under certain
pressure/temperature conditions. Tables A5-1 and A5-2 show the composition of oil

samples 1 and 2, respectively. Oil sample 1 is a stock tank oil from the Middle East

226



region by Jamaluddin ez al. (2002). The API gravity of this oil sample is 39° API

(Jamaluddin et al., 2002). The molecular weights of the oil sample and the C7+ fraction
are 82.49 g/mol and 228.07 g/mol, respectively (Jamaluddin et al., 2002), the density
of the C7+ fraction is 0.865 g/cm® (Jamaluddin et al., 2002). Oil sample 2 is a live oil
sample from Mexico studied by Buenrostro - Gonzalez et al. (Buenrostro - Gonzalez
et al., 2004). The C7+ component of oil sample 2 has a molecular weight of 334.66

g/mol and a density of 0.8822 g/cm® (Buenrostro - Gonzalez et al., 2004).

Table A5- 1 Composition of oil sample 1 (Jamaluddin et al., 2002).

Component | Composition (mol%)
N2 0.48
CO2 0.92
C 43.43
G 11.02
GCs 6.55
1-Cy4 0.79
n-Cy 3.70
i-Cs 1.28
n-Cs 2.25
Cs 2.70
Cr+ 26.88

Table AS- 2 Composition of oil sample 2 (Buenrostro - Gonzalez et al., 2004).

Component | Composition (mol%)
N2 0.91
CO2 1.57
H>S 5.39
C 24.02
C 10.09
Cs 9.58
1-C4 1.83
n-Cy 4.83
1-Cs 2.27
n-Cs 2.74
Ce 4.77
Cr+ 32.00
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The oil characterization method proposed by Pedersen et al. (2006) is applied in this

study. The characterization results for oil samples 1 and 2 are shown in Tables A5-3

and A-4.

Table A5- 3 Characterization results of oil sample 1. The critical properties of the first
nine components are taken from the literature (PVTsim, 2011).

Composition Ve MW
Component (mpo 1%) T. (K) | P.(bar) (m¥/kmol) ) (2/mol)
N> 0.481 126.200 33.94 89.80 0.040 | 28.014

CO2 0.922 304.200 73.76 94.00 0.225 44.01
Ci 43.501 190.600 | 46.00 99.00 0.008 | 16.043
C 11.038 305.400 | 48.84 148.00 0.098 | 30.070
Cs 6.561 369.800 | 42.46 203.00 0.152 | 44.097
1-C4 0.791 408.100 36.48 263.00 0.176 | 58.124
n-Cy4 3.706 425.200 38.00 255.00 0.193 | 58.124
1-Cs 1.282 460.400 33.84 306.00 0.227 | 72.151
n-Cs 2.254 469.600 33.74 304.00 0.251 | 72.151
Ce 2.704 507.400 | 29.69 370.00 0.296 | 86.178
Cy 2.488 538.119 29.9 446.59 0.338 | 96.000
Cs 2.257 558.729 | 27.59 476.11 0.374 | 107.000
Co 2.047 582.505 25.16 522.24 0.421 | 121.000
Ci0-Ci2 5.070 622.122 | 22.00 616.07 0.505 | 146.458
Ci3-Ci4 2.643 669.274 19.15 754.01 0.615 | 182.135
Ci5-Ci7 3.113 715.409 17.21 919.98 0.731 | 220.660
Ci5-Cao 2.324 760.422 15.85 1102.36 0.846 | 262.221
C21-Ca3 1.734 802.703 1491 1294.39 0.952 | 303.790
Cas-Cy7 1.648 847.816 14.15 1518.93 1.058 | 350.513
Cos-Cs3 1.530 910.362 13.39 1860.17 1.181 | 419.041
C34-Ca2 1.124 996.391 12.68 2376.67 1.275 | 519.014
Ca3-Cso 0.692 1135398 | 1145 3547.56 1.020 | 721.267
C43-Cgo A 0.089 1423.076 | 15.48 3547.56 1.274 | 721.267

Table AS- 4 Characterization results of oil sample 2. The critical properties of the first
ten components are taken from the literature (PVTsim, 2011).

Composition Ve MW
Component (mIZ) 1%) T. (K) | Pc(bar) (m*/kmol) ) (2/mol)
N» 0.937 126.200 33.94 89.80 0.040 | 28.014
CO2 1.617 304.200 73.76 94.00 0.225 | 44.010
H>S 5.551 373.200 89.37 98.50 0.100 | 34.080

C 24.740 190.600 | 46.00 99.00 0.008 | 16.043
C 10.392 305.400 | 48.84 148.00 0.098 | 30.070
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Cs 9.867 369.800 | 42.46 203.00 0.152 | 44.097
1C4 1.885 408.100 | 36.48 263.00 0.176 | 58.124
nCy 4.975 425.200 | 38.00 255.00 0.193 | 58.124
1Cs 2.338 460.400 | 33.84 306.00 0.227 | 72.151
nCs 2.822 469.600 | 33.74 304.00 0.251 | 72.151
Ce 4913 507.400 | 29.69 370.00 0.296 | 86.178
Gy 1.312 538.851 30.10 433.59 0.338 | 96.000
Cs 1.257 559.155 27.69 468.83 0.374 | 107.000
Co 1.204 582.660 | 25.20 519.71 0.421 | 121.000
Ci0-Cie 7.128 662.330 19.62 751.15 0.603 | 173.920
Ci7-C 4.619 766.814 15.47 1151.31 0.866 | 268.651
C23-Cog 3.572 846.502 13.90 1530.00 1.059 | 350.742
C29-Cs3 2.350 915.931 13.02 1900.57 1.195 | 428.801
C34-Cao 2.548 986.513 12.41 2310.52 1.273 | 511.604
C41-Ca7 1.888 1065.615 | 11.93 2800.55 1.268 | 609.604
Ca3-Cso 3.610 1196.515 | 11.11 4070.84 0.717 | 837.328
Cas-Cs0 A 0.475 1679.781 | 11.90 4070.84 1.274 | 837.328

The model proposed by Chueh and Prausnitz (1967) is adopted in this study to calculate

the BIPs,

2p1/6,1/6

6
kij=1- Iﬁl (A-1)
cj

v
Vi +v %
where k;; is the BIP between components 7 and j, v.; and v.; are the critical volumes of
components i and j, respectively, and subscripts i and j represent components i and j,
respectively. 6 is the exponent. In this study, the value of 6 is set as 0.0001 when
calculating the BIPs between hydrocarbon components, but it is tuned to be 0.1 when
calculating the BIPs between the asphaltene component and other components. The
BIPs used for oil samples 1 and 2 are listed in Tables A5-5 and AS5-6, respectively. In
Tables AS5-5 and A5-6, the BIPs between N2, H>S, and the non-asphaltene components

are taken from the literature (PVTsim, 2011).

Table AS- 5 BIPs used for oil sample 1 (PVTsim, 2011).

‘ N ‘ CO, ‘ Ca3-Cs0 A
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No 0 -0.01700 0.08000

CO2 -0.01700 0 0.10000

Ci 0.03110 0.12000 0.01668

C 0.05150 0.12000 0.01332

Cs 0.08520 0.12000 0.01090

1-Cy4 0.10330 0.12000 0.00908

n-Cy4 0.08000 0.12000 0.00929

1-Cs 0.09220 0.12000 0.00808

n-Cs 0.10000 0.12000 0.00813

Ce 0.08000 0.12000 0.00691

C7 0.08000 0.10000 0.00583

Cs 0.08000 0.10000 0.00549

Cy 0.08000 0.10000 0.00500

Ci0-Ci2 0.08000 0.10000 0.00419

Ci3-Cua 0.08000 0.10000 0.00329

Ci5-Cy7 0.08000 0.10000 0.00251

Ci5-Cao 0.08000 0.10000 0.00188

C21-Ca3 0.08000 0.10000 0.00140

Cu-Cyy 0.08000 0.10000 0.00100

Ca2s-Cs3 0.08000 0.10000 0.00058

C34-Ca2 0.08000 0.10000 0.00022

Ca3-Cso 0.08000 0.10000 0
Cq3-Cgo A 0.08000 0.10000 0
Table AS- 6 BIPs used for oil sample 2 (PVTsim, 2011).
N CO> HoS Cs3-Cs0 A

N2 0 -0.01700 0.17700 0.08000
CO2 -0.01700 0 0.09700 0.10000
H>S 0.17700 0.09700 0 0.06000
G 0.03100 0.07000 0.08000 0.01791
) 0.05200 0.07000 0.08300 0.01443
Cs 0.08500 0.07000 0.08800 0.01193
1C4 0.10300 0.07000 0.04700 0.01003
nCy 0.08000 0.07000 0.06000 0.01025
1Cs 0.09200 0.07000 0.06000 0.00899
nCs 0.10000 0.07000 0.06000 0.00903
Ce 0.08000 0.07000 0.06000 0.00775
Cs 0.08000 0.07000 0.06000 0.00679
Cs 0.08000 0.07000 0.06000 0.00633
Go 0.08000 0.07000 0.06000 0.00576
Ci10-Cis 0.08000 0.07000 0.06000 0.00391
Ci7-C2 0.08000 0.07000 0.06000 0.00220
C23-Cas 0.08000 0.07000 0.06000 0.00132
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C29-Cs3 0.08000 0.07000 0.06000 0.00080
C34-Cao 0.08000 0.07000 0.06000 0.00044
C41-Ca7 0.08000 0.07000 0.06000 0.00019
Ca3-Cso 0.08000 0.07000 0.06000 0
Cas-Cso A 0.00568 0.00555 0.00542 0
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CHAPTER 6 EFFECT OF WATER ON ASPHALTENE-
PRECIPITATION BEHAVIOR OF CO:-CRUDE OIL

MIXTURES

A version of this chapter was submitted to Applied Thermal Engineering for possible

publication on October 21, 2023
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Abstract

The asphaltene phase can frequently appear in the CO: flooding process due to
condition changes and compositional changes in reservoir fluids. The precipitation of
asphaltene can become a significant issue since it can cause formation damage and
tubing plugging, and, therefore, affect the CO2 EOR efficiency and CO: storage
capacity in reservoirs. Meanwhile, water can extensively exist in reservoirs. Since the
solubility of CO, in water is not negligible under reservoir conditions, the aqueous
phase should also be considered during the phase-behavior simulations of the CO»
flooding process. With the presence of an asphaltene phase and an aqueous phase, four
phases (i.e., a vapor phase, a hydrocarbon phase, an asphaltene phase, and an aqueous
phase) can coexist at a given thermodynamic equilibrium. In this study, a robust and
efficient four-phase vapor-liquid-liquid-aqueous equilibrium calculation algorithm is
applied to conduct four-phase vapor-liquid-asphaltene-aqueous equilibrium
calculations by assuming asphaltene is a dense liquid phase. The algorithm is first
validated by comparing the calculated asphaltene precipitation data with the presence
of water against the experimental asphaltene precipitation data documented in the
literature. The validation shows that the calculation results agree well with the
experimental data, indicating that such algorithm can make reliable predictions of
asphaltene precipitation with the presence of water. The validated algorithm is
subsequently used to construct pressure-temperature (P7) and pressure-composition
(Px) phase diagrams to study the effect of water on asphaltene precipitation under
different pressure/temperature conditions and under the injection of CO,. We can
conclude from the calculated results that although adding water to the reservoir fluid
can cause obvious changes in the PT phase diagrams, it does not have a noticeable

influence on the asphaltene precipitation onsets. However, it can be seen from the
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calculated Px phase diagrams that the presence of water during the CO; flooding
process can make asphaltene precipitated more easily. The maximum amount of
asphaltene precipitation is decreased by the presence of water due to the fact that a
considerable amount of CO; is dissolved in the aqueous phase instead of the liquid

hydrocarbon phase.
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6.1.Introduction

CCUS, which stands for carbon capture, utilization and storage, is an important modern
technology that can help mitigate the negative impacts of greenhouse gas emissions on
the environment and climate change [1]. CO> flooding is a well-established enhanced
oil recovery (EOR) technique and has the added benefit of storing the injected CO> in
the reservoir, which makes it a practical CCUS process [2]. During such a process, CO»
can be trapped in the reservoir by a variety of mechanisms, including dissolution in oil,
solidification onto mineral surfaces, and trapping in the pore spaces [1, 2]. The CO»
flooding and storage process can be complicated by the phase changes that occur in the
reservoir [2]. In addition to the commonly seen vapor phase and liquid phase, other
phases can also be present during the CO» flooding process. Asphaltene phase is one of
the commonly seen third phases that can possibly appear. Asphaltenes are generally
defined as the heaviest and most polar components in crude oil, which are insoluble in
n-pentane or n-heptane but soluble in aromatic solvents, such as toluene [3-5]. The
presence of the asphaltene phase can lead to tubing plugging and formation damage
issues, and therefore has become one of the major concerns during the CCUS process
[6-8]. Besides, during the CO> flooding process, water will be injected into reservoirs
for oil recovery and pressure maintenance. If an asphaltene phase and an aqueous phase
are present, we can have four phases (i.e., a vapor phase, a hydrocarbon phase, an

asphaltene phase, and an aqueous phase) at a given thermodynamic equilibrium.

Asphaltene-inclusive phase behavior models have been a subject of intense research
over the past three decades, and two main approaches have been developed: colloidal
theory and solubility theory [9]. The colloidal theory assumes that asphaltenes are solid
particles stabilized by resins adsorbed on the surface, while the solubility theory

assumes that asphaltenes are dissolved in crude oil [10, 11]. Colloidal theory has been
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successful in predicting asphaltene precipitation conditions in many cases [12-15], but
it has been criticized for assuming polar-polar interactions between asphaltenes and
resins, which may not always be appropriate [16-19]. On the other hand, solubility
theory has gained popularity in recent years, particularly for its ability to predict
asphaltene precipitation using liquid-liquid or solid-liquid equilibria [10]. Regular
solution theory and equations of state (EOS) are the two main approaches used in
solubility-theory-based asphaltene precipitation models [8]. Regular solution theories
[20-24] have been applied by several researchers to predict the onset conditions of
asphaltene precipitation [25-35]. However, their accuracy can be compromised when a
vapor phase appears [9, 36]. EOS-based models have been particularly useful in
accounting for the influences of temperature, pressure, and compositions on phase
equilibria, making them suitable for performing vapor-liquid-asphaltene three-phase
equilibrium calculations. Therefore, EOS-based models have become popular for

predicting asphaltene precipitation behavior.

There are also thermodynamic models that are proposed to capture the phase behavior
of water- hydrocarbon mixtures in reservoirs. Among them, the models based on the
free-water assumption are one of the most commonly used, in which the aqueous phase
is considered as a pure phase that only contains water [37] . The validity of the free-
water assumption is backed by the observation that the solubility of hydrocarbon in a
water-rich phase is typically around 10, which is much lower compared to the
solubility of water in a hydrocarbon-rich phase [38]. By using the free-water
assumption, the flash calculation algorithm can be greatly simplified. However, it is
worth noting that the free-water assumption is no longer valid during the CO- flooding

process since the solubility of CO2 is nonnegligible in the aqueous phase under high-
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pressure circumstances, and full flash calculations are therefore required to determine

the phase behavior of reservoir fluids [39].

Although many efforts have been made to develop three-phase vapor-liquid-asphaltene
(VLS) and vapor-liquid-aqueous (VLA) equilibrium calculation algorithms, the effect
of water on asphaltene precipitation is still unclear. In 1999, Srivastava et al. [40]
experimentally investigated the effect of water on the amount of asphaltene
precipitation. Their results show that the asphaltene precipitation amount will slightly
decrease when water appears [40]. However, the effect of water presence on the
asphaltene precipitation onsets is still not clear. Besides, only limited data points are
presented to demonstrate the influence of water presence on asphaltene precipitation
amount. In order to understand the overall impact of water presence on asphaltene
precipitation, we must have a unified thermodynamic model that can be used to perform

comprehensive phase-behavior simulations of asphaltene-inclusive fluid mixtures.

In this study, by assuming the asphaltene phase as a high-dense liquid phase, a trust-
region-based four-phase equilibrium calculation algorithm is adopted to conduct four-
phase vapor-liquid-aqueous-asphaltene (VLAS) equilibrium calculations to study the
effect of water on asphaltene precipitation. The algorithm is first validated by the
experimental data documented in the literature. The validated algorithm is then applied
to generate pressure-temperature (P7) and pressure-composition (Px) phase diagrams
to study the effect of water on asphaltene precipitation onsets under different
pressure/temperature/gas-injection conditions. The effect of water on the asphaltene

precipitation amount is also investigated using the validated algorithm.

237



6.2.Mathematical Formulations

6.2.1. Stability test

Stability test is used to determine if a mixture with a feed Z will split into two or more
phases. Michelsen [41] proposed an efficient algorithm to conduct the stability test by

using a tangent-plane distance (TPD) function. The TPD function is given by [41]:

TPD(X) = 1+ XI5, X; [Ing;(X) + In(X;) — In(z;) — Ing;(2) —1],i = 1,2,-+,n,

(1)

where X and z represent the compositions of the trial phase and the feed, respectively.
The subscript i is the component index. ¢;(X) and ¢;(z) represent the fugacity
coefficients of component i in the trial phase and the feed, respectively. n. is the
number of components in the fluid mixture. K; is the equilibrium ratio of component i.
Multiple initial K-value estimations [42-44] are applied in this study to ensure the
robustness of the algorithm. In addition, the modified trust-region-based algorithm

developed by Li et al. [45] is used to conduct stability test

6.2.2. Flash Calculations

Flash calculations are conducted to calculate the compositions and phase fractions of
individual phases. The convergence of flash calculations will be reached when the
equal-fugacity constraint and material balance constraint are satisfied. The equal-

fugacity constraint for the four-phase flash calculations can be expressed as:

fv=fu=fis=fu=i=1..,ncQ2)

where f is fugacity and i is the component index. The subscripts V, L, S and 4 represent

the vapor phase, liquid hydrocarbon phase, asphaltene phase, and aqueous phase,
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respectively. In this study, the fugacity of different phases is calculated by Peng-

Robinson EOS (PR EOS) [46].

By taking the liquid phase as the reference phase, the equilibrium ratios (K) can be

defined as [45]:

KiV=LLii,i= 1,..,nc (3)
Ki5=i—i,i=1,...,nc (4)
KiA=21—ii,i= , o, nc (5)

where V;, L;, S;, A;, represent the molar fractions of component i in the vapor phase,
liquid phase, asphaltene phase, and aqueous phase, respectively. The following

material-balance equations need to be satisfied [45]:

L Vi=1(6)
=L =1(7)
L Si=1(8)
Lidi=1(9)

:BVVi + ﬁLLi + ﬁsSi + ﬁAAi = Zi,i = 1, e, NC (10)

Bv + BL+ Bs+ Pa=1(11)

where By, b1, Bs, and 4 represent the phase fractions of the vapor phase, liquid phase,
asphaltene phase, and aqueous phase, respectively. The Rachford—Rice (RR) equations
[47] that are derived based on the material-balance constraints can be then expressed as
[45]:
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V(v 7 — Zi(Kiy—1) _
RR™ = (Vi = Ly) = 1+(Kiy-DBy+Kis—1)Bs+(Kia—1)Ba 0(12)

S_(cCc. 71— Zi(Kis—1) _
RR® = (Si— L) = 1+(Kjy—1)By+(Kis—1)Bs+(Kia—1)fa 0(13)

A_ (A T — Zi (Kig—1) _
RR® = (A;— L) = 14Ky -1 By+(Kis—1)Bs+(Kia—1)Ba 0(14)

Multiple methods have been applied to solve f and K. Successive substitution iteration
(SSI) is the conventional method that could be used to solve § and K, but it is linearly
convergent for nonideal mixtures [48-50]. Therefore, Pan et al. [44] proposed to use
the SSI method to provide an initial estimate of equilibrium ratios for higher-order
methods (e.g., Newton’s method and trust-region method) to achieve the final
convergence. This approach is adopted by Li et al. [39] to develop a four-phase VLLA
equilibrium calculation algorithm. The modified trust-region-based algorithm
developed by Li et al. [45] is applied in this study to conduct four-phase VLAS
equilibrium calculations. The detailed structures and features of the four-phase VLAS

equilibrium calculation algorithm can be found in [45].

6.3.Results and Discussion

In this section, the four-phase VLAS equilibrium calculation algorithm is first validated
by comparing the calculation results of the asphaltene precipitation amount of two oil
samples under CO> injection with and without the presence of water. The validated
algorithm is then applied to generate P7 and Px phase diagrams of these two oil samples.
The effect of water on asphaltene precipitation is studied by predicting asphaltene

precipitation amount under different working conditions.

240



6.3.1. Oil Characterization

6.3.1.1. Oil sample 1

Oil sample 1 is named as fluid W1 by Srivastava et al. [40], which is collected from the
Weyburn reservoir located in Saskatchewan, Canada. Oil sample 1 has a gravity of
36°API and asphaltene content of 4 wt% [40]. The composition of oil sample 1 is shown
in Table 6-1. In this study, we first tune the characterization results based on the
experimentally measured asphaltene precipitation amount without the presence of water.
The characterized oil samples are used to perform four-phase VLAS equilibrium
calculations and predict the asphaltene precipitation amount with the presence of water.
The prediction results are compared with the experimental data to validate the accuracy

of the four-phase VLAS equilibrium calculation algorithm.

The oil characterization approach developed by Pedersen et al. [11] is applied in this
study. In Pedersen et al.’s method [11], any pseudo-component with a weight greater
than Cy 1s divided into two parts: the asphaltene component and the non-asphaltene
component. The critical temperature (7,), critical pressure (P.), and acentric factor (w)

of the non-asphaltene component can be computed using the following equations [11]:

Tei = zinaTcina + ZiaTcia (15)

A _ @ina)? | (Zia)? | 2XZiNaXZia 16)

Pei Pcina Pcia VPciNa*Pcia
W; = ZiNaWina T Zi aWi4 (17)

where z; n4 and z; 4 are the molar fractions of the non-asphaltene component and the
asphaltene component, respectively. The subscripts 4 and NA represent the asphaltene

component and the non-asphaltene component, respectively. The default values of the
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critical temperature, critical pressure, and acentric factor of the asphaltene component
are set as 1398.5 K, 14.95 bar, and 1.274 [11]. As recommended by Pedersen et al. [11],
the critical properties of the asphaltene component and the binary interaction
parameters (BIPs) can be tuned to better match the experimental data. For oil sample 1,
the critical temperature and critical pressure of the asphaltene component are tuned to
be 1125.35 K and 15.30 bar, respectively. The model developed by Chueh and Prausnitz

[51] is applied to calculate the BIPs:

1/6,1/619
where k; denotes the BIP between component i and component j, v.; and v.; represent
the critical volumes of component i and component j, respectively. 6 is the exponent
and can be tuned based on experimental data. In this study, we have assigned the value
0t 0.0001 to the exponent § while computing the BIPs among hydrocarbon components,
and the value of 0.1 between the asphaltene component and the other components to
match the experimental data. The oil characterization results and the BIPs used for oil

sample 1 are shown in Table 6-2 and Table 6-3, respectively. In Table 6-3, the BIPs

between N> and the non-asphaltene components are sourced from the literature [52].

Table 6-1 Composition of oil sample 1 [40].

Component | Composition (mol%)
N2 0.96
CO2 0.58
H)S 0.30
Ci 4.49
C 2.99
Gs 4.75
1-C4 0.81
n-Cy 1.92
1-Cs 1.27
n-Cs 2.19
Ce+ 79.74
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Table 6-2 Characterization results of oil sample 1.

Composition Ve MW
Component (mIZ) 1%) T. (K) | P.(bar) (m%/kmol) ) (g/mol)
N2 0.9600 126.20 33.94 89.80 0.04 28.01
CO, 0.5800 304.20 73.76 94.00 0.22 44.01
HaS 0.3000 373.20 89.37 98.50 0.10 34.08
C 4.4900 190.60 46.00 99.00 0.01 16.04
C 2.9900 305.40 48.84 148.00 0.10 30.07
Cs 4.7500 369.80 42.46 203.00 0.15 44.10
1-Cy 0.8100 408.10 36.48 263.00 0.18 58.12
n-Cy 1.9200 425.20 38.00 255.00 0.19 58.12
i-Cs 1.2700 460.40 33.84 306.00 0.23 72.15
n-Cs 2.1900 469.60 33.74 304.00 0.25 72.15
Cs 2.4167 507.40 29.69 370.00 0.30 86.18
Cy 8.3659 540.78 30.62 399.40 0.34 96.00
Cs 7.4610 561.55 28.28 42791 0.37 107.00
Co 6.6539 585.47 25.82 474.10 0.42 121.00
Cio-Cni 11.2264 615.57 23.30 542.80 0.48 140.13
Ci2-Ci3 8.9290 653.95 20.73 650.04 0.56 167.60
C14-Cis 10.0874 700.76 18.45 811.95 0.67 | 204.78
Ci7-Cis 5.0374 744.14 16.89 985.01 0.77 | 243.60
Ci9-Cai 5.6910 778.00 16.02 1134.96 0.84 | 275.27
Cn-Co 4.0367 819.71 15.15 1338.23 0.93 317.01
Ca5-Co9 4.2932 870.73 14.37 1612.36 1.02 370.34
C30-Cs7 3.0492 906.25 13.42 2073.29 1.12 | 456.70
C33-Cso 1.3572 928.85 11.44 3187.62 1.01 639.01
Asphaltene 1.1348 1125.35 14.95 2908.49 1.16 593.34
Table 6-3 BIPs used for oil sample 1.
N> CO2 H>S
N> 0 -0.017 0.177 0.080
CO2 -0.017 0 0.097 0.310
H,S 0.177 0.097 0 0.000
C 0.031 0.120 0.080 0.015
C 0.052 0.120 0.083 0.012
Cs 0.085 0.120 0.088 0.009
1-C4 0.103 0.120 0.047 0.008
n-Cy 0.080 0.120 0.060 0.008
1-Cs 0.092 0.120 0.060 0.007
n-Cs 0.100 0.120 0.063 0.007
Ce 0.080 0.120 0.050 0.006
C; 0.080 0.100 0 0.005
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Cs 0.080 0.100 0 0.005
Co 0.080 0.100 0 0.004
Ci0-Cr1 0.080 0.100 0 0.004
Ci-Ci3 0.080 0.100 0 0.003
C14-Cis 0.080 0.100 0 0.002
C17-Cisg 0.080 0.100 0 0.002
C19-Coy 0.080 0.100 0 0.001
C-Co4 0.080 0.100 0 0.001
C25-Coo 0.080 0.100 0 0
C30-Cs7 0.080 0.100 0 0
Css-Cso 0.080 0.100 0 0
Asphaltene 0.080 0.310 0 0

As reported by Srivastava et al. [40], the brine/oil volume ratio used in the experiments

is 3:7. The density of oil sample 1 is 0.8461 g/cm?® at 59 °C, and the molecular weight

of oil sample 1 is 230 g/mol. In this study, the density of brine is estimated as 1g/cm?

and the molecular weight of brine is set as 18.02 g/mol. The composition and properties

of oil sample 1 after adding water are shown in Table 6-4.

Table 6-4 The composition and properties of oil sample 1 after adding water.

Composition Ve MW
Component (m% %) Te (K) | Pc(bar) (m*/kmol) ) (g/mol)
H>O 86.2000 647.30 | 220.89 56.00 0.34 18.02
N2 0.1325 126.20 33.94 89.80 0.04 28.01
CO2 0.0800 304.20 73.76 94.00 0.22 44.01
H>S 0.0414 373.20 89.37 98.50 0.10 34.08
Ci 0.6196 190.60 46.00 99.00 0.01 16.04
C 0.4126 305.40 48.84 148.00 0.10 30.07
Cs 0.6555 369.80 42.46 203.00 0.15 44.10
1-Cy 0.1118 408.10 36.48 263.00 0.18 58.12
n-Cy4 0.2650 425.20 38.00 255.00 0.19 58.12
1-Cs 0.1753 460.40 33.84 306.00 0.23 72.15
n-Cs 0.3022 469.60 33.74 304.00 0.25 72.15
Ce 0.3335 507.40 29.69 370.00 0.30 86.18
Cy 1.1545 540.78 30.62 399.40 0.34 96.00
Cs 1.0296 561.55 28.28 42791 0.37 107.00
Co 0.9182 585.47 25.82 474.10 0.42 121.00
Ci0-Cni 1.5492 615.57 23.30 542.80 0.48 140.13
C12-Ci3 1.2322 653.95 20.73 650.04 0.56 167.60
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Ci4-Cie 1.3921 700.76 18.45 811.95 0.67 204.78
Ci7-Cis 0.6952 744.14 16.89 985.01 0.77 243.60
Cio-Ca 0.7854 778.00 16.02 1134.96 0.84 275.27
C22-Co4 0.5571 819.71 15.15 1338.23 0.93 317.01
C25-Co9 0.5925 870.73 14.37 1612.36 1.02 370.34
C30-C37 0.4208 906.25 13.42 2073.29 1.12 456.70
C33-Cso 0.1873 928.85 11.44 3187.62 1.01 639.01
Asphaltene 0.1566 1125.35 14.95 2908.49 1.16 593.34

6.3.1.2. Oil Sample 2

Oil sample 2 is named as fluid W3 by Srivastava et al. [40], which is also obtained from

the Weyburn reservoir. Oil sample 2 has the API gravity of 31° and an asphaltene

content of 4.9 wt% [40]. Table 6-5 shows the composition of oil sample 2. The method

proposed by Pedersen et al. [11] is also applied to characterize oil sample 2, and the

characterization results are shown in Table 6-6. The critical temperature, critical

pressure, and acentric factor of the asphaltene component are tuned to be 1398.50 K,

12.20 bar and 1.16 for oil sample 2. The BIPs used for oil sample 2 are shown in Table

6-7.

Table 6-5 Composition of oil sample 2 [40].

Component | Composition (mol%)
N> 2.07
CO, 0.74
H>S 0.12
Ci 7.49
C 4.22
Gs 7.85
1-C4 1.58
n-Cy 4.97
1-Cs 2.01
n-Cs 2.58
Ce+ 66.37
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Table 6-6 Characterization results of oil sample 2.

Composition Ve MW
Component (mIZ) 1%) T. (K) | P.(bar) (m%/kmol) ) (g/mol)
N2 2.0700 126.20 33.94 89.80 0.04 28.01
CO, 0.7400 304.20 73.76 94.00 0.23 44.01
H,S 0.1200 373.20 89.37 98.50 0.10 34.08
C 7.4900 190.60 46.00 99.00 0.01 16.04
C 4.2200 305.40 48.84 148.00 0.10 30.07
Cs 7.8500 369.80 42.46 203.00 0.15 44.10
1-Cy 1.5800 408.10 36.48 263.00 0.18 58.12
n-Cy 4.9700 425.20 38.00 255.00 0.19 58.12
i-Cs 2.0100 460.40 33.84 306.00 0.23 72.15
n-Cs 2.5800 469.60 33.74 304.00 0.25 72.15
Cs 2.189%4 507.40 29.69 370.00 0.30 86.18
Cy 6.4072 540.05 30.43 412.25 0.34 96.00
Cs 5.7678 560.75 28.09 441.58 0.37 107.00
Co 5.1923 584.60 25.63 488.18 0.42 121.00
Ci0-Ci2 12.6697 624.25 22.44 583.23 0.50 146.39
Ci3-Ci4 6.4794 671.59 19.54 724.32 0.61 182.11
Ci5-Cis 5.2508 709.40 17.86 861.12 0.69 | 213.58
Ci7-Cio 6.0698 749.42 16.55 1023.90 0.78 249.42
Ca0-C2 4.4280 790.99 15.53 1211.06 0.87 | 289.28
C23-Co 4.0997 837.29 14.67 1442.05 0.97 336.46
C27-Cs1 3.2063 895.20 13.89 1760.00 1.06 399.07
C32-C39 2.2805 904.14 12.93 2217.87 1.14 | 485.36
Ca0-Cso 1.3229 1007.03 11.32 3358.57 0.96 674.48
Asphaltene 1.0063 1398.50 12.20 2954.54 1.16 607.50
Table 6-7 BIPs used for oil sample 2.
N> CO2 H>S
N> 0 -0.017 0.177 0.080
CO2 -0.017 0 0.097 0.200
H,S 0.177 0.097 0 0.000
C 0.031 0.120 0.080 0.015
C 0.052 0.120 0.083 0.012
Cs 0.085 0.120 0.088 0.010
1-C4 0.103 0.120 0.047 0.008
n-Cy 0.080 0.120 0.060 0.008
1-Cs 0.092 0.120 0.060 0.007
n-Cs 0.100 0.120 0.063 0.007
Ce 0.080 0.120 0.050 0.006
C; 0.080 0.100 0 0.005
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Cs 0.080 0.100 0 0.005
Co 0.080 0.100 0 0.004
Ci0-Ci2 0.080 0.100 0 0.004
Ci3-Cis4 0.080 0.100 0 0.003
Ci5-Cis 0.080 0.100 0 0.002
C17-Cio 0.080 0.100 0 0.002
C20-C22 0.080 0.100 0 0.001
C23-Cae 0.080 0.100 0 0.001
C27-Csi 0.080 0.100 0 0
C32-Cso 0.080 0.100 0 0
Ca0-Cso 0.080 0.100 0 0
Asphaltene 0.080 0.200 0 0

Similarly, the brine/oil volume ratio is also set as 3:7 during the experiments conducted

by Srivastava et al. [40]. The density of oil sample 2 is 0.8394 g/cm? at 63 °C, and the

molecular weight of oil sample 2 is 215 g/mol. By assuming the density of brine as 1

g/cm® and the molecular weight of brine as 18.02 g/mol, we can calculate the mole

fraction of water to be 85.64%. Table 6-8 shows the composition and properties of oil

sample 2 after the addition of water.

Table 6-8 The composition and properties of oil sample 2 after adding water.

Composition Ve MW
Component (m% %) Te (K) | Pc(bar) (m*/kmol) ) (g/mol)
H>O 85.6400 647.30 | 220.89 56.00 0.34 18.02
N2 0.2973 126.20 33.94 89.80 0.04 28.01
CO, 0.1063 304.20 73.76 94.00 0.22 44.01
H,S 0.0172 373.20 89.37 98.50 0.10 34.08
Ci 1.0756 190.60 46.00 99.00 0.01 16.04
C 0.6060 305.40 48.84 148.00 0.10 30.07
Cs 1.1273 369.80 42.46 203.00 0.15 44.10
1-Cy 0.2269 408.10 36.48 263.00 0.18 58.12
n-Cy4 0.7137 425.20 38.00 255.00 0.19 58.12
1-Cs 0.2886 460.40 33.84 306.00 0.23 72.15
n-Cs 0.3705 469.60 33.74 304.00 0.25 72.15
Cs 0.3144 507.40 29.69 370.00 0.30 86.18
Cy 0.9201 540.78 30.62 399.40 0.34 96.00
Cs 0.8283 561.55 28.28 42791 0.37 107.00
Co 0.7456 585.47 25.82 474.10 0.42 121.00
Ci0-Cni 1.8194 615.57 23.30 542.80 0.48 140.13
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Ci2-Ci3 0.9304 653.95 20.73 650.04 0.56 167.60
Ci4-Cis 0.7540 700.76 18.45 811.95 0.67 204.78
Ci7-Cis 0.8716 744.14 16.89 985.01 0.77 243.60
Ci9-Cai 0.6359 778.00 16.02 1134.96 0.84 275.27
C22-Co4 0.5887 819.71 15.15 1338.23 0.93 317.01
Ca5-Ca9 0.4604 870.73 14.37 1612.36 1.02 370.34
C30-Cs7 0.3275 906.25 13.42 2073.29 1.12 456.70
C33-Cgo 0.1900 928.85 11.44 3187.62 1.01 639.01
Asphaltene 0.1445 1125.35 14.95 2908.49 1.16 593.34

6.3.2. Validation of the Four-Phase VLAS Equilibrium Calculation Algorithm

Figure 6-1 shows the comparison between the calculated asphaltene precipitation
amount of oil samples 1 and 2 without the presence of water and the ones measured by
Srivastava ef al. [40]. It can be seen from Figure 6-1 that the calculation results agree
reasonably well with the experimental data, which proves that the oil characterization

results of the two oil samples are reliable.
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Fig. 6-1 Comparison between the calculated asphaltene precipitation amount without
water and the experimental data: (a) Oil sample 1; (b) Oil sample 2.

The characterized oil samples are subsequently used to predict the asphaltene
precipitation amount of oil samples 1 and 2 with the presence of water, and the
comparison between the calculated results and the experimental data is presented in
Figure 6-2. Good agreement can be seen between the calculated asphaltene precipitation
amount and the experimental data for both oil samples, which validates the accuracy of

the four-phase VLAS equilibrium calculation algorithm.
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Fig. 6-2 Comparison between the calculated asphaltene precipitation amount with the
presence of water and the experimental data: (a) Oil sample 1 with 86.2 mol% water;
(b) Oil sample 2 with 85.64 mol% water.
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6.3.3. Effect of Water on Asphaltene Precipitation During the CO: Flooding

Process

In this part, the tuned fluid models are used to conduct a series of calculations to
investigate the effect of water on asphaltene precipitation under different
pressure/temperature/gas-injection conditions. Figure 6-3 shows the comparison
between the calculated asphaltene precipitation amount with and without water under
CO: injection conditions. In Figure 6-3, the dashed line represents the asphaltene
precipitation amount without water, while the solid line shows the asphaltene
precipitation amount with water. It can be observed from Figure 6-3 that the asphaltene
precipitation amount of the two oil samples first increases with the increasing amount
of COz injection, reaching its maximum value at saturation pressure, and then decreases.
It can be also concluded from Figure 6-3 that the maximum asphaltene-precipitation
amount of oil samples 1 and 2 is decreased due to the presence of water. This can be
attributed to the fact that a considerable amount of CO; is dissolved in the aqueous
phase instead of the liquid phase. Since the gaseous components, like CO, are generally
poor solvents for asphaltene, a lower CO; concentration in the liquid phase will lead to

a lower asphaltene precipitation amount.
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Fig. 6-3 Comparison between the calculated asphaltene precipitation amount with and
without water under CO: injection: (a) Oil sample 1; (b) Oil sample 2.

Figure 6-4 compares the change of the precipitated asphaltene amount with pressure in

the presence and absence of water at 80 mol% CO- concentration. In Figure 6-4, the

green solid line shows the asphaltene precipitation amount with the presence of water,
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while the red dashed line represents the asphaltene precipitation amount without water.
We can see from Figure 6-4 that the asphaltene precipitation amount of the oil samples
1 and 2 with water is larger than that without water at a lower pressure. However, as
pressure increases, the asphaltene precipitation amount without water exceeds that with
water. This is because the solubility of CO; in water increases with pressure, causing a
larger amount of CO to be dissolved in the aqueous phase at high pressures and thus

leading to a decrease in the asphaltene precipitation amount.
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Fig. 6-4 Comparison between the calculated asphaltene precipitation amount with and
without water under 80 mol% COz injection: (a) Oil sample 1; (b) Oil sample 2.

Figure 6-5 compares the Px phase diagrams of the oil samples with and without the
presence of water. In Figure 6-5, the red dashed line represents the asphaltene
precipitation onsets without the presence of water, while the blue solid line shows the
asphaltene precipitation onsets with the presence of water. The orange solid line and
the green dashed line represent the saturation pressure with and without the presence of
water, respectively. It can be observed from Figure 6-5 that the area of asphaltene
precipitation in the Px phase diagrams is enlarged due to the presence of water, which
means the presence of water can make the asphaltene precipitate more easily. We can
also see from Figure 6-5 that water does not pose a significant effect on oil saturation
pressure with the absence of the asphaltene phase. However, the deviation between the
saturation pressure with water and the saturation pressure without water becomes more
obvious when asphaltene starts to precipitate. This can be attributed to the fact that the
presence of water can greatly affect asphaltene precipitation during CO> flooding,

which causes nonnegligible changes in the phase compositions and phase fractions.
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Fig. 6-5 Comparison between the Px phase diagrams with and without water under
CO2 injection: (a) Oil sample 1; (b) Oil sample 2.
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Figure 6-6 (a-c) show the PT phase diagrams of oil sample 1 with 50% CO; injection
and 10%, 30% and 50% water injection, respectively. The red line shows the asphaltene
precipitation onsets, while the green line represents the oil saturation pressure. The blue
line is the aqueous phase boundary. Note that the aqueous phase exists on the left side
of the aqueous phase boundary, and disappears on the right side of the aqueous phase
boundary. We can see from Figure 6-6 that at lower temperatures and pressures, the
system is in a three-phase equilibrium characterized by the coexistence of vapor, liquid,
and aqueous phases. As pressure increases, asphaltene phase appears, leading to the
formation of a four-phase VLAS equilibrium state. Further elevation in pressure causes
the vapor phase to disappear, resulting in a LAS three-phase equilibrium. It can be
observed from Figure 6-6 that the VLA three-phase region and the LA two-phase region
are expanded with an increasing water content. It can be also seen from Figure 6-6 that
the asphaltene precipitation onsets do not vary a lot with a change in water content,

which is different from what has been observed from the above Px phase diagrams.
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Fig. 6-6 PT phase diagrams of oil sample 1 with 50% COx injection and (a) 10%
water injection; (b) 30% water injection; (c) 50% water injection.

In Figure 6-6, the asphaltene phase only appears at the low-temperature region.
However, it has been reported by several modeling studies [53-55] that the asphaltene

precipitation can also occur at the high-temperature region of the P7 phase diagrams.
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In order to reveal the different topographies of the PT phase diagrams that can take into
account both the presence of the aqueous phase and the asphaltene phase, the
characterization results of oil sample 1 are adjusted. The adjusted compositions and
BIPs are shown in Tables 6-9 and 6-10 and the calculated PT phase diagrams are shown
in Figure 6-7. Note that the phase boundary between the VL two-phase region and the
LS two-phase region is identified by the phase boundary tracking method proposed by
Chen et al. [56]. Different from the PT phase diagrams shown in Figure 6-6, in which
the asphaltene phase only appears at the low-temperature region, the P7 phase diagrams
depicted in Figure 6-7 show two areas of asphaltene precipitation. We can conclude
from Figure 6-7 that although the change in water content does not pose any significant
effects on the asphaltene precipitation onsets at the low-temperature region, obvious
shifts can be observed on the asphaltene precipitation onsets at the high-temperature
side. This is because the compositions of the vapor phase and the liquid phase can vary

a lot at high temperatures due to the increasing water content.

Table 6-9 Adjusted composition and properties of oil sample 1.

Composition Ve MW
Component (mIZ)I% ) T. (K) | Pc(bar) (m¥/kmol) ) (2/mol)
N2 0.9962 126.20 33.94 89.80 0.04 28.01
CO, 0.6019 304.20 73.76 94.00 0.22 44.01
H>S 0.3113 373.20 89.37 98.50 0.10 34.08
Ci 4.6594 190.60 46.00 99.00 0.01 16.04
C 3.1028 305.40 48.84 148.00 0.10 30.07
Cs 4.9292 369.80 42.46 203.00 0.15 44.10
1-Cy4 0.8406 408.10 36.48 263.00 0.18 58.12
n-Cy 1.9925 425.20 38.00 255.00 0.19 58.12
i-Cs 1.3179 460.40 33.84 306.00 0.23 72.15
n-Cs 2.2726 469.60 33.74 304.00 0.25 72.15
Cs 3.5055 507.40 29.69 370.00 0.30 86.18
Cy 7.4596 539.14 30.18 428.46 0.34 96.00
Cs 6.7226 559.81 27.86 457.61 0.37 107.00
Co 6.0584 583.64 25.42 503.78 0.42 121.00
C10-C12 14.8147 623.26 22.25 597.88 0.50 146.40
C13-Cu4 7.5977 670.56 19.37 737.33 0.60 182.11
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C15-Cie 6.1706 708.34 17.71 872.46 0.69 | 213.58
C17-Cio 7.1524 748.34 16.40 1033.20 0.78 | 249.43
C20-C2 5.2350 789.89 15.39 1217.94 0.87 | 289.29
C23-Coe 4.8652 836.16 14.54 1445.88 0.97 | 336.48
C27-Csi 3.8236 894.05 13.76 1759.55 1.06 | 399.10
C32-Cao 3.4069 974.39 13.03 2240.37 1.14 | 490.43
C41-Cso 1.9242 1114.00 | 11.90 3411.24 0.99 | 688.83
Asphaltene 0.2391 145232 | 15.95 3411.24 1.16 | 688.83
Table 6-10 BIPs used for adjusted oil sample 1.
N> CO, H>S
N2 0 -0.017 0.177 0.000
CO -0.017 0 0.097 0.080
HoS 0.177 0.097 0 0.100
Ci 0.031 0.120 0.080 0.000
C 0.052 0.120 0.083 0.016
GCs 0.085 0.120 0.088 0.013
1-C4 0.103 0.120 0.047 0.011
n-Cy 0.080 0.120 0.060 0.009
1-Cs 0.092 0.120 0.060 0.009
n-Cs 0.100 0.120 0.063 0.008
Ce 0.080 0.120 0.050 0.008
Cy 0.080 0.100 0 0.007
Cs 0.080 0.100 0 0.006
Co 0.080 0.100 0 0.005
Cio-Cr2 0.080 0.100 0 0.005
Ci3-Cis 0.080 0.100 0 0.004
Ci5-Cis 0.080 0.100 0 0.003
Ci7-Cio 0.080 0.100 0 0.003
C20-C22 0.080 0.100 0 0.002
C23-Cae 0.080 0.100 0 0.001
Cy7-Cai 0.080 0.100 0 0.001
C32-Csg 0.080 0.100 0 0.001
Ca0-Cso 0.080 0.100 0
Asphaltene 0.080 0.100 0
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Fig. 6-7 PT phase diagrams of the adjusted oil sample 1 with 50% CO> injection and
(a) 5% water injection; (b) 10% water injection; (c) 50% water injection.

6.4.Conclusions

A trust-region based four-phase VLLA equilibrium calculation algorithm is applied to
conduct four-phase VLAS equilibrium calculations to study the effect of water on
asphaltene precipitation. The algorithm is first validated by comparing the calculation
results of the asphaltene precipitation amount with and without the presence of water
under CO; injections. The validated algorithm is then applied to calculate the asphaltene
precipitation amount at different pressures and generate P7"and Px phase diagrams. The

following conclusions can be drawn based on the results obtained in this study:

¢ A reasonably good agreement can be seen between the results calculated by the four-
phase VLAS equilibrium calculation algorithm and the experimental data, which

indicates that such an algorithm together with the oil characterization method by

261



Pedersen ef al. [11] can be used to reliably predict asphaltene precipitation phenomena
with the presence of water.

e The maximum asphaltene precipitation amount is decreased due to the presence of
water. This is because a considerable amount of CO: is dissolved in the aqueous phase
instead of the liquid phase, and the gaseous components like CO; are generally poor
solvents for asphaltene. A decrease of CO; content in the liquid phase will lead to
increased solubility of the asphaltene component in the liquid phase, and therefore
reduce the precipitated asphaltene amount.

e The asphaltene precipitation amount of the oil samples tested in this study with water
is larger than that without water at a lower pressure. However, as pressure increases,
the asphaltene precipitation amount without water exceeds that with water. This can be
attributed to the fact that the solubility of CO> in water increases with pressure, causing
a larger amount of CO» to be dissolved in the aqueous phase.

e The area of asphaltene precipitation in the Px phase diagrams is enlarged due to the
presence of water, which indicates that the presence of water can make the asphaltene
phase precipitate more easily.

e Water does not pose significant effects on oil saturation pressures in the Px phase
diagrams with the absence of the asphaltene phase, but the deviation between the
saturation pressures with and without the presence of water will become more obvious
after asphaltene starts to precipitate. This can be attributed to that the presence of water
significantly influences asphaltene precipitation during the CO: injection process,
leading to notable alterations in phase compositions and fractions.

e It can be concluded from the calculated PT phase diagrams that the VLA three-phase

region and the LA two-phase region are expanded with an increasing water content.
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However, the asphaltene precipitation onsets at the low-temperature region do not
change much with an increasing water content.

oIn the PT phase diagrams where asphaltene precipitation is observed at both the low-
temperature region and the high-temperature region, noticeable shifts in the asphaltene
precipitation onsets due to water presence are evident on the high-temperature side.
This is caused by the significant variations in the compositions of the vapor phase and

the liquid phase at high temperatures due to an increasing water content.
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CHAPTER 7 CONCLUSIONS, CONTRIBUTIONS, AND

RECOMMENDATIONS

7.1 Conclusions and Scientific Contributions to the Literature

This dissertation begins with a comprehensive review of the phase behavior
mechanisms related to CO storage in subsurface formations. Advanced three-phase
VLS equilibrium calculation algorithms with improved robustness and efficiency,
grounded in both the solid and free-asphaltene assumptions, are formulated in this thesis.
In addition, algorithms designed to precisely track the VL/LL and VL/LS two-phase
boundaries in PT and Px phase diagrams are introduced. Eventually, a VLLA four-
phase equilibrium calculation algorithm is adopted to undertake VLAS four-phase
equilibrium calculations as well as investigate the impact of water on asphaltene

precipitation. Key findings from this thesis research are summarized below.

Chapter 2:

The interactions between CO: and formation fluids play a crucial role in determining
the effectiveness of CO; trapping mechanisms and storage efficiency. In Chapter 2, we
present a thorough review of the phase behavior mechanisms related to CO> storage in
various subsurface formations, examining both experimental findings and modeling
approaches. Generally, increasing salt concentrations result in lower CO> solubility,
indicating that a saline aquifer with lower salt concentration may facilitate increased
COs storage via solubility trapping. In comparison to aquifer storage sites, oil reservoirs
typically offer better sealing qualities due to the existence of cap rocks. Depleted
reservoirs, due to their lower reservoir pressures and COz's heightened solubility in oil,
stand out as prominent storage sites. Their well-characterized nature also simplifies

CO, storage evaluations. CO> injection into low-temperature oil reservoirs can lead to
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three-phase VLco2Luc equilibria and four-phase VLco2LucA equilibria, with high CO»
concentrations observed in both the CO»-riched phase and liquid hydrocarbon phase.
This suggests that residual oil in the depleted reservoir can contribute to substantial CO»

storage following the CO» flooding process.

Chapter 3:

In this study, a novel three-phase VLS equilibrium calculation algorithm is proposed to
enhance the accuracy and robustness of predicting asphaltene precipitation phenomena
during oil production processes. The performance of this algorithm is thoroughly
evaluated using three oil samples, demonstrating excellent agreement between the
prediction results and experimental observations across diverse pressure/temperature
conditions. By calibrating the algorithm with measured asphaltene onset data, accurate
predictions of phase boundaries and asphaltene precipitation quantities can be made
with different injectants. Notably, the molar volume of the asphaltene component plays
a significant role in determining the lower boundary of asphaltene precipitation in the
PT phase diagram, with larger molar volumes corresponding to lower asphaltene
precipitation boundaries. Moreover, pressure and temperature exert significant effects
on asphaltene precipitation. At a fixed temperature, the amount of asphaltene
precipitation initially increases, reaches a maximum value, and then decreases with
increasing pressure. At a certain pressure, the asphaltene precipitation amount
decreases with rising temperature, along with a reduction in the region of asphaltene
precipitation occurrence. The algorithm demonstrates convergence to correct results for
all the tested conditions and enables the generation of comprehensive PT and Px

diagrams, holding great promise for diverse applications.

Chapter 4:
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In this work, a modified three-phase VLS equilibrium calculation algorithm is proposed,
incorporating the newly introduced free-asphaltene assumption. The algorithm's
performance is assessed using four different oil samples. It can be concluded from the
results that our algorithm together with the free-asphaltene assumption can accurately
capture asphaltene precipitation phenomena. Upon calibration with the measured
asphaltene precipitation onsets, the algorithm enables the prediction of phase
boundaries with different injectants. Comparatively, calculations under the free-
asphaltene assumption demonstrate better alignment with experimental data than those
using the solid assumption. However, further validation is required, particularly at high-
temperature regions, to determine which assumption offers more precise asphaltene
precipitation predictions. Additionally, phase envelopes derived from the free-
asphaltene assumption closely mirror those from the liquid assumption, underscoring

the viability of the free-asphaltene assumption.

Chapter 5:

In this chapter, we have adopted the three-phase VLiL. equilibrium calculation
algorithm based on the trust region method introduced by Pan et al. (2019) to perform
three-phase VLS equilibrium calculations. The accuracy of our calculation results has
been validated by comparing the phase boundaries obtained with the available literature
data. To detect the VL/LL and VL/LS phase boundaries, we have devised a novel phase
boundary detection technique based on Brent’s method (Brent, 1971). PT and Px phase
diagrams are generated to assess the performance of our new algorithms. It can be
observed that the results yielded by the three-phase VLS equilibrium calculation
algorithm align well with the experimental data. Notably, the predicted VL/LS and the
VL/LL two-phase boundaries demonstrate smooth behavior. The calculated VL/LS and

VL/LL two-phase boundary intersects with the three-phase region at the apex of the
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VLiL, three-phase boundary, providing evidence for the extension of the three-phase
region (Bennett and Schmidt, 2017). Furthermore, we have compared our prediction
results with the VL/LL two-phase boundaries determined by Bennett and Schmidt

(2017). This comparison reveals a good agreement.

Chapter 6:

In this study, a trust-region-based algorithm is employed to perform four-phase VLAS
equilibrium calculations and investigate the impact of water on asphaltene precipitation.
The algorithm is first validated by comparing asphaltene precipitation amounts with
and without the presence of water during CO> injections, and the validated algorithm is
utilized to calculate asphaltene precipitation amounts at different pressures and generate
PT and Px phase diagrams. The obtained results demonstrate a strong agreement
between the asphaltene precipitation amounts yielded by the four-phase VLAS
equilibrium calculation algorithm and experimental data, indicating the algorithm and
the oil characterization method can be used to reliably predict asphaltene precipitation
with the presence of water. It can be also concluded that the maximum asphaltene
precipitation amount decreases due to the presence of water, which is attributed to a
significant amount of CO; being dissolved in the aqueous phase rather than the liquid
phase, and gaseous components like CO; generally being poor solvents for asphaltene.
Comparing oil samples tested with and without water, the asphaltene precipitation
amount is higher at low pressures when water is present. However, as the pressure
increases, the amount of asphaltene precipitation without water surpasses that with
water. This behavior can be attributed to an increased solubility of CO2 in water at
higher pressures, leading to a larger amount of CO; dissolving in the aqueous phase.

Moreover, the presence of water enlarges the area of asphaltene precipitation in the Px

273



phase diagrams, indicating that water facilitates easier precipitation of the asphaltene

phase.

7.2 Suggested Future Work

The multiphase equilibrium calculations algorithms and the phase-boundary
tracking algorithms developed in this thesis should be implemented in a
compositional reservoir simulator for simulating the multiphase flow in
reservoirs and wellbores. These newly proposed algorithms have the potential
to significantly enhance the predictive accuracy of compositional simulations in
reservoirs and wellbores, ultimately contributing to the optimization of the
engineering design of EOR and CCUS projects.

It is pointed out in Chapter 2 that despite of the existence of numerous
experimental studies on measuring the solubilities of CO» in water, there is still
a lack of comprehensive experimental program that measures the solubility of
COz in sulfate and mixed-salt brine solutions. These additional experimental
data are crucial for the development and validation of thermodynamic models
specifically designed for CO>/brine mixtures.

Thermodynamic models focused on predicting the solubilities of CO> in brine
using the ¢-¢ approach are currently limited in their ability to account for the
impact of specific salt types. Consequently, there is a need for the development
of a universal ¢-p-approach-based model that can accurately predict the
solubility of CO; in various types of brine solutions.

In Chapters 3 and 4, we compare the predicted onset of asphaltene
precipitation based on various assumptions. The results highlight the necessity

for conducting additional experiments to validate which assumption yields the
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most accurate asphaltene precipitation predictions, especially at high
temperatures.

e High-pressure microfluidic experiments should be conducted to reveal the
asphaltene precipitation behavior in pore spaces. Such visual experiments can
be possibly used to not only measure the onset of asphaltene precipitation but
also the amount of precipitated asphaltene.

e Miscible CO> injection has been established as a highly effective method for
enhancing oil recovery in light to medium oil reservoirs. The determination of
the 0i1l-CO; minimum miscibility pressure (MMP) holds significant importance
in the design and implementation of CO: injections. Nevertheless, the existing
MMP prediction models fail to account for the influence of both water and
asphaltene on MMP. Consequently, there is a pressing need for an accurate oil-
CO2 MMP modeling framework that takes into consideration the presence of
both asphaltene phase and aqueous phase, offering valuable insights for the

industry.
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