Aintimmal l ikran:
HE TS OHHGC W i

-~ N brar
bl | of Canada

Acquisitions and
Bibliographic Services Branch

395 Wellington Street
Cttawa, Ontario

K1A ON4 K1A ON4

NOTICE

The quality of this microform is
heavily dependent upon the
quality of the original thesis
submitted for microfiiming.
Every effort has been made to
ensure the highest quality of
reproduction possible.

If pages are missing, contact the
university which granted the
degree.

Some pages may have indistinct
print especially if the original
pages were typed with a poor
typewriter ribbon or if the
university sent us an inferior
photocopy.

Reproduction in full or in part of
this microform is governed by
the Canadian Copyright Act,
R.S.C. 1970, c¢. C-30, and
subsequent amendments.

Canada

385, rue Welington
Ottawa (Ontario)

Ribliothaaue nationAle
du Canada

Direction des acquisitions et
des services biblographiques

Your i Volre réfdrence

Owr hle Notie retérence

AVIS

La qualité de cette microforme
dépend grandement de la qualité
de la thése soumise au
microfilmage. Nous avons tout
fait pour assurer une qualité
supérieure de reproduction.

S’il manque des pages, veuillez
communiquer avec ['université
qui a conféré le grade.

La qualité d'impression de
certaines pages peut laisser a
désirer, surtout si les pages
originales ont été
dactylographiées a l'aide d’un
ruban usé ou si 'université nous
a fait parvenir une photocopie de
qualité inférieure.

L.a reproduction, méme partielie,
de cette microforme est soumise
a la Loi canadienne sur le droit
d’auteur, SRC 1970, c. C-30, et
ses amendements subséquents.



UNIVERSITY OF ALBERTA

PREDICTING AND IMPROVING SIEVE TRAY EFFICIENCIES

IN DISTILLATION

BY

GUANG XIA CHEN

A thesis submitted to the faculty of graduate studies and research in
partial fulfillment of the requirements for the degree of DOCTOR OF

PHILOSOPHY

DEPARTMENT OF CHEMICAL ENGINEERING

EDMONTON, ALBERTA

SPRING 1993



L R

Acquisitions and

Bibliotheque nationale
du Canada

Direction des acquisitions et

Bibliographic Services Branch  des services bibliographiques

395 Wellington Street
Ottawa, Ontario
K1A ON4 K1A ON4

The author has granted an
irrevocable non-exclusive licence
allowing the National Library of
Canada to reproduce, loan,
distribute or sell copies of
his/her thesis by any means and
in any form or format, making
this thesis available to interested
persons.

The author retains ownership of
the copyright in his/her thesis.
Neither the thesis nor substantial
extracts from it may be printed or
otherwise reproduced without
his/her permission.

395, rue Wellington
Ottawa (Ontario)

Your lile  Votre élorenco

Our e Notre dlérence

L'auteur a accordé une licence
irrévocable et non exclusive
permettant a la Biblicthéeque
nationale du Canada de
reproduire, préter, disiribuer ou
vendre des copies de sa thése
de quelque maniére et sous
quelque forme que ce soit pour
mettre des exemplaires de cette
thése a Ila disposition des
personnes intéressées.

L’auteur conserve la propriété du
droit d’auteur qui protége sa
thése. Ni la thése ni des extraits
substantiels de celleci ne
doivent étre imprimés ou
autrement reproduits sans son
autorisation.

ISBN ©-315-82038-1

Canada



Department of Chemical Engineering
Room 536 Chemical-Mineral Building
University of Alberta

Edmonton, AB T6G 2G6

1993 04 01

Faculty of Graduate Studies & Research
University *tall

University f Alberta

Edmonton, B

To whom it may concern:

I hereby grant permission to Guang X. Chen to use the information contained
in the paper Performance of Combined Mesh Packing and Sieve Trays in
Distillation, published in the Canadian Journal of Chemical Engineering, and
Fouling of Sieve Trays, submitted to the Chemical Engineering
Communications, in his thesis entitled Predicting and Improving Sieve Tray
Efficiencies in Distillation.




Department of Chemical Engineering
Room 536 Chemical-Mineral Building
University of Alberta

Edmonton, AB T6G 2G6

1993 04 Ol

Faculty of Graduate Studies & Research
University Hall

University of Alberta

Edmonton, AB

To whom it may concern:

I hereby grant permission to Guang X. Chen %o use the information contained
in the paper Performance of Combined Mesh Packing and Sieve Trays: in
Distillation, published in the Canadian Journal of Chemical Engineering, in

his thesis entitled Predicting and Improving Sieve Tray Efficiencies in
Distillation.

Sincerely yours

M e

C. Xu



Department of Chemical Engineering
Room 536 Chemical-Mineral Building
University of Alberta

Edmonton, AB T6G 2G6

1993 04 01

Faculty of Graduate Studies & Research
University Hall

University of Alberta

Edmonton, AB

To whom it may concern:

I hereby grant permission to Guang X. Chen to use the information contained
in the paper Performance of Combined Mesh Packing and Sieve Trays in
Distillation, published in the Canadian Journal of Chemical Engineering, and
Prediction of Point Efficiency for Sieve Trays in Distillation, submitted to
the Industrial & Engineering Chemistry Research, and Fouling of Sieve Trays,
submitted to the Chemical Engineering Communications, in his thesis entitled
Predicting and Improving Sieve Tray Efficiencies in Distillation.

Sincerely yours

T OLu_g_ZS

K.T. Chuang



UNIVERSITY OF ALBERTA
FACULTY OF GRADUATE STUNIES AND RESEARCI

The undersigned certify that they have read, and recommend to the Faculty of
Graduate Studies and Research fcr acceptance, a thesis entitled PREDICTING
AND IMPROVING SIEVE TRAY EFFICIENCIES IN DISTILLATION submitted by

GUANG XIA CHEN in partial fulfillment of the requirements for the degree of

DOCTOR OF PHILOSOPHY

k' C[M

Cr. K. T. Chuang (super;/isor)

// '27{-»_/&/(;;_;5[1___,_

Dr. K. Nandakumar

Z’A ‘:9 - /L( ’ ,/_\.L/i//(

Dr. P. Cmckmore

/)
vy

Dr. N. {g ngebor -17 ( ‘

“Sce K Lo

A
w. R. Fair (external examiner)

DATE Ap~il 14, 1993




UNIVERSITY OF ALBERTA

RELEASE FORM
NAME OF AUTHOR: Guang Xia Chen

TITLE OF THESIS: Predicting and Improving Siéve Tray Efficiencies

in Distillation
DEGREE: Doctor of Philosophy
YEAR THIS DEGREE GRANTED: Spring 1993

Permission is hereby granted to the University of Alberta library to
reproduce single copies of this thesis and to lend or sell such copies for

private scholarly or scientific research purposes only.

The author reserves all other publication and other rights in association
with the copyright in the thesis, and except as hereinbefore provided
neither the thesis nor any substantial portion thereof may be printed or

otherwise reproduced in any material form whatever without the author’s

Signed él‘u"%ﬁai %«v

Department of Chemical Engineering

prior written permission.

University of Alberta
Edmonton, Alberta, Canada, T6G 2GG6

DATE: April 21, 1993




ABSTRACT

A reliable and accurate tray efficiency model is of primary economic
importance. Based on the dispersion theory and the penetration theory, a new
point efficiency model has been developed. The model was verified by
experimental data obtained from commercial-scale sieve trays under
distillation conditions. The numbers of individual nhase mass transfer units
have been accurately determined from distillation data. Based on the
determined number of individual phase mass transfer units, it was found that
surface tension and its gradient have great effects on the number of mass
transfer units, hence on the point efficiency. Correlations have been
obtained to account for these effects on the point efficiency.

To meet the new demand in distillation, a packed tray with improved
performance has been developed by combining sieve trays with a bed of mesh
packing. The hydraulic and mass transfer performance of this packed tray has
been studicd in a distillation and an air/water column. It was found that by
adding a shallow bed of packing, the Murphree tray efficiency increases by
40 to S0% over a wide range of flow rates and system properties in a small
column. This increase in the efficiency can be attributed to smaller and
more uniform bubbles and more stable hydraulic conditions generated on the
packed trays. Hydraulic tests on an air/water system have shown that the
packing can effectively reduce the tray entrainment and weeping.
Consequently, the packing can increase the tray vapour capacity by S0 to
807%. However, the packing also results in a 15% increase in the total tray
pressure drop and a 40 to 75% reduction of the tray’s lifetime in f ouling
situations. Correlations have been obtained for estimating the packing

effects on the tray efficiency, entrainment and pressure drop.
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Chapter 1

INTRODUCTION

1.1 Introduction

Separation processes play a key role in the chemical and petroleum
industries. These processes, which include distillation, extraction,
adsorption, crystallisation and membrane-based separations, account for 40
to 707 of both capital and operating costs of a broad range of industries
(Humphrey and Seibert, 1992). Distillation is clearly the most common
separation process and accounts for more applications than all the other
separation processes combined because of its simplicity, low capital
investment and low risk potential. Without question, distillation will
remain the key separation method against which any alternate method must be
judged, particularly in large-scale applications (Fair, 1990). Therefore, it
is important to continue the development of distillation technologies and
devices.

Distillation is carried out in distillation columns which contain
various internals. Fair (1983) has done a comprehensive review of the
historical development of column internals. The two dominant classes of
column internals used today are trays and packings. Comparisons of trays and
packings have been made by many researchers (e.g., Fair, 1970; Xu and
Chuang, 1989). Selecting the best internals under given conditions is not an
easy task, and no clear algorithm is available because there are no rigid
lines of demarcation among internals. Table 1-1 provides a summary of the
basic rules for selecting internals obtained from the literature (Frank,

1977) and from vendr's. It can be seen from this table that the sieve tray



is the most versatile and most-often-used internal. It has been estimated
that currently about 907 of installed distillation columns contain trays,
and sieve trays are the most widely used non-proprietary trays (Krummrich,
1984). Therefore, numerous attempts have been made to understand and improve

sieve tray performance.

1.2 Predicting Tray Efficiency

In the design of sieve trays, the most important task is the conversion
of theoretical plates to actual plates by using tray efficiency. The number
of theoretical stages can be obtained quite accurately by modern computers,
but the problem of predicting tray efficiency with any degree of confidence
is far from solved. Fair (1987) wrote: "This has long been a nebulous area
for the design of distillatic: columns, and it would appear that improved
models for contacting efficiency can represent major advances in the state
of distillation design technology.” Efficiency models currently available in
the literature are developed based on data from absorption, stripping and
humidification, but not distillation. They are empirical and have little
relationship to system physical properties and fluid mechanics existing on
the tray. There is almost no accurately determined number of individual
phase mass transfer units in distillation to verify the existing models.
Furthermore, the effect of s - tension and its gradient on efficiency,
which is, as Lockett (1986) .uuicated, the only really confused area in
prediction of tray efficiency, is still uncertain today because of lack of
experimental data. Recently, Fair (1992) concluded that prediction of tray
efficiency is the only remaining challenge in the prediction of tray

performance.



The availability of a reliable and accurate model for predicting tray
efficiencies and the numbers of actual stages is of primary economic
importance. Therefore, the first part of this study (Chapters 2 to 5) will
be devoted to the prediction of tray efficiencies. A new efficiency model
based on di.tillation data from commercial-scale columns in the literature
is presented in Chapter 2. In order to relate the physical properties, the
interfacial area of dispersion used in the new model is estimated by the
Levich theory (Levich, 1962). In Chapter 3, by using the new model, a new
method for determining the number of liquid and vapour phase mass transfer
units is introduced and compared with those available in the literature. The
number of liquid and vapour phase mass transfer units for three distillation
systems is then determined. Based on the determined number of mass transfer
units, the effect of surface tension on the number of mass transfer units
and the tray efficiency is investigated and determined in Chapter 4. Various
efficiency models, with and without including the effect of surface tension,
are also compared. Based on the results from Chapters 2 to 4, a new model
for estimating the effect of the surface tension gradient on the point

efficiency is developed in Chapter 5.

1.3 Improving Tray Efficiency

Because of the massive scale of sieve tray columns in use, even a small
improvement in mass transfer performance can have significant economric
advantages. Therefore, much effort has been expended to improve the
performance of existing sieve trays and to develop new types of trays which
more closely approach 1007 efficiency. Although many types of sieve trays

have been invented, as summarized by Jamal (1981), the mass transfer



efficiency of sieve trays is still relatively low and leaves much room for
improvement.

It is very desirable to develop a new method ot improving sieve tray
performance at minimum cost and risk. In the second part of this study
(Chapters 6 to 9), a new kind of sieve tray, called a packed tray, will be
described. In order to understand the performance of this packed tray,
experimental studies are carried out and described in subsequent chapters.
In Chapter 6, the mass transfer performance of packed trays under the
distillation of a surface tension positive system (Zuiderweg and Harmens,
1958) with methanol/water mixtures is studied in a 153 mm diameter
distillation column. In Chapter 7, instead of a surface tension positive
system, a surface tension negative system with acetic acid/water mixtures is
used to investigate the effect of mesh packing on the performarnce of sieve
trays. The effects of installing a thin layer of mesh packing on the tray
capacity, entrainment, and pressure drop with an air/water system are also
quantitatively determined and described in Chapter 7. In Chapter 8, a method
is introduced for estimating the mass transfer efficiency of packed trays
from that of trays without packing. In Chapter 9, fouling of sieve trays and
packed trays with different hole sizes is studied in an air/water column. A
mathematical model is developed for predicting the fouling rate for
crystallisation fouling.

The main body of the text consists of eight chapters. Each chapter is

self-contained and presented as a paper.
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Chapter 2

PREDICTING PCQINT EFFICIENCIES FOR SIEVE TRAYS IN DISTILLATION

2.1 Introduction

In the design of sieve tray columns for distillation, a tray efficiency
is used to convert the number of theoretical stages to actual plates. The
number of theoretical plates can be calculated accurately with modern
computer methods, but the method for predicting the tray efficiency does not
always give satisfactory results. The problem can be divided into two parts:
the predicticn of a point efficiency, and the relation of the point
efficiency to the tray efficiency. The latter has been a subject of many
studies (Porter et al., 1972; Lockett et al., 1973; Lockett and Safekourdi,
1976; Lim et al., 1974) and was found that reliable calculations can be made
(Biddulph et al., 1991). On the other hand, the prediction of the point
efficiency remains uncertain and little real progress has been achieved
since the AIChE Bubble Tray Design Manual was published more than thirty
years ago (AIChE, 1958). Recently, Fair (1987, 1992) pointed out that new
improved models for the point efficiency could represent major advances in
the state of distillation design technoiogy.

Many metiiods for predicting mass transfer efficiencies have been
proposed. These methods are based either on empirical correlations or on
semi-empirical correlations. Examples of empirical correlations are those of

Drickamer and Bradford (1943), O’Connell (1946), and Bakowski (1969). These

A version of this chapter has been accepted for publication. Chen, G.X.
and K.T., Chuang 1993. Ind. Eng. Chem. Res. 32(4) (in press).



correlations have not always been validated and the results are usually very
conservative. The most often used semi-empirical correlation is the AIChE
method, although it has been criticized by many authors for being unreliable
(Lashmet and Szezepanski, 1974; Hughmark, 1971; Strand, 1963; and Neuburg
and Chuang, 1982). Other correlations include those of Harris (1965), Asano
and Fujita (1966), Jeromin et al. (1969j), and Hughmark (1965). All of these
models are developed based on data from absorption, stripping and
humidification, but not distillation. Chan and Fair (1984) proposed a new
correlation for NG in the AIChE model by using distillation data. Zuiderweg
(1982) reviewed sieve tray performance and developed a correlation for
predicting point efficiencies based on the FRI results (Sakata and Yanagi,
1979; Yanagi and Sakata, 1982) by using the slope and intercept method.
However, the systems involved have a narrow range in the slope of the
vapour-liquid equilibrium line (m). Therefore, the analysis may not be
accurate. Later, Zuiderweg (1986) indicated that his model is possibly not
more reliable than alternative models. Apart from the above metliods, there
is another group of models aimed at individually predicting the mass
transfer coefficients and interfacial area. This approach has been reported
regularly over the years (Geddes, 1946; West et al., 1952; Garner and
Porter, 1960; Calderbank and Moo-Young 1960, Andrew, 1961; Goederen, 1965,
Fane and Sawistowski, 1969; Stichlmair, 1978; Neuburg and Chuang, 1982), but
nonez of them have gained practical acceptance. Most recently, Prado and Fair
(1990) developed another semi-empirical model, which is also based on
information from absorption and humidification in an air/water system (Fair

and Prado, 1987).

The purpose of this research is to develop correlations for predicting



the number of individual mass transfer units and the liquid phase resistance
consistent with mass transfer theories, and to compare the prediction with

distillation data measured from commercial-size sieve tray columns.

2.2 Theory
Based on the two-film or two-resistance theory, the following equation

is obtained:

VKgg = kg + (mp M )/ (k py M) (n
Dividing equation (1) by (atG) gives:
I/NOG = l/NG + A/NL (2)
where: NOG = aKOGtG (3)
NG = athG (4)
NL = akLtL (5)
and tG = hf/us (6)
t = (G ts pLMG)/(L pGML) 7
A = mG/L (8)
It should be noted that NOG’ NG and NL are based on the same effective

"_ "

interfacial area "a". If NG and NL are determined separately by different
absorption, stripping and humidification experiments using gas and liquid
phase controlled systems, equation (2) is no longer valid because NG and NL

may not be based on the same interfacial area. Since this is the case for

the models reported previously, those models for NG and NL may be

10



fundamentally incorrect. Equation (2) should be valid only if NG and NL are
determined simultaneously under distillation conditions. It can also be seen

from equation (7) that tL and tG are mutually related.

The overall number of mass transfer units can be reiated to the Doint

efficiency by:

EOG =1~ exp(-NOG) (9)

The value of EOG can be obtained from the measured Murphree efficiency EMV
as outlined by Chan and Fair (1984). In this study, the eddy diffusion

coefficient, DE’ is predicted by the experimental correlation of Barker and

Self (1962) as suggested by Chan and Fair (1984):

D_ = 0.00675 u;'4

e * + 0.000922 h; - 0.00562 (10)

where hL is estimated by equations given by Bennett et al.(1983).

", "

The N0 calculated from equation (9) at different slopes "m" can be

G

used to determine the number of mass transfer units NG and N, by equation

L

(2). Correlations for NG and NL can then be developed.
The percent of liquid phase resistance over the total mass transfer

resistance (LPR7) can be defined as:

LPRZ = (A/NL)/(I/N + A/NL) 1007 a11)

G

2.3 Model Development

(A) Clear liquid height hL

The clear liquid height on a sieve tray plays an important role in mass
transfer because of its influence on tl. and tG' Nearly all of tray

performance correlations include clear liquid height as a variable. Many

correlations for hL are available {(Hofhuis and Zuiderweg, 1979; Brambilla et

11



al., 1969; Dhulesia, 1984; Colwell, 1979; Bennett et al., 1983; Hofhuis,
1980). In this study the correlation of Hofhuis (1980) as recommended by
Zuiderweg (1982) is chosen. Under total reflux conditions, the correlation
is given by:

_ 0.5 _0.25 0.5
hL = 0.6 hw p ((pG/pL) /b)

0.25 (12)

for 25 mm < hw < 100 mm

(B) Mass transfer coefficients kG and kL
Based on the results of Lockett et al. (1979) and Mehta & Sharma (1966)

and Petty (1975), kG may be given by:

0.5
kg, « (D) (13a)

A dimensional analysis will give following equation from equation (13a):

0.5
kG o~ (DG/GG) (13)
where eG may be considered to be a contact time of an gas element at the

gas-liquid interface. For sieve tray dispersion we assume that:

SG o hL/us = tG (14)

If it is further assumed that:

tG o tG (15)

then we can obtain the following equation by combining equations (13), (14)

and (15):

K o (DGt(’;)O's (16)

6o
Based on the Higbie penetration theory (Higbie, 1935), kL can be expressed:
0.5
kL = Z(DL/TIBL) (17)

12



where GL is the time during which the liquid element has been exposed at the

interface. If it is assu:::ed for sieve tray dispersion that:
BL (thL/uspG) =t (18)

then 1

(MGG)/(MLL) (tGpL)/pG o (t(’;pL/pG)(MGG)/(MLL)

\

tL(MGG)/(MLL) (19)

and equation (20) is obtained:

» 10.5
kLtLu (MGG/MLL)(DLtL) (20)
where tL = tG pL/pG .
Equations (16) and (20) will be used to obtain NG and NL'

{C) Interfacial area "a

Neuburg and Chuang (1982) concluded that no satisfactory correlations
existed for the prediction of bubble diameter and interfacial area.
Therefore in this study, new correlations for Sauter mean bubble diameter
d32 and interfacial area had to be developed. If the bubble size

distribution is assumed to be independent of the Sauter mean bubble

d is a constant. This is similar to what

diameter, then tl:.c ratio cf d,./
32" "max

is found for stirred vessels (Mersmann and Grossman. 1982; Hesken et al.,
1987; Parthasarathy et al.,, 1991). Therefore, dmax is needed in order to
obtain the interfa ’‘al area.

The fundamental work in dispersion theory in turbulent flow was
conducted by Kolmogoroff (1949) and Hinze (1955). The bubble size was found
to be controlled by inertial forces (due to dynamic pressure fluctuations)
and surface tension forces. The inertial forces tend to deform the bubbles

whereas the surface tension forces resist the deformation. The maximum

13



stable spherical bubble size dmax could be determined by the balance between
these two forces. A bubble would break up if the ratio of the inertial and
surface tension forces, in the form of the Weber number, exceeded a critical

value. The critical Weber number is given as:
Wec= T d /c 2n

Levich (1962) suggested a similar force balance. He considered the
balance of the internal pressure with the capillary pressure of a deformed
bubble. The dispersed phase density is included through the internal
pressure force term. The capillary pressure is determined from the shape of
the deformed bubble rather than the spherical bubble. His theory leads to a

critical Weber number:

T 173
)

We = —7a— (ps 7P (22)
max

The dynamic pressure force of the continuous phase can be obtained by
equation (23) (Hinze, 1955):

T =P u? (23)

where 1—12 is the mean square velocity difference over a distance equal to the
maximum bubble diameter (dmax)' An expression for u’ was obtained by
Batchelor (1959):

)2/3

(24)
ax

=2(wd
m

Substituting T and 4 into equations (21) and (22), the foilowing equations

can be obtained:

14



0.6 -0.4

d T (o-/pL) (w) (25)

max

-0.2 -0.4

0.8, 2
and d o« ¢ (prG) (w) (26)

max

These two equations have been successfully used to predict the maximum
bubble diameter and Sauter-mean bubble diameter in stirred vessels (Kawase
and Moo-Young, 1990). However, they have not been used to predict the bubble
diameter in sieve tray dispersions.

Calderbank (1958) proposed an empirical correlation for the gas-liquid

interfacial area in an aerated mixing vessel:

0.6 0.5 0.6

a « (m)o'4 P U / o (27)

The form of this equation is very similar to that in equations (25) and (26)
and it is likely that equation (27) was also based on the dispersion theory.
Later, Calderbank and Moo-Young (1960) found that equation (27) also applied
to sieve tray dispersions. Their measured interfacial area for air/water
system using several sieve trays of different designs showed a remarkable
agreement with equation (27). This indicated that the dispersion theory is
also valid for the sieve tray dispersion, and equations (25) and (26) could
be used to predict the maximum bubble diameter for sieve trays. Experimental
observations indicated that the bubbles on sieve trays are highly deformed,
and not in spherical shape (Lockett et al., 1579; Burgess and Calderbank,
1975; Calderbank and Pereira, 1979; Porter et al., 1967; Kaltenbacher,
1983). Therefore, equation (26) is wused in this study. The energy
dissipation per unit mass of liquid on a sieve tray is given by (Calderbank,

1960; Geary and Rice, 1991):

15



©w=ug (28)

Substituting equation (28) into equation (26) gives:

0.6, 2 -0.2
CImax x (prG)

(u )™ (29)

Equation (29) assumes that only surface tiension forces resist dispersion,
but as shown by Calderbank (1956), viscous forces also begin to resist
dispersion as the ratio of viscosity to surface tension rises. Bhavaraju et
al. (1978) proposed a correlation for bubble size including the viscosity
effect. They found experimentally that dmax is proportional to (;1)0'l in

stirred vessels. If their results are assumed to apply for the sieve tray

dispersion, then equation (29) becomes:

0.6 0.1 , 2 -0.2 -0.4
dmax N T (prG) (us) (30)
Then the interfacial area can be obtained by:
2 0.2 0.4
_ 6¢g 6¢ e (p LP G) Us
32 max T

where € is the mean void fraction, and can be estimated by many empirical
correlations (Gardner and Mclean, 1969; Kastanek, 1970; Colwell, 1979;
Stichlmair, 1978). The correlation of Stichlmair (1978) is chosen as shown

in equation (32):

0.5
Fs 0.28 Us Pg 0-28
e = ( ) = 2 0.25
smax 2.5(¢ 0‘(pL~pG)g) )

P 0.28
s G — ] (32)
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Substituting & into equation (31) gives:

2 0.2 0.4 0.28 0.14
6¢e (prG) l‘ls Us Pc
a=sa. - 0.6 0.1 0.14 _0.07 0.07
32 e0 8 L0 0° JICR P’
po.aspo.aa 4068 ) F2 o 3
L G s s "L
or a o EY (33)
0.14 _0.67 0.1 0.1 ,0.14 2
¢ - K K ¢ c

(D) The number of mass transfer units NG and NL
Combining equations (16), (20) and (33) gives the final correlations

for the number of mass transfer units.

1 PL Fs 1/3 0.5
NG = athG = Cl 0.1 ,0.14 [ 2 ] (DGtG) (34)
K ¢ o
1 PL Fs 1/3 0.5
Np = akt = Gy [ _ ] (MG/M, L) (D t7) (35)
il ¢ o
where tG = hL/u . and t]: = tG pL/pG

- 0.5
F_ = us(pG)

and C1 and C2 are constants to be found by fitting with experimental data.
(E) Percent liquid phase resistance LPR%
The percent liquid phase resistance could be obtained by substituting

equations (34) and (35) into equation (11):
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A/N A

L
LPR7 = - = 1007  (36)
l/NG + ?\/NL —C—2 (DL'OL )o.s(MGG aa
Cl DGpG MLL
2.4 Determining Constants Cl and C2
In order to find the values for Cl and C2’ experimentally measured
efficiency data have to be used. Because C1 and C2 are constants and

independent of system properties and tray geometry, they can be determined
from one data point in theory. Since experimental data are seldom accurate
enough, a series of test results would be required for the evaluation of Cl
and C,.

2

Point efficiencies from small columns are often lower than that from
large columns (Dribika and Biddulph, 1986; Biddulph et al., 1991), so these
data should be avoided. Many efficiency data from large columns are now
available in the open literature and have been summarized by Chan and Fair
(1984). However, only those data measured as a function of the concentration
of mixtures are suijtable to evaluate Cl and Cz. Efficiency data published by
FRI may be considered to be most reliable. In 1979, GSakata and Yanagi
reported results on two test mixtures, cyclohexane/n~heptane and
isobutane/n-butane, at five different pressures. Later, they (Yanagi and
Sakata, 1982) published results for three of five systems but with a
different tray geometry, Therefore, their efficiency data of
cyclohexane/n-heptane obtained in a 1.22 m diameter column at 165 kPa
pressure was selected to determine the values of C1 and CZ' The others will
be used to test the efficiency models obtained.

In order to evaluate NG and NL’ the reported tray efficiency should be

18



converted to the point efficiency by using the AIChE model as suggested by
Chan and Fair (1984). The AIChE model assumed partial mixing of liquid on
the tray and was found to agree with experimental results for column
diameters below 5 meters (Porter et al., 1972; Yanagi and Scott, 1973; Fair,

1987; Biddulph et al., 1991). The N0 obtained from equation (9) as a

G

function of m can be used to obtain N. and N, by using the slope and

G L
intercept method (Lockett and Ahmed, 1983; Zuiderweg, 1982) if the m value
varies significantly with the concentration. In fact, NG and NL may also
vary with m. Thus the slope and intercept method may lead to wrong results
(Lockett and Plaka, 1983). The cyclohexane/n-heptane data used in this study
have only a narrow range of m values. Therefore, a great error would be
introduced if the slope and intercept methocd were used. Alternatively, C1

and C, can be cbtained by combining equations (2), (34) and (35) as follows:

2
2
1 pL Fs 173 » 10.5
C (D.t2)
1 0.1 ,0.14 2 GG
NG i ¢ o
Nog = =
I + A NG/NL A_C_l_ (DGpG )o.s(MLL) .
C2 DLpL MGG
(37

By fitting the above equation to the experimental NOG data as a

function of m, the values of C1 and C, have been found to be 11 and 14,

2
respectively. Only data free of weeping and entrainment according to
Biddulph et al. (1991) were used. Figure 2-1 compares predicted point

efficiencies by equation (37) with the experimental data as a function of

F-factors.
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2.5 Predicting Point Efficiencies

To confirm the validity of the correlations, equations (34) and (35)
were used to predict the number of mass transfer units, point efficiency,
and LPR7Z for other systems under different operating conditions. Figure 2-2
shows the experimentally determined point efficiency and that calculated by
the new correlations for the cyclohexane/n-heptane system at 34 kPa in the
FRI 1.22 m column (Sakata and Yanagi, 1979). It can be seen that the
prediction agrees very well with the experimental data. Figure 2-3 shows the
comparison for the isobutane/n-butane system at three different pressures.
The measured efficiencies at 2068 kPa and 2758 kPa have been corrected for
the entrainment of vapour with the downflow liquid according to the method
provided by Hoek and Zuiderweg (1983). The results indicated that all
predicted point efficiencies agree with the experimental values within 5%
error. An additional comparison was made with data obtained by Billet et al.
(1969) who measured sieve tray efficiency for the ethylbenzene/styrene
system under vacuum conditions (13.3 kPa) in a 0.79 meter diameter column.
Figure 2-4 compares the point efficiency from their measured Murphree tray

efficiency with that predicted by the new correlations. Again, the absoluie

error is within 5%.

7.6 Liquid Phase Resistance

The percent liquid phase resistance, LPR7%, can be obtained by

substituting A into equation (36) to giv ™

mG/L m 1007
LPR% = ———p5— G =<7 o (38)
2 L"L 0.5, G 2 LL 0.5, G
C_ (D ) ( T ) + mG/L C~ (D ) (M } + m
1 “6Pc “L 1 “6Pc L
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This equation shows that the percent liquid phase mass transfer resistance
is a function of system properties only. Neither the (G/L) ratio nor the
tray geometry can affect the value of LPR%. It is system properties that
determine which phase is the mass transfer controlling phase. Once the
number of individual phase mass transfer units is obtained by equations (34)
and (35), the LPR% can also be determined by equation (11). Figure 2-5 shows
the calculated LPR7 for the above mentioned three systems at different
pressures. It can be seen that for these three systems the liquid phase
resistance is significant, in the range of 407 to 60%. It can also be seen
that for the cyclohexane/n-heptane and isobutane/n-butane systems the liquid
phase resistance decreases with increasing pressure. This may be attributed
to the changes in diffusivities and densities in the vapour and liquid
phases. The liquid phase diffusivity increases with increasing pressure due
to temperature effect, whereas the opposite is true for the vapour phase

diffusivity.

2.7 Comparison With Other Models
Porter and Jenkins (1979) pointed out that, at total reflux, all system
properties can e expressed as a function oi the flow parameter,

5 ce .
)o Therefore, it is convenient to use the flow parameter as a

FP=(pG/pL
variable for the comparison of the point efficiency and number of mass
transfer units predicted by existing models. Figure 2-6 shows point
efficiencies calculated by equation (37) as well as those reported by
Lockett (1986) using different models as a function of the flow parameter,

at m=1! in a 2 meter diameter column. It can be seen from Figure 2-6 that the

results of the new model are close to those of Chan and Fair’s model (1984)

N
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which was obtained by using their distillation efficiency data bank to
modify the AIChE model. As shown in Figure 2-6, the new model also gives a
correct efficiency trend. When the flow parameter approaches unity, the
point efficiency should equal 10072 (Hoek and Zuiderweg, 1982). For
comparison, the point efficiency from experimental data are also shown in
this figure.

Figures 2-7 and 2-8 show the number of individual phase mass transfer
units calculated by the various models. The resalts indicate that the new
model, uniike existing models, will predict an infinite value for NG and NL
at FP=1 where the surface tension disappears. It can also be seen from
Figure 2-8 that NL predicted by the AIChE model and Chan and Fair’s model is
much higher than that by equation (35). This suggests that the AIChE model
and Chan and Fair’s model may over-predict the point efficiency for liquid
phase controlled systems. Although Chan and Fair’'s model may predict a
correct point efficiency for systems within the range of their data bank,
these correct results may be obtained through a wrong route, and their model
may not predict the individual NG and NL accurately. Their model is open to
the same criticism as the AIChE meodel.

The calculated percent liquid phase resistance by the various models is
shown in Figure 2-9. It can be seen that the new mcdel predicts a different
trend of liquid phase resistance from other models. It seems unreasonable
that liquid phase resistance increases with increasing pressure because the
liquid phase diffusivity is higher at a higher pressure because of
temperature effect, whereas the vapour phase diffusivity is lower at a
higher pressure. It should be noted that in Figure 2~-9, when FP or pressure

increases, the temperature also increases. The changes in pressure and



temperature with FP will affect the diffusivities and densities of vapour
and liquid phases. These variations of diffusities and densities with FP
determines the trend of changes in LPRZ%Z with FP as indicated in equation
(36). In small FP range, the new model predicts a much higher LPR7 than all
other models as shown in Figure 2-9. It has been known that the AIChE model
usually over-predicts the point efficiency for liquid phase controlled
sysiems because it over-predicts NL . Therefore, it is expected that the new
model may overcome the deficiency of the AIChE model for liquid phase
controlled systems. The O’Connell equation (1946) has been recommended by
Kister (1992) as the standard of the industry for predicting efficiency. It
shouid be noted that the O’Connell equation makes sense only when liquid
phase resistance is large because the equation includes only liquid
viscosity and relative volatility. This is another indication that liquid

phase resistance is considerably large in distillation systems.

2.8 Discussion

Although the new model has been tested against only three systems, at
six widely different pressure levels, the three systems cover a wide range
of physical properties, and can be considered six different systems. It is
found that diffusivities, vapour densities, and surface tensions of these
three systems vary more than 10 times between low and high pressures.
Therefore, the model should be applicable to other systems, at least for
hydrocarbons. The effect of tray geometry on the point efficiency is tested
for three tray designs in this study. However, the model includes the most
important variable, h

L which is mainly a function of tray geometry as

indicated by equation (12) and which may include the effect of tray geometry



on the point efficiency. Furthermore, the point efficiency is not sensitive
to tray geometry, as indicated by the O’Connell correlation (1946). Thus,
the present model should be adequate for use with most tray designs.

The model was obtained based on the theory for the froth regime only,
therefore, a different model will be required for the spray regime.
Fortunately, the changes in the point efficiency between the two regimes are
gradual according to the FRI test results and Prado and Fair’s results
(1990). The calculated transition point based on the correlation of Loon et
al. (1973) is shown in Figure 2-1. It can bz seen from Figure 2-1 that there
is almost no efficiency difference between the two regimes. Therefore, the
new model might also be used to estimate the efficiencies in spray regime.

The new model also includes the fractional open hole area (¢) as shown
in equation (37). This is consistent 'with FRI results by Yanagi and Sakata
(1982). They found that 14% open hole area sieve trays have a lower
efficiency than that of 87 open hole area sieve trays. The new model does
not include the effect of hole sizes like most other models. It may,
therefore, under-predict the point efficiency for sieve trays having very
small hole diameters (less than 4 mm), which show a higher efficiency than
normal hole size trays (Biddulph and Dribika, 1986).

The new model includes the effect of surface tension as shown in
equations (34) and (35), N and N; « ()¥3, which is similar to that of
Stichlmair’s and Zuiderweg’s models. All other models including the AIChE
model do not include the effect of surface tension. The inclusion of surface
tension is open to debate. Although the new modei shows good results for the

cyclohexane/n-heptane and isobutane/n-butane systems at different pressures

where surface tension changes widely, physical properties of these two
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systems tend to change in unison. Thus, a definite conclusion about the
effect of surface tension on the point efficiency is still uncertain. The
best way to verify this effect is to determine the mass transfer units
experimentally as a function of surface tension while keeping other
properties constant for both surface tension positive and negative systems
in distillation. This work is going to be discussed in the next three

Chapters.

2.9 Conclusions

New correlations for predicting the number of mass transfer units,
hence the point efficiency, of sieve trays have been developed in this
study. In the new model, the interfacial area of sieve tray dispersion is
estimated by the Levich theory (1962), and the mass transfer coefficients
are obtained based on the Higbie penetration theory (Higbie, 1935). The
final model is obtained by fitting the correlations to the FRI measured tray
efficiencies in a commercial-size distillation column. It has been shown
that the new model is able to predict accurately the point efficiency for
hydrocarbon systems under different pressures. The correlation should
generally be applicable for the prediction of sieve tray efficiencies in

distillation.

2.10 Nomencilature

Ab = bubbling area, m?

a = interfacial area per unit volume of two phase dispersion, 1/m
b = weir length per unit bubbling area, 1/m

C, = constant in equation (38)



C2 = constant in equation (39)

Dp = eddy diffusivity for liquid mixing, m°/s
DG = vapour phase molecular diffusivity, mZ/s
DL = liquid phase molecular diffusivity, m/s
d = maximum bubble diameter, m

max

d32 = Sauter mean bubble diameter, m

%

MV = Murphree vapour phase tray efficiency

EOG = Murphree vapour phase point efficiency

FP = (pG/pL)o's, flow parameter under total reflux conditions
FS = superficial F-factor, us(pG)o's, kgo'S/mo'Ss

G = vapour flow rate, kmol/s

g = gravitational constant, m/s’

hf. = froth height, m

hL and hL = liquid holdup, m

hw = outlet weir height, m

kG = vapour phase mass transfer coefficient, m/s

kL = liquid phase mass transfer coefficient, m/s

KOG = overall mass transfer coefficient based on vapour, m/s
L. = liquid flow rate, kmol/s

LPR7 = percent liquid phase mass transfer resistance, %

m = slope of vapour-liquid equilibrium line

MG = vapour phase molecular weight, kg/kmol

ML = liquid phase molecular weight, kg/kmol

NG = number of vapour phase mass transfer unit

NL = number of liquid phase mass transfer unit

NOG = numbter of overall vapour phase mass transfer unit
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p = pitch of holes in sieve tray, m
QG = vapour flow rate, m>/s
OL = liquid flow rate, m3/s
t, = defined as equation (6), s
= defined as equation (7), s
t(’; = vapour contact time defined as equation (14}, s
tl'_, = Liquid contact time defined as equation (18), s
uw? = (ulx+d T O-ulx, % mis?
max
u, = superficial vapour velocity based on bubbling area Ab’ m/s
Wec = critical Weber number
Greek Letters
e = void fraction in dispersion
6 = contact time in equations (18) and (22}, s
A = mG/L
p = liquid viscosity, Ns/m>
Pg = vapour density, kg/m3
P = liquid density, kg/m3
o = interfacial surface tension, N/m
T = dynamic pressure fluctuations, N/m2
¢ = fractional perforated tray area
w = local energy dissipation per unit mass, w/kg
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Figure 2-2
Comparison of Predicted and Measured Point
Efficiency for C6/C7 Under Reduced Pressure
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Figure 2-3
Comparison of Predicted and Measured Point
Efficiency for Isobutane/N-butane System
at Three Different Pressures
(Sakata and Yanagi, 1979)

100
L g ey
—a—5 a4
80 [ A A_____::_,.._J——————-i—-’—. o
—~ ® @
2 i
>
o 60
5 ®
;E—J |
W 0 iC4/nC4
.‘g‘ — Predicted by equation (37)
o i ® Measured data (P=1138 kPa)
20 A Measured data (P=2068 kPa)
m Measured data (P=2758 kPa)
0o 1 1 . | " i L
o 0.5 1 1.5

F-factor, (kg/m}7s

30



Figure 2-4
Comparison of Predicted and Measured Point
Efficiency for ethylbenzene/Styrene System
Under reduced Pressure at 13.3 kPa
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Figure 2-5

Calculated Percent Liquid Phase Resistance
for Three Systems at Different Pressures
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Figure 2-6
Comparison of Point Efficiency Obtained
by Various Models

(Physical Properties from Porter and Jenkins, 1979;
Part of Results Were Obtained by Lockett, 1986)
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Figure 2-7
Comparison of Number of Vapour Phase Mass
Transfer Units Obtained by Various Models
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Figure 2-8

Comparison of Number of Liquid Phase Mass

Transfer Units Obtained by Various Models
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Comparison of Percent Liquid Phase Resistance

Figure 2-9
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Chapter 3

DETERMINING NG AND NL FROM EOG

3.1 Introduction

Although the mass transfer efficiency of sieve trays has been
extensively studied, little progress in predicting it has been achieved
since the AIChE Bubble Tray Design Manual (1958). Since then, most new
efficiency prediction methods have been based on the AIChE method. Because
of difficulties encountered in determining the number of individual phase
mass transfer units (NG and NL) in distillation, there were insufficient
experimental data to challenge and verify the efficiency models. Lockett and

Ahmed (1983) first reported their determined values (N and NL) for

G
methanol/water distillation in a 0.6 meter diameter column. However, the
method they used may not be reliable. They found that there was considerable
discrepancy between the experimental data and those predicted by the models,
especially for the number of liquid phase mass transfer units. To verify the
different efficiency models, it is necessary to determine the number of mass
transfer units under distillation conditions.

The main purpose of this study is to compare the various existing
methods for determining NG and NL from EOG for three different systems with

cyclohexane/n-heptane, methanol/water, and acetic acid/water mixtures. The

results will be used to develop a new method.

3.2 Basic Relations

The following equations, outlined in Chapter 2, will also be used in

this study.
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VKOG = l/kG + (mpGML)/(kLpLMG) (1)
l/NOG = l/NG + m/NL (2)
EOG =] - exp(-NOG) (3)
LPR = (m/NL)/(l/NG + m/NL) (4)

The value of EOG can be measured directly or calculated from the vapour

phase Murphree efficiency E (Chapter 2). When liquid on a tray is

MV

completely mixed, as in a small column, EOG would be equal to E’MV' Once

point efficiency E has been obtained as a function of the slope of the

oG
vapour-liquid equilibrium line (m), the number of overall mass transfer
units NOG as a function of m can be obtained by equation (3). NG and NL can

then be determined by equation (2) or by other methods.

3.3 Existing Models
3.3.1 Method 1: Slope and Intercept Method
As indicated by equation (2), that I/NOG is plotted against the slope

of the equilibrium line {m) gives a straight line if NG and NL do not change
with m. The slope of this line so obtained gives l/NL, and the intercept
l/NG. To wuse this method, m should be a reasonably strong function of
compositions, and NL and NG composition-independent. Zuiderweg (1982) and
Lockett and Ahmed (1983) used this method to in‘erpret, respectively, the

cyclohexane/n-heptane and methanol/water distillation results.

3.3.2 Method 2: Based on Penetration Theory

To account for the variation of NG and NL over compositions, another
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approach can be developed based on the penetration theory. Rearranging

equation (2) gives:

Ne

NOG ({1 +m NG/N ) (5)

L

and NL = NOG (m + NL/NG } (6)

If the ratic of NG/NL is known, NG and NL can be obtained from equations (5)
and (6). Based on the definitions of NG and NL (Chapter 2), one can have:

N
N

G . _fc¥s %)
L Pk

In order to obtain the ratio of kG/kL, the vapour phase and the liquid phase
mass transfer coefficients have to be obtained. The penetration theory

(Higbie, 1935) gives:

_ 0.5
kL = (4DL/116L) (8)

_ 0.5
and kG = (4DG/1tOG) (9)

It is assumed that the exposure times of the vapour and liquid elements at
the interface are equal, i.e., 6L=9G. This assumption, although rather
arbitrary, has been made by many investigators (Calderbank and Pereira,
1977; Stichlmair, 1978; Neuburg and Chuang, 1982). If this assumption is
accepted, the ratio of vapour to liquid phase mass transfer coefficients can
be given:
kg/k = (Dg/D )%® (10)

Equation (10) has also been used by Lockett and Uddin (1980). Substitution

of equation (JO} into equation (7) gives:

0.5
NG/NL = (pG/pL) (DG/DL) (11)
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By substituting equation (1!} intc equations (S) and (€), one obtains:

0.5
NG = NOG (1 +m (pG/pL)(DG/DL) ) (12)
N, =N..(m=+ (p,/p.)D, /D)%) (13)
L~ Yoc PL7PG L 6
By knrowing N at different m, N_ and N can then be calculated from
oG G L

equations (12) and (13). This method had been used by Dribika and Biddulph

(1986).

3.3.3 Method 3: Based on Two Bubble Sizes and Improved Penetration Theory
The criginal penetration theory (equations (8) and (9)) does not

account for turbulent diffusion and multiple surface renewals. To account

for these effects, an enhancement factor is usually introduced (Lockett and

Plaka, 1983; Prado and Fair, 1990):
k, = (4¢, D /e )" (14)
L = (49 D, /me

and k. = (4¢.D_rne_)°° (15)
G = %96 6" "¢

The semi-arbitrary assumption of 9L=GG is not necessary if one combines ¢
and 8 and proposes the following equations involving the unknown

hydrodynamic facters, p and q:

“ 0.5
ko =P (DG) (16)
_ 0.5
kL = q (DL) (17)
In order to obtain the values for p and q, a complete NOG model which can be

used to fit the experimental data is required. To complete the NOG model, an

interfacial area model is needed.
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The most often used interfacial area model is based on the tws bubble
size distribution model {(Lockett and Plaka, 1983; Prado and Fair, 1990;
Ashley and Haselden, 1972; Porter et al., 1967; Kaltenbacher, 1983). Ashley
and Haselden (1972) prcposed that there are two groups of bulbles in froths
having diameters dl=5 mm and d2=50 mm. The rise velocity of small bubbles u,
is taken as 0.3 m/s. The small bubble hold-up fraction is 0.7(1-€)/0.3 and
that of the large bubbles is X=(£-0.7)/0.3 where € is the total gas hold-up
fraction. The rise velocity of large bubbles is given by mass balance as
u2=(us-—0.7(1—x)ul)/X. Clearly, the fraction of the total volumetric vapour
flow carried through the froth by small bubbles is fl=0.7ul(l—X)/us, and
that carried by large bubbles is f2=1—fl.

With the knowledg> oi bubble size distribution, of velocity of bubble
ascent and of the mass transfer coefficients, the mass transfer in the froth
can be described compietely. If plug flow of gas through liquid which Iis
completely mixed vertically is assumed, a mass balance over a differential

height of froth, when integrated over the full height of the froth, gives

the fraction approach to equilibrium (EOG) of bubbles of diameter dl and d?:

6h_K
_ £ 0G1
EOGI =1 - exp( - o VT ) (18)
11
6h_K
f 0G2
E -,=1 - exp( - —/———) (19)
0oG2 dzu‘2
6h K 6h K
L _ Mot o PPrtoc2

Comparing equation {20) to equation (3) gives:
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6h_K 6h K
f 0Gl1 f 0G2
N = - ]n[f exp( ~ —————— ) + f_exp( -~ —/——— )] (21)
oG 1 dlul 2 d2u2
Combining equations (1), (16), (17) and (21) gives:
— h,.p(D )0 -3
f G
NOG=—-ln flexp &
dlul(l + m(pG/pL)(p/q)(DG/DL) )
—~ hp(D)°"®
+ fzexp[ ]] (22)

0.5
dzuz(l + m(pG/pL)(p/q)(DG/DL) )

Then hydrodynamic factors p and q can be obtained at fixed Fa-factors by

fitting equation (22) to the experimentally determined values of NOG

obtained as a function of m. Once p and q are known, NG and NL can be

calculated by:

\ 0.5
NG NOG (1 +m (p/q)(pG/pL/(DG/DL) ) (23)

_ 0.5
N_ = Ngyg ( m + (a/p)p, 7p)(D; /D) ) (24}

Lockett and Plaka (1983) used equations . 23) and (24) to analyze their
obtained results for a methanol/water system. They found that the ratio,
(p/q), is 5.25 at F~factor=1.26. It can be seen clearly that the results of
equations (23) and (24) would be very different from the results of

equations (12) and (13).

3.4 Method 5. "y Model
The in:c- :cial area obtained by the model used in Method 3 is almost

independent of uoystem physical properties because the two bubble sizes are
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assumed to be constant. Clearly this assumption is overly jde=z

| TP .
M2 R & TN S

discussed in Chapter 2, bubble sizes are a strong function =« “mulem

physical properties, especially surface tension. The models for NG and NL

developed in Chapter 2 can be modified for fixed vapour rate conditions as

follows:

p. P 1/3
Ng = €1 [ L ZG] (Dt )"® (25)
u e o
N. =cC 1 rPL Pg 1/3(Dt)°'5
L 2 uo.1¢o.14 l o2 LL (26)
tG = hL/uS . and tL = tG pL/pG

where Cl and CZ’ including the effect of turbulent diffusion and multiple
surface renewals, can be found by fitting equations (25) and (26) to the
experimentally determined values of NOG obtained as a function of m. Then NG

and N, can be determined by:

_ 0.5 0.5
Ng ® Ngg (1 + m(Cl/Cz)(pG/pL) (DG/DL) ) (27)

0.5 0.5
NL = NOG (m + (Cz/Cl)(pL/pG) (DL/DG) ) (28)

It can be expected that this new method will give better results than
all of the other three methods described above because it includes the

effect of physical properties not only on mass transfer coefficients but

also on the interfacial area.
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3.5 Experimentail Efficiency Data

For this study, three distillation systems with a wide range of
physical properties have been chosen. They are cyclohexane/n-heptane,
methanol/water and acetic acid/water mixtures. The physical properties
needed in the calculations are predicted from Reid et al. (1977). The tray
efficiency of the cyclohexane/n~-heptane system as a function of m at fixed
F-factors has been determined by Sakata and Yanagi (1979). Their measured
tray efficiency is then converted to the point efficiency by the method used
in Chapter 2. The results are shown in Figure 3-1. The froth height hf and
gas hold-up fraction € of this system are estimated by equations obtained by
Colwell (1979). The point efficiencies of the methanol/water and acetic
acid/water systems as a function of m at fixed Fa-factors have been obtained
in Chapters 6 and 7 and can be used directly. The results are shown in
Figure 3-2 for the methanol/water system and Figure 3-3 for the acetic
acid/water system, respectively. In these three figures, x is the average
mole concentration of more volatile components at the test tray’s filet and
outlet. From the point efficiency, N is then calculated by ey astion (3)

oG

and the obtained results are used to determine NG and N, by the above four

L

methods.

3.6 Results and Discussion
3.6.1 Cyclochexane/N-heptane System

The N_ and NL obtained from N for the cyclohexane/n-heptane system,

G oG

using the four methods, are shown in Figure 3-4 for N_. and Figure 3-5 for

G

NL. respectively. It can be seen that, except for methed 2, all methods give

similar values of NG and NL' Because the physical properties of cyclohexane
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are very similar to those of n-heptane, the physical properties of the
cyclohexane/n-hcptane system change little with the tray concentration or m.
This means that NG and NL remain constant when m changes with the tray
concentration as shown in Figures 3-4 and 3-5. Because NG and NL are
independent of m, method 1 does not introduce any error. Similar results
were also obtained by Zuiderweg (1982) for the same system. Methods 3 and 4
also give correct results as shown in Figures 3-4 and 3-5. It can be
concluded that the decrease in efficiencies with decreasing concentration
shown in Figure 3-1 is due™to the liquid phase resistance. Method 2 failed
to have correct results simply because the assumptions made to develop this
method are not valid. It gives a small liquid phase resistance (large NL)
and a large vapour phase resistance (small NG). It can be seen that both NG
and NL from method 2 decrease with decrease in concentration, which is
apparently not correct because physical properties remain constant as
concentration changes.

The fraction of liquid phase resistance over the total mass transfer
resistance (LPR) is calculated from equation (4) and shown in Figure 3-6. It
can be found that, except for method 2, all methods give similar results.
The decrease in LPR with increasing concentration is due to the decrease in
m. At high tray concentrations, m is small, LPR is small (see Figure 3-6)
and the tray efficiency is high (see Figure 3-1). On the other hand, at low
tray concentrations, m is large, LPR is large (see Figure 3-6) and the tray
efficiency is low (see Figure 3-1).

From the above discussions, it can be concluded that method 2 is
unreliable and will give incorrect results. Dribika and Biddulph (1986) used

this method to interpret their results, and consequently were misled in this
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respect. Methods 1, 3 and 4 can be reliably used, at least for systems whose

physical properties, or NG and N, , do not change with m.

L)

3.6.2 Methanol/Water System
Because the physical properties of water are different from those of
methanol, the physical properties of the methanol/water system change widely
with concentration and m, especially the surface tension. As a result, NG
and NL may vary with m, which is different from the cyclohexane/n-heptane
system discussed above.
Figures 3-7 and 3-8 show the NG and NL

can be seen that the four methods give four different results. There can be

obtained by the four methods. It

onnly one correct set of results. As discussed in section 3.6.1, method 2 is
unreliable. It again gives a small NG and large NL’ and results in a small
liquid phase resistance similar to that of the cyclohexane/n-heptane system.
Because the physical properties of the methanol/water system change widely
with m, method 1 is also likely to give incorrect results due to changes of
NG and NL with m. Although method 3 includes the effect of changes of
densities and diffusivities of the liquid and vapour phases, the NG and NL
it gives are similar to those of method 1 (see Figures 3~7 and 3-8). This is
because the densities and diffusivities of this system change less than 20%
in the concentration range involved. It is not clear so far whether this
method is providing correct results. Lockett and Plaka (i983) used this
method to analyze their results for the same methanol/water system and

obtained similar results to those shown in Figures 3-7 and 3-8.

Method 4, which includes the effect of variations in not only densities
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and diffusivities but also the surface tension of the system, gives very
different results from those of methods 1 and 3 (see Figures 3-7 and 3-8).

e surface tension of this system changes about three times in the
concentration range. Because surface tension increases as concentration
decreases, method 4 gives small NG and NL at the low concentration end and
largs NG and NL at the high concentration end.

Figure 3-9 shows the results of LPR from the four methods. It can be
see 'hat methods 1 and 3 give a large liquid phase resistance. As a result,
me" . 1 and 3 explain the decrease in the efficiency with decreasing
concentt ution (see Figure 3-2) by the liquid phase resistance only. Method 4
gives a relatively small liquid phase resistance, and explains the decrease
in the efficiency with decreasing concentration by an increase in both
liquid phase resistance and surface tension.

Based on the results of the methanol/water system alone, one can not

tell which method has given the correct results.

3.6.3 Acetic Acid/Water System

The acetic acid/water system is somewhat similar to the methanol/water
system. The physical properties of this system also change widely. The
difference between these two systems is that water is a less volatile
component in the methanol/water system, and a more volatile component in the
acetic acid/water system. This results in a difference in the tray
efficiency trend as shown in Figures 3-2 and 3-3.

The methods for obtaining NG and NL from NOG should be equally

applicable to both the methanol/water and the acetic acid/water systems.

Figures 3-10 and 3-11 show the NG and NL obtained from the four methods.



Method 2 gives a small N_ and a large N and results in a small LPR, which

G L’
is shown in Figure 3-12. Comparing among Figures 3-6, 3-9 and 3-12, one can
find that method 2 has given similar LPRs (less than 10%) for all three
systems even though the properties of the three systems are quite different.
Since it failed to have correct results for the cyclohexane/n-heptane
system, there is no reason for method 2 to give correct results for the
acetic acid/water system.

It is even more surprising that method 1 and method 3 give a negative
N, together with a very small NG for the acetic acid/water system. Since

L

negative NL is impossible, the assumption used in method 1 that NG and NL
are independent of m is apparently not valid for this system. These results
clearly demonstrate that method 1 is only applicable for systems whose
physical properties do not change with m. Therefore, method 1 must also have
given wrong results for the methanol/water system because the physical
properties of this system also change with m.

Similar to method 1, method 3 also gives a negative N, with a very

L
small NG , as shown in Figures 3-10 and 3-11. The reason is that method 3
only accounts for the changes of densities and diffusivities, which actually
do not change much with m for this system. It can be concluded that other
important physical properties are not accounted for by method 3 because
gative NL is impossible. Because the physical properties of the
methanol/water system are similar to those of the acetic acid/water system,
method 3 must have given wrong results for the methanol/water system too.
Lockett and Plaka (1983) used this method to interpret their experimental

results of the methanol/water system and possibly gave wrong results there.

Unlike method 3, method 4 includes the effect of changes of surface
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tension, in addition to densities. It gives reasonable NG and NL as shown in
Figures 3-10 and 3-11. The decrease in NG and NL with increasing
concentration is mainly due to the effect of surface tension. Consequently,
the decrease in the efficiency with increasing concentration (see Figure
3-3) is also due to surface tension. Comparing Figures 3-12 and 3-6, one can
find that method 4 gives a similar LPR for this system to for the
cyclohexane/n-heptane system. Comparing the NG and NL of the three systems
obtained by method 4, one can find that NG has similar values for all three

systems, and NL of the methanol/water system is larger than that of other

two systems. The reasons will be discussed in Chapter 5.

3.7 Conclusions
Based on the results for three different distillation systems, it has

been shown that method 2 is unreliable for obtaining NG and N, from NO

L G’
Methods 1 and 3 are reliable only for systems whose physical properties do
not change with m. Only method 4, developed in this study, can be used for
all systems. It has taken into account the variation of densities,
diffucivities, and the surface tension. Therefore, it is more accurate than
any previously proposed method for determining NG and NL from experimental
distillation data (EZOG). Its power lies in the way the effects of
compositions and hydrodynamics are separated. The former can easily be
accounted for in the model, while the latter are held constant for data

obtained at a fixed value of F-factor. Only after NG and N, are accurately

L
determined from distillation data can all the efficiency models be verified.

A comparison of various efficiency models will be provided in Chapter 4.
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3.8 Nomenclature

. . . 2, 3
a = effective interfacial area, m/m

C i = constant

Dc = Diffusion coefficient in vapour phase, mz/s
DL = Diffusion coefficient in liquid phase, mz/s
dl = equivalent spherical bubble diameter, m
EMV = Murphree vapour-phase efficiency

EOG = Murphree vapour-phase point efficiency
Fa, = F factor based on active area, (kg/m)o'sls

F = superficial F factor, (kg/m)o's/s
f = fraction of vapour carried by bubbles of diameter dl

G = Vapour flow rate, kmol/s

hf = froth height, m
hL = clear liquid height, m
kG = gas film mass transfer coefficient, m/s

kL = liquid film mass transfer coefficient, m/s
KOG = overall mass transfer coefficient, m/s
L = Liquid flow rate, kmol/s

LPR = fraction of liquid phase resistance

m = slope of equilibrium line

NG = number of gas phase transfer units
NL = number of liquid phase transfer units
NOG = number of oveirall gas phase transfer units

p = parameter, 1/s%°

q = parameter, /%%

tL = liquid residence time, s
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u_ = superficial vapour velocity, m/s

u = rise velocity of bubble diameter dx' m/s

X = holdup fraction of large bubbles

x = mole fraction of MVC in liquid

X, = mole fraction of MVC in liquid at interface

y = mole fraction of MVC in vapour

y.l = mole fraction of MVC in vapour in equilibrium with liquid
y; = mole fraction of MVC in vapour at interface

Yp = mole fraction of MVC in vapour for tray above
yn—1= mole fraction of MVC in vapour for tray below
Greek Letters

€ = vapour holdup fraction

GG = vapour contact time, s

eL = liquid contact time, s

A = mG/L

u = liquid phase viscosity, Ns/m?
p, = vapour density, kg/m3

P = liquid density, kg/m3

¢ = surface tension, N/m
¢ = enhancement factor
¢ = enhancement factor

¢ = percent open hole area
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Figure 3-1
Point Efficiency of Cyclohexane/N-heptane System
(Sakata and Yanagi, 1979)
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Figure 3-2
Point Efficiency of Methanol/Water System
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Figure 3-3
Point Efficiency of Acetic Acid/Water System

System: AcH/H20 1
Fa-factor=1.22 425

o
(0]
T

=]
(s)]
NogG

Point Efficiency
o
H
|
) |
4]

" -------- '_\_~ B
[ e l ...
0.2 e —40.5
0 i 1 N | . | 1 | P 0
0.5 0.6 0.7 0.8 0.9 1

Average Tray Conc., x (mole)

61



Figure 3-4
Comparison of Determined Ngby Four Methods for
Cyclohexane/N-heptane System
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Figure 3-5
Comparison of Determined N; by Four Methods for
Cyclohexane/N-heptane System
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Figure 3-6
Comparison of Determined LPR by Four Methods for
Cyclohexane/N-heptane System

0.7

0.6 -

05

0.4 System: C6/C7

Method 1
03 o Method 2
- A Method 3
0.2 - e Method 4

LPR
O

0.1+ G- _ S m—————— S

o= -~

0 L L i t | N i L 1 i L
03 0.4 0.5 0.6 0.7 0.8 0.9 1
Average Tray Conc., x (moie)

64



Figure 3-7
Comparison of Determined Ngby Four Methods for

Methanol/Water System
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Figure 3-8
Comparison of Determined N, by Four Methods for

Methanol/Water System
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Figure 3-9
Comparison of Calculated LPR by Four Methods for

Methanol/Water System
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Comparison of Determined Ngby Four Methods for

Figure 3-10

Acetic Acid/Water System
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Figure 3-11
Comparison of Determined N, by Four Methods for
Acetic Acid/Water System
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LPR

Comparison of Determined LPR by Four Methods for

Figure 3-12

Acetic Acid/Water System
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Chapter 4
THE EFFECTS OF SURFACE TENSION ON THE NUMBER OF

MASS TRANSFER UNITS

4.1 Introduction

Many experimentally measured tray efficiencies varied with compositions
of  distillation mixtures have been reported for different systems
(Bainbridge and Sawistoeski, 1964; Fane and Sawistowski, 1968; Zuiderweg,
1983; Ellis and Biddulph, 1967; Moens and Bos, 1972; Moens, 1972; Lockett
and Ahmed, 1983; Goederen, 1965; Ruckensten and Smigelschi, 1965). Various
reasons have been suggested to explain the variations in mass transfer
efficiencies with compositions and none of which alone has provided a
complete explanation (Lockett, 1986). The explanations provided were in
terms of physical properties, the slope of the equilibrium curve, the
interfacial area, mass transfer coefficients, thermal effects, and the most
important, the effects of surface tension and its gradient. Recently, more
and more attention has been given to the effects of surf ace tension and its
gradient on mass transfer efficiencies, but little progress was made. Most
methods for predicting mass transfer efficiencies do not include the effects
of surface tension.

Many efficiency models are available now in the literature. It is
difficult for a design engineer to select an appropriate model to calculate
a value for the plate efficiency, particularly if a new system is being used
and efficiency data for a similar system are not avaijlable. It is very
common that different efficiency models give different values of point

efficiencies. Although it was found that the point efficiency changes with
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system compositions, most efficiency models rarely predict this composition
effect on the point efficiency.

The main purpose of this study was to determine the effects of surface
tension on the number of mass transfer units for three diff2rent systems.
The efficiency models which include the effects of surface tension would be
compared with those that do not include these effects. The determined NG and
NL and measured efficiencies would be compared with those predicted by

various models.

4.2 Theory
4.2.1 Basic Relation

The following equations, discussed in Chapter 2, will be used in this

study.
l/NOG = I/NG + m/NL {1
Eog =1 - exp(-NOG) (2)
—-— \
LPR = (m/I\L)/(l/NG + m/NL) (3)

The new method of determining N_. and NL from E obtained in Chapter 3

G oG

will be used in this study.

4.2.2 Efficiency Models Not Including Surfare Tension

Method 1: The AIChE Model (1958)

The AIChE model was the first recogni. . ..d the most commonly accepted
model in the literature. It is cover : .zl in the standard chemical
engineering texts (Smith, 1963; Lockett. [9%6). The method is based on the

results of the individual number of :..ss transfer units f rom experiments
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using single phase resistance systems. It has often been criticized for
being unreliable (Lashmet and Szezepanski, 1974; Hughmark, 1971; Neuburg and
Chuang, 1982; Lockett, 1986).

S

_ _ - -0.

N = (0.776 + 4.57h, - 0.238F_ + 104.8 Q /W)Sc (4)
N, = 19700D°%(0.4F + 0.17)t (5)
L L % i §

o .

Scg uG/(pGDG, (6)
t, =b Z W/Q N
h, = 0.725hy, - 0.238h, F_ + 1.23Q /W + 0.006 (8)

Equation (4) has no theoretical basis, and does not even include the
vapour phase contacting time. The importance of the Schmidt number in
equation (4) is open to doubt. In very careful experiments, Mehta and Sharma
(1966) found that N

depends on D but not on Sc.. Equations (4) and (S5) do

G G G

not share a common term for the interfacial area. Because the AIChE model
suffered from a fundamental deficiency, many attempts to improve the AIChE

model have failed.

Method 2: Chan and Fair’s Model (i1984)

Chan and Fair (1984} improved the AIChE model to represent most of the
efficiency data available for large-scale sieve trays (Jones and Pyle, 1955;
Kirschbaum, 1962; Kastanek and Standart, 1967; Billet et al., 1969; Nutter,
1971; Sakata and Yanagi, 1979). Although they retained the same correlation

for N. as the original AIChE model, they improved the N

L correlation by

G

including the vapour phase contacting time and including DG instead of ScG.

The volumetric mass transfer coefficients and NG in the vapour phase were
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back-calculated

and then correlated in terms of the

diffusivity, liquid hold-up and fractional approach to flooding.

where FF=u su_,
s f

flooding. Based

172

NL = 3‘41()0(0.401-‘54- O.I’I)DL 1:L
1/2 2 1/2
NG = lOOODG (10.3FF - 8.67FF )tG/hL

t. = hLZW/ QL

(=l
"

(l—a)hL/(aus)

_ 0.67
h, = « (hw + C(QL/(WOL)) )

p
o = Exp[ -12.55 (us( —(_:'- )25 ot ]
L~ Pc

C

0.50 + 0.438 Exp(-13'7.8hw)

vapour

(9)

(10)

(11)

(12)

(13)

(14)

(15)

phacse

the fraction approach to the active area gas velocity at

on the penetration theory, the interfacial

obtained from equation (9):

a= C1(0.4OFS+ 0.17)

and from equation (10):

1/2

a = C2(10.3FF - 8.67FF2)/hL

area can be

(16)

(17)

It is hardly reasonable that equation (16) would be equivalent to equation

(17). Therefore,
the AIChE model.

and NL'

Chan and Fair’s model may be as fundamentally unsound as

Their model does not have the same interfacial area for N
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4.2.3 Erficiency Models Including Surface Tension

Method 3: Zuiderweg’s Model (1982)

Zuiderweg (1982) reviewed sieve tray performance and proposed a method
of predicting point efficiencies based on the commercial-scale experimental
sieve tray efficiency data of Fractionation Research Incorporated reported
by Yanagi and Sakata (1982) and Sakata and Yanagi (1979). Independent
correlations for the mass transfer coefficients in the vapour and the liquid
phases were developed in terms of physical properties. By using the Weber
number, values of the interfacial area were correlated with reference to the
flow regimes and taking into account the effect of surface tension. The
liquid hold-up is evaluated by the Hofhuis’s equation. Later, Zuiderweg
(1986) stated that his model is possibly not more reliable than alternative

models, but it is simpler.

K, = 0.13/p; - o.oss/pé (18)
KL = 0.024 DE-ZS (19)
For the spray regime: ahf = 40/4)0'3 (th)ba hLFP/O')o'37 {20)
For the froth regime: ahf = 43/q§o0'3 (F;‘;ba hLFP/o)°'57 (21)
h, = 0.6H€v.spo.zs b-0-25(Fp)0-25 (22)

For total reflux: FP = (pG/pL)o's (23)

Method 4: New Model Developed in Chapter 2
A new model for predicting point efficiencies (see Chapter 2) has been

developed based on the penetration theory and the dispersion theory and by
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using the commercial-scale sieve tray data released by Sakata and Yanagi

(1979).
Ng = 1l (erz/oz)”a(DGtG)°‘5/(;{"¢ 0-14y (24)
N, = 14 (pLF:/az)lxs(DLtL)o.s/(ME.1¢ 0.14) (25)
tG = hL/us (26)
27)

L= g PP

where hL is calculated by equation (22).

4.3 Experimental

The tray efficiency results for three systems obtained in Chapters 3, 6
and 7 will be used in this study. The surface tensions of mixtures at normal
temperatures are obtained from the International Critical Tables (1928). The
vapour effects on surface tension is negligible (Adamson, 1982), so the
surface tension with air was used. Then the surface tensions at boiling

point are calculated by the following equation:
c=a+b T (28)

where a and b are constant and found from the surface tensions at normal
temperatures. The surface tensions at boiling point for the three systems
are shown in Figure 4-1 as a function of mole fraction of the more volatile
components (x). The surface tensions of the methanol/water system are close
to those found by Kalbassi et al. (1987). The variations of physical
properties with compositions for the three systems are predicted from Reid

et al. (1958).
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4.4 Results and Discussion
4.4.1 Murphree Vapour Phase Point Efficiency

The experimental efficiency data obtained are shown in Figures 4-2, 4-3
and 4-4 for the three systeins as a function of the average test tray
concentration x of more volatile components with fixed Fa-factors. It was
found that the efficiency of the methanol/water system increases
monotonically with x in the test range (see Figure 4-4). Contrary to the
efficiency of the methanol/water system, the efficiency of the acetic
acid/water system decreases monotonically with x as shown in Figure 4-3.
These efficiency data are in good agreement with those of Bennett (1959) and
Bahari (1955). The efficiency of the cyclohexane/n-heptane system also
increases with increase in x, but not as much as in the methanol/water

system, which is shown in Figure 4-2.

4.4.2 Surface Tension Effects on The Number of Mass Transfer Units
Explanations for the effects of mixture compositions on tray
efficiencies, as shown in Figures 4-~-2 tc 4-4, have been proposed by many
researchers. Ruckenstein and Smigelschi (1965) obtained the same efficiency
pattern as shown in Figure 4-4 for the same methanol/water system. They
explained this phenomenon in terms of thermal effects. Their equations
almost perfectly agreed with their experimental data. E.xt to get these
results, they had to assume that about 907 of the resistance to mass
transfer lay in the liquid phase, which is very wunlikely. Lockett (1986)
indicated that their equations can both be faulted because they simply add
the effects of heat transfer to mass transfer. Norman (1960) estimated the

maximum relative rate of sensible heat transfer was not more than about 5%
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of the heat transferred as latent heat. This means that the sensible heat
transfer has a negligible effect on distillation tray efficiencies. Sandall
and co-workers (Kayihan et al., 1975, 1977, Honorat and Sandall, 1978,
Sandall and Dribika, 1979) also concluded that heat transfer effects were
negligible in distillation.

The variations of the efficiency shown in Figures 4-3 and 4-4 can not
be attributed to the changes in liquid phase resistance either, especially
for the acetic acid/water system whose efficiency decreases with decreasing
m (see Figure 4-3). Therefore, it can be concluded that neither the thermal
effects nor the changes in liquid phase resistance through m can be
attributed to the changes in efficiency shown in Figures 4-2 to 4-4. Perhaps
the best explanation comes from the changes in physical properties with
compositions. By carefully examining the physical properties of the acetic
acid/water and methanol/water systems, one can find that only surface
tensions change significantly with compositions. All other properties remain
quite constant over the composition range involved. Therefore, the
efficiency may be a function of system surface tension.

In order to have a more direct connection with physical properties,
efficiencies were converted to overall numbers of mass transfer units, NOG’
oy equation (2). The ottained results are plotted against the surface
tension in Figure 4-5 for the three systems. It seems that NOG decreases as
surface tension increases. As surface tension changes, however, the slope of
the equilibrium line (m) also changes, especially for the methanol/water
system. The change in m will also affect N as equation (1) indicates.

oG

Figure 4-5 makes sense only when liquid phase resistance is small (N

LIS

large) or m remains constant. As discussed in Chapters 2 and 3, the liquid
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phase resistance in a distillation system is comparable to that of the
vapour phase. Therefore, it is impossible to draw any conclusion from Figure
4-5 before the effects of surface tension and m on NOG are separated.

To exclude the effect of m, NG and NL have to be calculated from NOG'
The new method developed in Chapter 3 was used to calculate NG and NL from
NOG . The <btained results are shown in Figures 4-6 to 4-8 as a function of
surface tension for the “"ree systems, respectively. It can be seen from
Figures 4-7 ancl 4-8 that there are definitely some relationships between NG
and NL and surface tension. Neglecting the effects of properties other than
surface tension on NG and NL’ the following results are obtained by
regressicas:

For the acetic acid/water system:

NG o 0_-0.87 , NL o 0_—0.60

For the methanol/water system:

NG - 0‘—0..65’ NL o~ 0_—0.53

If it is assumed that surface tension has effects on the interfacial area
only, and has no effects on mass transfer coefficients, than surface tension
should have the same effects on both NG and NL because they are based on the
same interfacial area. Averaging the exponent of ¢ for the two systems
gives:

-0.73

and NL x O for the acetic acid/water system. (29)

Ng

NG and NL « ¢ 020 for the methanol/water system. (30)

These results are in good agreement with the previous conclusions in Chapter

2 where it was found from the dispersion theory that NG and NL « ¢ %>, The
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data of the cyclohexane/n-heptane system were not analyzed because the

surface tension range involved is too small to draw any conclusion.

4.4.3 Marangoni and Surface Renewa! Effects

A surface tension positive system has a higher point efficiency in the
free bubbling or cellular foam regime, while a surface tension negative
system has a higher point efficiency in the spray regime, provided that
other properties of systems are similar (Zuiderweg and Harmens, 1958). This
theory is based on the analysis of Marangoni effects on the interfacial
area. Hofhuis and Zuiderweg (1979) found that stable Marangoni-induced foam
did not exist in the mixed-froth regime. By applying the equatjons provided
by Hofhuis and Zuiderweg (1979), it was found that when Fa-factor is larger
than 0.5, only the mixed-froth regime can exist for the methanol/water and
acetic acid/water systems. This was also confirmed by visual observations
during the experiments. Therefore, the higher efficiency of the
methanol/water system in the froth regime is not due to the Marangoni
effects on the interfacial area.

Comparisons among Figures 4-6 to 4-8 show that NG has similar values
for all three systems, but NL of the methanol/water system is much larger
than that of other two systems (see Figure 4-9). If the Marangoni effect had
effects on the interfacial area, then both the NG and NL of the
methanol/water system would be larger than that of other two systems. Thus,
the higher efficiency and larger NL of the methanol/water system might be
due only to the surface renewal effects which result in an increase i the
liquid phase mass transfer coefficient (k). Moens and Bos (1972) studijed

L

the surface tension effect in a p&ol column with a fixed interfacial area.
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They found that ti.e NOG of a surface tension positive system was larger than
that of a negative system because a positive system has a larger spreading
velocity of liquid from eddies arriving at the interface. In other words,
the rapid eddy-spreading velocity in a positive system would be expected to

reduce the liquid phase resistance, and hence produce a larger N, . Similar

L
conclusions were also obtained by Ellis and Biddulph (1967). Dribika and
Biddulph (1986) found that the enhancement in point efficiencies in the
methanol/water system is related to the Marangoni index due to surface
renewal effect. The quantitative aspect of this surface renewal effect will
be discussed in Chapter S.

Because of the large values of NL of the methanol/water system, the
fraction of liquid phase resistance over the total mass transfer resistance
of this system will be much smaller than that of other two systems. Figure
4-10 compares the LPR results calculated by equation (3) for the three
systems. It can be seen that the LPR of the methanol/water system is only

about 25% of that c¢ other two systems. It can also be seen that for one

system, LPR increases with m as indicated by equation (3).

4.5 Comparison of Efficiency Prediction Methods

It has been shown that surface tension has effects on NL and NG'
Therefore, efficiency models which do not include the effects of surface
tension are likely to predict the efficiency trend incorrectly. It has also
been shown that the NL of a surface tension positive system is much larger
than that of other systems due to surface renewal effects. Consequently, a

special efficiency model inciluding the surface renewal effect would be

needed to prediyy the point efficiency properly for such systems.
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4.5.1 Cyclohexane/N-heptane System

Figure 4-11 compares the measured efficiencies of the
cyclohexane/n-heptane system with those of calculated by the four methods as
outlined in section 4.2. Except for method 1, the methods predict the
efficiency rezsonably well. Because the surface tension of this system
changes little with x, as shown in Figure 4-1, it makes no difference
whether surface tension is included in the models. Figures 4-12 and 4-13
compare determined NG and NL to calculated NG and NL' It can be seen from
these figures that methods 1 and 2 have failed to predict the individual NG
and NL correctly. They both have under-predicted the NG and over-predicted
the NL' As a result, they may over-predict the efficiencv for liquid phase
controlled systems (Hughmark, 1965). Since method 2 gives reasonable values
for the efficiency, as shown in Figure 4-11, it must have been Uaough a
wrong route. Overall, method 4 gives the best prediction of NG and NL’ and

of the efficiency.

4.5.2 Acetic Acid/Water System

As shown in Figure 4-1, the surface tension of the acetic acid/water
system changes widely with x, so does the efficiency (see Figure 4-3). The
measured and predicted efficiencies are —ompared in Figure 4-14. It can be
seen that methods 1 and 2 over-predicted the efficiency, while method 3
under-predicted it. Because the densities and diffusivities of vapour and
liquid of this system are similar to those of the cyclohexane/n-hzptane
system, it is no surprise that methods 1 and 2 gave similar values of

efficiency for both the acetic acid/water system and the

84



‘cyclohexane/n-hLeptane system. Furthermore, methods 1 and 2 faijled to predict
the correct efficiency trend. This is because they do not include the
effects of surface tension. On the other hand, method 4, which includes the
effect of surface tension, correctly predicted not only the efficiency trend
but also the efficiency values. The lower efficiency for the acetic
acid/water system as compared to the cyclohexane/n-heptane system is due to
the large surface tension, which can be seen in Figure 4-1.

Figures 4-15 and 4-16 show the results for N and NL' Again, methods 1
and 2 over—-predicted the NL' Because methods 1| and 2 do not include the
surface tension, they also failed to predict NG and NL trends correctly.
Method 3, which includes the surface tension, predicted the NG and NL trends
correctly, but gave incorrect values. Only method 4 predicted both trends
and values correctly. Therefore, it can be concluded that without the
inclusion of surface tension, it is impossible for a model to predict the
point efficiency correctly at least for systems like the acetic acid/water

whose surface tension changes significantly with compositions.

4.5.3 Methanol/Water System

As shown in Figure 4-17, all four methods have failed to predict the
efficiency correctly for the methanol/water system. The reason is that all
four methods do not take the surface renewal effect into consideratjon.
Methods 3 and 4 seem to predict ths (rend of the variation of efficiency
with compositions better than metheds 1 and 2, but both under-predicted the
efficiency. Zuiderweg (1983) calculated the point efficiency in the
methanol/water experiments of Lockett and Ahmed (1983) and found that the

predicted point efficiencies were very low as compared with the experimental
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results. His explanation was that the efficiency model derived from data on
hydrocarbon systems could not be expected to predict the efficiency of the
methanol/water system because of the influence of the surface tension
gradient effect. This is probably true. But his method also under-predicted
the point efficiency of the acetic acid/water system. With this theory, the
model should over-predict the efficiency of the acetic acid/water system.
Methods 1| and 2 predicted the efficiesncy trend incorrectly because they do
not include surface tension. Therefore, a new special model is needed to
include the effects of both surface tension and its gradient for the
prediction of the efficiency of porsitive systems, which will be discussed in

Chapter S.

4.6 Conclusions

For three binary systems, the numbers of individual phase mass transfer
units were determined under distillation conditions in the froth regime. It
was found that the number of mass transfer units, hence the point
efficiency, is a strong function of surface tension. It was also found that
only an efficiency model which includes the effect of surface tension is
able to predict efficiencies correctly. Comparisons among three distillation
systems showed that a surface tension positive system has a smaller liquid
phase resistance and a higher point efficiency, mainly due to the surface
renewal effect. Special equations are needed for predicting the point

efficiency of such systems.

4.7 Nomenclature

. . . 2, 3
a = effective interfacial area, m“/m
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o
i

constant

o
i

weir length per unit bubbling area, 1/m

Cl, C2 = constant

O
il

E eddy diffusivity for liquid mixing, m®/s
D _ = Diffusion coefficient in vapour phase, m?/s

EMV = Murphree vapour-phase efficiency

EOG = Murphree vapour-phase point efficiency

Fa, F = F factor based on active area, (kg/m)o's/s

bba

FP = flow parameter
Fs, F = superficial ¥ factor, (kg/m)o's/s

Fsmax = defined by Stichlmair (1978)

@
[}

Vapour flow rate, kmol/s
g = acceleration of gravity, m/s®
hf = froth height, m

= clear liquid height, m

= weir height, m

= gas film mass transfer coefficient, m/s
= liquid film mass transfer coefficient, m/s
KOG = overall mass transfer coefficient, m/s
L = Liquid flow rate, kmol/s

LPR = fraction of liquid phase resistance

MVC = more volatile component

m = slope of equilibrium line

NG = number of gas phase transfer units
NL = number of liquid phase transfer units
NOG = number of overall gas phase transfer units
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pitch of holes in sieve tray, m

p =
QL = liquid flow rate, ma/s

tL = }iquid residence time, s
u_ = vapour velocity based on bubbling area of tray, m/s
ue = vapour velocity at flooding, m/s

W = weir length, m
x = mole fraction of MVC in liquid
y = mole fraction of MVC in vapour

mole fraction of MVC in vapour in equilibrium with liquid

y =
Yo = mole fraction of MVC in vapour for tray above
Yn-1= mole fraction of MVC in vapour for tray below
ZL = liquid flow path length, m

Greek Letters

surface tension, N/m

o =
A = mG/L

Mg = vapour viscosity, Ns/m2
Bo= liquid viscosity, Ns/m*
P = vapour density, kg/m3

py = liquid density, kg/m"

¢ = relative free area
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Figure 4-1

Surface Tension as a Function of Compositions
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Figure 4-2
Point Efficiency as a Function of Compositions for

Cyclohexane/N-heptane System
(Sakata and Yanagi, 1979)
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Figure 4-3

Point Efficiency as a Function of Compositions for

Acetic Acid/Water System
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Figure 4-4
Point Efficiency as a Function of Compositions for

Methanol/Water System
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Figure 4-5
Number of Mass Transfer Units as a Functigp, of
Surface Tension for Three Systems
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Figure 4-6
Number of MasS Transfer Units as a Function of
Surface Tengion for Cyclohexane/N-heptane System
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Figure 4-7
Number of Mass Transfer Units as a Function of
Surface Tension for Acetic Acid/Water System
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Figure 4-8
Number of Mass Transfer Units as a Function of
Surface Tension for Methanol/Water System
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Figure 4-9
Comparison of Number of Liquid Phase
Mass Transfer Units for Three Systems
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Figure 4-10
Comparison of LPR for Three Systems
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Figure 4-11
Comparison of Measured and Predicted Point
Efficiency for Cyclohexane/N-heptane System
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Figure 4-12
Comparison of Determined and Predicted Ng
for Cyclohexane/N-heptane System
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Figure 4-13
Comparison of Determined and Predicted N,
for Cyclohexane/N-heptane System
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Point Efiiciency

Figure 4-14
Comparison of Measured and Predicted Point
Efficiency for Acetic Acid/Water System
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Figure 4-15
Comparison of Determined and Predicted Ng
for Acetic Acid/Water System
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Figure 4-16
Comparison of Determined and Predicted N
for Acetic Acid/Water System
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Figure 4-17
Comparison of Measured and Predicted Point
Efficiency for Methanol/Water System
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Chapter S5
THE EFFECTS OF A SURFACE TENSION GRADIENT ON

THE NUMBER OF MASS TRANSFER UNITS

5.1 Introduction

The importance of the effect of a surface tension gradient on ftray
efficiencies has been discussed in Chapter 4. It has been found that surface
tension positive systems have higher mass transfer efficiencies due to the
surface renewal effect (Chapter 4; Ellis and Biddulph, 1967; Berg, 1972).
Despite this observation, the quantitative aspect of this surface renewal
effect on the mass transfer efficiency has not been studied, especially
regarding investigation of the mechanism of mass transfer in the presence of
roll cells which are observed near the interfaces (Drinkenburg, 1987). An
analysis of work studying the effect of a surface tension gradient on the
tray efficiency suggests that currently proposed equations for describing
this effect reflect the complex character of KOG dependence on the magnitude
of the surface tension gradient in a contradictory way. The enhancement
factor of the rate of mass transfer due to the effects of a surface tension
gradient has been estimated by Sawistowski (1973) to be on the order of 1.6
to 3.2 and by Zuiderweg (1975) to be 1.5 to 2.

Using data from large-scale columns, Zuiderweg (1983) compared the
efficiency results from Fractionation Research Incorporated (FRI) reported
by Sakata and Yanagi (1979) on the hydrocarbon system cyclohexane/n-heptane
with the results of Lockett and Ahmed (1983) on the methanol/water system.
This comparison was based on system transport properties and tray

dimensions. The two sieve trays were reasonably large. Zuiderweg (1983)
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related the efficiency enhancement to the Marangoni index (M) and concluded
that Marangoni effects markedly increased the efficiency of the
methanol/water system as compared with cyclohexane/n-heptane system. But his
explanation was based on his efficiency model (Zuiderweg, 1982) which, as
shown in Chapter 4, is generally unreliable. The new model obtained in
Chapter 2 was also based on FRI results and showed good results for all
systems included in this study except for the methanol/water system.
Therefore, a new modified efficiency model including the effect of a surface
tension gradient is needed for systems such as methanol/water.

In this study, the effect of a surface tension gradient on the mass
transfer efficiency is analyzed. The enhancement factor due to this effect
is estimaterl based on the penetration theory. A new quantitative model for
calculating the enhancement factors would be developed, based on the
comparison of experimental data obtained by Lockett and Ahmed (1983) for the

methanol/water system with that of FRI data for the cyclohexane/n-heptane

system (Sakata and Yanagi, 1979).

5.2 Theory

It is widely believed that, in positive systems, the surface tension
gradient induced by the mass flux is a destabilizing parameter. As a result,
spontaneous circulation flux called roll cells may be induced in both the
vapour and liquid phases in the vicinity of the interface which, in fact,
enforces liquid exchange in volumes of various concentrations between the
interface and the phase bulk. The energy generated in these fluxes, due to
the difference in surface tension between the interface and the phase bulk,

is dissipated by friction caused by the movement of unit volumes as well as
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by shape variations. In principle, the formation of roll cells or other
forms of surface convection is possible both in the liquid and in the vapour
phases, since the kinematic viscosities of the phases are defined by
quantities of a single order of magnitude. However, in the liquid phase one
should expect a higher degree of increase in mass transfer as a result of
surface convection as compared with mass transfer caused by molecular
diffusion, since the magnitude of the diffusion coefficient in the liquid
phase is four orders of magnitude less than in the vapour phase. Brian et
al. (1971) showed that in the presence of a surface tension gradient along a
liquid film, mass transfer of a tracer in the liquid phase was intensified,
but in the gas phase it remained unchanged. In Chapter 4, it was also found

that only the N, of a surface tension positive system is considerably larger

L

than of other systems, while the NG is similar for all systems. On this
basis, one may assume that the surface tension gradient affects the rate of
mass transfer considerably in the liquid phase, but does not affect the rate
of mass transfer in the vapour phase.

To relate the liquid phase mass transfer coefficient to the surface
tension gradient, an approach similar to that used to account for the
density gradient effect on mass transfer (Link, 1972) will be used. A model
of velocity distribution near the interface has to be assumed. Based on the
observations in the space lab where there is no gravity (Drinkenburg, 1987),
an idealized diagram of velocity distribution near the interface is proposed
and shown in Figure 5-1. If there are no roll cells when the surface tension
gradient is zero or small, the liquid phase mass transfer coefficient, kz ,

can be estimated by penetration theory. This is a common practice in the

development of a mass transfer model. It means that liquid elements are
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exposed into contact with the gas phase for the time to, given by the

relation:
4D
o _ L .05
kL = ( o ) (1)
nt

If the surface tension difference between the interface and the liquid bulk
is sufficient due to mass flux during the exposure time to. then
two—-dimensional roll cells of the size d are formed within the liquid
surface element as shown in Figure 5-~1. If one assumes that the time needed
to form the convective cells is much shorter than the contact time t° of the
liquid surface element with the gas phase, the velocity u of the surface
layer of liquid can be considered constant. If the thickness of the
diffusion layer & is substantially less than the cell size d, a piston f{low

of liquid along the whole length d can be assumed (see Figure 5-1). The

average mass transfer coefficient, kL' can be cbtained by:

. 9 4
Kk, = 2 I dt I k' dx 2)
L % Jo o &
where kL is the local mass transfer coefficient, and can be obtained from

the solution of the following equation if diffusion in x-direction can be

neglected.

3t~ "L 2 (3)

with the boundary conditions:

c=c°aty=0,tszo

c=c_ aty w, t=0
xQ 8

c=cmaty=0, ts=0
By solving equation (3), kl'_, is determined by the local value of exposure

time t :
8
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k) = (o)™ (4)
When t < d/u:
t = x/u for x < tu (5)
t =t for x =z tu (6)

Substituting equations (5) and (6) into equation (4) gives:

DLu 0.5
kL = ( = ) (7), for x < tu
DL 0.5
kL = (~1-IT——) (8), for x = tu
When t =z d/u:
o= x/u (9)

Substituting equetion (9) into equation (4) gives:

D . u

y L~ 05
k| = (~1-[-—§———) (10)

The spatially averaged instantaneous mass transfer coefficients can

calculated from the relation:
K = J—Id k’ dx (11)
L d 0 L
Substituting equations (7) and (8) into equation (11) for t < d/u gives:

— 1 tu 172 d 1/2
k e [I (DLu/nx) dx + (DL/m;) dx ] (12)

L 0 tu
The obtained result from equation (12) is:

172 172

kL = (u/d)(DLt/n) + (DL/nt) (13)
Substituting equation (10) into equation (11) for t = d/u gives:
d
k= — [ (D, warx)dx = 2 (D, u/nd)*? (13)
L d 0 L L

Taking the time average for t° < dru gives:
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1 172 172
kL = — I [ (u/d)(DLt/n) + (DL/nt) ] dt (15)
t (0]
The result from equation (15) is :
o
_ 4,0 tu
kL = kL (1 + =d ) (16)
where k° is given by equation (1).

L

Taking the time average for t° = d/u gives:

1 d/u 172 172
kL = — I [ (u/d)(DLt/n) + (DL/nt) ] dt
t o)
1 t°
+ L J 2(D, u/nd)dt %))
t d/u

The result from equation (17) is:

o
ut ,1/2 d )1/2] (18)

0
kL—kL[( d) + 1/73 (
ut
Let (tou/d) = B, when B < 1, equation (16) becomes:

o—

tzS=k/kL

1+ B/3 (19)

And B = 1, equation (18) becomes:

6=k /k° =B -1/2

+ _é— B (20)
where ¢ is the liquid phase mass transfer enhancement factor. It can be se
that when enhancement factor ¢ is less than 1.333, equation (19) should
used, and when ¢ is larger than 1.3333, equation (20) sheculd be used.

The problem is not solved so far because B in equations (19) and (2
is unknown. The roll cell size (d) and velocity (u) may be obtain
numerically by solving the two-dimensional Navier-Stokes equations governi

the convection flow near the interface. However, the contact time t0

liquid elements is unknown. The approach taken in this study is to obte
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empirical equations for ¢. It has been known that ¢, hence B, is a function

of the surface tension gradient between the interface and the phase bulk.

5.3 Experimental Tray Efficiency Data

Lockett and Ahmed (1983) reported efficiency data determined in a
semi—-commercial column with the methanol/water system. The experimental data
were carefully measured on a 0.59 meter column equipped with sieve trays
with 4 mm holes and 9.257 oper. area. A concentration range of about S to 45
mol7 methanol was covered in the experiments. Their reported efficiencies at
Fs=l.54 are shown in Figure 5~2. The average measured froth height was 0.1l
meter.

A new efficiency model has been obtained in Chapter 2, bhased on the
efficiency data of the cyclohexane/n~heptane system  measured by
Fractionation Research Inc. (Sakata and Yanagi, 1979) in a 1.20 meter
column. This model fits well with the experimental data on hydrocarbon
systems (Chapter 2). However, when this model was applied to the
methanol/water system in the 0.59 meter column (Lockett and Ahmed, 1983),
the model significantly wunder~predicted the efficiency (see Figure 5-2).
Table 5-1 compares the dimensions of columns and physical properties used in
investigations by Lockett and Ahmed (1983) with those used by Sakata and
Yanagi (1979). Comparing the two columns, one would expect a low efficiency
for the 0.59 meter column because of the longer specific weir length and
higher open area. Although the hole size in the 0.59 meter column was
smaller, there 1is no indication that this would influence the tray
efficiency positively (Kreis and Raab, 1979). Regarding the physical

properties of the two systems, both systems have about the same average
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transport properties except for surface tension. The surface tension of the
methanol/water system is much larger than that of the cyclohexane/n-heptane
system. This should result in a lower efficiency for the methanol/water
system (Chapter 4). Because of the higher surface tension of this system,
the new model gives a low predicted efficiency (see Figure 5-2). The
measured froth height of the methanol/water system is somewhat similar to
that of the cyclohexane/n-heptane system. Therefore, the effects of the
surface tension gradient on froth height and interfacial area can be
excluded. Based on above discussions, the large efficiency of the

methanol/water system is apparently due to the effects of the surface

tension gradient.

5.4 The Marangoni-Index

There are various ways to account for the effects of a surface tension
gradient on the rate of mass transfer. Kalbassi et al. (1986) used the
Marangoni stabilizing index M0 calculated from equation (21), a measure of

surface renewal effects, to interpret their experimental results.
»
M0=(y—y)— (21)

Hovestreydt (1963} and Moens (1972) suggested employing the "M-index”
as a quantitative variable to study the effects of a surface tension
gradient on the rate of mass transfer.

_ _J*, do
Ml—(x x)a—,-‘- (22)

»*
where (x-x ) represents the mass transfer driving force and (do/dx) the
change of the surface tension with concentration. Zuiderweg (1983) used

equation (22) in analysis of Lockett and Ahmed’'s results (1983). The
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calculated M1 values for the methanol/water system as a function of
concentration are shown in Figure 5-3. As discussed in the theory section,
the roll cell size (d) and velocity (u) are related to the surface tension
difference between the interface and the phase bulk. This means that one
shouid use M2 defined by equation (23) instead of equation (22) to account
for the effects of the surface tension gradient.

= _ do
Mz—(x xi)dx (23)

where x; is the concentration at the interface, x concentration at the phase
bulk. As a result, M2 represents the surface tension difference between the
interface and the phase bulk. M2 can be easily related to M1 by using the

following equations:

g kg m M, M, BM,
Ma = k° + o k "1+ ko km L*B 29
PL¥L * Pg¥c™ Py XL Pc¥c™
mk._. p
5 = OG G (25)
k] P

where B represents the ratio of the separate mass transfer resistances as
Biot number in heat transfer process. The ratio, (kG/kf.)’ can be obtained by
using the penetration theory as suggested by many authors (Calderbamk and
Pereira, 1977; Stichimair, :978; Neuburg and Chaung, 1982; Lockett and

Uddin, 1980; Dribika and Biddulph, 1986):
kg/kp = (Dg/D )™ (26)
Substituting equation (26) into equation (25) gives:
B = (mp/p, ND/D, ) 27
The calculated values of M2 sre shown in Figure 5-3. On a cross flow tray

the Mz values are even ::.gher than in a single equilibrium step.
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Accordingly, the M2 has been corrected for cross flow effects by the

multiplication with the Lewis Case 1 ratio of (EMV/EOG) to obtain M. as

3

suggested by Zuiderweg (1983). The obtained M3 values are shown in Figure
5-4 and will be used in the analysis of the effects of a surface tension

gradient on the rate of mass transfer in cross flow trays.

5.5 Enhancement Factor ¢

The enhancement of the mass transfer rate by the effects of a surface

tension gradient is defined by the enhancement factor ¢:

_ [+] ’ TRy = 0
¢ = (k 7k) = (@K t, )/@%k 't ) = N /N (28)

where NI(_,, is the number of liquid phase mass transfer units without a surface
tension gradient, NL with a surface tension gradient. Nz can be calculated

from equations obtained in Chapter 2. NL can be obtained from calculated NG

and obtained NOG by equation (29):

N, = ( mN_.N )/( NG—NO

L cNoc ) (29)

G
where NG is calculated from equations obtained in Chapter 2, and NOG can be

obtained from the measured point efficiency:

1
N = In{ - ) (30)
oG I—EOG

The results are shown in Figures 5-5 and 5-6 as functions of concentration.

5.6 Parameter B
As shown in Figure 5-6, the enhancement factor ¢ is larger than 1.333
for the concentration range involved. This means that B8 is larger than 1 and

equation (20) should be used. If it is assumed that B=(aMg)? then equation

(20) becomes:
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Coefficients a and b can be found by fitting equation (31} to the obtained
enhancement factor shown in Figure 5-6. The values of a and b have been
found to be:

a = 27400, b = 1.30

Then equation (31) becomes:

¢ = (10000M../3.856)"% + 1/3 (3.856/10000M )" (32)
3 3

Figure 5-7 shows how equation (32) fits with the obtained enhancement
factor. Figure 5-8 compares the calculated and measured point eff iciencies
for the methanol/water system using the new model. It can be seen from
Figure 5-8 that the new model fits the measured point efficiency very well.

The enhancement factor ¢ is expected to be less in practical
distillation at partial reflux because the driving force and M3 become
smaller, and hence there is a decrease in the tray efficiency. This loss in
the mass transfer enhancement explains the low efficiency in the partial
reflux distillation of the methanol/water system reported by van der Veen et
al. (1971). Because the surface renewal effect enhances kL only, the overall
effect on efficiency is dependent on the slope of the equilibrium line (m).
For example, if a system has a very small m, the enhancement of kL has
little effect on the NOG and efficiency, no matter how strong the surface
renewal effect is. Because the methanol/water system at the low
concentration range has a larger m than other systems, the surface renewal
effect is more evident in this system.

It should be noted that equation (32) is good only for cases where M3

is larger than 3.856E-4. For hydrocarbon systems, for example, the
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n-heptane/toluene system, M3 value is about 10-20 times less than that of
the methanol/water system. Consequently, equation (32) should not be used.
It can also be concluded that the enhancement factor ¢ for hydrocarbon
systems will be much less than 1.33. The correlations of ¢ for hydrocarbon

systems can also be obtained when experimental data are available.

Furthermore, equation (19) should be used to develop such correlations.

5.7 Conclusions

The high efficiency of the methanol/water system at total reflux is
most probably #ue to its large surface tension gradient. It has been shown
that the surface tension difference between the interface and the phase bulk
can reduce the liquid phase mass transfer resistance by resulting in a
convection flow near the interface. New correlations have been obtained for
estimating the mass transfer enhancement from the surface tension gradient
based on experimental data obtained in semi-commercial columns.

When systems have M-index (M3) values larger than 3.8E-4, the
correlations obtained in this study should be used to calculate the NL
values for such systems. For other systems, the models obtained in Chapter 2
can be used directly. It is expected that the combination of new
correlations and new models will predict point efficiencies more accurately
than through any previous models and that these models can be used in the

design of industrial distillation columns.

5.8 Nomenclature
a = constant

a’ = effective interfacial area, 1/m
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Fs

k

cQ

k

i
= -

k

- o

K

1

M
M
MZ
M

3

oG
o

constant

ratio of separate phase mass transfer resistance
. 3

concentration, mole/m

roll cell size, m

Diffusion coefficient in vapour phase, m?/s

= Diffusion coefficient in liquid phase, m?/s

Murphree vapour-phase efficiency
= Murphree vapour-phase point efficiency

superficial F factor, (kg/m)o's/s

= gas film mass transfer coefficient, m/s

= liquid phase mass transfer coefficient, m/s

= Jocal liquid phase mass transfer coefficient, m/s

= average liquid phase mass transfer coefficient, m/s

= liquid phase mass transfer coefficient, m/s

= overall mass transfer coefficient, m/s

= M-index, defined by equation (21), N/m

= M-index, defined by equation (22), N/m

= M-index, defined by equation (23), N/m

= MZ(E

m =

G

N
Ny
N

MV/EOG)' M-index used in this study, N/m

slope of equilibrium line

= number of gas phase transfer units

oG

tO

t

U=

number of liquid phase transfer units

= number of overall gas phase transfer units
liquid exposure time, s

time, s

velocity, m/s
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X = mole fraction of more volatile component in liquid

x = mole fraction of more volatile component in liquid equilibrium with
vapour

X, = mole fraction of more volatile component in liquid at interface

y = mole fraction of more volatile component in vapour

*

y = mole fraction of more volatile component in vapour equilibrium with

liquid

Greek Letters

B = tPwid
Pg = vapour density, kg/m3
p, = liquid density, kg/m>

o = surface tension, N/m

¢ = enhancement factor
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Table 5-1

Comparison of Trays and Physical Properties

Lockett and Ahmed FRI
Column diamter (m) 0.59 1.20
Weir length (m) 0. 457 0.94
Specific weir length (m) 2.37 1.09
Weir height (m) 0.05 0.05
Liquid flow path length (m) 0.374 0.76
Active area (m-) 0.20 0.859
Hole area (m°) 0.0185 0.0715
Open hole area % 9.25 8.32
Hole diamter (mm) 4.8 12.7
Hole pitch (mm) 12.7 38.1
Tray spacing (m) 0.6 0.61
System MeOH/Water r6/C7
Vapour density (kg/ms) 1.0-0.7 1.1
Liquid density (kg/m") 925-828 700
Liquid viscosity (mPas) 0.30 0.37
Surface tension (mM/m) 27.5-53 18.5
Liquid diffusivity (m°/s) 1.8E-9 3.5E-9
Vapour diffusivity (m%/s) 2.0E-5 1.6E~-5
Slope of equilibrium line 3.3-0.6 0.7

124



Figure 5-1
Sketch of Roil Cells
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Comparison of Measured and Predicted Efficiency
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Figure 5-3
Comparison of Various M-index
(Methanol/water system)

0.1 ¢

0.05 |- Mg

0.02 -

0.01
£0.005
<

<0.002
0.001
0.0005

T
{
N

0.0002

0.0001
o

1

1

1

I

0.1

!
0.2

{
0.3

Mole fraction of methanol

127

0.4

0.5



Figure 5-4
M-index Used in This Study
(Methanol/water system)

~L

0.1

! s 1
0.2 0.3
Mole fraction of methanol

128

0.4

0.5



Number of Mass Transfer Units

Figure 5-5
Comparison of Number of Mass Transfer Units
(Methanol/water system)
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Enhancement factor
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Figure 5-6
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Enhancement factor

Figure 5-7
Comparison of Measured and Calculated

Enhancement Factor
(Methanol/water system)
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Chapter 6

IMPROVING SIEVE TRAY PERFORMANCE WITH MESH PACKING

6.1 Introduction

Sieve trays have been widely used in mass and heat transfer
applications because of their design reliability and low cost. However a
major drawback is their relatively low efficiency among distillation column
internals. The rising cost of energy in recent years, has resulted in the
use of high efficiency packing instead of sieve trays as the choice for new
applications. In addition it is frequently justifiable to replace an
existing sieve tray column with a packed column since the cost of revamping
can be recovered quickly through lower operating expenses. However this
practice is not without problems, on a few occasions, the packing did not
perform as expected and the sieve trays had to be reinstalled. Therefore, it
is desirable to develop a method to obtain high tray efficiency at minimum
risk.

Sieve tray efficiency is not very sensitive to tray design. It appears
there is little scope to improve the tray efficiency by design procedure.
Bain and Van Winkle (1961) and Smith (1963) found that trays with small hole
size provided good vapour-liquid distribution and reduced weeping, while
increasing tray efficiency by producing small bubbles with large
interfacial area. Lemieux and Scotti (1969) also found that small holes

offered an appreciable efficiency advantage especially with positive surface

Aversion of this chapter has been publ i shed. Chen, G.X., A. Afacan,
C. Xu and K.T. Chuang 1990. Can. J. Chem. Eag. 68, 382-386.
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tension systems. However the expense of manufacturing trays with holes
smaller than 2 mm and the difficulty in avoiding clogging of these holes
limits their applications to a few very clean systems. Spagnolo and Chuang
(1984) were the first to report on the performance of sieve trays combined
with knitted mesh packing for heavy water production in an absorption
column. They found that tray efficiency increased 5% to 407 due to the
installation of 30 mm mesh packing on the sieve tray. The enhanced tray
efficiency was attributed to smaller bubbles produced which resulted in
higher interfacial area. They also found that with mesh packing the sieve
tray showed a lower entrainment and higher pressure drop. It has been
reported by Salem and Alsaygh (1988) that the efficiency of a 75 mm diameter
test column was enhanced with the installation of various kinds of random
packings on sieve trays. The largest increase in efficiency was achieved by
the addition of 115 mm stacked stainless steel Raschig rings. In this case
the overall column efficiency was increased by 21% for the distillation of
methanol/water mixture. Haq (1982) showed that the interfacial area of the
froth on a sieve tray increased by 87% when adding a simple framework on the
tray. The presence of this metal framework was found to have a marked effect
on stabilizing the hydrodynamic conditions on the sieve tray. Mix and
Erickson (1975) proposed a sieve tray which uses a packing on the tray to
limit fluid oscillations and to prevent dumping at low vapour velocities.
This is another indication that installing packing on a sieve tray could
significantly improve tray efficiency.

The purpose of this study is to investigate the effect of installing a
thin layer of mesh packing on the performance of sieve trays under

distillation conditions. Since the installation of mesh packing can be
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easily carried out at a low cost, this could provide the best method to
revamp existing sieve tray columns. The methanol/water system at a wide
range of concentrations was chosen for investigation so that the results can

be applied to aqueous as well as organic systems.

6.2 Experimental

A schematic diagram of the experimental apparatus is shown in Figure
6-1. The test loop was completely instrumented for continuous unattended
operation. The column with a diameter of 153 mm was made of Pyrex glass and
contained four identical trays spaced 318 mm apart. The second tray from the
top was the test tray which was equipped with pressure taps and sampling
points. A total condenser and a thermosiphon partial reboiler completed the
distillation system. Detailed dimensions of the column and the tray are
shown in Table 6-1. Some test runs were carried out with various layers of
stainless steel knitted mesh packing (York Demister style 431) placed on the
test tray. The total packing height was varied from 4.2 to 25.4 mm.

An Opto22 process 1/0 subsystem con*rolled by IBM personal computer was
used to record temperatures, flowrates and liquid levels. The aerated liquid
pressure drop and the total pressure drop for the test tray was measured
with a manometer and a Capsuhelic differential pressure gauge, respectively.
The froth heights on the trays and in the downcomers were obtained from
visual observations. When these instruments showed constant signals for a
period of 60 minutes, steady state conditions were assumed. Mass and energy
balance calculations were performed to ensure that instrumental errors were
insignificant (discrepancy < 5%). At this point the vapour and liquid

samples at the inlet and outlet of the test tray were taken by a syringe, so
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vaporization of liquid samples was completely avoided and the mass transfer
contributions from downcomer was also safely excluded. Triplicate samples
were taken and analyzed to minimize the error of measurements.

The distillation was conducted at total reflux under ambient pressure
with a mixture of methanol and water. The mixture was prepared by mixing
distilled water with research grade methanol obtained from Fisher
Scientific. A gas chromatograph, (HP 1010 A) was used to measure the
compositions of the samples. The Murphree efficiency was calculated from the
G.C. results together with the vapour-liquid equilibrium value from Perry’s
Chemical Engineers’ Handbook (1984). The vapour-liquid equilibrium data were
also verified by other sources. The efficiency was measured for the test
tray with 0.0, $.2, 12.7, and 25.4 mm of mesh packing at various vapour

rates and methanol concentrations.

6.3 Results and Discussion

The main purpose of this investigation was to determine the effect of
mesh packing on the tray hydraulic and mass transfer performance of a sieve
tray. Careful attention was given to the accurate measurement of liquid
holdup, total pressure drop, and vapour and ligt : flows and compositions.
The reproducibility of lindividual liquid and vapour composition samples was
better than O0.5S4. To avoid the mass transfer contributions from the
downcomer between trays 2 and 3, the liquid samples for the outlet of the
test tray were taken at the outlet weir before the liquid entered the
downcomer. The Peclet number for the test system was in the order of 0.2;
thus, both vapour and liquid might be assumed to be completely mixed. The

Murphree efficiency measured in the test column would be very close to point
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efficiency of an industrial size column (Fair, 1987). The tray efficiency of
the large coclumn can then be calculated according to procedure suggested

by Fair et al. (1983)

6.3.1 Sieve Tray Efficiency
A series of tests was carried out to measure the Murphree efficiency of
the test tray as a function of the F-factor and liquid composition. The

results are shown in Figures 6-2 to 6-4. The tests covered the superficial

F-factors from 0.6 to 1.2 (kg/m)° °s”!

,» which correspond to vapour flows
from just above the weep point to below the jet flood velocity. It can be
seen that the measured tray efficiency decreases with increasing F-factor
and these data agree with those reported by Weiss and Longer (1979) for
methanol/water distillation using valve trays.

Figure 6-3 shows the variation of EMV with liquid composition on the
test tray with and without mesh packing. As the tray concentration increased

from 67 to 857 methanol (by mole) the Murphree tray efficiency, E , was

MV

also increased for both trays with and without packing at constant F-factor
of 0.6 and 1.2. Similar effects were also obtained for other F-factors. The
major difference in physical properties between these two concentrations is
the interfacial tension which decreases from 0.05 N/m to 0.02 N/m as the
tray concentration was increased from 6% to 857 methanol. Video pictures of
the tray operation suggest that the bubble size decreases with increasing
methanol concentration. Consequently, the effective interfacial area is

larger at high methanol concentrations. This result is consistent with the

observation reported by Lockett and Ahmed 1983.
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6.3.2 Effect of Mesh Packing on Tray Efficiency

It has been shown that the York mesh is effective in mist elimination
from a gaseous stream by providing a solid surface for the inertial impact
of the liquid droplets. Similarly, the mesh should also be effective for
breaking up the bubbles before they are fully grown at the orifices of a
sieve tray. Tray efficiency appears to be a weak function of tray design.
The only factor that a tray designer can choose to enhance sieve tray
efficiency is an increase in the outlet weir height. Higher weirs result in
higher froth heights which provide longer residence time for the
vapour-liquid contact. However, this approach is not very effective because
it has been shown by Lockett and Plaka (1983) that there exists a range of
bubble sizes, with the smaller bubbles reaching equilibrium long before they
leave the froth. As the froth height increases there will be more bubbles
playing no part in the mass transfer process for much of their residence
time. Photographs show that the bubbles generated on the mesh-packed tray
are uniformly smaller in size than those on the sieve tray, which should
result in a higher interfacial area. Additionally, these bubbles tend to be
more stable, which results in an increase in froth height and thus a longer
residence time. The combined effects give much improved tray efficiencies.

Figures 6-2 and 6-3 show the effect of mesh packing on tray efficiency
for the entire range of concentration and F-factor. Extensive tests were
carried out with a 25.4 mm layer of mesh packing placed on the previously
tested tray. It was found that the improvement in tray eff iciency due to the
installation of the packing is greater than 30 percent. This improvement
represents an increase of about 407 at the high efficiency end to over 50%

at the low efficiency end. In fact, the efficiencies for most of the runs
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with packing were above 907 and, in some cases, were greater then 1607 at
low F-factors and high concentrations. Normally it is not possible to obtain
such high efficiencies for a small diameter column because EMV is about
equal to Eoc’ which should not be greater than 100%. Clearly, the packing
must not only increase point efficiency but also reduce back mixing. The
latter is significant in that, with a conventional tray, the liquid was
assumed to be completely mixed in the vertical direction because of the
intense agitation in the froth. With packing, the resistance to the liquid
flow may cause a concentration gradient in both the vertical and horizontal
direction giving rise to the much improved tray =fficiencies.

Although tests with large sieve trays have not been performed, it is
quite possible that, in addition to the increase in point efficiency, the
packing could also improve the liquid distribution by reducing retrograde
flows. Consequently, the tray efficiency enhancement in large diameter

columns could be greater than that shown for a small diameter column.

6.3.3 Mass Transfer Mechanism

Test results have clearly shown that the mesh packing is effective in
reducing the bubble size on trays. Because the froth height was measured for
each run, it is possible to estimate the effect of packing on the overall
mass transfer coefficient. Assuming that the liquid is completely mixed and
the vapour distribution approaches plug flow in all cases, the following

expression can be obtained:

—_ — - - »
Eoc = Euv = 1.0 - expl( KYa hf/Uv) (1)

where Kya, hf and UV are overall mass transfer coefficient, froth height

and vapour flow rate, respectively. Rearranging equation (1) gives:
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Ka= (—Uv/hf) ln(l-EOG) (2)
The mass transfer enhancement factor due to packing is defined as:
»
R = (K a) 7(K_a) (3)
Y Y

where (Kya)“l is overall mass transfer coefficient for trays with packing. By
using experimental data shown in Table 8-1, the enhancement factor (R) has
been calculated and found to be 2.04 on average. The values of (KYa)“I
calculated are also found to be much higher than that normally reported for
a sieve tray (Lockett, 1986). It may be concluded that this magnitude of
improvement is likely not achievable by simply varying the tray parameters
such as hole size, hole area and weir heights. The effect of height of
knitted mesh packing on tray efficiency at different F-factors is shown in
Figure 6-4. Increased tray efficiency was obtained with gre:iter packing
heights; however after a height of 12.7 mm, since most of the bubbles
breakage had taken place, the magnitude of the efficiency increase was less.
I the case of packed trays, it is suggested that the effectiveness of
vapour-liquid contact is controlled by the mesh packing, giving the designer
greater flexibility in choosing tray design. For example, use a larger hole

area for vacuum services.

6.3.4 Tray Hydraulics

{(a) Pressure drop

Figure 6-5 shows the pressurs drops (h'r’ hL) versus F-factors for trays
with and without packing. The effect of packing height on hT and h.L is given
in Figure 6-7. It is important for a tray designer to estimate the extra

pressure drops caused by packing so that he can properly design the packed
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tray to meet the process requirements. It can be seen in Figure 6-5 that,
with a 25.4 mm layer of packing, both hL and hT increase by about 10% and
207 at low and high F-factors, respectively. The small increase in pressure
drop due to the packing may be explained by its high void fraction (977%).
Therefore, the packing contributes little additional resistance to the
vapour flow. The extra pressure drop is proportional to (F-factor), which
agrees with the principle of fluid mechanics. If the hT needs to be
controlled, this extra pressure drop can be compensated for by slightly
increasing the hole area. Alternatively, fewer trays can be used to give
similar total pressure drop because the increase in efficiency for the
packed tray is greater than that in pressure drop.

(b) Froth height

The effect of packing on the froth height is shown in Figure 6-6. The
packing caused the froth height to increase by about 15-20% due mainly to
the smaller size of bubbles and more stable conditions generated on the
packed tray. Figure 6-7 shows that as the packing height increases the froth
height on the tray also increases due to smaller diameter bubbles generated
by the additional packing.

(c) Turndown ratio

A series of tests was conducted to determine the effect of mesh packing
on the turndown ratio. For the sieve tray alone, weeping was noticeable at
F-factor = 0.4 and vigorous spraying was seen at F-factor = 1.2. Test
results show (Figure 6-2) that the tray efficiency varies by almost 20%
between these two operating conditions. Obviously, the sieve tray has a
turndown ratio of less than 3, a value similar to those quoted in the

literature. When a 25.4 mm layer of packing was placed on the tray, a
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uniform froth was observed throughout the entire range of F-factor: no
weeping at F-factor = 0.4 and no spraying or entrainment at F-factor = 1.2.
When the flows were further increased to F-factor = 1.4, still no spraying
above the froth was observed. Because of the limitation of reboiler
capacity, a further increase of F-factors could not be achieved. These
results suggest that the packing can reduce the weeping and entrainment of a
sieve tray. Moreover tray efficiency varied by less than 15%. These results
strongly suggest that the packed tray can be designed for a turndown ratio
of at least 3.5, a level substantially higher than that for a conventional

sieve tray.

6.4 Conclusions

Installation of mesh packing on a sieve tray improved the tray
efficiency by as much as 50%. Since the sieve tray design procedure is well
established, the combined mesh packing and sieve tray can be applied
reliably to distillation and absorption operations. The device is simple and
economic, and it should find applications in the areas such as:
(a) revamp of a sieve tray column to increase efficiency and capacity.
(b) use of high hole area to reduce pressure drop.
(c) combined with other high capacity trays, e.g. screen trays, to reduce

column height.

6.5 Nomenclature

EMV = Murphree gas-phase tray efficiency, 7%
Eoc = point efficiency, %
F = Active area F-factor, (kg/m)o'sls
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= froth height, m
= aerated liquid pressure drop, Pa

= total tray pressure drop, Pa

overall volumetric mass transfer coefficient, kmol/sm3
= mass transfer enhancement factor due to packing

= vapour flow rate, kmol/sm?

average test tra: concentration, mole fraction of methanol
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Column and Tray Dimensions

Table 6-1

Column Diameter

Total Column Cross-sectional Area

Active Area
Downcomer Area
Hole Diameter
Open Hole Area
Tray Thickness
Outlet Weir Height
Weir Length

Tray Spacing

0.153 m

0.0184 m°

0.014 m?
2
0.0022 m
4.76 mm
0.00086 m°
2.5 mm
0.063 m
0.1104 m

0.318 m
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Figure 6-1
Schematic Diagram of Experimental Apparatus
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Figure 6-2
Murphree Tray Efficiency as a Function of Fa-factor
(Packing Height = 25.4 mm)
(Methanol/Water System)
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Figure 6-3
Murphree Tray Efficiency as a Function of Average
Concentration on the Test Tray
(Packing Height = 25.4 mm)

(Methanol/Water System)
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Figure 6-4
Effect of Packing Height on Murphree
Tray Efficiency
(X=40% by mole)
(Methanol/Water System)
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Figure 6-5
Tray Pressure Drop at Various F-factors
(X=40% by mole, Packing Height=25.4 mm)

(Methanol/Water System)
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Figure 6-6
Froth Height at Various F-factor

(X=40% by mole, Packing Height=25.4 mm)

(Methanol/Water System)
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Figure 6-7

Effect of Packing Height on Tray Pressure Drop
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Chapter 7

MASS TRANSFER AND HYDRAULICS OF PACKED SIEVE TRAYS

7.1 Introduction

The vapour capacity of a sieve tray is dependent on the system
properties, vapour and liquid rates, and tray geometry. For a non-foaming
system, tray capacity is usually limited by excessive entrainment if the
downcomer is properly designed. Flooding due to massive entrainment or
liquid carryover is difficult to overcome. It has been demonstrated that
entrainment is dependent on the type of flow regime on the tray (Pinczewski
et al., 1975; Lockett et al., 1976; Porter and Jenkin, 1979). In the spray
regime, entrainment was found to be much more severe than that in the froth
regime. When the froth-to-spray transition criteria (Porter and Jenkin,
1979; Loon et al., 1973) are applied to industrial-scale sieve trays, it is
found that most atmospheric and vacuum columns operate in the spray regime.
Much attention has been paid in recent years to reducing the entrainment by
improving the tray design, but little improvement has been made.

Desirable tray performance characteristics include high efficiency,
large capacity, low pressure drop, and high turndown ratio. These
characteristics are affected by the tray operating regime, vapour and liquid
loads, system properties, and tray geometry. Changing tray geometry can not
satisfy both efficiency and capacity. A bed of mesh packing on the sieve
tray may increase not only the efficiency but also the capacity. In Chapter
6, it has been shown that a bed of mesh packing can increase the tray
efficiency significantly for the distillation of methanol/water mixtures.

However, the detail measurement of entrainment for tray with and without
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packing was not made there.

The objective of this siudy is to determine the packed tray efficiency
under the distillation of acetic acid/water mixtures in the same column as
used in Chapter 6 and to compare the efficiency results with that of
methanol/water mixtures (Chapter 6). Hydraulic tests were made to measure
quantitatively the effect of mesh packing on the tray capacity, entrainment,
and pressure drop in a 600 mm diameter air/water column. The results could

then be used to establish the design procedure.

7.2 Experimental

Distillation of acetic acid/water mixtures at total reflux under
ambient pressure was effected in the same column as used in Chapter 6 for
the distillation of methanol/water mixtures. This al's'vs a direct comparison
between the results for the two systems. Schematic diagrams of the
experimental apparatus and a complete description of ihe Ffacilities are
given in Chapter 6.

Further hydraulic tests to determine quantitatively the effect of
packing on tray pressure drop, entrainmert, and capacity were carried out in
a 600 mm diameter air-water column. The air supply was provided by a vane
blower, and its flow rate was measured by a calibrated orifice meter. The
superficial air velocity was varied from 0.4 to 2.5 m/s. The water to the
column was supplied by a recirculating pump, and a calibrated rotameter was
used to measure the water flow rate from 2.78 to 8.34 m3/s. The column was
made of Pyrex glass and contained four trays spaced 400 mm apart. The first
tray from the bottom served as an air distributor, and the second tray from

the bottom was the test tray, which was equipped with pressure taps. The top
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two trays, equipped with demisters, were used to <ollect the entrainment.
The entrainment was measured by recording time elapsed to fill a container.
Three different geometry trays were tested with and without the addition of
IS mm and 30 mm mesh packing. Table 7-1 shows the detail for the three tray
designs and the dimensions of this column. The hole spacing for the tray was

equilateral triangular pitch. All holes had sharp edges.

7.3 Results and Discussion
7.3.1 Mass Transfer Efficiency

A series of tests was made to measure the Murphree efficiency of the
test tray with and without packing under the same operating conditions to
determine the effect of mesh packing on the tray mass transfer performance.
The measured Murphree tray efficiencies of the test tray with and without =z
bed of 25.4 mm packing are shown in Figure 7-1 as a function of F-factor,
and in Figure 7-2 as a function of liquid composition. it can be seen that
the measured tray efficiency decreases with increasing F-factor in the test
range (froth regime), and these data without packing agree well with those
reported by Jones and Pyle (1955) for the same system. These figures also
show that the packed tray efficiency is 40-507% higher than that of the same
tray without packing over a wide range of concentrations and flow rates.
Compared with the previous data for the methanol/water system (Chapter 6),
it is evident that the effect of packing on the tray efficiency is similar
for both systems in the froth regime, although the tray efficiency for the
acetic acid/water system is lower than that for the methanol/water system.
Video pictures taken during the experiments indicate that with packing,

bubble sizes are :maller and froth oscillation is reduced. Consequently, it
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is expected that packing can cause an increase in interfacial area and

vapour-liquid contact time, resulting in a higher mass transfer efficiency.

7.3.2 Interfacial Area

The interfacial area of test tray with and without packing can be
estimated by the following equation (Zuiderweg, 1982):
1 1
a=u [—-—— + — ]N (3)
s kG kL oG

Assuming that the liquid on the tray is completely mixed in our small column

(Biddulph et al., 1991) and the vapour distribution approaches plug flow,

then:

N =~-In(1-~E

e })=-In(1-E ) (4)

oG MV
Individual phase mass transfer coefficient kG and kL in equation (3) can be
determined by equations obtained by Zuiderweg (1982):

(= 0.13 _ _0.065 (s)
G PG 2
Pg

_ 0.25
kL = 0.024 DL (6)

From the above equations, it may be concluded that mass ...usfer
coefficients, kG and kL’ are mainly functions of system properties.
Therefore, the mesh packing may be assumed to have no effect on mass
transfer coefficients. By substituting equations (4), (5} and (6) into
equation (3), it is possible to obtain the interfacial area, as shown in
Figure 7-3 for trays with and without packing at x=0.61. It was found that
packing can increase the interfacial area significantly. The largest
improvement is 2.44 times at low F-factors. These results are similar to

those reported by Spagnolo and Chuang (1984) for a HZS/HZO system and to
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what found in Chapter 6 for the methanol-water system. Based on the
interfacial area obtained, Sauter mean bubble diameter was estimated, and
the results are shown in Figure 7-3. The estimated Sauter mean bubble
diameter at F=0.5 was confirmed by photographs taken at the side and top of
the test trays with and without packing. These results further illustrate
that mesh packing can effectively break up large bubbles and result in an

increase in the interfacijal area.

7.3.3 Surface Tension Effect
1: Efficiency

The decrease in efficiency with increasing cc.centrations of the more
volatile component for trays both with and without packing was observed, as
shown in Figure 7-2. The reduction in efficiency is due to the increase in
surface tension as discussed in the first part of this study. Although a
previous report (Kumar and Kuloor, 1970) indicated that the size of the
bubbles at the formation stage does not depend on surface tension at normal
vapour flow rates on sieve trays, the bubble break up, on the other hand, in
the intense turbulent velocity field of the froth can be affected by surface
tension. It is reasonable to expect that the bubbles in a low surface
tension mixture are easier to break up than in a high surface-tension
mixture. This phenomenon was also observed in the case of the methanol-water
system (Chapter 6), where the efficiency was found to increase with
decreasing surface tension. Photographs of the froth showed that the bubble
size was larger for the higher surface tension system, confirming the low
efficiency observed.

As shown ir Figur2 7-4, the sieve tray efficiency for the acetic
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acid/water system is about 10-15% lower than that for the methanol/water
system at the same water concentration. This is attributable to the surface
renewal erfect discussed in Chapter S.
2: Froth to Spray Transition

Two types of dispersion were found on sieve trays: a spray type at the
relatively high vapour velocities, and a froth type at the lower velocities.
In our experiments, the liquid sampler located at the outlet weir could no
longer collect the liquid when the test tray was operated in the spray
regime. Therefore the tray efficiency measurements were terminated at the
froth-to-spray transition. Figure 7-4 shows that for sieve trays at 80%
water concentration, the transition point for the methanol-water system was
about 207 higher than that for the acetic acid-water system. Prince et al.
(1979) observed that the transition was dependent on vapour and liquid
density, but substantially independent of surface tension. Since the liquid
density at 807 water concentration is similar for both systems, the
difference in the transition point between the two systems should be
attributable to the differences in surface tension gradient, i.e., surface
tension positive vs surface tension negative. For surface tension positive
systems, bubbles generated at the holes could be stabilized due to Jlocalized
mass transfer (Fell and Pinczewski, 1977), whereas the bubbles could be
destabilized due to the same mechanism for negative systems. This mechanism
may explain our test results, which indicate that at the same water
concentration, liquid hold-up and froth height for the positive system were
higher than those for the negative system by 127 and 207, respectively. At
higher liquid hold-up, it is more difficult for vapour to penetrate the

dispersion, so the spray regime occurs at higher vapour rates. Several
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models exist to predict the transition point, all of which indicate liquid
hold-up as an important factor. Our results suggest that a portion of the
hold-up originates from the effect of surface tension gradient.

For trays with packing, the transition points were found to occur at
higher F-factors than those without packing for both systems. This is also
shown in Figure 7-4. Photographs taken during experiments show that packing
increases the froth height by 10-20%, and in our small ceolumn aiso reduces
tray oscillation which is known to cause premature spraying (Bidduph and
Stephens, 1974). The combined effect results in a 357 higher transition

point for the packed trays.

7.3.4 Capacity and Entrainment

The capacity of the test tray with and without packing for the two
distillation systems was found to be limited by flooding due to massive
entrainment. Because of smalli tray spacing in the distillation column,
flooding occurred soon afte: entering the spray regime. If we assume that
the limiting vapour capacity is the F-factor at the transition point, the
upper-limit F-factor for the acetic acid/water system without packing was
1.2, which is 207 lower than that for the methanol/water system. For trays
with packing, this F-factor increased to a value higher than 1.7. The exact
flooding point was not determined because of the limitations of the
reboiler. The greater than 357 increase in capacity due to packing can be
attributed to a lower entrainment and higher froth-spray transition point.

Because of the limitations of the reboiler and the small tray spacing
in the distillation column, the definite effect of packing or entrainment

and vapour capacity was not obtained. For this reason, further tests in the
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600 mm diameter column with an air-water system were made. Tray type 3 (see
Table 7-1 for dimensions) and two different packing heights were used to
investigate the effect of packing on entrainment and vapour capacity. The
results are given in Figures 7-5 and 7-6. Figure 7-5 shows that at a low
liquid rate (10 m3/mh) and with 15 mm height of packing, entrainment is
reduced by S0 - 70%, compared with the same tray without packing in the
vapour velocity range of 1.2 to 2.3 m/s. The beneficial effect of packing on
entrainment becomes more significant with increasing vapour velocity.
Figures 7-5 and 7-6 indicate that there is an optimum packing thickness. In
our test range, it was found that a packing height of 1S mm had a lower
entrainment than that of 30 mm, and only at low liquid loading and high
vapour velocity was ‘hicker packing superior. The effect of packing on
entrainment could be considered separately for the two operating regimes. It
seems that, in the froth regime, the packing =zontinually breaks up the
bubbles at the tray floor. This generates more mist when bubbles break up at
the top of the froth. This results in increased entrainment, but the
absolute value is still very low. In the spray regime, packing could dampen
vapour momentum and retard the atomization process and droplet formation,
thus reducing the entrainment. In addition, entrainment on packed trays
increases with increasing tray hole diameter and decreases with increasing
liquid loading. This behavior is similar to that observed for the
conventional sieve trays. This is confirmed by the results shown in Figures
7-7 and 7-8. For tray type 3 with and without 15 mm packing. a computerized
mathematical analysis gives the correlation of entrainment and vapour

velocity as follows.

For tray type 3 without packing for the air/water system:
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e = klu:"’ (L=10 m>/mh) %))
e = kzu;'s (L=20-30 m>/mh) (8)

where the exponent for u_ is very close to the literature value. For tray

type 3 with IS :-vn packing for the air/water system:

e = ku! (L=10 m>/mh) (9)
3's
e = k 4u:"' (L=20-30 m>/mh) (10)

From the above equations, it can be seen that packing reduces the exgonent
of u_ vy more than 40%Z. If a 107 entrainment is defined as the vapour
capacity, then the packed tray is found to have a 50-80 7 higher capacity

than the same tray without packing.

7.3.5 Pressure Drop

Packing has been shown to have beneficial effects on tray efficiency
and capacity. The only drawback is the higher pressure drop associated with
the installation of packing. For acetic acid/water distillation, it was
found that packing increased the total pressure drop by 10 to 207%. Similar
results were alsc found for methanol/water distillation (Chapter 6). It is
important to estimate the extra pressure drops caused by packing. Since the
measurement of pressure drop in the small distillation column is quite
dissimilar to that in the large column, owing to a significant difference in
weir loading, detailed measurements were made to obtain the effect of
{ranking on tray pressure drop in the large air-water column. The results at
various liquid loadings for different tray designs are shown in Figures 7-9

z . 7-10. Figure 7-9 shows the total pressure drops h,f versus vapour
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velocity for tray type 3 at a liquid load of 10 ma/mh. It can be seen that

the pressure drop for the 1S mm packed tray is higher by less than 15%.

Figure 7-10 shows that packing has no effect on dry tray pressure drop hD'
Thus, the higher hT can be attributed to the increased liquid holdup hL and

kigher residual pressure drop hR. The higher h_ might result from the extra

R
energy consumed by the packing to break up the bubbles. In addition, when
large bubbles bre:" :r into smaller ones, the extra surface energy should be
absorbed by the - -~ » orT"ace. This energy may be transferred from the

vapour kinetic ars, sesuit in a pressure drop. It was also found that

the effect of tray hole size on packed tray pressure drop hT is similar to
that of sieve trays. This is shown in Figure 7-1i. A computerized regression

analysis gave the following correlation for trays with '3 mm packing.

h(mm of water)= 4.16 + 17.51 u: +055L + 211 ¢ (11)
for operations in the range of: u = 1.2 to 2.5 m/s, d =7 to 12.5 mm,
L =10 to 30 m>~/mh, b = 15 mm, hy, = 0.05 m.

The total pressure drop hT can be predicted with an average error of

less than 5% for systems similar to the air/water system.

7.4 Conclusions

Performance characteristics of packed trays have been obtained with
systems that ¢ wver a wide range of properties. It was found that the mass
transfer efficiency of packed trays is 4C to 507 higher than that of trays
without packing for the distillation of acetic acid/water mi-‘ures. This
increase in efficiency is mainly due to the large interfacial area and small

bubble diameter resulting from the mesh packing. It was also found that the
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phase transition point of the surface tension positive system is about 20%
higher than that of the negative system for trays without packing. With
packing, the phase transition point is increased by 357 for both systems. It
was also found that packing could effectively reduce entrainment. This
results in the vapour ~apacity of packed trays being SO to 807 higher than
that of sieve trays. The total pressure drop of packed trays is about 157
higher than that of trays without packing. Correlations for pressure drop
and entrainment of packed trays were determined from data obtained in a 600
mm diameter air/water column. The results may be used for the design of
industrial packed-tray columns. The packed tray is simple, economical, and
reliable. It could find many industrial applications, especiaily for the

refurbishment of tray columns.

7.5 Nomenclature
a = interfacial area per unit bubbling area
b = packing height, mm

| = liquid diffusivity, m’/s
= tray hole diameter, mm

D
d
EMV= Murphree vapour-phase tray efficiency
E

= Murphree vapour-phase point efficiency

oG
e = entrainment, kg liquid/kg vapour
F = active area F-factor, (Kg/m)o'S/s
hDP= dry tray pressure drop, mm of liquid

hL = equivalent clear liquid height on the tray, mm of liquid
hR = residual pressure drop on the tray, mm of liquid

h.r = total pressure drop across wet tray, mm of liquid
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h,,, = weir height, m
ki = coefficient

K. = vapour side mass transfer coefficient, m/s

~
=
]

liquid side mass transfer coefficient, m/s
i = liquid load, m°/mh

N_. .= number of overall mass transfer units

oG
u, = superficial vapour velocity, m/s
Xi = mole fraction of more volatile component in liquid phase
Yi = mole fraction of more volatile component in vapour phase
pg = vapour density, kg/m3
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Table 7-1

Column and Tray Dimensions

Column diameter

Distillation Column:

Total column cross-sectional area

Active area
Downcomer area
Hole diameter
Open hole Area
Tray thichness
Outlet welr height
Weir length

Tray spacing

Column diameter

Air-Yater Column:

Total column cross—-sectional area

Active area
Downcomer area
Outlet weilr height
Weir length

Tray spacing

Tray thichness
Hole Diameter

Open hole area

Tray
Tray
Tray
Tray
Tray
Tray

type
type
type
type
type
type

W N = QN =

.153 m
.0184 m
.014 m®
.0022 m?
.76 mm

2

.00086 m

2

.S mm

.063 m
.1104 m
.318 m

©C O O NN O & O O O O

.60 m

2
.2826 m
.27 m2

2
.0014 n
.05 m
17 m
.4 m

mm

N MO OO O O O O

mm

10 mm
12.5 mm
0.0273 m°
0.0273 m°
0.0273 m°
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Murphree Tray Efficiency, (%)

Figure 7-1
Murphree Tray Efficiency as a Function of Fa-factor
(Packing Height = 25.4 mm)

(Acetic Acid/Water System)

120

100
&\A\é’\f,__ﬁ_m A
80 [~
of e
—A
wl .\0\.\*.
i Sieve T y Packed Tray
20 |- e K=092) o
o L ] e L i I 1 I 1 L . l
0.2 0.4 0.6 0.8 1 1.2 14

F-Factor, (Sl)

169



Figure 7-2
Murphree Tray Efficiency as a Function of Average
Concentration on the Test Tray
(Packing Height = 25.4 mm)
(Acetic Acid/Water System)
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Interfacial area

Figure 7-3

Interfacial Area and Sauter Mean Bubble

Diameter as a Function of F-factor

(Acetic Acid/Water System)
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Murphree Tray Efficiency, (%)

Murphree Tray Efficiency for Both Systems

(Acetic Acid/Water and Methanol/Water Systems)
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Entrainment, (%)

10

0.5

Figure 7-5
Entrainment as a Function of Vapour Velocity
(Air/Water System)
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Entrainment, (%)

Figure 7-6
Entrainment as a Function of Vapour Velocity
(Air/Water System)
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Entrainment, (%)

10

0.5

Figure 7-7

Entrainment as a Function of Vapour Velocity

at Different Liquid Flow Rates
(Air/Water System)
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Figure 7-8
Entrainment as a Function of Vapour Velocity
for Different Hole Sizes

(Air/Water System)
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Figure 7-9
Total Pressure Drop as a Function of Vapour Velocity

200

Tray Type 3
L=10 m¥mh
A b=0

-h
[4]]
[«
T
i

b=15 mm

iy

o

o
1

[4)]
o
1

Pressure Drop, (mm of water)

0 05 1 15 2 25
Vapour Velocity, (m/s)

177



Figure 7-10
Dry Pressure Drop as a Function of Vapour Velocity
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Figure 7-11
Total Pressure Drop as a Function of Vapour Velocity
for Different Hole Sizes

Pressure Drop, (mm of water)
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Chapter 8

PREDICTING POINT EFFICIENCIES FOR PACKED TRAYS IN DISTILLATION

8.1 Introduction

Photographs taken through the wall of a column typically reveal a
bubble size at the wall of about 5 mm (West et al., 1952; Calderbank and
Moo-Young, 1960; Calderbank and Rennie, 1962; Rennie and Evans, 1962; Porter
et al., 1967; Hobler and Pawelczyk, 1972). For many years, it was believed
that this was the characteristic size of bubbles in froth. By comparing
measured rates of mass transfer with predictions from mass transfer models,
West et al. (1952) deduced a minimum bubble diameter of about 13 mm.
Similarly, Garner and Porter (1960} pointed out that for a gas film
controlled process, if all the gas passes through the froth as S mm diameter
bubbles, the plate efficiency would be higher than 99%. But such a high
efficiency is rarely found in distillation columns. They estimated that the
mean bubble diameter in froth is at least 10 mm to correspond to typically
cbserved point efficiency. Calderbank and Rennie (1962} agreed with this
view, and suggested that a portion of gas passes through the froth in the
form of very large bubbles and this gas leakage Ilimits the plate
efficiencies to the 70 to 80% observed for industrial sieve trays. West et
al. (1952), Porter et al. (1967), Lockett et al. (1979), and Ashley and
Haseldem (1972) used photographic techniques to show the presence of large
bubbles rising rapidly through a swarm of slower moving small bubbles.
Burgess and Calderbank (1975), Calderbank and Pereir~ (1977), who used the
"Calderbank probe"”, reached a similar conclusion. Kaltenbacher (1983)

reported that the proportion of the gas passing through the liquid in the
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form of large bubbles was about 70 to 907%. The values reported by Porter et
al.(1967) were 66 to 87%, and by Ashley and Haselden 68 to 95%. It is
evident that the iow efficiency of sieve trays is the result of the presence
of larger bubbles.

Recently, Prado ct al. (1987) determined the bubble size by using probe
measureraents. They found that the bubble size is bimodal, with large bubbles
and small bubbles. Based on the results of probe measurements, Prado and
Fair (1990) proposed a fundamental model for predicting sieve tray gas phase
and liquid phase efficiency for absorption and desorption systems, but not
for distillation systems. In their model for the bulk froth zone the large
bubble diameter of 25 mm and the small bubble diameter of S mm were used.
Tais further indicated the existence of large bubbles on a sieve ‘tray.

It is expected that higher efficiency will be obtained if the large
bubbles can be broken up into small bubbles. Studies of the hydraulic and
mass trausier performance of wire mesh packed sieve trays are described in
Chapters 6 and 7. It was found that the Murphree tray efficiency increased
significantly over a wide range of composition for both surface tension
positive and negative systems in a 153 mm diameter distillation column
operating in the froth regime. It was also suggested that the increase in
efficiency is mainly due to breaking large bubbles into small bubbles by
mesh packing.

In this chapter, a model will be described for predicting efficiency of
packed trays using the efficiency data for conventional sieve trays. The
bubble sizes used in the model were estimated from the photographs taken
from the top of the froth on the test tray with and without packing in a 1S3

mm diameter air/water column. The model is intended to provide a better
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understanding of the effect o' mesh packing on tray efficiency.

8.2 Model Development

Almost all the models currently available in the literature are
empirical and seldom correlated with all the important parameters, such as
physical properties and froth structure existing on the tray. The only
exception is the model of Prado and Fair (1990, 1987). They obtained models
for predicting point efficiencies for systems with all gas phase or all
liquid phase resistance on the basis of the dispersion structure and
zone-contribution (see Figure 8-1). Their model matched the experimental
data very well for the air/oxygen/water system and air/water system used in
their study. Such a fundamental model can be modified for predicting the
efficiency of distillation systems ror trays with and without mesh packing.

Based on the observations of Prado et al. (1987), the dispersion atove
a sieve tray can be divided vertically into three sections and horizontally
into three zones (Prado and Fair, 1990). These sections and zones are shown
in Figures 8-1 and 8-2. The individual Nc and NL in each numbered zone in
Figure 8-2 has been modeled by Prado and Fair (1990). They also provided a
detailed discussion of each zone. For distillation systems, the point
efficiency Eoc can be obtained from the individual NG and NL shown in Figure
8-2. If a tray operates in the froth regime at low Fa-factors, the mass
transfer contribution of the spray zone can be neglected, as proposed by

Prado and Fair (1990).

Starting witih jetting zone, the point efficiency of this zone, F_‘.OGFJ

can be given:
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EOGFJ =1 - exp(-NOGFJ) (1)

Nom’_J = NoGl - In¢( I*EOGZ) (2)

N = 1/(1/N + m/N_ ) (3)
oG1 G1 L1

E = (1-AJ)-E + AJ-E (4)
o062 oGz2L 0G2s
06aL> 1 - exp(-NOGZL) (5)
0625~ 1 - exp(—NOst) (6)

N = 1/(1/N + m/N ) (7)
oG2L G2L L2L

N = 1I/(1/N___ + m/N ) (8)
062S G2S L2s

where AJ is the volume fraction of small bubbles in the bulk froth =zone.

Similarly, the point efficiency of the large bubbling =zone EOGFLB can be

obtained by:

Eoorrs™ 1 7 €X¥P("Nycrie) (9)
NOGFLB= NO.Ga— In( 1—EOG4) (10)
NOG3 = 1/(1/NG3+ rn/NL3) {11)
?5'..054 = (I—AJ)-EOG4L + AJ.EOGdS (i2)
Eocan.: 1 - exp(—NOG“_) (13)
Eoc4s= I - exp(—NOG4S) (14)
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NOG4S= 1/(1/NG4S+ m/NL4S) (15)

NOG4L= 1/(1/NG4L+ m/NuL) (16)

The efficiency of the small bubbling zone E can be easily obtained:

OGFSB

E 1 - exp(=N ) (17)

OGFSBE OGFSB

NOGFSB= 1/(1/NGS+ m/NLs) (18)

Thus the overall point efficiency Eoc for a distillation system can be

given:

E = FJ-E + FLB-E + FSB-E (19)
oG OGFJ OGFLB OGFSB

where, according to Prado et al. (1987),

Fj = (ua - ua.O)/(ua. 100_ ua.o) (20)
and u = 0. lp—0.5p0.692h0.132 -0.26A0.992L0.27 (21)
a,0 G L w H F
__ -0.5 0.692 0.132_-0.26,k 0.992, LI .
U, 100" 1.1pG P hw DH AF £, (22)
FSB = 165.65D;'32A:_'33 (23)
FLB =1 -FJ -FSB (24)

Equation (19) actually includes three adjustable parameters from the
individual models of NG and NL in each zone. These parameters are: AJ (small
bubble fraction in the bulk froth zone); ¢ (adjustment for multiple surface
rerewals in liquid phase); k (adjustment to account for mass-transfer

enhancement in gas phase). Prado and Fair {1990) found that when:
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Al = 0.5372; ¢y = 2.466; k = 3.138,

their model is be.* fitted to the experimental data for the absorption and
desorption systems. The large bubble diameter of 25 mm and small bubble
diameter of 5 mm in the bulk froth zone was used in their efficiency
prediction. For distillation systems, the values of the above three
parameters are not known, but can be found by fitting equation (19) to the

distillation data obtained in this study.

8.3 Experimental

This study uses the efficiency data from the methanol/water and acetic
acid/water systems for trays with and without packing at various Fa-factors
and different compositions, as shown in Chapters 6 and 7. An air/water
column having the same dimensions as the distillation column used in Chapter
6 was used to reveal the bubble diameters of the dispersion above the test
tray. Under dark conditions, using a flash of 1/2000 second duration,
photographs were taken from the top of the froth for the tray with and
without a bed of 1" mesh packing, under the same operating conditions.
Bubble sizes were then estimated from the photographs. The obtained results
were used in the efficiency models for trays with and without packing,

respectively.

8.4 Results and Discussion
8.4.1 Point Efficiency

Murphree efficiencies, froth height and liquid hold-up for the test
tray, with and without packing, were determined at total reflux rates for

various concentrations of mixtures and different Fa-factors. The measured
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Murphree efficiency is then converted to point efficiency by the AIChE
method (AIChE, 1958). The results are shown in Table 8-1 for the
methanol/water system and Table 8-2 for the acetic acid/water system,

respectively. These results have been discussed in detail in previous

chapters.

8.4.2 Bubble diameters

Photographs of the top view of the froth were taken at different
Fa-factors under total reflux rates for the test tray with and without
packing. Bubbles can be easily identified from the photographs taken at low
Fa-factor (Fa=0.5). It was found that for the tray without packing most
bubbles have a diameter ranging from 20 to 30 mm, with an average diameter
about 25 mm. The small bubbles with a diameter about 5 mm are also seen. But
the area occupied by the small bubbles is estimated to be less than 207%. At
high Fa-factors, the bubbles become ill-defined and are more diff icult to
identify. For the tray with a bed of 1" mesh packing, it was found that
large bubbles become much smaller. The estimated large bubble diameter is
about 10 mm. The propertion of smali bubbles (diameter S mm) seems about the
same as that for the tray without packing. These observations clearly
indicate that mesh packing can effectively reduce the large bubble size,
hence increase the interfacial area and tray efficiency. The measured bubble
sizes from photographs are in good agreement with those back-calculated from

measured tray efficiencies in Chapter 7.

8.4.3 Parameter Fitting for the Tray Without Packing

As shown in Figure 8-2, the models for individual NG and NL developed
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by Prado and Fair (1990) are based on the information from the air/water
system. Extrapolation to distillation systems has not been done. The model
must be tested against the measured tray efficiency data shown in the Tables
8-1 and 8-2. Nevertheless, equation (19) was directly used to fit the
experimental data shown in Tables 8-1 and 8-2. The values of parameter ¥ and
x obtained by Prado and Fair (1990) were used, since they are mainly
dependent on the froth structure (Prado and Fair, 1990). The value of
parameter AJ was found by fitting equation (19) to the experimental data for
the two systems at various concentrations (see Tables 8-1 and 8-2). Figures
8-3 and 8-4 show how well the model is fitted to the experimental data for
the methanol/water and acetic acid/water system, respectively. The average
absolute error is only 1.47 and the maximum error is less than 3.5%. This
indicates that the model based on the air/water system can be used for
distillation systems with different values of parameter AJ. As shown in
Table 8-3, the volume fraction of small bubbles, AlJ, depends on the systems
and compositions. By carefully examining the physical properties of the
system at different concentrations, it was found that all properties at
different concentrations are similar except surface tension which changes
significantly with concentrations. This suggests that AJ may be a function
of surface tension. A computerized regression analysis gave the following

correlations with assumption that only surface tension affects AlJ:

57

AJ = 0.055 ¢ * (25), for the acetic acid/water system,

9

and Al = 0.016 P (26), for the methanol/water system.

Figure 8-5 shows the relationship between AJ and system surface tension. It

seems reasonable that the fraction of small bubbles in the froth increases
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as surface tension decreases. Large bubbles with a low surface tension are
easier to break up in the intense turbulent velocity field than those with a
high surface tension. At a low surface tension, breaking up large bubbles
will absorb less surface energy than that at a high surface tension. On the
other hand, small bubbles with low surface tension are more stable than
those with high surface tension. Equations (25) and (26) give an AJ value of
less than 0.25 at surface tension of 0.072 N/m for the air/water system.
This result is partially confirmed by photographs which indicate that the
small bubble fraction is less than 20%. Figure 8-5 shows that at the same
surface tension, AJ of the methanol/water system is larger than that of the
acetic acid/water system. This may be because the surface renewal effect
enhances the liquid phase mass transfer of the methanol/water system
(Chapter 5). As a result, the methanol/water system has a higher point

efficiency than the acetic acid/water system at the same surface tension

(see Tables 8-1 and 8-2).

8.4.4 Predicting Efficiency for the Packed Tray

It has been shown that equation (19) can be applied to the two
distillation systems by using different parameter values of AJ. It may also
be suitable for the tray with packing by using different bubble sizes in the
model. It has been found that a packed tray generates smaller large bubbles.
Therefore, to use the model discussed above, the large bubble diameter of 25
mm should be replaced by the bubble diameter found on the packed tray, about
10 mm. Packing seems to have no effect on small bubble diameter and on the
volume fraction of small bubbles. It has been shown that parameters ¢ and &

are constant and assumed to be independent of hydrodynamics on the tray

190



(Prado and Fair, 1990}. Thus, the values of parameters found for the tray
without packing are still used for the tray with packing to test the model
against the measured tray efficiency. The results for the two systems are
shown in Figures 8-6 and 8-7. The average absolute error is 2.0%. It can be
seen from Figures 8-6 and 8-7 that the model seems to be somewhat
under-predicting the tray efficiency for both systems. This suggests that
packing may also have effects on the hole activity zone. Because of the
addition of packing on the tray floor, some bubbles at holes may not fully
reach their usual formation size, as described by Prado et al. (1987}, but
rather be broken up by the packing into smaller bubbles.

The original models developed by Prado and Fair (1990) for individual
NG and NL in 2ach zone (see Figure 8-2) are based on information from the
air/water system. However, the model may also be applied to distillation
systems with different values of AJ for different systems and for trays with
and without packing. This may be because the development of the model is
based on the fundamental fluid mechanics existing on the tray. It is
encouraging that the model has so successfully reproduced the experimental
results obtained in distillation for trays with and without packing, and
that it seems versatile. Figures 8-8 and 8-9 are the parity plots of
measured versus calculated tray efficiency.

It is obvious that the models obtained for trays without packing in
this study still have much room for improvement. The models have not
accounted for the mass transfer in the spray zone. Therefore, they can be
used only at low vapour velocities in the froth regime. Because the large
bubble size (25 mm) and small bubble size (5 mm) used in the model were

obtained from the air/water system, they are not expected to be suitable for
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other systems. It is believed that bubble sizes are functions of system
physical properties such as surface tension and densities (Chapter 2). If
one uses constant bubble sizes, then the fraction of small bubbles present
in the froth AJ will be different for different systems as shown in Section
8.4.3. More experimental data are required to substantiate equations (25)
and (26). Only then can the efficiency models obtained in this study be
reliably used for other systems.

For an existing column, the point efficiency or Murphree efficiency is
usually known. It is important for a designer to know how much improvement
the packing can achieve. If the point efficiency Eoc’ froth height hr’ and
liquid hold-up hl are known, the values of these three parameters can be
determined by fitting the model to the known efficiencies. For trays with
packing, it is suggested that a large bubble diameter of 10 mm in the bulk
froth zone should be used without changing the parameter values. The froth
height and liquid height of packed trays should be 207 and 107 higher than
that of tray without packing. If the measured efficiency data are not
available, they should be calculated by the new efficiency correlations
obtained in Chapter 2. Then the improvement in efficiency by mesh packing

can be estimated by the method described above.

8.5 Conclusions

Photographs of froth on trays with and without packing have been
obtained. Bubble diameters were estimated from those photographs. It was
found that with a bed of 1" mesh packing the large bubble diameter is
reduced from 25 mm to 10 mm. Baszd on these results, a model has been

obtained for estimating the efficiency of trays with packing from that of
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trays without packing. The calculated point efficiencies agree well

experimental data for two systems with different concentrations.

8.6 Nomenclature

A,.— = fraction free area, m®

AJ = fraction of small bubbles present in the bulk froth zone
DH = tray hole diameter, m

Eoc = over all point efficiency, gas composition basis

Eoch = Eoc corresponding to jetting zone of Figure 1

Eocz = Eoc corresponding to zone 2 of Figure 2

E = E__ corresponding to zone 2 of Figure 2 for large bubbles

0G2L 0G

m

= E__ corresponding to zone 2 of Figure 2 for small bubbles
0G2s oG

EOGFLB= Eoc corresponding to large bubbling zone of Figure 1

Eom = Eoc corresponding to zone 4 of Figure 2

Eocu_ = Eoc corresponding to zone a of Figure 2 for large bubbles
Eoc4s = Eoc corresponding to zone 2 of Figure 2 for small bubbles
Eocrsa= Eoc corresponding to small bubbling zone of Figure 1

Fa = active area F-factor, (kg/m)o's/s

FlJ = fraction of active holes that are jetting

FLB = fraction of active holes that are issuing large bubbles
FSB = fraction of active holes that are issuing small bubbies
hW = weir height, m

L = volumetric liquid flow rate, m°/s m of weir

m = slope of equilibrium line

Nc = number of gas phase transfer units

NL = number of liquid phase transfer units
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= number of overall gas phase transfer units

Noc

NOGFJ = Noc corresponding to jetting zone of Figure 1

Nom = Noc corresponding to zone | of Figure 2

Noch = Noc corresponding to zone 2 of Figure 2 for large bubbles
N 0czs - Noc corresponding to zone 2 of Figure 2 for small bubbles
NGl = Nc corresponding to zone 1 of Figure 2

NLl = NL corresponding to zone 1 of Figure 2

NG2L = NG corresponding to zone 2 of Figure 2 for large bubbles
Nst = NG corresponding to zone 2 of Figure 2 for smali bubbles
NLZL = NL corresponding to zone 2 of Figure 2 for large bubbles
NLzs = NL corresponding to zone 2 of Figure 2 for small bubbles
NOGFLB= NoG corresponding to large bubbling zone of Figure 1

Noca = Noc corresponding to zone 3 of Figure 2

N0G4L = Noc corresponding to zone 4 of Figure 2 for large bubbles
Noc4s = NOG corresponding to zone 4 of Figure 2 for small bubbles
Nca = NG corresponding to zone 3 of Figure 2

NL3 = NL corresponding to zone 3 of Figure 2

chu. = NG corresponding to zone 4 of Figure 2 for large bubbles
Nc4s = NG corresponding to zone 4 of Figure 2 for small bubbles
NML = NL corresponding to zone 4 of Figure 2 for large bubbles
NL4S = NL corresponding to zone 4 of Figure 2 for small bubbles
NOGFSB= NoG corresponding to small bubbling zone of Figure 1
NOGFSB= Noc corresponding to small bubbling zone of Figure 1

Ncs = NG corresponding to zone 5 of Figure 2

NLS = NL corresponding to zone 5 of Figure 2

c
i

superficial gas velocity, based on active area, m/s
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Uio = superficial gas velocity, based on active area at 0% jetting, m/s
Y. oo superficial gas velocity, based on active area at 1007 jetting, m/s
X = mole fraction of more volatile component in liquid

Greek Letters

K = factor that accounts for gas phase mass transfer enhancements

P = vapour density, kg/m3

p_ = liquid density, kg/m°

(2 = surface tension, N/m

7/ = factor that accounts for multiple surface renewals in the Higbie model
Subscripts

G = gas phase

L = liquid phase
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Table 8~1

Experimental Data for Methanol/Water System

Sieve tray Packed tray

Fa i f 0G i f EOG
0.6 0.027 0.045 0.50 0.03 0.0S55 0.86
06 0.8 0.026 0.047 0.48 0.03 0.059 0.83
: 1.0 0.025 0.050 0.45 0.03 0.062 0.80
1.2 0.024 0.053 0.41 0.03 0.065 0.76
0.6 0.027 0.047 0.65 0.03 0.057 0.91
20 0.8 0.026 0.050 0.63 0.03 0.060 0.88
: 1.0 0.025 0.054 0.60 0.03 0.064 0.85
1.2 0.024 0.057 0.56 0.03 0.067 0.81
0.6 0.Cc7 ©.050 0.72 0.03 0.064 0.98
40 0.8 0. 526 0.053 0.69 0.03 0.069 0.95
: 1.6 0. 025 0.058 0.66 0.03 0.073 0.92
1.2 0.024 0.061 0.61 0.G3 0.076 0.89
0.6 0.027 0.083 0.79 0.031 0.071 0.99
72 0.8 0.026 0.055 0.735 0.031 0.074 0.98
: 1.0 0.025 0.060 0.72 0.031 0.077 0.95
1.2 0.024 0.064 0.67 0.031 0.080 0.93
0.6 0.027 0.056 0.83 0.031 0.074 0.99
85 0.8 0.026 0.059 0.80 0.031 0.078 0.99
: 1.0 0.025 0.063 0.77 0.031 0.082 0.99
1.2 0.024 0.067 0.72 0.031 0.087 0.97
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Table 8-2

Experimental Data for Acetic Acid/Water System

Sieve tray

Packed tray

X Fa h| hr EOG hl hf Eoc
0.5 0.023 0.043 0.61 0.028 0.064 0.97
61 0.75 0.022 0.047 0.59 0.028 0.068 0.93
’ 1.0 0.021 0.051 0.57 0.028 0.072 0.89
1.22 0.020 0.054 0.55 0.028 0.075 0.85
0.5 0.023 0.042 0.59 0.028 0.057 0.91
72 0.75 0.022 0.045 0.57 0.028 0.060 0.88
: 1.0 0.021 0.049 0.55 0.028 0.063 0.83
1.22 0.020 0.052 0.53 0.028 0.065 0.80
0.5 0.023 0.040 0.54 c.028 0.050 0.87
32 0.75 0.022 0.044 0.52 0.028 0.055 0.83
: 1.0 0.021 0.047 0.50 0.028 0.058 0.78
1.22 0.020 0.050 0.48 0.028 0.061 0.75
0.5 0.023 0.039 0.48 0.028 0.044 0.73
92 0.75 0.022 0.042 0.46 0.028 0.047 0.69
’ 1.0 0.021 0.045 0.44 0.028 0.050 0.66
1.22 0.020 0.048 0.42 0.028 0.053 0.64
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Table 8-3

Parameter values of A)

x Al
0.06 0.2796
Methanol/water system 0.20 0.469%6
0.40 0.5374
0.72 0.6247
0.85 0.6891
0.61 0.4355
Acetic acid/water system 0.72 0.4240
0.82 0.3720
0.92 0.3265
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Figure 8-1
Hydraulic Model of the Dispersion
Above a Sieve Tray
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Figure 8-2
Number of Mass Transfer Units
Above a Sieve Tray
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Figure 8-3

Comparison of Experimental and Calculated

Mass Transfer Efficiency

(Tray Without Packing)
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Point Efficiency

Figure 8-4

Comparison of Experimental and Calculated

Mass Transfer Efficiency
(Tray Without Packing)

1
Acetic Acid/Water System
Conc.: 0.61 0.72 0.82 0.92
08 - Measured: = A o 0
Calculated: Solid line
06 - M
.\.\L
N\ﬂ _®
—]
04
!
02 1 ' 1 1 1 2 i 1
04 0.6 0.8 1 1.2 1.4

Fa-factor, (Sl)

202



Figure 8-5
Plot of AJ vs Surface Tension
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Figure 8-6
Comparison of Experimental and Calculated
Mass Transfer Efficiency

(Tray With Packing)
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Figure 8-7
Comparison of Experimental and Calculated
Mass Transfer Efficiency

(Tray With Packing)
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Figure 8-8
Correlation of Tray Efficiency Parity Plot

(Tray Without Packing)
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Calculated Efficiency

Figure 8-9
Correlation of Tray Efficiency Parity Plot

(Tray With Packing)

1.4
Tray With 1" Packing
T A Methanol/Water System
o Acetic Acid/Water System A A
09 | -
N
08 [
o
(@]
o
07 |
- 6
06 |
05 s | L 1 a 1 1
0.5 0.6 0.7 0.8 0.8 1

Measured Efficiency

207

14



8.7 Literature Cited

AIChE, "Bubble tray design manual”, New York (1958).

Ashley, M.J. and G.G. Haselden, "Effectiveness of vapour-liquid contacting
on a sieve plate”, Trans. Inst. Chem. Engrs. 50, 119-124 (1972).

Burgess, J.M. and P.H. Calderbank, "The measurement of bubble parameters in
two phase dispersions”, Chem. Eng. Sci. 30, 743-750, and 1107-1121 (1975).

Calderbank, P.H. and M.B. Moo-Young, "The mass-transfer efficiency of
distillation and gas-absorption plate columns - Part 1", Int. Symp. on
Distillation, Inst. Chem. Engrs., Brighton, 59-72 (1960).

Calderbank, P.H. and J. Rennie, "The physical properties of foams and froths
formed on sieve plates”, Trans. Inst. Chem. Engrs. 40, 3-12 (1962).

Calderbank, P.H. and J. Pereira, "The prediction of distillation plate
efficiencies from froth properties”, Chem. Eng. Sci. 32, 1427-1433 (1977).

Garner, F.H. and K.E., Porter, "Mass transfer stages in distillation", Int.
Symp. on Distillatioh, Ins. Chem. Engrs., Brighton (1960), 43-50.

Hobler, T. and P. Pawelczyk, "Interfacial area in bubbling through a slot",

Brit. Chem. Engng. and Proc. Tech. Y7(7/8), 624 (1972).

Kaltenbacher, E., "On the effect of the bubble size distribution and the
gas-phase diffusion on the selectivity of sieve trays"”, Chem. Eng. Fund.
1, 47-68 (1983).

Lockett, M.J., R.D. Kirkpatrick and M.S. Uddin, "Froth regime point
efficiency for gas-film controlled mass transfer on a two-dimensional sieve
tray”, Trans. Inst. Chem. Engrs. 57, 25-34 (1979).

Porter, K.E., B.T. Davies and P.F.Y. Wong, "Mass transfer and bubble sizes

in cellular foams and froths", Trans. Inst. Chem. Engrs. 45, T265-T273

(1967).

208



Prado, M., K.L. Johnson, and J.R. Fair, "Bubble-to-spray transition on
sieve tray", Chem. Eng. Prog. 83(3), 32-40 (1987).

Prado, M., and J.R. Fair, "Fundamental model for the prediction of sieve
tray efficiency”, Ind. Eng. Chem. Res. 29, 1031-1042 (1990).

Prado, M., and J.R. Fair, "Fundamental model for the prediction of sieve
tray efficiency”, Inst. Chem. Engrs. Symp. Series No.62, AS529-553
(1987).

Rennie, J. and F. Evans, "The formation of froths and foams above sieve
plates”, Brit. Chem. Engng, 7(7), 498 (1962).

West, F.B., W.D. Gilbert and T. Shimizu, "Mechanism of mass transfer on

bubble plates”, Ind. Eng. Chem. 44, 2470-2478 (1952).

209



Chapter 9
FOULING OF SIEVE TRAYS
9.1 Introduction

Sieve trays are the most widely wused internal in distillation and
absorption applications. Numerous studies have been made to better
understand tray efficiency, pressure drop, capacity, weeping and entrainment
rates. Previous chapters have shown that a bed of mesh packing on sieve
trays can increase the tray efficiency significantly. However, fouling may
occur on the mesh packing, which in turn may reduce the tray lifetime. Sieve
trays are often used where fouling may be encountered. However, not much
work has been down in the study of sieve tray fouling and the mechanisms of
fouling are not well understood.

Fouling is a phenomenon which cccurs with or without a temperature
gradient in a great deal of industrial, domestic and natural processes which
involve the contact of a fluid with a surface. It may be defined as the
accumulation of undesired sclid materials at the interface. The presence of
foulant in sieve tray holes reduces the hole diameter, consequently, this
resuits in an increase in tray pressure drop and entrainment, and a decrease
in capacity and tray efficiency.

It is clear that fouling of sieve trays represents additional energy
and maintenance costs. The purpose of this study is to improve understandin;
of tray fouling, and to provide the opportunity to reduce the cost through
the optimum design and operation of tray columns. It would be highly

desirable if reliable fouling data could be obtained on full scale

Aversion of this Chapter has been submitted f or publication. Chen, G.X.,
A. Afacan and K.T. Chuang 1993. Chem. Eng. Comm..
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commerciai sieve tray equipment using the actual fluids. However, it is
almost impossible because parameters affecting the fouling vary considerably
throughout the equipment and with time. In addition, the properties of the
fouling fluid vary considerably due to process and feed stock fluctuations.
Furthermore, commercial sieve tray columns are often not equipped with the
parameter monitoring devices to permit reliable data acquisition. As a
result, knowledge of the fouling processes may be obtained only in the
laboratory.

The objectives of this study are: (a) to investigate the mechanisms of
crystallisation and particulate fouling on sieve trays; (b) to examine the
fouling of sieve trays combined with mesh packing; (c) to develop a
mathematical model for predicting the fouling rate in terms of total tray

pressure drop as a function of time.

9.2 Background

Fouling is an extremely complex phenomenon. It can be characterized as
a combined momentum, mass and heat transfer, and chemical reaction process.
Six distinguishable categories have been identified according to the
principal process which gives rise to the fouling phenomenon.
1. Crystallisation or precipitation fouling: The precipitation of dissolved
substances on the solid surface. Where a solution evaporated beyond the
solubility limits of a dissolved salt; or a solution of normal solubility is
cooled below its solubility temperature; or a solution of inverse solubility
is heated above the solubility limit temperature.
2. Particulate fouling: The accumulation of solids suspended in the process

fluid on to a solid surface. In a minority of instances settling by gravity
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prevails, and the process may then be referred to as sedimentation fouling.
3. Chemical reaction fouling: Deposits formed at the surface by one or auore
chemical reactions between reactants contained in the flowing fluid in which
the surface material itself is not a reactant.
4. Biological fouling: The deposition and growth of micro-organisms or
macro-organisms originating in the process stream on the surface.
5. Corrosion fouling: The surface itself reacts to produce corrosion
products which foul the surface and may promote the attachment of other
foulants.
6. Freezing or solidification fouling: Fouling due to the freezing of a
liquid or some of its higher melting constituents on the surface.

Unfortunately, almost no industrial fouling is due to only one
mechanism. Most industrial fouling processes involve several mechanisms such
as a combination of crystallisation and corrosion in heavy water sieve tray

units (Burrill, 1981).

9.3 Experimental

A glass air-water column having 153 mm diameter, containing three glass
sections spaced 0.318 m apart was set up to carry out the tray fouling tests
at constant gas velocity to closely simulate a typical sieve tray operation.
The schematic diagram of the apparatus is shown in Figure 9-1. The middle
tray was a test tray equipped with a manometer for measuring total pressure
drop across the tray. The top tray was used to collect the entrainment which
was measured by recording time elapsed to fill a container. The bsttom tray
acted as an air distributor as well as a collector for weeping liquid. Three

trays with different hole sizes were used in this study. Detailed dimensions
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of the column and the test trays ‘are shown in Table 9-1. The test runs were
made at ambient pressures and at steady state conditions. The liquid to the
column was pumped through a flow recorder controller and a heater. The dry
air was passed through a flow recorder centroller, a heater, and if
necessary, a saturater. Temperatures of liquid and air were measured by
thermocouples. Two sets of test runs, at Fa=1.3 and Fa=2.2, were conducted
for each tray. In addition, runs using tray type 1 with different liquid and
air temperatures, and humidities were also studied for comparison. During
the tests, total pressure dron across the test tray was measured and
recorded at desirable time intervals.

In order to study the effect of mesh packing on tray fouling, all tests
were repeated with a bed of 1" mesh packing on the tray. The results were
compared with those of the same tray without packing.

For easy ccmparison, a tray lifetime has been def ined as the time
required for the total pressure drop to increase to 4 times the initial

total pressure drop.

9.4 Results and Discussion
9.4.1 Particulate Fouling

Water containing 2 wt.% flour was fed to the column while air saturated
with water was entering the air distributor. Because air is saturated with
water before entering the column, evaporation of water in the c~olumn is
avoided. The total pressure drop of the test tray was measured and recorded
with time. No change in pressure drop was observed in 48 hours of operation
for the three different trays (see Table 9-1 for dimensions) at various

Fa-factors. When flour was replaced by a different density solid Ca(OH)z,
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the results were identical. When a bed of 1" mesh packing was placed on the
tray, no fouling was observed. Visual observations confirmed that the holes
and the packing remained clean. These results suggest that fouling with a
dirty feed, if occurs, proceeds very slowly. Therefore, tray fouling by the
eolids in the liquid feed may be studied only over a long experimental

period.

9.4.2 Crystallisation Fouling

The tests were carried out with dry air passing through an aqueous
solution saturated with NaHCO3 on the test tray. The column was operated
under the total reflux rate with fixed air and liquid flow rates. The
experimental résults obtained are shown in Figures 9-2 to 9-4 for the three
trays. Detail experimental conditions for these runs are presented in Table
9-2.
1. Mechanism of Formation

A sketch of the fouling process is shown in Figure 9-5. Crystals btecame
visible around the circuniference of the hole on the bottom edge of the tray
as seen in (a). They then grew to cover the bottom edge of the holes (step
(b) and (c)) and finally reached a formation similar to (d) in which only =a
very small channel was left for air to pass. It was found that the pressurse
drop remained unchanged until st=2p (b), at which point the pressure drop
began to increase rapidly as seenr from Figures 9-2 to 9-4. The top portion
of the hole remained clean during the entire experiment. This can be
explained by the preser.ce of a thin liquid 7ilm on the inside of the holes
(see Figure 9-6). This liquid film was confirmed by high speed photography

of air flow through a sieve tray hole covered with water by Burril (1981).
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The liquid film at the top portion of the hole is renewed between gas
bubbles. Because of the high frequency of bubbles, the contact time for the
liquid film at the top portion is not long enough to deposit crystals. Once
a bubble detaches from the top edge of the hole, new solution from the tray
floor replaces the saturated solution and pushes it to the bottom portion of
the hole. The saturated solution spreads down the hole to the bottom edge of
the tray due to surface tension. The liquid film at the bottom edge of the
hole is evaporated by the upward moving gas leaving crystals on the bottom
edge of the hole (Figure 9-5 (a)). As crystals accumulate at the bottom of
the hole (Figure 9-5 (b) to (d)), the hole becomes partially blocked and the
pressure drop begins to increase.
2. Effect of Tray Design and Operating Conditions on Fouling Rates

At an active area Fa-factor (Fa) 1.3, no weeping was observed for trays
1 and 2. It can be seen from Figures 9-2 to 9-4 that increasing the
Fa-factors increases the fouling rates and reduces the tray lifetimes. This
is because the higher the Fa-factors, the larger the hole air velocities, as
a result, the faster the mass transfer rate of water into air. Thus, trays
have shorter lifetimes at higher Fa-factors, as shown in Figures 9-2 to 9-4.
Because the hole air velocity is inversely proportional to tray open hole
area, it can be expected that trays with a larger open hole area will have a
longer life time than trays with a smaller open hole area, at fixed
Fa-factors. Comparison among Figures Y-2, 9-3 and 9-4 shows that trays with
larger hole sizes have longer lifetimes despite with the same open hole area
and at the same Fa-factors. This can be explained by the fact that, with the
same open hole area, trays with larger hole sizes have a smaller total

surface area (ie., circumference) contacting with air. It is obvious that
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the smaller the surface area for mass transfer, the slower the mass transfer
rates and the longer the tray lifetime.

Figure 9-4 shows that no change in the pressure drop occurred on tray 3
for 10 hours at Fa=1.3 because of tray weeping. Although crystals at the
bottom of the tray were found, they were unable to accumulate because of a
small amount of weeping through the hole. When a tray begins to weep, the
liquid around the bottom edge of the hole is washed down to the next tray.
The liquid film at the bottom of the hole is therefore continuously being
replaced. This results in no accumulation of crystals in holes. Further
tests on a dual-flow tray in the same column revealed that no fouling occurs
on dual-flow trays. These results suggest that operating under weeping
conditions will eliminate tray fouling due to crystallisation. Weeping,
however, reduces the tray efficiency, and thus, operating at these
conditions may not be practical. It can be concluded that dual-flow trays
could be the best choice for fouling services.

3. Effect of Mesh Packing

As shown in Figures 9-2 to 9-4, a bed of 1" mesh packing on the tray
can shorten tray lifetime by 40% for tray 1 to 75% for tray 3. This is due
to the depositions on the packing directly above the holes. The depositions
were found on the first two layers of packing above the hole openings and in
the holes. It was found that before the holes were completely filled by the
depositions, the pressure drop had started to increase quickly. This
indicates that fouling on the packing is the controlling factor for packed
tray lifetime. Comparing Figures 9-2, 9-3, and 9-4, one can f ind that the
fouling of packed trays is less dependent on Fa-factors and hole sizes due

to fouling on the packing. These results suggest that the packing reduces
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the tray lifetime more at low Fa-factors and for trays with large holes.
3. Effect of Other Factors

Increasing the temperature of the liquid or the air will increase the
water evaporation rate, and consequently, will increase the deposition rate.
It was found that the lifetime of tray 1 is reduced by 407 when liquid
temperature increases from 20°C to 34°C. This is shown in F igure 9-7. It was
also found that increasing the humidity of the inlet air reduces the fouling
rate, presumably due to smaller mass transfer driving force. Tests with air
saturated with water indicated no fouling at all conditions. These findings

agree with the proposed mechanism of fouling at tray holes.

9.4.3 Mathematical Modeling

Fouling on sieve trays reduces the hole diameter and increases the
total tray pressure drop. It is desirable to develop a mathematical model
for predicting fouling rate in terms of pressure drops as a function of
time. For conventional sieve trays, total pressure drop is given:

h=h + h (1)

where hn is the dry pressure drop and hL is the hydrostatic head measured
from the tray floor. The dry pressure drop can be measured without liquid
loads on the tray or can be estimated by using the orifice equation:
_ &pu,

D 2gp,

h (2)

where £ can be obtained by the equation of Cervenka and Kolar (1973):

0.94(1-¢%)

(3)
¢°2 (¢3/dh)°’2

£ =

_ 2
U, = Q/(nR") 4)
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The hydrostatic head hL can be estimated by equations developed by
Bennett et al. (1983). For a fixed tray design and constant liquid and gas
load conditions, hL can be considered constant. Because the fractional open
hole area ¢ is small, it may be assumed that 1~¢2== 1. Substituting equations

(2), (3) and (4) into equation (1) gives:
h =A/R """+ B (e)

where R is the radius of holes which changes with time when fouling occurs
in the holes. "A" and "B" are assumed to be constant for a fixed tray design
and at constant liquid and gas loadings. The first term on the right hand
side of equation (6) is actually the dry pressure drop, and the second term
the liquid pressure drop.

Since fouling is a complex process, the following assumptions were made
to simplify the analysis of crystallisation fouling:

1. The liquid film is thin relative to the hole radius;

2. Crystallisation occurs due to evaporation of water only;

3: Evaporation of water inside holes is the rate controlling step;
4. Any heat transfer effect due to evaporation can be neglected;

Evaporation of water from the liquid film in holes can be considered a
steady state two dimensional mass transfer problem. In a cylindrical
coordinate system as shown in Figure 9-6, a mass balance gives the partial
differential equation describing the water concentration in the air:

D ——— + = U

Brz dr haz

3w D & W 5 W
s (7)

where D: diffusivity of water vapour in air, m? / s;

W: concentration of water vapour in air at any r and 2z, kg HZO/kg air;
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Uh: velocity of air in the sieve hole, m/s, assumed independent of r

and z.
The boundary conditions for equation (7) are:

oW

3r

The initial condition for equation (7) is:
W =0, at z=0 for all r.

If the air has no water vapour at the tray hole inlet,

equation (7) is (Carslaw and Jaeger, 1959):

N

€
f
£}
i
[1]
-~1 8
—
®
[
g
=)
cIN

Jo(re )
___n
h ] [a J (Ra )]
n 1 n
where Ws: saturation of water vapour in air;
R: hole radius at time t, m;
z: distance from hole inlet, m;
r: radial location in hole, m;
e : zero for J (Ra ), that is J (Ra ) = O;
n (o] n 0 n
Jo: zero order Bessel function of first kind;

Jl: first order Bessel function of first kind.

= 0, at r=0 for all z; 2. W = Ws, at r=R for all z.

the solution to

(8)

The concentration gradient of water vapour in air at the film surface can

determine the evaporation rate of water from the film. This rate may be

written as:
SW
E(z2) = DpG— (9)
3r r=R

where E(2): evaporation rate at z, kg HZO /(mzs);

P density of air, kg/ms.
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(8W/8r) at r=R can be found numerically as a function of (RzUh/Dz) from
equation (8). When the value of (Dz/RzUh) is in the range of 0.001 to 0.],

an empirical expression has been obtained by log-log plot.

4R

(8W/ér) = Dz

w RZUh 2/3
[ ] . at r=R. (10)

In order to evaluate the maximum value of E(z), the maximum (8W/&r) at r=R
should be obtained. It is obvious that the maximum value of (3W/3r) is at
z=0. Unfortunately {(8w/8r) at 2z=0 is infinite at r=R. But experimental
results show that E(z) is finite. Thus, it was obtained by fitting the

experimental data of tray 1 at Fa= 1.3. The proper value of (3W/8r) was

found to be:

Max(8W/ér) = 8—>

R

w_ R%U
__h
[

2/3
] , at r=R.  (11)
It should be noted that (RzUh) is a constant if the run conditions are
unchanged. Assuming that all the solute in the evaporating solution deposits
on the hole wall where the evaporation takes place, then the deposit rate is
simply:
N=ES (12)

where N: deposition rate of NaHCOs, kg/mzs;

S: solubility of NaHCO3 at operating temperature, kg NaHCOa/kg HZO.
Because of the depositions, the radius changes with time and can be
expressed as:

N

Ps

dR = - dt (13)

where P density of solute kg/mz;
t: time.

Substituting equations (12), (11), and (9) into equation (13) gives:
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R dR/dt = -8D p _S(W_- W) (RZUh/D)2/ 3 /P, (14)

Integration of equation (14) from Ro to R, and time from ty to t, produces:

2

_ 2 _ _ _ 2 2/3
R” = R0 l6DpGS(WS Wi)(t to) (R Uh/D)

/p, (15)

Finally the pressure drop can be expressed by substituting equation (15)

into equation (6).

A
hT = 2 2 2/3 2.1 + B (16)
( R? - 16D p_S(W_-W,)(t-t }(R*U,/D)*® /p )
or: A/ R: .2
hT = 2 2/3 2 ,2.1 +B amn
(1 - 16D p_S(W_-W)(t-t )(R’U /D)* /p R? )

where (A/RZ'Z), B and to are determined experimental for each test run. The
calculated results ars shown in Figures 9-8 to 9-10 together with those
measured experimentally for comparison. It can be seen that the model worked
well for trays 1 and 2 for all run conditions despite the fact that (8W/ér)
at r=R was obtained by using tray 1 at Fa= 1.3 only. However, the model was
unable to predict the pressure drop versus time for tray 3. The reason is
that the crystals inside the holes of tray 3 are so thick that they fall off
the holes during the test, and thus accurate experimental results can not be

obtained.

9.5 Conclusions
Sieve tray fouling due to the deposition of solids was studied
experimentally in an air/water column. For an air/water system containing

insoluble solids, no fouling was observed for trays with and without packing



during the experimental period of 48 hours. For crystallisation fouling,
deposition of solids was found inside holes and at the bottom of the tray.
It was found that trays with larger hole sizes have a longer lifetime than
trays with small hole sizes despite the same open hole area. For the same
tray, the fouling rate is higher at the high gas rates, and no fouling
occurs when trays operate under weeping conditions. No fouling was observed
for dual flow trays under all conditions. Therefore dual flow trays are
recommended for fouling services. A bed of 1" mesh packing on the tray can
shorten the tray life by more than 407% to 757% because of fouling on the
packing. A mathematical model for predicting crystallisation fouling rate in
terms of the total pressure drop was developed. The model could predict the

pressure drop versus time for sieve trays with hole diameters less than 10

mm.

9.6 Nomemclature

A =constant

B =constant

D =diffusivity of water in air, mz/s

dh =gieve hole diameter, m

E =evaporation rate, kg water/mzs

Fa = Active area F-factor, (kg/m)o's/s
F‘h = Hole F-factor, (kg/m)o's/s

g2 =acceleration due to gravity, m/s>

hD =tray dry pressure drop, cm of liquid
hL =hT—hD, cm of liquid

hT =total pressure drop across wet tray, cm of liquid
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N =deposition rate of NaHCO_, kg NaHCOS/mzs
0h =vapour flow rate of each hole, m>/s

Ro =initial radius of sieve hole, m

R =radius of sieve hole, m

r =radial location in hole, m

S =solubility of NaHCOB, kg NaHCOs/kg water

t =time, s

Uh =hole vapour velocity, m/s

w =water concentration in air, kg water/kg air
Ws =saturated water concentration in air, kg water/kg air
2z =distance from hole inlet, m

Greek

3 =coefficient

P. =vapour density, kg/m3

P =liquid density, kg/m3

p,  =NaHCO_ density. kg/m’

3 =thickness of sieve tray, m

¢ =fraction of open hole area
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Table 9-1

Column and Tray Dimensions

Column diameter 0.153 m
Total column cross-sectional area 0.0184 m°
Active area 0.014 m°
Downcomer area 0.0022 m°®
Hole diameter

Tray type 1 4.76 mm

Tray type 2 9.53 mm

Tray type 3 12.7 mm
Open hole area 0. 00086 m2
Tray thickness 2.5 mm
Outlet weir height 0.063 m
Weir length 0.1104 m
Tray spacing 0.318 m
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Run Conditions

Table 9-2

Run No. Tray type Fa Packing. Alr Temp? Liqg. Tempr A/Ro* B
°c °c cm of water
1 1 1.3 No 20 20 1.8 2.4
2 1 2.2 No 20 20 3.7 .6
3 1 1.3 Yes 20 20 2.0 3.1
4 1 2.2 Yes 20 20 4.0 3.8
5 2 1.3 No 20 20 2.8 2.6
6 2 2.2 No 20 20 4.2 2.8
7 2 1.3 Yes 20 20 3.1 3.3
8 2 2.2 Yes 20 20 5.1 3.9
9 3 1.3 No 20 20 3.4 2.6
10 3 2.2 No 20 20 5.9 3.0
11 3 1.3 Yes 20 20 4.0 3.4
12 3 2.2 Yes 20 20 6.1 4.0
13 1 1.3 No 20 35 1.8 2.4
* All runs at total reflux using dry air and saturated solution.
* Packing: 1" height mesh packing (York Demister style 431)
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Figure 9-1
Schematic Diagram of Experimental Apparatus

1. Heat Exchanger
2. Solution Tank 10
3. Air Supply

4. DP/Cell
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Figure 9-2
Pressure Drop Ratio vs Time for Tray 1 in the
Column for Crystallisation Fouling
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Pressure Drop Ratio vs Time for Tray 2 in the

Figure 9-3
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Figure 9-4
Pressure Drop Ratio vs Time for Tray 3 in the
Column for Crystallisation Fouling
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Figure 9-5
Schematic of Visual Observation of Fouling
Processes of a Sieve Tray
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Figure 9-7
Pressure Drop Ratio for Tray 1 at Two Temperatures
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Figure 9-8
Comparison of Experimental and Calculated
Results for Tray 1 for Crystallisation Fouling

Measured Calcuiated

o Fa=13— ---
s Fa=22— ---

Tray 1

B td

—_——
-

1b-85"8 8 6 08 B0

o
3

Time (Minute)

233

120



=0
o

H

Pressure drop/ Pressure drop at t

Figure 9-9
Comparison of Experimental and Calculated
Results for Tray 2 for Crystallisation Fouling
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Chapter 10

CONCLUSJIONS AND RECOMMENDATIONS

10.1 Introduction

Based on available efficiency data for commercial-scale columns, a new
model has been developed for predicting the number of mass transfer units
and point efficiency. Using the new efficiency model, the number of liquid
and vapour phase mass transfer units in distillation was determined. At the
same time, the effects of surface tension and its gradient on tray
efficiency were studied. It was found that surface tension and its gradient
have strong effects on the number of mass transfer units and on the tray
efficiency. New models for estimating the effect of surface tension gradient
on tray efficiency have also been obtained.

A new kind of tray called a packed tray has been developed in this
study. The mass transfer efficiency of packed trays was determined in a
small (0.153 m) distillation column using surface tension positive and
negative systems. The hydraulics were measured in an air/water column. By
comparing the performance of a packed tray with the performance of the same
tray without packing, the effects of mesh packing on tray performance were
identified. It was found that a packed tray had many advantages over the

tray without packing in a small distillaticn column.

10.2 Predicting Point Efficiencies
A new semi-empirical model for predicting the number of mass transfer
units, hence the tray efficiency, has been developed for distillation. The

interfacial area of sieve tray dispersion is estimated by the Levich (1962)



theories, and the mass transfer coefficients are determined by the
penetration theory. Two constants that are required to complete the model
were obtained by fitting the model to the tray efficiency data of
cyclohexane/n-heptane mixtures measured by Fractionation Research Inc
(Sakata and Yanagi, 1979). The predicted efficiency and percent liquid-phase
resistance are in good agreement wilhh experimental data measured at

different flow parameters. The new correlations can be given:

fe) Fz 1/3
_ 11 [ L "s ] 0.5
NG T 0.1,0.14 2 (DGtG) ()
TR - c -
2
- p, F q1/3
_ 14 L s 0.5
NL = o1 0. 13 > (MGG/MLL) (DLtL) (2)
TR - c -
where t.=h /u_; t. =t / : and F =u( )0'5
G- Y L - ‘cPc’PL? s -~ Ys'Pc

From NG and NL’ the percent liquid phase resistance can also be obtained.

10.3 Determining NG and NL From EOG

Various methods for determining NG and NL from EOG were compared. It
was found that all methods published in the literature were unreliable. The
slope and intercept method may be used only for systems whose NG and NL are
composition-independent. A new method for obtaining NG and NL from EOG has

been developed. It was found that the new method can be used for all systems

included in this study.

10.4 The Effect of Surface Tension on Tray Efficiencies

Based on accurately determined NG and NL' the effect of surface tension
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on the number of mass transfer units and tray efficiency was investigated.
It was found that surface tension has a strong effect on the number of mass
transfer units and tray efficiency. It was also found that a surface tension
positive system has a smaller liquid phase resistance than other systems due
to surface renewal effects, and hence a higher efficiency. Based on the

experimental efficiency data and determined N_. and N most widely used

G L
efficiency models were compared. It was found that the new model obtained in

this study is much better than any previous models.

10.5 The Effect of The Surface Tension Gradient on Tray Efficiencies

By comparing the efficiency of the methanol/water system with that of
the cyclohexane/n-heptane system, it was found that the number of liquid
phase mass transfer units of the methanol/water system is much larger, due
to surface renewal effects. Based on the penetration theory, models have
been obtained for estimating the enhancement of liquid phase mass transfer
due to the roll cells caused by the difference in surface tension between

the interface and phase bulk. The enhancement factor can be given:

¢ = N]‘:/NL = (10000M/3.856) "% + (3.856/10000M)' 3,3 (3)
M= (x - x.)¢_ (E../E_) (4)
i’ dx MV’ “0G

where N, is the value calculated from equation (2).

10.6 Mesh Packing Effects on Sieve Tray Performance
10.6.1 Mass Transfer Performance

The mass transfer performance of sieve trays with and without packing



was measured in a 0.153 wm diameter distillation column with the
methanol/water and the acetic acid/water systems. It was found that by
adding a shallow bed of mesh packing, the Murphree tray efficiency was
increased by 40 to 50% over a wide range of concentrations in the froth
regime. This increase in efficiency can be attributed to much smaller and
more uniform bubbles being generated on the packed tray. Models have been

developed for estimating the packing effect on tray efficiency.

10.6.2 Interfacial Area and Sauter-Mean Bubble Diameter

The higher tray efficiency of packed trays is mainly due to the smaller
and more uniform bubbles on the packed tray. Smaller and more uniform
bubbles result in a larger interfacial area and smaller Sauter-mean bubble
diameter. By using the experimental data, the interfacial area and
Sauter-mean bubble diameter were estimated. It was found that mesh packing
reduced the Sauter-mean bubble diameter by as much as 507 and increased the
interfacial area up to 2.5 times at low gas velocities. This increase in
interfacial area and reduction of bubble diameter are also verified by the
photos of froth taken from the air/water simulator and distillation column.

It can be concluded that mesh packing can effectively break up the large

bubbles into small bubbles in the froth regime.

10.6.3 Entrainment and Vapour Capacity

Fatrainment data for trays with different hole sizes with and without
mesh packing were obtained in an air/water column. It was found that mesh
packing could reduce the entrainment as much as 50 to 70%. The beneficial

effect of packing on entrainment became more significant at low liquid loads
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and high gas velocities for tray operating in the spray regime. Empirical
correlations of entrzinment were obtained for the tray with and without
packing. It was found that packing reduced the exponent of gas velocity in
the entrainment correlations by 40%. If the vapour capacity is defined as at
e=107 kg liquid/kg vapour, the vapour capacity of packed trays is about SO

to 807 larger than the capacity of the same tray without packing.

10.6.4 Dry Pressure Drop and Total Pressure Drop

FPressure drop measurements were made in an air/water column. It was
found that mesh packing has little effect on the dry tray pressure drop
because of large void fraction of mesh packing (97%). But packing did
increase the total trav pressure drop by about 15 to 20%. This increase in
total tray pressure drop is due to larger liquid hold-up and a larger
residual pressure dreo which was caused by the extra energy consumed by
packing to break up the bubbles. The effect of hole sizes on packed tray

pressure drop is similar to that on conventional sieve trays.

10.6.5 Weeping and Turndown Ratio

Tray weeping was found to be greatly reduced by the mesh packing. In
the air/water column, it was found that packing eliminated the weeping
completely while Fa-factor went to zero because of the large surface tensicn
of water. Consequently, the mesh packing could increase the turndown ratio

substantially.

10.6.6 Other Observations

Froth height was measured by visual observation in the distillation
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column. It was found that packing increased the froth height by 10 to 20%7.
It was also found that packing reduced the iray oscillation significantly.
[t is known that tray oscillation can cause lower f{roth height, more
entrainment and weeping, early spray, and premature flooding. With less
oscillation, the liquid hold-up and average liquid and vapour residence time
were expected to incrcase. It is also suggested that the liquid back-mixing
of packed trays is greatly reduced. Thus, the Peclet number is increased,

especially for systems having a large slope of equilibrium line (m).

10.7 Fouling of Sieve Trays With and Without Packing

Sieve tray fouling due to the deposition of solids was studied in an
air/water column. It was found that for the saturated air/water system
containing insoluble solids, such as flour and Ca(OH)z, no fouling was found
during the experimental period of 48 hours. For crystallisation fouling, the
following results were obtained: (1) for a given sieve hole diameter, the
fouling rate increases with gas velocities; (2) no depositions were found
when the tray operates under weeping conditions, (3} for a given gas
velocity, larger sieve holes were found to have higher resistance to
fouling, (4) mesh packing on the tray reduced the tray lifetime by mecere than
40 to 757 because of fouling on the packing. A mathematical model for
crystallisation fouling was developed to predict the fouling rate in terms

of the total tray pressure drop as a function of time.
10.8 Recommendations for Future Work

10.8.1 Mesh Packing Effect on Liquid Mixing

Tray efficiency falls short of the maximum value because of liqguid
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back-mixing. Yu et al. (1990) analyzed the liquid RTD profiles on a
single-pass sieve tray and indicated a complicated flow pattern, i.e., a
central zone of non-uniform flow with parabolic velocity distribution and a
segmental zone of slow forward or backward flow with possible circulation.
It is possible that packing might improve the liquid flow pattern by
reducing the oscillation and waves and, consequently, reducing the liquid
back-mixing. Detailed measurements of liquid mixing on trays with and
without packing should be made. Then the packing effect on liquid mixing and

Murphree tray efficiency could be characterized mathematically.

10.8.2 Effect of Mesh Packing on Tray Efficiencies in Other Flow Regiines
It has been shown that mesh packing can increase tray efficiency in the
froth regime. However, sieve trays also operate in the spray regime at high
vapour velocities with low liquid loads and in the emulsion regime at high
liquid loads with high pressure conditions. The effect of mesh packing on
the efficiency in these two regimes is probably different from that in the
froth regime. This is because that in the spray regime, bubble sizes are not
important to the efficiency. It is liquid droplet sizes which determine the
efficiency. A bed of mesh packing on the tray may retard the liquid
atomization process and increase the droplet sizes. Thus, it may reduce the
efficiency. On the other hand, in the emulsion regime, bubble sizes are
-=all and normally in the rarge of 5 to 3 mm (Hofhuis and Zuiderweg, 1979 ).
‘he further reduction of bubble sizes by packing, if any, may be
insignificant and have little effect on the efficiency. The definite
conclusions on the packing effect on the efficiency in the spray and

emulsion regimes can be obtained through the experimental measurements.
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10.8.3 Development of Other Kind of Packed Trays

Packing has been found to improve the mass transfer performance of
sieve trays. It is likely that packing would also improve the performance of
other kinds of trays. One example is a combination of dual flow trays and
packing (Chuang et al, [990). A tray/packing combination is expected to
perform better than a tray or packing alone. As one leading expert has said:
"a tray/packing combination would be a leading distillation device for the
twenty-first century"” (Kister, 1991). Much more research is needed to find

the optimum tray/packing combinations for different applications.
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Appendix A

The Top View of Froths on the Tray Without Pagying

(Air/water system, Faxg_4)
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The Top View of Froths on the Tray With 1" Packing

(Air/water system, Fa=0.4)
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